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Preface

The field of membrane separation technology is presently in a state of rapid
growth and innovation. Many different membrane separation processes have
been developed during the past half century and new processes are constantly
emerging from academic, industrial, and government laboratories. Microfiltra-
tion, which is very similar to conventional filtration, is probably the oldest and
still the most widely used of these processes. Almost all other membrane
separation processes found significant industrial applications only after the
‘breakthrough’ development of asymmetric polymer membranes by Loeb and
Sourirajan in the early 1950s. Thus, ultrafiltration and reverse osmosis (some-
times called hyperfiltration) reached maturity in the 1960s, whereas membrane
processes for the separation of gas mixtures started to be used on an industrial
scale in the late 1970s and in the 1980s. Huge membrane plants for the separ-
ation of the uranium isotopes 2°U and U by ‘gaseous diffusion’ were built in
the United States much earlier, during the 1940s. However, the products of
these plants were intended for military purposes.

Pervaporation and vapor permeation are the latest membrane separation
processes to become economically competitive for some industrial applications.
The first large-scale industrial pervaporation plant started operation in 1985 in
Karlsruhe-Maxau (Germany) and another shortly thereafter in Betheniville
(France). Both plants are being used for the dehydration of 94% ethanol. The
first commercial vapor permeation plant, also designed for ethanol dehydra-
tion, became operative in September 1989 in Heilbron (Germany). Promising
new applications are expected in future years for facilitated-transport mem-
branes and catalytic membrane reactors.

While new membrane separation processes are being conceived with re-
markable frequency, existing processes are also being constantly improved in
order to enhance their economic competitiveness. Significantimprovements are
currently being made in many aspects of membrane separation technology: in
the development of new membrane materials with higher selectivity and/or
permeability, in the fabrication methods for high-flux asymmetric or composite
membranes (whether in flat-sheet, hollow fiber, or tubular form), in membrane
module construction and in process design (e.g., of hybrid separation pro-
cesses).

Membrane separation technology is presently being used in an impressive
variety of applications and has generated businesses totalling over one billion
U.S. dollars annually. It is not surprising, therefore, that it has been the subject



vi

of many monographs, books and review papers, and that an entire journal, the
Journal of Membrane Science (Elsevier), is dedicated to it. The main objective of
the present text is to present the principles and applications of a variety of
membrane separation processes from the unique perspectives of investigators
who have made important contributions to their fields. Another objective is to
provide the reader with an authoritative resource on various aspects of this
rapidly growing technology. The text can be used by someone who wishes to
learn about a general area of application as well as by the knowledgeable person
seeking more detailed information. The various chapters differ significantly in
length, emphasis, and detail. No uniformity has been sought in the presentation
of the subject matter or in nomenclature in order to preserve the perspective and
personal style of the contributors. Also, very little editing has been done on the
chapters whose authors used English as a second language, in order to avoid
possible errors of interpretation or changes in emphasis.

The chapters in this text cover a wide variety of topics. Some of the authors
have chosen to cover all aspects of certain membrane separation processes.
Other authors have preferred to discuss specific topics in greater detail, such as
process and module design, process economics, special applications of indus-
trial or biotechnological interest, and emerging applications. It is hoped that the
present text will not only provide readers interested in membrane separation
technology with useful data and information, but also with the insights of
well-known investigators who have contributed to its development and
promise.
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Chapter 1

Microfiltration and ulirafiltration

William Eykamp
246 Pleasant Street, Arlington, MA 02174, USA

1.1 INTRODUCTION

Membrane separation is practised on feed streams ranging from gases to
colloids. Microfiltration (MF) membranes are used to retain colloidal particles
as large as several micrometers. MF overlaps conventional filtration for separ-
ation of small particles. Gas separation membranes operate at the other extreme
of molecular size. Molecules with a size of 0.3 nm, with a resolution in diameter
of 0.02 nm are separated. The range of effective separation diameters of mem-
brane applications is thus a ratio of about 10, Microfiltration membranes have
the largest pores, and ultrafiltration (UF) membranes the next largest.

To the newcomer, UF and MF look similar, and in fact they are more alike
than they are different. Because of their very different historical background,
however, they remain very distinct to practitioners and to equipment and
membrane manufacturers.

Membrane mediated fractionation, the separation of a stream into two frac-
tions on the basis of molecular or particulate size, is the primary use of UF and
is a significant application of MF. Both processes work primarily by size
exclusion, permitting smaller species to pass through a membrane while larger
ones are retained. Both processes were developed for, and find the vast preponder-
ance of their applications in, aqueous separations. Microfiltration is also used
in gas-phase filtration, and both processes have some non-aqueous liquid uses.

Membranes also compete with processes such as centrifugation and chroma-
tography.

There are other membrane processes closely related to UF and MF. Hemo-
dialysis, the artificial kidney, is the largest by far of all membrane applications.
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Fig. 1.1. Reverse osmosis, ultrafiltration, microfiltration and conventional filtration are all related
processes differing principally in the average pore diameter of the membrane. Reverse osmosis
membranes are so dense that discrete pores may not exist.

In many ways, the dialysis membrane is akin to a UF membrane, but the driving
force for mass transfer is a concentration difference, while in UF and MF, the
driving force is pressure. Hemodialysis is a relatively young separations appli-
cation, but it is fully mature commercially. Membrane dialysis is established as
a treatment for kidney failure in all industrialized countries. Prices and costs
have dropped progressively; the industry has been “shaken out”, and it is
possible to purchase sterile membrane cartridges ready to attach to dialysis
water and a patient for less than $14/m?.

Although the market for hemodialysis membranes is larger than the market
for all other membrane separation processes combined, whether measured by
area or by value, hemodialysis is outside the scope of this work. Interested
readers may find more information in a recent book [1].

1.1.1 Historical

Microfiltration membranes are second only to dialysis as the oldest mem-
brane application still practised commercially. Microfiltration grew out of the
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discovery of nitrocellulose in 1846. Cellulose nitrate membranes were reported
by Frick in 1855. Early cellulose nitrate membranes were prepared by dipping
a test tube in a collodion solution {2]. Surprisingly, some of these early materials
are still used today.

Membrane development continued for decades, mostly in Germany. Bech-
hold published means to vary pore size by varying polymer concentration in
1906. In 1918, Zsigmondy and Bachmann published means to make small
quantities of “parchment-like” MF membrane, including a description of how
to vary pore size. Zsigmondy, in 1922, got a U.S. patent on his invention made
by exposing a thin coating of a nitrocellulose solution to humid air [3]. Sartorius
started producing membranes commercially in 1927 [4]. Commercial develop-
ment was very slow until shortly after World War II.

The discovery that propelled MF into large-scale commercial production was
one attributed to Gertrude Mueller at the Hygiene Institute, University of
Hamburg, that the micro flora from a large volume of water could be deposited
intact on a small disk of microfiltration membrane. By culturing the membrane
and counting the colonies, rapid and accurate determinations of the safety of
drinking water could be made. This discovery was particularly important in
post-war Germany, where much of the civil infrastructure was damaged [5].

Microfiltration technology was investigated by the U.S. Joint Intelligence
Objectives Agency in their post-war assessment of German science and technol-
ogy. The leading investigator was Alexander Goetz [6], who later developed his
findings under contract with the U.S. Army. In 1950, the Lovell Chemical
Company won a contract to develop Goetz’ work further. A series of reports
ranging from November 1950 through April 1954 chronicles the difficult tran-
sition of MF membranes from the laboratory to semicommercial production.
The report of September 1951 is particularly interesting because it despairs of
ever making large sheets of MF membrane. Glass plates, it says, are “too plastic”
in large sizes to be kept flat. Membranes require a “precisely flat surface”. Glass
is subject to “cold flow”. “Controls of great precision and nicety are so prereq-
uisite to the making of a satisfactory MF that we strongly urge upon the
Chemical Corps the concept that microfilters should not (and cannot) be a cheap
item of manufacture comparable to filter paper. The day that expensive controls
are abandoned for even normally careful standard production, the MF func-
tional characteristics will be wholly undependable and the output will be
rendered worthless as a reliable quantitative bacteriological tool.” The report
was signed by John R. Bush, who later bought the technology from Lovell and
founded Millipore Corporation, now the world leader in microfiltration.

Reverse osmosis and ultrafiltration came much later in time. Curiously
enough, neither developed from microfiltration. UF membranes were attempt-
ed in microfiltration firms, and some were made, but UF clearly is derived from
RO in almost all important respects. The differences in the route of develop-
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ment of MF and UF continues to divide the two fields to this day; firms
outstanding in one field have little presence in the other, even though the two
disciplines are now closely related technically.

The major problem that prevented microfiltration membrane technology
from being extended to smaller and smaller pores was the one of throughput.
As pore size decreases, so does the amount of fluid that may be pushed through
the membrane. The problem may be illustrated by considering the equation for
flow through a cylindrical pore in a membrane of a certain thickness:

_nAPd*
ETTIN

where g is the volumetric flowrate through the pore (m® s, AP is pressure
drop, pascals, d is pore diameter (m), p is viscosity (Pa s m™), and ¢ is the
membrane thickness (m).

The throughput of a membrane, referred to as its flux, is the sum of the outputs
of its pores. Flux, the symbol for which is usually J, is a velocity with units m s™
but in practice it is more easily measured in pm s It is the average velocity for
the entire membrane surface. In practice, flux is almost always reported as
volume per area and time, with common units of | m™2 h™! or gal ft? day™.

For a membrane,

J=ay 12)

(1.1)

where N is the number of pores in area A m?.
From geometry, the number of uniform circular pores that will fit in a square
is proportional to the inverse square of pore diameter.

§xw2 (1.3)

So, for constant pressure drop, fluid viscosity and membrane thickness,
Jocd? (1.4)

The pore size suitable for UF is of magnitude 10 nm; for MF, it is of magnitude
200 nm. Thus, a microfiltration membrane with high throughput will, if made
as an UF membrane, have a throughput much less than 1% of the MF value. The
UF throughput problem was trivial compared to that for reverse osmosié.
Insofar as it is reasonable to speak of “pores” in an RO membrane, they would
be smaller than those in a UF membrane by another order of magnitude. The
problem was solved for RO with the invention of the skinned membrane (see
below). The solution was quickly copied for UF, for it solved the UF flux
problem. The RO membrane, not the MF membrane, is the direct predecessor
of the UF membrane [7].
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The RO membrane breakthrough occurred in 1959, with the invention at UCLA
of the Loeb-Sourirajan membrane. Working with cellulose acetate, which Reid [8]
had reported as having superior salt rejection properties, the inventors found a
way to make an asymmetric membrane — a very thin skin integrally attached to
an otherwise porous backing. In effect, they found a way to make the factor ¢ in
Eq. (1.1) very small without a negative impact on mechanical toughness or
durability. High flux membranes thereby became possible.

While the group at UCLA pursued RO membranes as their principal thrust,
a group under Alan Michaels, first at MIT, later at Amicon Corp., went after
ultrafiltration membranes. Although many materials were tried for UF mem-
branes, grades of cellulose acetate similar to those useful in RO would produce
membranes with fairly good properties as ultrafilters. Because cellulosic poly-
mers have chemical properties that limit their industrial suitability, Dorr-Oliver
began a search for other polymers from which asymmetric UF membranes
could be prepared — initially by sponsoring research at Amicon. The decade
beginning in 1965 was one of explosive development activity in UF, both in
membranes and in processes. Cellulose acetate membranes were soon dis-
placed by a variety of noncellulosic membranes invented independently by
several investigators within a short time span. Polyacrylonitrile UF membranes
were discovered in a failed attempt to prepare an RO membrane, as described
in a 1965 report [9]. Polysulfone membranes were first made as support films
for RO membranes [10]. Polyvinylidene fluoride membranes were first made
by accident [11].

1.2 THE MEMBRANE FILTRATION PROCESS
1.2.1 Crossflow

Conventional filtration processes operate in dead-end flow. That is the fam-
iliar filtration procedure, used for filtering a precipitate with filter paper or for
straining spaghetti; the flow is normal to the face of the filter. Ultrafiltration is
conventionally done in cross flow, with the principal flow parallel to the surface
of the filter medium. Microfiltration is practised both ways. Crossflow oper-
ation is neither obvious nor difficult, and a good understanding of the reasons
for its use is necessary for an understanding of membrane filtration.

One major difference in the operation of these two schemes is conversion per
pass. In dead-end filtration, essentially all of the fluid entering the filter is either
retained by the cake or emerges as permeate, so the conversion can approach
100%, all occurring in the first pass. For a crossflow filter, far more of the feed
passes past the membrane than passes through it, and conversion per pass for
a long string of filter elements in series is generally <20%. Recycle permits the
ultimate conversion to be much higher.
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Fig. 1.2. Schematic representation of (a) dead-end and (b) crossflow microfiltration.

In crossflow, the fluid to be filtered is pumped across the membrane, parallel
to its surface. Only a small fraction of the fluid actually passing across the
membrane flows through it. By maintaining velocity across the membrane,
material retained by the membrane is swept off its surface. Since there is little
accumulation of retained material at the membrane surface, the membrane has
less tendency to “blind”, and output can be maintained at a level higher than is
possible for the same system operating in dead-end flow. Crossflow is advant-
ageous when the retained material is likely to plug the membrane.

1.2.2 Throughput and Driving Force

The resistance to flow through the filter in both crossflow filtration and
dead-end filtration may be expressed as a sum of resistances:

J=Ap/R R=Rnh+R. (1.5

R is the total resistance to flow, R, the resistance of the membrane or other filter
medium (e.g. filter cloth) and R, the cake resistance, boundary layer resistance,
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etc. Neither of these terms is required to be constant, and in conventional
dead-end filtration, R is always variable.

1.2.3 Conventional Filtration

For conventional filtration, the cake resistance term in Eq. (1.5) is written:
R.=p o’ Ap® (wV/A) (1.6)

where A is area (m?), V is the total volume of filtrate (m3), Ap is pressure drop
across the filter medium and cake (Pa), w is the mass of dry cake solids per
volume of filtrate (kg m™), o is a specific cake resistance (m kg™?), . is viscosity
of the filtrate (Pa s), and s is the “cake compressibility”. The term o’Ap® is
proportional to cake resistance. When s = 0, cake resistance is independent of
pressure and flux is proportional to Ap. For totally compressible cakes, when s
=1, the flux of the filter can become independent of pressure, and does so for
the usual condition, R, >> R, This independence of pressure condition mimics
the behavior of most crossflow membrane applications.

1.2.4 Crossflow Filtration

Equation (1.5) canbe used to illustrate two limiting cases. First, in the absence
of any filterable matter, there is no deposit on or accumulation at the membrane,
s0 R. = 0. Ry, is the only resistance. In membrane filtration, that case is referred
to as “water flux”, a term used to describe the inherent porosity of a new
membrane. Flux is proportional to pressure and inversely proportional to
viscosity, so these are corrected to a standard basis to give a “standard water
flux”, a measure of the inherent porosity of a membrane.

The usual limiting case is one in which the membrane resistance is over-
whelmed by the cake resistance, and membrane resistance may thus be neg-
lected. Furthermore, as mentioned above, crossflow filtrations behave as if s
were 1. The filtration rate is independent of pressure, demonstrated by experi-
ment. Crossflow membrane filtration almost always behaves as if there were a
cake and it were totally compressible. A normal operating curve of flux vs
pressure for crossflow membrane filtration is given in Fig. 1.3. The left-most line
is the water flux, where there are no filterable materials present. Flux is propor-
tional to applied transmembrane pressure. The line represents Darcy’s Law for
flow through a porous medium.

The process flux lines show the normal operating condition of crossflow
membrane operation for UF and MF. At low pressure, flux is proportional to
pressure, although the proportionality constant is commonly less than for the
pure water case. As pressure increases, a limiting case develops where a further
increase in pressure produces no further increase in flux. This effect is consist-
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Fig. 1.3. When macrosolute is retained by a membrane, flux decreases until the process becomes
pressure independent. Thereafter, increasing Reynolds number will increase the flux.

ent with the extreme possibility in dead-end filtration for a compressible cake
(s = 1). Note, however, that the final flux is a function of the Reynolds number
in the channel adjacent to the membrane. As Re — 0 (no flow past the mem-
brane), the crossflow filter becomes a dead end filter. Flux would be very much
lower than the values shown in Fig. 1.3. These lines, part of a family of operating
lines, represent the vast majority of crossflow UF and MF cases.

1.2.5 Mass Transfer

Why is flux flow-dependent? Consider the arrangement for crossflow oper-
ation. Fluid is flowing past the membrane at a velocity many orders of magni-
tude higher than the velocity through the membrane. (A typical flux may be 10
pm s™, and a typical crossflow rate might be 2 m s.) The fluid moving
perpendicular to the membrane carries with it material that will not pass
through the membrane. It will accumulate at the surface of the membrane, as in
the case of dead-end filtration; but the velocity of the stream parallel to the
membrane will tend to redisperse the accumulated material.

Concentration polarization is the term used to describe the fact that since
retained species accumulate near the membrane surface, their concentration
there will be higher than it is in the bulk.

The filtration equation shows that filtration rate is inversely related to the
amount of material accumulated at the filter surface. Mass transfer equations
show that the rate of material redispersed is a function of concentration dif-
ference between the membrane surface and the bulk, among other factors.
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1.2.6 Turbulent Mass Transfer

The vast majority of commercial UF and MF crossflow devices operate in
turbulent flow. Figure 1.4 shows schematically how flow and mass transfer
interrelate in turbulent flow. Recall that the transverse fluid velocity at the wall
is always zero, and that the boundary layer thickness is defined as the location
where 99% of the “action” takes place; outside the dynamic boundary layer we
can assume plug flow (uniform velocity), and outside the concentration bound-
ary layer we can assume uniform solute concentration in the bulk.

Also known is that the crossflow device truly operates at steady state in all
practical cases. Some membrane systems run for months at constant flux. If
there were accumulation of any species at the membrane, operation for more
than a few hours at steady output would be impossible. The rate of the arrival
of retained material at the membrane is thus equal to the rate of redispersion of
the material already there. From this fact comes a simple but necessary concept:
rate out = — rate in. The calculation of rates of dispersal from a more concen-
trated region to a less concentrated one is a much studied and solved problem

MEMBRANE Viul k* L, Chulk
CIRCULAT ING
FEED
CONCENTRATION
PROF ILE
SSS———S >
14
VELOCITY
PROFILE .
HYDRODYNAMIC C
BOUNDARY L Ass
SEMIPERMEABLE LAYER TRANSFER
MEMBRANE c BOUNDARY
v ] walll LAYER
wall= N\ \

R 0000090900909 0090 %6 %690 %0%6%6%0%0%%6% . 0096%0%%%%%

POROUS
PRODUCT SUBSTRATE

Fig. 1.4. Boundary layers in turbulent flow. Channel center line is at the top, flow is left to right,
and a semi-permeable membrane is at the bottom. The hydrodynamic boundary layer shows
velocity declining to zero at the membrane, while the concentration of retained material rises at

the membrane.
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in chemical engineering. Using those tools, one can predict the mass transfer
coefficient, and thus the flux of a steady state membrane operating in crossflow.
An equation variously attributed to Dittus-Boelter and Desalius is:

Sh =0.023 Re%8 5,033 (1.7)

where Sh is the Sherwood number, Re is the Reynolds number, and Sc is the
Schmidt number.

Sh=kdy /D (1.8)
Re=Vidy /v (1.9)
Sc=v/D (1.10)

where D is diffusivity (m? s7), dy, is hydraulic diameter (m), k is the mass
tra?sftler coefficient (m s71), V is the velocity (m s7), and v is kinematic viscosity
(m*s™).

It is easier to work with the Reynolds number when it is expressed as a
function of the volumetric flow rate, Q. Hydraulic diameter, dy, is 4 Area/wetted
perimeter. For cylindrical flow channels, d, = n d/4, and for square pores, d, =
d. For this discussion, d}, = d is assumed as a reasonable approximation.

Since the rate of arrival (fluid plus retained material for redispersal) is equal
and opposite to the rate of re-dispersal of the retained material,

=k (1.11)

Combining these equations gives a general expression for flux in a turbulent
flow membrane system:

QO.B D°‘67

988,055 (1’12)

J+B

where B is an experimental constant.

Please note that the exponent 0.8 on the term Q is predicted from heat and
mass transfer experiments outside the membrane field. The exponent is often
around 0.8 for membrane systems, but is sometimes very different. See further
explanation below.

That flux is proportional to the rate of redispersion of retained material
polarized at the membrane is accepted, experimentally verified fact. Why and
how this happens is still controversial. The constancy of flux regardless of
pressure has been known only slightly longer that the underlying reason for it
has been in dispute. While the argument of total compressibility of the cake,
which derives from classic filtration theory, may be reasonable for a concen-
trated protein solution, it does not seem appropriate for explaining the behavior
of a latex composed of rigid spheres.
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1.2.7 Turbulent Boundary Layer

What is going on next to the membrane? That is where the action is, where
the results of system design and fluid properties are played out. The operating
characteristics of an unfouled crossflow membrane are determined in a tiny
slice of fluid just above the membrane.

Figure 1.5 shows a typical plot of experimental data in which, for each of the
data lines shown, the stirring rate is held constant. The flux declines as log
concentration rises. Plots like Fig. 1.5 may be made for most materials being
ultrafiltered. Blatt [12] proposed that the macrosolute forms a new phase near
the membrane — that of a gel or gel-like layer. The model was a good predictor
of experimental data and has been widely used.

Other researchers had different ideas about the boundary layer. An explana-
tion that fits the data well relies on osmotic pressure as the effect producing the
reduction in flux.

The equation

J=AP -G Al (1.13)

where ITosmotic pressure (Pa) is accepted for reverse osmosis. ¢ is the reflection
coefficient, assumed to be unity for UF and MF. Boundary layer theory is used
to predict the concentration at the membrane. The van’t Hoff equation

Il =cRT (1.14)
e
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Fig. 1.5. Flux vs. log concentration. When extrapolated to zero flux, data from different flows have
the same intercept.
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where ¢ is molar concentration, R is the gas constant, and T the absolute
temperature, may be used to estimate the osmotic pressure corresponding to
that concentration. Equation (1.14) is satisfactorily accurate for practical cases
in reverse osmosis, but it does a poor job of predicting osmotic pressure in
solutions of macromolecules. Early investigators in UF dismissed osmotic
pressure as inapplicable in a solution whose molarity was measured in milli-
moles. That argument proved incorrect. Applying the empirical expression

n=3

Ic) = 2 a; ¢ (1.15)

n=1

where a; are constants, it is possible to correlate experimental osmotic pressure
data for macrosolutes and to predict the concentration at the membrane. Several
investigators have found osmotic pressures high enough to resist the trans-
membrane driving force. Jonsson [13] has published some suggestive data,
showing how an increase in transmembrane pressure can result in an increase
in osmotic pressure even greater than the increase in applied pressure. If
confirmed, this would result in a decrease in flux with increasing pressure.
Several others have published data that support the osmotic pressure hypothe-
sis more generally [14]. More recently [15], a new approach to the long sought
goal of predicting flux a priori achieved some success. The model uses diffusiv-
ity determined in an ultracentrifuge and osmotic pressure experimentally de-
termined by a membrane osmometer (for ovalbumin molecular weight 45,000
[16]) a 17% by weight solution had a 100 kPa osmotic pressure). Correcting for
a loss of water flux produced by adsorption of the protein on the membrane
(fouling), the authors get a good fit between predicted and measured flux.
Additionally, a solution with the concentration at the membrane predicted
from the plot shown in Fig. 1.5 did not exhibit the properties of a gel, although
it was a viscous solution.

Other theories of the boundary layer exist, but they have not attracted
adherents to date. In terms of predictive power, both the gel theory and the
osmotic pressure theory provide a valuable framework for correlating data.

1.2.8 Effect of Flow on Flux

In most crossflow filtrations, diffusivity and kinematic viscosity are given
properties of the feed, and are relatively constant. Since they are present in the
equations as factors with fractional exponents, their numerical change is rela-
tively small even if the values vary somewhat. Geometry within an experiment
is fixed, so d is constant. A very useful equation comes from taking the loga-
rithm of Eq. (1.12), then the partial derivative:
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0 log j _
[a log Ql, ) D- m (1.16)

Equation (1.16) is the basis for the ubiquitous plots of log ] vs. log Q. Such plots
are powerful tools in analyzing experimental data. The first point to examine is
the slope of the log-log plot, m. For laminar flow, m = 0.33. For turbulent flow,
the expected value in Eq. (1.12) is m = 0.8. It is important to determine the
experimental value, both for design optimization and for prediction of long-
term effects. Referring to Fig. 1.3, it is important that all values of flux be taken
in the pressure independent region.

The known range of observed values of m in well developed turbulent flow is
08<m<20.

The higher values are found especially in systems containing particles,
usually large, dense particles. Polyvinyl chloride latex with particles over 0.5
um diameter is a classic high-slope (m) case. True solutions of macromolecules
behave as predicted, with the slope usually near m = 0.8.

The slope of the flux—flow line is an indicator of fouling (q.v.). In known
turbulent flow, values of m < 0.8 are suspect prima facie. A decline in the value
of m with time is the most sensitive indicator of fouling. While the slope is
difficult to obtain unconfounded by changes in pressure, a well designed | vs.
Q experiment yields results with good predictive value for fouling.

A special precaution when using spiral wound modules: DaCosta [17,18]
found that while the pressure drop data in a spiral module behave as if the flow
is turbulent, the mass transfer data are consistent with laminar flow.

1.2.9 Pressure Drop

A useful design equation, valid for smooth tubes with no significant entrance
or exit expansions, where 10,000 < Re < 100,000 is:

AP e lpv0.25 d—4.75 Q1.75 (117)
where | is the channel length.
For laminar flow, the more familiar equation is:
Ap =128 plQ/I nd* (1.18)

Equation (1.17) is very useful in the form:

dloglp s (1.19)

A plot of log delta p vs. log Q is helpful in establishing whether turbulent flow
exists in the channel, and it is an excellent error check for pressure drop data.
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Values of slope very different from 1.75 indicate either that the flow is not in the
expected Reynolds number regime, that there are major changes in flow chan-
nel diameter, or usually, that the data contain error.

1.2.10 Energy Consumption

Combining Egs. (1.12), (1.17) and (1.19) provides an interesting insight into
system design. One economic factor of importance is energy consumed per unit
permeated. The SI units for this are Pascals, but the units universally reported
are kWh m™. When Eq. (1.17) is valid, energy is:

E=QAp < Q*7? (1.20)

where E is in Joules or in kW-h. Dividing by total permeate output, JA, recalling
that ] =Q™,

V=JA EN «Q*"™ (1.21)

When m is low, say 0.8, there is a significant reduction in energy by designing
at low flow rates, even though membrane area rises. But when m is high, the
energy penalty for high flow, thus low area designs is low.

1.2.11 Laminar Mass Transfer

Some devices operate in laminar flow. While most capillary and ceramic
monolith devices operate normally in turbulent flow, some do not, and for
applications where the feed is viscous, Reynolds number can drop into the
laminar regime even for diameters up to 5 mm.

For laminar flow, flow regimes up to a Reynolds number about 2200, an
equation modified from Leveque’s heat transfer formulation shows that for
practical situations:

0.33

Sh=1.62 (Re Sc %} (1.22)
Solving for k, which yields J:
VD2 0.33
k=162 (TJ (1.23)

0.33

.[ep?
] ( = ] (1.24)
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The pressure drop equation was presented in Eq. (1.18).

Equation (1.24) shows that flux is proportional to the inverse cube root of
channel length, and the reciprocal of channel height. An attractive module
design would thus be short, very small pores. Practically, no economic way yet
exists to manufacture such a design.

1.2.12 Other Depolarization Schemes

Equipment is now offered utilizing forces other than those derived from
pressure to minimize polarization. Two of the newer ones are:

1.2.12.1 Taylor Vortex

One elegant way to decouple polarization from driving force is by using a
rotating filter device. When fluid flows around a curve in a duct, or when fluid
is confined between differentially rotating cylinders, secondary flows called
Taylor Vortices are generated Using these secondary flows to minimize polar-
ization provides a tool for membrane equipment design.

Ta = —%& Vg/R (1.25)

where Ta is the Taylor Number, R is the radius of the inner cylinder (m), g is the
gap between inner and outer cylinders (m), and o is the angular velocity of the
rotating cylinder (radians s™%).

In a detailed analytic and experimental paper, Holeschovsky and Cooney
[19] find a flux equation for this device analogous to Eq. (1.10): the Sherwood
number for a device utilizing Taylor vortices is:

Sh =C Ta% §c03 (1.26)

where C is an experimental constant. For a fixed device on a given fluid, flux is

predicted to be proportional to ®'/2

1.2.12.2 Vibratory

Equipment may also move the membrane instead of the fluid. One firm
mounts a membrane stack atop a resonant rotating spring, and literally shakes
the stack to depolarize the membrane. No adequate theory is available to
explain mass transfer in vibrating membrane systems. Summers [20] shows a
correlation of mass transfer with the first power of shear rate over a narrow
range of data and conditions. The first-order hypothesis is supported by other
observations, but it must be regarded as unverified and preliminary.
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1.3 SEPARATION MEMBRANES

There are many ways to make membranes that are useful in MF and UF, and
there is an abundant literature describing membrane formation [21]. A general
taxonomy is:

I. Membranes derived from microporous media
Ceramics
Sintered metal
Sintered polymers
Wound wire or fibre
II. Membranes derived from homogeneous solid films,
Track-etched membranes
Stretched polymers
Aluminum derivatives
Dense films (this is only for dialysis and gas membranes)
III. Membranes derived from heterogeneous solid films
Leached glasses
Extracted polymers
IV. Symmetric membranes derived from solution
Leached membranes
Thermally inverted solutions
V. Asymmetric structures derived from solution
Loeb-Sourirajan membranes
VI. Asymmetric composite structures
Dynamic membranes
Thin film composites
Coated structures
Self-assembled structures

(I) Membranes in this group include membranes made from an assembly of
small particles, either laid down in a bed, or sintered, with the pores being
formed from the interstices between the solid particles. The simplest of this
class of membrane is formed by sintering metal, metal oxide, graphite, ceramic
or polymer [22]. Sintered membranes are used for MF and can be made to retain
colloids with particle size of 0.1 um. Silver, tungsten, stainless steel, glass,
several ceramics and other materials are made into commercial membranes.
Sintered metal may be coated by TiO; or zirconium oxide to produce MF and
UF membranes. Fine wires or fibres can be wound such that their interstices
have openings suitable for MF membranes.

Porous media illustrate the issue of what is and what is not a membrane. The
definitions are arbitrary. Some media, such as diatomaceous earth deposited on
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a screen, are within the definition of functional microfilters at the upper end of
the range. Diatomaceous earth filter media are not considered to be membranes
under any definition. However, dynamically formed membranes are generally
regarded as true membranes. They are formed by depositing a material —
hydrous zirconium oxide is the most common — onto a porous substrate in
cross flow. Why is one a membrane and the other not? The dynamically formed
membrane does not use the forming material as a filter aid, and once the
membrane is formed, the filtration operation proceeds, usually in cross flow,
very much the way any membrane operation is conducted. The fact that the
membrane is deposited in cross flow rather than in dead-end flow is a further
distinction. And, the ability to form dynamic membranes that have reasonable
properties as reverse osmosis membranes confirmed the view that these devices
were to be considered as membranes.

Membranes derived from microporous media may be uncharged or charged,
symmetrical or asymmetric. The issue of charge is dominated by choice of
material and by the usual rules of colloid chemistry. As illustrated in the case
of ceramic membranes, surface charge may be a function of operating condition.
Many microporous media membranes are symmetrical, but it is common to
find several orders of magnitude difference in effective pore size when compar-
ing the membrane surface to the support structure. Especially in the case of
ceramic membranes, porous membranes are often constructed of layers of
porous material of ever decreasing diameter, each applied and stabilized in
turn, then acting as the support for the next finer layer.

Membranes derived from microporous media are generally used for MF.
Attempts to decrease pore size down to the ultrafiltration range are achieving
some success, and membranes exhibiting reasonable UF properties are now
made from alpha and gamma alumina, zirconia and other vitreous materials.

(I) Homogeneous solid films constitute an important class of MF mem-
branes. These are structures that contain pores or are a matrix whose openings
are fixed. Stretched polymers, form a major part of this class. Semicrystalline
polymers, if stretched perpendicular to the axis of crystallite orientation, may
fracture in such a way as to make reproducible microchannels. Best known are
Goretex® produced from Teflon®, and Cellguard ® produced from polyolefin.
Stretched polymers have unusually large fractions of open space, featuring very
high fluxes in certain applications, the microfiltration of gases, for example.

Track-etched polymers are cylindrical pore membranes. Originally, such
membranes were made from mica on a very small scale. The membranes of
commerce are made from polymers. A thin polymer film is first exposed to a
collimated beam of radiation strong enough to break the polymer chains. The
film is then etched in a bath which selectively attacks the damaged polymer.
Successful implementation of the technique produces a film with roughly
cylindrical pores, whose diameter may be varied by the intensity of the etching
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step. Commercially available membranes have a narrow pore size distribution
and are reportedly resistant to plugging. The membranes have low flux, be-
cause it is impossible to achieve high pore density without sacrificing size
distribution. Using track-etched membranes, it is possible to prepare stunning
photomicrographs of objects sitting on a well defined membrane surface, and
they are often seen in that role.

These types encompass an incredible diversity of products. Perhaps their
distinguishing characteristic is that they start from a homogeneous solid and
end with a membrane with openings that are more consistent than not from one
face of the membrane to the other.

A newer membrane form is prepared from a monolithic aluminum foil by
electrolytic oxidation [23]. The homogeneous aluminum film is transformed
through careful control of the electrochemical formation process into a highly
asymmetric membrane with very uniform pores at a high area fraction. The
resulting membranes are unusual in many ways; inorganic, asymmetric, high
flux and brittle.

(IIf) Heterogeneous solid films may be extracted to form porous membranes
with microfiltration properties. The most common are polymers extruded with
high loadings of mineral or oil fillers, which are subsequently leached out. The
common application for such materials is as battery separators, but some are
employed as membranes. Inorganic glasses may be selectively extracted to
produce porous structures having a spectrum of pore sizes. Metals may be
made into membranes by selectively dissolving one phase. Coextrusion of two
polymers followed by extraction of one is another variant [24].

(IV) Symmetrical phase inversion membranes are the most important com-
mercial membranes produced today. They are the traditional mainstay of the
microfiltration industry. There are two major variants in the method. The first,
and most significant process involves preparing a concentrated solution of a
polymer in a solvent. The solution is spread into a thin film, then precipitated
through the addition of a non-solvent, usually water, sometimes from the vapor
phase. The technique is impressively versatile, capable of producing fairly
uniform membranes whose pore size may be varied within broad limits [25].

The second process is thermal precipitation. A solution of polymer in poor
solvent is prepared at elevated temperature. A sudden drop in solution tem-
perature causes the polymer to precipitate. The solvent is then washed out.
Membranes may be spun or cast at high rates using thermal phase inversion.

(V) Asymmetric membranes derived from solution form the most important
class of ultrafiltration membranes, and they are important in microfiltration.
These membranes, often referred to as skinned membranes, divide two necess-
ary functions of a membrane, allowing each to be optimized. First, there is the
separating layer or skin. Separation is achieved here, and a high concentration
of uniform pores is desired. Since the separation process is achieved at the
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surface, and resistance to flow through a pore is proportional to the pore length,
the universal rule is “thinner is better”.

The second functional part of the membrane is the support. Its job is to
provide mechanical support for the skin, and to make the membrane able to
withstand handling and processing. Desirable characteristics include minimal
resistance to flow, adequate resistance to compression in service and chemical
inertness at least equal to the skin. It must also resist plugging by any particle
able to pass through the skin.

The discovery of the asymmetric membrane by Loeb and Sourirajan was a
major breakthrough in membrane technology, and the techniques in use today
are derived from their early work. In its simplest form, a polymer is dissolved
at about 20% solids in a water miscible solvent. The polymer solution is cast on
a plate to form a thin film, which is then quenched in water. In normal practice,
the skin forms on top, and immediately below it, the polymer forms a much
more open porous support layer. Almost all commercial membranes are cast on
fabric (sometimes called “casting paper”), a nonwoven polyester or polyolefin
material. The substrate must also bond well to the fabric, which becomes a
permanent part of the membrane structure. The skin is a small fraction of the
finished membrane thickness.

(VII) Asymmetric composite structures are sometimes used for UF and MF.
The oldest type is the dynamically formed membrane mentioned in the dis-
cussion under (I). Dynamic membranes do not normally require a membrane
for a substrate. Porous materials derived from microporous media are com-
monly employed. Hydrous zirconium oxide is the favorite material, but others
are cited in the literature. The major commercial manifestation of the technol-
ogy uses porous carbon tubes for the substrate.

A few UF membranes are prepared by coating a previously prepared organic
membrane with a topcoat. Extra uniform pore size distribution is one goal [26].

Self-assembled membranes are made from the natural membranes found on
certain types of anachobacteria. Microporous membranes are coated with self-
assembling fragments from these very unusual bacteria to form extremely
uniform pore size distribution membranes. The bacteria grow in an extremely
aggressive chemical environment, and the assembled membranes show excel-
lent chemical resistance [27].

1.3.1 Membrane Ratings

Membranes are rated by the rate at which they produce permeate (flux), and
the ability to discriminate between things they retain and things they pass. The
flux issue is treated extensively above, but almost all MF and UF membranes
are rated by their water flux, a value taken under standard conditions that has
practically nothing to do with the flux found in actual operating conditions.
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What the membrane holds back is described by three different words:
retention, rejection, and reflection. For UF and MF, these terms are practically
speaking synonymous. The choice between “rejection” and “retention” is
largely dependent on the author’s background. Reflection does have a special
meaning in certain exotic applications.

By convention, retention is defined as:

c; (permeate )

R,’ =1
c; (feed)

(1.27)
where c is the concentration (weight, volume, conductivity, etc.) of the ith
species. This definition is arbitrary in that by convention concentration is
measured in the bulk of the feed, well distant from the membrane. Physically,
the concentration that matters is that at the membrane surface, which can be
quite different. The convention makes it much easier to do calculations about
important things like yield, but it can be confusing.

1.3.1.1 Microfiltration

Only microfiltration membranes are easily tested by direct examination, as
their pores can be observed by electron microscopy. Since the number of pores
that may be observed directly by microscope is so small, microscopic pore-size
determination is mainly useful for membrane research and verification of other
pore-size-determining methods.

Large areas of microfiltration membrane can be tested and verified by a
bubble test. Pores of the membrane are filled with liquid, then a gas is forced
against the face of the membrane. The Young-Laplace equation relates the
pressure required to force a bubble through a pore to its radius and the
interfacial surface tension between the penetrating gas and the liquid in the
membrane pore.

_2ycos®
T

AP (1.28)
where yis the surface tension (N m™), r is the pore radius (m), and P is pressure
(in Pa). 6 is the liquid-solid contact angle. For a fluid wetting the membrane
perfectly, cos 8 = 1. By raising the gas pressure on a wet membrane until the
first bubble appears, the largest pore may be identified. This is a good test to
run on a membrane apparatus used to sterilize a fluid, since bacteria larger than
the identified largest pore (or leak) ought not to be able to penetrate the
assembly. Pore size distribution may also be run by bubble point, but its most
important function is to verify that all pores are smaller than a specific size.
Bubble point testing is particularly useful in assembled microfilters, since the
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membrane and all seals may be verified. Periodic testing insures that the
assembly retains its integrity.

Diffusional flow of gas is a complication in large MF assemblies. It results
from gas dissolving in pore liquid at the high pressure side, and desorbing at
the low pressure side. In small area membrane tests it is generally unnoticed,
but it can be a perturbing factor in larger assemblies. If the number of pores and
the average pore length are known, the effect can be computed. It is easily
distinguished from gas flow at the bubble point, although special protocols are
used to insure that the apparatus meets the required level of bacterial reduction.

Membranes are further verified by challenge with microorganisms of known
size — ability to retain all the organisms is proof that all pores are smaller than
the organism. The best known microorganism for pore size determination is
Pseudomonas diminuta, an asporogenous gram-negative rod with a mean dia-
meter of 0.3 pm. Membranes with pore size smaller than that are used to ensure
sterility in many applications. Leahy and Sullivan [28] provide details of vali-
dation procedures. Membranes may also be tested by latex particles.

There are a number of ASTM standard methods dealing issues of membrane
testing. The one describing the bubble point method is ASTM F316-86, “Stand-
ard test method for pore size characteristics of membrane filters by bubble point
and mean flow pore test.” It is a method for individual membrane disks, not an
entire apparatus, but the method includes corrections for diffusive flow and
provides a good description of the technique. It also gives a method for deter-
mining pore size distribution. Goel et al. provide additional detail [29].

1.3.1.2 Ultrafiltration

Ultrafiltration membranes are not tested by bubble point. The pores are too
small, so other means are used. Direct microscopic observation of the surface is
difficult and unreliable. Because of their small size, the pores usually close when
samples are dried for the electron microscope. Equation (1.28) also describes the
force pulling a pore shut as it dries, and as r becomes very small, the force is
enormous. Furthermore, its effect is greatest on the smallest pores. Critical point
drying reduces vy to zero, and, although not without complications of its own, it
has been used to produce a few good pictures. They are scattered exceptions in
larger number of misleading photographs.

The best known method for UF membranes is molecular weight cutoff.
Unfortunately, it is widely misunderstood and has been the cause of much
error.

1.3.1.2.1 Molecular Weight Cutoff
The concept of molecular weight cutoff is deceptively simple. Ultrafilters
retain soluble macromolecules, so why not measure their porosity by seeing
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which molecules will pass through them? The concept of a “molecular weight
cutoff” was conceived and introduced into commerce by Amicon Corporation
in the mid 1960s. Some of the complications arising from the name were
foreseen, others were not. To persons totally unfamiliar with ultrafiltration,
MWCO communicated a new concept. The convention set by Amicon in the
1960s, now generally but not universally followed, is to define MWCO as the
molecular weight of the globular protein which is 90% retained by the membrane.

In spite of decades of effort to narrow the distribution, most commercial
membranes are not notably “sharp”, so there is the complication that UF
membranes have a distribution of pore sizes. That distribution may be polydis-
perse, and is in many successful commercial membranes. In the extreme case,
picture a polydisperse membrane with most of its pores in one distribution and
a few in another much larger distribution. The MWCO could fit between these
distributions, so the membrane could have significant transport capacity for
proteins above the “cutoff”. Even for membranes with a normal distribution of
pore size, the “90% point” is quite arbitrary.

For membranes with a perfectly monodisperse pore structure, there is the
complication that membrane materials adsorb proteins, the adsorption is ma-
terial specific and is dependent on concentration, pH, ionic strength, tempera-
ture, etc. Adsorption has two consequences: it changes the pore size and it
removes protein from the permeate by adsorption in addition to that removed
by “sieving”. Porter [30] gives an old but illustrative table for adsorption of
Cytochrome C on materials used for UF membranes, with values ranging from
1% to 25%.

Another complication, and source of considerable confusion, is that of mar-
ker size. UF membranes are basically size sensitive.. Polymeric markers are
commonly employed. and polymers of the same molecular weight can have
very different molecular size. To further complicate the picture, molecular
shape can change in the vicinity of a membrane. Porter (1990) states that
Dextran 250, a branched polysaccharide with molecular weight 250 kilodaltons
passes through a 50 kD MWCO membrane. Linear molecules, such as polyac-
rylic acid, pass easily thorough membranes with MWCO far below their mole-
cular weight.

To get a reproducible number for MWCO, many factors must be held con-
stant. To the producer of membranes, that is easy enough, for by standardizing
the test, he can have some assurance that the same membrane is being made in
successive lots. Such standardized testing is also useful to a user of membranes,
who has some assurance that a constant material is being supplied.

To test the membrane using protein, in keeping with the definition of
MWCO, it is necessary to keep the concentration in the feed very low to prevent
polarization effects which result in “auto filtration”, the consequence of which
would be to measure the boundary layer rather than the membrane itself. But
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low concentration raises the specter of adsorption becoming important, per-
haps dominant, in the retention measurement.

Because of the severe difficulties in testing with globular proteins, most
membrane manufacturers use surrogate probes. Materials selected are ones for
which the complications are minimized, the probe is simple, fast and cheap to
detect, does not readily biodegrade, and with which the results, whatever they
are, are reproducible. There is a good faith attempt to relate the findings back
to globular protein, but the frustrations of the protein test sufficiently daunting
to make the probe test the only test in many cases. And the convention adopted
by manufacturer “A” may well be quite different from that adopted by manu-
facturer “B”.

Severe misunderstanding arises when membrane users assume that MWCO
means what it stands for. Further complications arise when users assume that
a 50 kD membrane will separate a 25 kD material from a 75 kD material. If the
lower molecular weight material is a branched polysaccharide, and the higher
molecular weight material is a globular protein, and the solution is dilute and
very well stirred, and the materials are right and the pH is correct etc. then there
is a chance.

The existence of a gel-like layer at the membrane further complicates the
ability of a UF membrane to fractionate polymers. Concentrated solutions of
macromolecules, whether literally gel or not, are known to be highly entangled
networks. How can a smaller polymer wiggle through a concentrated tangle of
larger polymers and find the membrane pore through which it may theoretically
fit? No matter what the true nature of the boundary layer, there is a “traffic jam”
at the membrane surface with the cars just as stuck as the trucks. The rule of
thumb is that for the separation to take place in UF with reasonable efficiency,
there needs to be a factor of 10 in the ratio of the sizes of the materials separated.
Kesting makes the same distinction about UF itself, saying that UF begins where
the microsolute is 10 times as large as the solvent [31}. Much as we might wish
otherwise, MWCO doesn’t mean much more than a rough cut at relative pore size.

While MWCO is often misunderstood, the goal of separating macromole-
cules is well understood by industrial and academic researchers, and is the topic
of ongoing research.

1.3.1.3 Complications from Fouling

Fouling is a major problem in all membrane operations. It causes significant
problems in measuring and interpreting pore size in both MF and UF mem-
branes. MF and UF membranes contain “pores”, and for most membranes, they
are not all of the same size. Fouling effects pores differently. Belfort [32]
illustrates three cases affecting MF membranes to which needs to be added a
fourth primarily affecting UF (Fig. 1.6).
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FOULING SCHEMATICS
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Fig. 1.6. Fouling Schematics (after Belfort). Case A: Particles plug smaller pores and narrow larger
ones. Case B: Particles plug narrow pores. Case C: Particles form a layer on the membrane. Case
D: Particles or debris plug largest pores.

Case A: Adsorption causes all pores to become smaller, and may resultin the
smallest pores plugging. In the case of a protein probe present in dilute solution,
this fouling error would cause the test to understate the size of all pores, and
could truncate the distribution on the low pore size end.

Case B: Pore plugging. In the absence of any adsorption, particles may plug
pores. For the example shown, smaller pores would be expected to suffer
disproportionately. Remember, the drawing is an artistic simplification. Pores
are not created by precision drills in uniform materials. The entrance to a pore
may be fairly sharp in a mica membrane exposed to radiation and etched by
chemicals prepared by a careful chemist, but in the real world of membranes,
pore openings are considerably less precise. Pore openings may be conical, they
may be other shapes, and for many materials, “pore” is a tenuous concept.
Nonetheless, to some degree the small openings are more susceptible to being
plugged by small particles.

Case C represents the deposition of a material that supersedes the porous
structure of the membrane. The membrane now becomes analogous to a precoat
filter. Fouling is irreversible to the extent that the layer nearest the membrane
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is probably adsorbed onto it. Throughout the layer, the binding may or may not
be irreversible. At the fluid interface, quite a degree of dynamic reversibility
remains. One may assume that in all cases, the effect is to shift the effective pore
size downwards.

Case D is peculiar to membranes with small pores filtering particles much
larger than the pores. An example is UF membranes processing electrodeposi-
tion paint, all of whose particles are much larger than most membrane pores.
The effect is to plug the large holes, leaving the smaller ones. It is case B in
reverse. The effect is to reduce the average pore diameter by affecting only the
high end of the distribution.

Case D is familiar to operators of industrial equipment who often find that
macroscopic seal leaks are effectively plugged by the gross debris in a feed
stream.

1.3.1.3.1 Effects on Flux

Fouling affects flux dramatically. The pure water flux through a virgin UF
membrane is commonly tenfold greater than the water flux after the membrane
has been exposed to protein.

Flow will be laminar through a cylindrical pore because of the size. To
summarize Egs. (1.1)-(1.3), flux through a given area containing N cylindrical
pores each having diameter 4,

Tt AP
128 pu ¢

N
J= 3 Xl df (1.29)
0

Reviewing the four cases of pore narrowing, Case B, in which smaller pores
are plugged and larger ones are unaffected, will have the least impact on flux.
Case A, narrowing of all pores and plugging of some of the smallest, will have
a greater impact, because loss of some pore dimension is particularly important
given the fourth power of diameter. Case C is a guess, as the porosity of a cake
layer on the membrane can be anything. Case D results in a dramatic loss of
throughput, because that form of plugging takes out the most productive pores.

1.3.1.3.2 Overall Effect on Retention

Passage of material through a pore obviously depends on how much is
flowing and what that pore will pass. Big pores pass large quantities, but their
retention is different from smaller pores. As a membrane fouls, the retention
characteristics worked out for the virgin membrane will change, often dramati-
cally.

A few general rules apply. Fouling processes that plug the smallest pores
have little effect on retention. In theory they would be expected to lower
retention somewhat, as the most retentive pores are plugged leaving the larger
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less retentive ones, but the contribution of the smallest pores to overall output
is normally low anyway. When fouling lowers retention it is probably because
of the artifact resulting in the definition of retention: bulk concentration may be
constant but concentration at the membrane may rise considerably due to
fouling and the resulting impediment to back diffusion.

Fouling by almost any other mechanism raises retention. Either it substitutes
a cake layer on top of the membrane, or it narrows pores, or it selectively plugs
larger ones. It is poorly kept secret that many membranes do not do the job they
are sold to do until they are a little bit fouled.

In an ideal world, membranes would contain a very high density of fully
uniform cylindrical pores. It is perhaps instructive that in spite of the very
creative effort invested in “sharp” membranes, their share of the overall mem-
brane market is very small. Practically speaking, “ordinary” membranes have
proven to be adequate for most separations.

1.4 MEMBRANE MODULES

In the discussion of the importance of the boundary layer, we saw that the
output of a UF or MF membrane device is controlled by mass transfer at the
membrane surface. There are special cases in which this generalization is not
followed. One is the case where the solvent being processed is almost devoid of
retained material. A second is the much more important case of fouling. Never-
theless, the way in which feed material is presented to the membrane is of
critical importance. Ways to incorporate membrane area into subassemblies
efficiently and economically is the objective of module design.

A requirement of a module is that it be easily removed and replaced. Mem-
branes have finite lives. They still fall short of perfection in their manufacture.
Module size must balance the probability of including a defective membrane,
which naturally rises with module size, with the economy of installation and
replacement which, up to a practical limit, improves with module size.

As membrane manufacture became more sophisticated, the probability of
failure per unit area dropped dramatically. Therefore, the economics of module
manufacture have pushed the membrane area per module up. Physical hand-
ling must be manageable, and the cost of special equipment for module replace-
ment is an added capital cost, putting an upward limit on module size.

More important is how the module manages the fluid flow of the feed. Most
crossflow membrane devices operate in turbulent flow, so designing for low
energy consumption (important for both operating economics and capital cost)
requires avoiding sudden expansions and contractions in conduit diameter,
and avoiding small radius bends. Both these requirements are very demanding,
and pose major challenges to the designer. For modules designed for laminar
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flow, sudden changes in conduit diameter are far less important than the
diameter of the smallest passage through which the fluid must flow. For any
module, reliability is increased if stagnation points, where fibrous material and
debris will accumulate, are minimized.

In spite of all their obvious shortcomings, spiral modules (see below) are
widely used in both MF and UF, and their importance is both major and
increasing.

1.4.1 Background

Because the demands are stringent, and because of the high rate of innova-
tion in the membrane industry, module design diverged considerably before it
started to converge on certain winning designs.

Early designs were 25 mm diameter tubes with the membrane cast inside
(Abcor-Koch), capillaries (Amicon-Romicon) parallel plate designs (Dorr
Oliver) and plate and frame devices (DDS). All of these had advantages, and
each remains in the market. All have undergone development and refinement.
While 25 mm tubes are still sold, the dominant polymeric tubular systems have
12 mm tubes. Ceramic devices usually have smaller channels, 4-6 mm diameter,
and one new ceramic device has square cross section channels 1.9 mm on a side.

Large tubular membranes illustrate the extreme case of attention to fluid
mechanics. The membranes were designed to have a diameter change only at
the manifold, and then to have 50 m of tubular membrane joined by large radius
return bends before the feed passed into the exit manifold. There were no
stagnation points, and seals were made on the ends of the tubes to avoid
diameter changes in the fluid path. The devices had wonderful hydraulic
efficiency, about 90% of all the pressure drop occurred at a membrane surface,
and they were remarkably resistant to fibres and debris. They were also bulky
and expensive.

Membrane cassettes were at the other extreme. The fluid undergoes numer-
ous direction reversals in very short radius turns. Significant pressure drop
occurs in the inlet and outlet ports. But they are very compact and capable of
automated manufacture.

Evolved versions of these extremes persist, but over 50% of the membrane
area sold in crossflow applications is in spiral wound modules.

1.4.2 Spiral Wound

Spirals were not an early entry in UF or MF, they were invented in the early
days of reverse osmosis [33] and found unsuitable for general UF. The unsatis-
factory features were gradually designed out of the spiral, while the attractive
attributes — compactness, ease and economy of manufacture and ease of
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replacement — were maintained. The truly successful UF spiral required over
a decade of constant improvement. Success inspired imitation, and there are
now a number of manufacturers of spiral membranes offering a wide variety of
membrane types, resulting in a competitive market for replacements and a
decline in user’s costs. For almost any new application, the spiral design must
be inadequate in order for another design to prevail.

1.4.3 Capillary

Capillary devices, designed so that the process fluid flows inside the hollow
fibre with the permeate flowing through the wall into a module housing seem
a natural for process applications, but difficulties in the manufacture of mo-
dules plagued them for years. Their chief market niche today is in ultrapure
water UF, where the open path for permeate is an advantage. Capillaries are
used in many other applications.

In addition to the large volume capillary modules, there are two special
variants. One, sold by Memtec (Australia) feeds the process stream on the shell
side of the module with permeate exiting in the hollow fibre. This turns general
design logic on its head, but it succeeds because of the innovation of pushing
off the boundary layer accumulation of solids every few minutes with a blast of
air pushed backwards through the membrane. The other variant (Mitsubishi
Rayon Engineering) lets the fibres flop in the process stream because only the
two ends are potted leaving numerous hairpin shaped membranes free to move
in the fluid as it passes by.

1.4.3 Plate and Frame

Plate and frame devices are used in several applications. For most equip-
ment, almost any flat sheet stock may be fit into a plate and frame device, which
can have a favorable influence on the economics of membrane replacement.

1.4.4 Cartridges

For the applications where dead-end flow is appropriate, pleated cartridges
are the usual answer. One firm reports a spiral run in dead-end flow, where in
the early stages of filtration, some of the membrane area actually operates in
cross flow.

A strong movement towards compact and energy-efficient design is appar-
ent. Economics dictate that membrane equipment be compact to reduce the
“footprint” on expensive industrial floor space, and improvements in design
and membrane reliability make that possible.
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1.5 FOULING

Fouling is the term used to describe the loss of throughput of a membrane
device as it becomes chemically or physically changed by the process fluid
(often by a minor component or a contaminant) [34]. Fouling is different from
concentration polarization. Both reduce output, and their resistances are addi-
tive. Fouling can be thought of as the effect causing a loss of flux which cannot
be reversed while the process is running. An increase in concentration or
viscosity, or a decrease in fluid velocity, or, in some operating ranges, pressure,
will cause a flux decline. Any of the declines from these causes are reversible by
restoring concentration, velocity, etc. to prior values. Restoring prior conditions
will not restore flux if a membrane is fouled. That is the best test of fouling.

Fouling is also distinct from membrane compaction, primarily a phenome-
non resulting from irreversible creep in a membrane as a response to stress. This
phenomenon is found in some reverse osmosis membranes, but at the pressures
used in UF and MF, it may usually be ignored.

1.5.1 Prompt Fouling

There are several types of fouling. Prompt fouling is an adsorption phenome-
non. It may occur so rapidly in an extreme case, that it may be observed by
wetting a membrane with a process fluid without applying pressure. A marked
decrease in water flux of the rinsed membrane indicates a strong likelihood of
prompt fouling. It is thought to be caused by some component in the feed —
protein is the most common cause — adsorbing on the surface of, and partially
obstructing the passages through, the membrane. The effect occurs in the first
seconds of an ultrafiltration, making it difficult to spot. In addition to lowering
the flux of the membrane, this type of fouling raises the retention. The effect is
very common, although not always recognized as such. Often, membranes are
characterized after it has occurred [35]. In fact, some membranes are not com-
mercially useful until prompt fouling has taken place. In principle, and usually,
it is a negative effect.

1.5.2 Cumaulative Fouling

Cumulative fouling is the slow degradation of membrane flux during a process
run. It can reduce the flux to half its original value in minutes, or in months. It
may be caused by minute concentrations of a poison, but is commonly the result
of the slow deposition of some material in the feed stream onto the membrane.
Usually, the deposition is followed by a rearrangement into a stable layer
harder to remove. It is often related to prompt fouling, because the prompt
fouling layer provides the foothold for a subsequent accumulation of foulant.
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1.5.3 Destructive Fouling

Some fouling is totally irreversible. A substance present in the feed at low
concentration having an affinity for the membrane is the usual culprit. Espe-
cially troublesome is a sparingly soluble substance at or near its saturation
concentration. Such a material can slowly sorb in the membrane, and in the
worst case, change the membrane’s structure irreversibly. Antifoams are
examples of a class of material responsible on occasion for destructive fouling.
With the chemically robust membranes in use today, this effect is very unusual,
unless a membrane feed has been contaminated with a damaging solvent.

1.5.4 Frequency of Fouling

Virtually all membranes in all commercial applications foul: “how fast” is an
important economic issue. Proper cleaning generally restores output. Mem-
brane producers and purveyors of cleaning agents devote considerable effort to
finding safe, effective and economical means of returning the membranes to full
productivity. Frequently, cleaning agents slowly damage membranes, making
them more susceptible to future fouling. While there are totally benign cleaning
agents for some types of fouling, the more common foulants such as those
involving proteins require aggressive cleaning agents to keep the cleaning cycle
short. It is said that the cleaning requirements for membranes are the major
determinant of membrane life [36].

Just as fouling influences design, design influences fouling. Figure 1.3 shows
the normal pressure-flux output curve for crossflow filtration. Operating in the
region towards the right (high pressure) will produce fouling more quickly
than operation around the knee of the curve [37]. The region to avoid is the
high-pressure, low-flow regime. Experience indicates that thick, dense bound-
ary layers promote fouling [38]. Dead-end filtration would be a worst-case
operating condition.

Pressufte driven equipment that operates membranes only in the low fouling
region at or below the knee of the operating curve is very hard to design. Several
firms are trying innovative approaches that decouple the pressure driving force
from the membrane depolarizing force, such as by the use of vibration to
promote mass transfer [39] the use of Taylor vortices [40] and the use of
controlled permeate back pressure [41].

Fouling is the most important economic determinant of most crossflow
membrane processes. Recently, researchers are finding ways to quantify results
and publish meaningful papers on fouling. It is a particularly popular and
important field with a rapidly expanding published information base.
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1.6 APPLICATIONS
1.6.1 Microfiltration

The market for MF membranes and equipment is a billion dollar giant
dwarfing all other membrane applications except hemodialysis. It is a market
with outstanding competitors and large R&D budgets, with firms generally
possessing excellent market research, marketing and management. Major mar-
ket areas are: sterile filtration, medical applications, biotechnology and fluid
purification.

Most of the microfiltration applications listed operate in dead-end flow. A

few operate in cross flow. One important criterion for deciding whether cross-
flow is appropriate is the quantity of solids that must be retained by the
microfilter. The higher the level of solids, the higher the likelihood that the
crossflow filtration will be used.
. Streams containing high loadings of solids (>0.5%) processed by membrane
filters usually operate in crossflow. As discussed in the section on the boundary
layer and concentration polarization, the limit to the rate at which a crossflow
device produces permeate is the rate at which solids retained by the membrane
can redisperse into the bulk feed flowing past the surface. A cursory analysis of
the mass transfer equations shows that the molecular diffusivity of the retained
material is a direct determinate of how fast it diffuses away from the surface.
The colloidal material retained by a microfilter has a very low value of diffusiv-
ity. The redispersion rate of retained material is thus calculated to be very low.
In fact, microfiltration rates are often quite high compared to UF, even at lower
crossflow velocity. The answer seems to lie in a shear enhanced particle diffu-
sivity which results in dramatically increased flux [42].

Membrane filters operating on feeds with lower loadings of solids (<0.5%)
are generally operated in dead-end flow. Commonly, the surface of the mem-
brane is protected by a guard filter which entrains most of the larger, easier to
filter solids before they reach the membrane. The structure acts as a depth filter
backed by a membrane filter.

Some of these devices are quite sophisticated, because both prefilter and
membrane filter can be charged to give superior nonplugging characteristics. In
some applications, these composite structural filters perform comparably to the
outstanding characteristics of asbestos filters.

Fluids with low solids loadings (<0.1%) are almost always filtered in dead-
end flow, where the membrane acts as an absolute filter as fluid passes directly
through it. For some time, track-etched filters dominated this market. Now,
other membranes compete successfully.

Membranes may be made with conical pores. When the small end of the cone
is at the skin, the membrane is inherently nonplugging. In some low solids
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loading applications, these membranes are run “upside down”, that is, with the
wide part of the cone towards the process stream. In this way, the cone serves
as a trap for particles. This configuration mimics that of a structured filter,
which wraps a coarse filter outside progressively finer filters. Although the
membrane eventually plugs, its dirt-holding capacity is increased. This opera-
ting scheme is only appropriate where the load of material to be retained is
quite low.

An especially important characteristic of a microfiltration membrane is uni-
form pores, with as many of them per unit area as possible, and with the
thinnest possible layer in which these pores are at their smallest size.

Since a membrane will not reliably retain anything smaller than its largest
pore, the largest pore determines the membrane retention rating. Smaller pores
contribute far less flow: a pore 0.9 times as large as rated pore size contributes
only two-thirds as much throughput. Pore length may be minimized by making
the active layer in which the pores are at their minimum diameter as thin as
possible. The importance of pore density in a dead-end filter will be apparent.

Many applications for microfiltration membranes are relatively small indi-
vidual uses that add up to quite a large market.

In addition to those well-established applications, there is a major effort to
introduce MF into a wide variety of process applications. These applications,
while small in number at present, would each use large quantities of membrane.
Their potential for growth is great, but it will take a very long time for them to
eclipse the existing applications in importance.

Pharmaceutical

Pharmaceutical applications are a major market for microfiltration mem-
branes [43]. Liquid products that contain macrosolutes are routinely sterilized
by microfiltration membranes, particularly if they are heat labile. Parenterals,
antibiotics, blood products and ophthalmic preparations are examples. For
some applications, the membrane may be exotic — positively charged nylon
membranes have replaced asbestos for many of the applications formerly
requiring the unique properties of asbestos, including pharmaceutical applica-
tions and wine.

Sterile Filtration

Integrity testing of membranes and membrane assemblies is achieved by
bubble-point testing, diffusional measurements and other means. The common
arbiter of success is the ability to withstand challenge by Pseudomonas diminuta,
a small gram-negative rod with a mean diameter of 0.30 pum, although its size
varies with environmental influences [44].



1 — MICROFILTRATION AND ULTRAFILTRATION 33

Sterile filtration used in the pharmaceutical industry in the U.S. is governed
by the Food and Drug Administration, which publishes regulations from time
to time in the Code of Federal Regulations.

Medical applications include guarding against microbial and particulate
contamination of fluids being injected into a patient or used in hemodialysis.

Microfiltration plays an extensive role in maintaining sterility in tissue cul-
ture and other aseptic media applications. In an unusual application of mem-
branes, epithelial cells are grown directly on a microporous membrane, with the
nutrients passing through the membrane [45].

Gas Phase

Sterile process filters for gas-phase use are important membrane applications
in pharmaceutical, biotechnology and medical applications. For example, mem-
branes are used on the vents of sterile water tanks to prevent microbial contamina-
tion as the water level is lowered. Similarly, membranes protect autoclaves and
freeze-dryers during the admission of gas after the duty cycle. With autoclaves, the
steam is usually filtered as well, often with the same membrane that filters the
inlet air [46]. Another application is gas to blanket sterile packaging lines.

Vents on fermenters is another sterilizing application for gas microfilters. In
many fermentations, large volumes of air are used to maintain the oxygen
content of the fermentation process. It is usually necessary to insure that
microorganisms from the fermentation be kept from the environment. Microfil-
tration membranes are used to capture any organisms that escape. Most vent
applications require that the membrane withstand steam sterilization.

Wine

Most of the wine produced passes through a membrane. Membrane filtration
has virtually replaced heat and chemical treatment because it does not affect
organoleptic properties. Some spoilage organisms will pass a 1-um filter, so the
preferred membrane is 0.45 pm [47]. Sterilizing membranes are run in dead-end
flow, making them very easily plugged by the colloidal material present in
wine. Prefiltration is practised, occasionally as a built-in part of the membrane
cartridge.

Semiconductor

Semiconductor fabrication is an important microfiltration market. According
to Millipore, 58% of all integrated circuit defects result from contaminated
process fluids. As line widths drop below 1 um, contaminants in the 0.1-pm
range are important. Even at extremely high purity levels, an impurity of 1 part
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per billion translates into 2x10'2 0.1 pm particles per m® of a gaseous reactant.
Water is another major concern: a silicon wafer is exposed to about 10 m> while
it is being turned into chips [48]. Water for chip rinsing is treated exhaustively
to remove ions and particles, yet even in the best systems, particle shedding
from pipes, filters and fixtures is a constant problem.

Microfiltration and ultrafiltration membranes are widely used as final point
of use devices to improve yields in chip manufacture [49]. For gases, mem-
branes are more thorough than fiber HEPA and ULPA filters [50]. For liquids,
the logic of passing water through a microfilter after it has passed through a
reverse osmosis membrane rests on the observation that particles introduced by
shedding and bacterial activity are generally large enough to be removed by a
microfiltration membrane. The relatively large pores of the MF membrane
simplify the equipment needed to utilize it at the point of use, since pressure is
lower, and throughput is higher. Notwithstanding normal criteria (discussed
above) final filters for water are normally operated in cross flow.

Miscellaneous

The quantity of MF membranes consumed in laboratory, manufacturing, and
miscellaneous uses is very large. Another biotech application of microfiltration
membranes is their use in blotting of proteins. Many references may be found
in Ref. [51].

Diatomaceous Earth Replacement

One particularly attractive target for process microfiltration membranes is
clarification processes now accomplished through the use of diatomaceous
earth (D.E.). MF membranes are usually capable of doing the same job as D.E.
filters, but they achieve higher clarity products and usually higher yield. These
advantages are currently marginal in the biggest applications, with not enough
economic incentive to achieve the displacement of installed D.E. filters. If
disposal costs for spent D.E. continue to rise, and the economics of process
microfiltration improve as volume grows, then there is a likelihood that MF will
become preferred over D.E. filtration in new installations and will eventually
displace it in existing applications.

Water and Wastewater

An emerging application for MF is in the treatment of wastewater, particu-
larly municipal sewage. Capillary membranes operating with shell side feed, at
very low crossflow velocities, are reported to give excellent clarity and sterility
if backwashed frequently [52]. When operated in conjunction with high-speed
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bioreactors, very low overall detention times with excellent removal of particu-
lates including bacteria and viruses, is reported in pilot trials [53]. It is specu-
lated that a major disadvantage of high throughput bioreactors, small biomass
particle size, is eliminated by the use of membrane filters.

Concerns about parasites in drinking water may be translated into a signifi-
cant increase in the use of microfiltration in drinking water.

1.6.2 Ultrafiltration

Ultrafiltration has the ability to separate soluble macromolecules from other
soluble species. Some of its large applications take advantage of this property,
but others do not.

Microfiltration Replacement

Many of the largest process uses of ultrafilters would seem to be more logical
for microfiltration. Apple juice is ultrafiltered, yet the application is a straight-
forward replacement of diatomaceous earth to remove colloidal particles,
which are clearly within the range of a microfiltration membrane. Similarly,
electrocoat paint is a suspension of particulates within the MF range.

The glib answer is that UF works better. The reason is the deformable nature
of particles that are retained. If the membrane pores are not much smaller than
the size of an easily deformable particle, plugging will result. UF membranes
for the two applications mentioned have pores that are a small fraction of the
size of the retained material, the colloidal matter is very deformable, and, of
critical importance, there is nothing of value that the UF membrane would
retain and the MF membrane would pass. So although microfiltration is the
obvious choice, ultrafiltration is the correct choice.

Electrocoat Paint

Recovery of electrocoat paint is economically the most important application
of UF [54]. An efficient way of applying a corrosion-resistant coating on indus-
trial metal is electrophoretic deposition of colloidal paint from an aqueous bath
It is the prime coat (for automobiles) or a one-coat finish (appliances, coat-
hangers, etc.). The metal object must be properly cleaned and “passivated”. It
is then immersed in a paint tank, attached to an electrode, and the paint is plated
on. During the process, the paint film undergoes electroendosmosis, and it
emerges from the tank already robust. It is still quite wet with droplets of
uncoated paint, the “dragout”. This dragout is quite valuable: in the automobile
industry, its value per vehicle is around US$ 4. If the paint were to be left on the
metal, the painted finish would be lumpy. If it were rinsed off with water, a
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dilute stream would result, which is difficult to concentrate and expensive to
treat in a waste plant. If the dragout can be rinsed off using a clean stream
derived from the paint tank, recycling back to the tank for utilization of the
paint is straightforward. Ultrafilters are used to produce this rinse stream in
metal finishing applications worldwide. A large installation will contain 150 m?
of membrane area and produce 3 m? h™! of permeate.

Fractionation of Whey [55]

In the production of cheese and casein, about 90% of the volume of the milk
fed to the process ends up as whey. The quantity of whey produced in the
United States, a tiny fraction of world production, is about 25 million m® per
annum. Formerly almost entirely wasted, almost half of the domestic whey is
now processed in one way or another. UF is the means to produce high-value
products, ranging from 35% protein powder (a skim milk replacement) to 80%-+
protein products used as high-value, high functionality food ingredients. A
large dairy ultrafilter operating on whey will contain 1800 m? of membrane and
have a whey intake of 1000 m® per day.

Cheese Production

An emerging process for the production of cheese uses UF on the milk before
cheese is made, rather than on the whey produced as a by-product of cheese.
The process is proven for soft cheeses and is in commercial operation for cheese
base, an intermediate in the production of several mass consumption cheese
products. UF is now beginning to be used in the production of cheddar cheese
as well. The process details are not vital for this discussion, but as a conservative
average, the use of UF reduces the milk required to make cheese by 6%. This
reduction is accomplished by concentrating the curd-forming solids which
enables process modifications to capture the soluble proteins (“whey proteins”)
in the cheese curd instead of allowing them to pass into the whey.

Textile Sizing

In the knitting and weaving of textiles, a sizing material is commonly applied
to the warp threads to lubricate them and protect them from abrasion. The
sizing material is removed before fabric is dyed. Ultrafiltration provides an
economical means to recover and reuse the sizing solution. Recovery of the
sizing encourages the use of more expensive but more effective sizing agents,
such as polyvinyl alcohol. Since desizing baths operate hot, it is necessary for
the ultrafilter to withstand constant operation at 85°C. Some inorganic mem-
branes have been used in this application, but polymeric membranes operating
at low flux are often more economical because their lower power consumption
more than compensates for their shorter life and consequent replacement cost.
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A large size recovery plant has a membrane area of 10 000 m?, and a feed rate
of 60 m® per hour.

Oily Wastewater

In the metal-working industry, lubricants and coolants are used in metal
cutting, rolling, drawing, etc. These are usually oil-in-water emulsions. Event-
ually, the coolant becomes contaminated, degraded or spent, and is discarded.
In addition, parts that have been cooled or lubricated by the emulsions are
generally washed, creating a dilute oily emulsion. The quantity of spent, dilute
emulsion just from washing newly formed aluminum cans is over 8 m® h™! per
can line. Ultrafiltration is the principal technology employed to fractionate this
waste into a permeate stream of water suitable for a municipal sewer, and an
oily concentrate rich enough to support combustion or from which to recover oil.

Gelatin

Gelatin coming from the extractor is a dilute solution of soluble collagen. It
is dried at about 30% total solids. The bulk of the water to be removed before
the dryer may be evaporated or passed through a UF membrane. Because the
membrane passes some of the salts along with the water, a subsequent ion
exchange step is minimized when UF is used. Although ultrafiltration cannot
concentrate the stream all the way to 30% solids, it can remove almost 90% of
the water in the feed using less energy and with better economics than evaporation.

Juice

A significant fraction of all clarified apple juice produced in North America
is passed through a UF membrane. The membrane process is rapidly displacing
rotary vacuum filtration because of higher yield, better and more reliable
quality and ease of operation. A major driving force is the elimination of the
diatomaceous earth disposal problem.

Pulp and Paper

Lignosulfonates are recovered from spent sulfite liquor and from kraft black
liquor in the pulp industry [56]. Recovered lignosulfonates are valued as dis-
persants, binders and for the production of vanillin.

Ultrafiltration is sometimes used to reduce color in caustic bleach effluents
from the pulping process. Good color reductions are achieved, but the economic
viability of the process is very location-specific. Both UF and MF are under
development for the treatment of white water from paper-making machines.
Pulp and paper applications are potentially among the largest uses for UF, but
there is a long history of “almost successful” results to overcome.
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1.7 ECONOMICS

Engineers designing crossflow membrane equipment into process flow-
sheets must balance capital cost and operating expense just as they do for other
process equipment. For membrane equipment, the capital contributions and
“typical” fraction of the total are:

Capital item Percent of total capital
Pumps 30%
Replaceable membrane elements 20%
Housings for membranes 10%
Pipes, valves and framework 20%
Controls 15%
Other 5%

These numbers assume stainless fluid contact surfaces, painted steel frame-
work, and automated operating and cleaning equipment.

Operating costs are dominated by capital charges in most cases. Firms
demand short payback periods for membrane equipment, which means that
capital charges are always the largest item. Naturally, this fact has a major
influence on the design of membrane process equipment.

An example of the sub optimization, recall that previously flux ] was shown
to be proportional to Q™ where 0.8 < m < 2. For most applications, m is closer to
the lower limit than the higher one. Flux is conveniently measured in units such
as 1 m™ hr', so for a specified output of product, increasing flux decreases
membrane area.

Pressure drop in a well constructed turbulent flow system increases as Q'”>.
Energy increases as *>”°. Pump cost, defined broadly to include drivers and
piping, is a function of both flow rate and power. As the broadly-defined pump
cost goes down, more membrane area must be installed to compensate for the
lower flux. Conversely, a high-power pumping package will give higher flux,
and will require less membrane area [57]. Figure 1.7 shows the results of an
actual calculation trading these two variables.

A volumetric flow rate of 1 represents the optimum for this particular
calculation. At higher flow rates, the economics are dominated by pump costs.
At very low flow rates, they are dominated by membrane costs. It is apparent
that the incremental economics of pumps is different from the more nearly
linear economics of adding more membrane area.

1.7.1 Energy

The optimum UF design commonly results in the dissipation of about 50 W
m at the membrane surface. After taking all the efficiencies into account in
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Total Cost vs. Flowrate

Total

100%

Pump
Membrane

0.2 10 3.0
Volumetric Flowrate

Fig. 1.7. Cost of membranes, system, and total system cost as a function of flowrate past the
membranes. 1.0 on the abscissa is the optimum design point.

translating incoming electrical energy through wiring, driver, coupling, pump,
pipe, valves, headers, etc., this energy must be divided by an efficiency factor
of between 0.45 and 0.64 to account for actual energy employed. Actual energy
required per unit of output may be obtained by dividing the total incoming
energy by flux. A typical process flux might be 301 m™h™". If the efficiency were
50%, the energy requirement would be 50 W m2/0.50 x 30 1mh™" = 3.3 Watt-h
I = 3.3 kWh m™, the units used to describe energy requirement per unit
permeated through the membrane. If cleaning is frequent, this energy may need
to be adjusted upwards by 5% to take that component into account.

Operating economics, as has been stated, are dominated by capital cost.
Excluding capital charges, the major operating cost elements are:

Item Range of costs, % of total
Membrane replacement 35-50
Cleaning costs 35-12
Energy 15-20
Labor 15-18

Since all separation processes produce more than one stream, there may be
downstream costs associated with a membrane separation by-product.
A more detailed analysis of economics may be found in Ref. [58].



40

1—MICROFILTRATION AND ULTRAFILTRATION

REFERENCES

wN

N o L6 B

O

10

11

12

13

14

15

16
17

S.B. Kessler and E. Klein, Dialysis, Part III. In: W.S. Ho and K.K. Sirkar (Eds.), Membrane
Handbook. Van Nostrand Reinhold, New York, 1992, Ch. 11-15.

R.E. Kesting, Synthetic Polymeric Membranes. New York, Wiley, 1985, p. 3.

R. Zsigmondy and W. Bachmann, Anorg. Allegm Chem., 103 (1918) 119; R. Zsigmondy,
Filter for Ultramicroscopic Particles, U.S. 1,421,341, 1922,

John Peterson, Millipore Corp., internal document.

M.C. Porter, Handbook of Industrial Membrane Technology. Noyes Publications, Park Ridge,
NJ, 1990, p 61,

A. Goetz, Microporous Filter Film on a Solid Support. U.S. Patent 2,926,104, 1960.

As a historical fact, Elford apparently discovered asymmetric MF membranes far in
advance of the discovery of skinned RO membranes. See W J. Elford, Roy. Soc. Proc. B,
106 (1930) pp. 216.

C.E. Reid and E.J. Breton, ]. Appl. Polymer Sci., 1 (1959), 133-143.

Aerojet General, Report No. 3066 to the Office of Saline Water, Department of Interior,
Contract No. 14-01-0001-435, 1965.

North Star Research and Develop Institute, Report No. 359 to the Office of Saline Water,
Department of Interior, Contract No. 14-01-0001-1143, 1968.

Shmuel Sternberg, Private Communication.

W.F. Blatt, A. Dravid, A.S. Michaels and L. Nelsen, Solute Polarization and Cake
Formation in Membrane Ultrafiltration: Causes, Consequences, and Control Techniques, in:
J.E. Flynn (Ed.), Membrane Science & Technology. Plenum Press, New York, 1970, p. 47.
G. Jonsson, Boundary layer phenomena during ultrafiltration of dextran and whey
protein solutions. Desalination, 51 (1984) 61-77.

Vincent L. Vilker et al., The osmotic pressure of concentrated protein and lipoprotein
solutions and its significance to ultrafiltration. . Membrane Sci., 20 (1984) 63-77.

D.R. Trettin and M.R. Doshi, Pressure-Independent Ultrafiltration — Is it Gel Limited or
Osmotic Pressure Limited. In: AF. Turbak (Ed.), Synthetic Membranes, Vol. II, ACS
Symposium Series 154. American Chemical Society, Washington, 1981, pp. 373-409.
J.G. Wijmans et al.,, Flux limitation in ultrafiltration: osmotic pressure model and gel
layer model. . Membr. Sci., 20 (1984) 115-124.

C. Tanford, Physical Chemistry of Macromolecules. Wiley, New York, 1961, Chap. 4.

W. Eykamp, Flux Limiting Step in Pressure-Driven Membrane Processes, in: S.L. Sandler
and B.A. Finlayson (Eds.), Chemical Engineering Education in a Changing Environment. Am.
Inst. Chemical Engineers, New York, 1988, pp. 403-415.

All recent values are higher than, but still in general agreement after correcting for
molecular weight, with the classic Scatchard work on BSA. G. Stachard, Physical chem-
istry of protein solutions 1. J. Am. Chem. Soc., 68 (1946) 2315-2319 (1946); G. Stachard et
al,, Preparation and properties of serum and plasma proteins. VI. ibid., 2320-2329; G.
Stachard et al., Preparation and properties of serum and plasma proteins. VII. ibid.,
2610-2612.

H. Nabetani, M. Nakajima, A. Watanabe, S. Nakao and S. Kimura, Effects of osmotic
pressure and adsorption on ultrafiltration of ovalbumin. AICKE ]., 36 (6) (1990) 907-915.
Tanford, op. cit. p. 215

AR. DaCosta, Fluid Flow and Mass Transfer in Spacer-filled Channels. Ph.D. thesis submit-
ted to the Department of Chemical Engineering and Industrial Chemistry, University of
New South Wales, Sydney, Australia, 1993.



1 — MICROFILTRATION AND ULTRAFILTRATION 41

18

19

20

21

22

23

24

25

26

27

28

29

30

31
32

AR. Da Costa, A.G. Fane, C].D. Fell and A.CM. Franken, Optimal channel spacer
design for ultrafiltration. J. Membrane Sci., 62 (3) (1991), 275-291.

U.B. Holeschovsky and C.L. Cooney, Quantitative description of ultrafiltration in a
rotating filtration device. AICKE ., 37 (8) (1991) 1219-1226.

K.J. Summers, Effects of Vibratory Enhanced Shear on Membrane Fouling. M.S. thesis in the
Department of Civil Engineering, Washington State University, in press

A fine review of membrane formation, plus an excellent source of references may be
found in Heiner Strathmann’s chapter in Porter’s Handbook of Industrial Membrane Tech-
nology, op. cit., Chap. 1.

H.P. Hsieh, Inorganic Membranes. American Institute of Chemical Engineers Symposium
Series, 84, No. 261

W.R. Rigby, D.R. Cowieson, N.C. Davies and R.C. Furneaux, An anodizing process for
the production of inorganic microfiltration membranes. Trans. Inst. Metal Finishing, 68
(3) (1990) 95-98.

R.D. Birch, and K.J. Artus, Manufacture of Tubular Membranes from Aromatic Polyetherke-
tone—Aromatic Polyether Sulfone Blends. Eur. Pat. Appl. 417908, 1990.

H. Strathmann, Production of Microporous Media by Phase Inversion Processes, in: D.R.
Lloyd (Ed.), Materials Science of Synthetic Membranes, ACS Symposium Series 269. Amer-
ican Chemical Society, Washington, 1985, pp. 165-195.

R.E. Kesting, Phase Inversion Membranes. Ibid., pp. 131-164.

K. Kamide, and S.-I. Manabe, Role of Microphase Separation Phenomena in the Forma-
tion of Porous Polymeric Membranes. Ibid.. pp. 197-228.

W.C. Hiatt et al., Microporous Membranes via Upper Critical Temperature Phase Sepa-
ration. Ibid., pp. 229-244.

A]J. DiLeo and A.E. Allegrezza, Jr., U.S. Patent 5,017,292, 1991.

AJ. Dileo and A.E. Allegrezza, Jr., Validatable virus removal from protein solutions.
Nature, 351 (May 1991) 420421.

D. Pum, M. Sara and U.B. Sleytr, Structure, surface charge, and self-assembly of the
S-layer lattice from Bacillus coagulans E38-66. ]. Bacteriology, (Oct. 1989) 5296-5303.

U.B. Sleytr et al., Application potentials of two-dimensional protein crystals. Philips
Electron Optics Bull., 126, (ca. 1988) 9-14.

D. Pum et al., Use of two-dimensional protein crystals from bacteria for nonbiological
applications, in press (1989) 7 pp.

U.B. Sleytr and M. Sara, Ultrafiltration membranes and supports for the immobilization
of macromolecules from two-dimensional protein crystals. Paper presented at IMTEC
88, Sydney, (November 1988) 3 pp.

M. Sara and U.B. Sleytr, Production and characteristics of ultrafiltration membranes with
uniform pores from two-dimensional arrays of proteins. J. Membr. Sci., 33 (1987) 27-49.
T.J. Leahy and M.J. Sullivan, Validation of bacterial-retention capabilities of membrane
filters. Pharmaceutical Technol., 2 (11) (1978) 65.

V. Goel, M.A. Accomazzo, A.J. DiLeo, P. Meier, A. Pitt and M. Pluskal, in: W.S. Ho and
K.K. Sirkar (Eds.),Membrane Handbook. Van Nostrand Reinhold, New York, 1992, pp.
506-527.

M.C. Porter, Handbook of Industrial Membrane Technology. Noyes Publications, Park Ridge,
NJ, 1990, pp. 156-160.

R.E. Kesting, op cit. p. 63.

G. Belfort, .M. Pimbley, A. Greiner and K.Y. Chung, Diagnosis of membrane fouling
using a rotating annular filter, 1. J. Membrane Sci., 77 (1993) 1-22.



42

33

35

36

37

38

39

40

41
42

43

45

46
47

48
49

50

51

52

53

1 — MICROFILTRATION AND ULTRAFILTRATION

J.C. Westmoreland, Spirally Wrapped Reverse Osmosis Membrane Cell. USP 3,367,504, 1968.
Bray, D.T., Reverse Osmosis Purification Apparatus. USP 3,417,870, 1968.

G. Belfort and F.W. Altena, Toward an inductive understanding of membrane fouling.
Desalination, 47 (1983) 105-127.

L.J. Zeman, Adsorption effects in rejection of macromolecules by ultrafiltration mem-
branes. J. Membr. Sci., 15 (1983) 213-230.

W. Eykamp and J. Steen, in: R.W. Rousseau (Ed.), Handbook of Separation Process Technol-
ogy. Wiley, New York, 1987.

CJ.D. Fell, D.E. Wiley and A.G. Fane, Optimisation of Module Design for Membrane
Ultrafiltration. World Congress III of Chemical Engineering, Tokyo, 1986.

E. Matthiasson, The role of macromolecular adsorption in fouling of ultrafiltration
membranes, J. Membr. Sci., 16 (1983) 23-36.

H. Reihanian, C.R. Robertson and A.S. Michaels, Mechanisms of polarization and
fouling of ultrafiltration membranes by proteins. J. Membr. Sci., 16 (1983) 237-258.

B. Culkin, Vibratory shear enhanced processing: an answer to membrane fouling? Chem.
Processing (Jan 1991) 42-46.

B. Culkin, Vibratory Shear Enhanced Processing (V*SEP) Applied to Liquid—Solid Sepa-
rations. Abstract for Fourth National Meeting, NAMS, San Diego, 1991.

K.H. Kroner and V. Nissinen, Dynamic filtration of microbial suspensions using an
axially rotating filter. . Membr. Sci., 36 (1988) 85-100.

K. Kataoka, H. Doi, and T. Komai, Heat/mass transfer in Taylor vortex flow with
constant axial flow rates. J. Heat Mass Transfer, 20 (1977) 57-63.

R.M. Sandblom, Filtering Process. U.S. Patent 4,105,547, 1978.

A.G. Fane, Ultrafiltration of suspensions. ]. Membrane Sci., 20 (1984) 249-259.

A.L. Zydney and C.K. Colton, A concentration polarization model for the filtrate flux in
cross-flow microfiltration of particulate suspensions. Chem. Eng. Commun., 47 (1986)
1-21.

T.H. Meltzer, Filtration in the Pharmaceutical Industry. Marcel Dekker, New York, 1987.
T.J. Leahy and M.]. Sullivan, Validation of bacterial-retention capabilities of membrane
filters. Pharmaceutical Technol., 2 (1978) 65.

A. Pittand J. Gabriels, Epithelial cell culture on microporous membranes. Am. Biotechnol.
Lab. (Sept-Oct 1986).

Anon, Sterile Process Gas Technical Brief. Millipore Corp. Bedford, MA, 1991.

P.M. Meier, Aseptic filling using membrane cartridge filtration. Wine East Buyers’ Guide,
1988, pp. 15-17.

Millipore product bulletin PB003, Millipore Corp., Bedford, MA, (May) 1988.

D.L. Tolliver, Contamination control: new dimensions in VLSI manufacturing. Solid
State Technol. (March 1984).

J.R. Monkoedki, Chemistry physics, and defect sources in semiconductor gas processes.
Microcontamination, Feb-Mar 1985.

M.A. Accomazzo and D.C. Grant, Mechanisms and devices for filtration of critical
process gases. Special Technical Publ. 975. ASTM, Philadelphia, 1987.

N. LeGendre, Immobilon-P transfer membrane: applications and utility in protein bio-
chemical analysis. BioTechnigues, 9 (Suppl.) (1990) 788-805.

V.P. Olivieri (deceased), G.A. Willinghan, J.C. Vickers and C. McGahey, Continuous
microfiltration of secondary wastewater effluent. Presented at AWWA Membrane Proc-
esses Conf., Orlando, FL, March 1991.

Denis Haney, Memtec Ltd., private communication, 1991.



1 — MICROFILTRATION AND ULTRAFILTRATION 43

54

55

56

57

58

W. Eykamp and ].T. Selldorff, Ultrafiltration in electrocoating — from an equipment
standpoint. Electrocoat, (April 27, 1971).

W.J. Allshouse and M. Fushijima, Improved product rinsing efficiency with multitubu-
lar ultrafiltration. Electrocoat, 84.

W. Eykamp, Ultrafiltration, in: Membrane Separation Systems: A Research Needs Assess-
ment, U.S. Department of Energy, Office of Energy Research, Report DOE/ER/30133-H1
April, 1990, pp. 7-13-7-17.

P.H. Claussen, Ultrafiltration and Hyperfiltration in the Pulp and Paper Industry for
By-Product Recovery and Energy Savings. Turbak, Vol. Il op. cit. pp. 361-372.

W. Eykamp, Ultrafiltration and Microfiltration. A plenary lecture delivered at the Int.
Congress on Membranes and Membrane Processes, Chicago, 1990.

W. Eykamp, in DOE/ER/30133-HI, op. cit. pp. 7-20-7-24.



Membrane Separations Technology. Principles and Applications
Edited by R.D. Noble and S.A. Stern
© 1995, Elsevier Science B.V. All rights reserved

Chapter 2

Polarization phenomena and
membrane fouling
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2.1 INTRODUCTION

In order to achieve a particular separation via a membrane process, the first
step is to develop a suitable membrane. Membranes may differ significantly in
structure and, consequently, in functionality. Roughly, the membranes can be
classified in two main groups (depicted schematically in Fig. 2.1): porous
membranes and nonporous membranes [1].

Porous membranes can be found in microfiltration and ultrafiltration —
membrane processes that are used to concentrate or purify dilute (aqueous)
solutions. Microfiltration is used to reject particles in the range 0.05-10 pm

polymer

porous membrane nonporous membrane
microfiltration/ gas separation/
ultrafiltration pervaporation

Fig. 2.1. Schematic drawing of a porous and a nonporous membrane.



46 2—POLARIZATION PHENOMENA AND MEMBRANE FOULING

flux

time
Fig. 2.2. Flux behavior as a function of time.

whereas in the case of ultrafiltration the size of the components to be rejected is
in the range 1-50 nm. The transport of solvent is directly proportional to the
applied pressure and models that can be used to describe the convective flow
are the Kozeny-Carman and the Hagen-Poissueille equations. The membrane
resistance is relatively low and, consequently, the pure solvent fluxes are high,
greater than 500 1 m™ h™! bar™! for microfiltration and about 100-500 1 m2 h!
bar™ for ultrafiltration. In the case of nonporous membranes (gas separation and
pervaporation) the resistance of the membrane is much higher and the fluxes are
relatively low (for pervaporation fluxes are normally less than 11 m™2h).

During an actual separation, the membrane performance (or better the sys-
tem performance) may change with time, and often a typical flux-time behavior
may be observed: the flux through the membrane decreases over time as shown
schematically in Fig. 2.2.

The extent to which this phenomenon occurs is strongly dependent on the
kind of separation problem involved. Especially in microfiltration and ultrafil-
tration, the flux decline is very severe with the process flux often being less than
5% of that of the pure-water flux. In contrast, the problem is less severe in gas
separation and pervaporation.

Flux decline can be caused by several factors, such as concentration polariz-
ation, adsorption, gel-layer formation and plugging of the pores. All these
factors induce additional resistances on the feed side to the transport across the
membrane. The extent of these phenomena is strongly dependent on the types
of membrane process and feed solution employed. Figure 2.3 provides a sche-
matic representation of the various resistances that can arise. The flux through
the membrane can be written as:

driving force

flux = ——— - (2.1)
viscosity - total resistance

which in the case of pressure-driven processes such as microfiltration, ultrafil-
tration and hyperfiltration, becomes
AP
] —_

= 2.2
N Reot @2)
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Rp : pore-blocking
a : adsorption
m & membrane
Rg : gel layer formation
R cp :concentration polarization

Fig. 2.3. Overview of various types of resistance towards mass transport across a membrane.

The various resistances depicted in Fig. 2.3 contribute to a different extent to the
total resistance, Ry In the ideal case, only the membrane resistance Ry, is
involved. Because the membrane has the ability to transport one component
more readily than other components, or in some cases completely retain the
solutes, there will be an accumulation of retained molecules near the membrane
surface. This results in a highly concentrated layer near the membrane and this
layer exerts a resistance towards mass transfer, i.e., the concentration polariza-
tion resistance, Rep. Polarization phenomena always occur and are inherent to
membrane separation processes. The concentration of the accumulated solute
molecules may become so high that a gel-layer can be formed, which exerts the
gel-layer resistance, Rg. This mainly happens when the solution contains pro-
teins. With porous membranes it is possible for some solutes to penetrate into
the membrane and block the pores, leading to the pore-blocking resistance, Rp.
Finally, a resistance can arise due to adsorption phenomena, i.e., the adsorption
resistance, R,. Adsorption can take place upon the membrane surface as well as
within the pores themselves. The adsorption process starts as soon as the
membrane is in contact with the feed solution. In this respect adsorption is
considered to be an equilibrium process. However, if pressure is applied at the
feed side an additional deposition of (macromolecular) solutes may occur
induced by the convective flow. In the first part of this chapter we will describe
the influence of adsorption of solutes at the membrane surface due to interac-
tion phenomena on the pure-water flux to clearly illustrate the extra resistance,
which has already been exerted by this adsorbed layer. In discussing fouling, a
classification must be made between porous membranes (see above) and non-
porous membranes. Since the latter contain no pores (in this case it is better to
speak of free volume) the blocking mechanism is absent. In addition, the type
of feed stream (organic solvent and gas mixtures) means that gel-layer forma-
tion and adsorption is negligible. This means that in gas separation and perva-
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poration the gel-layer resistance (Ry), the adsorption resistance (R.a) and the
pore-blocking resistance (R) do not have any effect and only the membrane
resistance (Rm) and concentration polarization (R.p) have to be taken into
account.

Flux decline has a negative influence on the economics of a given membrane
operation and, for this reason, measures must be taken to reduce its incidence.
Some general methods for tackling this problem will become apparent when
the orir-~iples of flux decline are discussed. However, it is first necessary to
dis:.: . . :sh between concentration polarization and fouling, although both are
not comrzletely independent of each other since fouling can result from polar-
izatior. pahenomena. However, concentration polarization is a reversible phe-
nomer:or. that occurs immediately when a process has been started and will
reach ar. equilibrium value, whereas fouling is often an irreversible process that
occurs - ‘he long-term. It should be noted that another phenomenon, similar
to cor ~=r -ration polarization, arises from heat transfer occurring in membrane
distil’z zcn and thermo-osmosis. A temperature difference across the mem-
brane oeing the driving force in these processes induces a heat flux through the
merm5rane, which results in temperature polarization [2,3]. These phenomena
will rot be discussed in this chapter.

2.2 ADSORPTION

Adsorption already occurs before pressure has been applied and the mem-
brane process has been started. As soon as the top surface of the membrane is
in contact with the (macromolecular) solution, solute molecules will adsorb at
the membrane surface due to physico-chemical interactions, e.g., hydrophobic
interactions (dispersion forces), polar interactions (dipole-dipole and dipole-
induced dipole forces) and charge transfer (hydrogen bonding). The nature of
the membrane material, the type of solute, the solute concentration and, in the
case of proteins, the ionic strength and pH are parameters that determine the
extent of adsorption. Proteins especially tend to bind very severely to hydro-
phobic materials (polyethylene, polypropylene, polytetrafluoroethylene),
which indicates that mainly hydrophobic forces are responsible. Since hydro-
philic materials (cellulose esters, aliphatic polyamides) are less sensitive to
adsorption, there is a clear trend to develop hydrophilic MF and UF membranes
rather than hydrophobic ones. In addition, the chemical modification of the
surface is a versatile tool to reduce fouling [5].

Many research activities have focused on adsorption, the adsorption mech-
anism, the reversibility of the process, and the influence of types of adsorbent
and surface material [4-13]. The influence of the adsorbed layer on the pure-
water flux can be demonstrated by some simple experiments [14,15]. After the
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0.4
1 - RF

—gp  Concentration BSA (g/I)

Fig. 2.4. Relative flux reduction (1 ~ RF) of pure water in post-treated PEI membranes as a function
of the BSA concentration. Contact time: 16 h [14].

pure-water flux has been measured, the ultrafiltration membrane is immersed
in a macromolecular solution (for instance a 0.5-10% solution of bovine serum
albumin (BSA) in water) for a certain period of time. The membrane is then
rinsed thoroughly with water and the pure-water flux is measured again. The
relative permeate flux (RF) is defined as RF = J1/ ], with Jp being the pure-water
flux before BSA adsorption and J; the water flux after BSA adsorption. The
relative flux reduction (RRF) is expressed as RRF = 1 ~ RF. Figure 2.4 gives the
relative flux reduction of a polyetherimide (PEI) microfiltration membrane as a
function of the BSA concentration (contact time in solution 16 h) [14]. From Fig.
2.4 it can be seen that after an initial sharp increase in flux reduction, a kind of
plateau value is reached which for these specific membranes already amounts
to a flux reduction of almost 40% for pure water. These adsorbed BSA molecules
are not removed by thoroughly washing with water, which implies that to clean
the membranes more severe means are required. In addition, these simple
experiments clearly indicate the effect of adsorption on flux decline.

2.3 CONCENTRATION POLARIZATION

Membrane processes are used to accomplish a separation, which implies that
the concentration of the solute in the permeate (cp) is lower than the concentra-
tion in the bulk (cy), which is in fact the basic concept of membrane separation.
This is shown in Fig. 2.5.

The retained solutes can accumulate at the membrane surface where their
concentration will gradually increase. Such a concentration build-up will gener-
ate a diffusive flow back to the bulk of the feed, but after a given period of time
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concentration membrane
1 G

Fig. 2.5. Membrane separation: the basic concept.

bulk feed membrane

x ] 0

Fig. 2.6. Concentration polarization: concentration profile under steady-state conditions.

steady-state conditions will be established. The solute flow to the membrane
surface due to convection flow will be balanced by the solute flux through the
membrane plus the diffusive flow from the membrane surface to the bulk (it
should be remembered that only concentration polarization phenomena are
considered here with fouling being excluded). A concentration profile has now
been established in the boundary layer (see Fig. 2.6). Steady-state conditions are
reached when the convective transport of solute to the membrane is equal to the
sum of the permeate flow plus the diffusive back-transport of the solute, i.e.,

d
].C"'Dd_;:ICp (2.3)

The boundary conditions are:
x=0->c=cCn
x=8-c=¢
so that integration of Eq. (2.3) results in the well-known ‘film-model’ relation-
ship.
In==% I8 (24)
Cp — Cp D

or
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m=C__ (I8
C—Cp =exp [DJ (25)

The ratio of the diffusion coefficient D and the thickness of the boundary layer
3 is called the mass-transfer coefficientk, i.e.

k=3 (2.6)

If we introduce the equation for the intrinsic retention:
‘p
Rp=1-— (2.7)
Cm

then Eq. (2.5) becomes

exp (%)
fm _ - 2.8)
Rint + (1 = Riy) €xp (—E)

b

The ratio cm/cp is called the concentration polarization modulus. This ratio
increases (i.e., the concentration cp, at the membrane surface increases) with
increasing flux J, with increasing retention Rin;and with decreasing mass-trans-
fer coefficient k.

When the solute is completely retained by the membrane (Rt = 1.0 and ¢p =
0), Eq. (2.5) becomes

Im _ exp [ﬂ (2.9)

Cp

This is the basic equation for concentration polarization, which illustrates in a
simple form the two factors (the flux | and the mass-transfer coefficient k) and
their origins (membrane part — ], hydrodynamics — k) responsible for concen-
tration polarization. The mass-transfer coefficient depends strongly on the
hydrodynamics of the system and can, therefore, be varied and optimized. The
mass-transfer coefficient k is related to the Sherwood number (Sh), often repre-
sented as

Sh= % =a Re 5¢° (2.10)
where Re is the Reynolds number (Re = p v di/n), Sc the Schmidt number (Sc =
v/D), v the kinematic viscosity, p the density, dy, the hydraulic diameter, 1} the
dynamic viscosity, v the flow velocity, D the diffusion coefficient, and 4, b and
c are adjustable parameters.
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It can be seen that the mass-transfer coefficient k is mainly a function of the
feed flow velocity (v), the diffusion coefficient of the solute (D), the viscosity,
the density and the module shape and dimensions. These properties (diffusiv-
ity D, viscosity n and density p) hardly change in tangential direction. How-
ever, in normal direction, i.e., perpendicular on the feed stream, these proper-
ties may not be assumed to be constant due to concentration polarization.
Because of the often high concentration gradients at the membrane wall the
physical properties change so much that empirical mass-transfer correlations,
in which these effects are not taken into account, are not able to describe mass
transfer accurately. It should be realized that the classical mass-transfer rela-
tions have been developed for nonporous systems and not for membrane
systems. In general the values in membrane processes are lower than predicted
by the semiempirical relations. However, when particles are present in the feed
stream the mass transfer is increased due to the tubular pinch effect, the
particles are migrated from the membrane surface as a result of nonuniform
shear forces near the membrane surface [41]. Many attempts have been made
to correct the existing correlations and the large number of different equations
makes it impossible to predict the mass-transfer coefficient accurately. An
extended survey on mass-transfer correlations for turbulent flow has been
given by Gekas et al. [16]. The semiempirical relationships frequently used are
the Graetz-Leveque equation for laminar flow and the Deissler equation for
turbulent flow.

Laminar flow conditions:

tube: Sh = 1.62 (Re - Sc - dp/L)*® (2.11)

channel: Sh = 1.86 (Re - Sc - dn/L)*3 (2.12)
Turbulent flow conditions:

Sh = 0.023 Re®875 §0% (2.13)

How can the extent of concentration polarization be reduced? This can be
achieved both in terms of manipulating the flux ] and the mass-transfer coeffi-
cient k; k is mainly determined by the diffusion coefficient and the flow velocity.
Because the diffusivity of the solute(s) cannot be increased (only by changing
the temperature), k can only be increased by increasing the feed velocity along
the membrane and by changing the module shape and dimensions (decreasing
the module length, changing the module design or increasing the hydraulic
diameter). For a given module, the (cross-) flow velocity is a very important
variable. However, there are other methods available for improving mass
transfer besides increasing the flow velocity, for example, using turbulence
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promoters, breaking the boundary layer (using corrugated membranes) or
using a pulsating flow. An increase in the feed temperature will also generally
reduce concentration polarization because of the increase in the mass-transfer
coefficient (the diffusion coefficient of the retained solute will increase while the
viscosity of the feed will decrease). However, an increase in feed temperature
also causes an increase in the flux, which opposes the effect of the improved
mass transfer. Table 2.1 summarizes the causes and consequences of concentra-
tion polarization in various membrane processes.

TABLE 2.1

Consequences of concentration polarization

Membrane operation Influence Origin
Hyperfiltration moderate ' klarge
Ultrafiltration strong k small/] large
Microfiltration strong k small/] large
Gas separation (very) low klarge/] small
Pervaporation low klarge/] small
Electrodialysis strong -

Dialysis low J small

The effect of concentration polarization is very severe in microfiltration and
ultrafiltration both because the fluxes (]) are high and the mass-transfer coeffi-
cients k (= D/8) are low as a result of the low diffusion coefficients of macro-
molecular solutes and of small particles, colloids and emulsions. Thus, the
diffusion coefficients of macromolecules are of the order of 107%to 107! m? s
or less. The effect is less severe in reverse osmosis both because the flux is lower
and the mass-transfer coefficient is higher. The diffusion coefficients of low-
molecular weight solutes are roughly of the order of 10 m? s™. In gas separ-
ation and pervaporation, the effect of concentration polarization is low or can
be neglected. The flux is low and the mass-transfer coefficient high in gas
separation (the diffusion coefficients of gas molecules are of the order of 10 to
1075 m? s7Y). The flux is also low in pervaporation, but the mass-transfer coeffi-
cient is smaller compared with gas separation and, hence, concentration polar-
ization may become somewhat more serious. However, examples show that
concentration polarization may become rate determining in pervaporation.
When the concentration of the component in the feed, which permeates selec-
tively, is very low and the selectivity is very high as in the removal of volatile
organic components such as trichloroethylene from water, the effect can be-
come especially severe. This specific application will be discussed later. Also,
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in electrodialysis the effect of concentration polarization may become very
severe and may limit the current density that can be applied. Also in this
process, concentration polarization is the result of mass transfer but because
this process is so specific these phenomena will not be discussed in this chapter
(see for instance Ref. [1]).

Concentration polarization is generally not severe in dialysis because of the
low fluxes involved (lower than in reverse osmosis) and also because the
mass-transfer coefficient of the low-molecular solutes encountered is of the
same order of magnitude as in hyperfiltration.

2.4 MODEL DESCRIPTION OF CONCENTRATION POLARIZATION

Generally, the pure-water flux through a membrane is directly proportional
to the applied hydrostatic pressure according to
AP
J ~ (2.14)
where Rp, is the hydrodynamic resistance of the membrane (Note that the
hydrodynamic permeability L, (= 1/7 - Ry) is often referred to as well).

The hydrodynamic resistance Ry, is a membrane constant and does not
depend on the feed composition or on the applied pressure. However, when
solutes are added to the water the behavior observed is completely different,
especially in microfiltration and ultrafiltration. When the pressure is increased
the flux increases, but after a certain (minimum) pressure has been attained the
flux does not increase further on increasing the pressure. This maximum flux is
called the limiting flux, J... Figure 2.7 shows that on increasing the feed concen-
tration, but keeping the mass-transfer coefficient and the concentration at the
membrane constant, the value of the limiting flux, J., decreases. On the other
hand, J.. increases when the mass-transfer coefficient k is increased at constant
feed concentrations. When | in Eq. 2.9 is replaced by J.., it can be seen that the
limiting flux depends on the concentration in the bulk of the feed, ¢, and on the
mass-transfer coefficient k.

i

Fig. 2.7. The flux as a function of the applied pressure for different bulk concentrations c» and
different mass-transfer coefficients k.

AP
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J..l

In (cb)

Fig. 2.8. Limiting flux (J..) plotted as a function of the logarithm of the bulk concentration.

C,
],,:kln(f‘-]:klncm-klncb (2.15)
b

If the results depicted in Fig. 2.7 are plotted as ], versus In (cp), a straight line is
obtained. This is shown in Fig. 2.8.

The behavior of the limiting flux depicted is typical for ultrafiltration and, to
a lesser extent, for microfiltration. Whereas the flux increases with increasing
pressure in reverse osmosis, the flux is invariant with pressure after an initial
increase in ultrafiltration. In discussing these phenomena, it must be realized
that the formal description of concentration polarization is the same for both
ultrafiltration and reverse osmosis. However, the properties of concentrated
macromolecular solutions, which appear in the boundary layer during ultrafil-
tration, are much more complex and less easy to describe than those of the
concentrated solutions of simple salts encountered in reverse osmosis.

2.5 RESISTANCE MODELS

The flux in ultrafiltration can also be described by a resistances-in-series
model, in which a resistance of a cake or of the boundary layer is in series with
the membrane resistance. The flux can be described by

AP
n (Rm + Rbl)

In the filtration model the solute is considered to form a ‘cake’ or a deposition
of particles at the membrane wall of constant concentration (see Fig. 2.9). This
cake-filtration model is frequently used to determine a fouling index. The total
boundary layer resistance (Ry) is equal to r. (the specific resistance of the cake)
multiplied by I (the cake thickness).

Rpyi=1I.7. (2.17)
The specific cake resistance is often expressed by the Kozeny-Carman relationship

Jv (2.16)
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bulk feed  cake layer: membrane

Fig. 2.9. Schematic representation of the cake-filtration model.
+ =180 128
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where d; is the ‘diameter’ of the solute particle and € the porosity of the cake
layer. The thickness I of the cake is equal to

(2.18)

P
©7 Ips (1 -€) A]

where m; is the mass of the cake, p; the density of the solute and A the membrane
area. The effective thickness of the cake layer is in the order of several microme-
ters, which indicates that many monolayers (= 100 — 1000) of macromolecules
are involved [20]. The thickness of the layer depends on the type of solute and
especially on operating conditions and time. The growing layer of accumulates
results in a continuous flux decline. The thickness of the cake layer can be
obtained from a mass balance

(2.19)

RV=cyl.A (2.20)
Combination of Egs. (2.16), (2.17) and (2.20) results in

1_1 [nwRm\V

=T + [ APe. J A (2.21)

where [, is the pure-water flux. From unstirred dead-end filtration experiments
it was shown that the reciprocal flux is indeed linearly related to the permeate
volume V for various concentrations (cp) and applied pressures (AP) as depicted
schematically in Fig. 2.10.

The solution of Eq. (2.21) with ] = dV/Adt results in Eq. (2.22), which is the
typical relationship for unstirred, dead-end filtration, showing that V = t%°.
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Fig. 2.10. Reciprocal flux as a function of the permeate volume for different concentrations (left)
and applied pressures (right).
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b= ———— 2.22
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Rewriting Eq. (2.22) in terms of the flux J, with ] = dV/Adt results in Eq. (2.23),
which predicts that the flux declines as £%°. This typical flux behavior is
represented in Fig. 2.11.

0.5

_[_APcm -05

The filtration model concept has been used for cross-flow and stirred and
unstirred dead-end filtration of various solutes [17-20].

The boundary layer resistance model is another resistance model (see Fig. 2.12).
The boundary layer can be considered as a concentrated solution through

t

Fig. 2.11. Flux versus time according to Eq. (2.23).
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bulk feed  boundary membrane
, layer

Fig. 2.12. Schematic representation of the boundary layer resistance model.

which solvent molecules permeate, with the permeability of this stagnant layer
depending very much on the concentration and the molecular weight of the
solute. The resistance exerted by this layer is far greater for macromolecular
solutes (ultrafiltration) relative to low-molecular weight solutes (reverse os-
mosis). When the permeability of a solvent molecule in the boundary layer can
be determined, the boundary layer resistance is also known. Since a correlation
exists between the permeation of a solvent through a (stagnant) polymer solu-
tion and the sedimentation of polymer molecules (or molecules as small as
sucrose) through a solvent, the permeability can be determined. This is shown
schematically in Fig. 2.13. The permeability p is related to the sedimentation
coefficient s via [21]

ns

P

sedimentation of the permeation of the solven
solute

Fig. 2.13. Correlation between the sedimentation of a solute and the permeation of a solvent
through a stagnant layer of solute molecules.
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where vg and v, are the partial molar volume of the solvent and solute, respec-
tively, and c is the solute concentration. The sedimentation coefficient s can be
determined by ultracentrifugation. The specific resistance r; is equal to the
reciprocal permeability p~.

The sedimentation coefficient is usually concentration dependent, which is
expressed as

=

@0 =

A+kic+k A (2.25)

wn

[+

Assuming that the solute is completely retained by the membrane, the
concentration of the solute in the boundary layer may be written as:

c(x) = cp exp (%J (2.26)
combination of Egs. (2.24), (2.25) and (2.26) gives

v
1-2|D
Ug

k k
Ry = — [(cm —cp) + —21 (ch-cd)+ 32 (ch- C%)} (2.27)

In deriving this equation it is assumed that the diffusion coefficient D is
constant.

The resistance of the boundary layer Ry can be calculated if AP, J, Ry, cb, k, s
and D are known. It is difficult to determine the exact value of the mass-transfer
coefficient and an error in k has a large effect on the calculated Ry, since cy, is
related to k via an exponential function.

2.6 GEL POLARIZATION MODEL

The gel polarization model is very similar to the film model. The solute
concentration at the membrane surface may attain a very high value and a
maximum concentration, the gel concentration (cg) may be reached for a num-
ber of macromolecular solutes. The gel concentration depends on the size,
shape, chemical structure and degree of solvation but is independent of the bulk
concentration. The two phenomena, concentration polarization and gel forma-
tion are shown in Fig. 2.14.

The gel polarization model [22-24] is capable of describing the occurrence of
limiting flux by assuming that ¢y — ¢g. The limiting flux can now be described

by
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Fig. 2.14. Concentration polarization and gel-layer formation.

YV S
S = R+ Ry kln (Cb} (2.25)

If J.. is plotted as a function of In (cp) the result must be a straight line of slope
~k and the intercept on the abscissa (/.. = 0) will give the value of In (cg) (see Fig.
2.15). Although this model may be considered to be a significant contribution
to the theory of concentration polarization and limiting flux behavior in ultrafil-
tration, some drawbacks should be mentioned. In the literature, data have
indicated that the gel concentration cg is not a constant but depends on the bulk
concentration and the cross-flow velocity [25]. In addition, different authors
have reported widely varying values for cg for a given solute [26]. Furthermore,
k is assumed to be constant whereas the diffusivity of the macromolecular
solute is often concentration-dependent. Finally, although proteins form a gel
readily, there are also many other macromolecular solutes, such as dextranes,
that do not gel so easily even at very high concentrations. Despite these physical
limitations it can still be considered as a very convenient and simple model.

In (cb)

Fig. 2.15. Limiting flux (J..) plotted as a function of the logarithm of the concentration of the bulk
feed.
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2.7 OSMOTIC PRESSURE MODEL

Macromolecules are retained by the membrane in ultrafiltration whereas
low-molecular-weight components permeate through freely. Because the main
contribution to the osmotic pressure of a solution often arises from the low-
molecular-weight solutes (the concentration of these being the same in the feed
and permeate), the osmotic pressure of the retained macromolecules has been
neglected in many cases.

However, for high flux values, high rejection levels and low mass-transfer
coefficient values, the concentration of macromolecular solutes at the mem-
brane surface can become quite high and hence, the osmotic pressure cannot be
neglected. This has been commented upon by several investigators [27-33]. The
dependence of the osmotic pressure of a macromolecular solution on the con-
centration is generally exponential rather than linear and can be described by

n=a-c" (2.29)

where a is a constant and 7 is an exponential factor with a value greater than 1.
Indeed, for semidilute or concentrated polymer solutions n will have a value of
2 or greater. For a number of macromolecular solutions the osmotic pressures
are given for a solute concentration of 400 g/1 (Table 2.2).

TABLE 2
Osmotic pressure of some macromolecular solutions at concentrations of 400 g/1

Solute r (kPa) Ref.
Dextran T 10 1300 26
Dextran T 70 710 23
BSA (pH: 5.4) 134 25
Whey proteins 650 26

If the osmotic pressure at the membrane surface is taken into account, the flux
equation is then given by:

,_AP—An

2.30
— (2.30)

Here, An is the osmotic pressure difference across the membrane. The value of
Ar is determined by the concentration at the membrane surface ¢, Applying
this osmotic pressure effect to the concentration at the membrane interface (cm),
and combining Eqgs. (2.30) and (2.9), it is possible to calculate the flux assuming
that the solutes are retained completely [27]:
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AP -acjexp ("TI}
= AY 7 2.31
J— (231)

The derivative 9] /dAP shows how the flux changes with increasing pressure

a 1
aTAIP = [n Rn+ach % exp (nTI)I (2.32)

Combining Egs. (2.30) and (2.31) and substituting the result into Eq. (2.32) leads to

a _ n !
—aXI-)- = [’ﬂ Rnp+ X Aﬂ) (233)
or
g 1 Ann
3AP " n R, (1 TR kJ (2:34)

From Eq. (2.34) it can be seen that two extremes may be distinguished:
9]/0AP 5> (M Ry)?!  forAn—0

d]/dAP -0 for An is very high

These extremes have already been depicted in Fig. 2.7 as the pure-water flux
and the limiting flux. The osmotic pressure model and the gel polarization
model show the same flux—pressure relationship: as the pressure increases the
flux approaches an asymptotic value. The concentration dependency also
shows the same trend. In the gel polarization model, a plot of | versus In(cp)
gives a straight line with a slope equal to —k. A similar | versus In(c) relation-
ship can be obtained from the osmotic pressure model. The derivative 9]/ dIn(cy,)
shows how the flux changes with the bulk concentration ¢,. From Eq. (2.31) the
following relationship can be derived:

o RnknY!
a]n(cb)--k[1+ - ] (2.35)

which shows that 9]/ dIn(c,) = —k for (A - 1) /(M - Ry - k) >> 1. Hence, the osmotic
pressure model predicts a slope equal to —k similar to that obtained from the gel
polarization model.
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In (cb)

Fig. 2.16. A plot of the flux J. as a function of the concentration in the bulk, o, [33).

Figure 2.16 depicts a plot of the flux J.. as a function of the bulk concentration
[33]. When J.. = 0, then AP = Arn.

As has been pointed out by Wijmans, the boundary layer resistance model is
equivalent to the osmotic pressure model [22]:

AP _AP-Ax
NRn+Rp) MNRn

Jv (2.36)

although independent measurements are essential for both models. However,
for practical purposes, the osmotic pressure model is much easier to use.

2.8 CONCENTRATION POLARIZATION IN PERVAPORATION

From Table 2.1 it was argued that the effect of concentration polarization in
pervaporation is small because the flux is relatively low and the mass-transfer
coefficient is relatively high for the low-molecular-weight organic solvent mix-
tures. In general, this is indeed the case but special cases may exist where this
does not count. One of these specific applications where the effect of concentra-
tion polarization may be very severe, the removal of trace organics from water
[34-37], will be described here in more detail. In this case the concentration of
the volatile organic component in water is very low (= 10-100 ppm) and the
selectivity of the membrane is very high. As the diffusive transport through the
membrane proceeds faster than the convective flow towards the membrane, the
concentration of an organic component in the boundary layer will decrease.
Steady-state conditions are reached when the convective and diffusive flow to
the membrane are equal to the permeate flow. Figure 2.17 gives a schematic
representation of the concentration profile of the preferentially permeating
component.

The organic component flux can be represented by a resistance model in



64 2 — POLARIZATION PHENOMENA AND MEMBRANE FOULING

bulk feed membrane

%

organic solute

x 8 0

Fig. 2.17. Concentration profile for the preferentially permeating component under steady-state
conditions.

which both the boundary layer resistance and the membrane resistance are in
series. The component flux can be described in terms of the mass-tranfer
coefficient and taking the boundary layer resistance into account the compo-
nent flux is equal to

Ji= kov Ad (237)

where k., is the overall mass-transfer coefficient and Ag; the difference in
activity of component i between feed and permeate. When the downstream
pressure is very low the permeate activity approaches zero and using volume
fractions instead of activities Eq. (2.38) becomes [37]

Ji=kov OF (2.38)

The overall mass-transfer coefficient (koy) can thus be determined from the bulk
feed concentration (¢P) and the steady-state permeate flux of component i. The
reciprocal value of the overall mass-transfer coefficient is equal to the sum of
the boundary layer resistance (1/k.) and the membrane resistance (1/ky, =1/P)

1
= = tp (2.39)

1 1,11
D
The boundary layer resistance for a given solution is mainly determined by the
flow conditions and module design. With increasing flow velocity (increasing
Reynolds number) the boundary layer resistance decreases and the membrane
resistance becomes more dominant. The membrane resistance is directly pro-
portional to the effective membrane thickness and inversely proportional to the
component permeability. From Eq. (2.39) it can be seen that when the reciprocal
of the overall mass-transfer coefficient is plotted as a function of the membrane
thickness, a straight line should be obtained with the intercept being equal to

the boundary layer resistance (1/k.) and the slope equal to the reciprocal of the
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Fig. 2.18. Reciprocal of overall mass-transfer coefficient as a function of the membrane thickness for
PDMS (left) and EPDM (right) [37].

permability coefficient (I/P). Figure 2.18 gives the reciprocal of the overall
mass-transfer coefficient (k.y) as a function of the membrane thickness with
polydimethylsiloxane (PDMS) and ethylene propylene rubber (EPDM) as
membrane materials and toluene and trichloroethylene as organic solutes in
water at a concentration of 250 ppm (250 pg g™"). The results clearly indicate the
effect of the boundary layer resistance. Especially in the case of PDMS the
membrane resistance can be neglected and the organic component flux is
predominantly determined by the boundary-layer resistance. In the case of
EPDM the membrane resistance becomes more important although here, the
boundary layer resistance also contributes to a large extent to the total resis-
tance. These results show very nicely that it is useless to reduce the elastomeric
top-layer thickness. In order to improve the separation performance the emphasis
must be focused on improving mass transfer in the liquid boundary layer (hydro-
dynamics and module design).

2.9 MEMBRANE FOULING

Fouling may be defined as the irreversible deposition of retained particles,
colloids, macromolecules, salts, etc., at the membrane surface or inside the
membrane at the pore wall, which causes a continuous flux decline (see Fig.
2.18). There is extensive literature on fouling [38-42]. Fouling occurs mainly in
microfiltration/ultrafiltration where porous membranes are used, which are
inherently susceptible to fouling. In the case of microfiltration the flux decline
can reach values of more than 90% of the pure-water flux. The fouling beha-
viour in microfiltration is much more complex compared with ultrafiltration. In
crossflow microfiltration a number of flux models are available to describe the
flux decline. A good overview is given by Davis [42] in which a summary of all
existing models is given. These models will not be described in this chapter and
the reader is referred to Ref. [42].
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1 S concenugtion

Fig. 2.19. Flux as a function of time. Concentration polarization and fouling can be distinguished.

In pervaporation and gas separation with dense membranes, fouling is
virtually absent although concentration polarization occurs, as has been dis-
cussed in the previous section. The type of separation problem and the type of
membrane used determine the extent of fouling. For this reason fouling phen-
omena will be described in relation to hyperfiltration, ultrafiltration and micro-
filtration. Roughly three types of foulant can be distinguished:

- organic precipitates (macromolecules, biological substances, etc.)

- inorganic precipitates (metal hydroxides, calcium salts, etc.)

- particulates

The phenomenon of fouling is very specific for a given application and is
difficult to describe theoretically. Even for a certain solution, fouling will
depend on the physical and chemical parameters such as concentration, tem-
perature, pH, ionic strength or choice of membrane material. Since concentra-
tion polarization and fouling are inherently part of the microfiltration and
ultrafiltration processes, it makes no sense to develop absolutely non-fouling
membranes. However, it is possible to reduce fouling as much as possible and
the methods necessary to achieve this will be discussed here. Fouling is very
specific to a certain application and because of its complex nature it is hardly
possible to describe a general theory. The most simple models that give a
reasonable description are typically semiempirical. A very simple relationship,
which has been widely used is,

J=J,t" n<0 (2.40)

where | is the actual flux while ], is the initial flux and the exponent 7 is a
function of the cross-flow velocity (see also Eq. (2.23)). There are a number of
other (semi) empirical and more fundamental models that describe flux decline
more or less satisfactorily and the reader is referred to the literature [44-50]. The
disadvantage of these models is that they cannot be applied in general because
of the complex nature of fouling. Therefore, methods to reduce fouling should
be considered from case to case. However, reliable values of flux decline are
necessary for process design. These values can be obtained from pilot-plant
studies. Nevertheless, there is also a need for simple experiments. A measure
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Fig. 20. Schematic drawing of a membrane fouling test apparatus.

of the fouling tendency can be obtained by performing “fouling tests”, which
can be carried out in an apparatus similar to that given in Fig. 2.20. These
fouling tests are based on cake filtration. With the use of such an apparatus, the
flux decline through a microfiltration membrane (pore sizes in the range from
0.1-1 pm) can be measured as a function of time under constant pressure, i.e.,
the cumulative permeate volume will be measured as a function of time. All
types of solution can be used for this test, e.g., tap water, seawater and also
solutions of suspensions or emulsions. Many parameters have been advanced
to describe the fouling rate by suspended or colloidal dissolved particles:

— the silting index (S or SI)

- the plugging index (PI)

- the fouling index (FI) or the silt density index (SDI)

- the modified fouling index or the membrane filtration index (MFI).
These parameters are often used in relation to reverse-osmosis application to
obtain a measure for the fouling potential, but in principle they might also be
used in microfiltration and ultrafiltration applications to obtain a qualitative
indication of the same. A disadvantage of these fouling tests is that they are
based on dead-end filtration, whereas commercial applications are applied in a
cross-flow mode. This implies that the flow conditions in the module are not
taken into account whereas this is a crucial parameter to optimize the process.
However, the experimental determination of these parameters is very simple
and, therefore, they are frequently used. The silt density index (SDI) is deter-
mined with a microfiltration membrane with a diameter of 47 mm and a pore
size of 0.45 pm. The feed is pressurized to 210 kPa (2.1 bar) and then the time is
measured to collect 500 ml of permeate (At;). Then, 15 minutes after the start of
the experiment again the time is measured (At,) to collect 500 ml permeate. The
SDI value is calculated according to [51]

1 - Aty /At
___( 1/, 2)100

SDI 5

(2.41)
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The SDI value is the most commonly used parameter to determine the quality
of the feed water in reverse osmosis applications. Because in many cases
hollow-fiber membranes with a very small diameter are used, the SDI value
should be low. Dupont (Permasep) and Toyobo (Hollosep) indicate maximum
values of 3 and 4, respectively. For the spiral-wound modules (Filmtech
(DOW), Hydranautics/Toray) SDI values of 5 or less are given. The plugging
index (PI) is rather similar to the SDI index, only the measurement time (Atp) is
variable. The plugging index is defined as follows [52]:

At AV,

PI=1-
At, AV,

(2.42)

The SDI index is used very frequently but as can be seen from the definition,
these indices are not based on any fouling mechanism. The silting index (SI) is
based on cake or gel filtration [53,54]. The silting index (S) is defined as
A
S=R.3; (2.43)
In this measurement the time (f) is measured to collect a certain volume: V (t;),
V3 (t2) and V3 (t3), respectively. The Silting index (S) is defined as

ty—2t,] ARm V
S=|:3 2] m V1 (2.44)

b (V2)?
The volumes V; and V) are chosen in such a way that the second term is unity
and, therefore, Eq. (2.44) reduces to

S=t3"2t2
£

(2.45)

Another fouling index is the membrane filtration index (MFI) [55]. The mem-
brane filtration index (MFI) is based on cake filtration (“blocking filtration”) as
it occurs in colloidal fouling (see also Section 2.5). The flux through the mem-
brane can now be described as the flux through two resistances in series, i.e.,
the cake resistance (R.) and the membrane resistance (Rp,)

_1dVv___ AP
TAdt nRut+R)

] (2.46)

The resistance of the cake (R.) is assumed to be independent of the applied
pressure. When the thickness of the cake is I, the resistance of the cake is given

by
R.=71.-1. (2.47)
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where r,, the specific resistance, is assumed to be a constant over the thickness
of the cake. For 100% rejection, R, can be obtained from a mass balance since

recp V

=T A (2.48)
Now the flux may be written as
1dV AP
I=24r= (2.49)

rchV
ﬂ[Rm*‘ A ]

and from Eq. (2.49) it is possible to show

t NMRm MNreoy
== + 14 2.50
V AAP 2A2%2c AP (2.50)

A plot of t/V as a function of V should give a straight line after an initial
section. The slope of this line is defined as the MFI (see Fig. 2.21). Hence

r.C
MEFI = N7 Ch

= 2.51
2 A%c AP (251)

Although the MFl is based on cake filtration, the other models give a relation-
ship J = ¥%%and V = %5 as well. This applies for:

— the gel polarization model [56];

— the osmotic pressure model [25];

- the boundary layer resistance model [57]; and

~ the filtration model [58,59].
The use of MFI values can have some advantages:

- by comparing various solutions, different fouling behavior can be observed;

- amaximum allowable MFI value can be given for a specific plant;

— flux decline can be predicted to some extent.

t/V

tg o= MFI

\f!

Fig. 2.21. Experimental results obtained with the apparatus depicted in Fig. 2.20.
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However, there are also some drawbacks since the MFI values are only
qualitative and should not be overstressed. Furthermore, MFI experiments are
dead-end experiments whereas membrane filtration is, in practice, carried out
in a cross-flow mode. Also, it is assumed that the cake resistance is independent
of the pressure, which is not the case in general. Finally, the MFI method is
based on cake filtration whereas other factors contribute to fouling as well.
Nevertheless, the method is useful as a first estimate of the fouling character of
the feed solution.

2.10 FOULING MODELS

The various fouling parameters such as SDI or FI, described in the previous
sections, are typically used in reverse osmosis, rather than in microfiltration.
But microfiltration is, in fact, the membrane process where fouling phenomena
completely determine the efficiency of the separation. Microfiltration has been
considered for a long time as an extension of ultrafiltration and the models
applied for UF were used for microfiltration. However, flux decline in MF is
much more severe and the mechanism is different as well. Therefore other
models are needed to describe observed phenomena and a brief summary will
be given here. A number of review articles can be found in the literature in
which these models are described comprehensively [42,60,61]. The first model
[24], given here, is based on the film model (Eq. (2.9)), in which the Lévéque
expression is used for the “length-averaged” mass transfer coefficient of the

particles

D*}»

J=0.807 [y——]‘ In (C—“‘J (2.52)
L Cp

The Brownian diffusion coefficient D of a spherical particle be obtained from
the Stokes-Einstein relationship.

__kT
_6nnr

This simple model, which has been widely applied in ultrafiltration, predicts
much lower fluxes than observed from experiments. This is mainly caused by
the unrealistic values for the diffusion coefficient as calculated from the Stokes—
Einstein equation. Modifications have been proposed by various researchers
aimed at taking into account an enhanced back-transport from the wall in
so-called continuum models [62,66]. The enhanced back-transport is the result
of a shear-induced hydrodynamic diffusion coefficient. Zydney and Colton [62]
used the shear-enhanced diffusion coefficient of Eckstein, Bailey and Shapiro

(2.53)
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[63] instead of the Stokes—Einstein relationship. With D = 0.03 y, 7, the follow-
ing equation for the flux is obtained

J=0078 (%va Y In {c—“‘] (2.54)

b

Another model that takes into account an enhanced back-transport of particles
from the membrane wall is the inertial lift model [45,64,65]. Due to inertial
effects, the particles in the boundary layer are lifted away from the surface
towards the bulk. This effect is often referred to as the tubular pinch effect. At
steady state the flux is given by

Ta-9™

where m = 4 for a two-dimensional channel and m = 6 for a tube, d is the
dimensionless thickness of the of the deposit layer, and v, is the lift velocity for
a clean tube or channel. For a spherical particle near the wall of a two-dimen-
sional channel the maximum lift velocity is

P Y

=0.577 — .56

] (2.55)

Altena et al. [64] showed that as long as the permeate flux is higher than the
maximuin lift velocity a deposition of particles occur and a stagnant cake layer
will be formed.

Another model is based on frictional force balances on a particle [67,68]. Drag
forces induced by the convective flow will force the particles to deposit on the
membrane surface. On the other hand, the drag forces induced by the cross-
flow velocity will move the particle along the membrane surface. If the latter
force exceeds the former one deposition will not occur. For a tubular membrane
the following relationship is given [67]

_ 1,126 (0 \(%
J=022 ' Re [p diJ[ ) ) (2.57)
in which p is a proportionality factor which incorporates the drag forces, d;, is
the particle diameter and d; is the diameter of the tube. The last model, the cake
filtration model, has been described already in the previous section. Here, the
total resistance is composed by two contributions, the membrane resistance, R,
and the cake resistance R.. A modification of this model was developed by
Schulz and Ripperger [69] taking into account the wall shear stress. For turbu-
lent flow the following relationship between flux and velocity vs has been
derived
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2.58
. " (2.58)

/- {Kz AP (p, - cb) p] 05 vy
where K; is a constant and p; the density of the particles. For laminar flow
conditions a similar equation has been derived, showing that the flux is propor-
tional to the square root of the velocity.

— 0.5
]=[K3 AP (p, - cv) vs} 259)

ndireoy

where d; is the internal diameter of a capillary and K3 is a constant.

Futselaar [70] has compared the applicability and limitations of the various
models as a function of the particle dimensions based on the microfiltration
conditions described in Table 2.3 with a lumen flow capillary module. The flux
as a function of the particle diameter for various models is given in Fig. 2.22.
The data were calculated for a lumen flow capillary module according to the
conditions given in Table 2.3 and using a constant superficial velocity v; =1 m
sland a length average shear rate 1y, = 5300 s7L. For K; and Kj; values of 5-107°
and 1-.107%, respectively, have been taken.

TABLE 2.3
Microfiltration conditions for model comparison [70]

Internal capillary diameter (mm) 15
Module length (m) 1.0
Fluid density (kg m™) 1000.0
Fluid viscosity (Pa s) 10107
Particle density (kg m™) 1100.0
Bulk concentration (kg m'3) 10.0
Membrane surface concentration (kg m>) 600
Void fraction particle layer (%) 40
Applied pressure (bar) 1.0

A typical flux regime for microfiltration is between 10 and 500 I m2h™* (2.8
107%-1.4-10% m 57, respectively), indicated by the dashed lines in Fig. 2.22, and
it can be seen that the various models predict fairly well the order of magnitude
of the permeate flux. It can also be seen that the prediction is better for the
relatively large particles, and that the frictional force model (Eq. (2.57)) gives
the best result over the entire particle range. On the other hand, the film layer
model gives too low values over the whole particle range. It should be realised
that the results presented in this figure give only a rough comparison and some
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Fig. 2.22. Permeate flux as a function of the particle diameter for various models: (1) film model
(Eq. 2.52); (2) cake filtration model (Egs. 2.58 and 2.59); (3) inertial lift model (Eq. 2.56); (4)
continuum model (Eq. 2.54); (5) frictional force model (Eq. 2.57).

models (e.g., frictional force and cake model) include process-dependent ‘fit-
ting’ parameters. Nevertheless, the predicted ‘fouling flux’ is in the right order
of magnitude and the comparison is useful as a first estimate.

2.11 CONTROL OF FOULING AND CONCENTRATION POLARIZATION

The consequence of concentration polarization and fouling is always a reduc-
tion in separation performance. The extent of this reduction is very specific and
depends very much on the application. Hence, methods to reduce fouling and
concentration polarization can only be described very generally because of the
complexity of the phenomenon. Nevertheless, the importance is also evident.
The methods to improve the performance can be classified in four categories,
which will be discussed separately:

- pretreatment of feed solution;

- adjustment or tailoring of membrane properties;

- membrane cleaning; and

- improvement of operating conditions

2.11.1 Pretreatment

A reduction of fouling and concentration polarization starts in developing a
proper pretreatment. Again a classification must be made between porous and
nonporous membranes since the concept and extent of fouling is completely
different. In the case of pervaporation and gas separation measures are taken to
prevent damaging of the membrane by particles or to prevent a reduction of the
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separation performance by a specific solute. Sometimes very simple measures
can be taken. In the case of gas and vapour permeation a simple 1-pm filter is
used to remove particles and sometimes an activated coal column has been
installed for the removal of higher hydrocarbons. Also, in the case of pervapor-
ation, clean feed streams are generally used (e.g., from a distillation column).
However, when surface water or ground water is treated, as in the removal of
trace organics, other measures have to be taken and often a sand filter and
candle filter are sufficient. In gas separation the presence of water may change
the membrane separation properties (plasticization) and measures must be
taken to remove the water. This can be achieved by adsorption on molecular
sieves.

In the case of desalination by reverse osmosis there is much experience in
pretreatment. Many methods have been used and tested, which depend mainly
on the type (seawater, brackish water) and quality of the feed with respect to
the type of foulants (suspended solids, bacteria, organics). Typical methods of
pretreatment are the addition of Cl, (to remove bacteria, algae), flocculants
(polyelectrolytes or FeClj to remove suspended solids), pH adjustment (H2SO4
to prevent scaling), NaHSOj3; (Cl; removal), heat treatment, UV treatment,
activated carbon, and all types of filters such as multi-layer filters and 1-5 pm
cartridge filters.

In microfiltration and ultrafiltration many applications are in the field of
food, dairy and beverages and care must be taken that no additives are intro-
duced by a pretreatment. Simple measures can already reduce fouling to some
extent, for instance, in the case of proteins. Since adsorption of proteins is
maximal at the isoelectric point a pH adjustment already gives an improved
performance.

2.11.2 Membrane properties

Membrane properties mainly affect the solute-membrane interactions and,
consequently, the extent of adsorption and fouling. In the case of proteins,
which adsorb more strongly to hydrophobic surfaces rather than to hydrophilic
ones the development of hydrophilic membranes (cellulose esters, aliphatic
polyamides) can help to reduce fouling. Also chemical modification (e.g., sul-
fonation of polysulfone) and blending the hydrophobic polymer (polyether-
imide, polyvinylidenefluoride) with a hydrophilic one (polyvinylpyrrolidone)
can be used to achieve this. Another way to influence the solute-membrane
interaction can also be influenced by the pretreatment of the membrane with
(hydrophilic) surfactants or enzymes. Conventional ultrafiltration membranes
such as polysulfone, polyethersulfone or polyvinylidene fluoride can be made
more hydrophilic by surface modification of the membrane. Various methods
can be applied [5,42}:
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- plasma treatment of the surface;
- polymerization or grafting of the surface initiated by UV, heat or chemi-
cals;
- interfacial polymerization;
- introduction of polar (-OR, -F) or ionic groups (-SO3H) by reaction with
reactive agents such as strong bases, bromine or fluorine and strong acids.
Another property is the membrane morphology (pore size, pore size dis-
tribution and pore geometry) especially at the surface, which can have a con-
siderable effect on fouling. Because of adsorption onto the pore wall, smaller
pores may be blocked and larger pores may become narrower. These adsorp-
tion phenomena not only affect the permeation rate but also the selectivity.

2.11.3 Cleaning

Although all the above methods reduce fouling to some extent, cleaning
methods will always be employed in practice. The frequency with which
membranes need to be cleaned can be estimated from process optimization.
Four cleaning methods can be distinguished: hydraulic cleaning, mechanical clean-
ing, chemical cleaning, and electrical cleaning. The choice of the cleaning method
depends mainly on the module configuration, the chemical resistance of the
membrane and the type of foulant encountered.

2.11.3.1 Hydraulic Cleaning

Hydraulic cleaning methods include back-flushing (only applicable to micro-
filtration and open ultrafiltration membranes), back-shock treatment (back-
flushing for only a fraction of a second), alternate pressurizing and depressu-
rizing (pulsation of the flow) and by reversing the flow direction at a given
frequency. These latter methods can also be considered to improve the solution
hydrodynamics.

2.11.3.2 Mechanical Cleaning

Mechanical cleaning can only be applied in tubular systems using oversized
sponge balls.

2.11.3.3 Chemical Cleaning

Chemical cleaning is the most important method for reducing fouling, with
a number of chemicals being used separately or in combination. The concentra-
tion of the chemical (e.g., active chlorine) and the cleaning time are also very
important in relation to the chemical resistance of the membrane. Although a
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complete list of the chemicals used cannot be given, some important (classes of)
chemicals are: acids (strong, such as H3PO, or weak, such as citric acid), alkali
(NaOH), detergents (alkaline, nonionic), enzymes, complexing agents (EDTA),
and disinfectants (HO; and NaOCl).

2.11.3.4 Electric Cleaning

A recent method is the application of a pulsed electric £eld, which results in
the movement of charged particles or molecules away from the membrane [71].
This cleaning method can be carried out without interrupting the process. A
drawback of this method is the requirement of electricity-conducting mem-
branes (e.g. metal membranes) and a special module design.

2.11.4 Improvement of Operating Conditions

Improvement of mass transfer is the most important factor in reducing
concentration polarization and fouling. Since the mass-transfer coefficient is a
parameter that depends both on solution hydrodynamics and module design,
both can be optimized independently.

2.11.4.1 Solution Hydrodynamics

Increase of cross-flow velocity

The increase of the cross-flow velocity is the most logical and widely studied
method to increase mass transfer. An increase in cross-flow velocity results in
a flux increase. However, with increase of the velocity the energy consumption
increases as well. The energy consumption is related to the third power of the
velocity. Therefore, an (economical) optimal cross-flow velocity must be deter-
mined for all kinds of feed streams and module configurations. Other methods
related to solution hydrodynamics to improve mass transfer are pulsation of
flow and reverse of flow direction.

Turbulence promoters

Other methods that improve mass transfer both in laminar and turbulent
systems can be classified in the group of “turbulence promoters”: static mixers
in tubular membranes, mesh screens in spirals and plate-and-frame systems,
attachment of wires at the membrane surface, and fluidized beds in tubular
membranes. Although in all cases an improvement in mass transfer is achieved,
these methods are not commonly used in industrial systems, except for the
spacer materials in spirals and plate-and-frame systems. This might be caused
by the resulting pressure drop (static mixers) and damage of the membrane
material (fluidized beds) combined with the difficulty of fabrication.
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2.11.4.2 Module-related Methods

Concentration polarization is inherently part of the separation process and
therefore unavoidable. It can not be eliminated but the effect can also be
reduced by a proper module design. From Table 2.1 it can be seen that reduction
of the module length results in an improved mass transfer. In most models the
flux is proportionally related to the mass-transfer coefficient and a reduction in
module length from 1 m to 0.5 m (using two modules of 0.5 m) gives a flux
increase of 26% in the case of laminar flow.

The four basic module configurations are tubular, hollow fibers, spirals and
plate-and-frame systems and the characteristics of these configurations are
widely studied and well known. Within these four basic designs a number of
small modifications have been developed. However, it is interesting to see
whether progress has been made in developing new module designs. Three
different concepts will be considered:

- rotating module;

- corrugated membrane; and

- transversal flow module.

A completely new concept in module design is the rotating module [72-74].
This module consists of two coaxial cylinders in which the inner cylinder, which
contains the membrane, is rotating. A schematic drawing of this commercially
available module (Sulzer/Switzerland and Membrex/USA) is given in Fig.
2.23. Taylor vortices are generated in the annulus, which results in an improved
mass transfer, thereby reducing concentration polarization and fouling. Table
2.4 summarizes some results from Kroner et al. for the concentration of Sacchero-
myces cerevisiae as a function of the rotation speed [72]. Since high shear rates are
induced at low axial-flow velocity the system can be operated at low applied
pressures.

A drawback should be mentioned: the system is very costly, which will limit
a large-scale application. Nevertheless, it is a nice example of a new module
design. Another very nice example of reducing concentration polarization and

=3 retentate

membrane

vortices

Fig. 2.23. Schematic drawing of a rotating module.
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TABLE 2.4
Flux during concentration of Saccheromyces cerevisiae (= 5 vol%). AP = 0.15 bar [72]
Rotation speed (min™) Flux 1 m2h?
20 18.1
200 426
2000 1218

Fig. 2.24. Stream-lines in a corrugated membrane [75].

fouling is the introduction of corrugations at the membrane surface, which act
as turbulent promoters. These corrugations are introduced in a flat membrane
at a certain distance from each other. An impression of stream-lines for flow
over corrugated membranes is given in Fig. 2.24. This figure shows that behind
the corrugation a circulation is visible. Probably the local mass transfer is
mostly enhanced at the point where the ongoing stream-lines attach again at the
membrane surface. As the mutual distance of the corrugates becomes too small
the ongoing stream-line will not approach the membrane surface and although
circulation flows are still present in between the corrugates — which improve
mass transfer — the overall improvement is not that large. On the other hand,
when the distance is too large the effect of the corrugation also diminishes.
Indeed, an optimal mutual distance has been found as indicated by the critical
Reynolds numbers, which have been determined as a function of the mutual
distance of the corrugations (see Table 2.5) [75].

This design results in an improvement of mass transfer but the introduction
of the corrugations is difficult to apply in practical membrane systems and is
only applicable for plate-and-frame systems. This will also limit the commercial
applicability. In addition, membrane damage may occur because of the intro-
duction of the corrugates. Although the first experiments did not reveal any
damage, this might be a point for further study.

Another very promising design to improve mass transfer is the development
of a transversal flow module using hollow fibers or capillary membranes with
the top layer outside [76-79]. In this type of module the feed is flowing perpen-
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TABLE 25
Critical Reynolds numbers for corrugated plates. Corrugations: half-cylinders of 1.5 mm [75]

Mutual distance (mm) Critical Re (-)
None 1850
10 870
15 850
23 600
40 850
80 1230
—_— —_—
i ———
feed =it feed -
D ——-
— —n

@ (b)

Fig. 2.25. Schematic drawing of a transversal flow module with fibers arranged parallel-in-line (a)
and crossed-in-line (b).

dicular to the fibers, as indicated schematically in Fig. 2.25, and this resultsina
large enhancement of the mass transfer. In this concept the fibers act as tur-
bulence promoters.

This type of module design is not only of interest for the pressure driven
processes microfiltration, ultrafiltration and reverse osmosis, but also for per-
vaporation, liquid membranes and membrane contactors where the boundary
layer resistance can be very severe. A number of research groups are working
to improve the performance of this design further and are trying to develop
simple preparation procedures. Figure 2.26 is a photograph of such a transverse
flow module [70,80].

The transversal flow module may be very suitable in microfiltration where
the actual flux is a fraction of the pure-water flux, generally less than 5%. This
strong flux decline is caused by the deposition of particles in and/or at the
membrane surface. A general description of flux decline is very complex and is
very much dependent on hydrodynamic conditions and type of feed solution.
The thickness of a stagnant or moving layer of particles can be controlled by
changing the hydrodynamic parameters such as flow rate, tube diameter (tubu-
lar configurations), channel heights (spiral wound and plate-and-frame con-
figurations), module lengths etc. The membrane surface is here considered as a
continuous medium and a continuous build up of a deposition layer will take
place. However, the formation of this cake layer can be interrupted by the
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Fig. 2.26. Transverse flow capillary module {70,80].

application of turbulence promoters. In the transversal flow module the mem-
brane itself act as turbulence promoter. Results obtained so far with this trans-
versal flow module are very promising. Experiments performed on oil-water
emulsions and also on latex solutions show that, at a given energy consumption
(flow rate and pressure difference), the permeation rate has been improved
[70,79]. In Fig. 2.27 a stationary flux comparison is given between a transverse
flow (TF) module and a lumen flow (LF) module, using a 2% white spirit in

200

s 1mimTF
e 2m’mTF
150 FO 2 m’l‘h LF < hd
=
‘s 100 } d
- Z
50 (Y
0 \ . N ,
0.0 0.2 0.4 0.6 0.8 1.0
APy, (bar)

Fig. 2.27. Stationary flux as a function of the applied pressure for transverse flow (TF) and
lumen flow (LF) module using a 2% of white spirit in water [70].
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water emulsion as feed. The flow rates were 1.0 and 2.0 m> h™! for the transverse
flow and 2.0 m® h™! for the lumen flow module, respectively.

A clear improvement has also been obtained on fermentation broths using
the transversal flow module in comparison with the lumen flow module [70].
Development of new modules and modification of conventional modules will
be one of the main topics to reduce concentration polarization and fouling. In
addition, a further knowledge of the effect of the hydrodynamic parameters in
relation to the type of feed solution, cake formation and fouling behaviour is
needed.

SYMBOLS

a constant in Eq. (2.16), Pa m® kg™

A membrane area, m

c concentration, kg m™

b concentration in the bulk, kg m™

Cg gel concentration, kg m™

Cw concentration at the membrane wall, kg m?
cp concentration in the permeate, kg m™

D diffusion coefficient, m®s™

dy hydraulic diameter, m

] flux, m®m?s?

Jw pure water flux, m>m~s”!

Je limiting flux, m® m2s™

k mass-transfer coefficient, m s™

kov overall mass-transfer coefficient, m s™

kv mass-transfer coefficient in boundary layer, m s
km mass-transfer coefficient in membrane, m s™
I thickness of cake layer, m

my mass of cake, kg

n exponent in Eq. (2.16), -

p permeability of boundary layer, m’

R gas constant, J/mol K

R intrinsic retention, —

Tol specific resistance in boundary layer, m™

re specific resistance in cake layer, m2

R, adsorption resistance, m™

Ry total hydraulic resistance of boundary layer, m™
R, cake layer resistance, m™

R gel layer resistance, m™!

Rm membrane resistance, m1
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Rp pore blocking resistance, m™

s sedimentation coefficient, s

T temperature, K

Vo partial specific volume, m® kg™

Us superficial velocity, m s?

x coordinate perpendicular to membrane surface, m

) thickness of the boundary layer, m

€ porosity, —

Yo shear rate, s

n bulk viscosity, Pa s

AP applied pressure, Pa

AR osmotic pressure difference, Pa

T osmotic pressure, Pa

p density, kg m™

REFERENCES
1 M.H.V. Mulder (1991). Basic Principles of Membrane Technology. Kluwer, Dordrecht.
2 F. Bellucci (1981). J. Membr. Sci., 9: 285.
3 R.W. Schofield, Fane, A.G., Fell, C.J.D. and Macoun, R. (1990). Desalination, 77: 279.
4 E. Matthiasson (1983). . Membr. Sci., 16: 23.
5 M.H.V. Mulder (1993). In: Membranes in Bioprocessing. Theory and Applications (J.A.

15

16
17

18
19
20

Howell, V. Sanchez and R.W. Field, Eds.). Chapman and Hall, London, p. 13.

P. Aimar, S. Baklouti and Sanchez (1986). J. Membr. Sci., 29: 207.

T.B. Choe, P. Masse, A. Verdier and M.]. Clifton (1986). J. Membr. Sci., 26: 17.

A. Suki, A.G. Fane and C.]J.D. Fell (1986). |. Membr. Sci., 27: 181.

A.S. Michaels and S.L. Matson (1985). Desalination, 53: 231.

J.L. Nilsson (1988). J. Membr. Sci., 36: 147.

F.F. Stengaard (1988). J. Membr. Sci., 36: 257.

D. Defrise and V. Gekas (1988). Process Biochemistry, August: 105.

J.H. Hanemaaijer, T. Robbertsen, T. van den Boomgaard and J.W. Gunnink (1989), J.
Membr. Sci., 40: 199.

T. van den Boomgaard, H.D.W. Roesink, M.A .M. Beerlage, M.H.V. Mulder and C.A.
Smolders (1990). Proceedings Int. Conf. on Membranes and Membrane Processes, Chicago,
Illinois, pp. 219-221.

H.D.W. Roesink, M.A.M. Beerlage, M.A.H. Potman, T. van den Boomgaard, M.H.V.
Mulder and C.A. Smolders (1991). Colloids Surfaces, 55: 231.

V. Gekas and B. Hallstrém (1987). J. Membr. Sci., 30: 153.

J.A. Howell and O. Velicangil (1980). In: Polymer Science and Technology, Vol. 13. (AR.
Cooper, Ed.). Plenum Press, New York, p. 217.

R.J. Baker, A.G. Fane, C.].D. Fell and B.H. Yoo (1985). Desalination, 53.

A.G. Fane (1984). ]. Membr. Sci., 20: 249.

M.W. Chudacek and A.G. Fane (1984). J. Membr. Sci., 21: 145.



2 — POLARIZATION PHENOMENA AND MEMBRANE FOULING 83

21
22

23

24
25
26
27
28

29
30
31
32
33
34

35
36

37
38
39
40
41
42

43

44
45
46
47
48
49
50
51
52
53

54
55
56
57
58
59
60

P.F. Mijnlieff and W.].M. Jaspers (1971). Trans. Faraday Soc., 67: 1837.

HJ. Bixler, L.M. Nelsen and L.W. Bluemle Jr. (1968). Trans. Am. Soc. Artificial Int. Organs,
14: 99.

W.F. Blatt, A. Dravid, A.S. Michaels and L.M. Nelsen. In: Membrane Science and Technol-
ogy (J.E. Flinn, Ed.). Plenum Press, New York, 1970.

M.C. Porter (1972). Ind. Eng. Chem. Prod. Res. Dev., 11: 234.

S.I. Nakao, T. Nomura and S. Kimura (1979). AICKE |., 25: 615.

P. Dejmek, PhD Thesis, Lund Institute of Technology, Sweden, 1975.

J.G. Wijmans, S.I. Nakao and C.A. Smolders (1984). ]. Membr. Sci., 20: 115.

J.G. Wijmans, S.I. Nakao, J.W.A. van den Berg, F.R. Troelstra and C.A. Smolders (1985).
J. Membr. Sci., 22: 117.

R.L. Goldsmith (1971). Ind. Eng. Chem. Fundam., 10: 113.

V.L. Vilker, C.K. Colton and K.A. Smith (1981). AICKE |., 27: 637.

G. Jonsson (1984). Desalination, 51: 61.

G.B. van den Berg and C.A. Smolders (1989). ]. Membr. Sci., 40: 149.

J.G. Wijmans. PhD Thesis, University of Twente, The Netherlands, 1984.

P. Coté and C. Lipski (1988). In: Proceedings 3rd Int. Conf. on Pervaporation Processes in the
Chemical Industry (R. Bakish, Ed.). BMC, Englewood, USA, p. 449.

R.Psaume, P. Aptel, Y. Aurelle, ].C. Mora and J.L. Bersillon (1988). J. Membr. Sci., 36: 373.
H.H. Nijhuis, M.H.V. Mulder and C.A. Smolders (1990). Proceedings Int. Conf. on Mem-
branes and Membrane Processes. Chicago, Illinois, pp. 319.

H.H. Nijhuis, PhD Thesis, University of Twente, The Netherlands, 1990

A.G. Fane and CJ.D. Fell (1987). Desalination, 62: 117.

E. Matthiasson and B. Sivik (1980). Desalination, 35: 59.

G. Belfort (1977). Desalination, 21: 285.

G. Belfort and F.W. Altena (1983). Desalination, 43: 105. ,

R.H. Davis (1992). In: Membrane Handbook (W.S.W. Ho and KK. Sirkar, Eds.). Van
Nostrand Reinhold, Chapter 33, p. 480.

A.G. Fane, In: Progress in Filtration and Separation, 4 (R.J. Wakeman, Ed.). Elsevier, 1986,
p. 101

D.G. Thomas and W.R. Mixon, 1972. Ind. Eng. Chem. Process Des. Dev., 3: 339.

G. Green and G. Belfort (1980). Desalination, 35: 129.

M.C. Porter (1972). Ind. Eng. Chem. Prod. Res. Dev., 11: 234.

S. Kimura and S.I. Nakao (1975). Desalination, 17: 267

M.G. Gutman (1977). Chem. Eng., July: 510.

D. Bhattacharyya, A.B. Jumawan and R.B. Grieves (1979). Sep. Sci. Technol., 14: 529.

A .B. Suki, A.G. Fane and C.J.D. Fell (1984). . Membr. Sci., 21: 269.

E.I. DuPont de Nemours & Co. (1982). Permasep Engineering Manual.

K.C. Channabasappa (1975). Desalination, 17: 31.

Standard Method of Test for Silting Index of fluids for processing electronic and micro-
electronic devices (1974). Annual Book of ASTM, Part 41.

Millipore Filter Corporation Silting Index, Apparatus Principles and Operation (1964).
J.C. Schippers and J. Verdouw (1980). Desalination, 32: 137.

D.R. Trettin and M.R. Doshi (1980). Ind. Eng. Chem. Fundam., 19: 189.

S.I. Nakao, J.G. Wijmans and C.A. Smolders (1986). J. Membr. Sci., 26: 165.

M.W. Chudasek and A.G. Fane (1984). J. Membr. Sci., 21: 145.

A.G. Fane (1984). . Membr. Sci., 20: 249.

V. Gekas and B. Hallstrém (1990), Desalination, 77: 195.



84

61
62
63

65
66
67
68
69
70
71
72

73
74
75
76

78
79
80

2 — POLARIZATION PHENOMENA AND MEMBRANE FOULING

G. Belfort and N. Nagata (1985), Desalination, 53: 57.

A.L. Zydney and C.K. Colton (1986), Chem. Eng. Commun., 47: 1

E.C. Eckstein, D.G. Bailey and A.H. Shapiro (1977), J. Fluid Mech., 79: 191
F.W. Altena and G. Belfort (1984), Chem. Eng. Sci., 39: 343

D.A. Drew, ].A. Schonberg and G. Belfort (1991), Chem. Eng. Sci., 46: 3219
E.F. Leonard and Vassilieff (1984), Chem. Eng. Commun., 30: 209.

R. Rautenbach and G. Schock (1988), J. Membr. Sci., 36: 231

H. De Balman, P. Aimar and V. Sanchez (1990), Sep. Sci. Techn., 46: 3219.

G. Schulz and S. Ripperger (1989), J. Membr. Sci., 40: 173.

H. Futselaar, PhD Thesis, University of Twente, 1993,

W.R. Bowen, R.S. Kingdon and H.A.M. Sabuni (1989). J. Membr. Sci., 40: 219.
K.H. Kroner, B. Riesmeier, V. Nissinen and M-R. Kula, Engineering Foundation Conference
on Recovery of Bioproducts. Uppsala, Sweden, 1986.

K.H. Kroner and V. Nissinen (1988). ]. Membr. Sci., 35: 85.

K.H. Kroner, V. Nissinen and H. Ziegler (1987). Bio/Technology, 5: 921.

M.J. van der Waal and 1.G. Récz (1989). |. Membr. Sci., 40: 243.

J. Baudet, US Patent 3,993,816 (1976).

R.W. Nichols, US Patent 4,959,152 (1990).

M.C. Yang and E.L. Cussler (1986). AICHE Journal, 32: 1910.

F.N.M. Knops, H. Futselaar and 1.G. Récz (1992), J. Membr. Sci., 73: 153.
F.N.M. Knops, Presentation at the International Symposijum: Progress in Membrane
Science and Technology, 1991, 25~28 June, Enschede, The Netherlands



Membrane Separations Technology. Principles and Applications
Edited by R.D. Noble and S.A. Stern
© 1995, Elsevier Science B.V. All rights reserved

Chapter 3

Vapor permeation

Y. Cen and R.N. Lichtenthaler

Physikalisch-Chemisches Institut, Universitét Heidelberg,
Im Neuenheimer Feld 253, 69120 Heidelberg, Germany

3.1 INTRODUCTION

Vapor permeation denotes the transport of matter through a membrane from
a vapor feed mixture to a vapor permeate. It is closely related to gas permeation
differing only in that a vapor mixture contains compounds that are condensable
at standard conditions (1 bar and 0°C), whereas a gas mixture contains only
so-called permanent gases. In principle, porous and/or nonporous membranes
can be used to separate vapor and gas mixtures depending on the molecular
size and shape of their constituents. However, in practice, nonporous mem-
branes are normally used and in that case vapor permeation is very closely
related to pervaporation, differing only in that the feed mixture is a vapor and
liquid, respectively.

In this chapter the basic principles and the various operating modes of vapor
permeation are discussed in general. The dependence of the separation charac-
teristics on the operating conditions (e.g., temperature, pressure, composition,
superheating) is demonstrated with experimental results for selected mixtures
and membranes. Engineering aspects important for process design are dis-
cussed and examples of practical applications are given.
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3.2 BASIC PRINCIPLES AND CLASSIFICATION

3.2.1 Vapor Permeation in Comparison with Gas Permeation and
Pervaporation

The basic principles and differences of gas permeation, vapor permeation
and pervaporation are shown schematically in Fig. 3.1. Feed and retentate are
gas, vapor or liquid mixtures, respectively. The permeate is a gas in gas per-
meation and a vapor in vapor permeation and also in pervaporation. Except for
evaporation through porous membranes (often called membrane distillation),
pervaporation is the only membrane separation process in which a phase
change occurs requiring heat of vaporization. Compared with pervaporation,
vapor permeation has the advantage that no phase change occurs during
permeation from the feed to the permeate side and, therefore, the problem of
supplying the heat of vaporization is avoided. Furthermore, depending on the
state conditions of the feed vapor, the annoying problem of concentration
polarization on the feed side of the membrane is often not as distinct as in
pervaporation. Some disadvantages for separation by vapor permeation, how-
ever, are the strong dependence of the separation characteristics on the feed
pressure, the sensitivity to friction losses in the feed stream (in addition to the
ones on the permeate side) and the possibility of condensation, and hence of the
formation of stagnant condensate films, partially covering the membrane on the
feed side. Nevertheless vapor permeation is a membrane separation process

Retentate (gas)

(2

Feed (g88) cum——pp! s> Permeate (gas)

Retentate (vapor)
@®)

Food (Vapor) comip] fo—p Pormeate (vapor)

Retentate (liquid)
©

Feed (liquid) emmmp Permeate (vapor)

Fig. 3.1. Basic principles of gas permeation (a), vapor permeation (b) and pervaporation (c).
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feasible for practical application. It is considered to be especially suitable for the
purification of the top stream of rectification columns and for the removal of
trace organics from air or other permanent gases.

3.2.2 Classification of Vapor Permeation

There are various possibilities to distinguish between the various types of
vapor permeation. It is convenient to classify them according to the operating
conditions as summarized in Table 3.1.

TABLE 3.1
Classification of vapor permeation

Category 1 Category 2
no gases in the feed with gases in the feed
vacuum on purge gas on vacuum on purge gas on
permeate side permeate site permeate site permeate side

porous nonporous porous nonporous porous nonporous porous nonporous

First of all, vapor permeation is divided in two categories. In the first, the feed
of the membrane separation process contains only vapor compounds and no
permanent gases, e.g., a mixture of alcohol and water vapors. In the second, the
feed exists of vapor and gas components, e.g., volatile organic compounds in
waste air. Each category is further divided into vacuum and purge gas vapor
permeation according to the method by which the permeate is removed from
the downstream side of the membrane. Finally vapor permeation with porous
and nonporous membranes is distinguished. This classification, although some-
what arbitrary, includes all the different descriptions by which a vapor per-
meation unit may be designed and operated.

3.3 MATERIAL TRANSPORT THROUGH MEMBRANES

For the development of efficient membranes for vapor permeation and
proper design of the separation process, it is essential to understand the trans-
port mechanism through a membrane. Porous and nonporous membranes are
discussed separately because there are distinct differences in the transport
mechanism. However, it is sometimes difficult to distinguish between porous
and nonporous membranes depending on the minimum diameter being ac-
cepted as the lower limit for a pore (the range 0.1-0.5 nm is often discussed).



88 3 — VAPOR PERMEATION

2. Surface diffusion 4. Molecular sieving

Fig 3.2. Transport mechanisms in porous membranes [1].

3.3.1 Porous Membranes

With porous membranes, usually only molecules differing significantly in
their molecular weights, sizes and/or shapes can be separated efficiently.
Conventionally four different types of transport mechanism are distinguished
as shown schematically in Fig. 3.2 [1,2]: (1) Knudsen diffusion, (2) surface
diffusion, (3) capillary condensation with liquid flow and (4) molecular
sieving.

It is well known that the application of Knudsen diffusion as a separation
processes is limited to systems of large molecular weight ratios as the per-
meability ratio is inversely proportional to the square root of the molecular
weight ratio. Surface diffusion is a mechanism in which the molecules
adsorbed on the pore wall diffuse on the surface due to a concentration
gradient in the adsorbed phase. This mechanism is probably much more
useful for vapor separation than Knudsen diffusion. Separation by conden-
sation with liquid flow in extremely fine pores of a membrane has been
shown to be quite efficient in various work for vapor mixtures of which one
of the components condenses in the pores due to capillary condensation. In
this case, each pore can be blocked with the condensate to prevent the
permeation of noncondensable components [3,4]. The last mechanism, i.e.,
molecular sieving, describes the ideal condition for the separation of vapor
compounds of different molecular sizes by porous membranes. The driving
force for transport through the pore is usually the difference in pressure be-
tween the feed and permeate sides.
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Fig. 3.3. The solution-diffusion model describing mass transport in nonporous membranes.

3.3.2 Nonporous Membranes

The separation of vapor mixtures by nonporous membranes is considered to
be due to differences in the solubility and diffusivity of the various components
of a mixture in the membrane material. Therefore, as long as these differences
are significant, even molecules similarly in molecular weight, size and shape
can be separated [5]. The driving force for the transport through a nonporous
membrane for any permeating compound is given by the difference of its
chemical potential between the feed and permeate sides usually achieved with
a permeate pressure being much lower than the feed pressure. The so-called
solution-diffusion model, schematically illustrated in Fig. 3.3, is widely used to
describe the transmembrane material transport [6]. This transport takes place
in three consecutive steps:

(1) sorption of components from the feed mixture at the upstream membrane
surface;

(2) diffusion of the absorbed components through the membrane matrix;

(3) desorption from the membrane into the vapor phase at the permeate side.

The basic assumptions of this model are the existence of thermodynamic
phase equilibrium at both boundary surfaces of the membrane being in contact
with the feed and the permeate. The diffusion process inside the membrane is
described by Fick’s law, which is assumed tfo be valid for each component i (i =
1,2,..n):

I,' =- Di(wl, W,... w,,) “PM dwi /d8M (31)

where J; is the mass flux, D; is the diffusion coefficient, dy is the thickness and
pumis the density of the membrane. The concentration of the components i in the



920 3 — VAPOR PERMEATION

membrane is given by the weight fraction w;, defined as:
n
wi=my 2 m;+ My (32)
=1

with m; and m; being the masses of the compounds dissolved and my being the
mass of the membrane. Under steady-state conditions Eq. (3.1) can be inte-
grated to

F
wi

Ji=pmfom - j D{wy, wy,... wy) dw; (3.3)

wy
wf and wf are the weight fractions of the component i in the membrane at the
feed side and the permeate side boundary, respectively. Generally, D; depends
on the weight fraction of each component, varying locally inside the membrane.
As a consequence, the fluxes J; are mutually dependent. The weight fraction
w! and wf depend on the mixture concentration on the feed side and on the
permeate side, respectively.
The weight fraction of component i in the permeate is given by

wi=fi/(i+ a+...+]n) (3.4)

If the solubilities and the diffusion coefficients of the compounds in the mem-
brane are known, the flux of each component can be calculated from Eq. (3.3).
Equation (3.4) is then used to calculate the concentration of component i in the
permeate. Furthermore, the selectivity of the membrane can also be deter-
mined, i.e., all properties necessary to describe the separation characteristics of
a membrane are determined.

The solubility of pure vapors in the membrane can be obtained from vapor-
sorption experiments. The mass absorbed by the membrane is determined with
a microbalance at a given temperature as a function of the pressure of solvent
vapor, i.e., sorption isotherms are obtained. In recent years such experiments
have been performed quite extensively [7-11].

For polymeric membranes three types of sorption isotherms are known, as
shown schematically in Fig. 3.4. The amount of solvent vapor absorbed (weight
fraction) is shown as a function of solvent vapor activity 4; defined as:

a; = (Py/PY) - exp [(B;i~ Vi) - (Pi— P}) /RTwm] (3.5)

a; is more or less the ratio of the vapor pressure (P;) of the solvent dissolved in the
membrane at temperature Tysto the vapor pressure (P7) of pure solvent at tempera-
ture T. The exponential term in Eq. (3.5) corrects for nonideal behavior of the
vapor and usually its value is close to 1 (B; is the second virial coefficient and
V{ is the molar liquid volume of the solvent at Tyy; R = universal gas constant).
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Fig. 3.4 Types of sorption isotherms observed with polymeric membranes: (a) Flory-Huggins type;
(c) Langmuir type; (b) combination of (a) and (c).

In Fig. 3.4, curve (a) represents the case normally observed in rubbery
polymers. Polymer solution theories such as the Flory-Huggins theory predict
this type of sorption isotherms. Curves showing shape (c) are so-called Langmuir-
sorption isotherms usually observed for the sorption of vapors in glassy polymers.
Curves of type (b) can be considered as a combination of type (a) and type (c).
The dependence of w; as a function of a; can be described by the equation:

w;= K; (a;) - a; (3:6)

with K; (a;) depending itself on the activity a;. This behavior of K; is usually
observed for the sorption of pure solvent vapors in polymeric membranes used
in vapor permeation. An empirical equation for K; (4;) is given [12] as:

K; @) =sy; - [1+ (s2i/51i — 1) - aim] (3.7)

where sy;, s,; and s,,; are adjustable parameters, which have to be fitted to the
experimental sorption isotherms using Eq. (3.6).

Figure 3.5 shows sorption isotherms at 333 K for water, methanol, ethanol
and n-propanol in a poly(vinylalcohol) (PVA) membrane which has been inves-
tigated extensively for vapor permeation [11,13]. The results clearly show that
at a given activity the solubility of the various compounds decreases in the
sequence: water, methanol, ethanol, n-propanol; i.e., the more polar solvent
molecules are, the better they can be absorbed by a PVA membrane. At 353 K
practically the same sorption isotherms are obtained. The sorption isotherms
correspond to the type (a) shown in Fig. 3.4 and such behavior is nearly always
observed for polymer—solvent vapor systems used in vapor permeation. Only
a few examples of type (b) are known [9].

Diffusion coefficients of low-molecular-weight compounds in polymers are
usually dependent on the composition. As an example, Fig. 3.6 shows the
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Fig. 3.5. Sorption isotherms for a PVA membrane [13].
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Fig. 3.6. Diffusion coefficients of solvents in a PVA membrane {13].

diffusion coefficients D in PVA obtained from the time dependence of the
sorption process for water, methanol, ethanol and n-propanol. It is obvious that
diffusion coefficients are closely related to the concentration of solvent in the
PVA membrane. With an increasing amount of solvent in the membrane, i.e.,
with increasing degree of swelling of the membrane, D increases. However, for
water and methanol, D decreases after having reached a maximum value at a
particular value of w;.

3.4 SPECIFIC INVESTIGATIONS AND APPLICATIONS
Investigations on the permeability of vapor through a membrane date back

to the end of the 19th century [14,15]. However, only with the development of
new polymers in the 1950s did more materials for membranes become available
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and, therefore, studies of vapor permeability gained more and more attention.
The mechanism of diffusion of low-molecular-weight compounds in polymers
was investigated extensively, partly because of the importance for packing
materials [16]. In the last twenty years a continuously increasing number of
papers dealing with the permeation of vapors in membranes has been publish-
ed. It is impossible to include all of them in this chapter. For the sake of
simplicity, the papers that are somewhat arbitrarily taken into consideration are
divided into the two categories of vapor permeation already discussed (see
Table 3.1):

(a) the separation of vapors from gas/vapor mixtures, which is most import-
ant for removing volatile organics from waste air in order to eliminate environ-
mental pollution [17-19]. In this case vapor permeability is normally not af-
fected substantially by the gases because the interactions between gases and
polymers are usually small. This kind of separation is commonly treated
together with gas separation and, therefore, only a short survey and some
examples of industrial applications are given here.

(b) The separation of vapors from mixtures containing no permanent gases
has been investigated more extensively only in the last ten years, although some
work had already been done about 30 years ago [20]. This kind of separation is
regarded as a process alternative to pervaporation being, however, more econ-
omical and technically more appropriate. So far not very many papers dealing
with this separation process have been published. A more detailed discussion
is presented here and a few industrial applications are mentioned.

3.4.1 Remowal of Vapors from Gas/Vapor Mixtures
3.4.1.1 Specific Investigations

For a long time it has been well known that in appropriate polymeric
membranes, vapors show significantly higher permeability than permanent
gases. Therefore, it is obvious to use vapor permeation for solvent removal and
recovery and for reduction of environmental pollution. Table 3.2 lists quite a
number of scientific papers dealing with this problem. With various membrane
materials, good selectivities can be obtained for all the different separation
problems investigated. Unfortunately the permeabilities obtained are nearly
always too low for practical application.

Permeability may be increased with increasing feed pressure as shown in Fig.
3.7. The results of Baker et al. [17] clearly show that the permeability of nitrogen
is significantly lower than the organic compounds. Furthermore, it is practically
constant in the pressure range investigated, whereas the permeabilities of the
organics increase with increasing feed pressure. The same behavior was found
for ten different rubbery membranes and it probably reflects the effect of the
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TABLE 3.2
Separation of organic solvent vapors from air unless otherwise stated

Solvent Membrane Selectivity Reference
Methanol Polyimide 221 25
Silicone 38 25
Ethanol Polyimide 297 25
Ethanol/N2 Vycor glass 2-400 4
Acetone PDMS 11-25 18
477 25
158 19
Acetone/N2 Vycor glass 2-300 4
Hexane Polyimide 32 25
Benzene Polyimide 51 25
Toluene Polyimide 180 25
PDMS 83 19
p-Xylene Polyimide 460 25
PDMS 68 19
m-Xylene Polyimide 513 25
1,2-Dichloromethane PDMS 142 19
Chloroform Polyimide 24 25
Carbon tetrachloride Polyimide 32 25
1,2-Dichloroethane Polyimide 52
PDMS 103 19
1,2-Dichloropropane Polyimide 57 25
107
fg: Octane
é 10" T o:wm
§ 10t
Ethanol Sicone
Rubber
3 104
Nitrogen 8.
1P —

0 s0 100 150 200 250

Pressure (mbar)

Fig. 3.7. Permeability of pure compounds as a function feed pressure at 40°C and vacuum on
permeateside [17]. (1 Barrer = 10" [em® (STP) cm/cm? sec cmHg] =7.50062 - 10° {cm® (STP) em/em
sec mbar}). .
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Fig. 3.8. Permeability vs. ideal selectivity for toluene in various rubbery membranes at 40°C and
vacuum on permeate side [17].

amount of vapor absorbed on the membrane structure. Higher sorption plas-
ticizes the membrane and increases the diffusion coefficient of the permeating
molecules resulting in an increase in permeability. Despite the pressure de-
pendence of the permeabilities, good ideal selectivities are observed, i.e., ratios
of the permeabilities of the pure compounds. As an example, Fig. 3.8 shows
permeabilities versus ideal selectivities for toluene for membranes made of ten
different rubbery polymers. The actual selectivity, however, may be much less
than the ideal selectivity, depending on how strongly plasticization is affecting
the permeability of nitrogen (it most probably increases and hence, selectivities
will decrease). Nevertheless, the few examples discussed clearly show that
vapors can be separated from permanent gases using nonporous membranes.

3.4.1.2 Industrial Applications

Compared with vapor permeation, other processes suitable for the removal
of vapors from air streams — like absorption, adsorption or chemical sorption
— have the disadvantage of being discontinuous processes. Regeneration of the
sorption units is required and, therefore, the problem of pollution is usually
only transferred from waste air to waste water. Thermal and catalytic burning
(700-1000°C) require additional energy and often new hazardous compounds
are generated. Biological treatment in many cases is not possible. Vapor per-
meation avoids further pollution. It is the one most suitable for the reuse of the
recovered solvent because it is not destroyed by burning or contaminated with
other compounds as in “washing” processes. It seems to be somewhat surpris-
ing that vapor permeation is not yet widely used in industry for the treatment
of waste air. This is mainly due to the lack of appropriate membranes, i.e.,
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Fig. 3.9. Schematic of a gasoline vapor recovery units [27].

membranes with good separation characteristics and acceptable lifetimes under
operating conditions. Many applications are proposed and even have been
proven to be reliable in laboratory and/or pilot plant scale [4,5,17,18,21-25]. As
an example of the few large-scale applications, Fig. 3.9 shows schematically the
process for the recovery of gasoline vapor during loading and/or unloading of
gasoline tanks. The process was developed by GKSS GmbH in Germany and
five large-scale vapor recovery units combining membrane processes with
catalytic final cleaning or gas engines have been installed [26,27]. The process
shown in Fig. 3.9 is designed for the treatment of 600 m®h™! of air (1 bar, ambient
temperature) containing about 20 vol% of hydrocarbon vapors. After com-
pression to about 2 bar and separation of condensate, the air/vapor mixture is
fed to the main membrane separation unit operating with a permeate pressure
of about 175 mbar. The retentate leaves this unit with such a low content of
hydrocarbons that it goes directly to the final catalytic cleaning. The permeate
is so rich in hydrocarbons that it can be compressed to about 6 bar and again,
after separation of possible condensate, it is fed to a second membrane separ-
ation unit operating with a permeate pressure of about 375 mbar. The retentate
of this unit also goes directly to catalytic cleaning and the permeate is mixed
with the permeate of the main unit after compressing both permeate streams to
1bar, i.e., it is recycled to the feed of the second unit. Overall about 98% of the
hydrocarbons are recovered as condensate, i.e., only about 2% are discharged
by catalytic cleaning. A composite membrane is used with a selective layer of
polydimethylsiloxane. Although it is still unclear whether such a process is
really better with respect to economical and environmental reasons, the suc-
cessful performance of the plants installed so far is accepted.

3.4.2 Separation of Vapor Mixtures

The separation of vapor mixtures using nonporous membranes was already
discussed by Binning et al. [20] in the late 1950s. They investigated the separ-
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ation of methanol/benzene with a polyethylene membrane being in contact
with a saturated vapor phase of this mixture. More recently, Uragami et al. [28]
proposed the term “evapomeation”, referring to vapor permeation if the vapor
phase is in equilibrium with aliquid feed, i.e., saturated vapors are used as feed.
However, this term is strongly discouraged [29]. Vapor permeation includes
both the separation of saturated and nonsaturated vapor mixtures.

3.4.2.1 Specific Investigations of the Effect of Operating Parameters

In the early stages, polyethylene and natural rubber were mainly used in
vapor permeation experiments because other suitable polymers were not avail-
able. In the meantime, however, many other polymeric materials have been
studied to solve various separation problems, such as silicone rubber, modified
silicone rubber, chitosan derivatives, polystyrene, polyvinylchloride and many
others [30-59]. Table 3.3 gives a summary of polymeric materials that have been
tested for the separation of particular mixtures by vapor permeation.

Using some selected examples, the influence of operating conditions on the
membrane performance in vapor permeation is discussed.

(a) Influence of Feed Composition and Pressure

Figure 3.10 shows the separation diagram for the mixture ethanol/water
using a PVA/PAN-composite membrane (GFT mbH — standard). For two
different feed pressures pf up to about 95 w% ethanol in the feed, the content of
ethanol in the permeate is small (< 3 w%) and nearly constant. In this composi-
tion range, for this membrane permeate composition is almost independent of
feed composition. The total flux through the membrane, however, is strongly
dependent on the composition and the pressure of the feed as shown in Fig.

100

80

o a pF=500 mbar

o pF=700 mbar

w % Ethanol in permeate

20

50 60 70 80 90 100
w % Ethanol in feed

Fig. 3.10. Separation of water from ethanol by vapor permeation using a PVA/PAN-composite
membrane (GFT mbH) at 30 mbar permeate pressure [56].
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TABLE 3.3

Membrane materials and mixtures tested in vapor permeation

3 — VAPOR PERMEATION

Membrane Vapor mixture Reference
Polyvinylalcohol Water/Methanol 56-58
Water/Ethanol 49,57,59
Water/n-Propanol 57
Water/2-Propanol 57-59
Water/Ethylacetate 56
Water/ Ammonia 57
Water /Methylamine 57
Methanol/n-Propanol 57
Cellulose acetate Water/Ethanol 31,4049
Polysulphonate Water/Ethanol 49
Polysulphonamid Water/Ethanol 9
Nafion Water/Ethanol 59
Polyvinylidene fluoride Benzene/Cyclohexane 30
Polyimide Water/Ethanol 43,55
Chitosan derivatives Water /Ethanol 34
Cellophane Water/Ethanol 41
PVC Methanol/Water 35
Ethanol/Water 35
2-Propanol/Water 35
Polystyrene Methanol/Water 37
Ethanol Water
Polyacrylonitrile Ethanol/Water 31
Silicone rubber Methanol/Water 33
Ethanol/Water 334
n-Propanol/Water 33
Ceramics Ethanol/Water 12

3.11. As is to be expected with decreasing p* and decreasing water content in
the feed, the transmembrane flux decreases significantly. Similar behavior is
often observed and seems to be pretty general.

(b) Influence of Membrane Temperature

The effect of membrane temperature on the total flux and on the separation
factor for aqueous feed mixtures with 10 w% and 95.6 w% ethanol (viz. azeo-
tropic composition) through a PVC membrane is shown in Figs. 3.12 and 3.13,
respectively. Both flux and separation factor increase with increasing mem-
brane temperature. The increase in flux can be understood from the increase of
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Fig. 3.11. Total permeate flux in vapor permeation for water/ethanol at 75°C and 30 mbar permeate
pressure using a PVA /PAN-composite membrane (GFT mbH) [56].
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Fig. 3.12. Effect of temperature of ethanol/water feed vapor on the flux through a PVC 400
membrane (pP = 5 mbar, p corresponds to the saturation pressure for any feed temperature and
composition) [35].
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Fig. 3.13. Effect of temperature of ethanol /water feed vapor on the separation factor of a PVC 400
membrane (p = 5 mbar, p corresponds to the saturation pressure for any feed temperature and
composition) [35].
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the diffusion coefficients with increasing temperature. The changes in the
separation factors with temperature cannot be easily explained. Sometimes
they go up with increasing temperature, as shown in Fig. 3.13. But more
frequently the a-values go down [49]. So far, no general explanation exists for
this behavior.

(c) Influence of Permeate Pressure

The separation characteristics of a membrane are depending strongly on the
permeate pressure. This is illustrated in Figs. 3.14 and 3.15 for a PVA/PAN-
composite membrane showing the effect of permeate pressure on flux and
permeate composition for various feed conditions. With increasing permeate

05
e
& 04
E 1\
2 03
5 B 10 w% water
2 0.2
E @ 7 w% water
S 04
\ T\ ©® 5w% water
0

0 50 100 150 200 mbar
Permeate pressure

Fig. 3.14. Dependence of permeate flux on permeate pressure for a PVA/PAN-composite mem-
brane (GFT mbH) and saturated 2-propanol/water feed vapor at 80°C and different feed compo-
sitions [54].
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Fig. 3.15. Dependence of permeate composition on permeate pressure for a PVA/PAN-composite
membrane (GFT mbH) and saturated 2-propanol/water feed vapor at 80°C and different feed
compositions [54].
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Fig. 3.16. Effect of superheating of ethanol/water feed vapor on the flux through a PVA/PAN-
composite membrane at different feed pressures (95 w% ethanol in feed) [49].

pressure, flux and also selectivity decrease. Especially for a feed with a low
water content, very low permeate pressures are required in order to obtain a
permeate with a low alcohol content. This behavior observed for the PVA/PAN-

composite membrane again seems to be quite general.

(d) Superheating of Feed Vapor

In vapor permeation, usually a slightly superheated vapor is used as feed in
order to prevent condensation. However, the flux decreases with increasing
degree of superheating as shown in Fig. 3.16 for the total flux of an etha-
nol/water mixture in a PVA/PAN-composite membrane {49]. Obviously, flux
can be increased very clearly by decreasing the feed temperature close to the
dew point of the vapor mixture. In other words, on the feed side of a membrane
module, at any place, the local pressure should be as close as possible to the
local saturation pressure in order to obtain a high flux. This is very important
with respect to the feed-side pressure losses of a vapor permeation module.
Even a small degree of superheating may cause a significant decrease in flux
whereas selectivity seems not to be sensitive in this respect.

(e) Flux Puzzle

At saturation conditions of the vapor permeants at the feed-side, vapor per-
meation is thermodynamically identical with pervaporation, without a phase
change. The flux should be the same as the driving force is the same, ie., the
difference in chemical potential across the membrane. Binning et al. [20] observed
fluxes that were twofold in pervaporation compared with vapor permeation
under saturation conditions. Stannett et al. [60] reported no differences in fluxes
measured in pervaporation and saturated vapor permeation. Blackadder et al.
[16] identified some important factors to be taken into account in permeability
measurements. These are: proper porous support of the actual membrane,
reduction of the pressure difference between the feed and permeate sides due
to compounds not permeating and the degree of swelling of the membrane
before measurements are started. If these factors are taken into consideration,
vapor permeation and pervaporation fluxes are the same.
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Fig. 3.17. Total flux in vapor permeation of n-propanol/water through a PVA/PAN-composite
membrane at 80°C for different relative humidities p/p° [57].
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Fig. 3.18. Vapor sorption isotherm of water in PVA at 80°C [13].

Recently, experimental results have been reported [57] for fluxes for various
alcohol /water mixtures using a PVA /PAN-composite membrane. As shown in
Fig. 3.17, for the mixture of n-propanol/water, the flux obtained in pervapora-
tion is much larger than those in vapor permeation for relative humidities pf/p°
< 1, especially for feed mixtures containing a lot of water. This is to be under-
stood from the strong dependence of water solubility in the membrane on
relative humidity, i.e., the degree of saturation. From the sorption isotherm of
pure water, shown in Fig. 3.18, it can be seen that the solubility of water in PVA
changes drastically for solvent activities, becoming a little smaller than 1. For
pure compounds, p*/p° is equal to the solvent activity, ie., the solubility
changes strongly for values of p*/p° < 1.

(f) Improvement of Vapor Permeation Performance of Existing Membranes

For a particular mixture, permeability and selectivity are different for differ-
ent membrane polymers. Even if a membrane is found showing good overall
performance with respect to a particular separation problem, improvements
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Fig. 3.19. Effect of impregnation of cellulose membranes with various salts on flux and selectivity
for vapor permeation of an azeotropic 2-propanol/water mixture [49].

can increase economical efficiency. In this respect investigations have been
performed to enhance membrane selectivity and/or flux with nonvolatile ad-
ditives to the membrane polymer. Such additives cannot leach out because no
liquid is in contact with the membrane. According to Jansen et al. [49] homo-
geneous cellulose films feature high selectivity but low flux for dehydration of
alcohol/water mixtures by vapor permeation. By impregnating such films with
inorganic salts, fluxes can be raised considerably while selectivity decreases, as
shown in Fig. 3.19. Another example is shown in Fig. 3.20 for the dehydration
of an ethanol/water mixture with a nonimpregnated (standard) and a CsF-im-
pregnated PVA-composite membrane. Fluxes are increased substantially, while
selectivities decrease to still acceptable levels.

This impregnation effect is most probably an increased sorption of water
(and to a lesser extent of ethanol) due to specific interactions with the salts. The
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Fig. 3.20. Effect of impregnation of a PVA-composite membrane with CsF on flux and selectivity
for ethanol/water vapor separation at different levels of feed pressure (95 w% ethanol in feed) [49].



104 3 — VAPOR PERMEATION

impregnation technique, although not yet investigated thoroughly, is a possible
means of tailoring membranes to specific applications.

3.4.2.2 Engineering Aspects

An adequate membrane module is the prerequisite for any technical appli-
cation of a membrane separation process. Module and process design have to
take into account all the factors affecting separation efficiency. In vapor per-
meation these are, in particular, friction losses at the feed side in addition to
those at the permeate side, the challenge to operate as close as possible with
saturated vapors as feed and the minimization of concentration polarization by
choosing suitable operating conditions. Some of the important features in this
respect have already been discussed and therefore only some aspects of techni-
cal relevance are now considered additionally.

(a) Membrane Modules

In a vapor permeation module, large volumes have to be handled at the
permeate side and also at the feed side, with as little pressure loss as possible.
So far, only plate and frame modules have been used in industrial application,
such as the one shown schematically in Fig. 3.21. This module has been de-
signed by LURGI GmbH, Germany [44,45] and consists of a number of mem-
brane double cells and a permeate condenser combined into one compact unit.

The vapor feed enters the upper internal distribution channel, passes down-
wards through the cell across the membranes to both sides of the feed plate and
leaves as retentate at the bottom of the cell via the internal retentate collector

Membrane double cell Permeate condenser

Retentate
condenser

Cooling|
system

Permeate

Retentate

Fig. 3.21. Simplified flow diagram and schematics of the LURGI plate and frame module for
vapor permeation [44].



3 — VAPOR PERMEATION 105

o
o

mb. =0.5n Capillary module
Cocurrent-flow
32 /
Water/Ethanol
24 m N\ T =80°C

N pP=20 mbar
16 / 2m \\

LA
N—

03 06 12 25 5 10

Specific module productivity 3,

0

Outer capillary radius (mm)

Fig. 3.22. Influence of capillary diameter and capillary length L on specific module productivity
[54].

channel. The vapor permeate leaving the backside of the membrane passes
through a supporting sieve plate to the profiled permeate collector plate and
flows through a short internal heater directly to the permeate condenser cells,
where the permeate vapor is liquefied. Commercially available plate-type heat
exchanger equipment of stainless steel has been used for the construction.
Enlargement of the module size is achieved simply by increasing the number
of membrane cells per module unit. Vapor condensation in the feed side of the
module cannot be avoided depending on operating conditions. This module
has therefore to be installed with the plates arranged vertically. If condensation
occurs, the condensate flows downwards to the bottom of permeator instead of
accumulating on the surface of the membrane. For a long membrane lifetime
this may be essential.

Capillary and hollow-fiber modules are, in principle, more economical mainly
because of their higher packing density. Such modules have been tested in vapor
permeation pilot plants [43] and model calculations have been performed by
Rautenbach et al. [54]. Results of these model calculations clearly reveal that
there exists an optimum in specific module productivity depending on the capil-
lary diameter, as shown in Fig. 3.22. The shorter and thinner the capillaries are, the
more pronounced is this optimum. The results further show that in vapor per-
meation there does not exist a very significant difference in separation behavior
between co-current and counter-current flow of feed stream and permeate stream.

So far only vacuum vapor permeation has found an application in industry.
Purge gas on the permeate side is a disadvantage for permeate condensation
and, in addition, circulation of the purge gas requires additional energy.

(b) Concentration Polarization
It is often stated that concentration polarization in vapor permeation is not
as important as in pervaporation, because diffusion coefficients D in vapors are
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usually up to 10 000 times larger than those in liquids. However, one has to bear
in mind that the density p of a vapor is up to 1000 times smaller than the one of
a liquid. Therefore, the product D-p is not very different for a vapor and liquid
feed mixture. Rautenbach has recently shown [62] that it is this value D-p which
is the significant number for calculating the mass-transfer resistance in the
laminar boundary layer at the feed side of a membrane. If this resistance is very
large compared to the membrane resistance, concentration polarization be-
comes important in vapor permeation. In such cases, process design must focus
on the hydrodynamics of the module and not on membrane improvement.

3.4.2.3. Industrial Applications

The straightforward development of vapor permeation from laboratory scale
to its first industrial application was realized by LURGI GmbH in Germany
[44,45]. The plant was designed for dehydration of 94 w% ethanol to a final
composition of 99.9 w% with a capacity of 30 tons/day and is installed at
Briiggemann & Co. in Heilbronn, Germany. Figure 3.23 shows a simplified
process scheme of this plant. It consists of an evaporator and a three-stage vapor
permeation system with two integral vapor compressors. The feed alcohol of
subazeotropic concentration is first preheated with the dehydrated alcohol
vapor leaving the membrane permeation system. It is then fed to the boiler of
the distillation unit where it is evaporated. The saturated vapor of 2.2 bar and
100°C leaving the top of this unit passes directly through the first permeation
unit. The slight pressure drop of about 0.5 bar is compensated for by recom-
pression with a single-stage vapor compressor. The vapor enters the second
permeation stage as saturated vapor at a temperature of 100°C and is recom-
pressed by a second compressor before passing through the third permeation

Evaporator Membrane modules

Dehydrated alcohol

Cooling water ! Cooling water

>

Fig. 3.23. Schematics of an industrial vapor permeation plant for the dehydration of ethanol [44].
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Fig. 3.24. Schematics of a hybrid process for iso-propanol dehydration combining vapor
permeation and above-azeotropic distillation [44].

unit. The permeate is condensed by a plate and frame cooler. The permeate
pressure is maintained at 10-20 mbar by very efficient permeate condensation.
The closed-loop cooling system allows precise temperature control, avoids
icing in the condenser and ensures complete condensation of the permeate.
Organic vapor emission via the vacuum pump is thus kept to a minimum. The
vacuum pump primarily serves to remove uncondensables and inert gases.

Cost analysis indicates that vapor permeation is more economical than
pervaporation for this separation problem [44]. It compares favorably with
conventional separation processes with respect to economics and it is by far the
process to be preferred with respect to reducing environmental pollution.

Similar results concerning costs are expected for the dehydration of iso-pro-
panol from 88 w% IPA to 99 w%. by vapor permeation [44]. Figure 3.24 shows
the process scheme of a hybrid process proposed for this separation problem.
If vapor permeation is only used to bridge the azeotropic point instead of
concentrating directly to the final product, the process is even more economical
and a very attractive alternative. This concept is especially advantageous if an
extremely high final alcohol concentration is required with a very low residual
water content of less than 50 ppm and without any traces of entrainer.

In this hybrid process the water is finally removed from the system at the top
of the above-azeotropic distillation column by vapor permeation before con-
densation. The condensate is just used as reflux. If the two columns are designed
as a two-stage pressure system, with some heat transfer, the two single-stage
vapor permeation units can be operated without additional vapor compression.
Although the process proposed looks very promising it still has to be de-
veloped.



108 3 — VAPOR PERMEATION

3.5 CONCLUSIONS

Vapor permeation is regarded as the membrane process for separating con-
densable compounds from mixtures containing vapors and permanent gases or
only vapors. Therefore, the process is closely related to gas permeation and to
pervaporation. Vapor permeation is already used for the separation of volatile
organics from waste air and for the dehydration of alcohols. Compared with
pervaporation it has the advantage that the membrane is not exposed to a liquid
feed. This may be important for the treatment of liquid process streams in
industrial plants before and/or after a chemical reaction, especially if these
streams contain nonvolatile compounds which are harmful for the membrane
material. As no phase change occurs in the membrane separation module, the
temperature of the feed does not change as much as in pervaporation where the
removal of the heat of evaporation causes a significant decrease of the feed
temperature. Usually, the higher the feed temperature the higher the flux and,
consequently, the overall membrane area necessary for handling a given pro-
cess stream is smaller. High temperatures are advantageous, but only if mem-
branes are available that are chemically stable at operating conditions and, in
this respect, further development is absolutely necessary (e.g., ceramic mem-
branes). In vapor permeation, the separation characteristics of the membranes
are very sensitive to the feed pressure, which at any operating temperature
should be kept as close as possible to the saturation pressure. In practical
application this requirement is not easy to obtain. Its long-term reliability still
has to be proven. Nevertheless, vapor permeation has emerged as a membrane
separation process feasible for a wide range of industrial applications, espe-
cially if incorporated in hybrid processes.

3.6 FINAL REMARK

As in most fields, a tremendous amount of work has been done in the area of
vapor permeation in the past few years. We have tried to present the general
advances that have been made. When you judge our efforts we would like you
to heed the words of the English lexicographer and author, Samuel Johnson,
who in 1755 wrote about his dictionary (one of the first compiled): “In this work,
when it shall be found that much is omitted, let it not be forgotten, that much likewise
is performed...”
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4.1 INTRODUCTION

In reverse osmosis, a semipermeable membrane is challenged with a press-
urised feed stream containing a solute. The pressure exerted is greater than the
osmotic pressure of the feed, causing solvent to flow through the membrane.
The technology is also often referred to as hyperfiltration. Figure 4.1 provides a
schematic representation of the process.

The most common use for reverse osmosis is in the desalination of water.
Here the aim is to remove dissolved salts and organics from water. Both
seawater and brackish water are routinely processed. Because of the high
osmotic pressure of seawater (2.3 MPa), reverse osmosis plants must frequently
operate at high pressures (to 7 MPa) and plant components must be much more

Applied
Pressure

WATER

Osmosis Reverse Osmosis

Fig. 4.1. Schematic of the reverse osmosis process.
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TABLE 4.1
Osmotic pressures at 25°
Species Concentration (mg I') Osmotic pressure (MPa)
NaCl 35,000 2.79
5,000 0.39
1,000 012
500 0.09
Seawater 44,000 3.23
32,000 231
Sucrose 34,000 0.26
340,000 2.60
Glucose 18,000 0.24
90,000 1.21

robust than for other membrane based technologies. Table 4.1 provides data on
the osmotic pressure of sodium chloride, seawater and sucrose solutions as a
function of concentration.

The origins of the industrial application of reverse osmosis can be traced to
the observation by Reid and co-workers [1] that dense polymer films could be
used for desalination. Shortly afterwards, Loeb and Sourirajan [2] announced
the development of a method for preparing anisotropic cellulose acetate mem-
branes, with an active skin layer sufficiently thin to enable industrially interest-
ing desalination fluxes to be obtained.

Since that time, new membranes have appeared and there has been a steady
development of modules for efficiently housing the membranes and ensuring
sufficient cross flow of feed to limit the buildup of a concentrated layer of solute
at the surface of the membrane. This phenomenon, known as concentration
polarisation, is responsible for a lowering of the pressure driving force for
transfer across the membrane and reduces permeate flux. Since membrane
plant is essentially modular, the capital cost of membrane plant is directly
reflected in the flux obtained.

Other problems experienced in the industrial application of reverse osmosis
are the fouling of the surface of the membrane by particulates in the feed stream
or species that become supersaturated and precipitate, and membrane deterior-
ation due to compaction, hydrolysis and chemical attack. Whilst cleaning
regimens can be used to restore flux, long term flux decline is often experienced.

The technology has matured to an extent where 25% of the world’s capacity
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in desalination plant now uses the reverse osmosis process in preference tolong
established technologies such as multistage flash evaporation. In the USA, the
penetration of reverse osmosis into the desalination market is 70%, with the
estimated annual sales of desalination membranes being $ 85 million [3]. The
technology has also found extensive use in food processing, and, as a result of
continually improving module performance, is commencing to appear econ-
omically feasible for the environmentally important treatment of secondary
sewage effluents and waste streams in industry. Current estimates give an
annual growth rate of 20%. Nonetheless, the technology is still considered by
some engineers to be problematical, with a risk of process failure due to
long-term decline in membrane flux.

This chapter will review the membranes and modules currently available for
reverse osmosis, and consider aspects of plant design and operation. The
chapter will also consider the likely evolution of the technology over the next
decade.

4.2 REVERSE OSMOSIS MEMBRANES

Useful reviews of the present state of membrane development have been
provided by Kamiyama et al. [4], Drioli [5], Londsdale [6], Pusch [7] and Baker
[8].

Membranes currently used in commercial reverse osmosis installations are
asymetric, flat sheet membranes of cellulose acetate or cellulose triacetate, fine
hollow fibers of aromatic polyamides or cellulose triacetate and thin film
composites where an extremely fine layer of a highly hydrophilic polymer has
been placed on a microporous support, usually made from polysulphone.

Asymetric cellulose acetate membranes are typically 100 um in thickness,
with the active surface layer being as thin as 0.3 pm. The preparation of cellulose
acetate membranes involves dissolution of cellulose acetate in a solvent
(acetone), spreading of the resultant dope in a thin film, an evaporation step to
establish a concentration gradient in the film, and quenching of the film in a
water bath. The membrane as produced is heat annealed before use to ensure
adequate rejection of ions. Cellulose acetate membranes are resistant to chlorine
in the feed to 1 mg 1"}, but are subject to hydrolysis at high pH. Blends of
cellulose acetate and triacetate provide superior performance and a higher salt
rejection. Cellulose acetate blend membranes currently account for over 50% of
membranes used in water treatment [5].

Asymetric aromatic polyamide hollow fibers were introduced by the DuPont
company in the period 1967-72 (Permasep B9 and B10 permeators). The fibers
are thin (inside diameter 42 pum, outside diameter 85 um) and are used in a
tightly packed tubesheet configuration with the process flow on the outside of
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the fiber. Whilst the permeability of the fiber membrane is significantly less
than that of an asymetric cellulose acetate membrane, the packing arrangement
allows a high volumetric capacity to be obtained.

Thin film composite (TFC) membranes were developed by Cadotte [9] and
Riley et al. [10]. Membranes of this type are produced by interfacial polymeri-
sation at the surface of a finely porous membrane which provides mechanical
support for the resultant composite. For example, the PA300 membrane of Fluid
Systems/UOP is prepared by the interfacial polymerisation of epiamine (an
epichlorohydrin ethylene diamine) with isophthaloyl chloride and has a skin
thickness of 0.03-0.05 i, supported by a permeable hydrogel layer [8]. Similarly,
the Filmtec/Dow FT30 membrane is prepared by the interfacial polymerisation
of m-phenylenediamine with TMC to give a polyamide membrane with a skin
thickness of 0.2 p [3]. Other reactants are used, the aim being to get a thin film
composite of good water permability and high salt rejection. Table 4.2 provides
data on a range of reverse osmosis membranes now in commercial use [3,4,11].

TABLE 4.2
Properties of Some Commercial Reverse Osmosis Membranes

Type Manufacturer  Form in which pH Chlorine Oxidation
used range tolerance tolerance

Cellulose acetate blend Various Spiral wound 3-8 Fair Fair

Cellulose triacetate Dow/Toyota  Capillary fiber 4-9 Fair Good

Aromatic Polyamide Du Pont Hollow fiber 4-11  Poor Fair

Crosslinked polyether TFC Toray Spiralwound 1-12  Poor Fair

Aryl-Alkyl polyetherurea TFC Fluid Spiralwound 3.5-12 Poor Fair

Systems/UOP

Cross-linked fully aromatic Filmtec/Dow  Spiralwound 1-12  Poor Fair
polyamide TFC

Whilst the one-step processing of sea water remains a significant goal for the
fabricators of membranes (this requires a salt rejection of 99.4% and an opera-
ting pressure of 4-7 MPa), there has been significant recent activity in develo-
ping low pressure reverse osmosis membranes suitable for use with brackish
water [12-14]. Such membranes are designed to operate at transmembrane
pressures of 1-3 MPa rather than the more conventional 2.5-4 MPa.

The chemical and physical properties of the newer membranes remain for the
most part proprietary. Direct comparisons of membrane performance are not
straightforward because tests are frequently reported for different salt concen-
trations, different temperatures and transmembrane pressures and under dif-
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Fig. 4.2. Rejection (fractional) versus permeability (I/m* h-MPa) for commercial and experimental
membranes reported in recent technical literature (1980-90). Means of reported performance data
are plotted. Codes are: CTA, Cellulose triacetate; DP10, Du Pont B10; TOY, Toyobo hollow fibers;
FSY, Fluid Systems/UOP; PEC, Toray PEC 1000; FTC, Filmtec; N40, Nitto NTR 7440; N97, Nitto
NTR 7197; MIL, Millipore; DPA, DuPont A15; TOR, Toray SU-700.

ferent crossflow conditions on the process side under which significant solute
buildup (concentration polarisation) can occur and lead to a reduction in the
pressure driving force as the result of osmotic effects.

Figure 4.2 is a first attempt to reconcile available data. The axes are, respec-
tively, fractional solute penetration (P) and apparent membrane permeability
(A). Definitions are:

R

P=1- 'i'O—O (41)
where R is the percentage rejection of the membrane for solute, and
A=—I (4.2
AP - All

where ] is the solute flux and (AP — AIl) is the transmembrane pressure when
account has been taken of the osmotic pressure of the feed and permeate.

The use of A and P in this way reflects the current wisdom that the mode of
solute transfer across the membrane is diffusional (see Section 4.3.1). The units
used in expressing A (1/m? h-MPa) are those commonly used in the membrane
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industry. A table of unit conversions has been provided at the end of this
chapter. It should be noted that the calculation of P and AP from data in the
literature makes no allowance for the possibility of concentration polarisation
during the test. However, it is expected that most experimentors will have
ensured good feed side mass transfer under membrane test conditions.

The data in Fig. 4.2 suggest that the high salt rejections required for one-step
sea water desalination (from 35,000 to 500 mg 1! in one pass) are obtained at the
cost of substantially lowered membrane permeability. For the less demanding
task of desalinating brackish water (feed 2000-5000 mg 1) a more permeable
membrane can be used and the feed side pressure can be substantially reduced.
Where the task is relatively straightforward, as in under-sink units to improve
the potability of town water, quite low pressure operation is feasible. The
notable feature of Fig. 4.2 is the considerable scatter of data about an apparent
mean relationship. This suggests that there is scope for improving the rejection
capacity of a membrane without a heavy penalty in permeability. Kamiyama et
al. [4] have, for example, suggested that the Toray polyether composite shows
superior performance for monovalent ions because of its significant negative
charge.

It is not possible to speculate on the ultimate capacity of a reverse osmosis
membrane for a given level of solute rejection because of lack of knowledge
about the phenomena governing the transport phenomena involved. There will
be a limit on skin thickness to retain mechanical integrity. This may well have
been approached in those membranes having skin thicknesses of 0.03-0.05 um.
Riley [3] has additionally drawn attention to the need for the support layer to
provide a minimum of resistance and has quoted earlier work by Lonsdale in
which it is suggested that flow limitations in the microporous support layer
limit the solvent capacity of existing membranes to 30% of that feasible. More
importantly, it would appear that the best reported rate of water passage is still
substantially below that predicted from a diffusion model if it is assumed that
a significant proportion of the membrane permits the passage of water mole-
cules.

Other factors determining the choice of a reverse osmosis membrane are its
resistance to chlorine (used to prevent biological growth in the membrane
system) and oxidising agents. Whilst cellulose acetate blend membranes have
areasonable level of stability to levels of chlorine of 1 mg I, the newer thin film
composites are less stable, and there is obvious attraction in developing a
membrane that can operate effectively at high temperatures and under oxidis-
ing conditions.

Membranes not covered in the above discussion are dynamic membranes
formed by trapping zirconium oxide and polyacrylics on microporous carriers
and those formed by plasma polymerisation. Although experimented with for
reverse osmosis applications, neither has yet shown commercial potential.



4 — REVERSE OSMOSIS 119

4.3 THEORY OF REVERSE OSMOSIS

The theoretical development for reverse osmosis includes the prediction of
the transport properties of the membrane itself and prediction of the concentra-
tion profiles in the feed side flow channel as these give the concentration of
solute at the surface of the membrane.

4.3.1 Membrane Transport

It is not yet possible to determine the structure of the skin layer of a reverse
osmosis membrane by electron microscopy and there remains some contro-
versy over the possible existence of pores. Current thinking is that the solvent
passes through the gaps between polymer chains, which are of the order of 2-5
A. Studies by Luck [15] and others on the structure of water in the skin layer
suggest that the water in membranes with good rejection properties is quite
strongly bound. It is therefore not accessible for the hydration of ions attempt-
ing to pass the membrane. However, it is noteworthy that high flux, low
pressure drop membranes (nanofiltration membranes) are essentially charged
ultrafiltration membranes which function by a different mechanism due to
Donnan exclusion {16].

Theories used to characterise transport in the skin layer of membranes have
been reviewed by Pusch [17]. They include the irreversible thermodynamics
approach of Kedem and Katchalsky [18] and Kedem and Speigler [19], the
solution—diffusion model [20], and the preferential sorption-capillary flow
model of Sourirajan [21].

Irreversible thermodynamics leads to the following expressions for water
and solute flow:

Jv =Ly X (AP - All) 4.3)
Js=¢cs(1-0)],+DeAc (4.4)

¢ is a measure of the solute-water coupling within the membrane and may
often be treated as 1. The theory then characterises the membrane by the
parameters L, and Dg, which may be measured by other than reverse osmosis
experiments and then used to quantify the performance of the membrane. A
particular strength of this approach is its extension to multicomponent systems,
where it can be used to predict membrane behaviour. However, it does not
elucidate the actual transfer mechanisms within the membrane.

Parameters in the sorption—capillary flow model have been extensively eval-
uated by Sourirajan and his co-workers for cellulose acetate membranes. In a
recent paper [22], the work has been extended to mixed ionised solutes in
aqueous solutions and a solution sequence is developed to allow prediction of
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the separation of individual ions from a set of reverse osmosis data taken from
a sodium chloride reference solution.

However, the most commonly applied model at present is the solution—dif-
fusion model, which gives the following relationships:

D,, ¢y, Vy (AP - AID)

= RTA = A(AP - ATI) (45)
for flux of solvent, and
_DiK (G- (4.6)

s Ax

for the flux of solute. This model successfully predicts the effect of increased
pressure on solute rejection, defined as:
1_ .0
R= (cs le) % 100 (4.7)
CS

As transmembrane pressure increases, Eq. (4.5) suggests that the solvent flux
will increase proportionally. Solute flux (Eq. (4.6)) will rise less rapidly, giving
an improvement in solute rejection as is observed experimentally. The model
similarly correctly predicts the decrease in rejection that occurs with increased
solvent recovery. As a consequence of increased solvent recovery the concen-
tration of retained solute increases, and, by Eq. (4.6), a greater passage of solute
(lowered rejection) is expected.

Whilst the solution-diffusion model provides a convenient tool to explain
parametric effects in reverse osmosis, methods for the a priori prediction of A
and D;K; are not available and these parameters must be determined by experi-
ment. Nor is it possible, knowing DK for one ionic species to predict it for
another. There also remains some question whether the solution-diffusion
equation will hold for high permeability reverse osmosis and nanofiltration
membranes where the rejection mechanism may depend on membrane charge.

4.3.2 Concentration Polarisation

The extent of concentration polarisation in reverse osmosis is determined by
the effectiveness of feed cross flow in remixing the rejected solute collecting at
the surface of the membrane as a result of the flux of solvent through the
membrane. The likelihood of feed side concentration polarisation and its ad-
verse effect on the driving force across the membrane conditioned many of the
early attempts to develop reverse osmosis equipment. Thus, for example,
tubular and relatively high velocity channel flow elements were designed.

The current approach to the design of modules recognises that at low per-
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meation rates, the extent of concentration polarisation is likely to be limited.
Thus, for example, Du Pont hollow fiber permeators, because of the intrinsic
low permeability of the membranes, are said to operate under essentially
backmixed conditions on the shell (feed) side [23]. Similarly, the presence of a
mesh in spiral wound modules promotes feed side mixing and minimises the
effect of concentration polarisation at the membrane surface. However, with the
advent of high flux membranes, in which a high recovery per pass is required,
the prospect of concentration polarisation again emerges.

The simplest relationship for the membrane surface concentration (cy,) is
provided by Eq. (4.8):

I_kln.(i'l‘__:_clsl_) (4.8)
T (e -ch '

where k is a mass transfer coefficient, dependent on the extent of cross flow and
physical properties prevailing at the surface of the membrane. For example, k
may be obtained from the Graetz-Leveque equation for laminar flow, or from
a correlation for turbulent flow.

More complete solutions which account for diffusional effects in the axial
direction and loss of solvent along the flow channel have been provided by
Sherwood et al. [24], Kimura and Sourirajan [25], Derzansky and Gill [26] and
Sirkar and Rao [27]. The details of these solutions will not be provided here.
However, they broadly show a greater level of polarisation than predicted by
Eq. (4.8) and would encourage the use of effective mixing on the feed side of a
reverse osmosis membrane. It is unusual, in reverse osmosis, for the membrane
surface concentration to exceed twice to three times that of the bulk feed.

4.4 DESIGN OF REVERSE OSMOSIS MODULES

The task in designing a module for reverse osmosis is threefold: (i) to provide
mechanical support for the membrane, which must operate at high pressures;
(ii) to maximise the efficiency with which flow energy is used in controlling
concentration polarisation; and (jii) to provide adequate egress for the permeate.

4.4.1 Conventional Module Types

Two principal designs have evolved to date. These are the hollow fiber and
spiral wound configurations. Both tubular [28] and thin channel [29] reverse
osmosis units have been developed for food applications where sanitary design
is paramount, but would not be considered as efficient designs where costs
must be contained as in desalination.
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Fig. 4.3. Cut-away view of Toyobo hollow fiber module. Reproduced with permission.

In the DuPont range of Permasep B9 and B10 permeators [30], a bundle of
fibers containing millions of individual units is used in a U-tube configuration
within a pressure vessel. The fibers are mounted in parallel and fixed into a
section of epoxy resin at both ends. One end of the bundle is machined to open
the fibers and to provide a path for permeate. Feed to the bundle is provided by
a centrally located feed tube, with the feed stream moving radially outwards
outside individual fibers. The outer housing is a pressure vessel. The fibers
themselves are able to withstand high pressures (to 6.9 MPa) without collaps-
ing, but the bundle, because of its tight packing is prone to fouling if particulates
are present in the feed. Broken fibers are said to be self healing. The B9
permeator is designed for use with brackish water, whilst the B10 module is for
sea water. Moch [11] reports that the flux for the B9 permeator has been
optimised at 59 1 m? h under which conditions process side concentration
polarisation is not significant. The productivity of a 200 mm (8 inch) diameter
module is 2.5 m® h™,, and product recovery per module is 50-60% of feed.
Hollow fiber geometry has also been used by Dow Chemical and Toyobo.
Figure 4.3 gives a cut-away view of the Toyobo hollow fiber module.

Spiral wound modules date to 1968 [31]. In construction of the spiral wound
module, pairs of membranes are separated (active surfaces outside) by a tricot
nylon spacer (typical thickness 0.2-0.4 mm) [32] and are glued on three sides.
The fourth, open side, is attached to a central permeate collection tube. The
membrane pairs are then separated from each other by a plastic net which
functions to distribute feed flow and assist feed side mass transfer. The sets of
membranes plus spacers are scrolled to give a spiral wound configuration as
shown in Fig. 4.4, with the finished roll being provided with anti-telescoping
devices and being fixed into a pressure tube using sealing rings. Up to six
individual spirals are placed in series within the one pressure tube. Flow of feed
takes place across the axis of the scroll. Permeate spirals in to the center
permeate collection tube. Whilst early designs of the spiral wound unit used
only a pair of membranes, later designs use multiple pairs to avoid too great a
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Fig. 4.4. Construction of Millipore spiral wound cartridge. Reproduced with permission.

permeate path length for a given module productivity. Spiral wound modules
are now made in diameters to 300 mm and lengths to 1500 mm. Riley [3] reports
that spiral wound modules were originally designed to operate at 20-30 1/ m?
h. For high flux, high recovery reverse osmosis of brackish water, consider-
ations like the extent of polarisation reduction on the feed side and pressure
drop in the permeate flow path must be considered. It is obviously desirable to
choose the spacer to maximise the effectiveness of flow distribution and polari-
sation reduction at minimum pressure drop. Likewise, it is important to choose
a permeate flow path that limits parasitic pressure drop.

Tubular membrane systems incorporating 12 mm diameter tubes of 1000 mm
length are currently offered by Paterson Candy. Likewise DDS offer a plate and
frame system in which the channel height is 0.3-0.5 mm and the channel width
is typically 20 mm. Both designs have a low yield per unit volume and are used
principally in food applications where fouling is a major problem.

Table 4.3 compares the productivities and features of different module ge-
ometries. The table has been developed from data provided by Belfort [28],
Caraccio et al. [30], Eisenberg and Middlebrooks [33], Moch [11], Baker [8] and
Riley [3] as indicated. It is noteworthy that an approximate doubling in the
reported water output per unit module volume has occurred for spiral wound
and hollow fiber units from 1984 to the present. The figures in the table for these
modules represent the results of optimisation of module design by manufac-
turers of spiral and hollow fiber units over the period.

Figure 4.5 (adapted from Birkett [34]) provides a comparison of the producti-
vities of different types of commercial modules. In arriving at Fig. 4.5, permeate
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TABLE 4.3
Comparison of module designs

Module design Packing Water flux Water output Flow Easeof  Estimated

density at4MPa  per unit channel cleaning manufacturing
(m%/m® (/m*h) (m%/m’h) size (mm) cost? ($/m?)
Spiral wound 800° 21-51°  29-35° 2 Fair 30-100
Hollow fibers 20,000° 2-10™ 58-74'8 0.05 Poor 5-20
outside feed
Hollow fibers 3,000 8 24 6 Fair 20-100
inside feed®
Flat plate® 120 17 2 05 Good 100-300
Tubular flow 150 17 3 12-25 Good 50-200
inside®
Tubular flow 460 17 8 3 Good -
outside®

a. Ref. [28]; b. Ref. [3]; c. Filmtec literature; d. Ref. [8]; e. Ref. [30]; f. Ref. {33]; g. Ref. {11].
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Fig. 4.5. Productivity of different types of commercial modules. Redrawn from Ref. [34].

flux per unit transmembrane pressure has been corrected for the average
osmotic back pressure over the feed side of the membrane. The graph includes
data for both hollow fiber and spiral wound geometries, including recent data for
sea water TFC modules reported by Riley [3]. Whilst mirroring the general inter-
dependence of flux and rejection, Fig. 45 shows that there is a considerable
variation in the performance of different module designs in service. Modern,
one-pass sea water spiral wound modules show higher productivities than would
perhaps have been expected, given their excellent salt rejection capabilities.
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TABLE 44
Commercially available RO membranes and modules

Company Membrane material Module type Sales 1988
(US$ M)
Du Pont (USA) Composite cellulose acetate Spiral wound
Composite aramid 5
Asymmetric aramid Hollow fiber 24
Filmtec/DOW (USA) Composite polyamide Spiral wound 26
Fluid Systems/UOP Composite polyamide Spiral wound 13

Hydranautics/Nitto Denko  Composite polyamide/cellulose  Spiral wound 12
(USA /Japan) acetate

Toray (Japan) Asymmetric cellulose acetate Spiral wound 12
Composite PEC

Desalination Systems (USA) Asymmetric cellulose acetate Spiral wound 5
Composite polyamide

Toyobo (Japan) Cellulose acetate Hollow fiber 4

Millipore (USA) Composite Spiral wound 3

Osmonics (USA) Cellulose acetate Spiral wound 3

Sumitomo (Japan) Asymmetric poly(acrylonitrile) Spiral wound na.

DDS (Denmark) Asymmetric cellulose acetate Plate and frame n.a.
Composite polyamide

Paterson Candy (UK) Asymmetric cellulose acetate Tubular na.
Composite polyamide

Current suppliers of the different module designs for reverse osmosis are
given in Table 4.4 [17] together with an estimate of the 1988 sales commanded
by each supplier [3]. Riley [3] has indicated that Hydranautics/Nitto Denko is
the only supplier offering a complete design and install service for clients. Other
module suppliers provide equipment and advice to contracting companies who
design plant to client’s specifications and choose the most appropriate configu-
ration of membranes and modules for the purpose at hand.

4.4.2 Optimal Module Design

In the design of a reverse osmosis module a balance is struck between the cost
of producing membrane surface and the energy that must be expended to
maintain a sufficiently low surface concentration of retained species to ensure
membrane productivity. For a given feed and percentage recovery there will be
be an optimal configuration of flow channels that will minimise the total
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operating cost for a given membrane cost [35]. This may not, of course, be a
feasible design as the resultant flow channels may be too narrow to avoid
blockage with submicron particulates, or the design may not be able to be
constructed economically.

Figure 4.6 gives the result of such an analysis for the desalination of brackish
water (NaCl concentration 1500 mg I%) in a module in which the flow channels
consist of multiple channels of rectangular cross section. The lines on Fig. 4.6
are for three different membrane costs per m2 The least permeate cost is
obtained when the transmembrane pressure is low and the percentage recovery
is maintained high by keeping the channel height down. To ensure operation
under the most favourable conditions (entry zone mass transfer), the channel
length should be kept relatively short (100 mm). The channel design arrived at
(channel height 0.04 mm, channel width 2200 mm, channel length 100 mm) is
not dissimilar from that prevailing in a conventional spiral wound module,
when account is taken of the presence of Vexar spacer. The spacer serves to
remix the feed site on a regular basis and provides a series of regimes in which
developing flow occurs. The analysis would suggest that there is some scope for
optimisation of spacer design in spiral wound modules and that a percentage
recovery per module of greater than the customary 15% [3] should be aimed for.

Also shown on Figure 4.6 are manufacturers’ recommended performance
conditions for four commercially available modules having thin channel or
tubular geometries. Such geometries, which are used where fouling is high or
sanitary design is important, are clearly non optimal.
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Fig. 4.6. Operating conditions for optimally designed modules for the reverse osmosis of brackish
water [35].
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Because of uncertainties about the nature of flow on the feed side of hollow
fiber modules, it is not possible to extend the analysis to such modules at
present. However, it is worth noting that Permasep hollow fiber modules are
designed with radial flow of feed through the fiber bundle under conditions
said to give essentially backmixed flow with minimal concentration polarisa-
tion [23]. As a result, single module recoveries of up to 50% can be obtained.

4.4.3 Spacer Design in Spiral Wound Modules

The spacers used on the feed side of spiral wound modules have dimensions
ranging from:

spacer height 0.54-0.82 mm
filament diameter 0.27-0.41 mm
spacer mesh 2.3-3.0 mm

Schock and Miquel [32] have made pressure drop measurements on the feed
side of currently available spiral wound modules and report, under manufac-
turers’ recommended flow conditions, feed side pressure drops ranging from
0.02 to 0.08 mPa. This may be compared with a four-fold higher pressure drop
for the original Roga module [36], and a pressure drop of 0.04-0.11 mPa for the
hollow fiber module of DuPont [30]. The friction factor (A) may be correlated
with flow according to Eq. 4.9

A =623 Re3 4.9)
For mass transfer, Schock and Miquel [32] suggest a relationship of the form:
Sh = 0.065 Re%%5 502 (4.10)

which has been derived from from flat channel experiments.

Using their equations, Schock and Miquel suggest that by optimising spacer
design (in particular by adopting a thinner spacer for both the feed and per-
meate sides), the productivity of conventional spiral wound units could be
increased by 35% compared with the conventional Filmtec unit.

4.5 ASSEMBLY OF REVERSE OSMOSIS PLANT
4.5.1 Module Arrangement

Depending on the application and the membranes used, the arrangement in
a reverse omosis plant may be staged either on the brine (retentate) side, or on
the permeate side. In either case, as the quantity being processed decreases, the
membranes are arranged in a cascade so as to maintain a sufficient flow through
each module to limit concentration polarisation.
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Fig. 4.7. Two- and three-stage cascades for the reverse osmosis of brackish water. Recoveries are
75% and 88% respectively. Redrawn from Ref. [3].
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Fig. 4.8. Flow arrangements for two typical sea water installations [37,38].

Figure 4.7 shows two typical flow arrangements for a plant operating on
brackish water [3]. Here the individual membranes used have sufficient rejec-
tion capability to achieve the desired reduction in salt content and the retentate
from the first stage is sent to a second stage and possibly a third stage where it
is further concentrated. Such an arrangement is termed “brine side staged”.
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Characteristic flows are given. Recoveries on brackish water plants can be as
high as 95%, depending on the extent of feed pretreatment used, and the
presence of dissolved impurities likely to precipitate and cause membrane
fouling under the conditions prevailing in the last stage.

Figure 4.8 shows the flow arrangement for two typical seawater installations
[37,38]. Two possibilities exist. One-pass desalination may be attempted, using
high salt rejection membranes [37]. Brine-side staging is required to maximise
recovery, which is 50% in Fig. 4.8a. Alternatively, two-pass desalination may be
practised [38]. Here the first bank of membranes produces a brackish water, a
portion of which is further desalinated and back blended to give the desired
product. Reject from the second stage is passed back to the first stage feed. The
advantage of two-pass desalination is that pressure energy stored in the con-
centrate can be better utilised.

4.5.2 Minimising Energy Costs by Energy Recovery

In large desalination plants, it is usual to recover energy from the reject brine,
with power savings of up to 30% being possible when sea water is the feed.
Early plants tended to use centrifugal pumps running in reverse to affect energy
recovery. Wilson et al. [39] have described the use of a Pelton Wheel turbine
having an overall efficiency of 70-80% for this purpose and have indicated a
payback period of 0.3-2 years is possible when such a turbine is used on a 250
m® day™! seawater desalination plant.

4.5.3 Plant Process Control

Equipment for adequate process control on reverse osmosis plant is dis-
cussed in manufacturers’ product bulletins and by Mindler and Epstein [40].
Key parameters to be monitored are: pH, temperature, pressure, flow and
permeate conductivity. In addition, there are a range of regular tests necessary
on the pretreatment plant to ensure that water entering the reverse osmosis
plant meets chemical specification. Figure 4.9 shows the minimum instrumen-
tation necessary for effective plant operation.

4.6 OPERATION OF REVERSE OSMOSIS PLANT

Currently available reverse osmosis membranes are sensitive to chlorine, pH
and oxidants, and are liable to fouling either by submicron particulates or
microbiological species entering with the feed, or by the precipitation of salts at
the surface of the membrane as the feed stream is concentrated.
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Fig. 4.9. Process control required for a two-step automated reverse osmosis plant for municipal
wastewater. Reproduced from Ref. [40] with permission.

Calcium Carbonate Scaling: Mindler and Epstein [40] provide a method to
determine whether carbonate scaling will occur for a given feed. The calculation
involves a knowledge of the Ca*" ion present, the pH of the treated feed, and
temperature. If carbonate precipitation is likely at the concentration factor
experienced (2-4 times in brackish water plants, 1.3 times in seawater desalination
plants) acid must be added to the feed. It is usual to keep the pH of the feed to a
reverse osmosis plant at approximately 5.5 by the addition of sulphuric acid.

Calcium Sulfate Scaling: From a knowledge of the Ca** and SOg present in the
concentrated feed, it is possible to calculate whether the solubility product of
CaSO4 will be exceeded. If this is likely to occur, sodium hexametaphosphate
(SHMP) must be added to the feed to suppress precipitation. Alternatively, a
proprietary sequesterant like Flocon 100 (Pfizer) may be added.

Silt Density Index: Silt density index (SDI) is a measure of the quantity of
sub-micron particulates present and is determined by monitoring the flux
decline over 15 minutes when the feed water is filtered continuously through a
Millipore 0.45 4 membrane at a transmembrane pressure of 207 kPa.

£
1- ;‘ x 100
SDI = ! (10.11)

(]

SDI must be kept at 3 or lower for hollow fiber modules.
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Fig. 4.10. Feed pretreatment scheme used at the Doha reverse osmosis test facility for seawater
in Kuwait. Reproduced from Ref. [41] with permission.

4.6.1 Feed Pretreatment

Key to the successful operation of reverse osmosis plant is feed pretreatment.
Figure 4.10 gives the pretreatment scheme that was adopted at the Doha reverse
osmosis test facility (DROP) for seawater in Kuwait [41]. In this scheme, the SDI
for entrant seawater (typically 6.2) was reduced to less than 3, and its pH was
adjusted to approximately 5.5. Raw feed and treated water were chlorinated to
minimise biological activity.

Before subsequent use in a desalination plant, the chlorine content of the
treated water must be lowered by the addition of sodium bisulfite. Sodium
hexamethyl phosphate is also usually added to inhibit calcium sulfate scaling.
Usages of each of these chemicals for various modules are:

Usage of Chemicals

Fluid Systems/UOP  Filmtec Hydranautics DuPont Hollow Fibers
spiral wound

HaS04 (kg/m?) 0.36 0.54 0.44
SHMP (g/md - 21 9
NaHSO0s (g/m%) 36 22 7

A similar pretreatment scheme has been adopted in the Yuma plant trials
[42]. Where there is the possibility of residual organics being present in the feed,
the use of an activated carbon filter is recommended.
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TABLE 4.5
Comparison of performance of three membrane types
Bank Membrane type Output/unit (ma/ h) Energy (khW/ md)
1 150 x B10 Permasep 0.31 126
15 x B9 Permasep 193 (8.8
2 240 x PA UOP spirals 0.20 104
42 x PA 8600 spirals 1.00
3 Filmtec + other sheet 0.96 12.0
membranes

78 Hydranautics spirals

*With energy recovery turbine fitted.

4.6.2 Plant Operation

Data from the DROP seawater test facility (Table 4.5) [43,44] allow a compari-
son of the performance of three different membrane types.

Calculation of Module Performance: For Bank 1 it is possible to estimate
module performance from manufacturer’s performance data. The nominal
capacity of B10 Permasep modules is 788 1/m? h for a feed of 30,000 mg/1 TDS,
a recovery of 30%, a transmembrane pressure of 5.6 MPa and an operating
temperature of 25°C. Assuming complete mixing on the feed side, the exit
osmotic pressure at design conditions would be 3.4 Mpa. For a brine feed of
45,000 mg/1 TDS, the exit osmotic pressure at the same operating conditions
will be 4.6 MPa. This leads to a downrating of the capacity of the unit by using
Eq. 4.5 equivalent to:

(5.6 ~4.6)/(5.6 - 3.4) = 0.45 x

The actual performance of the module is 0.40 6 nominal. The difference may be
attributed to a small level of concentration polarisation at the surface of the
membrane.

Similarly, for the B9 Permeators, the calculated downrating is 0.98 x com-
pared with 0.72 x in practice. This suggests a higher level of concentration
polarisation for these membranes which have a six-fold higher operational flux
than the B10 membranes.

4.6.3 Membrane Fouling
Extended tests at the Yuma trial facility [42] have provided data on the

long-term flux decline of spiral wound modules used for the desalting of a
pretreated surface feedwater. Flux decline can be expressed in terms of Eq. 4.12
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Alt) = A(Q)™ (4.12)

where A(t) and A(1) are the membrane water permeabilities at times t hours and
1 hour respectively, t is the operating time in hours, and m is a coefficient,
estimated as -0.02.

After an extended test period, membrane fluxes at the Yuma facility fell
below the predictions of Eq. (4.12), and the surface of the membrane was found
to be fouled by a layer of colloidal smectite clays. Other factors found to cause
flux decline were compaction of the membrane and adsorption by the mem-
brane of organic solutes from the feed.

Although not apparent in the Yuma facility, iron salts and siliceous materials
present in the feed can also lead to membrane fouling. Brunelle [45] has drawn
attention to the role of charge on the surface of colloidal species in determining
fouling rate and comments on the significance of charge on the membrane itself
in minimising deposition.

In-service membrane cleaning is usually carried out using cleaning solvents like
sodium tripolyphosphate and sodium EDTA, and citric acid. Under ideal condi-
tions it can provide significant restoration of membrane flux. With careful plant
operation and regular cleaning, membrane lives in excess of 3 years are possible.

4.7 MAJOR REVERSE OSMOSIS DESALINATION PLANTS

The estimated installed world capacity for desalination is 13.3 million m?
day™! with reverse osmosis plant accounting for 31% of the total [46]. Two
countries USA (30%) and Saudi Arabia (22%) dominate the world reverse
osmosis scene. By far the greatest proportion (73%) of the total reverse osmosis
capacity is for the desalination of brackish water, with seawater applications
(9%) being presently static and the use of reverse osmosis for process water

TABLE 4.6
Large seawater reverse osmosis plants

Location Nominal  Feed Membranes Pressure % Overall
capacity MPa Recovery energy
‘000 KkWh/m®
m>/day
Jeddah [47] Saudi 57 43,300 Toyobo CTA 6 35 84
Arabia 1989 mg/1TDS  hollow fibers
Bahrain [48] 1984 46 12,000-30,000 Du Pont B10 6.5 61 5.0
mg/ITDS  hollow fibers
Malta [49] 1983 20 39,200 Du Pont B10 81 35 59
mg/1 TDS hollow fibers
Las Palmos [46] 24 Seawater Filmtec spirals

Spain 1989
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treatment (18%) growing. Plants are, almost exclusively, designed and built by
contractors on a custom basis, using membrane modules supplied by the major
membrane manufacturers.

4.7.1 Major Installations

Tables 4.6 and 4.7 give capacity and operating data for some of the world’s
largest desalination plants for seawater and brackish water respectively. Whilst

TABLE 47
Large brackish water reverse osmosis plants
Location Nominal Feed Membranes  Energy % Operating
capacity KWH/m® Recovery pressure
m°/day x MPa
107
Yuma [3] 274 Brackish 69% Fluid 70
Arizona USA 3,000 mg/1 Systems/UOP
1990 TDS Cellulose
Acetate Blend-
31% Hydranau-
tics Cellulose
Acetate Blend
Daesan [46] 95 Brackish Toray Spirals
Korea 1990
Iraq [46} 64 Brackish DuPont Hollow
1983-86 Fibers
Riyadh [50] 60 Brackish DuPont Hollow 90 2.8
Saudi Arabia Fibers Brine
1984 staged 4:2:1
Salboukh [46] 60 Brackish DuPont Hollow S0
Saudi Arabia 1610 mg/1 Fibers
1979 TDS
Unayzah {51] 52 Brackish Envirogenics 1.8 90
Saudi Arabia 1500 mg/1 Spirals
1989 TDS
Ras Abu Jarjur 46 Brackish DuPontB10 5.0 61 58
[52] Bahrain 19000 mg/l  Hollow Fibers
1984 TDS
Cape Coral [53] 46 Brackish 42% DOW TCA 0.53 75 1.4
Florida, USA 1600 mg/1 Fibers 58% 85 1.7
1976 TDS Hydranautics
Spirals
Fort Myers [46] 46 Brackish Hydranautics/ 90 0.7
Florida, USA 400-500 mg/1  Nitto Denko
1989 TDS Spirals
Bayswater [54] 36 CW Blowdown Hydranautics 82 3.0

Australia 1985 2500 mg/1 TDS Spirals
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capacity data are readily available in the technical literature [45}, operating data
are frequently not reported. This accounts for the blank entries on Tables 4.6
and 4.7. With the passage of time, there has been a shift from hollow fiber to
spiral wound composite modules, with the module replacement market being
dominated by spiral wound units able to operate at lower than original design
pressures.

4.7.2 Economics of Desalination

Riley [3] has reported the following capital and operating costs for desalina-
tion (Table 4.8):

TABLE 4.8

Capital and operating costs for reverse osmosis

Water type Capital costs (US$ M/>/day) Operating costs (US$/mproduct)
Seawater 2350-5880 1.37-2.35

Brackish 353-941 0.60-0.73

Depending on energy costs and local construction costs, reverse osmosis is
now competitive with the more traditional technologies of multistage flash and
multiple-effect evaporation in seawater applications.

A detailed breakdown of cost components for a notional seawater desalina-
tion plant (capacity 56,500 m>/day) at a Middle East location is provided by
Ericsson et al. [55]. Four typical membrane types and single and double-stage
operation are considered. Figure 4.11 reports typical data from this source for
FilmTec spiral wound modules. Cheapest water is obtained with a water
recovery of approximately 30%. Points worthy of note are the quite small cost
attributed to membrane modules in desalination plant (typically 15%) and the
high costs associated with feed pretreatment (40%).

A similar analysis by Leitner [56] based on DuPont Permasep modules gives
a water cost of $ 1.11/m® compared with $1.15/m? for multi-stage flash oper-
ation. Such estimates are strongly influenced by the cost assigned to energy,
which is very location dependent. For large installations, combinations of
reverse osmosis and multi-stage flash plant may be attractive, with excess
energy from the generation of electrical power for the reverse osmosis system
being used in the multi-stage flash plant. An advantage of such an arrangement
is the ability to blend product water of different salt contents.

Riley [3] has particularly drawn attention to the lowered costs likely to be
obtained in brackish water desalination by the use of the newer, low pressure
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Annual Costs
Filmtec Spiral Wound Membrane

Modules
$0.09

Mechanical
$0.095

Energy
$0.32

Supplies
$0.1

Membrane Replacement
$0.32

Costs are in $US/cubic metre water

Fig. 4.11. Cost breakdown for Filmtec modules in seawater service [55].

membranes and the advantages if less stringent feed pretreatment could be
practised.

4.8 APPLICATIONS OTHER THAN DESALINATION

Although the quantity of reverse osmosis equipment used in applications
other than desalination is small (Fig. 4.12), there is a growing market for the
application of the technology in the food industry and in other areas where the
value of recovered material justifies the processing cost or the technology offers
a way of overcoming an effluent problem. Examples include the use of reverse

GROWTH RATE (%)

75 13 12 9 15 17 11 w1988

2100 e = 1989
S
£ s
= $355 M
@
2
= s50f
w
ra
s
& 25 $118M
=
75}
=

0

'g Total
g | E % ;
oL
: & 3 gmg LE g

Fig. 4.12. Membrane sales and growth rates for various industrial applications of reverse osmosis.
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Fig. 4.13. Reverse osmosis plant at the Bayswater Power Station, NSW, Australia [54].

osmosis in the metal finishing, pulp and paper and textile industries. In each of
these the permeate from reverse osmosis is recycled. Reverse osmosis also finds
use in the preparation of boiler feedwater and the recycle of cooling tower
blowdown. Figure 4.13 shows the membrane module assemblies on the cooling
tower blowdown plant at the Bayswater 4640 MW power station in New South
Wales, Australia. As indicated on Table 4.7, Hydranautics spiral wound mo-
dules are used. Permeate is returned to the cooling towers and the brine
concentrate is subsequently disposed of by evaporation.

Overviews of the use of reverse osmosis in the food industry are provided
by Pepper [57], Paulson et al. [58] and Merson and Ginnette [59]. The technology
is well established in the concentration of whey from dairy plants, whole milk
and a range of fruit juices. Upper limits on the extent of concentration possible
are set either by the osmotic pressure of the concentrate, its viscosity, or the
precipitation of components at the surface of the membrane. Tubular and thin
channel devices can be operated at much greater feed side Reynolds numbers
than hollow fiber or spiral wound devices and offer advantages with viscous
feeds containing suspended solids. They are also attractive from the viewpoint
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of sanitary design. Spiral wound modules are, however, making increasing
inroads in the area of food processing and seem able to cope unexpectedly well
with feeds containing colloidal solids. Newer, loose reverse osmosis (nanofil-
tration) membranes that allow passage of monovalent salts whilst retaining
larger species are now finding increasing application in the simultaneous
concentration and partial desalting of food products.

Significant markets for reverse osmosis equipment also exist in biotechnol-
ogy and in the production of pharmaceuticals and injection water {60]. In such
applications membrane integrity is a dominant consideration. Pepper [57] has
indicated how the production of ultrapure water for semi-conductor manufac-
turing applications is calling for increasingly tight specifications on the reverse
osmosis step as higher capacity chips are developed.

Key to the successful operation of reverse osmosis equipment in food, bio-
technological, pharmaceutical and clean water applications is process specific
knowledge of feed-membrane interactions and ways to prevent membrane
fouling. Little such information is available in the open literature but is fre-
quently available from the membrane manufacturers themselves or from mem-
brane equipment contractors. Pilot scale testing for new applications is obliga-
tory. Because of the modular nature of membrane plant, scaleup from tests on
pilot scale equipment is relatively straightforward.

4.9 CONCLUSIONS

Reverse osmosis is the most mature of the industrially applied membrane
technologies, with large scale plant for the desalination of brackish water now
in routine widespread use throughout the world. Problems of membrane life
and flux decline through fouling have largely been solved, but at the cost of
extensive feed pretreatment, which must be customised for each feed. There is
scope in brackish water desalination for the development of new membranes
having both chlorine and oxidant tolerance, and for membranes which can be
operated at lower pressures. Some re-engineering of module design is expected
to occur.

The technology has also proved successful in the desalination of seawater
being economically competitive with multi-stage flash evaporation for large
installations. As with brackish water desalination, feed pretreatment remains
of paramount importance, particularly if one step-desalination is contemplated.

The greatest opportunities for future growth exist in the food and related
industries where concentration by reverse osmosis confers superior properties
on the product as thermal damage is avoided. Here there is considerable
challenge, both in minimising fouling of the membrane and in coping with
highly viscous concentrates that frequently contain solids. Much product spe-
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cific wisdom and experience is called for. Module designs for such applications
date to the evolution of reverse osmosis as an industrial technology and are
probably not optimal either in their usage of energy, required transmembrane
pressure called for, or manufacturing cost. Scope for improvement exists.
Faced with the problem of designing or specifying a reverse osmosis plant
for a particular application, the process engineer will be obliged to seek advice
from the manufacturers of membrane modules and will be able to gain a
relatively good estimate of the number of modules and their arrangement to
meet the design plant throughput. Uncertainties will exist over the long term
flux of the membranes. Membrane manufacturers will place stringent require-
ments on the nature of the feed stream to avoid premature fouling. Extensive
feed pretreatment will generally be necessary and will dominate plant costs.
The long-held dream of reverse osmosis practitioners, that of a module able
to produce high quality permeate at a transmembrane pressure just slightly
greater than the osmotic back pressure, has yet to be realised. So, too, has the
devlopment of a membrane with the ability to resist fouling. Both remain
elusive goals for the 1990s. Avoidance of the extensive feed pretreatment that
characterises the technology at present would substantially lower processing
costs and see reverse osmosis extend into hitherto uneconomic applications in
water regeneration and food processing. The challenge is a substantial one.

SOME USEFUL CONVERSION FACTORS

Reverse osmosis has been developed primarily in the USA, Japan and Eu-
rope. Units used in describing the performance of reverse osmosis equipment
are given in the American Engineering or S.I. systems or variants of these. Some
useful conversion factors are provided below:

1GFD =1 US gallon/ f* dag
= 1.7 LMH (litres/m" h)
= 0.041 m®/m? day
1000 psig = 68 Bar = 6.8 MPa = 68 kg;/cm’

11/m*h/MPa = 0.004 GFD/psi

NOMENCLATURE

A Membrane permeability (Eq. 4.2) [I/m? h-MPa]

A(l) Membrane permeability after 1 hour (Eq. 4.12) [I/m? h-MPa]
A(Y) Membrane permeability at time ¢ (Eq. 4.12) [I/m? h-MPa]

(oN Concentration of solute in bulk feed [mole/1]

cmcs  Concentration of solute at surface of membrane [mole/1]
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Cs Average concentration of solute [mole/1]

cl Concentration of solute in permeate phase [mole/1]
Cw Concentration of solvent [mole/1]

Ac Solute concentration difference across membrane [mole/]]
D Diffusivity [m?s7]

D, Solute diffusivity in membrane [m?s™]

Dy, Solvent diffusivity in membrane [m?s7]

I.J,  Solvent flux [I/m? h]

A Solute flux [mole/m? s]

k Mass transfer coefficient [m s7!]

K Distribution coefficient of solute in membrane [-]
Lp Coefficient in Eq. 4.3 [1/m? h-MPa]

P Fractional solute penetration (Eq. 4.1) [-]

AP Transmembrane pressure [mPa]

R Percentage rejection (Eq. 4.7) [-]

R Universal gas constant (Eq. 4.5)

Re Reynolds Number [-]

Sc Schmidt Number [-]

Sh Sherwood Number [-]

T Temperature [K]

3 Time in Eq. 4.12 [s]

t, t, te Times in SDI test (Eq. 4.11) [s]

Vw Partial molar volume of solvent [I/mole}

Ax Thickness of active layer of membrane [m]

£ Porosity of membrane [-]

c Reflection coefficient (Eq. 4.4) [-]

All Osmotic pressure across membrane [MPa]

A Friction coefficient for spacer (Eq. 4.9) [-]
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5.1. INTRODUCTION

Pervaporation is a new membrane technique which is used to separate a
liquid mixture by partly vaporizing it through a nonporous permselective
membrane. The “feed” mixture is allowed to flow along one side of the mem-
brane and a fraction of it (the “permeate”) is evolved in the vapor state from the
opposite side, which is kept under vacuum by continuous pumping (Fig. 5.1)
or is purged with a stream of carrier gas. The permeate is finally collected in the
liquid state after condensation on a cooled wall. It is thus enriched in the more
rapidly permeating (“faster”) component of the feed mixture whereas the
retentate is depleted in this component; the “retentate” is the fraction of the feed
that does not permeate through the membrane. The membrane is often swelled

p
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Fig. 5.1. Continuous-flow pervaporation. 1, Permselective tube; 2, vacuum pump; 3, circulating
pump; 4, condenser. F, Feed; P, permeate; R, retentate; A, faster component; ¢, A-content; Jo: feed
flow rate; J;, retentate outlet flow rate; ', permeate flux (prime indicates the permeate). <>, Average
value.
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(plasticized) by the permeating mixture and the swelling is “vectored” in the
direction of the permeate flow, i.e., the swelling decreases from the upstream to
the downstream side of the membrane.

Mass transport by pervaporation across permselective membranes involves
three successive steps:

1. upstream partitioning of the feed components between the flowing liquid
mixture and the swollen upstream surface layer of the membrane.

2. diffusion of the components in the surface layer through the membrane;

3. desorption of these components at the downstream surface of the membrane.

This process is obviously much more complex than simple vaporization, and
one can easily understand that the permeate composition is widely different
from that of the vapor in direct contact with the liquid feed after establishment
of free liquid /vapor equilibrium [1]. The use of a membrane obtained from an
appropriate polymeric material generally makes it possible to separate a num-
ber of positive binary azeotropic mixtures (Table 5.1).

Due to its high selectivity for liquid mixtures that cannot be efficiently
processed by conventional distillation, pervaporation is a useful alternative to
distillation and a potential competitor to energy-consuming separation pro-
cesses stich as vacuum and extractive distillation [2].

Mass transport through a dense polymer membrane is a rather slow process
and, therefore, pervaporation is not a complete separation technique in itself
since pervaporators cannot be assembled in cascade, like plates in a distillation
column. Pervaporation is generally used only to complement distillation when
the latter process is inefficient, for instance, to pass over the azeotropic compo-
sition of a given binary liquid mixture.

If the azeotrope contains unequal proportions of components A and B,
pervaporation is carried out through a membrane preferentially permeable to
the minor component in order to minimize the amount of permeate required to
isolate a pure retentate at the outlet of a pervaporation module (Fig. 5.1). In the
case of an azeotropic mixture containing nearly equivalent proportions of A
and B (for instance the water-pyridine azeotrope which contains 41.3 wt%
water), pervaporation is only used to split the feed into two non-azeotropic
fractions, which can each be further separated by distillation (Fig. 5.2).

The specific nature of pervaporation can be recognized by noting the dif-
ferences that distinguish it from related membrane separation techniques,
namely vapor permeation, membrane distillation, fractionation through gas
barriers, and perstraction.

Vapor Permeation

This term designates the fractionation of a saturated vapor mixture (emerg-
ing from a distillation column) by partial transport through a nonporous
permselective membrane, the permeate side of which is kept under low press-
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TABLE 5.1

Typical positive azeotropic mixtures (characterized by a minimum boiling temperature) which
can be separated by pervaporation through a permselective membrane obtained by grafting
polyvinylpyrrolidone onto a thin polytetrafluoroethylene film [1]

A-B Azeotropes Tb Azeotrope characteristics Selectivity Permeate flux

(A = Fast component) (°C) (kg/h m?)
T (°C) c (%) o B

A: Chloroform 612 60.0 72.0 39 125 265

B: n-Hexane 69.0 280

A: Ethanol 78.5 64.9 30.5 16.8 289 110

B: Cyclohexane 81.4 69.5

A: Butanol-1 1174 780 10.0 235 723 030

B: Cyclohexane 814 90.0

A: Water 100.0 78.2 44 29 268 220

B: Ethanol 82.8 95.6

A: Water 100.0 799 11.8 41.0 717 035

B: t-Butanol 82.8 88.2

A: Water 100 63.8 5.7 19.1 924 094

B: Tetrahydrofurane 65.5 94.3

A: Water 100.0 87.8 184 18.1 436 133

B: Dioxane 101.3 81.6

A: Ethanol 785 71.8 31.0 24 167 095

B: Ethylacetate 772 69.0

A: Methanol 64.7 55.7 120 29 236 065

B: Acetone 56.2 88.0

A: Ethanol 78.5 67.8 324 1.3 118 290

B: Benzene 80.1 67.6

The selectivities o and B are defined by the following ratios, respectively:

_(Cafe®) _cd-0) B= 4

Tocakem) cl-¢) T ¢
where ¢ and ¢’ are the weight concentrations of the faster permeant (A) in the feed (c) and the
permeate (c'), respectively. To denotes the normal boiling point of an organic compound or of an
azeotropic mixture (at 1 atm). Pervaporation temperature: T = 25°C.
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Fig. 5.2. Pervaporation—distillation integrated system designed to separate mixtures of water and
pyridine (feed F), richer in water than the azeotropic mixture. (caz = 41.3 wt% water). F: Feed
(water+ pyridine, cw> caz); D1,Dz: distillation columns; PV: pervaporator; M: hydrophilic mem-
brane; Cd: condenser; L: recycling loop; V: vacuum pump; C: circulating pump; P: water-rich
permeate; R: pyridine-rich retentate; W: water (Blg. T = 100°C); Pyr.: pyridine (Blg. T = 115°C); Az.:
azeotropic mixture (caz = 41.3% of water by weight, Blg. T = 92.6°C).

ure by continuous pumping [3]. A similar technique can be used to separate an
easily condensable component, for instance an organic vapor which contami-
nates a gas stream [4].

In both the above cases, upstream partitioning, which operates in pervapor-
ation, is replaced by sorption of the gaseous feed mixture that flows along the
upstream surface of the permselective membrane.

Membrane Distillation

In the membrane distillation process [5], a liquid feed is fractionated after
partial vaporization though a porous polymer membrane which is not wetted
by the feed. The liquid feed cannot penetrate into the membrane pores as long
as the upstream pressure does not exceed the minimum penetration pressure
for the pore distribution. To fractionate aqueous mixtures, porous barriers
made from hydrophobic polymers, such as polypropylene, polytetrafluoroe-
thylene or polyvinylidene fluoride, can be used.

According to this technique [6], the liquid feed is allowed to flow along one
surface of the membrane, whereas the permeated vapor is condensed on a
cooled wall, slightly apart from the opposite (downstream) surface of the
membrane and parallel to it (Fig. 5.3).

The transport regime is determined by the downstream pressure since the
transfer of the vaporized permeate through the pores may take place, depend-
ing on this pressure, either by viscous flow or by selective Knudsen diffusion,
and may even assume some intermediate mode of transport involving complex
phenomena, such as surface flow along the walls of the pores.

Despite the fact that, at first sight, membrane distillation does not basically
differ from distillation between a warm liquid surface and a chilled wall, the
former process exhibits a slight selectivity towards azeotropic feed mixtures
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Fig. 5.3. Membrane distillation process. 1. Porous membrane made of hydrophobic polymer; 2. feed
mixture; 3. vapor gap; 4. cooling fluid; 5. chilled wall; 6. condensed droplet.

due to the pore transport mechanism mentioned above [7]. In this respect,
membrane distillation is somewhat similar to pervaporation. The latter process
is generally more selective whereas the former delivers larger amounts of
permeate, the vaporization of which often causes a significant temperature
drop across the thickness of the operating porous membrane.

Fractionation Through Gas Barriers

In some membrane distillation devices [8], both sides of a porous membrane are
in direct contact with liquid phases (Fig. 5.4). In this configuration, a vapor lock is
immobilized in each pore of the working membrane, thus forming multiple gas
barriers. Vaporization takes place at one liquid-vapor interface of the gas barrier
and condensation at the opposite interface. Of course, this process, which is also
called “direct contact membrane distillation,” only works if the mass transport is
driven by an external force. This force is usually induced by keeping the feed
mixture at a higher temperature than the condensed permeate. This requirement,
therefore, leads to the design of a system in which the permeation module is
combined with a heat exchanger. The mass transport through the gas barriers is
then apparently driven by a temperature gradient. Obviously, the transport
process is strongly affected by the presence of noncondensable gases (air, for
instance) which could be dissolved in the feed, since these gases progressively
accumulate in the membrane pores. The vapor transport then changes from
simple convection to diffusion through a noncondensable gas layer immobi-
lized in the pores and the distillation rate progressively decreases. To avoid this
unfavorable effect, direct contact membrane distillation systems are generally
equipped with an additional device designed to separate noncondensable gases
from the feed prior to its introduction into the module.
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Fig. 5.4. Fractionation by gas membranes (direct contact membrane distillation). 1. Porous mem-
brane made of hydrophobic polymer; 2. liquid feed mixture; 3. condensed distillate; 4. vapor lock
(gas membrane).

The term “extraction through gas barriers” more specifically designates a
similar process in which mass transport through a gas gap is driven by an
activity gradient. For this purpose, the downstream liquid contacting the per-
meate side of the porous membrane is replaced by a stripping solution which
absorbs the volatile component to be extracted from the flowing feed mixture.

By using aqueous sodium hydroxide as a stripping solution and operating
with gas barriers immobilized in the walls of porous hollow fibers of polypro-
pylene (Celgard), it is possible to rapidly extract acetic acid from an aqueous or
organic liquid mixture [9]. Other typical examples reported in the literature are
mentioned below:

~ Extraction of bromine generated by oxidation (with chlorine) of bromides

dissolved in seawater [10]. This operation is achieved by use of air barriers
immobilized in the porous walls of hollow polypropylene fibers. The
stripping solution is aqueous sodium hydroxide.
- Extraction of iodine from an aqueous iodine-iodide solution. The strip-
ping solution is aqueous NaOH [11].

- Extraction of ammonia or organic amines contaminating an aqueous efflu-
ent by diffusion through gas barriers stripped by a solution of sulfuricacid
[11].

Perstraction
Perstraction also makes use of a countercurrent of stripping (purge) liquid,
which sets up an activity gradient between the opposite surfaces of a dense
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Fig. 5.5. Fractionation by perstraction [12]. 1. Liquid feed (mixture of components A and B); 2.
nonporous permselective membrane; 3. distillation column. C: High boiling-temperature leaching
solvent. Example: A: Benzene; B: cyclohexane; C: decaline. 2: Permselective membrane made of
phosphonated polymer (benzene is the faster permeating component).

permselective barrier (Fig. 5.5). In this case, the barrier is a thin nonporous
polymer membrane. Mass transport through the membrane proceeds via a
typical three-step solution-diffusion-desorption mechanism which is similar to
that involved in pervaporation.

Perstraction has been proposed by Cabasso [12] to separate benzene—cyclo-
hexane mixtures by preferential diffusion of the aromatic component through
a membrane made from blends of cellulose acetate and synthetic phosphonated
polymers, the stripping liquid being decaline.

5.2 CHARACTERIZATION OF PERVAPORATION MEMBRANES
5.2.1 Pervaporation Flux and Selectivity

The behavior of a pervaporation membrane used to separate a binary liquid
mixture (components A and B) of given composition is characterized by two
experimental parameters, namely, the permeate flux J’ (expressed in kg h™ m™
of membrane area) and the selectivity of the barrier, which may be quantified

by two alternative dimensionless ratios B and o defined as follows:

< _ calt’s c'1-¢)
B= c and o= cales  c(1-¢)

where c and ¢’ are the weight concentrations of the faster permeant (A) in the
feed (c) and in the permeate (c’), respectively. To differentiate o from f, the
Terminology Commission of the European Society of Membrane Science and
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Technology [13] has recommended the designations “separation factor” for a
and “enrichment factor” for B. The numerical values of these two parameters
can be readily related to one another by means of the following relationships:

1-c¢ o

=1—B¢:B B=1+(oz—1)¢:

o

Parameter o is similar to the membrane selectivity which is widely used in
gas permeation, and which is defined as the ratio of the permeabilities of the
membrane to two different pure gases under comparable conditions. In the case
of pervaporation, the physical meaning of o is not as clear because the two
penetrants are no longer transported independently through the membrane
due to strong coupling effects [14]. In spite of this difference, a is undoubtedly
more significant than p from the physico-chemical point of view since it in-
creases to infinity as the membrane approaches perfect semipermeability (¢’
then being very close to 1). On the other hand, the use of parameter p makes it
easier to formulate the mathematical equations [2] governing the performance
(production capacity, operational yield and energy cost) which characterizes a
pervaporation module.

A comparison between the ratios o and P clearly shows that the former is
larger than the latter, which systematically assumes a rather low value if the
feed mixture is rich in the faster-permeating component. For instance, it is quite
obvious that B cannot exceed 1.25, even if a perfectly semipermeable membrane
is used, when the feed contains 80% by weight of the preferentially transported
species.

From the above comments, we can see that no use can be made of o or B
values if the feed composition is not specified.

5.2.2 Concentration Dependence of Pervaporation Flux and Selectivity

It is worth noting that the flux and selectivity of a membrane used to separate
binary mixtures of components A and B depend on the extent to which the
permselective film swells under operational conditions and, consequently, on
the composition of the facing feed. A complete evaluation of membrane perfor-
mance, therefore, requires knowledge of the variations of the flux (J') and the
selectivity (a or B) with respect to feed composition.

To collect these data, experimental investigations are usually carried out
with laboratory pervaporation cells, as described in the literature [15). The test
cell itself is made of stainless steel and the membrane is generally supported by
a sintered metal disc. Efficient stirring is ensured by continuous flow of the
thermostatted feed mixture in a loop and a downstream pumping system
stabilizes the permeate pressure at about 1 mm Hg, in the vicinity of the
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membrane. The volume of the liquid feed is approximately 120 ml and the
membrane area is about 20 cm? The permeate is alternately collected in two
cold traps in which it condenses completely. The liquid thus recovered is
weighed and titrated by gas chromatography to evaluate permeation rate and
selectivity. This analysis only requires the sampling of a small amount of
permeate and the composition of the investigated mixture is not significantly
changed during the operation. Similar measurements are reiterated with a
series of mixtures differing in their composition and the results thus obtained
are used to calibrate the representative functions [’ vs. ¢, a vs. ¢, B vs.c, or ¢’ vs. c.

To accelerate the recognition of these functions, semiautomatic computer-
ized devices, such as that designed by Clément [16], have sometimes been used
(Fig. 5.6). Periodically, the permeate is diverted towards a side loop, maintained
at low temperature by liquid air, in which it is completely trapped in the frozen
state. It is subsequently melted, vaporized and driven into a gas chromatograph
by a stream of helium. The resulting chromatogram is instantaneously analyzed
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Fig. 5.6. Semiautomatic computerized device designed to characterize pervaporation membranes
[16]. (a): 1. Pervaporation cell; 2. sampling of pervaporate; 3. helium stream; 4. to chromatograph;
5. void reservoir; 6. cold trap; 7. vacuum pump. Broken line: pressure control and regulation. (b):
1. Pervaporation device (above); 2. helium inlet; 3. removal of pervaporate; 4. chromatograph; 5.
computer; 6. control and regulation of valves; 7. to valves; 8. printer.
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by a computer and is compared with that recorded just before the test, with a
sample directly extracted from the feed. This comparison permits evaluation of
pervaporation rate and selectivity at the known composition of the feed. The
experiment is generally carried out, starting from a relatively small volume of
liquid mixture, so that the composition of the flowing feed progressively varies
as pervaporation is allowed to continue. Reiteration of measurements at regular
time intervals thus provides the set of experimental data needed to calibrate the
four functions previously mentioned.

It is also worth stressing that selectivity and flux measurements are not
equally reliable. In fact, we may consider that experimental errors on selectivity
values are rather small provided that measurements are carried out under low
downstream pressure, i.e., if there is no significant pressure loss across the
sintered metal support. On the other hand, flux values are more questionable
because the transfer area is not exactly known, due to contacts between the
membrane and its support. In fact, comparative measurements made by Blac-
kadder [17] — investigating the pervaporation transport of pure p-xylene at
30°C through a homogeneous sheet of polyethylene (75 um thick) mounted
over five different supports — yielded experimental flux values ranging from
26 to 61 g h™ m™ It is then clear that the structure of the support may
significantly affect the observed transport rate and that experimental flux
values measured with a given laboratory pervaporation cell must only be
compared between them. Special care must be taken to determine absolute
values of permeation rates.

To collect flux and selectivity data which can reliably be used to evaluate the
performance of a module working in a continuous way, membrane charac-
terization must be carried out only when the steady-state transport regime is
attained. In fact, at the beginning of laboratory tests, the latter regime is gener-
ally preceded by a transient period (30 min to several hours, depending on the
composition of the feed and on the nature of the membrane), during which flux
and selectivity apparently change with time. These variations are governed by
the sorption kinetics of the feed mixture by the polymeric barrier material and
often involve complex migration phenomena, which may significantly deviate
from Fickian diffusion [18]. In practice, these transient behaviors are generally
considered as side phenomena which no longer significantly intervene when
the steady-state transport regime is established.

At fixed temperature, the selectivity of a given membrane for binary mixtures
of components A and B can be completely characterized by the figurative curves o
vs. ¢, or B vs. ¢. An alternative, more versatile representation, similar to the
MacCabe-Thiele diagram used in distillation, is the plot ¢’ vs. c complemented by
the reference line illustrating the relevant liquid-vapor equilibrium. To com-
plete this information, it is also useful to depict the influence of feed composi-
tion on pervaporation rate, i.e., to report the representative curve J' vs. c.
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Fig. 5.7. Pervaporation of water—ethanol mixtures through a homogeneous 20 pm-thick polyviny-
lalcohol membrane. T = 60°C. c, ¢’: Water concentrations (by weight) in feed (c) and in permeate
(¢). J': Permeate flux (kg h™m™). Dotted line: Free liquid-vapor equilibrium (under atmospheric
pressure).

Figure 5.7 shows the two curves characterizing the selectivity and the per-
meability of a 20 pm-thick homogeneous polyvinylalcohol membrane used, at
60°C, to dehydrate by pervaporation, water-ethanol mixtures of varying com-
position. The square diagram (¢’ vs. ) clearly evidences the great selectivity of this
membrane to water. Because of its high crystallinity, this material is not very
permeable when it is not extensively swollen by the contacting feed, i.e., when it
faces mixtures containing less than 20 wt% water. It is also noteworthy that it is
virtually impermeable to pure alcohol in which it does not swell at all. The latter
feature may be correlated with the high selectivity to water exhibited by the
membrane when pervaporation is carried out under very low permeate press-
ure since the downstream layer of the working membrane is then non-swollen.

By means of similar graphs, Fig. 5.8 characterizes, at 40°C, a 180 pum-thick
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Fig. 5.8. Pervaporation of water-pyridine mixtures through a homogeneous 180 um-thick mem-
brane made of sulfonic cation-exchange polymer [19]. cAz: Azeotropic composition = 41.3 wt%
water. J": Permeate flux (kg ht m‘z).
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homogeneous cation-exchange membrane facing water-pyridine mixtures; this
binary system exhibits azeotropic behavior when its composition approaches
41 wt% water [19]. Despite its thickness, this hydrophilic polyelectrolyte mem-
brane delivers a satisfactory permeate flux.

Pervaporation rate increases as temperature is raised. Generally, variations
of total and individual fluxes are ruled by the Arrhenius equation:

J'=Joexp(-E/RT) [Ji=(doexp (- E; /RT)

Considering all systems already studied, it appears that the activation energy
E strongly depends on the nature of the membrane and on that of the investi-
gated binary mixture. Data reported in the literature range from 5 to 22 kcal per
mole. If both components are characterized by the same activation energy,
pervaporation selectivity does not depend on temperature. In such a case,
which occurs, for instance, when polyvinylalcohol membranes are used to
separate water—ethanol mixtures, pervaporation is the most productive when
it is carried out at the highest temperature compatible with the thermal and
chemical stability of the barrier material.

Periodicals devoted to membrane science contain a number of experimental
results relative to the permeability and selectivity of membranes made of
various polymers and used to separate different binary liquid mixtures. These
values, which have already been compiled elsewhere [20], mainly concern the
dehydration of organic solvents, the separation of hydrocarbons and the extrac-
tion of trace amounts of organics contaminating aqueous solutions. Some of
them deal with the dehydration of organic acids or bases (amines).

This information can be used, as a first approach, to select an appropriate
polymer to manufacture a pervaporation membrane designed for a given
separation purpose. Nevertheless, one must keep in mind that these values
generally depend strongly on the operational conditions in which they have
been measured.

5.2.3 Average Characteristics of Operating Pervaporation Membranes

During continuous pervaporation (Fig. 5.1), the retentate becomes poorer
and poorer in the rapidly permeating component (A) as it proceeds along the
membrane. Progressively, its concentration ¢ decreases from ¢, to ¢; as it flows
from the inlet to the outlet of the module. In the steady-state regime, the
membrane is not faced with a liquid of the same composition over its entire
surface. As a consequence, the performance of the system, for instance its
production capacity per m? of membrane area, is determined by average values
of selectivity and permeate flux, defined over the [c,, ¢;] concentration range.

Coming back to the diagrams ¢’ vs. c and ]’ vs. ¢, we must therefore focus our
attention on the domain comprised between ¢, and ¢; (Fig. 5.9). To compare the
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Fig. 5.9. Average selectivity index ¢ within the [co, ct] concentration range. 6 = A1/ A2,

selectivity of different membranes and to appreciate their respective abilities to
process a mixture of given starting composition (c,) and to reduce its concen-
tration to a fixed ¢, imposed residual value, it has been suggested to refer to an
average selectivity index o defined by the ratio:

o=A/A

A; and A; being the two areas delimited in Fig. 5.9. This ratio has obviously
been selected because it equals zero when the membrane is devoid of any
selectivity, and approaches infinity in the case of a perfectly semipermeable
barrier.

5.2.4 Expected Performance of a Continuous-flow Pervaporator

A simple experimental procedure can also be used to estimate the production
capacity of a unit pervaporator equipped with a given membrane and designed
to separate a given feed. A laboratory experiment is run after introduction of a
known amount (weight = myg) of the starting mixture (cp) into a loop comprising
a pervaporation cell equipped with the investigated membrane (surface area a)
and a circulating pump. The retentate is automatically titrated by a non-de-
structive method and the experiment is stopped after a lapse of time At, when
the concentration of the retentate attains the required value (c;). At the same
time, the condensed permeate is weighed (Am). The production capacity J; that
may be expected from a unit module working in such conditions can then be
calculated by means of the following equation:

The recovery yield R in purified retentate is given by:
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5.2.5 Influence of Downstream Pressure on Membrane Performance

Besides temperature, other external parameters may influence the character-
istics of a pervaporation membrane facing a given binary liquid mixture. Down-
stream pressure being the most determining, it is recommended to measure flux
and selectivity under very low permeate pressure (less than 1 mm Hg).

In fact, any rise in this pressure results in an increase of the activities of both
permeants dissolved in the downstream layer of the working membrane. Ac-
tivity gradients across the thickness of the membrane consequently decline and
permeation fluxes drop. Regarding selectivity, we have to consider that the
resistance opposed by the downstream layer of the membrane becomes less
selective as this layer swells more extensively. Moreover, at the membrane/per-
meate interface, desorption slows down as downstream pressure increases and
it progressively becomes the rate-determining step of the process. Accordingly,
transport selectivity then undergoes a drastic change, as illustrated in Fig. 5.10.

0.9}

0.8}

P (mb)

10 Ty 20 30

Fig. 5.10. Pervaporation of water—tetrahydrofurane mixtures through a membrane made of regen-
erated cellulose (Cuprophane), T = 20°C. Influence of permeate pressure P (mbars) on pervapora-
tion selectivity [21]. X'. Water concentration in the permeate (mole fraction); X. water concentration
in the feed (mole fraction); 1. X = 0.296; 4. X = 0.570. Boiling temperatures: water, 100°C; THF,
65.4°C.
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Fig. 5.11. Pervaporation of n-hexane-n-heptane mixtures through a homogeneous membrane of
polyethylene, T = 30°C. Influence of downstream permeate pressure on pervaporation selectivity.
o (preferential transport of n-hexane). Curve deduced from data reported by Greelaw [22]. Hexane
content in the processed feed = 74.2 wt%. Boiling temperatures: n-hexane, 68.6°C; n-heptane,
98.4°C. P#* = Saturating vapor pressure of n- heptane.

In fact, this graph clearly shows the occurrence of a transition between two
distinct transport regimes when downstream pressure exceeds a certain limit
which approximates to the saturated vapor pressure of the permeate. Under
low downstream pressure, desorption is rapid and diffusion through the mem-
brane is the rate-determining step of the process. Beyond the transition press-
ure, desorption slows down and progressively governs the selectivity of perva-
poration transport. In the latter regime, selectivity is mainly determined by the
relative volatilities of the feed components. If the more rapidly permeating
species is also the more volatile, selectivity increases as downstream pressure
is raised (Fig. 5.11). In the opposite case, a steep decrease in selectivity is
observed (Fig. 5.10).

In fact, if one assumes that the permeate behaves as an ideal mixture and does
not contain any significant amounts of noncondensable gases (for instance, air
entering via leaks in the apparatus), it can be shown [21] that permeate compo-
sition X' (mole fraction) depends on downstream pressure P, according to the
following relationship:

PAPy 1 Pi

X5 =
ATPa-P P pi-p,

where A and B are the fast and the slow permeants, respectively, X’ denotes the
concentrations (mole fractions) in the permeate; P is the downstream pressure;



158 5 — PERVAPORATION

and P stands for saturated vapor pressures, at operational temperature.
Derivation yields:

dX’s PiPy 1

dP " p - p;, P?
If the faster component (A) is the less volatile (P} — P < 0), selectivity
decreases as P increases, as it is observed when a hydrophilic cellulose mem-

brane is used to dehydrate water-tetrahydrofurane mixtures (Fig. 5.10). In the
opposite situation, selectivity increases as P is raised up (Fig. 5.11).

5.3 MECHANISM OF PERVAPORATION MASS TRANSPORT
5.3.1 Mass Transport Through an Unevenly Swollen Polymer Film

At the qualitative level at least, the pervaporation transport of a binary
mixture through a non-porous membrane is now elucidated.

When the steady-state regime is established, each penetrant is transported at
the same rate through all sections parallel to the surface of the membrane. The
permeation flux of A may therefore be evaluated by considering its permeation
rate through the non-swollen downstream layer of the membrane (Fig. 5.12).

, N dCA
"]A=DA(dzl
e

D} = intrinsic diffusivity of A (extrapolated at zero concentration of the penetrant)

®
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Fig. 5.12. Permeant concentration profile across membrane thickness, during steady-state perva-
poration of a pure liquid. 1. Upstream uptake (swelling); 2. convex curvature due to the concen-
tration-dependence of permeant diffusivity [23]; 3. downstream concentration gradient; 4.
unswollen downstream layer of the membrane.
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vy = plasticization parameters; e = membrane thickness.

The latter equation accounts for the fact that, at a given place in the mem-
brane, the diffusivity D of component A is concentration-dependent. It gener-
ally increases as the polymeric material is more extensively swollen. This
dependence is responsible for the curvature of the permeant concentration
profile [23] across the thickness of the working membrane. If D increases with
penetrant concentration, this profile assumes a convex shape as depicted in Fig.
5.12. It follows that the partial flux of component A is determined by the
product of two factors:

1. The first is the activity gradient of A in the virtually dry downstream layer
of the working membrane. Of course, the higher the upstream starting point of
the relevant concentration profile, the greater the gradient, but the downstream
slope of the profile also depends on its curvature which is governed by the
plasticization of the membrane polymer by the permeants and also by coupling
between their flows. In most cases, however, upstream partitioning is the most
determining phenomenon and preferential sorption of A in the upstream layer
of the membrane favors the rapid transport of this component. It is, therefore,
widely admitted [24] that, in a first approach, the selection of a polymer P —
suitable for preparing permselective membranes designed to separate A-B
mixtures — can be made by referring to the relevant thermodynamical P-A-B
phase diagrams.

2. Nevertheless, one should not forget that the intrinsic diffusivities of both
A and B permeants are also determining parameters. In fact, in the virtually dry
membrane material, the different permeant molecules may migrate with very
unequal velocities since their respective mobilities then depend on the relative
strength of short-range interactions working between these molecules and
specific polar or ionic groupings belonging to the permselective polymer. The
downstream layer of the film may therefore oppose unequal resistance to the
diffusion of A and B while it is hardly conceivable that the mobilities of these
two components could widely differ in the swollen part of the membrane.

5.3.2 Sorption and Diffusion Selectivities

From the above considerations, it follows that the selection of an appropriate
membrane polymer P to extract component A from binary mixtures of A and B
relies on the fulfilment of the following conditions:

1. Strong preferential sorption of A by polymer P when the latter is contacted
with mixtures of A and B. This can be ascertained by referring to the relevant
P-A-B phase diagram and by checking that tie-lines intercept the P~A side of
this triangular diagram. In fact, this figure and its variation with temperature
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provide the most complete information about the partitioning equilibria that
take place at the feed/membrane interface. Depending on the solubility of P in
A and B, and on the mutual miscibility of A and B liquids, different typical
ternary diagrams can be distinguished and have been classified by Bode [25].
An alternative way of characterizing the upstream swelling equilibrium is that
used by Heintz [26] who establishes “solubility diagrams” by plotting the
weight fractions of A and B (¢4 and ¢”p) in the swollen polymer as a function
of the weight fraction c of A in the contacting liquid mixture. It is clear that, for
a given P-A-B system, the solubility diagram can readily be translated into the
corresponding phase diagram since both of them represent the same set of
swelling equilibria.

Until now, only few complete P~A-B phase diagrams are available in the
literature and this does not facilitate the choice of appropriate membrane
polymers for pervaporation. To rapidly palliate this lack of data, it is often
referred to “preferential solvation” evidenced by contacting each investigated
polymer P with A-B mixtures of varying composition. For this purpose, a given
amount (weight = myg) of pieces cut out of a film of each tested polymer P, is
immersed into a fixed volume V of a mixture of known concentration (cg) in
component A. Preferential sorption of A obviously provokes a decrease of its
concentration (c) in the contacting supernatant liquid mixture. Assuming that
this mixture equilibrates a binary adduct represented by the stoichiometry
P-s(c)A and that P is insoluble in the facing solution, the so-called “preferential
solvation sa (c)” can be deduced from V, my, cpand c. The figurative curve sa vs.
¢ then represents the overall preferential solvation of P contacted with mixtures
of A and B and the area below this curve roughly quantifies the preferential
affinity of polymer P for component A, in the presence of component B.

Preferential solvation can also be evidenced and evaluated by means of other
experimental techniques, such as analysis of light scattered by P-A-B solutions
[271.

It is worth noting that the selectivity of upstream partitioning is not governed
by the chemical nature of the membrane only; it also depends on the
thermodynamical properties of the facing liquid mixture. For instance, it is
quite remarkable that the polyvinylpyrrolidone-based pervaporation mem-
brane which readily separates positive azeotropic mixtures (Table 5.1), is not
selective when it is faced with negative azeotropes (Table 5.2). In fact, in
mixtures exhibiting negative azeotropism, heteromolecular attracting forces
A-B are prevailing over self-associating interactions A~A and B-B between like
molecules. This feature enhancing mutual drag effects, is unfavorable to the
separation of the two components. The same reason also explains why organic
contaminants, which are poorly soluble in water, such as hydrocarbons or
chlorinated solvents, can be easily extracted from aqueous effluents by perva-
poration through silicone-based organophilic membranes [28-30], whereas
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these membranes are not very efficient to separate mixtures of ethanol and
water, which are completely miscible [28,30]. To support this view, mention
may also be made of the observations reported by Béddeker (31) concerning the
selectivity of polydimethyl-siloxane membranes used to extract, from water,
the four different isomeric butanols (Table 5.3). It clearly appears that pervapor-

TABLE 5.2

Fractionation of negative azeotropic mixtures (characterized by maximum boiling temperature)
by pervaporation through a membrane obtained by grafting polyvinylpyrrolidone onto a thin
polytetrafluoroethylene film [1]

A-B Azc.eotropes To Azeotrope characteristics  Selectivity Permeate flux

(A = Fast component (°C) (kg/h mz)
T (°C) ¢ (%) o B

A: Chloroform 61.2 647 80.0 18 110 0.85

B: Acetone 56.2 20.00

A: Chloroform 61.2 79.9 17.0 1.0 1.0 150

B: MEK. 79.6 83.0

A: Butanol-1 1177 1187 71.0 14 1.09 125

B: Pyridine 115.3 29.0

A: Water 1000 407, 225 10 10 274

B: Formic acid 100.7 775

A: Acetic acid 118.1 1195 770 27 117 0.27

B: Dioxane 1013 230

A: Acetic acid 118.1 159.0 26.0 12 114 0.04

B:DMF 153.0 740

A: Formic acid 100.7 150.0 53.5 28 131 022

B: Pyridine 1153 36.5

A: Acetic acid 181 (397 350 1.0 1.0 0.09

B: Pyridine 1153 65.0

A: Propionic acid 1409 1490 740 17 112 013

B: Pyridine 1153 26.0

A =Faster permeant; T = 25°C.
Parameters d, B, c and ¢’ and Tp are the same as in Table 5.1.
M.EK. = Methylethylketone; D.M.F. = N,N-dimethylformamide.
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TABLE 5.3

Extraction of alcohols from water by pervaporation through a homogeneous polydimethylsilox-
ane film (50 pm thick), T = 50°C (after Boddeker et al. [31}).

Investigated alcohol Pervaporation performance

Alcohol T (°C) Cmax Wt% Fg/hm? ¢ wth B o
n-Butanol 177 7.7 4 37 37 58.1
iso-Butanol  107.9 8.5 52 29 29 404
sec-Butanol 9.5 125 50 22 22 279
tert-Butanol 825 100 52 14 14 16.1
Ethanol 785 100 190 3 3 3.06

Feed alcohol content: ¢ = 1%, by weight, ¢ = percent butanol in permeate, cmax= solubility of the
alcohol in water, at 20°C.

J’ = Permeate flux; B = ¢’/c; a = selectivity = [¢'/(1 - ¢)]/[c/(1 - )]

Tb = Boiling temperature.

ation transport through this membrane is as more selective to the alcohol as the
organic component is less soluble in water. As may be expected, salting out by
introduction of sodium chloride in the feed increases the separation factor
[32,33].

2. The preferential transport of component A can also result from the low
mobility of component B in the non-swollen downstream layer of the working
membrane, i.e., from a low intrinsic diffusivity Dg. The latter value can be
determined by extrapolating experimental Dg(c) plots to zero concentration or
by studying the diffusion of non-saturated vapor of component B through a
thin homogeneous film of polymer P. One may also refer to the observation that
the membrane appears as virtually impermeable when it is used to process pure
B, by pervaporation under low downstream pressure. For instance, the |’ vs. ¢
curve represented in Fig. 5.7 shows that polyvinylalcohol is not permeable to
dry ethanol, a feature which causes an additional selectivity effect in the dry
downstream layer of the membrane. The latter contribution does not exist in the
case of the polyvinylpyrrolidone—polyacrylonitrile blend membrane [34] char-
acterized by the permeability curve shown in Fig. 5.13. This difference accounts
for the lower selectivity of the polyvinylpyrrolidone-based membrane as com-
pared with that made of polyvinylalcohol.

A number of experimental observations may be mentioned as evidence of the
respective contributions of upstream partitioning —or sorption — and down-
stream diffusion to the overall selectivity of a given membrane.

When polyvinylalcohol (PVA) is used as a permselective material to dehy-
drate water—ethanol mixtures, pervaporation selectivity is significantly greater
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Fig. 5.13. Pervaporation of water-ethanol mixtures through a homogeneous 30 pm-thick mem-
brane made of 58/42 blend of polyacrylonitrile and polyvinylpyrrolidone [34]. Pervaporation
temperature: T = 20°C.

than sorption selectivity evaluated by analyzing PVA samples swollen after
immersion in water—ethanol mixtures of the same composition as the processed
feeds (Fig. 5.14). Similar behavior is observed (Fig. 5.15) with other very selec-
tive hydrophilic membranes, such as the potassium and cesium salts of ion-ex-
change membranes obtained by grafting acrylic acid onto thin films of low
density polyethylene [35-37].
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Left: Fig. 5.14. Pervaporation of water-ethanol mixtures through a homogeneous polyvinylalcohol
membrane (T = 65°C). Comparison between sorption selectivity and pervaporation selectivity.
Dashed line: sorption; solid line: pervaporation.

Right: Fig. 5.15. Pervaporation of water—ethanol mixtures through a homogeneous membrane
obtained by grafting acrylic acid onto a thin, low-density polyethylene film and neutralization by
immersion in an aqueous solution of potassium hydroxide [35-37} (T = 35°C). Comparison between
sorption selectivity and pervaporation selectivity. Dashed line: sorption; solid line: pervaporation.
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Left: Fig. 5.16. Pervaporation of water—ethanol mixtures through a membrane made of a copolymer
butadiene-styrenesulfonic acid, neutralized by immersion into an aqueous solution of sodium
hydroxide (Membrane Selemion CMVH from Asahi Glass Co.). Comparison between sorption
selectivity and pervaporation selectivity [38], T = 60°C. Dashed line: sorption; solid line: pervaporation.

Right: Fig. 5.17. Pervaporation of water-acetic acid mixtures through the CMVH membrane (acid
form of that shown in Fig. 5.16). Comparison between sorption and pervaporation selectivities [39].
T = 60°C. Water is the preferentially transported component. Dashed line: sorption; solid line:

pervaporation.

In the opposite situation, i.e., when sorption and diffusion do not favor the
transport of the same feed component [38], competition between the two
phenomena results in a rather poor pervaporation selectivity (Fig. 5.16).

In a few cases, it has even been observed that the fast permeant is less
extensively sorbed by the membrane material. In this respect, we may mention
the results reported by Bdddeker [39] concerning the Selemion CMVH mem-
brane from Asahi Glass Co. — shaped from a copolymer involving butadiene
and styrenesulfonic acid units — used to dehydrate aqueous solutions of acetic
acid (Fig. 5.17). Similar behavior was also observed by Yamada [40] during
experiments carried out with membranes made of a copolymer of N-vinylpyrroli-
done and isobutylmethacrylate. The latter membranes are selective to water al-
though ethanol is preferentially sorbed by the copolymer (Fig. 5.18). According to
Uragami [41], the same is observed when poly(vinylchloride) membranes are
faced with aqueous solutions of ethanol. Water is the more rapidly permeating
component whereas ethanol is preferentially incorporated into the polymer.

The specific influence of diffusion through the downstream layer of a working
membrane was also evidenced by using a homogeneous film chemically modified
on one side. Such a membrane was obtained by Yamada [42] by reacting, with
ethylenediamine, a sheet of polyethylene previously activated by photochlorina-
tion. The resulting asymmetrical membrane was used to separate mixtures of
aniline and benzene. The experiment consisted in comparing the transport selecti-
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Fig. 5.18. Pervaporation of water-ethanol mixtures through a homogeneous membrane made of a
copolymer of N-vinylpyrrolidone (20%}) and isobutylmethacrylate (80%). T = 25°C. Pervaporation
selectivity curve (¢’ vs. ¢, ¢ and ¢’ are the water contents, by weight, in feed and permeate,
respectively). A point belonging to the sorption selectivity curve has been deduced from the
experimental data reported in Ref. {40].

vities observed after changing, face-to-face, the orientation of the membrane in the
pervaporation cell. The selectivity of the membrane was found to differ noticeably
from that of the original polyethylene film only if its modified surface was on the
permeate side. In such conditions, pervaporation transport is less favorable to
benzene, as may be expected considering that the intrinsic diffusivity of aniline is
increased when the membrane material is reacted with the diamine.

5.3.3 Modeling of Pervaporation Mass Transport

Although we have now gained a qualitative understanding of the mechan-
ism of pervaporation transport in the case of a binary feed mixture, the process
is nevertheless too complex and involves too many parameters to be elucidated
at a quantitative level. A number of experimental data would be needed to
achieve a complete analysis and most of them are still lacking.

Relying on simplifying assumptions, quantitative models have however been
proposed, which satisfactorily account for the pervaporation transport of a pure
liquid. In the case of a binary feed mixture, modeling is much more complex
because of possible coupling between the transports of the two components.

5.3.3.1 Vacuum Pervaporation Transport of Pure Liquids

If the permeant is unique, the concentration dependence of its diffusivity in
the membrane material may be represented by a relatively simple function of ¢
involving only two parameters. An exponential function is generally used:

D(c) = D" exp (yc)
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where D’ is the intrinsic diffusivity, i.e., the diffusivity of the penetrant in the
non-swollen membrane material (¢ approaching zero) and ¥y represents the
so-called plasticization parameter.

Then, assuming that the membrane is homogeneous and isotropic, integra-
tion of Fick’s first equation over the whole thickness (e) of the film and for
boundary conditions (¢ = ¢y for 2 = 0, ¢ = 0 for z = ¢) established when the
steady-state pervaporation regime is attained, leads to the expression of the
permeate flux J’ and to the steady permeant concentration profile c(x) across the
thickness of the working membrane [14,43].

d .
-r=d@)g.  D@=D"exp(r0)

D rexp (yew) - 1]

I=Ye

1
c(x) = ; In { x[1 —exp (Ycw)] +exp (¥ cw)}

where x is the relative distance to the upstream interface (x = z/) and ¢y, is the
concentration of the permeant in the swollen upstream layer of the membrane.

The values of D’ and 7y are then needed to calculate J'. Several experimental
methods such as sorption and desorption kinetics [23,44,45], time-lag tech-
niques [46,47], inverse gas chromatography [48] and analysis of the membrane
response to regular forced concentration waves [49] are used to measure di-
rectly these two parameters. Relying on the data thus obtained, it is possible to
estimate the pervaporation flux that may be expected, at fixed temperature,
from the processing of a given pure liquid through a given homogeneous
membrane of known thickness. These predictions are generally in rather good
agreement with the results of experimental measurements.

5.3.3.2 Vacuum Pervaporation of Binary Liquid Mixtures

It is more difficult to analyze, from a quantitative point of view, the perva-
poration transport of binary liquid mixtures. This complexity arises from the
fact that, contrary to the situation occurring in gas permeation, the pervapora-
tion transport of a binary mixture of A and B is not additive with respect to
those of pure components A and B.

Considering the partitioning at the feed/membrane interface, we must keep in
mind that the swelling of a polymer P immersed into binary mixtures of A and B
does not vary linearly with respect to the composition of these mixtures [53].
Sometimes, it is observed that the polymer, insoluble in each pure liquid A and
B taken separately, readily dissolves in mixtures of A and B. This occurs if the
solubility parameter 8p of this polymer is between those of A (54) and B (3g).
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Fig. 5.19. Ternary phase diagram: polyvinylalcohol-water-ethanol. Influence of the molar weight
M of the polymeric component.

It is also noteworthy that a ternary system P-A-B involving a polymeric
component P is not precisely defined since the swelling extent of P depends on
several parameters, such as its molecular weight, its crystallinity and, casually,
its degree of crosslinking. For instance, the phase diagram reported in Fig. 5.19,
which characterizes the ternary system polyvinylalcohol-water-ethanol,
shows that partition between the swollen polymeric phase and the supernatant
liquid mixture becomes less selective as the average molecular weight M of the
polyalcohol decreases from M, to M. This is due to the fact that the dissym-
metry between the two phases, i.e. the sorption selectivity, progressively van-
ishes as the polymeric phase is more and more extensively swelled. The per-
meability of the membrane increasing with its swelling extent, we may expect
that the selectivity and the permeability of the membrane should vary contrari-
wise when the parameters mentioned above are changed.

Apart from these side problems, the major difficulty in accounting for the
pervaporation of a binary mixture lies in the fact that the transport of the two
permeants are mutually coupled.

In the literature on pervaporation, the term “coupling” is used to designate
either the thermodynamical constraint which correlates the flows of the differ-
ent mobile species, or the mutual drag between the different migrant molecules
and which originates from short-range molecular interactions between them. In
some cases, the latter effect makes it possible for a given penetrant to move
against its own concentration gradient in certain regions of the system.

Thermodynamical coupling has been thoroughly analyzed by Smolders
[51,52). Considering that the individual permeation flux J; of each permeant is
proportional to its local chemical potential gradient, this flux may be expressed
as:
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-Ji=D; Ciagz‘ [%}
where D; = diffusivity of penetrant i within the elementary slice of thickness dz;
c; = concentration of i in the same elementary volume; y; = chemical potential of
i; R = gas constant; T = absolute temperature (°K).
Then, assuming that the membrane works in virtually isothermal conditions,
we obtain

, Dj¢; dui aui
—]i—ﬁg du,--vidP+a—aida,'
where v; is the molar volume of component i, 4; its activity and P the operational

pressure.

As long as pervaporation is carried out under moderate upstream pressure,
the pressure differential between the two opposite surfaces of the membrane is
small and the first term of the expansion may be considered negligible as
compared with the second. The expression of the flux may, therefore, be
reduced to:

=Dk
‘" RT 2z
Then, referring to the well-known relationship:
pi=Hp; + RT In ()

we deduce:
—]'~—D~c-——a In (a;)
i= 1 !az( 1 )

The main acquisition of the thermodynamics of macromolecular ternary
systems resulting from the Flory-Huggins theory [53] is the mathematical
function accounting for the variation of In(a;) with respect to the volume fractions
of the different components. In the ternary system composed of a polymer 3 and
a mixture of solvents 1 and 2, activities vary according to the following func-
tions:

v v
In(a;) =In(¢y) + (1 - ¢1) - 92 ;’i - @3 v_: + (X12 P2 + X13 93) (92 + ¢3)

U1
—X23 5; ¢2 93

where ¢ denotes volume fraction, v: molar volume; x: Flory interaction parame-
ter; 1, 2: low molecular weight liquids; 3: polymer.
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Combining this equation with the preceding one, we obtain the final ex-
pression of the individual pervaporation flux J’, as follows:

(%]

d v
- J'1= 01 D1(91, 92) M l:ln((Pl) +(1-¢1)-02 ‘é - Q3 7

v
+(X12 P2+ X3 93) (P2 + ¢3) — %23 'zi ¢2 (Paj’

where the diffusivity Di(¢1,$2) of penetrant 1 is considered to be composition-
dependent.

To calculate the individual flux J'; for the steady-state regime, it is necessary
to integrate this nonlinear differential equation over the whole thickness of the
membrane, considering the boundary conditions at the two opposite surfaces
of the barrier. Such a calculation can only be achieved through a numerical
method, which requires precise knowledge of the function D1(¢y, ¢2), account-
ing for the composition-dependence of the corresponding D; diffusion coeffi-
cient.

5.3.3.3 The Stefan—Maxwell Approach

The above analysis is based on several assumptions, which have been criti-
cally discussed by Bitter [54]. In fact, an objection may be that the solubility of
permeants in polymer membranes is inadequately described by the Flory-Hug-
gins equation since this equation is based on a theory that ignores both the
crystallinity of the sorbing material and the limited flexibility of macromolecu-
lar chains in a polymer network. Moreover, it overlooks the effect of the
penetrants on the coordination number of the swollen polymer.

To describe diffusive mass transport in the thickness of the membrane, Bitter
suggests relying on Stefan-Maxwell concepts. Let us recall that the Stefan-Max-
well analysis was originally introduced to account for diffusion processes
observed in perfect gas mixtures. It was subsequently extended to multicompo-
nent liquid mixtures by Lightfoot [55,55a], who developed the so-called “gener-
alized Stefan-Maxwell theory”, and by Mason [56], who examined even more
complex systems involving liquids and polymeric species. Recently, attempts
have been made to refer to this theory to interpret mass transport through
polymer membrane [57]. In contrast to the phenomenological Fickian approach,
the Stefan-Maxwell theory deliberately explores the molecular level without
differentiating the solvent from the other components. In the multicomponent
mixture, each molecule i moves under the influence of a driving force which is
a gradient of thermodynamical potential p;. As a result, the surrounding mole-
cules exert on it a frictional force f which opposes the driving force and becomes
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equal to it after molecule i has reached its steady-state velocity w;. Then:

f=-grad

Assuming that the frictional force exerted by a molecule j is proportional to
the difference in velocities w-w;, we may write:

RT
P w._ w
f;] Di}' ( H N

RT/Dj; being the expression of the friction coefficient where Dj; is the Stefan-
Maxwell mutual diffusivity of i in a mixture of i and j.

Considering all the collisions suffered by i during its movement through the
system and averaging the quantities introduced above, we obtain the extended
Stefan-Maxwell equations. In the case of a unidirectional mass transport
through a membrane and for an isothermal system, these equations reduce to
the following forms.

&z[l_'f_l_'z]z_%_v.éz
- cDylc ¢ dz 'dz
j=

where c is the total molarity of penetrant and polymer species in the membrane
and D; are the generalized Stefan-Maxwell diffusivities. The other symbols
have the usual designations: ¢; = molarity of i; u; = chemical potential of i; v; =
partial volume of i; J’; = molar flux of i.

Since v; is generally small for common permeants and since pervaporation is
usually carried out under moderate upstream pressure, the pressure term is
negligible. If the investigated system only comprises two permeants (1 and 2)
and the membrane polymer (m), the preceding equation can be developed as
follows:

RT dz - C1 Dlm D12 _D12

c dm_J [c_m &) J2
————— +

In the derivation of the Stefan-Maxwell equations, it is tacitly assumed that
diffusivities D;; are independent of the local composition at each point of the
multicomponent system. In mixtures of liquids and polymeric species, how-
ever, these diffusivities probably vary with concentration, although much less
than Fickian diffusion coefficients and this smaller change is an advantage of
the Stefan-Maxwell approach.

Another superiority of this type of analysis is that it involves diffusivity
parameters Dj;, which, in principle, can be evaluated by separate experiments
performed with binary mixtures. Nevertheless, if it is applied to a multicompo-
nent system comprising a polymeric species (a membrane, for instance), those
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diffusion parameters can no longer be considered as strictly invariant and equal
to separate binary coefficients, and the Stefan-Maxwell theory then leads to
approximate results only. It has also been pointed out that Stefan-Maxwell
equations do not require particularizing one component as the solvent and
therefore look very symmetric. On the other hand, that feature often makes
them rather difficult to handle and to combine with mass balances.

In fact, Stefan-Maxwell equations can be exactly integrated in special cases
only. A typical example is the pervaporation transport of a single permeant
(water, for instance) through a membrane of thickness e. In this binary system,
the chemical potential of water is given by:

Hw = Hw + RT In (a,,)

where a,, is the activity of water.
Hence:

_dln(aw)_ Cm ]’

Assuming that the activity coefficient of water v, is constant throughout the
working membrane,

Aw = YwCw Cw=‘Pw/vw

where ¢, is the molarity of water, @, its volume fraction and v, its molar
volume.
Consequently we may write

d In(ay,) _ doy
dz Ow dz

The Stefan-Maxwell equation then reduces to:

(1-9w) vw Jw dow

Vw+(Pw(Vm—Vw) Dwm ——’(dez

Integration between the two opposite surfaces of the working membrane
then leads to the formulation of the water permeation rate:

, _Dwm Um Um 1-Qwo
Iw— ey [(l_vw](q’wo_q’we)‘vw In 1"(Pwe]

where @y, and @y.are the volume fractions of water in the upstream and the
downstream layers of the working membrane, respectively.
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Moreover, combination of the Stefan-Maxwell equation with that defining
the conventional Fickian diffusivity Dy, i.e., ] = = Dy, dcy/dz, makes it possible
to establish a relationship between Dy, and the mutual diffusivity Dyn

Uy + Pw (vm - vw)
(1 - (Pw) Uw

Dy =Dwm

The latter relationship shows that D,, approaches Dymas @, goes to zero and
we may therefore consider that the mutual diffusivity Dy, coincides with the
intrinsic diffusivity of water (Dy) in the membrane polymer.

In practice, the expression of the flux is often used to estimate the mutual
diffusivity Dy, of water in a given polymer [58]. For instance, when pure water
is processed at 40°C, by pervaporation through a 15 um-thick homogeneous
film of cellulose acetate (Eastman Kodak), the observed permeation rate [y
equals 1.102 kg/h m? i.e., 17 107 mole cm™?s™".

This value has been inserted into the theoretical expression of J', after being
complemented with the following data:

Um/ Vw = 100

Qwo = 0.155 (from measurement of membrane swelling in pure water)

Qwe is considered as negligible (vacuum pervaporation).

Calculation then leads to: Dym = D3, = 3.42 108 cm?s™! (at 40°C).

This result is in rather good agreement with the value directly deduced from

the sorption kinetics of water vapor on the same cellulose acetate film [59].

D;, =2.50 108 cm? 57! (at 25°C)

with an activation energy equal to 7.9 kcal mole™.

We may therefore consider that this diffusivity value is reliable enough to be
used in calculations aiming at the quantitative interpretation of the pervapora-
tion transport of a binary feed mixture.

5.3.3.4. Pervaporation Mass Transport Through Semicrystalline Polymer films

In the preceding analysis, it was assumed that the membrane was perfectly
homogeneous and isotropic. This condition is fulfilled by nonporous mem-
branes made of amorphous polymers (cellulose acetate, polydimethylsiloxane,
etc.) whereas it is not when they are made of semicrystalline polymers. For
instance, in the case of polyvinylalcohol, comparison of X-ray diffraction pat-
terns recorded with dry and wet fibres, respectively, shows that crystalline
domains are virtually impermeable to water molecules. The same is also true
for ethanol. It follows that during pervaporation of water—ethanol mixtures
through polyvinylalcohol membranes, the permeant molecules migrate
through tortuous paths maintained under strain by adjacent crystallites. Since
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a macromolecule goes through several crystallites, the latter may be compared
to covalent junctions in a crosslinked polymer [60]. Referring then to the
classical relationship P = DS between permeability (P), diffusivity (D) and the
solubility coefficient (S), we can conceive that the crystallinity of the membrane
material influences both S and D.

With respect to penetrant solubility, crystallinity provokes two different
effects. Firstly, it reduces the volume of permeable membrane material:

5= (1 _X) Sinter

where Sinteris the solubility coefficient in the intercrystalline amorphous phase
and X the crystallinity of the membrane polymer. Secondly, it perturbs the
swelling of intercrystalline amorphous domains. In fact, adjacent crystallites
impose restriction on mobility of chain segments comprised in the intermediate
amorphous phase. The resulting rain perturbs the thermodynamics of the
polymer-penetrant system in this .egion which is not completely relaxed. To
account for this strain effect, the classical Flory-Huggins equation, which gov-
erns the thermodynamics of unstrained swollen polymeric phases and ex-
presses the activity as of the penetrant, has to be complemented with the
Flory—Rehner term [53].
Flory—Huggins equation:

In as = ¢s + ¢p + x93

where ¢ denotes molar volumes and y stands for the Flory interaction parameter.
Flory-Rehner equation:
(au)o” (1/A) vs Op”
Ug

where (o) is the ratio between the mean distance separating the junctions in the
unswollen network and the mean end-to-end distance for the corresponding
segment if this segment was unrestricted; n = number of effective segments in
the sample; A = Avogadro number; vs = molar volume of the penetrant; vy =
volume of the original polymer sample.

Comparison between the two latter equations shows that, for the same ¢s
value, the activity ag of the sorbed penetrant is greater in a strained amorphous
domain than in a relaxed one. The higher the number of crystalline junctions,
the greater is the effect. As a consequence, the penetrant solubility in the
intercrystalline amorphous domains is expected to decrease as crystallinity
increases. The latter effect may be summarized by the following expression (60):

Sinter = ‘s%ﬂ b>1
where b is the so-called “blocking factor”, which depends on polymer morphol-
ogy and on the size and shape of diffusing molecules. This parameter can be
deduced from activity measurements by using the Flory—Rehner equation.

Inag=1In ¢s+ ¢p+xdp° +



174 5 — PERVAPORATION

The solubility coefficient S may therefore be expressed as:

_(1=X) Sum

S b

where S, is the solubility coefficient characterizing the completely relaxed
amorphous phase.

From the above comments, it follows that the transport properties of a
membrane made of a semicrystalline polymer should probably depend on its
crystallinity X. As a first approach, we may consider that this influence mainly
results from the tortuosity T of amorphous diffusion paths through which the
permeant proceeds.

D= Dﬂ
T
where D, is the permeant diffusivity in the amorphous polymer.

The tortuosity t characterizing a two-phase medium comprising an impene-
trable phase dispersed in a permeable continuum only depends on the volume
fraction X occupied by the non-permeable domains. In this respect, reference is
often made to the relationship:

Zea-xy
T

n ranging from 1.25 to 1.90, depending on the nature of the sample.

We are therefore led to conclude that pervaporation fluxes through a mem-
brane made of a semicrystalline polymer should significantly decrease as the
crystallinity of this polymer increases. This prediction is fully consistent with
experimental observations made during pervaporation of water—ethanol mix-
tures through homogeneous polyvinylalcohol (PVA) membranes differing by
their crystallinity. The results reported in Fig. 5.20 clearly illustrate the lower
permeability of the most crystalline samples [58]. A similar decline was ob-
served by Perrin [59] in the value of the intrinsic diffusivity Dy, of waterin PVA,
measured by sorption or desorption kinetics (see table below):

Crystallinity of the PVA sample (%) 28 37 4 56
Intrinsic diffusivity of water at 40°C 42 33 23 1.5
10" D}, (em®s™)

Plasticization parameter Yw 79 69 5.8 47

Since pervaporation mass transport only proceeds through the amorphous
channels of membranes made of semicrystalline polymers, it would seem that
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Fig. 5.20. Pervaporation of water—ethanol mixtures through homogeneous, 25 um-thick polyviny-
lalcohol membranes differing by their crystallinity X. Percent crystallinity X =29 (1), 33 (2), 37 (3),
40 (4), deduced from the density of the membrane. T = 45°C. ¢ = Feed water content (wt%).
Pervaporation flux J' vs. c.

selectivity should not significantly depend on the crystallinity of the mem-
branes. As shown in Fig. 5.21, where ethanol permeation rates through different
PVA membranes used to separate water—ethanol mixtures are plotted vs. feed
water content, this is not experimentally corroborated. This discrepancy may be
explained by the following side phenomena:
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Fig. 5.21. Pervaporation of water-ethanol mixtures through homogeneous, 25 um-thick polyviny-
lalcohol films differing by their crystallinity X. Percent crystallinity X =27 (1), 33 (2), 37 (3), 40 (4),
56 (5). Influence of crystallinity on transport selectivity appreciated by referring to ethanol
permeation flux J'eion T = 45°C. J'EOHVS. ¢.
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Fig. 5.22. Diffusion selectivity caused by intercrystalline sieving effect in the non-swollen
downstream layer of the working membrane.

- Preferential sorption by the strained amorphous intercrystalline phase
may be influenced by the crystallinity of the membrane polymer if the
blocking factor b is different for the two penetrants.

- We may also conceive that diffusion selectivity in the non-swollen down-
stream layer of the working membrane could depend on crystallinity. In
fact, this selectivity is determined by the relative strength of specific
short-range interactions between the permeant molecules and the mem-
brane material and this balance can be influenced by the length and the
mobility of intercrystalline chain segments. The latter phenomenon may
be visualized as the “downstream intercrystalline sieving effect” illus-
trated in Fig. 5.22. It could provide an additional contribution making the
PVA-based membranes very efficient for dehydration of ethanol.

5.3.3.5 Coupling Effects in Pervaporation

In view of the difficulties entailed in a complete thermodynamical analysis
of pervaporation transport, in the case of binary feed mixtures, we understand
why the coupling effect has often been reduced to a simple drag effect arising
from attractive molecular interactions between the two migrants. Accordingly,
Kedem [62] expresses each individual permeation rate as follows:
dc

1
+k01 ]'2

Ji=-1 1z

The first term, proportional to the concentration gradient of component 1,
corresponds to diffusional transport while the second accounts for the addi-
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tional flux of component 1, which is dragged by the flow of component 2.
Parameter k, usually called “drag parameter”, quantifies the relative magnitude
of the two processes.

This parameter has probably not the same value at any place in the working
membrane. In fact, it is hardly conceivable that the mobilities of the two
penetrants could greatly differ in the swollen part of the barrier. When it
diffuses through this region, the mixed penetrant probably behaves as a unique
migrant exhibiting intermediate properties. If such conditions were fulfilled
throughout, the drag term would largely prevail and the permeate should have
the same composition as the sorbate. Pervaporation and sorption selectivities
should be equal. In reality, the influence of the drag effect probably vanishes as
contacts between penetrant molecules and the functional groups belonging to
the membrane polymer increase in number. Specific interactions between per-
meant molecules and the membrane polymer progressively prevail over dragg-
ing forces between components A and B. It is therefore conceivable that the
respective mobilities of the two migrants could be distinctly affected by these
interactions with the membrane polymer. In other words, diffusion then con-
tributes to the selectivity of pervaporation transport. It is probable that this
situation occurs in the part of the working membrane which is not extensively
swollen by the permeants, i.e., in the vicinity of its downstream surface.

These concepts are consistent with the fact that a significant part of the
selectivity exhibited by polyvinylalcohol membranes used to dehydrate water—
ethanol mixtures is due to selective diffusion in the non-swollen downstream
layer of the working membrane (Fig. 5.14). Accordingly, diffusivity measure-
ments carried out by Perrin [59] show that the intrinsic diffusivities of water
(D) and ethanol (Dgon) in polyvinylalcohol largely differ from each other.
Comparing, at 40°C, the sorption kinetics of water and ethanol vapors in
homogeneous polyvinylalcohol membranes (56% crystalline), this investigator
deduces:

Water: D, =14910"cm?s?  7,=4.66
Ethanol: Dy = 1.04 10 em?s™?  ypon= 144

¥ being the parameter included in the expression D = D" exp(y c) where the
penetrant concentration c is expressed in g g™, It appears that, in the nearly dry
polymer, the diffusivity of water is more than one hundred times as high as that
of ethanol.

One may therefore conceive that the magnitude of the drag effect could
progressively decrease as the mixed permeant diffuses from the upstream to
the downstream interface. This is consistent with the assumption that the
additional selectivity provided by diffusion originates from the unequal resist-
ance opposed by the virtually dry downstream layer of the membrane to the
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transport of the two migrants. If so, the steady-state concentration profile of the
slow permeant may be expected to accommodate a particular shape. In the
swollen part of the membrane, both migrants should behave similarly, their
concentration profiles showing the usual convex shape starting from an orig-
inal upstream concentration directly related with the swelling uptake of the
relevant component. As permeants approach the downstream surface, their
respective mobilities progressively deviate more and more from each other so
that the rejected component accumulates in this region. In certain extreme cases,
this phenomenon, somewhat similar to concentration polarization, could induce,
over a short distance, a reversal in the curvature of the concentration profile of the
slow component, which is then dragged against its own concentration gradient,
over a very small space interval, by the flow of the fast permeant.

So far, the literature provides only one experimental observation of this
effect. It concerns the pervaporation transport of water—acetic acid mixtures
through aromatic polyamide membranes and is reported by Matsuura [63].
This experiment, however, is not fully convincing since it makes use of the
classical film-stack technique to recognize the steady-state concentration profile
of the permeants across the working membrane. According to this procedure,
a stack of several identical films is used as pervaporation barrier. When the
steady-state transport regime is attained, the cell is disconnected from the
vacuum line and the stack of membranes is dismantled. It is then blotted free of
surface liquid and is rapidly separated into the individual layers, which are
then separately weighed and titrated by gas chromatography technique. It
seems clear that, during this operation, concentration profiles are likely to
become flat. In fact, their exact recognition would require an improved ex-
perimental technique allowing them to be visualized in the thickness of the
working membrane.

5.3.3.6 Origin of Downstream Diffusion Selectivity

The additional diffusion selectivity that makes the polyvinylalcohol membranes
so efficient for the dehydration of organic liquids was previously taken as a
consequence of the so-called “downstream intercrystalline sieving effect”. It is
clear that this explanation does not hold for other highly performing hydrophilic
membranes devoid of any crystallinity, such as ion-exchange membranes.

In fact, homogeneous membranes obtained from macromolecular polyacids
prove to be very selective to water after neutralization by immersion into
aqueous solutions of various mineral hydroxides [64—66]. A typical example is
given by the membranes prepared by grafting acrylic acid onto a thin film of
low density polyethylene, used after neutralization by the different alkaline
bases [67]. Pervaporation of water—ethanol mixtures through such membranes
show that their selectivity depends on the alkaline counterion.
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H*<Li* < Na*<K*Rb*
(Order of increasing selectivity for water)

3

With respect to permeability, it appears that permeation rate increases ac-
cording to the same sequence. Surprisingly, the exchange of Li* for K* ions
enhances both permeation rate and selectivity.

In their salt form, all of these membranes are hydrophilic and, after immer-
sion into water—ethanol mixtures, absorb water preferentially. However, they
differ by the magnitude of the gap between sorption and pervaporation selec-
tivities. Comparison between lithium and potassium salts shows that the gap
which separates the two selectivity curves is greater in the case of the potassium
salt, which also ensures the most selective pervaporation transport of water.
This suggests that this greater pervaporation selectivity might be due to some
particular behavior of water molecules faced with potassium carboxylate ion
pairs, enhancing their mobility and, therefore, increasing the D5,/Dgo ratio.

IR spectrometry has been successfully used to obtain information about
interactions between water, ethanol and this type of membrane material. Reflec-
tion spectra have been recorded in the interval between 1300 and 1700 cm™
relevant to vibration modes of carboxylate groupings [68]. The membranes
were successively examined in their acid and salt forms.

The most interesting observations were made by comparing the spectra of
the resulting membranes after impregnation with water—ethanol mixtures con-
taining 0-20 wt% water. It appeared that, for a given salt, a splitting of the band
ascribed to the antisymmetrical vibration of the carboxylate groupings is ob-
served when the proportion of water in the mixture exceeds a definite threshold
value called “critical water concentration” (CWC). The CWC depends on the
nature of the counterion and it has been shown that the splitting of the band
occurs when the vibrations of the carboxylate groupings are perturbed by the
insertion of water molecules and the consequential loosening of the ion-pairs.
In other terms, the CWC decreases as the relevant ion-pairs are more and more
readily penetrated by water molecules.

It is therefore of interest to compare the CWC observed with the different
alkaline forms of the investigated ion exchange membrane. Experimental results
reported below show a rather good correlation between the CWC measured
with each film and its selectivity to water when it is faced with water—ethanol
mixtures.

Cation M* Li* Na* Rb* K*

CWC (wt%) 17.5 9 7 5
Increasing selectivity to water
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Actually, the membrane appears as more selective as the relevant CWC is
lower. One can therefore deduce that insertion of water molecules into ion-pairs
and their extraction out of their clusters present in the feed mixture, enhances
their mobility in the virtually dry membrane material. As a consequence, the
intrinsic diffusivity of water in the polyelectrolyte is higher as the relevant ion
pairs are more readily penetrated by water molecules. Combined with pref-
erential sorption at the upstream surface of the membrane, this additional
effect, which takes place in the non-swollen downstream layer of the working
membrane, makes the potassium form more selective.

5.4 ENGINEERING OF PERVAPORATION

To be used at the industrial scale, pervaporation must be designed as a
continuous-flow process. The low magnitude of permeate fluxes through non-
porous permselective membranes does not favor the use of cascade devices. In
this respect, pervaporation cannot advantageously compete with conventional
distillation when the latter is selective, since distillation is an iterative process
whereas pervaporation is generally confined to one transfer through the perm-
selective membrane used. However, it is worth comparing the respective per-
formances of the two techniques when vaporization selectivity is nil or very
low, i.e,, in the case of azeotropes or mixtures of close boiling-temperature
liquids. Actually, in such cases, distillation is generally replaced by more
sophisticated and energy-consuming techniques such as vacuum or extractive
distillation and the high selectivity of the membrane process can make it more
advantageous.

In itself, pervaporation is not a complete separation technique. It is generally
designed as a continuous-flow operation, which makes it possible to alter the
composition of a flowing liquid mixture A-B by extracting, through the perm-
selective membrane, a permeate enriched in one of the feed components. For
instance (Fig. 5.1), pervaporation can be used to further process an azeotropic
mixture emerging from a predistillation column by circulating it through a
pervaporator equipped with a membrane preferentially permeable to the minor
component (A). Depending on the permeability and on the selectivity of the
membrane, the contaminant is more or less rapidly extracted. The residence
time required to obtain a refined retentate, in which the residual contaminant
content is reduced to a fixed c; level, is determined not only by the intrinsic
characteristics of the membrane used, but also by the required purification ratio
X = Co/cy, o and c; being the A-contents in the feed (c,) and in the retentate (cy),
respectively. Quite obviously, the more permeable and selective the membrane,
the greater is the production capacity of the device.

In a continuous-flow module, the membrane does not work under the same
conditions throughout since it is faced with a liquid mixture that becomes
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poorer and poorer in contaminant as it approaches the outlet of the device. It is
therefore clear that the performance of the system can be predicted only if one
knows how the composition of the facing mixture influences the permeability
and the selectivity of the membrane, within the [c,, ;] concentration range.

It is also noteworthy that pervaporation is far from being an isothermal
process, even if the temperature of the incoming feed is carefully controlled. In
fact, vaporization of the permeate at the downstream surface of the membrane
causes local cooling, which induces a temperature gradient across the barrier.
As a consequence, the temperature of the flowing retentate also decreases as it
proceeds along the module and, in the steady-state transport regime, a definite
temperature profile is established between the two opposite ends of the module.

5.4.1 Equations Governing Continuous-flow Pervaporation

From the above considerations, it clearly appears that pervaporation is a
complex multigradient process and that modeling is necessary to evaluate the
performance of a module equipped with a membrane of known characteristics
[2]. The basic equations governing the process are the three differential equa-
tions which formulate mass and heat balances for the elementary volume of
flowing liquid comprised, at a given time, within z and z + dz cross-sections
(Fig. 5.23).

Quverall mass balance

dJ=J(c, T)p dz

where ] is the retentate flow rate through the z cross-section, J’(c, T) accounting
for the fact that permeation flux J' depends on the composition (c) and on the
temperature (T) of the facing liquid mixture, p standing for the perimeter of the
module cross-section.

%
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Fig. 5.23. Analysis of continuous-flow pervaporation. Q: Flow rate through the pervaporator;
Qq: inlet flow rate; Q¢ outlet flow rate; P: permeate; J": permeation flux.
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Mass balance relative to the faster permeant

d(c) =c (e, T) e, T p dz
which, combined with the preceding equation, yields:

Jde=[B(c, T)-1}cJ(c, T)pdz

Heat balance
dH = J'(c, T) AH' (¢') p dz = ] k(c) AT

where the permeate latent heat of vaporization AH’(c’) and the retentate heat
capacity k(c) are deduced through linear interpolation from the characteristics
of the individual components A and B.

This set of differential equations can be numerically integrated by the usual
Runge-Kutta method after inserting, into the computer program, the boundary
values ¢, and T, and all other required data, i.e., the empirical functions B(c, T)
and J’(c, T) — which were previously experimentally calibrated — and the
individual thermal characteristics La, Lg (latent heats of vaporization) and kg,
kg (specific heats) of A and B. Calculations are run after definition of an elementary
space interval dz and the results delivered by the computer generate the three
functions J(z), c(z) and T(z). The operation is stopped when ¢(z) attains the
required c; limit. The corresponding z value (z = A) can then be used as critical
length to estimate the performance which may be expected from a unit module
(equipped with 1 m? of membrane) working in the imposed conditions.

Production capacity of a unit module

o
t Pl

Recovery yield of B in the purified retentate
- Je(1-cy)
Jo (1 =co)
Average composition of the permeate

n _ Joco = Jice
= Tn
Energy cost of the process
_Go=10 (L)
Je

where (L") = (¢") Lo + (1 -{(c)) L.

E
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In many cases, it appears that the temperature drop AT = T, - T (A) between
the feed and the outgoing retentate is too large to be accepted, because a
significant part of the membrane would then operate at low temperature and
would only deliver a small permeate flux. That means that heat should be
supplied to the module to make it work under more isothermal conditions. A
practical solution to this problem consists in dividing the pervaporator into
several submodules and in reheating the flowing retentate by passing it through
intermediate heat exchangers. To account for this external intervention, numerical
integration is stopped when AT = T, — T(z) attains a fixed allowed magnitude
(10°C, for instance). Temperature index is then brought back to T, and calcula-
tions are resumed, starting now from ] and c values given by the preceding run.
This operation, which simulates an intermediate reheating between two suc-
cessive submodules, is reiterated as many times as necessary to keep the
temperature of the flowing liquid mixture within the imposed range.

5.4.2 Application to a Typical Case: Dehydration of Ethanol

Relying on the above analysis, it is possible to predict the performance of a
pervaporation module equipped with 1 m? area of permselective membrane
and used to achieve a given separation.

Results below concern the hydrophilic composite membrane produced by
Gesellschaft fiir Trenntechnik mbH (GFT), obtained by coating a porous sup-
port film of polyacrylonitrile with a thin layer (4 pm thick) of crosslinked
polyvinylalcohol. If it is used to dehydrate, at 90°C, water—ethanol mixtures
containing less than 10 wt% water, this membrane is characterized by the
graphs reported in Fig. 5.24.

Let us consider the processing of the water—ethanol feed containing 6% water
(by weight), to produce dehydrated alcohol in which the water content is
reduced to 0.3%. Insertion of these requirements into the computer program
leads to the following evaluations:

Productive capacity:

Ji = 2.5 kg of ethanol (99.7%) per hour and m? of membrane area
Ethanol recovery yield:

R =98%
Energy cost of the process:

E = 81 kcal per kg of ethanol (99.7%)

These predictions can be compared with the observations made in pilot-units
and in the earliest industrial pervaporation plants.
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Fig. 5.24. Characteristics (selectivity and permeate flux J) of the PVA-based GFT composite
membrane when it is used at 90°C to dehydrate water—ethanol mixtures of low water content. c,
¢’: Feed (c) and permeate (') water contents (by weight).

With respect to energy cost, some precise data are reported by Sander [69,70].
They concern a test operation carried out by Lurgi Company over a period of
two years. Pervaporation was used to produce 6,000 liters per day of water-free
ethanol. The feed, emerging from a distillation column, contained 6% water by
weight and the process was designed to reduce this concentration t0 0.3% in the
outgoing retentate. The operation was carried out at 90°C, using Lurgi modules
equipped with the GFT membrane. After a working period of two years, the
energy cost of the process was estimated as shown in Table 5.4, reproduced
from the reports by Sander [69,70]. In this table, the thermal energy consumed
by pervaporation is evaluated at 0.126 kg of steam (under 1.5 bar) per kg of
refined alcohol. This value, which is roughly equivalent to 80 kcal kg™ of
ethanol, is very close to that previously calculated. As stressed by Sander,

TABLE 5.4

Dehydration of the water-ethanol mixture containing 6 wt% water, reducing the residual water
content to 0.3%. Comparison between the respective energy costs of entrainer distillation and
pervaporation [69,70}.

Requisites Energy cost per kg of ethanol 99.7

Entrainer distillation Pervaporation
Low pressure steam (kg) 1.0-1.6 0.126
Cooling water 76 20

Electrical power 0.016 0.038
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pervaporation consumes much less thermal energy than entrainer distillation,
but the membrane process requires a little more electrical energy.

These conclusions were further corroborated by observations made in the
pervaporation dehydration plant subsequently started by GFT in the sugar
refinery of Béthéniville, France. This plant is designed to produce, per day,
150,000 liters of dry ethanol. The modules work at 90°C, to reduce the water
content from 7 to 0.2 wt%. In these operational conditions, which are a little
more severe than those required in the preceding case, measured thermal and
electrical energy costs were found equal to 0.14 kg of steam (under 1.6 bar) and
0.044 kWh kg™ of ethanol, respectively. Considering that the Béthéniville plant
needs 2200 m? of membrane area to deliver 150,000 liters of dehydrated ethanol
every day, one can deduce that the production capacity ensured by 1 m? of
membrane area is 2.24 kg of alcohol per hour. This result is also in good
agreement with the predictions of theoretical calculations.

5.4.3 Side Effects in Pervaporation Engineering

Pervaporation engineering is sometimes faced with side effects casually
causing significant reduction in the performance of the process.

5.4.3.1 Concentration Polarization in Pervaporation

As other membrane separation techniques, pervaporation may be disturbed
by concentration polarization. Generally, this perturbation is small in that case,
compared to that observed in ultrafiltration or other techniques using porous
membranes, since mass transport through non-porous membranes is slow. In
pervaporation, it is clear that concentration polarization intervenes only on the
feed side of the working membrane since permeate desorption under low
pressure, at the downstream surface of the membrane, is not selective. Of
course, the importance of concentration polarization effects depends on a
number of parameters among which are the nature and the composition of the
processed mixture, the permeability and the selectivity of the membrane used
and the flow hydrodynamics imposed to the processed liquid mixture.

Regarding the influence of feed composition, we must realize that in perva-
poration the concentration polarization effect results from depletion of the
more rapidly permeating component in the vicinity of the feed/membrane
interface. In practice, this component is generally the minor component of the
processed mixture and we may consequently consider that concentration polar-
ization is then due to the slow diffusion of this solute from the bulk of the feed
to the boundary layer. We may therefore expect that this perturbation is all the
more pronounced as the preferentially extracted component is less concen-
trated in the feed. It should also intensify upon increasing the permeation rate
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by using more permeable or thinner membranes. All of these anticipations are
corroborated by experimental observation. For instance, let us specify that
dehydration of the water—ethanol azeotrope (containing 4.4 wt% water) by
pervaporation through the polyvinylalcohol-based GFT membrane, is not sig-
nificantly disturbed by boundary effects, as long as the residual water content in
the processed mixture remains higher than 1% by weight. Below this limit, which
is passed in the last modules of an industrial dehydration plant, some care must be
taken of the flow hydrodynamics. This sometimes leads to modification of the
design of the pervaporation plates or to acceleration of the flowing processed
stream by insertion of the modules into a circulation loop. By comparison, more
intense concentration polarization effects have been observed [71] during the
dehydration of water—isopropanol mixtures by pervaporation through hydro-
philic ion-exchange membranes. The latter being more permeable than the
conventional GFT membrane, boundary effects are then observed over the
entire subazeotropic water concentration range (0~11% by weight).

An elegant demonstration of the influence of concentration polarization in
pervaporation was given by Gref [58], who compared the performance of the
same membrane successively used to process the two conjugate phases in
equilibrium in a binary mixture of partially miscible liquids, such as n-octanol
and water. In fact, pervaporation being driven by activity gradients, the same
permeate should be obtained, at the same rate, in both cases, if no boundary
layer phenomena intervene. The curves reported in Fig. 5.25 represent the
‘pervaporation fluxes " observed at 40°C during experiments comparatively
carried out with the two conjugate phases that separate from each other in

J' (g/h m?)

2000 1

1500 1

1000 7

500 1 b

0 T T T T T
0.0 0.2 0.4 0.6 0.8 1.0
1/e (um-1)

Fig. 5.25. Pervaporation of the two conjugate liquid phases which equilibrate each other in
n-octanol-water mixtures (T = 40°C). Membranes: Homogeneous cellulose acetate membranes
differing by their thickness e. a: Water-rich phase (water content = 99.9 wt%); b: organic-rich phase
(water content = 4.7 wt%). Permeation rate vs. 1/e.
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octanol-water mixtures. They contain 4.7 and 99.9 w% water, respectively. A
set of experiments was run with a series of homogeneous membranes of
cellulose acetate (acetyl content = 39%) differing by their thickness e, which was
varied from 2 to 10 um. It clearly appears that pervaporation of the water-rich
phase through those hydrophilic cellulosic barriers is not disturbed by concen-
tration polarization since corresponding plots J’ vs. 1/e fall perfectly on a
straight line starting from the origin of the diagram. On the contrary, pervapor-
ation of the water-poor phase is strongly decelerated by water depletion of the
liquid charge, in the vicinity of the upstream surface of the working membrane.
The ratio between the two ordinates corresponding to same film thickness
virtually equals the polarization factor characterizing the disturbed transport
regime. This factor progressively increases as the thickness of the membrane is
reduced and as mass transport accelerates.

Of course, concentration polarization is the major impediment that opposes
the use of pervaporation through an organophilic membrane made of polydi-
methylsiloxane (PDMS), ethylene/propylene rubber (EPR) or polyether-block-
amide (PEBA) to remove trace organic pollutants contaminating water. In this
field, a number of investigators (see table below) came to similar conclusions
[72-75]. In most cases, the concentration polarization effect is more determining
for the process than permeant diffusion across the membrane and the resistance
opposed by the boundary layer governs the contaminant extraction rate. In
such an occurrence, it is more important to control the flow hydrodynamics of
the processed liquid than to improve the performance of the permselective
membrane [76]. The situation is more favorable if the organic component is but
sparingly soluble in water since transport selectivity is then enhanced by the
thermodynamical non-ideality of the facing liquid mixture.

Organic solute Concentration Membrane Author
Trichloroethylene 0.05-0.25 ppm Silicone tubing Psaume and al. [72]
Trichloroethylene 10-50 ppm PDMS hollow fibers Coté et al. [73]
Carbontetrachloride 15-30 ppm

Chloroform -

Phenol 40-200 ppm

Toluene 250 ppm Ethylene-propylene rubber Nijhuis [74]
Trichloroethylene 250 ppm

Toluene 0.4-0.8 ppm PDMS flat sheet Hwang et al. [75]
Phenol 50-1200 ppm PEBA or PDMS

The same comments also hold for extraction of the aroma compounds dis-
solved in aqueous media. In this respect, many investigations have been carried
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out to evaluate the performance of pervaporation in the processing of fruit
juices [77-79], apple essence [80] and fermentation broths in which aroma
products are generated [81-84). In these complex mixtures, the solubility of
each solute is affected by the presence of all the others and this is also true for
its extraction rate through the contacting pervaporation membrane. As a con-
sequence, data obtained through experiments carried out with “model solu-
tions” containing some of the feed components only, cannot be conclusively
used to evaluate the applicability of pervaporation to the investigated problem.

5.4.3.2 Residence Time Distribution in Pervaporation Modules

Equations previously established to evaluate the productivity of a unit perva-
porator and to predict the yield and the energy cost of a given separation are based
on the assumption that the feed assumes a laminar plug-flow. This condition is not
fulfilled in every case. In a plate-and-frame module, the flow regime of the
processed liquid is not precisely defined and the residence time of the feed in a
given plate is somewhat disperse. This can be shown by means of the well-known
tracer technique, using a dye or a mineral salt as indicator [85]. The dispersity thus
evidenced can cause some heterogeneity in the quality of the emerging retentate
since the whole of the flowing mixture is not in contact with the membrane for the
same lapse of time. At the exit of each pervaporation plate, some backmixing can
therefore take place, reducing the performance of the process.

The only way to palliate those undesirable effects consists in narrowing the
residence time distribution of the processed mixture in each plate by an appro-
priate disposition of the inlet and outlet tubes and a proper geometry of the
spacers. Generally, in industrial units, backmixing is practically negligible
since, at the two opposite ends of each module, the composition of the entering
feed and that of the emerging retentate do not largely differ if the system is
designed to keep the corresponding temperature drop within acceptable limits.

5.4.3.3 Pressure Loss in Pervaporation Modules

The reasons why downstream pressure strongly influences pervaporation
performance have already been explained. Any rise in permeate pressure
provokes a decline in transport rate and a change in selectivity. Both variations
become very steep as downstream pressure approaches the saturated vapor
pressure of the permeate.

In practice, it is therefore necessary to fix the permeate pressure if one wants
to stabilize the working regime of a pervaporator. The major difficulty to
overcome is the pressure loss in the downstream part of the module. It results
from two successive drops occurring first in the porous material supporting the
selective dense layer of the composite membrane and then in the downstream



5 — PERVAPORATION 189

compartment itself. The latter may be important if the permeate is extracted
through the bores of hollow fibers except if special devices equipped with short
fibers are used [86]. Until now, hollow fiber pervaporators are not yet de-
veloped and the modules so far used in industrial applications are of plate-and-
frame or multitubular type. Presently, efforts are being made to manufacture
spiral wound modules, safer and less expensive than stacks of plates. In achiev-
ing this, the aggressiveness of hot solvents and the necessity to avoid any
pressure drop in the permeate channels raise the most difficult problems [87].

5.4.3.4 Pervapcration and Vapor Permeation

Vapor permeation (VP) differs from pervaporation (PV) in that the feed is a
mixed vapor instead of a liquid mixture. In both cases, the driving force for
mass transport is the difference in the chemical potential of the penetrants
between the feed and permeate side of the membrane, the downstream face of
which is maintained under low pressure.

At first sight, VP has several theoretical advantages over PV. In the former
process, no phase change takes place during the transfer across the membrane
and the problems involved with supplying the enthalpy of vaporization are
therefore avoided. Furthermore, concentration polarization on the feed side no
longer exists since the feed is a vapor.

In practice, however, the situation is far from being so advantageous. In fact,
upstream partitioning equilibrium is the same in both processes only if the
incoming vapor remains saturated all along the feed channel and if it does not
contain noncondensable gases. At the technical level, these requirements are
not easily fulfilled because of unavoidable pressure losses in the flowing feed
stream. In most experiments carried out with this technique, undesirable con-
densations were observed in the upstream compartment of the module and a
stagnant liquid film appeared on the surface of the membrane.

It is generally reported that, for a given mixture, PV and VP have approxi-
mately the same selectivity while mass transport is significantly siower in the
latter process [88,89]. On the other hand, Sander [90] claims that both processes
ensure the same flux and selectivity and he gives some information concerning
an industrial vapor permeation plant used to dehydrate different alcohols
(ethanol and isopropanol). This unit was started in 1990 by Lurgi Company at
the Sprit und Chemische Fabrik L. Briiggemann KG, in Heilbronn, Germany.

From the economical point of view, it is clear that the processing of liquid
mixtures by VP first requires the complete vaporization of the feed. The energy
consumed by this preheating is partly recovered only, by heat exchange with
the outgoing retentate stream. Vapor permeation may therefore only be advant-
ageous if the feed mixture is available in the vapor state, e.g, if it emerges from
the top of a distillation column.
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5.4.3.5 Integrated Systems Involving Pervaporation

Quite generally, pervaporation does not operate alone but is combined in
so-called “integrated systems” with other conventional separation techniques
such as distillation, absorption, phase separation, reverse osmosis and counter-
current washing or extraction. It may also be used to assist reversible chemical
reactions or to improve the yield of fermentation processes. In each particular
case, the design of the integrated operation must be specifically optimized and,
in the following, some illustrative combinations will only be mentioned.

A first example is provided by the recovery of organic solvents (isopropanol,
isobutanol, n-butanol,...) present as diluted solutes (1-5 w%) in aqueous solu-
tions [91]. It has been suggested to start the processing by partial extraction of
water by means of reverse osmosis. In a second step, the organic-enriched
retentate is collected in a decantation tank where two liquid phases separate.
The alcohol-rich supernatant layer, containing about 30% water, is dehydrated
by pervaporation since this technique is perfectly fitted to pass over the azeo-
tropic composition. This hybrid process has been designed to recover valuable
alcohols present at a concentration of about 4% in the aqueous layer that
separates during decantation of the steam-stripping condensates obtained after
regeneration of fixed beds of absorbing charcoal.

In another typical integrated operation, pervaporation through hydrophilic
membranes was used to accelerate the esterification of carboxylic acids by
alcohols. The feasibility of the process was appreciated at the laboratory scale,
by circulating the reacting mixture in a loop passing through a pervaporation
cell equipped with the polyvinylalcohol-based hydrophilic GFT membrane
[92-94]. Tests were carried out with the pairs propionic acid/propanol-1 and
propionic acid/propanol-2 since the membrane used is perfectly impermeable
to these reagents and is only passed by water generated by the reaction. Started
with original mixtures containing equimolar amounts of acid and alcohol, those
experiments showed that assistance by pervaporation makes it possible to pass
over the equilibrium conversion limit and to bring the reaction to completion.
At the same time, the overall esterification rate increases since the opposite
hydrolysis reaction is, at least partly, cancelled. Optimization of the system is
realized when the rate of extraction of water through the membrane just equals
that of its generation by the chemical reaction. If so, the residual water content
in the reacting mixture remains virtually nil during the whole process and the
overall kinetics of condensation merge with that of intrinsic esterification (with-
out hydrolysis). For this purpose, the ratio between the membrane surface area
and the volume of reacting mixture must be fixed at an optimal value, which
can be calculated if all data concerning the condensation kinetics and the
membrane permeability are known.

Of course, if the permselective membrane is in direct contact with the reac-
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Fig. 5.26. Laboratory device used by Kita et al. [95] to assist esterification by vapor permeation.

tants, one may question about its stability since it is made of a polyalcohol that
can also be slowly esterified. It is the reason why an alternative combination has
been suggested (Fig. 5.26) in which vapor permeation is used instead of perva-
poration to ensure continuous dehydration of the vapor released by the heated
reacting mixture [95].

At the industrial level, too, experiments were carried out to evaluate the real
advantage resulting from assistance of esterification by pervaporation [96]. Test
operations were also run with mixtures of isopropanol and propionic acid.
Esterification was started by reacting a mixture containing an excess of alcohol
acting as entrainer to extract water generated by condensation of the two
reagents (Fig. 5.27). The released vapor was then processed in a distillation
column to separate the water-isopropanol azeotrope (11 wt% water), which is
too rich in water to be directly recycled into the reactor. Insertion of an inter-
mediate pervaporation module then made it possible to process this azeotropic
mixture and to return dehydrated isopropanol to the reactor. Thanks to that
slight modification, the residual water content in the reacting mixture was
maintained very low and esterification was significantly accelerated. As a
result, the production capacity of the system was approximately increased by
30-40%.

It was also suggested to increase the yield of fermentation reactions by means
of pervaporation [97]. In most bioreactions, the fermentation product exerts an
inhibitory effect on the microorganism used. In the case of ethanolic fermenta-
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Fig. 5.27. Pilot-scale pervaporation-assisted esterification of isopropanol (according to A. Dams
et al,, BASF, Germany [96]).

tion, for instance, the reaction slows down when the ethanol content of the broth
is higher than 5-6%. Several experiments were carried out with integrated
bioreactor-pervaporator systems in which ethanol produced was continuously
extracted by pervaporation through an organophilic membrane. In this respect,
we may mention the investigations reported by Sodeck [98] and Gudernatsch
[99]. In the device designed by the former, ethanol was extracted through a set
of permselective silicone-based tubes, while the latter made use of composite
hollow fibers with the active layer inside. In both cases, the membrane was of
composite type, comprising a porous polysulfone support coated with an
organophilic polydimethylsiloxane layer. The conclusions drawn by these two
authors are very similar and may be summarized as follows:

1. The heat required to vaporize the permeate can be supplied by the biore-
action itself, since fermentation is an exothermic process.

2. If a sweeping gas is circulated to remove permeated ethanol, oxygen can
be supplied to the microorganism by using oxygen-containing mixtures.

However, despite this promising outset, pervaporation is not yet extensively
used to assist industrial bioreactions. In fact, several conventional techniques
are already available to extract ethanol released during fermentation. For in-
stance, it can be removed by stripping (the major drawback is foaming) or by
evaporation under reduced pressure (the microorganisms are then partly de-
prived of oxygen). As indicated, each of those techniques presents some disad-
vantage and this is also true for the pervaporation-aided process. In the latter
case, difficulties actually arise in the monitoring of the system because it is not
easy to keep constant the population of active living cells in continuously
working fermenters.
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5.5 MANUFACTURE OF PERVAPORATION MEMBRANES

Thin, homogeneous, nonporous membranes can be shaped by evaporation
of a polymer solution previously degasified and cast on a horizontal surface.
Depending on the nature of the starting polymeric solute (elastomeric, semicry-
stalline or glassy polymer), membranes produced in this way are smooth,
mechanically resistant or brittle, respectively. Of course, materials belonging to
the first two categories are preferred since they can easily be deposited as thin
dense layers. Investigation of these homogeneous samples has shown that
elastomers are more permeable whereas semicrystalline materials are more
selective. The latter can therefore be used to shape composite membranes by
casting a selective skin layer onto a porous reinforcing support.

5.5.1 Hydrophilic Pervaporation Membranes

The well-known phase inversion process widely used to produce asymme-
tric reverse osmosis membranes is generally unsuitable to manufacture perva-
poration membranes since it does not enable us to adjust the structure of the
porous sublayer. Tests performed with commercial reverse osmosis mem-
branes designed for desalination of water showed that these membranes, in
spite of their hydrophilicity, do not prove to be very effective when they are
used to dehydrate water-organic liquid mixtures by pervaporation.

Membranes used in modules so far working in industrial pervaporation
plants are generally of composite type. They are prepared by coating a porous
support of definite structure with a thin, dense layer of permselective polymer.
During its formation, the superimposed skin is slightly crosslinked to reduce
its ability to swell. This reaction is carefully controlled to optimize membrane
selectivity and permeability. In the case of polyvinylalcohol, a typically semi-
crystalline material, crosslinking also prevents any further recrystallization of
the deposited polymer, which would cause some instability in the transport
properties of the resulting membrane.

In the composite configuration thus obtained, the structure of the porous
support exerts a significant influence on the performance of the membrane.
Pores must be wide enough to avoid undesirable pressure drop in the permeate
stream but not too large to prevent any deep penetration of the coating material
during the formation of the membrane. To fulfil these two opposite requirements,
it is generally necessary to prepare tailor-made porous supports characterized by
sharp pore size distribution, centered on an optimized mean diameter. For that
purpose, new techniques such as plasma erosion are often resorted to.

This process has been developed by GFT to manufacture the earliest com-
mercial hydrophilic pervaporation membranes now in use in several plants all
over the world [100]. In these membranes, the porous polyacrylonitrile support
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film, reinforced by a polyester nonwoven, is coated with a thin, dense, polyvi-
nylalcohol-based, permselective layer. The latter is deposited by evaporation of
an aqueous polymer solution containing unsaturated diacids, such as maleic
acid, as crosslinking reagents. Of course, various membranes exhibiting slightly
different characteristics can be produced from the same starting materials,
depending on manufacturing conditions. For instance, the hydrophilic GFT
membrane is now available in two variants labelled “High selectivity/Low
permeability membrane” and “Low selectivity/High permeability mem-
brane”, respectively. They differ only from each other by the structure of the
PVA layer, which is more or less tightly crosslinked. By proper selection, it is
possible to optimize the performance of all modules involved in a given indus-
trial process. Related membranes were recently developed for dehydration of
chemically aggressive liquids, such as organic acids or amines. Contact with
acidic feeds disrupts ester linkages in the crosslinked PV A layer of the standard
GFT membranes. Resistant membranes were obtained after crosslinking them
by more stable ether or carbon—carbon covalent bonds [101]. At high tempera-
ture, aliphatic amines simultaneously provoke the breaking of ester linkages,
the dissolution of the polyacrylonitrile substrate and the degradation of the
reinforcing polyester fabrics. To overcome this difficulty, a special polysulfone
support film was developed in which the reinforcing material is made of
cellulose or polyphenylenesulfide.

Similar composite membranes can also be produced by other techniques,
such as the “film transfer coating” [102] in which the composite structure is
obtained by colaminating the porous polyacrylonitrile support with a very thin,
dense polyvinylalcohol film. The adhesiveness of the two layers is ensured after
lamination, by heat or radiation treatment.

Hydrophilic pervaporation membranes are also manufactured from natural
or synthetic polyacids or polybases. For instance, Japanese pervaporation mo-
dules Purerator, introduced by Tokuyama Soda Company [103], are equipped
with hollow fibers spun from chitosan, a by-product recovered by treatment of
lobster shells. One may also classify in this category the pervaporators pro-
duced by the British Company Kalsep [104]. They comprise 18 cylindrical
permselective elements obtained by coating the inner surface of porous ceramic
tubes with a thin layer of potassium polyacrylate. The transfer area correspond-
ing to each bundle is approximately 1.2 m% These membranes are very per-
meable and selective to water, after neutralization by an appropriate alkaline
hydroxide, such as potassium or cesium hydroxide. Their high permeability
often makes it possible to ensure satisfactory permeation fluxes across 20
pm-thick, homogeneous, dense deposit. Their major disadvantage is the pro-
gressive decline of their performance during long-lasting use. This course
results from the leaching out of the potassium or cesium counter-ions by
exchange with protons from the flowing feed stream. To prevent this unfavor-
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able trend, it was suggested to use high molecular weight polybases to neu-
tralize the membrane material [105]. Attempts were therefore made to produce
hydrophilic membranes from “polyelectrolyte complexes” by neutralizing
polyacids by macromolecular polybases. The resulting membranes called “sim-
plex membranes” were readily obtained on suitable support, by interfacial
reaction between anionic and cationic polyelectrolytes. When they are faced
with water-ethanol mixtures, they are as selective as polyvinylalcohol mem-
branes and generally exhibit higher permeability [106].

The following table mentions typical polyelectrolytes used as starting ma-
terials in this manufacture.

Polyanionic component Polycationic component

Poly-(ethyleniminium chloride)

. Poly-(N,N-dimethyl-3,5-dimethylene-
Sodium cellulose sulfate piperidinium chloride)

Poly-(dimethyldiallylammonium chloride)

The attempts carried out by the Daicel Research Center [107] concern a
typical hydrophilic composite membrane obtained by modifying polyacryloni-
trile hollow fibers. A dense polyelectrolyte complex skin layer is generated on
the inside wall of the fibers by reaction between the CO,H-activated surface of
the polyacrylonitrile capillaries and a flowing solution of polymeric quaternary
ammonium salt.

An alternative way of producing pervaporation membranes is the use of
radiation grafting to modify, by insertion of suitable comonomers, inert and
resistant films of polyethylene, polytetrafluoroethylene, polyvinylfluoride or
polyvinylidenefluoride. In the procedure named “Direct Radiochemical Graft-
ing”, the base film is immersed in a solution of the comonomer in a suitable
solvent and then irradiated. The modified material is removed and carefully
washed to extract the free homopolymer. In the “Delayed Radiochemical Tech-
nique”, grafting is induced by macroradicals trapped in the preirradiated trunk
polymer. The base film is activated by preirradiation under inert atmosphere
and then contacted with a solution of the comonomer. A variant of the latter
procedure consists in grafting the comonomer onto the starting material preac-
tivated by formation of peroxide or hydroperoxide sites [108]. The support film,
slightly peroxidized by irradiation under air, is stored in this state for several
months at 5°C. The grafting process consists in contacting this activated ma-
terial with a solution containing the comonomer and a small amount of ferrous
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salt, which prevents rapid homopolymerization [109]. Heating then provokes
homolysis of the peroxide linkages and initiates the graft-polymerization.

The common feature to all these grafting techniques is that radiations deeply
penetrate into the exposed material and can therefore transform an inert film
(polyethylene or polytetrafluoroethylene) into a functionalized permselective
membrane. After this operation, the even distribution of comonomer units across
the thickness of the film must be ascertained. This control is achieved by staining
techniques (complexation with iodine in the case of N-vinylpyrrolidone
moieties), by Differential Interference Contrast Microscopy or by X-ray scattering
if the resulting membrane material contains acidic groupings able to exchange
protons for heavy metallic cations. Since the distribution of grafted units is chiefly
determined by penetration of the comonomer into the irradiated sheet, obtaining
homogeneous membranes is time-consuming. This is the major drawback, which
opposes the application of these grafting techniques at the industrial scale.

A more versatile procedure to manufacture appropriz te composite perva-
poration membranes is electron beam curing [110]. A suitable viscous oligomer
containing polymerizable unsaturated end-groups is cast onto a porous sup-
port film and is further irradiated by UV light or by electron beams to generate
a thin, dense permselective coating.

More recently, promising results were reported concerning the production
of pervaporation membranes by plasma polymerization [110,111]. Plasma is a
state of matter consisting of molecules, radicals and ionic particles and also
comprising electrons and photons. If a solid substrate is exposed to a plasma,
the action of all these reactive species results in distinct modifications, either in
the substrate or on its surface, depending on the kind of plasma gas used. For
the modification of polymer materials, only nonthermal plasmas are applied.
These are generated by electrical glow-discharge under reduced pressure of gas
(approximately 5 mbar) and application of a high-frequency electrical field. If
this plasma is contacted with a microporous film (average pore diameter = 0.1
um) laid on one of the electrodes, a dense layer settles on the free surface of the
film. A precise control of operational conditions then allows this deposition to
be adjusted in such a way that it completely covers the surface of the support
film without penetrating deeply into the pores.

Actually, the chemical structure of the material deposited by plasma-poly-
merization is not precisely known. In fact, it is generally obtained from a
complex mixture of chemically polymerizable and nonpolymerizable vapors.
For instance, a mixture containing hexafluoroethane, perfluoropropane and
tetrafluoroethylene can be used to prepare thin organophilic films. Moreover,
it appears that the resulting structure depends on many operational parameters
among which are the residence time of the vapors in the plasma reactor, the
pressure and the power input. Manufacturing conditions are therefore difficult
to control and to reproduce.
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Among the different effects of plasma on porous substrates, the most benefi-
cial for the preparation of membranes is the formation of a very thin dense
coating of functionalized material. This technique therefore appears as an
effective means of producing composite membranes for pervaporation. Experi-
ence actually shows that plasma-modified porous films can easily be tailor-
made for various separation purposes. When a mixture of organic and inor-
ganic gases is brought into low-pressure, high-frequency glow discharge, the
plasma-deposited material is strongly functionalized and therefore exhibits
good selectivity and enhanced permeability [112]. As a consequence, high
permeation fluxes are transported through that permselective layer, the thick-
ness of which generally does not exceed 1 um. The plasma-deposition technique
conclusively appears as a very promising technique for manufacturing compo-
site pervaporation membranes. A close control of plasma parameters allows
membranes as selective as those produced by the conventional solution coating
process to be obtained and, in most cases, the plasma membrane is significantly
more permeable. Being tightly crosslinked, the selective layer does not swell
extensively and is therefore more resistant to aggressive mixtures. Plasma
membranes obtained by deposition on appropriate porous supports were suc-
cessfully used to dehydrate acetic acid and water—acetonitrile mixtures, which
cannot be processed by pervaporation through the standard GFT membranes.

In certain cases, a very special procedure can be used to produce composite
membranes, with an ultrathin permselective skin layer (less than 1 pm thick)
made from a definite polymer or polycondensate. If this material is soluble in a
volatile organic solvent, nonmiscible with water, the polymer solution is cast on
a water surface [113] and the thin film, which then settles on this surface after
evaporation of the solvent, is transferred onto an appropriate porous support.

Selective barriers can also be obtained by deposition of a hydrophilic organo-
mineral layer onto a suitable porous substrate. For instance, the pores of
sintered metal tubes were clogged with zirconium oxide polyacrylate (ZOPA).
The resulting composite elements were tested to achieve the complete dehydra-
tion of the water—propanol azeotropic mixture [114].

5.5.2 Organophilic Pervaporation membranes

In the last few years, many attempts have been made to develop effective
“organophilic membranes” designed for extraction of ethanol or other organic
solutes contained in aqueous mixtures. One of the purposes was to integrate
such membranes with bioreactors in order to remove, in a continuous way, the
fermentation products which exert an inhibitory effect.

For this purpose, silicone-based membranes were extensively investigated.
These experiments showed that pervaporation of water-ethanol mixtures through
homogeneous films of polydimethylsiloxane (PDMS) results in enrichment of the
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permeate in ethanol. A critical analysis of these results, however, shows that
pervaporation selectivity does not then significantly exceed that of the liquid-
vapor equilibrium under atmospheric pressure [115-119]. The same conclusion
also applies to most of the membranes made from polymers usually classified
as organophilic in the literature [116,118,120,121]. For instance, pervaporation
of water—ethanol feeds containing 5 wt% alcohol, through homogeneous mem-
branes of polytrimethylsilylpropyne (PTSMP) — a material generally con-
sidered as the most permeable to ethanol — yields a permeate containing 34%
ethanol, whereas free vaporization of the same feeds releases a vapor contain-
ing 37% alcohol. Japanese researchers from Sagami Chemical Research Center
appear to have recently succeeded in improving significantly the selectivity of
PTMSP for ethanol, by grafting various silicon-containing acetylenic co-
monomers on the side methyl groups of the PTMSP chain [121].

These investigations show that there are very few polymers through which
pervaporation of water-ethanol mixtures is more selective to ethanol than a
single vaporization step. At present, this seems to be fulfilled only by special
membranes [122], such as certain silicalite-filled silicone membranes and some
copolymer films obtained by grafting various polyacetylenics on the side
methyl groupings of PTMSP [121] or perfluoroalkylacrylates on preactivated
styrenemethacrylate trunk copolymers [119].

On the other hand, PDMS-based membranes can be much more effective in
processing aqueous solutions of other organic solutes:

1. First, if repulsive forces work between water and the solute molecules, as
disclosed by strong deviation from thermodynamical ideality or by the occur-
rence of a miscibility gap. In such a case, the larger the deviation, the faster is
the transport of the organic permeant through the membrane. In other words,
a correlation appears between the solubility of the organic component in water
and the selectivity of its transport through the silicone film. This correlation was
clearly shown by the comparative experiments carried out by Béddeker [31] on
the extraction of the four isomeric butanols.

2. The second possible favorable feature is an attractive interaction between the
organic solute and the silicone-based membrane. This requires that the solubility
parameter of this solute should be close to that of the membrane material, which
approximately equals 8.5 (cal per ml)®°. This is fulfilled by chlorinated hydrocat-
bons, ethers, esters and ketones. Accordingly, experience shows [123] that PDMS
films exhibit good selectivity for acetone and dioxane, the solubility parameters
of which equal 9.8 and 10.0 (cal per ml)®>, respectively. In the case of ethylace-
tate (solubility parameter = 9.1), an aqueous feed solution containing 5% ethy-
lacetate yields an 89% ethylacetate permeate while the same feed releases a
vapor containing only 78% ester. For the same reason — strong attractive
interaction between the solute and the membrane material — and in spite of its
low volatility (Blg. T = 182°C), phenol can be readily removed from an aqueous
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effluent by pervaporation through a polyether-amide block copolycondensate
membrane (PEBA 5533 from ATOCHEM). In fact, a feed containing 1700 ppm
phenol yields a 9% phenol permeate that separates into two phases upon
condensation [124].

Although they are not very effective for removing ethanol, which is com-
pletely miscible with water and is characterized by a solubility parameter equal
to 127 (cal per ml)®>, silicone-based membranes can, however, be used to
extract other organics from aqueous solutions [125,126] or to recover them from
polluted air streams. In the USA, Membrane Technology Research Inc. (MTR
Inc.) is developing devices equipped with such membranes. They are commer-
cialized under the tradenames Pervap and Vaporsep Systems. In Europe, GFT-
Carbone Lorraine Company has recently started the manufacturing of two
different silicone-based composite barriers. The standard membrane is ob-
tained by deposition of a functionalized dimethylsiloxane oligomer onto a
porous polyacrylonitrile support, followed by curing under electron beam
[110]. A more selective but less permeable variant is made by introducing, in
the silicone layer, 60% organophilic zeolite-type filler, such as silicalite.

5.5.3 Pervaporation Membranes for Organic—Organic Separation

In the last few years, efforts were made to develop new membranes to
separate certain organic-organic liquid mixtures, in order to promote the appli-
cation of pervaporation in the chemical and petrochemical industries. These
investigations mainly concern the separations aromatics/non aromatics, alco-
hols/alcanes and alcohols/ ethers.

The first problem is raised by refiners who want to recover substituted
aromatics contained in the various — heavy, intermediate or light — catalytic
naphtha streams and must also reduce the benzene content of the C-6 reformate
cuts used in the production of high-grade leadless gasoline. In the chemical
industry, potential applications of aromatics/saturates separation could be the
removal of aromatics from the feedstock of ethylene plants in order to enhance
their production capacity and the separation of benzene and cyclohexane in
benzene-toluene—xylene production plants.

The fractionation of alcohols/alcanes and alcohols/ethers mixtures is mainly
related with the production of methyltertiobutylether (MTBE) and ethyltertiobu-
tylether (ETBE), which are the antiknock additives recently used, instead of tetrae-
thyl-lead, to improve the octane number of gasoline. These ethers are synthesized
through alkylation of the C-4 cut (isobutene + butanes), by reacting it with an
excess of methanol or ethanol. The product stream emerging from the reactor
then contains saturated C-4, the resulting ether and the unreacted alcohol and this
mixture is rather difficult to separate since ether—alcohol mixtures generally exhibit
azeotropic behaviour. The objective is therefore to develop an optimized reac-
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tion—distillation-pervaporation integrated process in order to achieve the pro-
duction of the tertiobutylethers in the best economical conditions.

The establishment of corresponding ternary phase diagrams or the system-
atic measurement of preferential solvation exhibited by a series of polymers
contacted with these different liquid mixtures, provides reliable information for
selecting an appropriate membrane material. In the development of performing
membranes, however, their swelling extent in contact with the processed feeds
needs to be adjusted. The crosslinking degree of the membrane must, therefore,
be thoroughly controlled and this is rather difficult to ensure when the compo-
site membrane is produced by the usual coating—evaporation technique since
the chemical crosslinking reaction is then achieved during the evaporation
period. In this respect, plasma deposition from an appropriate gas mixture
appears to be a more versatile and reliable procedure.

It was also suggested that definite crosslinked polymer networks of appro-
priate chemical nature could be realized by means of “physical crosslinking”.
In this way, promising results concerning the separation of aromatics and
saturates by pervaporation have been reported by Exxon [127]. The membranes
used were made of linear multiblock copolycondensates comprising alternate
flexible (soft) and rigid (hard) sequences, as exemplified by the following
chemical formula:

I 1 i i
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/ N ! 1 / N
—Ar—N\ N—Ar —N—C—(‘)/\/\/\,C')—C—N—-Ar —N /N—Ar-
C ¢/ | ! Ne c
1l 1 ! : f It
0 (v} . 1 o 0
' H
S e
Rigid (hard) Flexible (soft) Rigid (hard)

This material, which belongs to the category of polyurethane-imides, can be
synthesized by polyaddition of an aromatic dianhydride with a low molecular
weight polyoxyethyleneglycol previously end-capped by reaction with an ex-
cess of aromatic diisocyanate. The polycondensate thus obtained is soluble in
certain organic solvents and it is possible to cast and to evaporate the resulting
solution onto appropriate supports. During this operation, the flat polyaro-
matic moieties are brought in close contact and, due to the strong specific
attractive van der Waals forces between them, pile up into stacks of plates. In
the deposited film, rigid domains thus nucleate which are bound together by
flexible polyoxyethylene links. The resulting network is somewhat similar to
chemically crosslinked structures but, in the present case, the parameters of the
generated network can be adjusted at will, since they are mainly determined by
the chemical nature of the starting reagents and, more specifically, by the
molecular weight of the polyoxyethyleneglycol.
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Of course, polyoxyethyleneglycol can be replaced by any other flexible
hydroxy-ended or amino-ended oligomeric chain, for instance by the low
molecular weight polyethylene-adipate obtained by reacting adipic acid with
an excess of ethyleneglycol.

Exxon Research and Engineering Co. extensively investigated this type of
membranes in order to evaluate their performance in the pervaporation separ-
ation of aromatics and saturates. The results obtained with a typical polyure-
thane-imide membrane are summarized below:

Nature of the membrane

The starting reagents were:

Hydroxy-ended polyethylene-adipate: Molar weight 2,000 g mole™
Diphenylmethanediisocyanate

Pyromellitic-anhydride or (1,2,4,5-benzenetetracarboxylic-dianhydride)
Solvent used to cast the membrane: dimethylformamide.

Operational pervaporation conditions

T =140°C
Downstream pressure: 5 mbar

Pervaporation results:

Feed: Heavy catalytic naphtha: 51% aromatics (by volume)
Permeate: 84% aromatics
Normalized permeation flux (1 pm-thick membrane): 100 kg/h m>,

5.6 PRESENT STATE OF ART OF PERVAPORATION

Pervaporation is now widely recognized as an effective technique for frac-
tionating azeotropic mixtures and as a valuable competitor to energy-consum-
ing conventional processes such as vacuum and extractive distillation. The
industrial applications of pervaporation are, so far, mainly confined to dehy-
dration of the water—organic liquid azeotropes and to the extraction of volatile
trace organics contained in aqueous mixtures.

Most of the currently operational pervaporation plants were started during
the last decade by GFT Co. and under license by Mitsui Engineering and
Shipbuilding Co. Ltd. (Table 5.5). The major application of the process is the
dehydration of water—organic liquid azeotropic mixtures, not only the produc-
tion of pure ethanol, but also the refining of other organic solvents such as
isopropanol, esters, ethers and ketones. In every case, pervaporation is com-
bined with distillation and is mainly used to pass over the azeotropic composi-
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TABLE 5.5

Operational pervaporation plants started by GFT Co. and by Mitsui Engineering and Shipbuild-
ing Co., Ltd. (under licence) during 1984-1992

Pervaporation operation No. of plants
Ethanol dehydration

Béthéniville sugar refinery, France (150,000 1 dh 1

Provins sugar refinery, France (30,0001dY) 1

Smaller plants (1,000-12,0001d™") 11
Isopropanol dehydration

Production capacity ranging from 5,000 to 15,0001 d™ 5
Dehydration of ethylacetate (1,000-6,000 1 d'l) 3
Dehydration of ethers (tetrahydrofurane, dimethoxyethane)

Production capacity ranging from 2,000 to 6,0001d? 2
Dehydration of ketones (6,0001d7Y) 1
Dehydration of other organic solvents

Production capacity ranging from 750 to 15,0001 d™} 6
Multipurpose plants (integrated systems) 3
Total number of operational units 33

+ 25 pilot plants (4 m? surface area membrane each) installed to test the applicability of the
technique to potential fractionation problems

tion of the mixture, the flow-sheet of the distillation—pervaporation system
depending on this composition. More complex integrated process were also
developed in which pervaporation is paired with other conventional separation
techniques, such as adsorption, phase separation or counter-current extraction.
Pilot-scale experiments were also made to insert pervaporation into chemical
processes in order to assist a reversible water-generating reaction by con-
tinuous removal of water [96,128].

Recently, other European Companies (GKSS, Kalsep, Chemetall GmbH,
CM-Celfa, Metallgesellschaft) have begun to develop and install industrial
pervaporation systems.

Using organophilic silicone-based membranes, it is also possible to extract by
pervaporation organic contaminants contained in aqueous mixtures {129]. This
process was developed by the U.S. Centre Membrane Technology Research
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Fig. 5.28. Use of pervaporation to recover methylethylketone (MEK) from an aqueous stream
containing 2 wt% ketone. PV1: Pervaporator equipped with organophilic membranes; PV2: perva-
porator equipped with hydrophilic membranes. Numbers indicate MEK contents (wt%). Accord-
ing to M. Pasternak, Texaco Research Centre {130}.

(MTR), which designed the Vaporsep and the Pervap Systems. Both make use
of modules equipped with silicone-based membranes to remove organic pollu-
tants contaminating air streams or aqueous effluents. The Vaporsep technique
seems to be a successful way to trap hydrocarbon vapors rejected in purge gas
streams swept out of oil tanks and to recover volatile fluorinated compounds
emerging from large refrigerating plants. The pervaporation recovery of valu-
able volatile organic solutes contained in aqueous effluents could also be a
realistic industrial process if certain requirements were fulfilled concerning the
solubility of the contaminant in water, its concentration in the feed and also its
affinity for the membrane polymer. A favorable situation occurs when this
pollutant is partially miscible with water and when its concentration in the feed is
not too low. If it is a ketone, which has some affinity for silicone rubber membranes,
pervaporation yields an enriched permeate that spontaneously separates into two
liquid phases upon condensation. The dense water-rich layer can be recycled in the
feed while the organic-rich supernatant phase is processed in a second pervapor-
ator equipped with hydrophilic membranes to achieve its dehydration. The
flowsheet of this process, developed by Texaco Research Centre [130] for the
recovery of methylethylketone, is represented in Fig. 5.28.

Of course, this favorable situation would be more frequently encountered if
many different organophilic membranes were available on the market. For
instance, a potential application of pervaporation is the extraction of phenol
contained in industrial waste waters. The process, developed in Germany by
GKSS, takes advantage of the strong affinity of this solute for polyamides and
polyethers [124]. The pervaporation modules are equipped with PEBA mem-
branes made of polyether-amide block copolycondensates related to the “soft—
hard” macromolecular structures already introduced. This decontamination
technique is presently being tested in a Japanese Company to design an indus-
trial pervaporation plant sized to treat 530 kg h™! feed flow containing 7%
phenol and reduce this content to 300 ppm.
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6.1 INTRODUCTION: HISTORICAL DEVELOPMENT

Electrodialysis is a mass separation process in which electrically charged
membranes and an electrical potential difference are used to separate ionic
species from an aqueous solution and other uncharged components. Electrodia-
lysis is used widely today for desalination of brackish water and in some areas
of the world it is the main process for the production of potable water. Although
of major importance, water desalination is by no means the only significant
application. In Japan, for example, electrodialysis is used on a large scale as a
pre-concentration step for the production of table salt. Stimulated by the devel-
opment of new ion-exchange membranes with better selectivities, lower electri-
cal resistance, and improved thermal, chemical and mechanical properties,
other uses of electrodialysis in the food, drug and chemical process industry as
well as in biotechnology and wastewater treatment, have recently gained a
broader interest. In addition to conventional electrodialysis there are other
closely related processes, such as diffusion dialysis, Donnan dialysis, electro-
dialytic water dissociation, etc. with a multitude of potential large-scale appli-
cations. Most of these processes that are utilising standard or special property
ion-exchange membranes as key-elements are still in an early stage of develop-
ment but they are also rapidly gaining commercial and technical relevance
[1-3]. Ion-exchange membranes are also used on a large scale in energy storage
or conversion systems such as batteries and fuel cells and in electrochemical
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production processes, such as the chlorine-alkaline electrolyses. In many appli-
cations, electrodialysis and related processes are in direct competition with
other separation techniques, such as distillation, ion exchange, reverse osmosis
and various chromatographic procedures. In other applications, there are very
few technically and economically feasible alternatives to the electro-membrane
processes.

Although the large-scale industrial utilization of electrodialysis began about
20 years ago, the principle of the process has been known for about 100 years.
The development of electro-membrane processes began in 1890 with the work
of Ostwald [4] who studied the properties of semipermeable membranes and
discovered that a membrane is impermeable for any electrolyte if it is imper-
meable either for its cation or its anion. To illustrate this, he postulated the
existence of the so-called “membrane potential” at the boundary between the
membrane and the solution as a consequence of the difference in concentration.
In 1911, Donnan [5] confirmed this postulate for the boundary of an ion-ex-
change membrane and its surrounding solution. Simultaneously, he developed
a mathematical equation describing the concentration equilibrium which re-
sulted in the so-called “Donnan exclusion potential”.

The first basic studies related to ion-selective membranes were carried out in
1925 by Michaelis with the homogeneous, weak acid collodium membranes [6].
Around 1940, interest in industrial applications led to the development of
synthetic ion-exchange membranes on the basis of phenol-formaldehyde-poly-
condensation resins [7]. In 1940 Meyer and Strauss proposed an electrodialysis
process in which anion-selective and cation-selective membranes were ar-
ranged in alternating series to form many parallel solution compartments
between two electrodes [8]. With such a multicompartment electrodialyser,
demineralization or concentration of solutions could be achieved in many
compartments with only one pair of electrodes. Thus the irreversible energy
losses represented by the decomposition potentials at the electrodes could be
distributed over many demineralizing compartments and therefore minimized.
After the importance of the multicell stack arrangement for the economy of the
electrodialysis was recognized, and with the development of stable, highly
selective ion-exchange membranes of low electric resistance in the late 40s by
Juda and McRae of Ionics Inc. [9] and Winger et al. at Rohm and Haas [10],
electrodialysis rapidly became an industrial process for demineralizing and
concentrating electrolyte solutions. The development of a chemically stable
cation-exchange membrane based on sulfonated polytetra-fluorethylene 10
years later led to a large-scale use of this membrane in the chlor-alkali produc-
ing industry. '

The main use envisaged for electrodialysis in the United States and Europe
was the desalination of brackish water and seawater. The membranes to be used
in this application should have high selectivity and low electro-osmotic transfer
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in contact with very dilute solutions. The electrical resistance, however, was not
of the highest priority because it was controlled mainly by the conductivity of
the dilute stream. The membranes which fulfilled these requirements were
manufactured as so-called heterogeneous structures by the dispersion of a fine
ion-exchange resin powder within the solution of a matrix polymer and by the
evaporation of the solvent [11].

A completely different use of electrodialysis was envisaged in Japan. Here
electrodialysis was used for concentrating sodium chloride from seawater to
produce table salt [12]. In this application the electrical resistance of the mem-
brane was of prime importance for the economics of the process. These require-
ments have led to the development of homogeneous membranes with very low
electrical resistance but less mechanical strength.

With the introduction of electrodialysis into the food and drug industry —
and especially into the treatment of certain industrial effluents — again, further
improvements of both the cell system design and the membrane properties,
especially their chemical and thermal stability, became necessary [13]. In the
early 80s a completely new area of application of electrodialysis had been
opened up. At this time Liu et al. [14] introduced bipolar membranes for the
recovery of acids and bases from the corresponding salts by electrical potential
induced water dissociation on an industrial scale.

6.2 FUNDAMENTALS OF ELECTROMEMBRANE PROCESSES

As with all mass separation processes, the technical and commercial feasi-
bility of electrodialysis and related processes is determined by the process costs,
which are a function of membrane properties, cell system and process design,
feed solution composition, etc. To better understand the technical and commer-
cial potential of electrodialysis and related processes in the separation of mole-
cular mixtures — and recognize their limitations — some fundamentals con-
cerning the principle of the processes, the function of the membranes, the mass
transport in electrolyte solutions and general energy requirements will be
discussed.

6.2.1 Principle of Electrodialysis and Related Processes

The principle of electrodialysis is illustrated in Fig. 6.1, which shows a
schematic diagram of a typical electrodialysis cell arrangement consisting of a
series of anion- and cation-exchange membranes arranged in an alternating pattern
between an anode and a cathode to form individual cells. A cell consists of a
volume with two adjacent membranes. If an ionic solution such as an aqueous salt
solution is pumped through these cells and an electrical potential is established
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Fig. 6.1. Schematic diagram illustrating the principle of electrodialysis.

between the anode and cathode, the positively charged cations migrate toward
the cathode and the negatively charged anions towards the anode. The cations
pass easily through the negatively charged cation-exchange membrane but are
retained by the positively charged anion-exchange membrane. Likewise the
negatively charged anions pass through the anion-exchange membrane and are
retained by the cation-exchange membrane. The overall result is an increase in
the ion concentration in alternate compartments, while the other compartments
simultaneously become depleted. The depleted solution is generally referred to
as the diluate and the concentrated solution as the brine or the concentrate. The
driving force for the ion transport in the electrodialysis process is the applied
electrical potential between the anode and cathode.

Figure 6.1 shows only two cation (C) and two anion-exchange membranes
(A). An actual electrodialysis stack may have several hundreds of such mem-
branes [15]. The total space occupied by the diluate solution between two
contiguous membranes, the concentrated solution between two contiguous
membranes next to the diluate chamber, and the two contiguous anion and
cation-exchange membranes make up a cell pair. The cell pair is a repeating unit
in an electrodialysis stack.

The schematic diagram described in Fig. 6.1 corresponds to one of the most
common forms of electrodialysis used for desalination and deionization pur-
poses. There are, however, several other processes closely related to conven-
tional electrodialysis with various arrangements of ion-exchange or neutral
membranes and with or without an electrical potential driving force [16].
Processes such as Donnan-Dialysis, diffusion dialysis, isoelectrodialytic focus-
ing and electrodialytic water dissociation will be discussed in detail later.

The technical feasibility of electrodialysis as a mass separation process, i.e.,
its capability of separating certain ions from a given mixture with other mole-
cules, is mainly determined by the properties of the membranes used in the
system. The economics of the process are determined by the operating costs,
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which are dominated by the energy consumption and investment costs for a
plant of a desired capacity. Both energy consumption and investment costs are
determined to a large extent by membrane properties, but are also affected by
various process design parameters such as flow velocities, current density, cell
dimensions, etc.

6.2.2 Properties of Ion-Exchange Membranes

Ion-exchange membranes are ion-exchange resins in film form. They consist,
therefore, of highly swollen gels carrying fixed positive or negative charges.
There are two different types of ion-exchange membranes:

(1) cation-exchange membranes which contain negatively charged groups
fixed to the polymer matrix, and

(2) anion-exchange membranes which contain positively charged groups
fixed to the polymer matrix.

In a cation-exchange membrane, the fixed anions are in electrical equilibrium
with mobile cations in the interstices of the polymer, as indicated in Fig. 6.2,
which shows schematically the matrix of a cation-exchange membrane with fixed
anions and mobile cations, the latter referred to as counter-ions. In contrast, the
mobile anions, called co-ions, are more or less completely excluded from the
polymer matrix because of their electrical charge, which is identical to that of the
fixed ions. This type of exclusion is called Donnan-exclusion in honor of his
pioneering work [17]. Due to the exclusion of the co-ions, a cation-exchange
membrane permits transfer of cations only. Anion-exchange membranes carry
positive charges fixed on the polymer matrix. Therefore, they exclude all cations
and are permeable to anions only. Thus, the selectivity of ion-exchange mem-
branes results from the exclusion of co-ions from the membrane phase.

© negative fixed ion © negative co-lon @ positive counter-ion

Fig. 6.2. Schematic diagram of the structure of a cation-exchange membrane showing the polymer
matrix with the negative fixed charges, the positive counter-ions and the negative co-ions.
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Fig. 6.3. Schematic drawing showing the concentration profiles of mobile cat- and anions in a
cation-exchange membrane and the adjacent solution, and illustrating the Donnan potential at the
membrane—solution interface.

The exclusion of the co-ions from the membrane phase leads, furthermore, to
a build-up of an electrical potential difference between the membrane and the
adjacent dilute solution, the so-called Donnan-potential as illustrated in Fig. 6.3.
This figure shows the concentration profiles of fixed and mobile ions and the
electrical potential gradient, between a cation-exchange membrane and a dilute
electrolyte solution. Due to the comparatively high concentration of fixed
negative charges, the concentration of the cations which are attracted by the
negative fixed charges is higher in the membrane than in the adjacent solution.
The concentration of mobile anions, on the other hand, is higher in the solution
than in the membrane. This leads to concentration differences of cations and
anions between the membrane and the adjacent solution which acts as a driving
force for a diffusive mass transport. Since electroneutrality is required at any
point in the membrane and the solution, diffusion of individual ions in the
opposite direction leads to the build-up of a space charge which counteracts the
concentration gradient driving force and equilibrium is established between the
attempt of diffusion on one side and the establishment of an electrical potential
difference on the other.

The electrical potential difference between the ion-exchange membrane and
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an adjacent dilute solution, i.e. the Donnan-potential, cannot be measured
directly. It can, however, be calculated [17] if electrochemical equilibrium
between the membrane and the adjacent solution is assumed, by:

nM=n? (6.1)

where 1 is the electrochemical potential. The superscripts M and O refer to the
membrane and the adjacent outer phase, i refers to an ionic component.
The electrochemical potential can be related to the chemical potential by:

ni=pi+zFo (6.2)

where p is the chemical potential, z the electrochemical valence (positive for
cations and negative for anions), F the Faraday constant, ¢ the electrical poten-
tial and i refers again to an ionic component.

The chemical potential and thus the electrochemical potential is a function of
the state variables temperature, pressure and composition [18]. If electrochemi-
cal equilibrium and equal temperature between the membrane and the adjacent
solution is assumed the Donnan-potential can be expressed by:

o
Agpon =@M - ¢° = z_,l_l-: [RT In :? - PSJ (6.3)
where A@pon is the Donnan-potential, ¢Mand ¢P are the electrical potentials in
the membrane and in the solution, z; is the electrochemical valence of the ion i,
F the Faraday and R the gas constant, T is the absolute temperature, v; the partial
molar volume of the component i, and P; the swelling pressure of the mem-
brane.

The exclusion of the co-ions from the membrane can also be derived from the
electrochemical equilibrium. If it is assumed that for a dilute solution the co-ion
concentration in the membrane is small compared to the fixed ion-concentra-
tion, i.e. CM << C, and the electrolyte is a mono-valent salt, then the concentra-
tion of the co-ions in the membrane can to a first approximation be expressed
by the following relation [19]:

2

Co2
Cg:'éim‘['g‘) (69)

where CM and C2 are the co-ion concentrations in the membrane and in the
electrolyte solution, CM is the concentration of the fixed ions in the membrane
and 72 and /¥ are the average activity coefficients of the salt in the electrolyte
solution and the membrane.
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Equation (6.4) can only describe the Donnan exclusion to a first approxima-
tion. In modern ion-exchange membranes considerable deviation of measured
co-ion concentrations in the membrane from those calculated by Eq. (6.4) is
obtained [20,21]. The differences between the observed and expected mem-
brane behaviour are mainly due to a non uniformity in the distributions of
molecular components in the membrane. This results from structural irregu-
larities on a molecular level and from the influence of the electric field. Addi-
tionally, the practical application of thermodynamics is rather limited by the
difficulties in the experimental measurement of independent interaction, diffu-
sion, resistance and frictional coefficients.

The Donnan exclusion equilibrium and thus the membrane selectivity de-
pend on: (1) the concentration of the fixed ions; (2) the valency of the co-ions;
(3) the valence of the counter-ions; (4) the concentration of the electrolyte
solution; and (5) the affinity of the exchanger with respect to the counter-ions.

Additional important parameters for the characterization of ion-exchange
membranes are the density of the polymer network, hydrophobic and hydro-
philic properties of the matrix polymer, the distribution of the charge density,
and the morphology of the membrane itself. All these parameters do not only
determine the mechanical properties, but also have a considerable influence on
the sorption of the electrolytes and the non electrolytes and therefore on the
swelling [11].

The most desired properties for ion-exchange membranes are:

- High permselectivity — an ion-exchange membrane should be highly

permeable to counter-ions, but should be impermeable to co-ions.

- Low electrical resistance — the permeability of an ion-exchange mem-
brane for the counter-ions under the driving force of an electrical potential
gradient should be as high as possible.

- Good mechanical and form stability — the membrane should be mechani-
cally strong and should have a low degree of swelling or shrinking in
transition from dilute to concentrated jonic solutions.

- High chemical stability — the membrane should be stable over a pH range
from 0 to 14 and in the presence of oxidizing agents.

It is difficult to optimize the properties of ion-exchange membranes because
the parameters determining the different properties often have opposing ef-
fects. For instance, a high degree of cross-linking improves the mechanical
strength of the membrane but also increases its electrical resistance. A high
concentration of fixed ionic charges in the membrane matrix leads to a low
electric resistance but, in general, causes a high degree of swelling combined
with poor mechanical stability. The properties of ion-exchange membranes are
determined by two parameters, namely, the basic polymer matrix and the type
and concentration of the fixed ionic moiety. The basic polymer matrix deter-
mines to a large extent the mechanical, chemical and thermal stability of the
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membrane. Very often the matrix of an ion-exchange membrane consists of
hydrophobic polymers such as polystyrene, polyethylene or polysulfone. Al-
though these basic polymers are insoluble in water and show a low degree of
swelling, they may become water soluble by the introduction of the ionic
moieties. Therefore, the polymer matrix of ion-exchange membranes is very
often cross-linked. The degree of cross-linking then determines to a large extent
the degree of swelling and the chemical and thermal stability, but it also has a
large effect on the electrical resistance and the permselectivity of the membrane.

The type and the concentration of the fixed ionic charges determine the
permselectivity and the electrical resistance of the membrane, but they also
have a significant effect on the mechanical properties of the membrane. The
degree of swelling, especially, is affected by the concentration of the fixed
charges. The following moieties are used as fixed charges in cation-exchange
membranes:

-S0; -COO~ -PO% -HPO; AsO} -SeO3
In anion-exchange membranes fixed charges may be:
-NH} -RNH} -R,NH' -R;N* -R;P* -R,S*

These different ionic groups have significant effects on the selectivity and
electrical resistance of the ion-exchange membrane. The sulfonic acid group,
e.g., ~S0O3, is completely dissociated over nearly the entire pH-range, while the
carboxylic acid group -COQ is virtually undissociated in the pH range < 3. The
quaternary ammonium group -R3N", again, is completely dissociated over the
entire pH range, while the primary ammonium group ~NHj3 is only weakly
dissociated. Accordingly, ion-exchange membranes are referred to as being
weakly or strongly acidic or basic in character. Most commercially available
ion-exchange membranes have -SO3 or -COO™ groups, and most anion-ex-
change membranes contain -RzN* groups [18].

6.2.3 Mass Transfer in Electrodialysis

The mass transfer in electrodialysis can be described by various mathemati-
cal relations, most of which are semiempirical. The most comprehensive de-
scription is based on a general equation relating the fluxes of heat, electricity,
volume and individual components to the corresponding driving forces [22]:

Ji= 2, Ly Xik=123,..., m) (6.5)

where J; is the flux of individual components, volume, heat or electricity; Xy is
the driving force; and L is the phenomenological coefficient relating flux and
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driving force. For multicomponent systems with heat, volume and electricity
fluxes, Eq. (6.5) can be written as a matrix. The diagonal coefficients relate the
fluxes to the directly corresponding driving forces, and the cross-coefficients
express the coupling of fluxes with indirectly conjugated driving forces.

Transport phenomena can be described rather completely with the aid of Eq.
(6.5). Its practical value, however, is rather limited. First of all, Eq. (6.5) is only
applicable close to equilibrium because of assumed linear relationships be-
tween fluxes and driving forces. Furthermore, the many different coefficients
that vary as a function of state variables, such as temperature, composition or
pressure, are difficult to determine by independent measurements.

In electrodialysis only mass fluxes and direct electric coupling of individual
components are of concern, and the effect of a temperature gradient on the flux
of individual components can generally be neglected. Thus, with this approxi-
mation, in electrodialysis the mass transport can be described by introducing
the proper relations for the chemical potential, the electrical potential and the
pressure gradients in Eq. (6.5) [16].

],,=L,,,,§-z-(—s,,T+v,,p+RTlna,,):l—L,,v§§+L,.e%(£ (6.6)
where ] is the flux, L a phenomenological coefficient, R the gas constant, T the
absolute temperature, v the partial molar volume, p the pressure, s the partial
molar entropy, a the activity, ¢ the electrical potential and p the hydrostatic
pressure; z is a directional coordinate perpendicular to the membrane surface
and the indexes n, v, and e refer to the components, the volume and the
electrical charge, respectively.

When, furthermore, to a very first approximation electroosmotic effects,
streaming potential etc. are neglected (i.e., pressure, concentration and tem-
perature gradients are assumed to have no effect on the transport of ions), Eq.
(6.6) can be integrated and reduces to:

Ae

Az (6.7)

Jn=Lne
Using a mechanistic model for the mass transport in a continuous phase based
on molecular diffusion, the phenomenological coefficient can be expressed by
the ion mobility and the ion concentration:

A
Jo=CM uk‘;“’ 6.8)

where | is the transmembrane flux, C the concentration, u the ion mobility, A
the electrical potential gradient, and Az the thickness of the membrane. The
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subscript n refers to an ionic component and the superscript M to the phase, e.g.,
a membrane.

Equation (6.8) indicates that in electrodialysis, mass transport is caused
mainly by an electrical potential difference that acts solely on charged compo-
nents. Cations and anions move in different directions when subjected to an
electrical potential difference and must therefore be considered separately.

Since in electrodialysis the entire transfer of electric charges is due to the
transport of ions, the mass flux is directly proportional to the electric current,
which is given by [15]:

i=FY z,), (6.9)

where i is the current density, F the Faraday constant, z the electrochemical
valence and ] the ion flux. The subscript n refers to the individual ions.

The relative fluxes of the different ions are denoted by transport number T,
which is the ratio of the electric current conveyed by that ion to the total current
[23]

Zy ]n

3 2

Combination of Egs. (6.8) and (6.10) provides a relation between the transport
number and the concentration and mobility of the different ions:

T, (6.10)

n Zp Cn

= (6.11)
Y 25 Cy
n

Here, T is the transport number, z the electrochemical valence, C the concen-
tration and the subscript n refers to the individual components.
The transport number can be related to the transference number by:

. (6.12)

n Zn

where ¢ is the transference number.

For a solution of a univalent salt such as NaCl, the transport number is
identical to the transference number. The transference number is 0 > ¢, > 1 and
t, +t_=1, where the subscripts + and - refer to cations and anions, respectively.

The transport number or the transference number, respectively, are also a
measure of the permselectivity of an ion-exchange membrane. If, for instance,
the concentration of the co-ion in the membrane approaches 0, the transference
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number of the counter-ion becomes 1 and the entire current through the mem-
brane is transported by the counter-ion.

6.2.4 Membrane Permselectivity

The membrane permselectivity describes the degree to which it passes an ion
of one charge and prevents the passage of an ion of the opposite charge. The
membrane permselectivity is defined by:

$Me g,

yMe= (6.13)

and

Ma g
yMe = r (6.14)

where v is the permselectivity of a membrane, t is the transference number, the
superscripts Mc and Ma refer to cation- and anion-exchange membranes and
the subscripts + and - to cation and anion respectively.

Thus, the permselectivity of an ion-exchange membrane relates the transport
of electric charges by specific counter ions to the total transport of electric
charges through the membrane. An ideal permselective cation exchange mem-
brane would transmit positively charged ions only, i.e. for £ = 1is yM=1. The
permselectivity approaches zero when the transference number within the
membrane is identical to that in the electrolyte solution, i.e. for Mot is \|1M° =
0. For the anion-exchange membrane holds the corresponding relation. The
transference number of a certain ion in the membrane is proportional to its
concentration in the membrane which again is a function of its concentration in
the solutions in equilibrium with the membrane phase, due to the Donnan
exclusion as discussed earlier.

6.2.5 Energy Requirements in Electrodialysis

The energy required in an electrodialysis process is the sum of two terms: (1)
the electrical energy to transfer the ionic components from one solution through
membranes into another solution and (2) the energy required to pump the
solutions through the electrodialysis unit. Depending on various process para-
meters, particularly the feed solution concentration, either one of the two terms
may be dominating, thus determining the overall energy costs. The energy
consumption due to electrode reactions can generally be neglected since more
than 200 cell pairs are placed between the two electrodes in a modern electro-
dialysis stack [24].
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(a) Minimum Energy Required for the Separation of a Molecular Mixture

In electrodialysis as in any other separation process there is a minimum
energy required for the separation of various components from a mixture. For
the removal of salt from a saline solution this energy is given by [23]:

aw
AG=RT In— (6.15)

w
where AG is the Gibb’s free energy change required to remove water from a
solution, R the gas constant, and T the absolute temperature in °K; 4, and 43, are
the water activities in pure water and the solution, respectively. Expressing the
water activity in the solution with a monovalent salt by the concentration of the
dissolved ionic components the minimum energy required to remove water

from a monovalent salt is given by [15]:

S G
Eineo =AG =2RT (Co - Ca) | 57—~ G d (6.16)

(+] 0

c. 't

where AG refers to the Gibb’s free energy change required for the production of

1 liter of diluate solution, C is the salt concentration, the subscripts o, d and ¢

refer to the feed solution, the diluate and the concentrate, respectively.
Furthermore,

AG=Y,nzF A9, (i=123,...n) (6.17)

where F is the Faraday’s constant (9.652 x 10* A s7! equival.™), z the chemical
valence of the ion species i, n the number of moles of species i and Ag the
potential drop due to the concentration difference in the diluate and concen-
trate. This potential drop is generally referred to as concentration potential.

(b) Practical Energy Requirements for the Ion Transfer

The total electrical potential drop across an electrodialysis cell consists only
partly of the concentration potential, the other part is used to overcome the
ohmic resistance of the cell. This ohmic resistance is caused by the friction of the
various ions with the membranes and the water while being transferred from
one solution to another, resulting in an irreversible energy dissipation in the
form of heat generation. The potential drop to overcome the ohmic resistance
can be, and generally is, significantly higher than the concentration potential,
thus in electrodialysis the energy required in practice is generally significantly
higher than the theoretically required minimum energy [25]. Furthermore,
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energy is required to pump the feed solution, the diluate and the concentrate
through the electrodialysis stack. Depending on various process parameters,
particularly the feed solution concentration, either of these three terms may be
dominant, thus, determining the overall energy costs.

The energy necessary to remove salts from a solution is directly proportional
to the total current flowing through the stack and the voltage drop between the
two electrodes in a stack. The energy consumption in a practical electrodialysis
separation procedure can be expressed by [22]:

Eprac=I1AUnt (6.18)

where Ep,.is the energy consumption, I the electric current through the stack,
Al is the voltage drop across a cell pair, n the number of cell pairs in a stack and
t the time.

The electric current needed to desalt a solution is directly proportional to the
number of ions transferred through the ion-exchange membranes from the feed
stream to the concentrated brine. It is expressed as:

=zI-'QAC
§

where F is the Faraday constant, 2 the electrochemical valence, Q the volumetric
flow rate of the feed solution, AC the concentration difference between the feed
solution and the diluate and § the current utilisation.

The current utilisation is directly proportional to the number of cell pairs in
a stack.

A combination of Egs. (6.18) and (6.19) gives the energy consumption in
electrodialysis as a function of the current applied in the process, the electrical
resistance of the stack, i.e., the resistance of the membrane and the electrolyte
solution in the cells, the current utilisation and the amount of salt removed from
the feed solution:

n AUtz F Qf(C, - Cy)
prac = 3

I (6.19)

(6.20)

Equation (6.20) indicates that the electrical energy required in electrodialysis
is therefore directly proportional to the amount of salts that has to be removed
from a certain feed volume to achieve the desired product concentration.
Energy consumption is also a function of the voltage drop across a cell pair.

The total electrical potential drop across an electrodialysis cell consists of the
concentration potential due to the different ion concentrations in the dilute and
concentrate solutions and on the voltage drop used to overcome the ohmic
resistance of the cell. Figure 6.4 shows the concentration profile in an electro-
dialysis cell pair. The cell pair contains the concentrated and the depleted feed
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solutions, the two membranes and the four boundary layers, in which the
concentrations of the salts in the solutions near the membranes may vary
considerably from that in the bulk. The total voltage drop across a cell pair
consists of three parts: (1) The concentration potential across the membranes
between the diluate and concentrate solutions, and between boundary layer
and bulk solution concentration, (2) the potential drop due to the ohmic resist-
ance of the solutions, and (3) the potential drop due to the ochmic resistance of
the membranes. Thus the total voltage drop is the algebraic sum of the concen-
tration potentials resembling an electromotive force and the voltage drop due
to the ohmic resistances. If the cross-section through a cell pair is illustrated by
an electric circuit a series of electromotive forces resembling differences in the
salt concentrations of the bulk, the boundary and the membrane phase in series
with the voltage drop due to the ohmic resistance of the bulk and boundary
layer solutions as well as the membranes are obtained. This is also indicated in
Fig. 6.4 in which the electromotive forces caused by the concentration dif-
ferences are indicated by the battery symbols and the ohmic resistances by a
resistance symbol.

Salit Concentration

Electrical Potential

_‘.
z (Directional Coordinate Perpendicular to the Membrane Surface)

Jto——e{g——ei=

Fig. 6.4. Concentration and electrical potential profiles across an electrodialysis cell pair indicating
the various potential drops due to concentration gradients and electrical resistances of the solutions
and membranes. ’
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The ohmic resistance is caused by the friction of the various ions with the
membranes and the water while being transferred from one solution to another,
resulting in an irreversible energy dissipation in the form of heat generation.
Moreover, additional energy is also consumed by the electrode processes in the
terminal compartiments since these do not contribute to the yield of either
diluate or concentrate.

Other parameters being constant, the voltage drop due to the ohmic resist-
ance of the cell pair is increasing with the current density. Electrical resistance,
again, is a function of individual resistance of the membranes and of the
solutions in the cells. In general the voltage drop due to the ohmic resistance is
much larger than the voltage drop due to concentration potential or electrode
reaction. It is therefore important to use membranes with low electrical resist-
ance and to space the membranes very closely to reduce the voltage drop and
thus the energy losses due to the ohmic resistance of the cell per unit of salt
transferred.

An exact calculation of the voltage drop for a given electrodialysis unit takes
into account the electrical resistance of the diluate and concentrate solution and
of the membranes as well as the concentration potential. Furthermore the
concentration polarisation effects in the boundary layers at the membrane
surfaces due to a depletion of ion leads to additional voltage drops. An exact
calculation of the voltage drop in an electrodialysis stack is rather complex. The
calculation of the voltage drop in a practical relevant electrodialysis stack can
significantly be simplified by making several approximations:

(1) The equivalent conductivity is independent of concentration over the
range of interest.

(2) The concentration potentials are negligibly low, compared to the potential
drops caused by the ohmic resistance of the solutions and the membranes.

(3) The concentrate and diluate cells have identical geometry and the flow of
the solutions is co-current and of equal velocity.

(4) The inlet concentrations are identical for the diluate and concentrate cell.

(5) Changes in the ohmic resistance of the solutions due to boundary layer
effects can be neglected.

With these approximations the voltage drop across a cell pair can be ex-
pressed by:

U=I [QA_ (i + L)-& P+ p‘“‘:l (6.21)

where A is the cell thickness, A is the equivalent conductivity of the salt solution,
p is the resistance, C refers to the salt concentration, the subscripts d and c refer
diluate and concentrate and the superscripts am and cm refer to anion and
cation-exchange membranes, respectively.
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Since the resistance of a solution is inversely proportional to its ion concen-
tration, the voltage drop across a cell pair will in most cases be determined
mainly by the resistance of the diluate solution. The concentration in the diluate
cell, however, is decreasing during the desalting process and thus its resistance
is increasing accordingly. Under the assumption, that the concentration in the
diluate is much lower than that in the feed and brine, the energy consumption
can be expressed to a first approximation by [2]:

C
InbVlog C—°
d
Bpa = (622)

where [ is the electrical current passing through a stack, n the number of cell
pairs, V the total volume of the diluate solution, C the concentration, b a
constant factor which takes into account the resistance of the membranes, the
equivalent conductivity of the solutions, concentration polarisation effects, cell
geometry, Faraday constant, etc., and the subscripts o and d refer to the feed
and the diluate solution. A typical value for the resistance of an electrodialysis
cell pair, i.e., the cation- and anion-exchange membranes plus the diluate and
the concentrated solutions (e.g., in the desalination of brackish water), is within
the range of 5-500 Q cm? [26]. For other applications the electrical resistance of
a cell pair might be significantly higher or lower. In applications where ex-
tremely low diluate concentrations are required, the conductivity in the diluate
cell can be improved by using ion-conductive spacers [27].

(c) Pumping Energy Requirements

The operation of an electrodialysis system requires two or three pumps to
circulate the diluate, the brine and eventually the electrode rinse solutions
through the stack. The energy required for pumping these solutions is deter-
mined by the volumes to be circulated and the pressure drop. It can be ex-
pressed by:

Ep =k4Qq Apg + ke Q:Ap. + ke Qe Ape (6.23)

where E;, is the pumping energy, k a constant referring to the efficiency of the
pumps, Q volumetric flow rates and Ap the hydrodynamic pressure loss; the
subscripts d, ¢ and e refer to diluate, concentrate and electrode rinse solutions,
respectively.

The pressure losses in the various cells are determined by the solution flow
velocities and the cell design. The energy requirements for circulating the
solution through the system may become significant or even dominant for
solutions with rather low salt concentration.
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Other energy-consuming processes are the electrochemical reactions at the
electrodes. In a stack with a multicell arrangement, however, the energy con-
sumed at the electrodes is generally less than 1% of the total energy used for the
ion transfer and can therefore be neglected [28].

(d) Energy Consumption in Electrodialysis and Other Separation Processes

In many applications electrodialysis competes with other separation pro-
cesses. For the desalination of a saline solution, different processes such as
reverse osmosis, ion exchange and distillation are used in addition to electro-
dialysis. All processes require the same theoretical minimum energy. The
irreversibly dissipated energy is rather different in the different processes, as
can be illustrated by comparing the basic principles of desalination by electro-
dialysis and reverse osmosis, which are shown schematically in Fig. 6.5.

The basic difference between reverse osmosis and electrodialysis is that in
reverse osmosis the water passes through the membrane under a driving force
of a hydrostatic pressure difference, whereas in electrodialysis the salt is pas-
sing through the membrane under the driving force of an electrical potential
difference. The irreversible energy loss in reverse osmosis is caused by friction
experienced by water molecules on their pathways through the membrane
matrix. This means that the irreversible energy loss in reverse osmosis is
independent of the feed water salt concentration. In electrodialysis the irre-
versible energy loss is caused by the friction of ions on their pathway through
the membrane from the diluate to the brine solution. Thus, in electrodialysis the

Salt and Water Salt and Water
Water Water Anions Cations
AP AP A P ]
Salt Water
Reverse Osmosis Electrodialysis

Fig. 6.5. Schematic drawing illustrating the mass transport in reverse osmosis and
electrodialysis.
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Fig. 6.6. Schematic diagram showing the irreversible energy loss in electrodialysis and reverse
osmosis as a function of the feed solution salt concentration.

reversible energy loss is directly proportional to the feed salt concentration. For
feed solutions with low salt concentrations, the energy requirements are there-
fore generally lower in electrodialysis than in reverse osmosis, and at high feed
solution salt concentrations the situation is reversed. This is shown schemati-
cally in Fig. 6.6 where the irreversible energy consumption versus the feed
solution concentration is plotted for electrodialysis and reverse osmosis assum-
ing identical product water concentrations for both cases.

A comparison of mass separation processes concerning their energy con-
sumption must take into account that in electrodialysis the energy is required
in the form of electricity, a relatively expensive form, but in distillation a
relatively inexpensive form of energy (i.e., heat) can be used. In ion exchange,
e.g., very little energy is required directly. However, the chemicals used for the
regeneration of the resin require a significant amount of energy for their
production.

6.3 PREPARATION AND CHARACTERIZATION OF ION-EXCHANGE
MEMBRANES

The technical feasibility and economics of electrodialysis and related pro-
cesses are determined by the properties of the membranes used in the various
applications. The development of efficient membranes with a long useful life
under operating conditions is a key issue for the successful application of
electrodialytical procedures.

Membranes to be used in electrodialysis and related processes should have
a high selectivity for the transport of certain ionic species, while other charged
and uncharged components should be more or less completely retained by the
membrane. The transport rates for the permeating components in the mem-
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brane should be as high as possible. Furthermore, the membrane has to meet
certain mechanical requirements and should exhibit good chemical and ther-
mal stability. Due to the importance of the membranes it is not surprising that
there are numerous detailed recipes described mainly in the patent literature
for the manufacturing of ion-exchange membranes with special application-ad-
justed properties.

The preparation procedures of ion-exchange membranes are closely related
to those of ion-exchange resins. As with resins, there are many possible types
with different polymer matrixes and different functional groups to confer
ion-exchange properties on the product. Although there are a number of inor-
ganic ion-exchange materials [11], most of them based on zeolites and bento-
nites, these materials are rather unimportant in today’s technically used ion-ex-
change membranes and will not be discussed further.

Most commercial ion-exchange membranes can be divided, according to
their structure and preparation procedure, into two major categories: either
homogeneous or heterogeneous membranes.

Homogeneous ion-exchange membranes are produced either by polymeri-
zation of functional monomers, for example, by means of polycondensation of
phenolsulfonic acid with formaldehyde [29], or by additional functionalizing of
a polymer film by sulfonation [30]. For the combination of electrical and mech-
anical properties, the so-called heterogeneous ion-exchange membranes show
many more possible variations. The degree of heterogeneity of ion-exchange
membranes increases according to the following scale [31]: (1) homogeneous
ion-exchange membranes, (2) interpolymer membranes, (3) microheterogeneous
graft- and block-polymer membranes, (4) snake-in-the-cage ion-exchange
membranes, and (5) heterogeneous ion-exchange membranes.

From the viewpoint of macromolecular chemistry all the intermediate forms
are considered as so-called polymer-blends. As a consequence of the poly-
mer/polymer incompatibility, a phase separation of the different polymers on
one hand, as well as a specific aggregation of the hydrophilic and hydrophobic
properties is obtained. A classification of the membrane morphology is then
possible, depending on the type and the size of the microphase. If membranes
are translucent, is this an indication that inhomogeneities, if any, are smaller
than the wavelength of visible light (400 nm). Thus, these membranes are called
interpolymer or microheterogeneous membranes.

Heterogeneous membranes are produced by melting and pressing of a dry
ion-exchange resin with granulated polymers, or by dispersion of the ion-ex-
change resin in the solution or melting of a matrix polymer [32]. In the same
manner, the polymer matrix can be polymerized in situ directly around the
resin particles [33]. Microheterogeneous membranes, for example, are pro-
duced by means of block-copolymerization of ionogenic and non-ionogenic
monomers, or by graft-copolymerization of functional monomers [34]. Inter-
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polymer membranes are produced by dissolving compatible, functional poly-
mers in one solvent to form a homogeneous, macroscopically transparent
solution, followed by the evaporation of the solvent [35].

6.3.1 Preparation of Ion-Exchange Membranes

As far as their chemical structure is concerned, ion-exchange membranes are
very similar to normal ion-exchange resins. The difference between membranes
and resins arises largely from the mechanical requirements of the membrane
process. Ion-exchange resins are mechanically weak, cation resins tend to be
brittle and anion resins are normally soft [36]. They are dimensionally unstable
due to the variation in the amount of water imbibed into the gel in different
circumstances. Changes in electrolyte concentration, in the ionic form or in
temperature may cause major changes in the water uptake and hence in the
volume of the resin. These changes can be tolerated in small spherical beads,
but in large sheets that have been cut to fit an apparatus they are not acceptable.
Thus, it is generally not possible to use sheets of material which has been
prepared in the same way as a bead resin. The most common solution to this
problem is the preparation of a membrane with a backing of a stable reinforcing
material, which gives the necessary strength and dimensional stability [37].
Preparation procedures for making ion-exchange resins and membranes are
described in great detail in the patent literature.

(a) Preparation Procedure of Homogeneous Ion-Exchange Membranes

The methods of making homogeneous ion-exchange membranes can be
summarized in three different categories:

(1) Polymerization or polycondensation of monomers; at least one of them must
contain a moiety that either is or can be made anionic or cationic, respectively.

(2) Introduction of anionic or cationic moieties into a preformed solid film.

(3) Introduction of anionic or cationic moieties into a polymer, such as
polysulfone, followed by dissolving the polymer and casting it into a film.

(1) Polymerization and polycondensation of monomers

The first ion-exchange membranes made by polycondensation of monomers
were prepared from phenol by polycondensation with formaldehyde according
to the following reaction scheme [29]:

OH oH O OH
+ HyS0, ——pp @nocuo —
SQH SOyH SO;H
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Phenol is treated with concentrated H;S04, which leads to the phenolsulfonic
acid in paraform. This acid is reacted with a solution of formaldehyde in water.
The solution is then cast into a film, which polymerises at room temperature.

Another method of preparing a cation- and anion-exchange membrane is the
polymerization of styrene and divinyl benzene and its subsequent sulfonation
and amination. The cation-exchange membrane is obtained according to the
reaction scheme [38]:

37853

The anion-exchange group is introduced into the polymer by chloromethy-
lation and amination with triamine according to the following reaction scheme:

‘/gﬂzt&%mza —$ {CH N —> ci-
s
CH,Cl

There exist numerous references in the literature for the preparation of
ion-exchange membranes by polymerization [38,40-42].

JJ

SOyH

(2) Introduction of anionic or cationic moieties into a solid preformed film

Concerning the introduction of anionic or cationic moieties into a preformed
film, the monomer may either contain a cross-linking agent such as divinylben-
zene, or alternatively, it may be grafted onto a film by radiation techniques.
Starting with a film makes the membrane preparation rather easy. The starting
material may be a hydrophilic polymer, such as cellulose or polyvinyl alcohol.
More often, however, a hydrophobic polymer such as polyethylene or poly-
styrene is used.

Ion-exchange membranes made by sulfochlorination and amination of poly-
ethylene sheets, for instance, have low electrical resistance combined with high
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permselectivity and excellent mechanical strength. The reaction scheme for the
preparation of these membranes is given below [43].

éhv

M+ so “c' —
2 Thoi S0 501 + 2 NaOH
- NaCl
e
- HO $O3~ Na*

The cation-exchange membrane is prepared by exposing a polyethylene film
to a mixture of SO, and Cl, gases at room temperature under radiation of ultra-
violet light.

The anion-exchange membrane is made by amination of the sulfochlorinated
polyethylene and reaction with methylbromide.

CH,
L e O]

Hy

_>../Y\/"‘ :

S0,-NH-CHp N—CH, Br-

CHS

By

(3) Introduction of anionic or cationic moieties into a polymer chain followed by
dissolving the polymer and casting it into a film

Membranes can also be prepared by dissolving and casting a functionalized
polymer, such as sulfonated polysulfone, into a film. The reaction which in-
cludes (a) a sulfonation procedure followed by (b) a treatment with sodium
acetate is illustrated in the following scheme:

vQveravas

o \@—FQ\O@"

SON.+
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The sulfonated polysulfone can be cast as a film on a screen and precipitated
after evaporation of most of the solvent such as dichloroethane. This leads to a
reinforced membrane with excellent chemical and mechanical stabilities and
good electrochemical properties. [43]

(b) Preparation Procedure of Heterogeneous lon-Exchange Membranes

These membranes consist of fine colloidal ion-exchange particles embedded
in an inert binder such as polyethylene, phenolic resins or polyvinyl-chloride.
Such membranes can be prepared simply by calendering ion-exchange particles
into an inert plastic film [11]. Another procedure is the dry-molding of inert
film-forming polymers and ion-exchange particles and then the milling of the
mold stock. Also, ion-exchange particles can be dispersed in a solution containing
a film-forming binder, and then the solvent is evaporated to give the ion-exchange
membrane. Similarly, ion-exchange particles are dispersed in a partially poly-
merized binder polymer, and then the polymerization is completed.

However, there are some significant differences between ion-exchange mem-
branes and an ion-exchange resins concerning the details of the polymer structures,
which are primarily due to the differences in size: In both cases the fixed, charged
ion-exchange groups result in the swelling of the polymer when itis in contact with
aqueous solutions. The amount of swelling depends to some degree on the ionic
strength of the solution. In the case of granular ion-exchange resins, the extent of
swelling is limited by cross-linking and by entanglement of the polymers. Typi-
cally, the level of cross-linking is about 10%. Owing to the spherical symmetry of
granular ion-exchange resins and to the fact that they are not physically con-
strained in use, there is generally no functionally important physical damage to the
resins from drying and rewetting or from change in ambient ionic strength [36].

Dimensional changes which are tolerable during use in the case of granular
ion-exchange resins are not acceptable in ion-exchange membranes due to the
large sizes of the latter and the fact that they are physically constrained in the
electrodialysis stacks in which they are used. As a result, useful ion-exchange
capacities (IEC = 1-3 (mequival /g dry membrane)) tend to be lower than in the
case for granular exchangers (IEC = 3-5 (mequival/g resin)) resulting in re-
duced swelling tendencies. In addition to covalent cross-linking, other
strategies are used to limit swelling, such as forming interpenetrating networks
between the ion-exchange resin and other mostly semi-crystalline polymers or
reinforcing the membrane by a fabric.

Heterogenous membranes with useful low electrical resistances contain more
than 65% by weight of the cross-linked ion-exchange particles. Since these ion-ex-
change particles swell when immersed in water, it has been difficult to achieve
adequate mechanical strength and freedom from distortion combined with low
electrical resistance. Most heterogeneous membranes that possess adequate
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mechanical strength generally show poor electrochemical properties. On the other
han