Chapter 7 Estimation of Capital Costs

I'n Chapter 1, the information provided on a process flow diagram, including a stream table and an
equipment summary table, was presented. In the next four chapters, this information will be used as a
basis for estimating
1. How much money (capital cost) it takes to build a new chemical plant
2. How much money (operating cost) it takes to operate a chemical plant
3. How to combine items 1 and 2 to provide several distinct types of composite values reflecting
process profitability
4. How to select a “best process” from competing alternatives
5. How to estimate the economic value of making process changes and modifications to an existing
processes
6. How to quantify uncertainty when evaluating the economic potential of a process

In this chapter, we concentrate on the estimation of capital costs. Capital cost pertains to the costs
associated with construction of a new plant or modifications to an existing chemical manufacturing plant.

7.1 Classifications of Capital Cost Estimates

There are five generally accepted classifications of capital cost estimates that are most likely to be
encountered in the process industries [1,2,3]:

1. Detailed estimate

2. Definitive estimate

3. Preliminary estimate

4. Study estimate

5. Order-of-magnitude estimate

The information required to perform each of these estimates is provided in Table 7.1.

Table 7.1 Summary of Capital Cost Estimating Classifications (References [1], [2], and [3])

Order-of-Magnitude (also known as Ratio or Feasibility) Estimate

Data: This type of estimate typically relies on cost information for a complete process taken from
previously built plants. This cost information is then adjusted using appropriate scaling factors, for
capacity, and for inflation, to provide the estimated capital cost.

Diagrams: Normally requires only a block flow diagram.

Study (also known as Major Equipment or Factored) Estimate

Data: This type of estimate utilizes a list of the major equipment found in the process. This includes all



pumps, compressors and turbines, columns and vessels, fired heaters, and exchangers. Each piece of
equipment is roughly sized and the approximate cost determined. The total cost of equipment is then
factored to give the estimated capital cost.

Diagrams: Based on PFD as described in Chapter 1. Costs from generalized charts.

Note: Most individual student designs are in this category.

Preliminary Design (also known as Scope) Estimate

Data: This type of estimate requires more accurate sizing of equipment than used in the study estimate. In
addition, approximate layout of equipment is made along with estimates of piping, instrumentation, and
electrical requirements. Utilities are estimated.

Diagrams: Based on PFD as described in Chapter 1. Includes vessel sketches for major equipment,
preliminary plot plan, and elevation diagram.

Note: Most large student group designs are in this category.

Definitive (also known as Project Control) Estimate

Data: This type of estimate requires preliminary specifications for all the equipment, utilities,
instrumentation, electrical, and off-sites.

Diagrams: Final PFD, vessel sketches, plot plan, and elevation diagrams, utility balances, and a
preliminary P&ID.

Detailed (also known as Firm or Contractor’s) Estimate

Data: This type of estimate requires complete engineering of the process and all related off-sites and
utilities. Vendor quotes for all expensive items will have been obtained. At the end of a detailed estimate,
the plant is ready to go to the construction stage.

Diagrams: Final PFD and P&ID, vessel sketches, utility balances, plot plan and elevation diagrams, and
piping isometrics. All diagrams are required to complete the construction of the plant if it is built.

The five classifications given in Table 7.1 roughly correspond to the five classes of estimate defined in
the AACE Recommended Practice No. 17R-97 [4]. The accuracy range and the approximate cost for
performing each class of estimate are given in Table 7.2.

Table 7.2 Classification of Cost Estimates



Level of Expected
Project Accuracy Preparation
Definition Range Effort
{as % of Typical Methodology (+/- Range (Relative to
Class of Complete Purpose (Estimating Relative to Best Lowest Cost
Estimate Definition) of Estimate Method) Index of 1) Index of 1)
Class 5 0% to 2% Screening or Stochastic or 4 to 20 1
Feasibility Judgment
Class 4 1% to 15% Concept Study Primarily 3to12 2tod
or Feasibility Stochastic
Class 3 10% to 40% Budget, Mixed but 2toh 3to 10
Authorization, Primarily
or Control Stochastic
Class 2 0% to 70% Control or Primarily lto3 5 to 20
Bid / Tender Deterministic
Class 1 50% to 100%  Check Estimate  Deterministic 1 10 to 100
or Bid/ Tender
(From AACE Recommended Practice No. 1TR-47 |4], reprinted with permission of AACE International, 209
Prairie Ave.,, Morgantown, WV; http: f/ www.aacei.org)

In Table 7.2, the accuracy range associated with each class of estimate and the costs associated with
carrying out the estimate are ranked relative to the most accurate class of estimate (Class 1). In order to
use the information in Table 7.2, it is necessary to know the accuracy of a Class 1 estimate. For the cost
estimation of a chemical plant, a Class 1 estimate (detailed estimate) is typically +6% to —4% accurate.
This means that by doing such an estimate, the true cost of building the plant would likely be in the range
of 6% higher than and 4% lower than the estimated price. Likewise, the effort to prepare a Class 5
estimate for a chemical process is typically in the range of 0.015% to 0.30% of the total installed cost of
the plant [1,2].

The use of the information in Table 7.2, to estimate the accuracy and costs of performing estimates, is
illustrated in Examples 7.1 and 7.2.

Example 7.1

The estimated capital cost for a chemical plant using the study estimate method (Class 4) was calculated
to be $2 million. If the plant were to be built, over what range would you expect the actual capital
estimate to vary?

For a Class 4 estimate, from Table 7.2, the expected accuracy range is between 3 and 12 times that of a
Class 1 estimate. As noted in the text, a Class 1 estimate can be expected to vary from +6% to —4%. We
can evaluate the narrowest and broadest expected capital cost ranges as follows.

Lowest Expected Cost Range
High value for actual plant cost ($2.0 x 10%)[1 + (0.06)(3)] = $2.36 x 106
Low value for actual plant cost ($2.0 x 105)[1 — (0.04) (3)] = $1.76 x 10°

Highest Expected Cost Range
High value for actual plant cost ($2.0 x 106)[1 + (0.06)(12)] = $3.44 x 10°
Low value for actual plant cost ($2.0 x 108)[1 — (0.04)(12)] = $1.04 x 106

The actual expected range would depend on the level of project definition and effort. If the effort and



definition are at the high end, then the expected cost range would be between $1.76 and $2.36 million. If
the effort and definition are at the low end, then the expected cost range would be between $1.04 and
$3.44 million.

The primary reason that capital costs are underestimated stems from the failure to include all of the
equipment needed in the process. Typically, as a design progresses, the need for additional equipment is
uncovered, and the estimate accuracy improves. The different ranges of cost estimates are illustrated in

Example 7.2.

Example 7.2

Compare the costs for performing an order-of-magnitude estimate and a detailed estimate for a plant that
cost $5.0 x 10° to build.

For the order-of-magnitude estimate, the cost of the estimate is in the range of 0.015% to 0.3% of the final
cost of the plant:

Highest Expected Value: ($5.0 x 10%)(0.003) = $15,000

Lowest Expected Value: ($5.0 x 108)(0.00015) = $750

For the detailed estimate, the cost of the estimate is in the range of 10 to 100 times that of the order-of-
magnitude estimate.

For the lowest expected cost range:
Highest Expected Value: ($5.0 x 10%)(0.03) = $150,000
Lowest Expected Value: ($5.0 x 108)(0.0015) = $7500

For the highest expected cost range:
Highest Expected Value: ($5.0 x 10%)(0.3) = $1,500,000
Lowest Expected Value: ($5.0 x 109)(0.015) = $75,000

Capital cost estimates are essentially paper-and-pencil studies. The cost of making an estimate indicates
the personnel hours required in order to complete the estimate. From Table 7.2 and Examples 7.1 and 7.2,
the trend between the accuracy of an estimate and the cost of the estimate is clear. If greater accuracy is
required in the capital cost estimate, then more time and money must be expended in conducting the
estimate. This is the direct result of the greater detail required for the more accurate estimating
techniques.

What cost estimation technique is appropriate? At the beginning of Chapter 1, a short narrative was given
that introduced the evolution of a chemical process leading to the final design and construction of a
chemical plant. Cost estimates are performed at each stage of this evolution.

There are many tens to hundreds of process systems examined at the block diagram level for each process
that makes it to the construction stage. Most of the processes initially considered are screened out before
any detailed cost estimates are made. Two major areas dominate this screening process. To continue
process development, the process must be both technically sound and economically attractive.

A typical series of cost estimates that would be carried out in the narrative presented in Chapter 1 is as



follows.

* Preliminary feasibility estimates (order-of-magnitude or study estimates) are made to compare
many process alternatives.

* More accurate estimates (preliminary or definitive estimates) are made for the most profitable
processes identified in the feasibility study.

*  Detailed estimates are then made for the more promising alternatives that remain after the
preliminary estimates.

+ Based on the results from the detailed estimate, a final decision is made whether to go ahead with
the construction of a plant.

This text focuses on the preliminary and study estimation classification based on a PFD as presented in
Chapter 1. This approach will provide estimates accurate in the range of +40% to —25%.

In this chapter, it is assumed that all processes considered are technically sound and attention is focused
on the economic estimation of capital costs. The technical aspects of processes will be considered in
later chapters.

7.2 Estimation of Purchased Equipment Costs

To obtain an estimate of the capital cost of a chemical plant, the costs associated with major plant
equipment must be known. For the presentation in this chapter, it is assumed that a PFD for the process is
available. This PFD is similar to the one discussed in detail in Chapter 1, which included material and
energy balances with each major piece of equipment identified, materials of construction selected, and the
size/capacity roughly estimated from conditions on the PFD. Additional PFDs and equipment summary
tables are given for several processes in Appendix B.

The most accurate estimate of the purchased cost of a piece of major equipment is provided by a current
price quote from a suitable vendor (a seller of equipment). The next best alternative is to use cost data on
previously purchased equipment of the same type. Another technique, sufficiently accurate for study and
preliminary cost estimates, utilizes summary graphs available for various types of common equipment.
This last technique is used for study estimates emphasized in this text and is discussed in detail in Section
7.3. Any cost data must be adjusted for any difference in unit capacity (see Section 7.2.1) and also for any
elapsed time since the cost data were generated (see Section 7.2.2).

7.2.1 Effect of Capacity on Purchased Equipment Cost

The most common simple relationship between the purchased cost and an attribute of the equipment
related to units of capacity is given by Equation 7.1.

(7.1)

& B (ﬂ)”
CEF B AI‘



where A= Equipment cost attribute

C = Purchased cost

n = Cost exponent

Subscripts: a refers to equipment with the required attribute
b refers to equipment with the base attribute

The equipment cost attribute is the equipment parameter that is used to correlate capital costs. The
equipment cost attribute is most often related to the unit capacity, and the term capacity is commonly used
to describe and identify this attribute. Some typical values of cost exponents and unit capacities are given
in Table 7.3. From Table 7.3, it can be seen that the following information is given:

Table 7.3 Typical Values of Cost Exponents for a Selection of Process Equipment

Range of

Equipment Type Correlation Units of Cost Exponent
Capacity n

Reciprocating compressor

with motor drive 0.75 to 1490 kw 0.84

Heat exchanger shell and tube

carbon steel 1.9 to 1860 m” 0.59

Vertical tank carbon steel DA to 76 m’ 0.30

Centrifugal blower 0.24—71 std m?/s 0.60

Jacketed kettle glass lined 0.2 to 3.8 m’ 0.48

(Al data from Table 9-50, Chemon! Engineer's Handbook, Perry, R H.,, Green, DUW., and Maloney,

1.CY, (eds.), Tthoed, 1997, Reproduced by permission of The McGraw-Hill Companies, Inc,, New

York. NY.)

1. A description of the type of equipment used

2. The units in which the capacity is measured

3. The range of capacity over which the correlation is valid

4. The cost exponent (values shown for n vary between 0.30 and 0.84)

Equation 7.1 can be rearranged to give

(7.2)
C, = KA,

where K = G,/ Aj

Equation 7.2 is a straight line with a slope of n when the log of C, is plotted versus the log of A,. To
illustrate this relationship, the typical cost of a single-stage blower versus the capacity of the blower,



given as the volumetric flowrate, is plotted in Figure 7.1. The value for the cost exponent, n, from this
curve is 0.60.

Figure 7.1 Purchased Cost of a Centrifugal Air Blower (Data adapted from Reference [3])
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The value of the cost exponent, n, used in Equations 7.1 and 7.2, varies depending on the class of
equipment being represented. See Table 7.3. The value of n for different items of equipment is often
around 0.6. Replacing n in Equation 7.1 and/or 5.2 by 0.6 provides the relationship referred to as the six-
tenths rule. A problem using the six-tenths rule is given in Example 7.3.

Example 7.3

Use the six-tenths rule to estimate the percentage increase in purchased cost when the capacity of a piece
of equipment is doubled.
Using Equation 7.1 with n = 0.6,
C,/Cp=(2/1)°6=1.52
% increase = ((1.52 — 1.00)/1.00)(100) = 52%

This simple example illustrates a concept referred to as the economy of scale. Even though the equipment
capacity was doubled, the purchased cost of the equipment increased by only 52%. This leads to the
following generalization.

The larger the equipment, the lower the cost of equipment per unit of capacity.

Special care must be taken in using the six-tenths rule for a single piece of equipment. The cost exponent
may vary considerably from 0.6, as illustrated in Example 7.4. The use of this rule for a total chemical
process is more reliable and is discussed in Section 7.3.



Example 7.4

Compare the error for the scale-up of a reciprocating compressor by a factor of 5 using the six-tenths rule
in place of the cost exponent given in Table 7.3.

Using Equation 7.1,
Cost ratio using six-tenths rule (i.e., n = 0.60) = 5.0%60 = 2,63
Cost ratio using (n = 0.84) from Table 7.3 = 5.0%84 = 3.86
% Error = ((2.63 — 3.86)/3.86)(100) =-32 %

Another way to think of the economy of scale is to consider the purchased cost of equipment per unit
capacity. Equation 7.2 can be rearranged to give the following relationship:

(7.3)

= KA"™!

-

If Equation 7.3 is plotted on log-log coordinates, the resulting curve will have a negative slope, as shown
in Figure 7.2. The meaning of the negative slope is that as the capacity of a piece of equipment increases,
the cost per unit of capacity decreases. This, of course, is a consequence of n < 1 but also shows clearly
how the economy of scale works. As cost curves for equipment are introduced in the text, they will be
presented in terms of cost per unit capacity as a function of capacity to illustrate better the idea of
economy of scale. For many equipment types, the simple relationship in Equation 7.1 is not very accurate,
and an equation that is second order in the attribute is used.

Figure 7.2 Purchased Cost per Unit of Flowrate of a Centrifugal Air Blower (Adapted from Reference
[3])
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In the last two examples, the relative costs of equipment of differing size were calculated. It is necessary
to have cost information on the equipment at some “base case” in order to be able to determine the cost of
other similar equipment. This base-case information must allow for the constant, K, in Equation 7.2, to be
evaluated, as shown in Example 7.5. This base case cost information may be obtained from a current bid
provided by a manufacturer for the needed equipment or from company records of prices paid for similar
equipment.

Example 7.5

The purchased cost of a recently acquired heat exchanger with an area of 100 m? was $10,000.

Determine
a. The constant K in Equation 7.2
b. The cost of a new heat exchanger with area equal to 180 m?

From Table 7.3: n = 0.59: for Equation 7.2:
a. K=Cp/(A,)" = 10,000/(100)%> =661 {$/(m?)*>%}
b. C,=(661)(180)*> = $14,100

There are additional techniques that allow for the price of equipment to be estimated that do not require
information from either of the sources given above. One of these techniques is discussed in Section 7.3.

7.2.2 Effect of Time on Purchased Equipment Cost

In Figures 7.1 and 7.2, the time at which the cost data were reported (2006) is given on the figure. This
raises the question of how to convert this cost into one that is accurate for the present time. When one
depends on past records or published correlations for price information, it is essential to be able to
update these costs to take changing economic conditions (inflation) into account. This can be achieved by
using the following expression:

(7.4)

I
G =C (f-)
1

where C = Purchased cost
I = Cost index
Subscripts: 1 refers to base time when cost is known

2 refers to time when cost is desired



There are several cost indices used by the chemical industry to adjust for the effects of inflation. Several
of these cost indices are plotted in Figure 7.3.

Figure 7.3 The Variations in Several Commonly Used Cost Indexes Over 15 Years (1992-2006)
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All indices in Figure 7.3 show similar inflationary trends with time. The indices most generally accepted
in the chemical industry and reported in the back page of every issue of Chemical Engineering are the
Marshall and Swift Equipment Cost Index and the Chemical Engineering Plant Cost Index.

Table 7.4 provides values for both the Marshall and Swift Equipment Cost Index and the Chemical
Engineering Plant Cost Index from 1991 to 2006.

Table 7.4 Values for the Chemical Engineering Plant Cost Index and the Marshall and Swift
Equipment Cost Index from 1991 to 2006



Marshall and Swift Equipment Chemical Engineering Plant

Year Cost Index Cost Index
1997 8931 361
1992 943 358
19493 964 354
1994 Qa3 368
1995 1024 381
1945 103% 382
1997 1057 387
1998 1062 390
1999 1068 391
2000 1089 394
2001 1094 394
2002 1104 396
2003 1124 402
2004 1179 44
2005 1245 468
2006 1302 501)

Unless otherwise stated, the Chemical Engineering Plant Cost Index (CEPCI) will be used in this text to
account for inflation. This is a composite index, and the items that are included in the index are listed in
Table 7.5. A comparison between these two indices is given in Example 7.6.

Talbe 7.5 The Basis for the Chemical Engineering Plant Cost Index

Components of Index Weighting of Component (%)
Equipment, Machinery, and Supports
{a) Fabricated equipment 37
{b) Process machinery 14
{c) Pipe, valves, and fittings 20
{d) Process instruments and controls F
(e} Pumps and compressors 7
(f) Electrical equipment and materials 5
{g) Structural supports, insulation, and paint _10

100 61% of total
Erection and installation labor 22
Buildings, materials, and labor 7
Engineering and supervision _10
Total 100

Example 7.6

The purchased cost of a heat exchanger of 500 m? area in 1992 was $25,000.
a. Estimate the cost of the same heat exchanger in 2006 using the two indices introduced above.
b. Compare the results.

From Table 7.4 1992 2006

Marshal and Swift Index 943 1302



Chemical Engineering Plant Cost Index 358 500

a. Marshal and Swift: Cost = ($25,000)(1302/943) = $34,518

Chemical Engineering:
Cost = ($25,000)(500/358) = $34,916

b. Average Difference: (($34,518 — 34,916)/(($34,518 + 34,916)/2)(100) = -1.1%

7.3 Estimating the Total Capital Cost of a Plant

The capital cost for a chemical plant must take into consideration many costs other than the purchased cost
of the equipment. As an analogy, consider the costs associated with building a new home.

The purchased cost of all the materials that are needed to build a home does not
represent the cost of the home. The final cost reflects the cost of property, the cost for
delivering materials, the cost of construction, the cost of a driveway, the cost for
hooking up utilities, and so on.

Table 7.6 presents a summary of the costs that must be considered in the evaluation of the total capital
cost of a chemical plant.

Talbe 7.6 Factors Affecting the Costs Associated with Evaluation of Capital Cost of Chemical
Plants (from References [2] and [5])



Factor Associated with the

Installation of Equipment Symbol Comments

1. Direct Project Expenses

a, Equipment f.ob, cost Cp Purchased cost of equipment at

(f.0.b. = free on board) manufacturer’s site.
b. Materials required for Cum Includes all piping, insulation and
installation fireproofing, foundations and struc-
tural supports, instrumentation and
electrical, and painting associated
with the equipment.
. Labor to install Cy Includes all labor associated with
equipment and material installing the equipment and materials
mentioned in {a) and (b).
2. Indirect Project Expenses
a. Freight, insurance, and Crrr Includes all transportation costs for
taxes shipping equipment and materials
to the plant site, all insurance on
the items shipped, and any purchase
taxes that may be applicable,

b. Construction overhead Co Includes all fringe benefits such as
vacation, sick leave, retirement
benefits, etc.; labor burden such as
social security and unemployment
insurance, etc.; and salaries and
overhead for supervisory personnel.

c. Contractor engineering Ce Includes salaries and overhead for

CXPenses the engineering, drafting, and project
management personnel on the project.

Factor Associated with the

Installation of Equipment  Symbol Comments

3. Contingency and Fee

a. Contingency e A factor to cover unforeseen
circumstances. These may include
loss of time due to storms and
strikes, small changes in the design,
and unpredicted price increases.

b. Contractor fee Cra This fee varies depending on the type
of plant and a variety of other factors.

4. Auxiliary Facilities

a. Site development Cspe Includes the purchase of land; grading
and excavation of the site; installation
and hookup of electrical, water, and
sewer systems; and construction of
all internal roads, walkways, and
parking lots.

b. Auxiliary buildings Cans Includes administration offices, mainte-
nance shop and control rooms, ware-
houses, and service buildings (e.g.,
cafeteria, dressing rooms, and
medical facility).

c. Off-sites and utilities Cop Includes raw material and final product

storage; raw material and final product
loading and unloading facilities; all
equipment necessary to supply required
process utilities (e.g., cooling water,
steam generation, fuel distribution sys-
tems, etc.); central environmental con-
trol facilities (e.g., waste water treat-
ment, incinerators, flares, ete.); and fire
protection systems.




The estimating procedures to obtain the full capital cost of the plant are described in this section. If an
estimate of the capital cost for a process plant is needed and access to a previous estimate for a similar
plant with a different capacity is available, then the principles already introduced for the scaling of
purchased costs of equipment can be used.

1. The six-tenths rule (Equation 7.1 withn set to 0.6) can be used to scale up or down to a new

capacity.
2. The Chemical Engineering Plant Cost Index should be used to update the capital costs (Equation
7.4).

The six-tenths rule is more accurate in this application than it is for estimating the cost of a single piece of
equipment. The increased accuracy results from the fact that multiple units are required in a processing
plant. Some of the process units will have cost coefficients, n, less than 0.6. For this equipment the six-
tenths rule overestimates the costs of these units. In a similar way, costs for process units having
coefficients greater than 0.6 are underestimated. When the sum of the costs is determined, these
differences tend to cancel each other out.

The Chemical Engineering Plant Cost Index (CEPCI) can be used to account for changes that result from
inflation. The CEPCI values provided in Table 7.4 are composite values that reflect the inflation of a mix
of goods and services associated with the chemical process industries (CPI).

You may be familiar with the more common consumer price index issued by the
government. This represents a composite cost index that reflects the effect of inflation
on the cost of living. This index considers the changing cost of a “basket” of goods
composed of items used by the “average” person. For example, the price of housing,
cost of basic foods, cost of clothes and transportation, and so on, are included and
weighted appropriately to give a single number reflecting the average cost of these
goods. By comparing this number over time, it is possible to get an indication of the
rate of inflation as it dffects the average person.

In a similar manner, the CEPCI represents a “basket” of items directly related to the costs associated with
the construction of chemical plants. A breakdown of the items included in this index was given in Table
7.5. The index is directly related to the effect of inflation on the cost of an “average” chemical plant, as
shown in Example 7.7.

Example 7.7

The capital cost of a 30,000 metric ton/year isopropanol plant in 1992 was estimated to be $23 million.
Estimate the capital cost of a new plant with a production rate of 50,000 metric tons/year in 2007 (assume
CEPCI = 500).

Cost in 2007 = (Cost in 1992)(Capacity Correction)(Inflation Correction)

=($23,000,000)(50,000/30,000)%6(500/358)



= ($23,000,000)(1.359)(1.397) = $43,644,000

In most situations, cost information will not be available for the same process configuration; therefore,
other estimating techniques must be used.

7.3.1 Lang Factor Technique

A simple technique to estimate the capital cost of a chemical plant is the Lang Factor method, due to Lang
[6, 7, 8]. The cost determined from the Lang Factor represents the cost to build a major expansion to an
existing chemical plant. The total cost is determined by multiplying the total purchased cost for all the
major items of equipment by a constant. The major items of equipment are those shown in the process
flow diagram. The constant multiplier is called the Lang Factor. Values for Lang Factors, Fj g, are given

in Table 7.7.

Talbe 7.7 Lang Factors for the Estimation of Capital Cost for Chemical Plant (from References [ 6,
7, 8])

Capital Cost = (Lang Factor) (Sum of Purchased Costs of All Majer Equipment)

Type of Chemical Plant Lang Factor = Fy,,,
Fluid processing plant 4.74
Solid-fluid processing plant 3.63
Solid processing plant 3.10

The capital cost calculation is determined using Equation 7.5.

(7.5)
C'!'M B Fhm;;: EC;J;’
i=1

where Cry is the capital cost (total module) of the plant
Cp,i is the purchased cost for the major equipment units
n is the total number of individual units

Flang is the Lang Factor (from Table 7.7)

Plants processing only fluids have the largest Lang Factor, 4.74, and plants processing only solids have a
factor of 3.10. Combination fluid-solid systems fall between these two values. The greater the Lang
Factor, the less the purchased costs contribute to the plant costs. For all cases, the purchased cost of the
equipment is less than one-third of the capital cost of the plant. The use of the Lang Factor is illustrated in



Example 7.8.

Example 7.8

Determine the capital cost for a major expansion to a fluid processing plant that has a total purchased
equipment cost of $6,800,000.
Capital Costs = ($6,800,000)(4.74) = $32,232,000

This estimating technique is insensitive to changes in process configuration, especially between processes
in the same broad categories shown in Table 7.7. It cannot accurately account for the common problems
of special materials of construction and high operating pressures. A number of alternative techniques are
available. All require more detailed calculations using specific price information for the individual
units/equipment.

7.3.2 Module Costing Technique

The equipment module costing technique is a common technique to estimate the cost of a new chemical
plant. It is generally accepted as the best for making preliminary cost estimates and is used extensively in
this text. This approach, introduced by Guthrie [9, 10] in the late 1960s and early 1970s, forms the basis
of many of the equipment module techniques in use today. This costing technique relates all costs back to
the purchased cost of equipment evaluated for some base conditions. Deviations from these base
conditions are handled by using multiplying factors that depend on the following:

1. The specific equipment type

2. The specific system pressure

3. The specific materials of construction

The material provided in the next section is based upon information in Guthrie [9, 10], Ulrich [5], and
Navarrete [11]. The reader is encouraged to review these references for further information.

Equation 7.6 is used to calculate the bare module cost for each piece of equipment. The bare module cost
is the sum of the direct and indirect costs shown in Table 7.6.

(7.6)

Com = C;st.w

where Cg),; = bare module equipment cost: direct and indirect costs for each unit
Fpgy = bare module cost factor: multiplication factor to account for the items in Table 7.6 plus the
specific materials of construction and operating pressure

0
P = purchased cost for base conditions: equipment made of the most common material, usually
carbon steel and operating at near ambient pressures

Because of the importance of this cost estimating technique, it is described below in detail.



7.3.3 Bare Module Cost for Equipment at Base Conditions

The bare module equipment cost represents the sum of direct and indirect costs shown in Table 7.6. The
conditions specified for the base case are

1. Unit fabricated from most common material, usually carbon steel (CS)

2. Unit operated at near-ambient pressure

Equation 7.6 is used to obtain the bare module cost for the base conditions. For these base conditions, a
superscript zero (0) is added to the bare module cost factor and the bare module equipment cost. Thus

(] [ .,
#m and FBu refer to the base conditions.

Table 7.8 supplements Table 7.6 and provides the relationships and equations for the direct, indirect,
contingency, and fee costs based on the purchased cost of the equipment. These equations are used to
evaluate the bare module factor. The entries in Table 7.8 are described on page 202.

Talbe 7.8 Equations for Evaluating Direct, Indirect, Contingency, and Fee Costs

Multiplying Factor to Be Used

Factor Basic Equation with Purchased Cost, ]
1. Direct
a. Equipment c =0 1.0
b. Materials Crp =Gy Uy
¢. Labor Cr = {Ci+ Cy) (1.0 + oty oy
Total Direct Cpe= G+ Cy+ G, (1.0 + o 010 + ax )
2. Indirect
a. Freight, etc. Crr= O G 4+ Gy (L0 + oy oty
b. Overhead Co = 40 (1.0 + oy et
¢. Engineering Cr=o{C +Cyy) (1.0 + oy )i
Total Indirect Crar=Cry + Ca + €, (LD + 0ty Moty + 0 oty + 0tp)
Bare Module Char = Cipr + Cyg (1.0 + ooy L0 + 0y + oy + oty + 00)
3. Contingency
and Fee
a. Contingency et =B Chiy (1.0 4+ 0, 1.0+ 08, + @ + 0y 0 +
o e,
b. Fee Cr. =0 Chy (1.0 + 0 1.0+ 0 + Otppy + 08 0+
O O
Total Module Cry= Chn+ Coune + Crw (L0 + 00y (LD + 0 + txpyp + 00 00, +
w10 & o, oo )

Column 1: Lists the factors given in Table 7.6.
Column 2: Lists equations used to evaluate each of the costs. These equations introduce
multiplication cost factors, a;. Each cost item, other than the purchased equipment cost,

introduces a separate factor.

0
Column 3: For each factor, the cost is related to the purchased cost ~¥ by an equation of the form.

(7.7)



Cxx = Cf:f (ﬂf;',;',k,..)

The function, f(o; ; i), is given in column 3 of Table 5.8.

From Table 7.8 and Equations 7.6 and 7.7, it can be seen that the bare module factor is given by

(7.8)
f;;_.\,q = [] + (243 + ﬂ';:”‘ + G.‘,_O:‘, + a[j[] + CEM]

The values for the bare module cost multiplying factors vary between equipment modules. The
calculations for the bare module factor and bare module cost for a carbon steel heat exchanger are given

in Example 7.9.

Example 7.9

The purchased cost for a carbon steel heat exchanger operating at ambient pressure is $10,000. For a heat
exchanger module, Guthrie [9, 10] provides the following cost information.

Item % of Purchased Equipment Cost
Equipment 100.0
Materials 714
Labor 63.0
Freight 5.0
Overhead 634
Engineering 233

Using the information given above, determine the equivalent cost multipliers given in Table 7.8 and the
following:

¥
a. Bare module cost factor, Fpm
b. Bare module cost, Cam

% of Purchased Caost Multiplier

Item Equipment Cost (Table 7.8) Value of Multiplier
Equipment 100.0 1.0

Materials 714 (19 0.714

Labor 63.0 oy 0.63/(1 +0.714) = 0.368
Freight 8.0 Cppp 0.08/(1 + 0.714) = 0.047
Owerhead H34 L P 0.634,/0.368/(1 + 0.714) = 1.005
Engineering 233 oy 0.233/(1 + 0.714) = 0.136

Bare Module 329.1

a. Using Equation 7.8,

Fipm = (1 +0.368 +0.047 + (1.005)(0.368) + 0.136)(1 + 0.714) = 3.291
b. From Equation 7.6,

Chm = (3.291)($10,000) = $32,910



Fortunately, we do not have to repeat the procedure illustrated in Example 7.9 in order to estimate Fpm
for every piece of equipment. This has already been done for a large number of equipment modules, and
the results are given in Appendix A.

In order to estimate bare module costs for equipment, purchased costs for the equipment at base case
conditions (ambient pressure using carbon steel) must be available along with the corresponding bare
module factor and factors to account for different operating pressures and materials of construction. These
data are made available for a variety of common gas/liquid processing equipment in Appendix A. These
data were compiled during the summer of 2001 from information obtained from manufacturers and also
from the R-Books software marketed by Richardson Engineering Services [12]. The method by which
material and pressure factors are accounted for depends on the equipment type, and these are covered in
the next section. The estimation of the bare module cost for a floating-head shell-and-tube heat exchanger
is illustrated in Example 7.10 and in subsequent examples in this chapter.

Example 7.10

Find the bare module cost of a floating-head shell-and-tube heat exchanger with a heat transfer area of
100 7’ at the end of 2006. The operating pressure of the equipment is 1.0 bar, with both shell-and-tube
sides constructed of carbon steel. The cost curve for this heat exchanger is given in Appendix A, Figure
A.5, and is repeated as Figure 7.4. It should be noted that unlike the examples shown in Figures 7.1 and
7.2, the log-log plot of cost per unit area versus area is nonlinear. In general this will be the case, and a
second order polynomial is normally used to describe this relationship.

Figure 7.4 Purchased Costs for Floating-Head Shell-and-Tube Heat Exchangers
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From Figure 7.4, —P(2001) = ($ 250)(100) = $25,000 (the evaluation path is shown on Figure 7.4).
The bare module cost for shell-and-tube heat exchangers is given by Equation A.4.

(A.4)
CBM = C?, [Bl + BZFF-FM]

The values of B; and B, for floating-head heat exchangers from Table A.4 are 1.63 and 1.66, respectively.

The pressure factor is obtained from Equation A.3.

(A.3)
loglﬁ Pp — C1 + Cg logw P+ C3 (logm P)Z

From Table A.2, for pressures <5 barg, C; = C, = C3 = 0, and from Equation A.3, F,, = 1. Using data in
Table A.3 for shell-and-tube heat exchangers with both shell and tubes made of carbon steel
(Identification Number = 1) and Figure A.8, F), = 1. Substituting this data into Equation A.4 gives




it (2001) = C; (2001){1.63 + 1.66(F, = 1)(Fy = 1)] = 3.29C; = (3.29)($25,000) = $52,300
Cnr (2006) = Chyy (2001) (500/394) = $82,300 (500/397) = $103,590

A comparison of the value of bare module cost factor for Example 7.10 shows that it is the same as the
value of 3.29 evaluated using the individual values for «;, given in Example 7.9.

7.3.4 Bare Module Cost for Nonbase Case Conditions

For equipment made from other materials of construction and/or operating at nonambient pressure, the
values for F; and Fp are greater than 1.0. In the equipment module technique, these additional costs are

¥
incorporated into the bare module cost factor, Fgy,. The bare module factor used for the base case, F BM,
is replaced with an actual bare module cost factor, Fg;, in Equation 7.6. The information needed to

determine this actual bare module factor is provided in Appendix A. The effect of pressure on the cost of
equipment is considered first.

Pressure Factors. As the pressure at which a piece of equipment operates increases, the thickness of the
walls of the equipment will also increase. For example, consider the design of a process vessel. Such
vessels, when subjected to internal pressure (or external pressure when operating at vacuum) are subject
to rigorous mechanical design procedures. For the simple case of a cylindrical vessel operating at greater
than ambient pressure, the relationship between design pressure and wall thickness required to withstand
the radial stress in the cylindrical portion of the vessel, as recommended by the ASME [13], is given as

(7.9)

PD

=
f 26E-—-1.2P s

where ¢ is the wall thickness in meters, P is the design pressure (bar), D is the diameter of the vessel (m),
S is the maximum allowable working pressure (maximum allowable stress) of material (bar), E is a weld
efficiency, and CA is the corrosion allowance (m). The weld efficiency is dependent on the type of weld
and the degree of examination of the weld. Typical values are from 1.0 to 0.6. The corrosion allowance
depends on the service, and typical values are from 3.15 to 6.3 mm (0.125 to 0.25 inches). However, for
very aggressive environments, inert linings such as glass and graphite are often used to protect the
structural metal. Finally, the maximum working pressure of the material of construction, S, is dependent
not only on the material but also on the operating temperature. Some typical values of S are given for
common materials of construction in Figure 7.5. From this figure, it is clear that for typical carbon steel
the maximum allowable stress drops off rapidly after 350°C. However, for stainless steels (ASME SA-
240) the decrease in maximum allowable stress with temperature is less steep, and operation up to 600—
650°C is possible for some grades. For even higher temperatures and very corrosive environments, when
the lining of vessels is not practical, more exotic alloys such as titanium and titanium-based alloys and
nickel-based alloys may be used. For example, Hastelloy B has excellent resistance to alkali
environments up to 850°C. Inconel 600, whose main constituents are Ni 72%, Cr 15%, and Fe 8%, has
excellent corrosion resistance to oxidizing environments such as acids and can be used from cryogenic
temperatures up to 1100°C. The maximum allowable working pressure for Incoloy 800HT, which also



has excellent corrosion resistance in acidic environments, is shown as a function of temperature in Figure
7.5.

Figure 7.5 Maximum Allowable Stresses for Materials of Construction as a Function of Operating
Temperature (Data from Perry et al. [3], Chapter 10, and Ref [15])
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The relationship between cost of a vessel and its operating pressure is a complex one. However, with all
other things being constant, the cost of the vessel is approximately proportional to the weight of the
vessel, which in turn is proportional to the vessel thickness. From Equation 7.9, it is clear that as the
operating pressure approaches 1.67SE, the required wall thickness, and hence cost, becomes infinite.
Moreover, the thickness of the vessel for a given pressure will increase as the vessel diameter increases.
The effect of pressure on the weight (and ultimately cost) of carbon steel vessel shells as a function of
vessel diameter is shown in Figure 7.6. The y-axis of the figure shows the ratio of the vessel thickness at
the design pressure to that at ambient pressure, and the x-axis is the design pressure. A corrosion
allowance of 3.15 mm (1/8 inch) and a value of S = 944 bar (13,700 psi) are assumed. It is also assumed
that the vessel is designed with a minimum wall thickness of 6.3 mm (1/4 inch). A minimum wall



thickness is often required to ensure that the vessel does not buckle under its own weight or when being
transported. In addition to these factors, the costs for the vessel supports, manholes, nozzles, instrument
wells, the vessel head, and so on, all add to the overall weight and cost of the vessel. For the sake of
simplification, it is assumed that the pressure factor (Fp) for vertical and horizontal process vessels is
equal to the value given on the y-axis of Figure 7.6. This, clearly, is a simplification but should be valid
for the expected accuracy of this technique. Hence, the equation for Fp for process vessels is given by

Equation 7.10.

Figure 7.6 Pressure Factors for Carbon Steel Vessels
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(7.10)
=1 fort<l,,and P>-05barg
(P+1)D -
+ CA
(2)(944)(0.9) = 1.2(P + 1) _
Fpiasn - fort >ty and P > =05 barg

[n\.ln

=1.25 for P<-0.5barg

where D is the vessel diameter in m, P is the operating pressure in barg, CA is the corrosion allowance
(assumed to be 0.00315 m), and ¢, is the minimum allowable vessel thickness (assumed to be 0.0063
m). A value of S = 944 bar has been assumed for carbon steel. As the operating temperature increases, the
value of S decreases (see Figure 7.5) and the accuracy of F, drops. For operating pressures less than—0.5
barg, the vessel must be designed to withstand full vacuum, that is, 1 bar of external pressure. For such

operations, strengthening rings must be installed into the vessels to stop the vessel walls from buckling. A
pressure factor of 1.25 should be used for such conditions, and this is shown in Figure 7.6.

Pressure factors for different equipment are given in Appendix A, Equation A.3, and Table A.2. These
pressure factors are presented in the general form given by Equation A.3:




(A.3)

logg FJ. =C +Glog,p P + Cz{lﬁglup}z

This equation is clearly different from Equation 7.10 for process vessels. Moreover, the value predicted
by this equation (using the appropriate constants) gives values of F, much smaller than those for vessels

at the same pressure. This difference arises from the fact that for other equipment, the internals of the
equipment make up the major portion of the cost. Therefore, the cost of a thicker outer shell is a much
smaller fraction of the equipment cost than for a process vessel, which is strongly dependent on the
weight of the metal. Example 7.11 considers the effect of pressure on a shell-and-tube heat exchanger.

Example 7.11

a. Repeat Example 7.10 except consider the case when the operating pressures in both the shell-
and the tube-side are 100 barg.

b. Explain why the pressure factor for the heat exchanger is much smaller than for any of the
process vessels shown in Figure 7.6.

Solution

0

a. From Example 7.10, ~P(2001) = $25,000, Fp =1
From Table A.2, for 5<P<140 barg, C; = 0.03881, C, =-0.11272, C; = 0.08183

Using Equation A.3 and substituting for P = 100 barg and the above constants,
log,oFp = 0.03881 — 0.11272log;,(100) + 0.08183[1og;,(100)]> = 0.1407

Fp=10%1407 = 1,383

From Equation A.4:

Cyy(2001) = C5(2001)[B, + B,FoFy] = $25,000{1.63 + 1.66(1.383)(1.0)] = $98,100
Co( 2006) = S98,100 (500/397) = $123,590
b. Compared with Figure 7.6, this pressure factor (1.383) is much less than any of the vessels at P
=100 barg. Why?

The answer lies in the fact that much of the cost of a shell-and-tube heat exchanger is associated with the
cost of the tubes that constitute the heat exchange surface area. Tubing is sold in standard sizes based on
the BWG (Birmingham wire gauge) standard. Tubes for heat exchangers are typically between 19.1 and
31.8 mm (3/4 and 1-1/4 inch) in diameter and between 2.1 and 0.9 mm (0.083 and 0.035 inch) thick,
corresponding to BWGs of 14 to 20, respectively. Using Equation 7.9, the maximum operating pressure of
a 25.4 mm (1 inch) carbon steel tube can be estimated (assume that CA is zero), the results are as follows.




BWG Thickness (t) P (from Eq. 7.9)

{mm) (barg)
20 0.889 59.1
18 1.244 81.8
16 1.651 1069
14 2.108 134.1

From the table, it is evident that even the thinnest tube normally used for heat exchangers is capable of
withstanding pressures much greater than atmospheric. Therefore, the most costly portion of a shell-and-
tube heat exchanger (the cost of the tubes) is relatively insensitive to pressure. Hence, it makes sense that
the pressure factors for this type of equipment are much smaller than those for process vessels at the same
pressure.

The purchased cost of the equipment for the heat exchanger in Example 7.11 would be Cp(2006) =

($25,000)(1.383) (500/394) = $43,880. If this equipment cost were multiplied by the bare module factor
for the base case, the cost would become Cg,,; = ($43,880)(3.29) = $144,360. This is 16% greater than

the $124,490 calculated in Example 7.11. The difference between these two costs results from assuming,
in the latter case, that all costs increase in direct proportion to the increase in material cost. This is far
from the truth. Some costs, such as insulation, show small changes with the cost of materials, whereas
other costs, such as installation materials, freight, labor, and so on, are impacted to varying extents. The
method of equipment module costing accounts for these variations in the bare module factor.

Finally, some equipment is unaffected by pressure. Examples are tower trays and packing. This
“equipment” is not subjected to significant differential pressure because it is surrounded by process fluid.
Therefore, in Equation A.3, use C;= C,= C3 = 0. Some other equipment also has zero for these constants.

For example, compressor drives are not exposed to the process fluid and so are not significantly affected
by operating pressure. Other equipment, such as compressors, do not have pressure corrections because
such data were not available. Use of these cost correlations for equipment outside the pressure range
shown in Table A.2 should be done with extreme caution.

Materials of Construction (MOCs). The choice of what MOC to use depends on the chemicals that
will contact the walls of the equipment. As a guide, Table 7.9, excerpted from Sandler and Luckiewicz
[14], may be used for preliminary MOC selection. However, the interaction between process streams and
MOCs can be very complex and the compatibility of the MOC with the process stream must be
investigated fully before the final design is completed.

Talbe 7.9 Corrosion Characteristics for Some Materials of Construction
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A = acceptable; B = acceptable up to 30°C; C = caution, use under limited conditions; N = not
recommended; no entry = information is not available. (Reproduced from Sandler and Luckiewicz,
Practical Process Engineering, a Working Approach to Plant Design, with permission of XIMIX, Inc.
Philadelphia, 1987.)

Many polymeric compounds are nonreactive in both acidic and alkaline environments. However,
polymers generally lack the structural strength and resilience of metals. Nevertheless, for operations at
less than about 120°C in corrosive environments the use of polymers as liners for steel equipment or
incorporated into fiberglass structures (at moderate operating pressures) often gives the most economical
solution. The most common MOGCs are still ferrous alloys, in particular carbon steel. Carbon steels are
distinguished from other ferrous alloys such as wrought and cast iron by the amount of carbon in them.



Carbon steel has less than 1.5 wt% carbon, can be given varying amounts of hardness or ductility, is easy
to weld, and is cheap. It is still the material of choice in the CPI when corrosion is not a concern.

* Low-alloy steels are produced in the same way as carbon steel except that amounts of chromium
and molybdenum are added (chromium between 4 and 9 wt%). The molybdenum increases the
strength of the steel at high temperatures, and the addition of chromium makes the steel resistant
to mildly acidic and oxidizing atmospheres and to sulfur-containing streams.

» Stainless steels are so-called high-alloy steels containing greater than 12 wt% chromium and
possessing a corrosion-resistant surface coating, also known as a passive coating. At these
chromium levels, the corrosion of steel to rusting is reduced by more than a factor of 10.
Chemical resistance is also increased dramatically.

* Nonferrous alloys are characterized by higher cost and difficulty in machining. Nevertheless, they
possess improved corrosion resistance.

Aluminum and its alloys have a high strength-to-weight ratio and are easy to machine and cast, but in

some cases are difficult to weld. The addition of small amounts of other metals—for example,

magnesium, zinc, silicon, and copper—can improve the weldability of aluminum. Generally,
corrosion resistance is very good due to the formation of a passive oxide layer, and aluminum has
been used extensively in cryogenic (low-temperature) operations.

Copper and its alloys are often used when high thermal conductivity is required. Resistance to

seawater and nonoxidizing acids such as acetic acid is very good, but copper alloys should not be

used for services that contact ammonium ions (NH,") or oxidizing acids. Common alloys of copper

include brasses (containing 5-45 wt% zinc) and bronzes (containing tin, aluminum, and/or silicon).

* Nickel and its alloys are alloys in which nickel is the major component.

Nickel-copper alloys are known by the name Monel, a trademark of the International Nickel Corp.

These alloys have excellent resistance to sulfuric and hydrochloric acids, salt water, and some

caustic environments.

Nickel-chromium alloys are known by the name Inconel, a trademark of the International Nickel

Corp. These alloys have excellent chemical resistance at high temperatures. They are also capable of

withstanding attack from hot concentrated aqueous solutions containing chloride ions.

Nickel-chromium-iron alloys are known by the name Incoloy, a trademark of the International

Nickel Corp. These alloys have characteristics similar to Inconel but with slightly less resistance to

oxidizing agents.

Nickel-molybdenum alloys are known by the name Hastelloy, a trademark of the Cabot Corp. These

alloys have very good resistance to concentrated oxidizing agents.

» Titanium and its alloys have good strength-to-weight ratios and very good corrosion resistance to
oxidizing agents. However, it is attacked by reducing agents, it is relatively expensive, and it is
difficult to weld.

As previously shown, the combination of operating temperature and operating pressure will also affect
the choice of MOC. From Table 7.9, it is evident that the number of MOCs available is very large and
that the correct choice of materials requires input from a trained metallurgist.

Moreover, information about the cost of materials presented in this text is limited to a few different
MOCs. The approximate relative cost of some common metals is given inTable 7.10. As a very
approximate rule, if the metal of interest does not appear in Appendix A, then Table 7.10 can be used to
find a metal that has approximately the same cost. As the metallurgy becomes more “exotic,” the margin
for error becomes larger, and the data provided in this text will lead to larger errors in estimating the
plant cost than for a plant constructed of carbon steel or stainless steel.



Talbe 7.10 Relative Costs of Metals Using Carbon Steel as the Base Case

Material Relative Cost
Carbon steel Base case (lowest)
Lowv-alloy steel Low to moderate
Stainless steel Moderate
Aluminum and aluminum alloys Moderate

Copper and copper alloys Maderate
Titanium and titanium-based alloys High

Nickel and nickel-based alloys High

To account for the cost of different materials of construction, it is necessary to use the appropriate
material factor, F),, in the bare module factor. This material factor is not simply the relative cost of the

material of interest to that of carbon steel. The reason is that the cost to produce a piece of equipment is
not directly proportional to the cost of the raw materials. For example, consider the cost of a process
vessel as discussed in the previous section. Just as the bare module cost was broken down into factors
relating to the purchased cost of the equipment (Tables 7.6 and 7.8), the purchased cost (or at least the
manufacturing cost) can be broken down into factors relating to the cost of manufacturing the equipment.
Many of these costs will be related to the size of the vessel that is in turn related to the vessel’s weight,
W, esse- AN example of these costs is given in Table 7.11.

Talbe 7.11 Costs Associated with the Manufacture of a Process Vessel

Factors Associated with the Relationship relating Cost
Manufacturing Cost of a Vessel to vessel weight, W, ...,

Direct Expenses

Cost of raw materials B Woveen
Machining costs Buie Wi
Labor costs By Wi
Indirect Costs

Owverhead P B Wi
Engineering expenses [’3 llal,-_-_._: t |+ W, -
Contingencies Bun W

Total manufacturing cost [Brae® Buye+ Bt Bow Burt Be (Brag + Base) + Braw] Wieew

From Table 7.11, it is clear that the cost of the vessel is proportional to its weight. Therefore, the cost
will be proportional to the vessel thickness, and thus the pressure factor derived in the previous section is
valid (or at least is a reasonably good approximation). The effect of different MOCs is connected to the
factor By, Clearly, as the raw material costs increase, the total manufacturing costs will not increase

proportionally to gy In other words, if material X is 10 times as expensive as carbon steel, a vessel
made from material X will be less than 10 times the cost of a similar vessel made from carbon steel. For
example, over the last 15 years, the cost of stainless steel has varied between 4.7 and 7.0 times the cost of

carbon steel [16]. However, the cost of a stainless steel process vessel has varied in the approximate
range of 2.3 to 3.5 times the cost of a carbon steel vessel for similar service.

Materials factors for the process equipment considered in this text are given in Appendix A, Tables
A.3-A.6, and Figures A.18 and A.19. These figures are constructed using averaged data from the



following sources: Peters and Timmerhaus [2], Guthrie [9, 10], Ulrich [5], Navarrete [11], and Perry et
al. [3]. Example 7.12 illustrates the use of these figures and tables.

Example 7.12

Find the bare module cost of a floating-head shell-and-tube heat exchanger with a heat transfer area of
100 m? for the following cases.
a. The operating pressure of the equipment is 1 barg on both shell and tube sides, and the MOC of
the shell and tubes is stainless steel.
b. The operating pressure of the equipment is 100 barg on both shell and tube sides, and the MOC
of the shell and tubes is stainless steel.

i

0
From Example 7.10, ~F(2001) = $25,000 and ~7(2006) = $25,000 (500/397) = $31,490.

a. From Example 7.10, at 1 barg, Fp =1
From Table A.3 for a shell-and-tube heat exchanger made of SS, Identification No. = 5 and using
Figure A.8, F);=2.73
From Equation A_.]4,
Cp(2006) = :-’[Bl + B,FpFy,] = $31,490[1.63 + 1.66(1.0)(2.73)] = $194,000
b. From Example 7.11 for P = 100 barg, Fp = 1.383
From (a) above, F); =2.73
Substituting thes:]a values into Equation A.4,

Cang(2006) = CPIB, + BoFpFy,] = $31,490[1.63 + 1.66(1.383)(2.73)] = $248,600

The last three examples all considered the same size heat exchanger made with different materials of
construction and operating pressure. The results are summarized below.

Example  Pressure  Materials Fit Caost

710 ambient S tubes /shell 329 $103,590
7.11 100 barg 5 tubes /shell 3.493 8123550
7.12a ambient S5 tubes/shell f.lf 5194,000
7.12b 100 barg S5 tubes /shell 7.90 $248.600

These results reemphasize the point that the cost of the equipment is strongly dependent on the materials of
construction and the pressure of operation.

7.3.5 Combination of Pressure and MOC Information to Give the Bare Module Factor, Fg,;, and
Bare Module Cost, Cgy,

In Examples 7.10-7.12, the bare module factors and costs were calculated using Equation A.4. The form
of this equation is not obvious, and its derivation is based on the approach used by Ulrich [5]:

(7.11)



Cost of Equipment = C;F ,F

This is the equipment cost at operating conditions:

(7.12)

Cost for Equipment Installation (for base conditions) = C)(Fy — 1)
This cost is calculated by taking the bare module cost, at base conditions, and subtracting the cost of the
equipment at the base conditions.
The incremental cost of equipment installation due to nonbase case conditions is

(7.13)
= C;(FI’FM = 1)fpei

This cost is based on the incremental cost of equipment due to nonbase conditions multiplied by a factor,
(fpg), that accounts for the fraction of the installation cost that is associated with piping and

instrumentation. The values of fpg; are modified from Guthrie [9, 10] to account for an increase in the

level and cost of instrumentation that modern chemical plants enjoy compared with that at the time of
Guthrie’s work.

Equations 7.11 through 7.13 can be combined to give the following relationship:
(7.14)
Bare module cost, Cgy = CoFpFy + Co(Fhu — 1) + Co(FpFu — 1)f e
= CFpFs(l + frar) + Fome — 1 = fraal = GlBy + ByFpFul
Equation 7.13 is the same as Equation A.4, with B; = Fonv —1- fpgrand B, =1 + fpgr.

7.3.6 Algorithm for Calculating Bare Module Costs

The following six-step algorithm is used to estimate actual bare module costs for equipment from the

figures in Appendix A.
Ji]
1. Using the correct figure in Appendix A (Figures A.1-A.17), or the data in Table A.1, obtain C!J‘
for the desired piece of equipment. This is the purchased equipment cost for the base case
(carbon steel construction and near ambient pressure).
2. Find the correct relationship for the bare module factor. For exchangers, pumps, and vessels, use



Equation A.4 and the data in Table A.4. For other equipment, the form of the equation is given
in Table A.5.
3. For exchangers, pumps, and vessels, find the pressure factor, Fp, Table A.2 and Equation A.2 or

A.3, and the material of construction factor, F),;, Equation A.4, Table A.3, and Figure A.18. Use
Equation A.4 to calculate the bare module factor, Fgy,.
4. For other equipment find the bare module factor, Fgy,, using Table A.6 and Figure A.19.
Calculate the bare module cost of equipment, Cgy,, from Equation 7.6.
6. Update the cost from 2001 (CEPCI — 397) to the present by using Equation 7.4.

o

Example 7.13 illustrates the six-step algorithm for the case of a distillation column with associated trays.

Example 7.13

Find the bare module cost (in 2006) of a stainless steel tower 3 m in diameter and 30 m tall. The tower
has 40 stainless steel sieve trays and operates at 20 barg.

The costs of the tower and trays are calculated separately and then added together to obtain the total cost.
For the tower,
a. Volume = nD’L/4 = (3.14159)(3)%(30)/4 = 212.1 m3
From Equation A.1,

¥

logiC2(2001) = 34974 + 0.4485log,(212.1) + 0.1074{log,(212.1) = 51222

C(2001) = 10°%2 = $132,500
C(2006) = $132,500(500/397) = $166,880

b. From Equation A.3 and Table A.4, Fgy, = 2.25 + 1.82 F),/Fp
c. From Equation 7.10 with P = 20 bargand D =3 m,

a0+ Lp + 0.00315
. _ (2)[(944)(0.9) — 06(20 + 1)] .
Poessels — 0.0063 S

From Table A.3, identification number for stainless steel vertical vessel = 20; from Figure A.8,
Fy=3.11

Fgy = 2.25 + 1.82(6.47)(3.11) = 38.87
d. Cpy,(2006) = (166,880)(38.87) = $6,486,000

For the trays,
a. Tray (tower) area = nD%/4 = 7.0686

From Equation A.1,

logiC5(2001) = 2.9949 + 0.4465l0g,,(7.0686) + 0.3961{log,(7.0686))° = 3.6599

C(2001) = 10 = $4570
C}(2006) = $4,570(500/397) = $5,756



From Table A.5,

Cpm = CpNFBqu
N=40
fq = 1.0 (since number of trays > 20, Table A.5)

From Table A.6, SS sieve trays identification number = 61; from Figure A.9, Fg;,; = 1.83

Ch,rays(2006) = ($5,756)(40)(1.83)(1.0) = $421,300
For the tower plus trays,

Chaower +irays(2006) = $6,486,000 + $ 421,300 = $ 6,908,300

7.3.7 Grass Roots and Total Module Costs

The term grass roots refers to a completely new facility in which we start the construction on essentially
undeveloped land, a grass field. The term total module cost refers to the cost of making small-to-
moderate expansions or alterations to an existing facility.

To estimate these costs, it is necessary to account for other costs in addition to the direct and indirect

costs. These additional costs were presented in Table 7.6 and can be divided into two groups.
Group 1: Contingency and Fee Costs: The contingency cost varies depending on the reliability of
the cost data and completeness of the process flowsheet available. This factor is included in the
evaluation of the cost as a protection against oversights and faulty information. Unless otherwise
stated, values of 15% and 3% of the bare module cost are assumed for contingency costs and fees,
respectively. These are appropriate for systems that are well understood. Adding these costs to the
bare module cost provides the total module cost.
Group 2: Auxiliary Facilities Costs: These include costs for site development, auxiliary buildings,
and off-sites and utilities. These terms are generally unaffected by the materials of construction or
the operating pressure of the process. A review of costs for these auxiliary facilities by Miller [ 17]
gives a range of approximately 20% to more than 100% of the bare module cost. Unless otherwise
stated, these costs are assumed to be equal to 50% of the bare module costs for the base case
conditions. Adding these costs to the total module cost provides the grassroots cost.

The total module cost can be evaluated from

(7.15)
CT:V[ = 2 C'['.'\-'f,r' = 1.18 2 CBm_e'
i=1 i=1

and the grassroots cost can be evaluated from



(7.16)
Cor = Crm + 0.50 > Cou;
=1

where n represents the total number of pieces of equipment. The use of these equations is shown in
Example 7.14.

Example 7.14

A small expansion to an existing chemical facility is being investigated, and a preliminary PFD of the
process is shown in Figure E7.14.

Figure E7.14 PFD for Example 7.14

T-101 | 101 |[
2 .r
—<—=] y % 5 s
| P-101A/B
G E-103

The expansion involves the installation of a new distillation column with a reboiler, condenser, pumps,
and other associated equipment. A list of the equipment, sizes, materials of construction, and operating
pressures is given in Table E7.14(a). Using the information in Appendix A, calculate the total module
cost for this expansion in 2006.

Table E7.14(a) Information on Equipment Required for the Plant Expansion Described in Example
7.14



Material

Equipment No. Capacity / Size of Construction’ Operating Pressure (barg'

E-101 Area = 170 m?* Tube - CS5 Tube =50

Overhead Shell and tube Shell - CS Shell = 5.0

condenser (floating-head)

E-102 Area = 205 m* Tube - 55 Tube = 18.0

Reboiler Shell and tube Shell - CS Shell = 6.0
(floating-head)

E-103 Area = 10 m® All CS construction Inner = 5.0

Product cooler {double pipe) Outer = 5.0

P-101A/B Powerg,,=5kW CS Discharge = 5.0

Reflux pumps Centrifugal

T-101 Diameter =21m  Vessel - CS Column = 5.0

Arpmatics column

Height = 23 my

32 sieve trays Trays - 55

V=101 Vessel - CS

Reflux drum

Diameter = 1.8 m Vessel = 5.0
Length = 6m

Horizontal

*C5 = Carbon steel; 55 = Stainless steel
"barg = bar gauge, thus 0.0 barg = 1.0 bar

The same algorithm presented above is used to estimate bare module costs for all equipment. This
information is listed in Table E7.14(b), along with purchased equipment cost, pressure factors, material
factors, and bare module factors.

Table E7.14(b) Results of Capital Cost Estimate for Example 7.14

Equipment £, Fo  Fu C2(2001)(8) €, (2001)(S)  C5, (2001)(S)
E-101 1.0 1.0 329 33,000 108 500 108,500
E-102 1.023 1.81 +.70 36,900 177 800 121300
E-103 1.0 1.0 329 3700 12,300 12,300
r-101A/B 10 155 39 {2)(3200) (2)(12,600) (2H10,300)
T-101 L.681 1.0 531 54,700 290,700 222800
32 travs 183 1.83 (32)(2200) 131,200 71,700
V-101 1.513 1.0 379 13,300 51,200 40,600
Totals 212,900 797000 597,800
CEPCl = 397

The substitutions from Table E7.14(b) are made into Equations 7.15 and 7.16 to determine the total
module cost and the grassroots cost.

i
total module cost (Cr ) = 118 Cpyy; = 1.18(5797,000)(500/397) = $1,184,000
i=1

grassroots cost (Ceg) = Cry + 0503 Chyys = $1,184,00 + 0.50($597,800)(500/397)
(|
= $1,561,000

Although the grassroots cost is not appropriate here (because we have only a small expansion to an
existing facility), it is shown for completeness.

7.3.8 A Computer Program (CAPCOST) for Capital Cost Estimation Using the Equipment Module



Approach

For processes involving only a few pieces of equipment, estimating the capital cost of the plant by hand is
relatively easy. For complex processes with many pieces of equipment, these calculations become
tedious. To make this process easier, a computer program has been developed that allows the user to
enter data interactively and obtain cost estimates in a fraction of the time required by hand calculations
with less chance for error. The program (CAPCOST_2008.xls) is programmed in Microsoft Excel, and a
template copy of the program is supplied on the CD that accompanies this book.

The program is written in the Microsoft Windows programming environment. The program requires the
user to input information about the equipment—for example, the capacity, operating pressure, and
materials of construction. The cost data can be adjusted for inflation by entering the current value of the
CEPCI. Other information such as output file names and the number of the unit (100, 200, etc.) is also
required.

The equipment options available to the user are given below.
* Blenders
+ Centrifuges
» Compressors and blowers without drives
» Conveyors
+ Crystallizers
* Drives for compressors, blowers, and pumps
* Dryers
* Dust collectors
+ Evaporators and vaporizers
» Fans with electric drives
+ Filters
* Fired heaters, thermal fluid heaters, and packaged steam boilers
* Furnaces
* Heat exchangers
* Mixers
» Process vessels with/without internals
* Power recovery equipment
* Pumps with electric drives
* Reactors
* Screens
+ Storage vessels (fixed roof and floating roof)
* Towers
* User-added modules

The type of equipment required can be entered by using the mouse-activated buttons provided on the first
worksheet. The user will then be asked a series of questions that appear on the screen. The user will be
required to identify or enter the same information as would be needed to do the calculations by hand—that
is, operating pressure, materials of construction, and the size of the equipment. The same information as
contained in the cost charts and tables in Appendix A is embedded in the program, and the program



should give the same results as hand calculations using these charts.

When the data for equipment are entered, a list of the costs on the first worksheet is updated. The use of
the spreadsheet is explained in the CAPCOST.avi help files contained on the CD, and the reader is
encouraged to view the file prior to using the software. You are strongly advised to verify the results of
Example E7.14 for yourself prior to using the program to solve problems in the back of this chapter.

7.4 Summary

In this chapter, the different types of capital cost estimating techniques that are available were reviewed.
The accuracy of the different estimates was shown to increase significantly with the time involved in
completion and the amount of data required. The information required to make an equipment module
estimate based on data from the major process equipment was also covered. The effects of operating
pressure and materials of construction on the bare module cost of equipment were reviewed. Several
examples were given to show how the installed cost of equipment is significantly greater than the
purchased cost and how the installed cost increases with increased pressure and materials of
construction. The use of cost indices to adjust for the effects of inflation on equipment costs was
considered, and the Chemical Engineering Plant Cost Index (CEPCI) was adopted for all inflation
adjustments. The concepts of grass roots and total module costs were introduced in order to make
estimates of the total capital required to build a brand new plant or make an expansion to an existing
facility. To ease the calculation of the various costs, a computer program for cost estimation was
introduced. This chapter contains the basic approach to estimating capital costs for new chemical plants
and expansions to existing plants, and mastery of this material is assumed in the remaining chapters.
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Short Answer Questions

What are the three main factors that determine the capital cost of a piece of equipment such as a heat
" exchanger at a given time?

2. What is the Chemical Engineering Plant Cost Index (CEPCI) used for, and what does it measure?
3. What is the difference between the total module cost and the grassroots cost of a chemical process?
4. When would you use a cost exponent of 0.6?

5. What is meant by the economy of scale?

6. What is a Lang Factor?

The pressure factor F, for a shell-and-tube heat exchanger is significantly smaller than for a vessel



7. over the same pressure range. Why is this so?

Problems

9.

10.

11.

12.

The cost™ of a recent plant in Alberta, Canada, to produce 1.27 million tonne/y of polyethylene was
$540 million. Estimate what the range of cost estimates would likely have been for a Class 5, a Class
3, and a Class 1 estimate.

In Appendix A, Figures A.1-A.17, the purchased costs for various types of equipment are given. The
y-axis is given as the cost of the equipment per unit of capacity, and the x-axis is given as the
capacity. The capacity is simply the relevant sizing parameter for the equipment. Identify all
equipment that does not conform to the principle of the economy of scale.

A process vessel was purchased in the United Kingdom for our plant in the United States in 1993. A
similar vessel, but of different capacity, was purchased in 1998. From the data given below, estimate

the cost in U.S.$ of a vessel of 120 m® capacity purchased today (assume the current CEPCI = 500).

WVessel Capacity Purchased Cost
Date (m*) (Pounds Sterling = £) Exchange Rate
1993 75 £7.800 $1.40/E
19498 155 £ 13,800 $1.65/£
2007 120 $2.00/E

You have been hired as a consultant to a legal firm. Part of your assignment is to determine the size of
a storage tank purchased in 1978 (CEPCI = 219), before computerization of records. Many records
from this era were destroyed in a fire (not in the plant, but in a distant office building). The tank was
replaced every 10 years, and the sizes have changed due to plant capacity changes. You have the
information in the table below. Estimate the original capacity of this vessel.

Tank Capacity

Date (1000 gal) Purchased Cost
1478 ? $35,400
1988 105 545,300
1998 85 $45,500

In your role as a consultant to a legal firm, you have been requested to determine whether
calculations submitted in a legal action are valid. The problem is to determine what year a
compressor was placed into service. The information in the table is available. It is claimed that the
compressor was placed into service in 1976. History suggests that during the period from 1976 to
1985 there was significant inflation. Do you believe the information submitted is correct? If not, what
year do you believe the compressor to be placed into service? Use CEPCI = 500 for 2006.

Compressor Power Taotal Module Cost
Date (kW) {in 108}
2 L0 645,93
2000 5000 S0
2006 77 811.68

Maote: CEPCI(1986) = 318, CEPCT (1981) = 297, CEPCT {1976) = 192,



13.

14.

When designing equipment for high-temperature and high-pressure service, the maximum allowable
stress as a function of temperature of the material of construction is of great importance. Consider a
cylindrical vessel shell that is to be designed for pressure of 150 bar (design pressure). The diameter
of the vessel is 3.2 m, it is 15 m long, and a corrosion allowance of 6.35 mm (1/4") is to be used.
Construct a table that shows the thickness of the vessel walls in the temperature range of 300 to
500°C (in 20°C increments) if the materials of construction are (a) ASME SA515-grade carbon steel
and (b) ASME SA-240-grade 316 stainless steel.

Using the results of Problem 13, determine the relative costs of the vessel using the two materials of
construction (CS and 316 SS) over the temperature range. You may assume that the cost of the vessel
is directly proportional to the weight of the vessel and that the 316 SS costs 3.0 times that of CS.
Based on these results, which material of construction is favored over the temperature range 300—
500°C for this vessel?

The following problems may be solved either by using hand calculations or by using CAPCOST (use
a value of CEPCI = 500).

15.

16.

17.

Determine the bare module cost of a 1-shell pass, 2-tube pass (1-2) heat exchanger designed for the
following operating conditions:

Maximum operating pressure (tube side) = 30 barg
Maximum operating pressure (shell side) = 5 barg

Process fluid in tubes requires stainless steel MOC
Shell-side utility (cooling water) requires carbon steel MOC

Heat exchange area = 160 m?

Repeat Problem 15, except reverse the shell-side and tube-side fluids. Are your results consistent
with the heuristics for heat exchangers given in Chapter 11? Which heuristic is relevant?

In Chapter 15, the concepts of heat-exchanger networks and pinch technology are discussed. When
designing these networks to recover process heat, it is often necessary to have a close temperature
approach between process streams, which leads to large heat exchangers with multiple shells.
Multiple-shell heat exchangers are often constructed from sets of 1-2 shell and tube exchangers
stacked together. For costing considerations, the cost of the multiple-shell heat exchanger is best
estimated as a number of smaller 1-2 exchangers. Consider a heat exchanger constructed of carbon
steel and designed to withstand a pressure of 20 barg in both the shell and tube sides. This equipment
has a heat exchange area of 400 m?. Do the following.
a. Determine the bare module cost of this 4-shell and 8-tube pass heat exchanger as four, 1-2
exchangers, each with a heat-exchange area of 100 m?.
b. Determine the bare module cost of the same exchanger as if it had a single shell.
c. What is the name of the principle given in this chapter that explains the difference between
the two answers in (a) and (b)?



A distillation column is initially designed to separate a mixture of toluene and xylene at around
18. ambient temperature (say, 100°C) and pressure (say, 1 barg). The column has 20 stainless steel valve

trays and is 2 min diameter and 14 m tall. Determine the purchased cost and the bare module cost
using a CEPCI = 500.

A column with similar dimensions, number of trays, and operating at the same conditions as given in
Problem 18 is to be used to separate a mixture containing the following chemicals. For each case
determine the bare module cost using a CEPCI = 500.
a. 10% nitric acid solution
19. b. 50% sodium hydroxide solution
c. 10% sulfuric acid solution
d. 98% sulfuric acid solution

Hint: you may need to look for the relevant MOC for part (d) on the Internet or another resource.

It is recommended that the following problems be solved using CAPCOST (use a value of CEPCI =
500).

Determine the bare module, total module, and grassroots cost of the following.

20 Toluene hydrodealkylation plant described in Chapter 1 (see Figures 1.3 and 1.5 and Tables 1.5 and
“L7).

21. Ethylbenzene plant described in Appendix B, project B.2.

22. Styrene plant described in Appendix B, project B.3.

23. Drying oil plant described in Appendix B, project B.4.

24. Maleic anhydride plant described in Appendix B, project B.5.
25. Ethylene oxide plant described in Appendix B, project B.6.
26. Formalin plant described in Appendix B, project B.7.

iht_tp://www.chemicals-technolog;z.contn/p_lroj ects/joffre/



Chapter 8 Estimation of Manufacturing Costs

The costs associated with the day-to-day operation of a chemical plant must be estimated before the
economic feasibility of a proposed process can be assessed. This chapter introduces the important factors
affecting the manufacturing cost and provides methods to estimate each factor. In order to estimate the
manufacturing cost, we need process information provided on the PFD, an estimate of the fixed capital
investment, and an estimate of the number of operators required to operate the plant. The fixed capital
investment is the same as either the total module cost or the grassroots cost defined in Chapter 7.
Manufacturing costs are expressed in units of dollars per unit time, in contrast to the capital costs, which
are expressed in dollars. How we treat these two costs, expressed in different units, to judge the
economic merit of a process is covered in Chapters 9 and 10.

8.1 Factors Affecting the Cost of Manufacturing a Chemical Product

There are many elements that influence the cost of manufacturing chemicals. A list of the important costs
involved, including a brief explanation of each cost, is given in Table 8.1.

Table 8.1 Factors Affecting the Cost of Manufacturing (COM) for a Chemical Product (from
References [1, 2, and 3])



Factor

Description of Factor

1. Direct Costs
A. Raw materials

B. Waste treatment
€. Utilities

0. Operating labor

E. Direct supervisory and
clerical labor

F. Maintenance and repairs

G. Operating supplies

H. Laboratory charges

I Patents and royalties
2 Fixed Costs
A, Depreciation

B. Local taxes and insurance

Factor

Factors that vary with the rate of production

Costs of chemical feed stocks required by the process,
Flowrates obtained from the PFD.

Costs of waste treatment to protect environment.

Costs of utility streams required by process. Includes
but not limited to

. Fuel gas, oil, and /or coal
. Electric power
Steam (all pressunes)
. Cooling water
. Process water
Boiler feed water
g. Instrument air
h. Inert gas (nitrogen, etc.)
i. Refrigeration
Flowrates for utilities found on the PFD/PIDs.
Costs of personnel required for plant operations.
Cost of administrative, engineering, and support
personnel.

e an o

Costs of labor and materials associated with main-
tenance.

Costs of miscellaneous supplies that support daily
operation not considered to be raw materials. Exam-
ples include chart paper, lubricants, miscellaneous
chemicals, filters, respirators and protective clothing
for operators, etc.

Costs of routine and special laboratory tests required
for product quality control and troubleshooting.

Cost of using patented or licensed technology.

Factors not affected by the level of production

Costs associated with the physical plant (buildings,
equipment, etc.). Legal operating expense for tax pur-
poses.

Costs associated with property taxes and liability in-
surance, Based on plant location and severity of the
PTUGL‘ES_

Description of Factor

C. Plant overhead costs
(sometimes referred to as
factory expenses)

3. General Expenses

A. Administration costs

B. Distribution and selling
Ccosts

€. Research and development

Catch-all costs associated with operations of auxiliary
facilities supporting the manufacturing process. Costs
involve payroll and accounting services, fire protection
and safety services, medical services, cafeteria and any
recreation facilities, pavroll overhead and employee
benefits, general engineering, et

Costs associated with management level and admin-
istrative activities not directly related to the manufac-
turing process

Costs for administration. Includes salaries, other ad-
ministration, buildings, and other related activities.
Costs of sales and marketing required to sell chemical
products. Includes salaries and other miscellaneous
costs,

Costs of research activities related to the process and
product. Includes salaries and funds for research-
related equipment and supplies, etc.

The cost information provided in Table 8.1 is divided into three categories:
1. Direct manufacturing costs: These costs represent operating expenses that vary with production




rate. When product demand drops, production rate is reduced to less than the design capacity.
At this lower rate, we would expect a reduction in the factors making up the direct
manufacturing costs. These reductions may be directly proportional to the production rate, as
for raw materials, or might be reduced slightly—for example, maintenance costs or operating
labor.

2. Fixed manufacturing costs: These costs are independent of changes in production rate. They
include property taxes, insurance, and depreciation, which are charged at constant rates even
when the plant is not in operation.

3. General expenses: These costs represent an overhead burden that is necessary to carry out
business functions. They include management, sales, financing, and research functions. General
expenses seldom vary with production level. However, items such as research and
development and distribution and selling costs may decrease if extended periods of low
production levels occur.

The equation used to evaluate the cost of manufacture using these costs becomes:
Cost of Manufacture (COM) = Direct Manufacturing Costs (DMC) +
Fixed Manufacturing Costs (FMC) + General Expenses (GE)

The approach we provide in this chapter is similar to that presented in other chemical engineering design
texts [1, 2, 3].

The cost of manufacturing, COM, can be determined when the following costs are known or can be
estimated:
Fixed capital investment (FCI): (Cpy, or Cgr)

Cost of operating labor (Cpy)
Cost of utilities (Cyr)

Cost of waste treatment (Cyyr)
Cost of raw materials (Cgyy)

AN Sl A

Table 8.2 gives data to estimate the individual cost items identified in Table 8.1 (both tables carry the
same identification of individual cost terms). With the exception of the cost of raw materials, waste
treatment, utilities, and operating labor (all parts of the direct manufacturing costs), Table 8.2 presents
equations that can be used to estimate each individual item. With each equation, a typical range for the
constants (multiplication factors) to estimate an individual cost item is presented. If no other information
is available, the midpoint value for each of these ranges is used to estimate the costs involved. It should
be noted that the best information that is available should always be used to establish these constants. The
method presented here should be used only when no other information on these costs is available.

Table 8.2 Multiplication Factors for Estimating Manufacturing Cost™ (See Also Table 8.1)




Typical Range Value Used

Cost Item from Table 8.1 of Multiplying Factors in Text
1. Direct Manufacturing Costs
a. Raw materials Cri’
b, Waste treatment |
¢. Utilities Cyrt
d, Operating labor Coy Co
e. Direct supervisory and

clerical labor (0.1 = 0.25)C,y 018C,
f. Maintenance and repairs (0.02-0.1)FCI 0.06FCT
& Operating supplies (0.1 =0.2)Line 1.F) 0.009FCI
h. Laboratory charges (0.1 —-0:2)C 0.15C;
i. Patents and royalties (0 = (LORYCOM 0.03COM
Total Direct Manufacturing Costs Cyn # Cpor # Cyp + 1330,

+ 0.03COM + 0.069FCI

2. Fixed Manufacturing Cosls

a. Depreciation 01FCH 0.1FciH

b. Local taxes and insurance (0.014 = 0.OS)FCI (LOZ2ECT

. Plant overhead costs {0.50 = 0.7){Line 1.D. + Line 1.E + B70BC,; +
Line 1.F) 0.036FCH

Total Fixed Manufacturing Costs 0.708C,, + 0.068FCI + depreciation

3. General Manufacturing Expenses

a. Administration costs 0.15{Line 1.1, + Line 1.E.+ Line 1.F.) [1'!?7C-'| v
D.B0SFCT

b. Distribution and selling costs (0.02=0.2)COM 0.11C0OM

c. Research and development 0.05C0OM 0.05C0M

Total General Manufacturing Costs ~ 0.177C,;, + 0.009FCI + 0,16 COM

Total Costs Cim + Cyp + Cpp + 22150, +

0.190COM + 0.146FCI + depreciation

*Costs are given in dollars per unit ime (usually per year).

"Costs are evaluated from informativn given on the PFD and the unit cost

Depreciation costs are coverad separately in Chapter 9. The use of 10% of FCTis a crude approximation al
st

From references [1], [2], and |3]

By using the midpoint values given in Table 8.2, column 2, the resulting equations for the individual items
are calculated in column 3. The cost items for each of the three categories are added together to provide
the total cost for each category. The equations for estimating the costs for each of the categories are as
follows:

DMC = Cgys + Cyyp + Cyr + 1.33C; + 0.069FCI + 0.03COM

FMC = 0.708Cp;, + 0.068FCI + depreciation
GE =0.177Cg;, + 0.009FCI + 0.16COM

We can obtain the total manufacturing cost by adding these three cost categories together and solving for
the total manufacturing cost, COM. The result is

(8.1)

COM = 0.280FCI + 2.73C. + 1.23(Cyp + Cur + Cry)

In Equation (8.1), the depreciation allowance of 0.10FCI is added separately.



The cost of manufacture without depreciation, COM,, is

(8.2)

COM, = 0.180FCI + 2.73Cq;, + 1.23(Cyr + Cwr + Crp)

The calculation of manufacturing costs and expenses is given in Example 8.1.

Example 8.1

The following cost information was obtained from a design for a 92,000 tonne/year nitric acid plant.

Fixed Capital Investment S11,000,000

Raw Materials Cost % 7,950,000/ yr
Waste Treatment Cost $ 1,000,000/ yr
Utilities % 356,000/yr
Direct Labor Cost $ 300,000/yr
Fixed Costs $ 1,500,000/ yr
Determine

a. The manufacturing cost in $/yr and $/tonne of nitric acid
b. The percentage of manufacturing costs resulting from each cost category given in Tables 8.1 and
8.2

Using Equation 8.2,
COM, = (0.180)($11,000,000) + (2.73)($300,000) +

(1.23)($356,000 + $1,000,000 + $7,950,000) = $14,245,000/yr
($14,245,000/yr)/(92,000 tonne/yr) = $155/tonne

From the relationships given in Table 8.2,

Direct Manufacturing Costs = $7,950,000 + $1,000,000 + $356,000 + (1.33)($300,000) + (0.069)
($11,000,000) + (0.03)($14,245,000) = $10,891,000

Percentage of manufacturing cost = (100)(10.891)/14.25 = 76%

Fixed Manufacturing Costs = (0.708)($300,000) + (0.068)($11,000,000) = $960,000

Percentage of manufacturing cost = (100)(0.960)/14.25 = 7%

General Expenses = (0.177)($300,000) + (0.009)($11,000,000) + (0.16)($14,245,000) = $2,431,000
Percentage of manufacturing cost = (100)(2.431)/14.25 = 17%

In Example 8.1, the direct costs were shown to dominate the manufacturing costs, accounting for about
76% of the manufacturing costs. Of these direct costs, the raw materials cost, the waste treatment cost,
and the cost of utilities accounted for more than $9 million of the $10.9 million direct costs. These three



8.2. Therefore, the
.2. The use of the

cost contributions are not dependent on any of the estimating factors provided in Table
manufacturing cost is generally insensitive to the estimating factors provided in Table
midrange values is acceptable for this situation.

8.2 Cost of Operating Labor

The technique used to estimate operating labor requirements is based on data obtained from five chemical
companies and correlated by Alkayat and Gerrard [4]. According to this method, the operating labor
requirement for chemical processing plants is given by Equation 8.3:

(8.3)
Not = (6.29 + 31.7P + 0.23N,,,)"3

where N is the number of operators per shift, P is the number of processing steps involving the handling

of particulate solids—for example, transportation and distribution, particulate size control, and
particulate removal. N, is the number of nonparticulate processing steps and includes compression,

heating and cooling, mixing, and reaction. In general, for the processes considered in this text, the value of
P is zero, and the value of N, is given by

(8.4)
N,, = >, Equipment

compressors
towers
reactors
heaters
exchangers

Equation 8.3 was derived for processes with, at most, two solid handling steps. For processes with a
greater number of solid handling operations, this equation should not be used.

The value of N; in Equation 8.3 is the number of operators required to run the process unit per shift. A

single operator works on the average 49 weeks a year (3 weeks’ time off for vacation and sick leave),
five 8-hour shifts a week. This amounts to (49 weeks/year x 5 shifts/week) 245 shifts per operator per
year. A chemical plant normally operates 24 hours/day. This requires (365 days/year x 3 shifts/day) 1095
operating shifts per year. The number of operators needed to provide this number of shifts is [(1095
shifts/yr)/(245 shifts/operator/yr)] or approximately 4.5 operators. Four and one-half operators are hired
for each operator needed in the plant at any time. This provides the needed operating labor but does not
include any support or supervisory staff.



To estimate the cost of operating labor, the average hourly wage of an operator is required. Chemical
plant operators are relatively highly paid, and data from the Bureau of Labor and Statistics [5] give the
hourly rate for miscellaneous plant and system operators in the Gulf Coast region at $26.48 in May 2006.
This corresponds to $52,900 for a 2000-hour year. The cost of labor depends considerably on the
location of the plant, and significant variations from the above figure may be expected. Historically, wage
levels for chemical plant operators have grown slightly faster than the other cost indexes for process plant
equipment given in Chapter 7. The Oil and Gas Journal and Engineering News Record provide
appropriate indices to correct labor costs for inflation, or reference [5] can be consulted. The estimation
of operating costs is illustrated in Example 8.2.

Example 8.2

Estimate the operating labor requirement and costs for the toluene hydrodealkylation facility shown in
Figures 1.3 and 1.5.

From the PFD in Figure 1.5, the number and type of equipment are determined.

Using Equation (8.4), an estimate of the number of operators required per shift is made. This information
is shown in Table E8.2.

Table E8.2 Results for the Estimation of Operating Labor Requirements for the Toluene
Hydrodealkylation Process Using the Equipment Module Approach

Equipment Type Number of Equipment N,
Compressors | I
Exchangers 7 7
Heaters/Furnaces 1 1
Pumps* 2 —_
Reactors ! 1
Towers 1 I
Vessels® - —

Total 11
*Fumps and vessels are not counted in evaluating N_ in Equation 8.4.

Np; =16.29 + (0)%! + (0.23)(11)]%° =[8.82]%> = 2.97
The number of operators required per shift = 2.97.

Operating Labor = (4.5)(2.97) = 13.4 (rounding up to the nearest integer yields 14 operators)

Labor Costs (2001) = 14 x $52,900 = $740,600/yr

8.3 Utility Costs



The costs of utilities are directly influenced by the cost of fuel. Specific difficulties emerge when
estimating the cost of fuel, which directly impact the price of utilities such as electricity, steam, and
thermal fluids. Figure 8.1 shows the general trends for fossil fuel costs from 1991 to 2006. The costs
presented represent average values and are not site specific. These costs do not reflect the wide
variability of cost and availability of various fuels throughout the United States.

Figure 8.1 Changes in Fuel Prices from 1991 to 2006 (Information taken from Energy Information
Administration [6])
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8.3.1 Background Information on Utilities

As seen from Figure 8.1, coal represents the lowest-cost fossil fuel on an energy basis. Most coal is
consumed near the “mine mouth” in large power plants to produce electricity. The electricity is
transported by power lines to the consumer. At locations remote from mines, both the availability and cost
of transportation reduce and/or eliminate much of the cost advantage of coal. Coal suffers further from its
negative environmental impact—for example, relatively high sulfur content and relatively high ratio of
CO, produced per unit of energy.

After no. 6 fuel oil (a heavy oil with a relatively high sulfur content), the next lowest cost fuel source
shown in Figure 8.1 is natural gas. Natural gas fuel is the least damaging fossil fuel energy supply with
respect to the environment. It is transported by pipelines throughout much of the country. The cost is more
uniform than coal throughout different regions of the country. There remain, however, regions in the
country that are not yet serviced by the natural gas distribution system. In these regions, the use of natural
gas is not an option that can be considered. Although natural gas is a mixture of several light
hydrocarbons, it consists predominantly of methane. For the calculations used in this text, it is assumed
that methane and natural gas are equivalent.



No. 2 fuel oil is the final fossil fuel that is commonly used as an energy source in the chemical industry.
Until recently, it has been the highest-cost fossil fuel source. It is most readily available near coastal
regions where oil enters the country and refining takes place. The United States has become increasingly
dependent on imported oil, which may be subject to large upsets in cost and domestic availability.
Uncertainties in the availability of supplies, high storage costs, and large fluctuations in cost make this
source of energy least attractive in many situations. However, recently the cost of natural gas has
increased substantially to the point that No. 2 fuel oil is now a viable alternative to natural gas in many
plants.

Figure 8.1 shows that fuel costs have increased somewhat more rapidly and in a much more chaotic
fashion than the cost index (CEPCI) that we have used previously to correct costs for inflation. As a result
of the regional variations in the availability and costs of fossil fuels, along with the inability of the cost
index to represent energy costs, we take the position that site-specific cost and availability information
must be provided for a valid estimation of energy costs. We assume, in this text, that natural gas is the fuel
of choice unless otherwise stated.

The PFD for the toluene hydrodealkylation process (Figure 1.5) represents the “battery-limits” plant. The
equipment necessary to produce the various service or utility streams, which are used in the process and
are necessary for the plant to operate, are not shown on the PFD. However, the utility streams such as
cooling water and steam for heating are shown on the PFD. These streams, termed utilities, are necessary
for the control of stream temperatures as required by the process. These utilities can be supplied in a
number of ways.

1. Purchasing from a Public or Private Utility: In this situation no capital cost is involved, and
the utility rates charged are based upon consumption. In addition the utility is delivered to the
battery limits at known conditions.

2. Supplied by the Company: A comprehensive off-site facility provides the utility needs for many
processes at a common location. In this case, the rates charged to a process unit reflect the fixed
capital and the operating costs required to produce the utility.

3. Self-Generated and Used by a Single Process Unit: In this situation the capital cost for
purchase and installation becomes part of the fixed capital cost of the process unit. Likewise the
related operating costs for producing that particular utility are directly charged to the process
unit.

Utilities that would likely be provided in a comprehensive chemical plant complex are shown in Table
8.3.

Table 8.3 Utilities Provided by Off-Sites for a Plant with Multiple Process Units (Costs Represent
Charges for Utilities Delivered to the Battery Limit of a Process)



Cost Cost $/Common
Utility Description $/G1 Unit
Air Supply Pressurized and dried air {add 20%
for instrument air)
a. 6 barg (90 psig) $0.49/100 std m™
b. 3.3 barg (50 psig) $0.35,/100 std m™
Steam from Boilers Process steam: latent heat only
a. Low pressure (5 barg, 160°C) from
HI” steam
With credit for power 13.28 $27.70/1000 kg
Without credit for power 14.05 §29.29/1000 kg
b. Medium pressure (10 barg, 184°C)
from HI? steam
With credit for power 14.19 $28.31/1000 kg
Without credit for power 14.83 §29.59/1000 kg
¢. High pressure (41 barg, 254°C) 17.70 $29.97 /1000 kg
Steam Generated Estimate savings as avoided cost of 12.33
from Process burning natural gas in boiler
Cooling Tower Water Processes cooling water: 30°C to 0354 $14.8/1000 m™
A0°C or 45°C
Other Water High-purity water for
a. Process use S0.067 /1000 kg
b. Boiler feed water (available at 115°C) $245/1000 kg
c. Potable (drinking) 50.26/ 1000 kg
d. Dejonized water S1.00/1000 ke
Electrical Electric Distribution 16.8 S0.06/kWh
Substation a. 110V
b. 220V
[ Bl A
Fuels a. Fuel oil (no. 2) 142 8549 /m’
b. Natural gas 11,1% S0.42 /st m™
¢, Coal (Lob, mine mouth) 1.72 $41.4/tonne
Refrigeration a. Moderately low temperature
Refrigerated water inat T =5°C
and returned at 15°C 4.43 Sﬂ.lﬂE{lDDﬂkg
b. Low temperature
Refrigerant available at T = -20°C 7.89
¢, Very low temperature Based on process
Refrigerant available at T = -50°C 13.11 cooling duty
Cost Cost $/Common
Utility Description $/G1 Unit
Thermal Systems Cost based on thermal efficiency of
fired heater using natural gas
a. W% efficient 12.33 Based on process
b, B0% efficient 13.58 heating duty
Waste Disposal a. Monhazardous £36/ tonne
(Solid and Liquid) b. Hazardous $200-2000/ tonne®
Waste Water a. Primary (filtration) 41 /1000 m?*
Treatment b. Secondary (filtration + activated $43/1000 m*
sludge)
¢. Tertiary (filtration, activated 856,/ 1000 m*

shudge, and chemical processing)

*Standard conditions are 1.013 bar and 15°C.
"Based on AT i = 10°C. Cooling water return temperatures should not exceed 45°C due to excess
scaling at higher temperatures,
‘_Appmximamly eqqual eredit is given for cordensate retumed from exchangers using steam.
"Based on lower heating value of natural gas.
“For hazardous waste, the cost of disposal varies widely. Chemical analyses are required for all materials
that cannot be thoroughly identified. This does not include radivactive waste.

8.3.2 Calculation of Utility Costs




The calculation of utility costs can be quite complicated, and the true cost of such streams is often difficult
to estimate in a large facility. For estimating operating costs associated with supplying utilities to
different processes, the approach taken here is to assume that the capital investment required to build a
facility to supply the utility—for example, a cooling tower, a steam boiler, and so forth—has already
been made. This would be the case when a grassroots cost has been used for the fixed capital investment.
The costs associated with supplying a given utility are then obtained by calculating the operating costs to
generate the utility. These are the costs that have been presented in Table 8.3, and the following sections
show how these cost estimates were obtained for the major utilities given in the table.

Cooling Tower Water. In most large chemical, petrochemical, and refinery plants, cooling water is
supplied to process units from a central facility. This facility consists of a cooling tower (or many
towers), water makeup, chemical injection, and the cooling water feed pumps. A typical cooling water
facility is shown in Figure 8.2.

Figure 8.2 Schematic Diagram of Cooling Water Loop
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The cooling of the water occurs in the cooling tower where some of the water is evaporated. Adding
makeup water to the circulating cooling water stream makes up this loss. Because essentially pure water
is evaporated, there is a tendency for inorganic material to accumulate in the circulating loop; therefore,
there is a water purge or blowdown from the system. The makeup water stream also accounts for windage
or spray losses from the tower and also the water purge. Chemicals are added to reduce the tendency of
the water to foul heat-exchanger surfaces within the processes. For a detailed discussion and further
information regarding the conditioning of water for cooling towers, the reader is referred to Hile et al. [7]
and Gibson [8]. From Figure 8.2, we can estimate the cost to supply process users with cooling water if
the following are known:

+ Total heat load and circulation rate required for process users

+ Composition and saturation compositions of inorganic chemicals in the feed water

* Required chemical addition rate

* Desired supply and return temperatures (shown earlier to be 30°C and 40°C, respectively)

 Cost of cooling tower and cooling water pumps

+ Costs of supply chemicals, electricity for pumps and cooling tower fans, and makeup water

The estimation of operating costs associated with a typical cooling water system is illustrated in Example



8.3.
Example 8.3
Estimate the utility cost for producing a circulating cooling water stream using a mechanical draft cooling

tower. Consider a basis of 1 GJ/h of energy removal from the process units. Flow of cooling water
required to remove this energy = 7 kg/h kg/h.

An energy balance gives

e, AT = 1 % 10° = (1r)(4180)(40 — 30) = 41,8007 = 1 X 10°]/h

- 10°
Therefore, 41,800

= 23,923 kg/h

Latent heat of water at average temperature of 35°C = 2417 kl/kg

Amount of water evaporated from tower, W,

W, _ HeatLoad 1 X 10°
MO AHy, 2417 X 10°

= 4137 kg/h

This is (413.7)(100)/(23,923) = 1.73% of the circulating water flowrate.
Typical windage losses from mechanical draft towers are between 0.1 and 0.3% [9, 10]; use 0.3%.

To calculate the blowdown, we must know the maximum allowable salt (inorganics) concentration factor,
S, of the circulating water compared with the makeup water. The definition of S is given in the following
equation:

concentration salts in cooling water loop  Spy

concentration salts in makeup water Si

Typical values are between 3 and 7 [9]. Here a value of 5 is assumed. By performing a water and salt
balance on the loop shown in Figure 8.2, the following results are obtained:

WMU = Wtower + Wwind + WBD

SinWMU = Slooprind + sloopWBD

Because sj,,, = 55jp, it follows that



Sl Wisier + Wogng + W) = 51 Wos + SiWap

o f 3 3
.5,-.“_'*-5.\-: -+ W;w-;:l’["l’\l Z5 ’l:v,"] _ Siui.\rj.n:w-

S

Wir 1.73%
: - Wi = o = W =
— Stoop ™ S 4 4

W= - 0.3% = 0,133%

Wy = 173 + 03 + 0,133 = 2.163% = 517kg/h

Pressure drop around the cooling water loop is estimated as follows: APy, = 15 psi (pipe losses) + 5

psi (exchanger losses) + 10 psi (control valve loss) + 8.7 psi of static head (because water must be
pumped to top of cooling water tower, estimated to be 20 ft above pump inlet) = 38.7 psi = 266.7 kPa.

Power required for cooling water pumps with a volumetric flow rate v, assuming an overall efficiency of
75%, is

1 (23923)
(0.75) (1000)(3600)

Pump Power = % VAP = (266.7) = 2.36 kW

Power required for fans: From reference [11], the required surface area in the tower = 0.5 ft*gpm (this
assumes that the design wet-bulb air temperature is 26.7°C [80°F]). From the same reference, the fan
horsepower per square foot of tower area is 0.041 hp/ft%.

(23,923)(2.2048)
(60)(8.337)

(0.5)(0.041) = (2.16)(0.746) = 1.61 kW

Power for fan =

From a survey of vendors, the cost of chemicals is $0.156/1000 kg of makeup water.

Using an electricity cost of $0.06/kWh and a process water cost of $0.067/1000 kg, the overall cost of the
cooling water is given by

Cost of cooling water = cost of electricity + cost of chemicals for makeup water + cost of makeup

water

Using the cost values for electricity and process water given in Table 8.3,

Cooling water cost = (0.06)(2.36 + 1.61) + (-5”'2-{{;-}156) - (51?.?3:;.067]
= $0.354/hr = $0.354/G]

Clearly, this cost will change depending on the cost of electricity, the cost of chemicals, and the cost of
process water.

Refrigeration. The basic refrigeration cycle consists of circulating a working fluid around a loop
consisting of a compressor, evaporator, expansion valve or turbine, and condenser. This cycle is shown
in Figure 8.3. The phases of the working fluid (L-liquid and V-vapor) are shown on the diagram.

Figure 8.3 Process Flow Diagram for a Simple Refrigeration Cycle
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The Carnot efficiency of a mechanical refrigeration system can be expressed by the reversible coefficient
of performance, COPggy:

evaporator temperature (T,)

COPgpy =
REY temperature difference between condenser and evaporator (T, — T))

evaporator heat load evaporator heat load

P s s
COF or work required coP

It

work required

Because all the processes for a Carnot engine must be reversible, the COPgpy gives the best theoretical

performance of a refrigeration system. Thus the net required power (compressor-expansion turbine) will
always be greater than that predicted by the equation above using COPggy. Nevertheless, it is clear that

as the temperature difference between the evaporator and condenser increases then the work required per
unit of energy removed in the evaporator (refrigerator) increases. Therefore, the operating costs for
refrigeration will increase as the temperature at which the refrigeration is required decreases. The
condensation of the working fluid will most often be achieved using cooling water, so a reasonable
condensing temperature would be 45°C (giving a 5°C approach in the condensing exchanger). Figure 8.4
illustrates the effect of the evaporator temperature on the reversible work required for a given cooling
load. This figure gives an approximate guide to the relative cost of refrigeration. The relative costs of
refrigeration at different temperatures are explored in Example 8.4.

Figure 8.4 Ideal Work for Refrigeration Cycles as a Function of Refrigeration Temperature
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Example 8.4

Using Figure 8.4, calculate the relative costs of providing refrigeration at 5°C, —20°C, and —50°C. From
the figure, the ordinate values are given as follows.

Temperature HWCOP gy
5°C 0.144
—20°C 0.257
~50°C 0426

Therefore, compared with cooling at 5°C, cooling to —20°C is 0.257/0.144 times as expensive, and
cooling to —50°C is 0.426/0.144 times as expensive. This analysis assumes that the two refrigeration
systems operate equally efficiently with respect to the reversible limit and that the major cost is the power
to run the compressors.

In Example 8.5, a real refrigeration system is considered and operating costs are estimated.

Example 8.5

Obtain a cost estimate for a refrigerated cooling utility operating at 5°C.

Consider a single-stage refrigeration system to provide refrigeration at 5°C, using 1,1 difluoroethane (R-
152a) as the refrigerant. The process flow diagram and operating conditions are given in Figure E8.5 and
Table E8.5, respectively.

Figure E8.5 Process Flow Diagram for Simple Refrigeration Cycle of Example 8.5
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Table E8.5 Stream Conditions for Figure E8.5
Stream Number
Condition 1 2 3 4
Pressure (bar) 109 109 321 321
Temperature (*C) 687 45.0 50 5.0
Vapor Fraction 10 0.0 02492 1.0

For the simulation shown, pressure drops across piping and heat exchangers have not been considered.
When the circulation rate of R-152a is 65.3 kmol/h, the duty of the evaporator is 1 GJ/h. The compressor
is assumed to be 75% efficient and the loads on the equipment are as follows:

Compressor Power = 66.5 kW (at 75% efficiency)
Condenser Duty = 1.24 GJ/h

Evaporator Duty = 1.00 GJ/h
Compressor work per unit of cooling = (66.5)/(1,000,000/3600) = 0.2394

This value compares with 0.144 for the Carnot cycle. The main differences are due to the inefficiencies in
the compressor and the use of a throttling valve instead of a turbine.
The cost of refrigeration at 5°C = (66.5)(0.06) + (1.24)(0.354) = 3.99 + 0.44 = 4.43 $/h = 4.43 $/GJ

Using the results of Example 6.4, we can predict the cost of refrigeration at —20°C and —50°C as
The cost of refrigeration at —20°C = (4.43)(1.78) = $7.89/GJ
The cost of refrigeration at —=50°C = (4.43)(2.96) = $13.11/GJ

For refrigeration systems operating at less than temperatures of approximately —60°C, the simple
refrigeration cycle shown in Figures 8.4 and E8.5 is no longer applicable. The main reason for this is that
there are no common refrigerants that can be liquified at 45°C under reasonable pressures (not
excessively high) and still give the desired low temperature in the condenser also at reasonable pressures
(not excessively low). For these low-temperature systems, some form of cascaded refrigeration system is
required. In such systems, two working fluids are used. The primary fluid provides cooling to the process



(at the lowest temperature) and rejects heat to the secondary working fluid that rejects its heat to cooling
water at 45°C. A simplified diagram of a cascaded refrigeration system is shown in Figure 8.5.

Figure 8.5 Schematic Diagram of a Simple Cascaded Refrigeration System
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Steam Production. Steam is produced by the evaporation and superheating of specially treated water.
The fuel that is used to supply the energy to produce steam is by far the major operating expense.
However, water treatment costs can be substantial depending on the supply water composition and the
degree of recovery of condensed steam in process heat exchangers. As shown in Table 8.3, for large
chemical plants, steam is often required at several different pressure levels. However, it is often
generated at the highest level and then let down to the lower pressure levels through turbines. These
turbines produce electricity used in the plant. A typical steam generating facility is shown in Figure 8.6.
Because there are losses of steam in the system due to leaks and, more important, due to process users not
returning condensate, there is a need to add makeup water. This water is filtered to remove particulates
and then treated to reduce the hardness. The latter can be achieved by the addition of chemicals to
precipitate magnesium and calcium salts followed by filtration. These salts have reverse solubility
characteristics and therefore precipitate at high temperatures. Alternatively, an ion-exchange system can
be employed. The solids-free, “soft” water is now fed to the steam generating system. The thorough
treatment of the water is necessary, because any contaminants entering with the water will ultimately
deposit on heat-exchanger surfaces and boiler tubes and cause fouling and other damage. Another
important issue is the dissolved oxygen and carbon dioxide that enter with the makeup water. These
dissolved gases must be removed in order to eliminate (reduce) corrosion of metal surfaces in the plant.
The removal occurs in the deaerator, in which the makeup water is scrubbed with steam to de-gas the
water. Oxygen scavengers are also added to the circulating condensate to remove any trace amounts of
oxygen in the system. Amines may also be added to the water in order to neutralize any residual carbonic
acid formed from dissolved carbon dioxide. Finally, blowdown of water from the water storage tank
(situated near the boiler) is necessary to remove any heavy sludge and light solids that are picked up as
steam and condensate circulate through the system [12]. The problems associated with the buildup of
chemicals become even more troublesome in high-pressure (>66 bar) boilers, and several solutions are
discussed by Wolfe [13].

Figure 8.6 Typical Steam Producing System for a Large Chemical Facility
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In order to estimate accurately steam generation costs, it is necessary to complete a steam balance on the
plant. An algorithm for carrying out a steam balance for a new facility is listed below.

1.

5.
6.

7.

8.

Determine the pressure levels for the steam in the plant. These are usually set at around 41.0 barg

(600 psig), between 10.0 barg (150 psig) and 15.5 barg (225 psig), and between 3.4 barg (50
psig) and 6.1 barg (90 psig).
Determine the total number of process users of the different levels of steam. These numbers
become the basis for the steam balance.
Determine which of the above users will return condensate to the boiler feed water (BFW)
system. Note: If live steam injection is required for the process, there will be no condensate
returned from this service. In addition, for some small users, condensate return may not be
economical.

Determine the condensate-return header pressure.

Estimate the blowdown losses.

Complete a balance on the steam and condensate, and determine the required water makeup to
the steam system.

Determine the steam generating capacity of the steam boiler. The logic used here is that all steam
will be generated at the highest-pressure level and will be let down either through turbines or
let-down stations (valves) to the medium- and low-pressure headers. The high-pressure steam
is often generated at 44.3 barg (650 psig) to allow for frictional losses and superheated to
400°C (752°F) to produce more efficient power production in the turbines.

Additional power generation may be accomplished by running turbines using the high-pressure
steam, by using surface condensers (operating at the cooling water temperature), and by running
turbines between the medium- and low-pressure steam headers. All these options are shown in
Figure 8.6. In order to balance a plant’s electrical and steam needs, the determination of the
correct amount of steam to generate is an iterative process.

Clearly the algorithm can become quite complicated. In order to determine a reasonable value or cost for
the different steam levels, the approach used here is to assume that all the steam will be generated at the
highest pressure level and then let down to the appropriate pressure level through turbines or let-down



stations (valves). In the former case, credit will be taken for generating power; in the latter case, credit
will not be taken. The procedure for calculating the cost of steam at different pressure levels is given in

Example 8.6.

Example 8.6

Determine the cost of producing high-, medium-, and low-pressure steam using a natural gas fuel source.
For medium- and low-pressure steam production, assume that steam is produced at the highest pressure
level, and consider both the case when this steam is sent through a turbine to make electricity and when it
is simply throttled through a valve.

Again the approach taken here is to assume that the fixed capital investment associated with the initial
purchase of the steam generation facilities has been accounted for elsewhere. The analysis given below
accounts only for the operating costs associated with steam (and power) production. The source of fuel is
assumed to be natural gas that costs $11.10/GJ. See Table 8.3.

High-Pressure Steam (41.0 barg)

Basis is 1000 kg of HP steam generated at 45.3 bar and 400°C =h 44 3 parg, 400°c = 3204.3 kI/kg,

Conditions at the header are 41 bar saturated (Ty,; = 254°C). Note that the steam is generated at a higher

pressure and superheated for more efficient expansion, but that desuperheating will be assumed at the
process user.

Assume boiler feed water comes from a deaerator that operates at exhaust steam header pressure of 0.7
barg and T, = 115°C (10 psig) =hgpy, = 483.0 ki/kg.

AHBFW—HP Steam — (3204.3 — 4830) =2721.3 kJ/kg
Energy required to produce HP steam = (2721.3)(1000) = 2.721 GJ
Because this HP steam is superheated, we can produce more than 1000 kg of saturated steam from it. In
order to desuperheat this steam, BFW is added to produce saturated steam at 41.0 barg (h = 2797.6

kJ/kg). See Figure E8.6.

Figure E8.6 Sketch of Desuperheating Process for HP Steam
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Let x be the amount of saturated HP steam produced from superheated HP steam; an enthalpy balance
gives (1000)(3204.3) + (x — 1000)(483) = (x)(2797.6) =sx = 1175.7 kg.

The cost of natural gas to produce 1000 kg of sat HP steam (assuming a 90% boiler efficiency) is given
by

_ (2.721) (1000)(11.1)

Cost = "09)  m757)

= $28.54

Treatment costs for circulating boiler feed water = $0.15/1000 kg for oxygen scavengers, and so on
(average from several vendors).

Boiler feed water cost is based on the assumption that 10% makeup is required.
Cost of electricity to power air blowers supplying combustion air to boiler:

Natural gas usage = 2.721/0.9/1.1757 = 2.572 GJ = (2.572)(6)/(0.23)= 67.1 std m> = 67.1/22.4 = 2.99
kmol

Oxygen usage (based on 3% excess over stoichiometric) = (2.99)(2)(1.03) = 6.17 kmol oxygen
This comes from (6.17)/(0.21) = 29.38 kmol of air.

Assume that this air must be raised 0.5 bar to overcome frictional losses in boiler and stack, and assuming
that the blower is 60% efficient. Therefore,

The electrical usage for blower is 14 kWh/1000 kg of steam produced, giving an electricity cost = (14)
(0.06) = $0.84.

The cost of BFW is based on the water makeup, treatment chemicals, and the thermal energy in the stream.
For a basis of 1000 kg of BEW,

Cost of makeup water = $0.067

Cost of chemicals for treatment = $0.15

Energy in BEW ~6AT = (1000)(4.18)(115 - 25) = 0.376 GJ

Value of energy = ($11.10)(0.376) = $ 4.17

BFW cost =4.17 + 0.067 + 0.15 = $4.39/1000 kg

Cost of BEW makeup = (0.1)(4.39) = $0.439

Total cost of HP steam = $28.54 + $0.15 + $0.84 + $0.439 = $29.97/1000 kg

Medium-Pressure Steam (10.0 barg)



It is assumed that letting steam down through a turbine from the high-pressure header to the medium-
pressure header will generate electrical power.

The theoretical steam requirement (kg steam/kWh) for this situation is found by assuming an isentropic
expansion of the steam from the HP condition to the medium-pressure level. From the steam tables, we
have the following information:

By interpolating at constant specific entropy, we get that the outlet temperature is 212°C and the outlet
enthalpy = 2851.0 kl/kg.

Ah = (3204.3 — 2851.0) = 353.3 kJ/kg = theoretical work

Therefore, 1000 kg of HP steam produces 353.3 MJ or 98.14 kWh of electricity. Assuming a turbine
efficiency of 75%, the output power is (0.75)(98.14) = 73.6 kWh.

Credit for electricity = (73.6)(0.06) = $4.42

The actual outlet enthalpy of the steam is 3,204.3 — (353.3)(0.75) = 2939.3 kJ/kg. This is still superheated
steam. Desuperheating the steam to 10.3 barg and saturated conditions (h = 2779.1 kJ/kg) will generate x
kg of MP steam from the 1000 kg of HP steam, where

(1000)(2939.3) + (x — 1000)(483.0) = (x)(2779.1) =x = 1069.8 kg

Therefore, the cost of natural gas to produce 1,000 kg of MP steam (assuming a 90% boiler efficiency) is

(2721) (1000)(11.10)
Cost="09) (weom) =~

We can find the cost of electricity for the blower by using the ratio of the natural gas usage from the high-
pressure steam case. Therefore,

(31.37)
(28.54)

cost of electricity =

(0.84) = $0.92

Total cost of MP steam (with power production) = $31.37 — $4.42 + $0.92 + $0.439 = $28.31/1000 kg

For the case when power production is not implemented, the HP steam is throttled to the pressure of the
MP header through a let-down station, which is essentially an irreversible, isentropic process through a
valve. The superheated steam is then desuperheated at the process user.

Enthalpy of HP steam (at 44.8 barg and 400°C) = 3204.3 kJ/kg

Enthalpy of saturated MP steam = 2779.1 kJ/kg



Enthalpy of BFW = 483.0 kJ/kg
If x is the amount of saturated MP steam obtained by desuperheating, then an enthalpy balance gives
(1000)(3204.3) + (x — 1000)(483) = (x)(2779.1) =x = 1185.2 kg

Cost of natural gas to produce 1000 kg of sat HP steam (assuming a 90% boiler efficiency) is

o (2.721) (1000)(11.10) _
Cost = 09) (11852) = $28.32

(28.32)
(28.54)

Cost of electricity for the air blower = (0.84) = %0.83

Total cost of MP steam (without power production) = $28.32 + $0.83 + $0.439
=$29.59/1000 kg

Note: This is almost identical to the cost for HP steam.

Low-Pressure Steam (5.2 barg)

The calculation procedures for evaluating the cost of low-pressure steam are identical to those given
above for medium-pressure steam and the results are given below.

Total cost of LP steam (with power production) = $32.25 — $5.94 + $0.95 + $0.439
= $27.70/1000 kg

Total cost of LP steam (without power production) = $28.03 + $0.82 + $0.439 = $29.29/1000 kg

Waste Heat Boilers

When steam is generated from within the process—in a waste heat boiler, for example—the savings to the
process are usually calculated from the avoided cost of using an equivalent amount of natural gas in the
boiler system. If we assume that the boiler efficiency is 90%, then for every GJ of energy saved by
producing steam within a process unit, the boiler facility saves ($11.1)/(0.9) = $12.33 in natural gas
costs.

Hot Circulating Heat-Transfer Fluids. Again, the greatest cost for these systems is the fuel that is
burned to heat the circulating heat-transfer fluid. Typical efficiencies (based on the lower heating value,
LHYV, of the fuel) for these heaters range from 60% to 82% [ 1]. With air preheating economizers, the
efficiency can be as high as 90%. Example 8.7 illustrates the use of efficiencies in fired heaters.

Example 8.7



Estimate the utility cost of a heat-transfer medium heated in a fired heater using natural gas as the fuel.

Assuming that the heat-transfer medium is heated in a process heater that is 80% efficient and uses natural
gas at $11.10/GJ as the fuel source, we get

Cost of 1 GJ of energy = (1)(11.10)/(0.80) = $ 13.88/GJ
Assuming a 90% efficient heater, we get

Cost of 1 GJ of energy = (1)(11.10)/(0.9) = $ 12.33/GJ

8.4 Raw Material Costs

The cost of raw materials can be estimated by using the current price listed in such publications as the
Chemical Market Reporter (CMR) [14]. A list of common chemicals and their selling price, as of August
2006, are given in Table 8.4. Current raw material and product chemical prices may be obtained from the
current issue of the CMR [14]. To locate costs for individual items, it is not sufficient to look solely at the
current issue, because not all chemicals are listed in each issue. It is necessary to explore several of the
most recent issues. In addition, for certain chemicals large seasonal price fluctuations may exist, and it
may be advisable to look at the average price over a period of several months.

Table 8.4: Costs of Some Common Chemicals*



Chemical

Cost ($/kg)

Typical Shipping Capacity
or Basis for Price

Acetaldehyde
Acetic Acid
Acetone (MMA grade)
Acrylic Acid

Allyl Chloride
Benzene

Chlorine

Dimethyl Ether
Ethanol (190 Proof)
Ethylbenzene
Ethylene

Ethylene Oxide

Mo-inhibitor
7% Methanol Inhibitor
Hydrochloric Acid (237Be)
Iso-Butylene
Iso-Propanol (99%)
Maleic Anhydride
Methanol
Methyl Ethyl Ketone
MTBE
P[‘np.\'lullu
{Polymer Grade)
(Chemical Grade)
Styrene
Sulfur (Crude)
Sulfuric Acid (virgin}
Toluene
Mixed Xylenes
Ortho-Xylene
Para-Xylene
Meta-Xylene

Formaladehyde/ Formalin (37 wit

1.003

1090 (2004 )
0948

1.929

1.80

0.657

0.375

0.948" {Jan. 2000)
0837

1064

1.202

1.764

0.838
0463
0,095
0.706
1.378
1.543
1,294
1,598
687

1.014
0.981
1.543
0043
0.090
0.645
(.608
0.805
1.135
2,910

Railroad Tank Cars
Railroad Tank Cars
Railroad Tank Cars
Railroad Tank Cars
F.O.B. Gulf Coast
Barge, Gulf Coast
Railroad Tank Car
Railroad Tank Car
Railroad Tank Car
Railroad Tank Car, Gulf Coast
Contract

Railroad Tank Car

Railroad Tank Car, Gulf Coasl
Railroad Tank Car, Gulf Coast
Railroad Tank Car, Works
F.O.B. Works

Railroad Tank Car

Railroad Tank Car

F.O.B. Gulf Coast

Railroad Tank Car

Barge, Gulf Coast

F.O.B. Gulf Coast

F.O.B. Gulf Coast

F.O.B. Works

Railroad Car

Railroad Tank Car, Gulf Coast
Barge, Gulf Coast

Barge, Gulf Coast

Railroad Tank Cars

Railroad Tank Cars

Railroad Tank Cars

Avgust 2006
*"Vendor quoke.
"From CMR, January 2000

*Unless stated otherwise these are average values from http:// www icis.com//StaticPages/ a-e.himiftop,

Another factor that is sometimes overlooked is that often companies will lock onto a selling or purchase
price through a short- or long-term contract. Such contracts will often yield prices that are significantly
lower than those given in the CMR. In addition, in doing economic evaluations for different chemical
processes, the purchase and selling price for chemicals will not always be available from the CMR. For
example, in January 2001, CMR stopped publishing the price of dimethyl ether. Likewise, prices for allyl
alcohol have not been published for several years. The prices shown in Table 8.4 were obtained from
manufacturers’ quotes. When doing economic evaluations for new, existing, or future plants, it is
advisable to establish the true selling or purchase price for all raw materials and products. Because the
largest operating cost is nearly always the cost of raw materials, it is important to obtain accurate prices

if realistic economic evaluations are to be obtained.

8.5 Yearly Costs and Stream Factors




Manufacturing and associated costs are most often reported in terms of $/yr. Information on a PFD is most
often reported in terms of kg or kmol per hour or per second. In order to calculate the yearly cost of raw
materials or utilities, the fraction of time that the plant is operating in a year must be known. This fraction
is known as the stream factor (SF), where

(8.5)

Number of Days Plant Operates per Year
365

Stream Factor (SF) =

Typical values of the stream factor are in the range of 0.96 to 0.90. Even the most reliable and well-
managed plants will typically shut down for two weeks a year for scheduled maintenance, giving an SF =
0.96. Less reliable processes may require more downtime and hence lower SF values. The stream factor
represents the fraction of time that the process unit is on-line and operating at design capacity. When
estimating the size of equipment, care must be taken to use the design flowrate for a typical stream day
and not a calendar day. Example 8.8 illustrates the use of the stream factor.

Example 8.8

a. Determine the yearly cost of toluene for the process given in Chapter 1.
b. What is the yearly consumption of toluene?
¢. What is the yearly revenue from the sale of benzene?

Assume a stream factor of 0.95, and note that the flowrates given on the PFD are in kilograms per stream
hour.

From Table 1.5, flowrate of toluene = 10,000 kg/h (Stream 1)

From Table 1.5, flowrate of benzene = 8210 kg/h (Stream 15)

From Table 8.5, cost of toluene = $0.648/kg

Table 8.5 Theoretical Steam Requirements (kg steam/kWh)

Inlet Pressure of Steam (barg)
(Superheat in °C)

10.0 13.8 17.2 27.6 41.4 41.4 58.6 58.6
(satd) (satd) 50 170 145 185 165 205

Exhaust Pressure

2" Hg abs 477 4.54 4.11 3 3.22 307 298 285
4" Hiz abs 533 5.04 4.54 362 347 3.30 3.20 305

0 barg 879 7.04 B85  5.08 4.72 445 422 400
0.69 barg 10.87 9.57 8.1 577 528 497 467 440
2.07 barg 1524 1272 1040 69 6.18 578 535 5.02
3,45 barg 20.86 1632 1279 757 .87 649 593 5,54
414 barg 24.45 1832 14.11 8.50 7.4 683 6.20 5.78
4.82 barg 28,80 2058 1547 905 7.7 7.16 645 6.01
From Perry, R. H., and DL W, Green, Perry’s Clemical Engimeering Hividbook, 6th ed,, MoGras-Hill,

Mew York, NY, 1984, Eeprinted by permission of The McGraw-Hill Companies.

From Table 8.5, cost of benzene = $0.657/kg




a. Yearly cost of toluene = (24)(365)(10,000)(0.648)(0.95) = $53,927,000/yr.
b. Yearly consumption of toluene = (24)(365)(10,000)(0.95) / 1000 = 83,200 tonne/yr.
¢. Yearly revenue from benzene sales = (24)(365)(8210)(0.657)(0.95) = $44,889,000/yr.

Comparing the results from Parts (a) and (c), we can see that with the current prices for these two
chemicals it is not economical to produce benzene from toluene. Historically, the price differential
between benzene and toluene has been greater than the $0.009/kg shown in Table 8.4, and this is the
reason why this process has been used, and is currently being used, to produce benzene. Clearly, if this
low price differential were to exist for a long period of time, this process might have to be shut down.

8.6 Estimating Utility Costs from the PFD

Most often, utilities do not directly contact process streams. Instead, they exchange heat energy (fuel gas,
steam, cooling water, and boiler feed water) in equipment such as heat exchangers and process heaters, or
they supply work (electric power or steam) to pumps, compressors, and other rotating equipment. In most
cases, the flowrate can be found either by inspection or by doing a simple heat balance around the
equipment.

Steam can be used to drive a piece of rotating equipment such as a compressor. In this case, both the
theoretical steam requirement and efficiency are required. Table 8.5 provides the theoretical steam
requirements as a function of the steam inlet pressure and the exhaust pressure for steam turbine drives.
The mechanical efficiencies of different drives are shown in Figure 8.7, using data from Walas [9].

Figure 8.7 Efficiencies for Pumps and Compressor Drives (Data from Walas [8], Chapter 4)
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To illustrate the techniques used to estimate the utility flowrates and utility costs for various types of



equipment, see Example 8.9.

Example 8.9

Estimate the quantities and yearly costs of the appropriate utilities for the following pieces of equipment
on the toluene hydrodealkylation PFD (Figure 1.5). It is assumed that the stream factor is 0.95 and that all
the numbers on the PFD are on a stream time basis. The duty on all of the units can be found in Table 1.7.

a. E-101, Feed Preheater

b. E-102, Reactor Effluent Cooler

c. H-101, Heater

d. C-101, Recycle Gas Compressor, assuming electric drive

e. (C-101, Recycle Gas Compressor, assuming steam drive using 10 barg steam discharging to

atmospheric pressure.
f. P-101, Toluene Feed Pump

Solution

a. E-101: Duty is 15.19 GJ/h. From Table 8.3, Cost of High-Pressure Steam = $17.70/GJ
Energy Balance: Q =15.19 G /h = (ri1,,, MAH ..} = (., )(1699.3) K] / kg

Mg = 8939 kg/h =2.48kg/s
Yearly Cost = (Q)(Cyoqm)(t) = (15.19 GJ/h)($17.70/GJ)(24)(365)(0.95) = $ 2,237,000/yr

Alternatively, Yearly Cost = (Yearly flowrate)(Cost per unit mass)

Yearly Cost = (2.48)(3600)(24)(365)(0.95)(29.97/1000) = $2,227,000/yr
(same as above within round-off error)
b. E-102: Duty is 46.66 GJ/h. From Table 8.3, Cost of Cooling Water = $0.354/GJ

Q = 46.66 GJ /h = (in,,,)(C,c)(AT.,) = (i1, )(4.18)(10) = 41.87i,,,

L

M., = (46.66)(10"/41.8)(10%) = 1,116,270 kg /h = 310 kg /s

Yearly Cost = (46.66 GJ/h)(24)(365)(0.95)($0.354/GJ) = $137,000/yr
¢. H-101: Duty is 27 GJ/h (7510 kW). Assume that an indirect, nonreactive process heater has a
thermal efficiency (§;,) of 90%. From Table 8.3, natural gas costs $11.10/GJ, and the heating

value is 0.0377 GJ/m°.

Q =27 GJ/h = (0,,,)(AH (efficiency) = (3,,,,)(0.0377)(0.9)

natural ;.:rr_-‘)

Uy = 796 std m*/h (0.22 std m*/sec)

Yearly Cost = (27)(11.10)(24)(365)(0.95)/(0.90) = $2,771,000/yr
d. C-101: Shaft power is 49.1 kW, and from Figure 8.7 the efficiency of an electric drive (g4,) is

90%.



Electric Power = P, = Output power/§;, = (49.1)/(0.90) = 54.6 kW

Yearly Cost = (54.6)(0.06)(24)(365)(0.95) = $27,200/yr
e. Same as Part (d) with steam driven compressor. For 10 barg steam with exhaust at 0 barg, Table
8.5 provides a steam requirement of 8.79 kg steamvkWh of power. The shaft efficiency is about
35% (extrapolating from Figure 8.7).

Steam required by drive = (49.1)(8.79/0.35) = 1233 kg/h (0.34 kg/s)

Cost of Steam = (1233)(24)(365)(0.95)(28.32 x 1073) = $290,600/yr
f. P-101: Shaft power is 14.2 kW. From Figure 8.7 the efficiency of an electric drive is about 86%.

Electric Power = 14.2/0.86 = 16.5 kW
Yearly Cost = (16.5)(0.06)(24)(365)(0.95) = $8240/yr

Note: The cost of using steam to power the compressor is much greater than the cost of electricity even
though the cost per unit energy is much lower for the steam. The reasons for this are (1) the
thermodynamic efficiency is low, and (2) the efficiency of the drive is low for a small compressor.
Usually steam drives are used only for compressor duties greater than 100 kW.

8.7 Cost of Treating Liquid and Solid Waste Streams

As environmental regulations continue to tighten, the problems and costs associated with the treatment of
waste chemical streams will increase. In recent years there has been a trend to try to reduce or eliminate
the volume of these streams through waste minimization strategies. Such strategies involve utilizing
alternative process technology or using additional recovery steps in order to reduce or eliminate waste
streams. Although waste minimization will become increasingly important in the future, the need to treat
waste streams will continue. Some typical costs associated with this treatment are given in Table 8.3, and
flowrates can be obtained from the PFD. It is worth noting that the costs associated with the disposal of
solid waste streams, especially hazardous wastes, have grown immensely in the past few years, and the
values given in Table 8.3 are only approximate average numbers. Escalation of these costs should be
done with extreme caution.

8.8 Evaluation of Cost of Manufacture for the Production of Benzene via the
Hydrodealkylation of Toluene

The cost of manufacture for the production of benzene via the toluene HDA process is given in Example
8.10.

Example 8.10

Calculate the cost of manufacture without depreciation (COM,) for the toluene hydrodealkylation process



using the PFD in Figure 1.5 and the flow table given in Table 1.5.

A utility summary for all the equipment is given in Table E8.10, from which we find the total yearly utility
costs for this process:

Steam = $ 3,412,000/yr
Cooling Water = $ 165,000/yr
Fuel Gas = $2,771,000/yr
Electricity = $37,400/yr

Total Utilities = $6,385,000/yr

Raw Material Costs from the PFD, Table 8.4, and Example 8.8 are

Toluene = $53,927,000/yr

Hydrogen = $6,622,000/yr (based on a value of $0.118/std m?)
Total Raw Materials = $60,549,000/yr

There are no waste streams shown on the PFD, so

Waste Treatment = $0.0/yr

From Example 8.2 the cost of operating labor is

Table E8.10 Summary of Utility Requirements for the Equipment in the Toluene Hydrodealkylation
Process

Electric Steam Steam Steam Cooling Fuel

Power High-Pressure Med-Pressure Low-Pressure Water Gas
Equipment (kW) (ka/s) (kg/s) (kg/s) (m¥/s) (std m?/s)
E-101 — 248 — — — —
E-102 — — — — 0.31 —
E-103 — - — 14 -— —
E-104 — — — — 0.055 —
E-105 — — — — 0.007 —
E-106 — -—_ 1.26 = =l m
H-101 — - - — - 0.22
C-101 54.5 — — — — —
P-101 16.5 - - — — —
P-102 4.0 — — — = —
Totals 75.0 2458 1.26 014 0.372 0.22
Total yearly
cost$,/yr 37400 2,227,000 1,069,000 116,000 165,000 2,771,000
Data from Figure 1.5, Table 1.7, and Example §9




Coy = (14)(52,900) = $741,000/yr

From Problem 7.21 (using CAPCOST), we find that the fixed capital investment (Cg) for the process is
$11.7 x 106,

FCI=$11.7 x 108

Finally, using Equation 8.2, the total manufacturing cost is estimated to be

COM, = 0.180FCI; + 2.73C + 1.23(Utilities + Raw Materials + Waste Treatment )
COM, = (0.180)(11.7 x 10) + 2.73 (741,000) + 1.23 (6,385,000 + 60,549,000 + 0)
COM,; = $ 86.46 x 10%yr

8.9 Summary

In this chapter, the cost of manufacturing for a chemical process was shown to depend on the fixed capital
investment, the cost of operating labor, the cost of utilities, the cost of waste treatment, and the cost of raw
materials. In most cases, the cost of raw materials is the biggest cost. Methods to evaluate these different
costs were discussed. Specifically, the amount of the raw materials and utilities can be obtained directly
from the PFD. The cost of operating labor can be estimated from the number of pieces of equipment given
on the PFD. Finally, the fixed capital investment can again be estimated from the PFD using the techniques
given in Chapter 7.
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Short Answer Questions

In the general equation for determining the cost of manufacturing (COM,), Equation (8.2), one of the

1, terms is 0.180FCI, where FCI is the fixed capital investment of the plant. “This term is included to
" cover the interest payment on the loan for the plant.” Is this statement true or false? Explain your
answer.

5 Why is the number of operators per shift multiplied by approximately 4.5 to obtain the total number of
" operators required to run the plant?

3. What is a stream factor?

When estimating the cost of manufacturing (COM,;) for a chemical process, the overall COM; may be
"estimated using only five individual costs. Lists these five costs.

Cooling water is priced on an energy basis: $/GJ. We usually assume the temperature rise to be 10°C.
5. Does the cooling water cost change if the return temperature changes? Are there any limitations to the
return temperature? Explain.

In Equation (8.2), the cost of raw materials, Cg,,, is multiplied by a factor of 1.23. The reason for this

6 is that, in general, we expect that the estimated cost of raw materials will be about 20% low and we
“add a correction factor of 1.23 to adjust for this. Do you agree with this explanation? If you do not,



7.

give another reason for using the factor of 1.23.

In Equation (8.2), the cost of operating labor, C;, is multiplied by a factor of 2.73. One reason for
this is that the value of Cp; includes only plant operators and not supervisory and clerical labor costs.
Is this statement true or false? What other factors (if any) account for the multiplication factor of 2.73?

8 Explain the difference between direct costs, fixed costs, and general expenses. Give two examples of

each.

Problems

10.

11

You are employed at a chemical company and have recently been transferred from a plant that
manufactures synthetic dyes to a new facility that makes specialty additives for the polymer resin
industry.

a. You have been asked to estimate the cost of manufacturing at this new facility. Would you
i. Use Equation (8.2) to estimate COM;?

ii. Use data from the old plant where you worked, because you are very familiar with all the
aspects of manufacturing for that process?
iii. Dig up information on the new process and use these figures?

b. When would you use a relationship such as Equation (8.2)?

When a chemical plant needs steam at multiple pressure levels, it is often economical to generate all
the steam at a high pressure and then to let the steam down through pressure-reducing turbines to the
desired pressure. This principle is illustrated in Figure 8.6. The downside of this approach is that as
the exhaust pressure of the turbine increases, the theoretical (and actual) steam requirements increase,
meaning that less energy is extracted. To illustrate this point, do the following.

a. Estimate the amount of energy extracted from 10,000 kg/h of 58.6 barg steam superheated by
165°C when connected to the following turbines (each 80% efficient).

i. Exhaust pressure is 4” Hg absolute.

ii. Exhaust pressure is 4.82 barg.

b. Estimate the amount of energy extracted from 10,000 kg/h of saturated, 10.0 barg steam when
connected to a turbine (80% efficient) exhausting at 4.82 barg.

c. Identify the locations of each of the three turbines described above on Figure 8.6.

What are the operating costs associated with a typical cooling water system? Based on the example
given in this chapter, answer the following.

a. What percentage of the operating costs is the makeup water?

-b. By how much would the cost of cooling water increase if the cost of power (electricity) were to
double?



12.

13.

c. By how much would the cost of cooling water increase if the cost of make-up water were to
double?

Determine the cost of producing a refrigerant stream at —50°C using propane as the working fluid in a
noncascaded system. You may wish to refer to Example 8.5 to do this problem. The steps you should
follow are as follows.

a. Determine the pressure at which propane can be condensed at 45°C, which assumes that cooling
water with a 5°C temperature approach will be used as the condensing medium.

b. Determine the pressure to which the propane must be throttled in order to liquefy it at —50°C.

c. Use the results of Parts (a) and (b) to set the approximate pressure levels in the condenser and
evaporator in the refrigeration system.

d. Determine the amount of propane necessary to extract 1 GJ of heat in the evaporator.

e. Assuming a 5kPa pressure drop in both heat exchangers and that a single-stage compressor is
used with an efficiency of 75%, determine the cost of electricity to run the compressor, determine the
cooling water cost, and from this determine the cost of providing refrigeration at -50°C using
propane as the working fluid.

Repeat the process described in Problem 12 using a simple refrigeration loop to determine the cost of
providing 1 GJ of refrigeration at —50°C using the following working fluids:

a. Propylene

b. Ethane

c. Ammonia

Determine whether any of the working fluids given above cannot be used in a simple (noncascaded)

refrigeration loop. For these fluids, would using a cascaded refrigeration system to provide —50°C
refrigerant make sense? Explain carefully your answers to these questions.

Estimate the cost of operating labor (C;), the cost of utilities (Cy;r), and the cost of manufacturing

14. (COM,) for the ethylbenzene process given in Project B.2 of Appendix B. You must do Problem 7.21

15.

16.

in order to estimate COM,;.

Estimate the cost of operating labor (Cy;), the cost of utilities (Cy;1), and the cost of manufacturing
(COM,) for the styrene process given in Project B.3 of Appendix B. You must do Problem 7.22 in
order to estimate COM.

Estimate the cost of operating labor (C;), the cost of utilities (Cy;), and the cost of manufacturing
(COM,) for the drying oil process given in Project B.4 of Appendix B. You must do Problem 7.23 in



order to estimate COM.
Estimate the cost of operating labor (Cp;), the cost of utilities (Cy;r), and the cost of manufacturing

17. (COM,) for the maleic anhydride process given in Project B.5 of Appendix B. You must do Problem
7.24 in order to estimate COM,,.

Estimate the cost of operating labor (Cp;), the cost of utilities (Cy;7), and the cost of manufacturing
18. (COM,) for the ethylene oxide process given in Project B.6 of Appendix B. You must do Problem
7.25 in order to estimate COM .

Estimate the cost of operating labor (C;), the cost of utilities (Cy;), and the cost of manufacturing
19. (COM,) for the formalin process given in Project B.7 of Appendix B. You must do Problem 7.26 in
order to estimate COM.



Appendix A Cost Equations and Curves for the CAPCOST Program

The purpose of this appendix is to present the equations and figures that describe the relationships used in
the capital equipment-costing program CAPCOST introduced in Chapter 7 and used throughout the text.
The program is based on the module factor approach to costing that was originally introduced by Guthrie
[1, 2] and modified by Ulrich [3].

A.1 Purchased Equipment Costs

All the data for the purchased cost of equipment for the second edition of this book were obtained from a
survey of equipment manufacturers during the period May to September of 2001, so an average value of
the CEPCI of 397 over this period should be used when accounting for inflation.

Additional process equipment has been added to the third edition and is listed below:
* Conveyors
+ Crystallizers
* Dryers
* Dust Collectors
+ Filters
» Mixers
* Reactors
* Screens

The purchased costs for these types of equipment were obtained in 2003 but the costs given here have
been normalized to 2001. For this new equipment, bare module factors were not available, nor were
pressure factors or materials of construction factors. In general, these units are generally bought as a
package, and installation in the plant is not expensive. The bare module factors for these units are taken to
be the field installation factors given by Guthrie [1, 2].

Data for the purchased cost of the equipment, at ambient operating pressure and using carbon steel
i
construction, C;”, were fitted to the following equation:

(A1)
k’gmq; = K; + K; logy(A) + K_1[|(1g],1[/‘.]]2

where A is the capacity or size parameter for the equipment. The data for K;, K, and K3, along with the

maximum and minimum values used in the correlation, are given in Table A.1. These data are also
presented in the form of graphs in Figures A.1-A.17. It should be noted that in these figures, the data are

plotted as G/ A a5 a function of size attribute, A. This form of the graph clearly illustrates the decreasing



cost per unit of capacity as the size of the equipment increases.

Table A.1 Equipment Cost Data to Be Used with Equation

Al

i Type Equip Description K, K K, Capacity, Units Min Size  Max Skee
Beletdiers Kreader S0M1 -0 BE2 Volume, m? 0.14 q
Ribibon 4036 049 00070 Yolume, m’ orF 1
Rartary 41366 -04928 Q007D Volumne, m’ o7 11
Cornatrifuges At batch soparator & TAE1 00360 00240 Dhamweter, o s 1.7
Centrifugal separator 43612 1123 MY Dhaseter, s 1
Oreiflating screen 60 06660 01063 Diasieter, mo 05 11
Sk bow] w /o mastor T iR {0 COAE  Diamcter, me (1k3 2
Compressors Cemtritugal, axial, 22847 1ds0s  —U1027 Fluid power, KW A5 B
arud peciprocating
Ek-l.tr!.' Si355 1.8 OE25%  Tlukd e, kW 13 950
Conveyiis Agireit 30155 04961 56 Area m’ 5] 15
Hislt 40637 0746 01550 Amea,n s 328
Fraearmati 4ba1h  -0ATES MOA3E Ared, m 0nrE L]
Serew WA 0T 01582 Area. m® 05 30
Crystallizers Haich 48R DRI B4 Volume, m’ 1.8 o
Urlves Gas wurbine -T2 1ATE —15XY  Shall poweer, KW 7300 23,000
Iterny cofith, engune 27605 ESPE 009 Shaft power, KW L] 10,000
Steam tarbine Pl ] 14388  —0177e  Shall power, kKW by 1] FHO
Electric—explos - proof 20 14191 =017 Shall power, kKW 75 )
Flecrrie—totally encliosed 15560 1,714 2282 Shaft powir. kW k-] i}
Blecrric—upen fdrip-prood 20508 10688 -0iNS  Shaft power, KW ™
Phryers Torum 45472 O T2 IHD  Asea, m’ L5 L
Rantary, pas fined A 5645 NANS 0777 Ama o’ LI
Tray 3051 <0455 -00HE A’ (5.3 n
Equi Type i Description K, K, K, Capacity, Units Min Size Max Size
Dhust Codlgctors Baghouse 457 05818 G815 Vaolume, m' . 350
Cyelone serubbers Jozas 0499 01T Volume, m' 006 200
Electrostatic precipitatir 3EME 0499 00411 Valumi, 'm* 0.06 200
Ventur: serubbier JEWE D490 G011 Valurme, m’ .06 200
Evaporators Foroed clroulation {pumped) SAIZ38 075 00703 Arca,m* 3 [Lie]
Faliing film 3se 08637 -0uMmE  Area,mt i Six)
Agitated fikm {scraped wall) 50000 LM% -0 Awaom® [152 5
Shogt tube 52366 08572 0350 Area, m’ {1} 100
Long tubse 45420 01368 G025 Area, m’ iy 10,000
Fans Contrifugal radial A3 —03535 W77 Gas floweate, /s 1 T
Backwarnd cumie 337 -0 0T N0 Gas fowrate, s 1 na
Anlal v 31781 01573 053414 Gos Aowrate, m' s 1 100
Axtal kb 3 0337 GATE2 Gas flowrate, m' s L 1
Filees teent 51055 (3001 oo Anea,m? o9 115
Cartridgye AT 0200 G2 Area,m? i5 2m
[hise amd dbrum 4R12Y 074z 0420 Area, m [T v
Linavity 42756 04480 004 Arva, m? [ L]
Leal IRIET 03765 0076 Aream® iy 35
Tan 45123 07142 020 Amva, m® g i
Plate ank frame 4373R 04480 00714 A, as Ly
Table 51055 -0.500] 000 Aram® iy 13
Tube 1055 -0500] COML  Ana, m* o9 113
Furacs Refirmer furmace 20680 0 A5T 0O Daty, kW L 1000, £}
Pyrodysls furmaoe: 3859 DT -00XE  Duty, kW o 10, D0
Novreactive Hred heater TN —Litbe Q2028 Dty kW 1L 10, ek

lerutinmned)




Equipment Type Equipment Description &, K, LA Capacity, Units Min Size Max Size
Heat exchangess  Seraped wall ATRiN DHSEN QOHE  Area, mrd 2 X
Tedlar tube 38062 0853 0671 Aream® i i
Bayonet E e T G143 Ara,m’ in g
Floating hoad ABMWR - =085 03087 Area,m’ 1} [[LL 0
Faxed tube 437 0201 01631 Ana,m? 10 10
Li-guse 41884 03503 Q9 Ares,m’ 1] [{L i)
Kettle reboiler Adedn ~05277 03055 Amam’ 1a jlin]
Double pipe A0 0I5 -0NTZ Anaam® 1 0
Multiphe pipe LP5E . QT2 QOFEE Areamt 0 m
Flat plate EEEIEY - 1557 01547 Arca,m? i} HI
Spiral plate 44561 029497 0227 Amwom’ | 10
Air conler 40036 N3] 00497 Ans,m’ m 10000
Spiral tubs A9wz LR 02430 Ara,m’ 1 10
Heaters Dhiphenvi heater 22628 OH58] 00003 Dy, KW L] 107
Adalben walt heatir 11979 1ATH2  -0U95R TRty KW (5] 1675}
Hast weater heater L0829 w003 Day, KW [icl] 107=0
Stear bokler A9R17 —145m 0318 Duty, KW 120 W
Mllbers Impetler 38511 02w -0O03  Power, kW 5 150
Tropeller 4307 D5 IHE  Power, kW 5 s
Turbim AMEL 051 OO0 Power, kW 5 152
Packing, Lo (How bovwers) 34487 [IELe 00055 Vaolumse, ' iy ]
Prowvisas vessels Horzostal 15565 0aTe OERS  Vaolume, m' ai [}
Virtical 1 04485 Gl Volume, m' (L% 5x
Punp= Reciprocating 38606 03181 010 Shakt-power, KW L& 2%
Parsitive displacement 34771 0135 01438 Shali pemwver, KW l 1o
Contritugal IR 0N53G RI53E  Bhan power, kKW 1 Ly
(cotiinnisd )
Equi Type 1 Description K, K, K, Capacity, Units Min Size Max Size
Busackiss Aniboclyve 45547 07014 030 Volume, m! 1 15
Fermonior L5z 04680 0UN0S  Volume, m' LA
Inascunbiam tank. 357 05407 00D Volume m’ 0.07 1
Tewketid apgitated 41052 04680 -00WF Volwme, m' a1 ki
lacketod nonagitated 3349 0276 B35 Volume, m' 5 45
Mixer/eettler A71e 0552 QUMMM Yolume, m' (hiE) &}
Sereens s AB0EN 04144 Q2020 Area, ks 5
Rotary 40485 08882 03260 Area,m’ 03 15
Stationary 328 04568 -0A050  Areaym’ 2 1
Vibrating LSS 0l 03260 Anea,m’ [k} 15
Tivwisrs Tray il p:u—lu-d 34974 0 A485 07 Voluiwe, m? na .1
Tarks Al —tized ool 44509 {13873 1445 Volume, m' L. ki)
Al Hoating roof SHBGT 07585 G178 Vaolume, m' 1000 A0
Tra)'l Sl 29949 04465 (L. | A, m 0o 123
Vallvie 302 048 0MM Aream’ nm 10.50
Dymisters 32353 [IELE 0HM Awa,m? o7 10,50
Turbines Axial gas turbines 27051 1450 L1776 Fluid power, kW 14X Lk
Radial gas/louid expanders 124 14905 00608 Tluid power, kW 1) 1500
Vaparizers Inviwrmal coblsf fackets 40000 0430 0ITN Volwmie, m* l 100
Joxhetixd vissels ANTEL 033 G Valune, m' 1 100

Figure A.1 Purchased Costs for Compressors and Drives (Cost Data for Compressors and Drives Taken
from R-Books Software by Richardson Engineering Services, Inc. [4])
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Figure A.2 Purchased Costs for Evaporators and Vaporizers
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Figure A.3 Purchased Costs for Fans, Pumps, and Power Recovery Equipment (Cost Data for Fans Taken
from R-Books Software by Richardson Engineering services [4])
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Figure A.4 Purchased Costs for Fired Heaters and Furnaces
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Figure A.5 Purchased Costs for Heat Exchangers



10,000

——— 5o — [cepci=397
5 2d Wall
Tite i+ i (Sept 2001)

Teflon Tube
1,000+ \

“E Double Fipa Bayonat
& 1004 Floating Haad
< (S&T)”
= Fixed Tube Shest
e T S8T)
] . 10 100 1,000 10,000
f Heat Transfer Area, A (mg‘]
L]
B
£ 10,000
E CEPCI = 397
g (Sept 2001)
£ -
B 1,000
=
> Multiple Pips —_—_——
B
o
'g 100
% Air Caalar
L
3 1 10 100 1,000 10,000
% Heat Transfer Area, A :rnz}
B 10,000 -
‘g Spiral Tube CEPCI = 397
O (Sept 2001)
e
% ‘ wu .
= : Kettle Fabailar
i t i
£ I i i
o
U-Tube
100
1 10 100 1,000 10,000

Heat Transfer Area, A(m°)

Figure A.6 Purchased Costs for Packing, Trays, and Demisters
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Figure A.9 Purchased Costs of Centrifuges
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Figure A.10 Purchased Costs for Conveyors
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Figure A.11 Purchased Costs for Crystallizers
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Figure A.12 Purchased Costs for Dryers
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Figure A.13 Purchased Costs of Dust Collectors
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Figure A.14 Purchased Costs of Filters
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Figure A.15 Purchased Costs of Mixers
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Figure A.16 Purchased Costs of Reactors
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Figure A.17 Purchased Costs of Screens
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Data from the R-Books software marketed by Richardson Engineering Services, Inc. [4], were used as a
basis for several of the graphs and correlations; acknowledgment is given in the appropriate figures.

A.2 Pressure Factors

As was pointed out in Chapter 7, the costs of equipment increase with increasing operating pressure. In
this section, the method of accounting for changes in operating pressure through the use of pressure factors
is covered.

A.2.1 Pressure Factors for Process Vessels

The pressure factor for horizontal and vertical process (pressurized) vessels of diameter D meters and
operating at a pressure of P barg is based on the ASME code for pressure vessel design [5]. At base
material conditions using a maximum allowable stress for carbon steel, S, of 944 bar, a weld efficiency,
E, of 0.9, a minimum allowable vessel thickness of 0.0063 m (1/4 inch), and a corrosion allowance, CA,
of 0.00315 m (1/8 inch) gives the following expression:

(A.2)
(P + 1)D
; : + 0.00315
2(850 — 0.6(P + 1)]
FP,(':\.:R'.T 2 ) 00063 ' ﬁ}r tw.._;_.;,; = 0.0063 m

If Fp yesser S 1ess than 1 (corresponding to t,,¢50; < 0.0063 m), then Fp \0¢q0; = 1. For pressures less than —



0.5 barg, Fp yesse; =1.25. It should be noted that Equation (A.2) is strictly true for the case when the

thickness of the vessel wall is less than % D; for vessels in the range D = 0.3 to 4.0 m, this occurs at
pressures of approximately 320 barg,.

A.2.2 Pressure Factors for Other Process Equipment

The pressure factors, Fp, for the remaining process equipment are given by the following general form:

(A3)
logy, Fp = C; + C,logy, P + C;(logy, PY

The units of pressure, P, are bar gauge or barg (1 bar = 0.0 barg) unless stated otherwise. The pressure
factors are always greater than unity. The values of constants in Equation (A.3) for different equipment
are given in Table A.2, and also shown are the ranges of pressures over which the correlations are valid.
The values for the constants given in Table A.2 were regressed from data in Guthrie [1, 2] and Ulrich [3].
Extrapolation outside this range of pressures should be done with extreme caution. Some equipment does
not have pressure ratings and therefore has values of C;—C; equal to zero. If cost estimates are required

for these units at high pressures and the equipment cost is affected by pressure, then the correlations
should again be used with caution.

Table A.2 Pressure Factors for Process Equipment (Correlated from Data in Guthrie [1, 2], and
Ulrich [3])

Equipment Type Egripment Description C L 0y Fressure Range (barg) |
Compnessons al, s, rorary, and reciprocating n 0 @
Prives ] [ 1]
a ! o
] [t [
cgaplosion-proof ] [ i
c=tustally enichisod n i ]
Sdripeproaf i [0
Fraportions Foroid circulation (pumped), falling film 0o 0 i ]
agitated film (scrapod wall), short tube. 0157 0.2 01413 1 1
i g hube
Fars® Centrif wicd contrifugal backvard curve o il 0 APkl
] . 240 -(L32% AP=l16k"
Axial vane and axial tube L] i [ AF=1kla
o [ 0.0328 1=AP<{kla
Furmnaces Reformier furmace i il i r=21n
o405 i 5 [ ) =<
Pyrobysis bz n i [ P10
mimz 0, 1957 0,040 1220
Popmrvacthve fired beafier ] 0 [} =10
01347 112368 il 1H<F

Ueat exchangers  Scrapest wall ] il (1} =40

Tofkan fubs 0 il il =15




Equipment Type Equipment Description £ [ [ Fresdure Range {barg)
Bavonet, fived hibe sheet, Boating head, ket ] i 1] Pas
rebother, wned U-tube (ioth s Dis]  =0.31272 CLOHIRT FP=140
Bravonet, fooed tube sheet, fhoating head, kettle o [ @ P
rubotler, and U-tube {tube inly} 00016 000627 0123 S<P<T0
Db pripe and enultiple pipe [} [ 1] 40
LA0FE 09120 (kg =P 100
13,1467 —12.6574 30705 =P o 300
Flat plabe andd spiral plate ] a [ P19
Adr oomsler L) u i i)
.1250 045361 (02561 HW=P=<11X
Spiral tube (ot shell amd tube] o i L} PS5}
=4M5 [INE o ISEP 300
Sparal rube (tube only) 1] 1] [ 150
s 0Eme 0 150 P 400
Fialers Ehpheny| heater, mallen salt heater, and hid a il (1} r<2
warer heater Q01633 008875 - 0U0ETe 2fradi
Shem Tl ler 1] il 0 r=20
LEUITY -4IUTA 1.722404 HPedi
Packing Rimmsae [ e forveiire ) ] il 1]
Prosuoss vesapels Hasrbaomial and vertical f
Pumips Riciprocating a ] ] r=1n
QM52 0259016 =0.01367 10100
Posative displacement i il [} F=ln
—45582  (0I8Wi6 -0.01363 W=rP<100
Contrifugal (] (1] (1] =10
=3935 0357 -2 1d=1"<10
frottipisd
Equipment Type Equipment Diescription [ Cy [ Pressore Range (barg)
Towers Tray s packed
Tanks AP —fined nood it} i 0 Py
AlM—fmaring roof i i 4] P07
Trays S a 1] 4]
Value n ] (]
Demishers n i 0
Turbines Axial gas lirbings ] il (1}
Ko id expanders o 0 [
Vaporkoors Internal ooils / jackels and jacket vessels ] Q [ =5
=016742 (M 05058 F<T=120
foor farys mee w it i baerares. o e prasssere i pcross. due far, A1, whre 38 s seasured in kI

See Equation (A2

A.3 Material Factors and Bare Module Factors

As was pointed out in Chapter 7, the costs of equipment change with changes in the material of
construction. In this section, the method of accounting for different materials of construction is covered.

A.3.1 Bare Module and Material Factors for Heat Exchangers, Process Vessels, and Pumps

The material factors, F);, for heat exchangers, process vessels, and pumps are given in Figure A.18, with

the appropriate identification number listed in Table A.3. The bare module factors for this equipment are
given by the following equation:

(A.4)

Com = CoFpy = CJ(B, + ByFyFp)



Figure A.18 Material Factors for Equipment in
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Table A.3 Identification Numbers for Material Factors for Heat Exchangers, Process Vessels, and
Pumps to Be Used with Figure A.18

Identification Number Equipment Type Equipment Description Materdal of Construction
i Heat exchanger Thosble pipe, multiphe pipe; CS-shell A0S bube
2 fooed tubwe sheet, floating head, Chshell /Cu-tube
¥ L-tubw, bayonet, ketthe reboller, soraped Cue-ghllCusubae
4 wall, and spiead tulw CS-shell /55 tulwe
5 Seahell /55-tube
" 5-ahelll ) N alle " b
7 T allowy, shiz 1N k-t
] CS-shell /Ti-tube
L] Tishell/ Ti-tube
1t Adr cooler OS5 ke
1 Alr cooler Al tube
12 Alr coaler S5 lube
1 Flax plate and sparal plate 5 i contact with flwid)
I Flar plate anid spiral plate Cur (b contnet with Musd)
] Flar plare and spiral plate S5 (im comitace with fluid]
i Flat plave andk spiral plan N iy (b comtat with Muid)
I7 Flan plat= anid sparal plate i fam comtact with Nasict)
5] Prisss yessels Huorizuatal, vertical [naluding owers) (4.1
14 Huorievedal, vertical [Insclwiding towers) S5 clasd
a Horizoaal, vertical (including owers) S5
i Hoerizomal, vertical (inchuding lowers) M alloy clad
22 Lorizoenal, vertical [Inchiding towers) M alloy
2 Horizontal, vertieal (including towers) Tichd
H Horveomtal, viertical (imseluding towirs) Ti




Tdentification Number Equipment Type Equipment Description Material of Construction
15 Fumps. Beciprocaling a:
- -4
L] =]
n N alloy
30 Ti
1 Cast lron
a2 Carbo stivel
B Cralbivy
£ 5
™ all
£l Pesitive l||~:.'||'-\'||-l "l Ti
k) Centrifuga Cast iran
G| Canirineial Carbo sl
w Centrifugal a5
40 Contrifugal N alloy

The values of the constants B; and B, are given in Table A.4. The bare module cost for ambient pressure
and carbon steel construction, Csu, and the bare module factor for the equipment at these conditions, F BM,
are found by setting F; and Fp equal to unity. The data given in Tables A.3 and A.4 and Figure A.18 are

average values from the following references: Guthrie [1, 2], Ulrich [3], Navarrete [6], Perry et al. [7],
and Peters and Timmerhaus [8].

Table A.4 Constants for Bare Module Factor to Be Used in Equation A.4 (Correlated from Data in
Guthrie [1, 2] and Ulrich [3])

Equipment Type Equipment Description B, 8,

Heat exchangers Double pipe, multiple pipe, scraped wall, and spiral tube 1.74 1.55
Fixed tube sheet, floating head, U-tube, bayonet, kettle 1.63 1.66
reboiler, and Teflon tube
Air cooler, spiral plate, and tlat plate 0.96 1.21

Process vessels Horizontal 149 1.52
Vertical {including towers) 2.25 1.82

Pumps Recipracating 1.89 1.35
Positive displacement 1.89 1.35
Centrifugal 1.89 1.35

A.3.2 Bare Module and Material Factors for the Remaining Process Equipment

For the remaining equipment, the bare module costs are related to the material and pressure factors by
equations different from Equation (A.4). The form of these equations is given in Table A.5. The bare
module factors that correspond to the equations inTable A.5 are given inFigure A.19 using the
identification numbers listed in Table A.6. Again, the data used to construct Figure A.19 are compiled
from average values taken from Guthrie [1, 2], Ulrich [3], Navarrete [6], Perry et al. [7], and Peters and
Timmerhaus [8]. In addition, bare module factors for the equipment added to the third edition of the book
(conveyors, crystallizers, dryers, dust collectors, filters, mixers, reactors, and screens) are given
separately in Table A.7.

Table A.5 Equations for Bare Module Cost for Equipment Not Covered by Tables A.3 and A.4




Equipment Type Equation for Bare Module Cost

Compressors and blowers without drives Com = CoFay
Drrives for compressors and blowers Can = CoFpn
Evaporators and vaporizers Con = ClF gt
Fans with electric drives Cant = CoFands
Fired heaters and furnaces Cayg = C',',FwapFr

F; is the superheat correction factor for steam
boilers (F; = 1 for other heaters and furnaces)
and s given by

F; =1+ 00018447 — 0.00000335(AT)
where AT is the amount of superheat in °C,

Power recovery equipment Cant = CoFamt
Sieve trays, valve trays, and Cay = CNFuF,
demister pads Where N is the number of trays and £ is a

quantity factor for trays only given by

Iﬂﬂm F.r = (14771 + D.MS]ﬁlngm N=
0.3473 {log,, N for N<20

F, = 1for N=20
Tower packing Crpr = CoF gy

Figure A.19 Bare Module Factors for Equipment in Table A.6 (Average Data from References [1, 2, 3, 6,
7, and 8])
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Table A.6 Identification of Material Factors for Equipment Listed in Table A.5 to Be Used with
Figure A.19




Identification Number ‘Equipment Type Equipsmsent Deseription Material of Construction
1 Compressosfblowers Centrifugal comprossor or blower L&)
2 Centrifugal compressor or blower 55
3 Centrifugal compressor or blower Ni alloy
1 Asxial compressor or blowes cs
5 Axial compresor or blowes B
i Axtal cotmpresor or blover Ni alloy
7 Rutary compressor or bower [
8 Butary compressar o biawer a5
] Hotary comtpocssor of bloter Miallay
n Reciprocating annpressor or blower & ]
n Reciprocating compressos or Blower S5
B Reciprocatng compreasor or blower Mialloy
13 Dhvives for compressors and blowers  Electric—e xplostonproof -_
£} Flectrie—otally enclosed _
15 IE].-m—!o—upm .fdrippmaF —_
1n o turrtvirie —
7 Sheitn turkrine —
(1] Intermal combustion ergine —
0} Evapssraters and vaporizes Evaparatin—forced cine, short ar long s
tube
n Erapurﬁki‘-—ftrttnl ri!r_nhhﬂﬂrlmghﬂk' Cit allow
21 Evaparatir—firced cine, short or long fubse 85
» Evaporatr—forced G short or loog tube N allay
3 Evapurator—(otced cire, short or long tulse Ti
e | Evaparate— falling flm, seraped-wall s
Identification Number Equipment Type Equipment Description Material of Construction
Fi Evaporator=falling film. scraped=wall Cualloy
» Evapordor=falling film, scraped-wall 85
& Evaparator—talling film, scraped-wall Ni ally
el Evaporier—falling Hlm,; scraped-wall T
bl Vaporier—jacketed vessel s
w Vaporizor—jacketod vessel Cu
A Vaporizer—pckoted vessel Glass lined /55 coils
2 Vaporizer—jacketed vessel Class limed /NI coils
33 Vaporizer—pckoted vessel 55
) Vaporizm—iackited vessel $5.ad
&3 Vaporizr—iackohed vesal Ni alloy
36 Vaperizer—jnckoted vessd i ally clad
b Vaporizer—jickoted vessel Ti
k| Vaporizor—jacketed vessel Ticlad
» Vaporizer—jackited vessel + internal coil (e
40 Vaporizer—jacketed vessel = internal coll Cu
41 Vaporizer—jackobed vessed « internal coli Class lined /55 coils
12 Vaporizer—jacketed vessel » iniermal ool Class lined /04 coils
1 Vaporizer—iackoted vessel » intormal cofl 5
M Vaporizer—jackehed vessel = intermal coil S5clad
45 Vaparizer—jackebed vessel + internal coil i Ty
A6 WVaporiar—facketed vessed & internal coil i iy clisd
47 Vaporizer—jackited vessel + intermal ooil Ti
E] Vaperizer—jackebed vessel + intemal coll Tichad
] Fans Fan with clestric drive =3




Tdentification Number Equipment Type Equipment Description Material of Construction

i) Famy with electric drive Fibwrgslass
51 Ean with electric drive 55
52 Foa with eloctric drive ity
3 Fired heaters and furmaces Tubsee for fumaoes and nonmeactive proocss [}
heater
54 Tube fior furmaces and monmeactive progess Alboy stee]
heater
55 Tube fior lemaces and ponmeactive process 55
heater
56 Thermal fluid heater—hot water, malien -
walt, o dipheny b ofl
57 Purwar recowany eopuipment Turkrim= (o]
= Turbines L
o Turbines Ni alloy
[y Trays and demisder pads Higwe and valve trays (%
i Sieve and valve tays 5
62 Sheve and valve trays Mi il
43 Diermister pad 55
) Dheriisler pad Flusracarbon
5 Dusnister pad Ni alloy
AR Tower packing Packinj Mistal {30455)
67 Packingg Palyethylene
=] Packing Ceramic

Figure A.7 Bare Module Factors for Conveyors, Crystallizers, Dryers, Dust Collectors, Filters, Mixers,
Reactors, and Screens



Equipment Type Equipment Description Bare Module Factor, FBM
Blenders Kneader [ i
Ribbon 1.12*
Rotary 112
Centrifuges Auto batch separator 157"
Centrifugal separator 1.57
Oscillating screen 1.57*
Solid bowl w/o motor 1.27
Conveyors Apron 1.20
Belt 1.25
Prneumatic 1.25*
Screw 1.10
Crystallizers Batch 1.60
Dryers DPrum 1.60
Rotary, gas fired 1.25
Tray 1.25
Dust Collectors Hng.huu-u 286
Cyclone scrubbers 2.86°
Electrostatic precipitator ~ 2.56%
Venturi scrubber 2.86°
Filters Bent 1.65*
Cartridge 1.65*
Disc and drum 165
Gravity 1.65*
Leaf 1.65
Pan 1.65*
Plate and frame L8O
Table 1.65"
Tube 1.65*
Mixers Impeller 1.3H*
Propeller 1.38
Turbine 1.38
Reactors Autoclave 4.0¢
Fermenter 40°
Inceulum tank 4.0
Jacketed agitated 4.0¢
Jacketed nonagitated 4.0¢
Mixer /settler 4.0¢
Screens DSM 1.34"
Rotary 1.34*
Stationary 1.34*
Vibrating 1.34
When passible, bare module factors are taken to be equal to the Field Installation Factors from Guthrie [2]
Items marked * are estimates
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