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INTRODUCTION

The understanding of the design and construction of chemical plant is frequently regarded
as the essence of chemical engineering and it is this area which is covered in Volume 6
of this series. Starting from the original conception of the pracess by the chemist, it is
necessary to appreciate the chemical, physical and many of the engineering features in
order to develop the laboratory process to an industrial scale. This volume is concerned
mainly with the physical nature of the processes that take place in industrial units, and,
in particular, with determining the factors that influence the rate of transfer of material.
The basic principles underlying these operations, namely fluid dynamics, and heat and
mass transfer, are discussed in Volume 1, and it is the application of these principles that
forms the main part of Volume 2.

Throughout what are conveniently regarded as the process industries, there are many
physical operations that are common to a number of the individual industries, and may
be regarded as unit operations. Some of these operations involve particulate solids and
many of them are aimed at achieving a separation of the components of a mixture.
Thus, the separation of solids from a suspension by filtration, the separation of liquids
by distillation, and the removal of water by evaporation and drying are typical of such
operations. The problem of designing a distillation unit for the fermentation industry, the
petroleum industry or the organic chemical industry is, in principle, the same, and it is
mainly in the details of construction that the differences will occur. The concentration
of solutions by evaporation is again a typical operation that is basically similar in the
handling of sugar, or salt, or fruit juices, though there will be differences in the most
suitable arrangement. This form of classification has been used here, but the operations
involved have been grouped according to the mechanism of the transfer operation, so that
the operations involving solids in fluids are considered together and then the diffusion
processes of distillation, absorption and liquid-liquid extraction are taken in successive
chapters. In examining many of these unit operations, it is found that the rate of heat
transfer or the nature of the fiuid flow is the governing feature. The transportation of a
solid or a fluid stream between processing units is another instance of the importance of
understanding fluid dynamics.

One of the difficult problems of design is that of maintaining conditions of similarity
between laboratory units and the larger-scale industrial plants. Thus, if a mixture is to be
maintained at a certain temperature during the course of an exothermic reaction, then on
the laboratory scale there is rarely any real difficulty in maintaining isothermal conditions.
On the other hand, in a large reactor the ratio of the external surface to the volume — which
is inversely proportional to the linear dimension of the unit —is in most cases of a different
order, and the problem of removing the heat of reaction becomes a major item in design.
Some of the general problems associated with scaling-up are considered as they arise in
many of the chapters. Again, the introduction and removal of the reactants may present
difficult problems on the large scale, especially if they contain corrosive liquids or abrasive
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XXXii INTRODUCTION

solids. The general tendency with many industrial units is to provide a continuous process,
frequently involving a series of stages. Thus, exothermic reactions may be carried out in
a series of reactors with interstage cooling.

The planning of a process plant will involve determining the most economic method,
and later the most economic arrangement of the individual operations used in the process.
This amounts to designing a process so as to provide the best combination of capital
and operating costs. In this volume the question of costs has not been considered in
any detail, but the aim has been to indicate the conditions under which various types
of units will operate in the most economical manner. Without a thorough knowledge of
the physical principles involved in the various operations, it is not possible to select the
most suitable one for a given process. This aspect of the design can be considered by
taking one or two simple illustrations of separation processes. The particles in a solid-solid
system may be separated, first according to size, and secondly according to the material.
Generally, sieving is the most satisfactory method of classifying relatively coarse materials
according to size, but the method is impracticable for very fine particles and a form of
settling process is generally used. In the first of these processes, the size of the particle is
used directly as the basis for the separation, and the second depends on the variation with
size of the behaviour of particles in a fluid. A mixed material can also be separated into
its components by means of settling methods, because the shape and density of particles
also affect their behaviour in a fluid. Other methods of separation depend on differences
in surface properties (froth flotation), magnetic properties (magnetic separation), and on
differences in solubility in a solvent (leaching). For the separation of miscible liquids,
three commonly used methods are:

1. Distillation — depending on difference in volatility.
2. Liquid-liquid extraction — depending on difference in solubility in a liquid solvent.
3. Freezing — depending on difference in melting point.

The problem of selecting the most appropriate operation will be further complicated
by such factors as the concentration of liquid solution at which crystals start to form.
Thus, in the separation of a mixture of ortho-, meta-, and para-mononitrotoluenes, the
decision must be made as to whether it is better to carry out the separation by distillation
followed by crystallisation, or in the reverse order. The same kind of consideration will
arise when concentrating a solution of a solid; then it must be decided whether to stop
the evaporation process when a certain concentration of solid has been reached and then
to proceed with filtration followed by drying, or whether to continue to concentration by
evaporation to such an extent that the filtration stage can be omitted before moving on to
drying.

In many operations, for instance in a distillation column, it is necessary to understand
the fluid dynamics of the unit, as well as the heat and mass transfer relationships. These
factors are frequently interdependent in a complex manner, and it is essential to consider
the individual contributions of each of the mechanisms. Again, in a chemical reaction
the final rate of the process may be governed either by a heat transfer process or by the
chemical kinetics, and it is essential to decide which is the controlling factor; this problem
is discussed in Volume 3, which deals with both chemical and biochemical reactions and
their control.
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Two factors of overriding importance have not so far been mentioned. Firstly, the
plant must be operated in such a way that it does not present an unacceptable hazard
to the workforce or to the surrounding population. Safety considerations must be in the
forefront in the selection of the most appropriate process route and design, and must also
be reflected in all the aspects of plant operation and maintenance. An inherently safe plant
is to be preferred to one with inherent hazards, but designed to minimise the risk of the
hazard being released. Safety considerations must be taken into account at an early stage
of design; they are not an add-on at the end. Similarly control systems, the integrity of
which play a major part in safe operation of plant, must be designed into the plant, not
built on after the design is complete.

The second consideration relates to the environment. The engineer has the responsi-
bility for conserving natural resources, including raw materials and energy sources, and
at the same time ensuring that effluents (solids, liquids and gases) do not give rise to
unacceptable environmental effects. As with safety, effluent control must feature as a
major factor in the design of every plant.

The topics discussed in this volume form an important part of any chemical engineering
project. They must not, however, be considered in isolation because, for example, a
difficult separation problem may often be better solved by adjustment of conditions in the
preceding reactor, rather than by the use of highly sophisticated separation technigues.
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Preface to the Fifth Edition

It is now 47 years since Volume 2 was first published in 1955, and during the inter-
vening time the profession of chemical engineering has grown to maturity in the UK, and
worldwide; the Institution of Chemical Engineers, for instance, has moved on from its 33rd
to its 80th year of existence. No longer are the heavy chemical and petroleum-based indus-
tries the main fields of industrial applications of the discipline, but chemical engineering
has now penetrated into areas, such as pharmaceuticals, health care, foodstuffs, and
biotechnology, where the general level of sophistication of the products is much greater,
and the scale of production often much smaller, though the unit value of the products is
generally much higher. This change has led to a move away from large-scale continuous
plants to smaller-scale batch processing, often in multipurpose plants. Furthermore, there
is an increased emphasis on product purity, and the need for more refined separation
technology, especially in the pharmaceutical industry where it is often necessary to carry
out the difficult separation of stereo-isomers, one of which may have the desired thera-
peutic properties while the other is extremely malignant. Many of these large molecules
are fragile and are liable to be broken down by the harsh solvents commonly used in
the manufacture of bulk chemicals. The general principles involved in processing these
more specialised materials are essentially the same as in bulk chemical manufacture, but
special care must often be taken to ensure that processing conditions are mild.

One big change over the years in the chemical and processing industries is the emphasis
on designing products with properties that are specified, often in precise detail, by the
customer. Chemical composition is often of relatively little importance provided that the
product has the desired attributes. Hence product design, a multidisciplinary activity, has
become a necessary precursor to process design.

Although undergraduate courses now generally take into account these new require-
ments, the basic principles of chemical engineering remain largely unchanged and this
is particularly the case with the two main topics of Volume 2, Particle Mechanics and
Separation Processes. In preparing this new edition, the authors have faced a typical
engineering situation where a compromise has to be reached on size. The knowledge-
base has increased to such an extent that many of the individual chapters appear to merit
expansion into separate books. At the same time, as far as students and those from other
disciplines are concerned, there is still a need for a an integrated concise treatment in
which there is a consistency of approach across the board and, most importantly, a degree
of uniformity in the use of symbols. It has to be remembered that the learning capacity
of students is certainly no greater than it was in the past, and a book of manageable
proportions is still needed.

The advice that academic staffs worldwide have given in relation to revising the book
has been that the layout should be retained substantially unchanged — better the devil
we know, with all his faults! With this in mind the basic structure has been maintained.
However, the old Chapter 8 on Gas Cleaning, which probably did not merit a chapter

XVii
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on its own, has been incorporated into Chapter 1, where it sits comfortably beside other
topics involving the separation of solid particles from fluids. This has left Chapter 8 free
to accommodate Membrane Separations (formerly Chapter 20) which then follows on
logically from Filtration in Chapter 7. The new Chapter 20 then provides an opportunity
to look to the future, and to introduce the topics of Product Design and the Use of
Intensified Fields (particularly centrifugal in place of gravitational) and miniaturisation,
with all the advantages of reduced hold-up, leading to a reduction in the amount of
out-of-specification material produced during the changeover between products in the
case multipurpose plants, and in improved safety where the materials have potentially
hazardous properties.

Other significant changes are the replacement of the existing chapter on Crystallisation
by an entirely new chapter written with expert guidance from Professor J. W. Mullin, the
author of the standard textbook on that topic. The other chapters have all been updated and
additional Examples and Solutions incorporated in the text. Several additional Problems
have been added at the end, and solutions are available in the Solutions Manual, and now
on the Butterworth-Heinemann website.

We are, as usual, indebted to both reviewers and readers for their suggestions and for
pointing out errors in earlier editions. These have all been taken into account. Please keep
it up in future! We aim to be error-free but are not always as successful as we would like
to be! Unfortunately, the new edition is somewhat longer than the previous one, almost
inevitably so with the great expansion in the amount of information available. Whenever
in the past we have cut out material which we have regarded as being out-of-date, there is
inevitably somebody who writes to say that he now has to keep both the old and the new
editions because he finds that something which he had always found particularly useful
in the past no longer appears in the revised edition. It seems that you cannot win, but we
keep trying!

J. F. RICHARDSON
J. H. HARKER
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CHAPTER 1

Particulate Solids

1.1. INTRODUCTION

In Volume 1, the behaviour of fluids, both liquids and gases is considered, with particular
reference to their flow properties and their heat and mass transfer characteristics. Once
the composition, temperature and pressure of a fluid have been specified, then its relevant
physical properties, such as density, viscosity, thermal conductivity and molecular diffu-
sivity, are defined. In the early chapters of this volume consideration is given to the
properties and behaviour of systems containing solid particles. Such systems are generally
more complicated, not only because of the complex geometrical arrangements which are
possible, but also because of the basic problem of defining completely the physical state
of the material.

The three most important characteristics of an individual particle are its composition, its
size and its shape. Composition determines such properties as density and conductivity,
provided that the particle is completely uniform. In many cases, however, the particle
is porous or it may consist of a continuous matrix in which small particles of a second
material are distributed. Particle size is important in that this affects properties such as
the surface per unit volume and the rate at which a particle will settle in a fluid. A
particle shape may be regular, such as spherical or cubic, or it may be irregular as, for
example, with a piece of broken glass. Regular shapes are capable of precise definition by
mathematical equations. Irregular shapes are not and the properties of irregular particles
are usually expressed in terms of some particular characteristics of a regular shaped
particle.

Large quantities of particles are handled on the industrial scale, and it is frequently
necessary to define the system as a whole. Thus, in place of particle size, it is necessary
to know the distribution of particle sizes in the mixture and to be able to define a mean
size which in some way represents the behaviour of the particulate mass as a whole.
Important operations relating to systems of particles include storage in hoppers, flow
through orifices and pipes, and metering of flows. It is frequently necessary to reduce the
size of particles, or alternatively to form them into aggregates or sinters. Sometimes it
may be necessary to mix two or more solids, and there may be a requirement to separate
a mixture into its components or according to the sizes of the particles.

In some cases the interaction between the particles and the surrounding fluid is of little
significance, although at other times this can have a dominating effect on the behaviour of
the system. Thus, in filtration or the flow of fluids through beds of granular particles, the
characterisation of the porous mass as a whole is the principal feature, and the resistance
to flow is dominated by the size and shape of the free space between the particles. In
such situations, the particles are in physical contact with adjoining particles and there is

1
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little relative movement between the particles. In processes such as the sedimentation of
particles in a liquid, however, each particle is completely surrounded by fluid and is free to
move relative to other particles. Only very simple cases are capable of a precise theoretical
analysis and Stokes’ law, which gives the drag on an isolated spherical particle due to
its motion relative to the surrounding fluid at very low velocities, is the most important
theoretical relation in this area of study. Indeed very many empirical laws are based on
the concept of defining correction factors to be applied to Stokes’ law.

1.2. PARTICLE CHARACTERISATION

1.2.1. Single particles

The simplest shape of a particle is the sphere in that, because of its symmetry, any
question of orientation does not have to be considered, since the particle looks exactly
the same from whatever direction it is viewed and behaves in the same manner in a fluid,
irrespective of its orientation. No other particle has this characteristic. Frequently, the
size of a particle of irregular shape is defined in terms of the size of an equivalent sphere
although the particle is represented by a sphere of different size according to the property
selected. Some of the important sizes of equivalent spheres are:

(a) The sphere of the same volume as the particle.

(b) The sphere of the same surface area as the particle.

(c) The sphere of the same surface area per unit volume as the particle.

(d) The sphere of the same area as the particle when projected on to a plane perpen-
dicular to its direction of motion.

(e) The sphere of the same projected area as the particle, as viewed from above, when
lying in its position of maximum stability such as on a microscope slide for example.

(f) The sphere which will just pass through the same size of square aperture as the
particle, such as on a screen for example.

(g) The sphere with the same settling velocity as the particle in a specified fluid.

Several definitions depend on the measurement of a particle in a particular orientation.
Thus Feret’s statistical diameter is the mean distance apart of two parallel lines which are
tangential to the particle in an arbitrarily fixed direction, irrespective of the orientation of
each particie coming up for inspection. This is shown in Figure 1.1.

A measure of particle shape which is frequently used is the sphericity, ¥, defined as:

surface area of sphere of same volume as particle
surface area of particle

V= (1.1
Another method of indicating shape is to use the factor by which the cube of the size of
the particle must be multiplied to give the volume. In this case the particle size is usually
defined by method (e).

Other properties of the particle which may be of importance are whether it is crystalline
or amorphous, whether it is porous, and the properties of its surface, including roughness
and presence of adsorbed films.



PARTICULATE SOLIDS 3

Feret's diameter ———

Figure 1.1. Feret’s diameter

Hardness may also be important if the particle is subjected to heavy loading.

1.2.2. Measurement of particle size

Measurement of particle size and of particle size distribution is a highly specialised topic,
and considerable skill is needed in the making of accurate measurements and in their
interpretation. For details of the experimental techniques, reference should be made to a
specialised text, and that of ALLEN(" is highly recommended.

No attempt is made to give a detailed account or critical assessment of the various
methods of measuring particle size, which may be seen from Figure 1.2 to cover a range
of 107 in linear dimension, or 10! in volume! Only a brief account is given of some
of the principal methods of measurement and, for further details, it is necessary to refer
to one of the specialist texts on particle size measurement, the outstanding example of
which is the two-volume monograph by ALLEN'”, with Herpan® providing additional
information. It may be noted that both the size range in the sample and the particle shape
may be as important, or even more so, than a single characteristic linear dimension which
at best can represent only one single property of an individual particle or of an assembly
of particles. The ability to make accurate and reliable measurements of particle size is
acquired only after many years of practical experimental experience. For a comprehensive
review of methods and experimental details it is recommended that the work of Allen be
consulted and also Wardle’s work on Instrumentation and Control discussed in Volume 3.

Before a size analysis can be carried out, it is necessary to collect a representative
sample of the solids, and then to reduce this to the quantity which is required for the
chosen method of analysis. Again, the work of Allen gives information on how this is
best carried out. Samples will generally need to be taken from the bulk of the powder,
whether this is in a static heap, in the form of an airborne dust, in a flowing or falling
stream, or on a conveyor belt, and in each case the precautions which need to be taken
to obtain a representative sample are different.

A wide range of measuring techniques is available both for single particles and for
systems of particles. In practice, each method is applicable to a finite range of sizes and
gives a particular equivalent size, dependent on the nature of the method. The principles
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105 7 Pelleted products

Particle size Crystalline industrial chemicals
{(um)
10% [— Granular fertilisers, herbicides,
fungicides
Detergents
10 —

Granulated sugars
Spray dried products
102 — Powdered chemicals
Powdered sugar
Flour

10" — Toners
Powder metals
Ceramics

10° |— Electronic materials
Photographic emulsions
Magnetic and other pigments

10-1 |— Organic pigments
Fumed silica

Metal catalysts
102 — Carbon blacks

Figure 1.2. Sizes of typical powder products'l

of some of the chief methods are now considered together with an indication of the size
range to which they are applicable.

Sieving (>50 .um)

Sieve analysis may be carried out using a nest of sieves, each lower sieve being of
smaller aperture size. Generally, sieve series are arranged so that the ratio of aperture
sizes on consecutive sieves is 2, 2!/2 or 21/4 according to the closeness of sizing that
is required. The sieves may either be mounted on a vibrator, which should be designed
to give a degree of vertical movement in addition to the horizontal vibration, or may be
hand shaken. Whether or not a particle passes through an aperture depends not only upon
its size, but also on the probability that it will be presented at the required orientation
at the surface of the screen. The sizing is based purely on the linear dimensions of the
particle and the lower limit of size which can be used is determined by two principal
factors. The first is that the proportion of free space on the screen surface becomes very
small as the size of the aperture is reduced. The second is that attractive forces between
particles become larger at small particle sizes, and consequently particles tend to stick
together and block the screen. Sieves are available in a number of standard series. There
are several standard series of screen and the sizes of the openings are determined by the
thickness of wire used. In the U.K., British Standard (B.S.)® screens are made in sizes
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from 300-mesh upwards, although these are too fragile for some work. The Institute of
Mining and Metallurgy (LM.M.)® screens are more robust, with the thickness of the
wire approximately equal to the size of the apertures. The Tyler series, which is standard
in the United States, is intermediate between the two British series. Details of the three
series of screens® are given in Table 1.1, together with the American Society for Testing
Materials (ASTM) series®.

Table 1.1. Standard sieve sizes

British fine mesh

(B.S.S. 410)® IMM.® U.S. Tyler™ US. ASTM®
Nominal Nominal Nominal Nominat
Sieve aperture Sieve aperture Sieve aperture Sieve aperture
no. - no. - no. - no. -
in. um in. pm in. pm in. pwm

325 0.0017 43 325 0.0017 44
270 0.0021 53 270 0.0021 53

300  0.0021 53 250 0.0024 61 230 0,0024 61
240 0.0026 66 200  0.0025 63 200  0.0029 74 200  0.0029 74
200  0.0030 76 170 0.0034 88
170 0.0035 89 150  0.0033 84 170 0.0035 89

150  0.0041 104 150  0.0041 104 140 0.0041 104

120 0.0049 124 120 0.0042 107 115 0.0049 125 120 0.0049 125
100 0.0060 152 100 0.0050 127 100 0.0058 147 100  0.0059 150

90  0.0055 139 80  0.0069 175 80  0.0070 177
85 0.0070 178 80  0.0062 157 65 0.0082 208 70  0.0083 210

70 0.0071 180 60  0.0098 250
72 0.0083 211 60  0.0083 211 60  0.0097 246 50  0.0117 297
60  0.0099 251 45 0.0138 350

52 0.0116 295 50  0.0100 254 48 0.0116 295 40  0.0165 420
40  0.0125 347 42 0.0133 351 35 0.0197 500

4  0.0139 353 35 00164 417 30 0.0232 590
36 00166 422 30 0.0166 422 32 0.0195 495
30 0.0197 500 28 0.0232 589

25 0.0236 600

22 0.0275 699 20 0.0250 635
18 0.0336 853 16  0.0312 792
16  0.0395 1003 0.0390 991 18 0.0394 1000
14 00474 1204 12 0.0416 1056 0.0460 1168 16  0.0469 1190

24 0.0276 701 25 0.0280 710
20
16
14

12 0.0553 1405 10 0.0500 1270 12 0.0550 1397
10
9
8
7
6
5
4

0.0328 833 20 00331 840

10 0.0660 1676 8 0.0620 1574 0.0650 1651 14 0.0555 1410
8 0.0810 2057 0.0780 1981 12 0.0661 1680
7 0.0949 2411 0.0930 2362 10 0.0787 2000
6 0.1107 2812 5 0.1000 2540 0.1100 2794 8 0.0937 2380
5 0.1320 3353 0.1310 3327
0.1560 3962 7 01110 2839
0.1850 4699
6 01320 3360
5 0.1570 4000
4 01870 4760

The efficiency of screening is defined as the ratio of the mass of material which passes
the screen to that which is capable of passing. This will differ according to the size of the
material. It may be assumed that the rate of passage of particles of a given size through the
screen is proportional to the number or mass of particles of that size on the screen at any



6 CHEMICAL ENGINEERING

instant. Thus, if w is the mass of particles of a particular size on the screen at a time ¢, then:

dw

—=—k 1.2

" w (1.2)
where k is a constant for a given size and shape of particle and for a given screen.

Thus, the mass of particles (w) — w;) passing the screen in time ¢ is given by:

In ot = —kt
wq
or: wy = wye X (1.3)

If the screen contains a large proportion of material just a little larger than the maximum
size of particle which will pass, its capacity is considerably reduced. Screening is generally
continued either for a predetermined time or until the rate of screening falls off to a certain
fixed value.

Screening may be carried out with either wet or dry material. In wet screening, material
is washed evenly over the screen and clogging is prevented. In addition, small particles
are washed off the surface of large ones. This has the obvious disadvantage, however,
that it may be necessary to dry the material afterwards. With dry screening, the material is
sometimes brushed lightly over the screen so as to form a thin even sheet. It is important
that any agitation is not so vigorous that size reduction occurs, because screens are usually
quite fragile and easily damaged by rough treatment. In general, the larger and the more
abrasive the solids the more robust is the screen required.

Microscopic analysis (1-100 pm)

Microscopic examination permits measurement of the projected area of the particle and
also enables an assessment to be made of its two-dimensional shape. In general, the
third dimension cannot be determined except when using special stereomicroscopes. The
apparent size of particle is compared with that of circles engraved on a graticule in the
eyepiece as shown in Figure 1.3. Automatic methods of scanning have been developed.
By using the electron microscope!”, the lower limit of size can be reduced to about
0.001 pm.

Figure 1.3. Particle profiles and comparison circles
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Sedimentation and elutriation methods (>1 p.m)

These methods depend on the fact that the terminal falling velocity of a particle in a fluid
increases with size. Sedimentation methods are of two main types. In the first, the pipette
method, samples are abstracted from the settling suspension at a fixed horizontal level at
intervals of time. Each sample contains a representative sample of the suspension, with
the exception of particles larger than a critical size, all of which will have settled below
the level of the sampling point. The most commonly used equipment, the Andreason
pipette, is described by ALLEN(). In the second method, which involves the use of the
sedimentation balance, particles settle on an immersed balance pan which is continuously
weighed. The largest particles are deposited preferentially and consequently the rate of
increase of weight falls off progressively as particles settle out.

Sedimentation analyses must be carried out at concentrations which are sufficiently
low for interactive effects between particles to be negligible so that their terminal falling
velocities can be taken as equal to those of isolated particles. Careful temperature control
(preferably to 0.1 deg K) is necessary to suppress convection currents. The lower limit
of particle size is set by the increasing importance of Brownian motion for progressively
smaller particles. It is possible however, to replace gravitational forces by centrifugal
forces and this reduces the lower size limit to about 0.05 pm.

The elutriation method is really a reverse sedimentation process in which the particles
are dispersed in an upward flowing stream of fluid. All particles with terminal falling
velocities less than the upward velocity of the fluid will be carried away. A complete
size analysis can be obtained by using successively higher fluid velocities. Figure 1.4
shows the standard elutriator (BS 893)® for particles with settling velocities between 7
and 70 mm/s.

Permeability methods (>1 um)

These methods depend on the fact that at low flowrates the flow through a packed bed is
directly proportional to the pressure difference, the proportionality constant being propor-
tional to the square of the specific surface (surface: volume ratio) of the powder. From
this method it is possible to obtain the diameter of the sphere with the same specific
surface as the powder. The reliability of the method is dependent upon the care with
which the sample of powder is packed. Further details are given in Chapter 4.

Electronic particle counters

A suspension of particles in an electrolyte is drawn through a small orifice on either side
of which is positioned an electrode. A constant electrical current supply is connected
to the electrodes and the electrolyte within the orifice constitutes the main resistive
component of the circuit. As particles enter the orifice they displace an equivalent volume
of electrolyte, thereby producing a change in the electrical resistance of the circuit, the
magnitude of which is related to the displaced volume. The consequent voltage pulse
across the electrodes is fed to a multi-channel analyser. The distribution of pulses arising
from the passage of many thousands of particles is then processed to provide a particle
(volume) size distribution.

The main disadvantage of the method is that the suspension medium must be so
highly conducting that its ionic strength may be such that surface active additives may be
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Figure 1.4. Standard elutriator with 70-mm tube (all dimensions in mm)®

required in order to maintain colloidal stability of fine particle suspensions as discussed

in Section 5.2.2.

The technique is suitable for the analysis of non-conducting particles and for conducting
particles when electrical double layers confer a suitable degree of electrical insulation.

This is also discussed in Section 5.2.2.

By using orifices of various diameters, different particle size ranges may be examined
and the resulting data may then be combined to provide size distributions extending over
a large proportion of the sub-millimetre size range. The prior removal from the suspension
of particles of sizes upwards of about 60 per cent of the orifice diameter helps to prevent
problems associated with blocking of the orifice. The Coulter Counter and the Elzone

Analyser work on this principle.
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Laser diffraction analysers

These instruments® exploit the radial light scattering distribution functions of particles.
A suspension of particles is held in, or more usually passed across, the path of a colli-
mated beam of laser light, and the radially scattered light is collected by an array of
photodetectors positioned perpendicular to the optical axis. The scattered light distri-
bution is sampled and processed using appropriate scattering modeis to provide a particle
size distribution. The method is applicable to the analysis of a range of different particles
in a variety of media. Consequently, it is possible to examine aggregation phenomena
as discussed in Section 5.4, and to monitor particle size for on-line control of process
streams. Instruments are available which provide particle size information over the range
0.1-600 um. Light scattered from particles smaller than 1 wm is strongly influenced by
their optical properties and care is required in data processing and interpretation.

The scattering models employed in data processing invariably involve the assumption
of particle sphericity. Size data obtained from the analysis of suspensions of asymmetrical
particles using laser diffraction tend to be somewhat more ambiguous than those obtained
by electronic particle counting, where the solid volumes of the particles are detected.

X-ray or photo-sedimentometers

Information on particle size may be obtained from the sedimentation of particles in dilute
suspensions. The use of pipette techniques can be rather tedious and care is required to
ensure that measurements are sufficiently precise. Instruments such as X-ray or photo-
sedimentometers serve to automate this method in a non-intrusive manner. The attenuation
of a narrow collimated beam of radiation passing horizontally through a sample of
suspension is related to the mass of solid material in the path of the beam. This attenuation
can be monitored at a fixed height in the suspension, or can be monitored as the beam is
raised at a known rate. This latter procedure serves to reduce the time required to obtain
sufficient data from which the particle size distribution may be calculated. This technique
is limited to the analysis of particles whose settling behaviour follows Stokes’ law, as
discussed in Section 3.3.4, and to conditions where any diffusive motion of particles is
negligible.

Sub-micron particle sizing

Particles of a size of less than 2 um are of particular interest in Process Engineering
because of their large specific surface and colloidal properties, as discussed in Section 5.2.
The diffusive velocities of such particles are significant in comparison with their settling
velocities. Provided that the particles scatter light, dynamic light scattering techniques,
such as photon correlation spectroscopy (PCS), may be used to provide information about
particle diffusion.

In the PCS technique, a quiescent particle suspension behaves as an array of mobile
scattering centres over which the coherence of an incident laser light beam is preserved.
The frequency of the light intensity fluctuations at a point outside the incident light
path is related to the time taken for a particle to diffuse a distance equivalent to the
wavelength of the incident light. The dynamic light signal at such a point is sampled and
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correlated with itself at different time intervals using a digital correlator and associated
computer software. The relationship of the (so-called) auto-correlation function to the
time intervals is processed to provide estimates of an average particle size and variance
(polydispersity index). Analysis of the signals at different scattering angles enables more
detailed information to be obtained about the size distribution of this fine, and usually
problematical, end of the size spectrum.

The technique allows fine particles to be examined in a liquid environment so that
estimates can be made of their effective hydrodynamic sizes. This is not possible using
other techniques.

Provided that fluid motion is uniform in the illuminated region of the suspension,
then similar information may also be extracted by analysis of laser light scattering from
particles undergoing electrophoretic motion, that is migratory motion in an electric field,
superimposed on that motion.

Instrumentation and data processing techniques for systems employing dynamic light
scattering for the examination of fine particle motion are currently under development.

1.2.3. Particle size distribution

Most particulate systems of practical interest consist of particles of a wide range of sizes
and it is necessary to be able to give a quantitative indication of the mean size and of the
spread of sizes. The results of a size analysis can most conveniently be represented by
means of a cumulative mass fraction curve, in which the proportion of particles (x) smaller
than a certain size (d) is plotted against that size (d). In most practical determinations of
particle size, the size analysis will be obtained as a series of steps, each step representing
the proportion of particles lying within a certain small range of size. From these results
a cumulative size distribution can be built up and this can then be approximated by a
smooth curve provided that the size intervals are sufficiently small. A typical curve for
size distribution on a cumulative basis is shown in Figure 1.5. This curve rises from zero
to unity over the range from the smallest to the largest particle size present.

The distribution of particle sizes can be seen more readily by plotting a size frequency
curve, such as that shown in Figure 1.6, in which the slope (dx/dd) of the cumulative

dx
t/
X
' dd
—{ f—
0
D‘—b

Figure 1.5. Size distribution curve — cumulative basis



PARTICULATE SOLIDS 11

(f ——

Figure 1.6. Size distribution curve — frequency basis

curve (Figure 1.5) is plotted against particle size (d). The most frequently occurring
size is then shown by the maximum of the curve. For naturally occurring materials the
curve will generally have a single peak. For mixtures of particles, there may be as many
peaks as components in the mixture. Again, if the particles are formed by crushing larger
particles, the curve may have two peaks, one characteristic of the material and the other
characteristic of the equipment.

1.2.4. Mean particle size

The expression of the particle size of a powder in terms of a single linear dimension is
often required. For coarse particles, Bonp®-'? has somewhat arbitrarily chosen the size of
the opening through which 80 per cent of the material will pass. This size dgg is a useful
rough comparative measure for the size of material which has been through a crusher.

A mean size will describe only one particular characteristic of the powder and it is
important to decide what that characteristic is before the mean is calculated. Thus, it may
be desirable to define the size of particle such that its mass or its surface or its length
is the mean value for all the particles in the system. In the following discussion it is
assumed that each of the particles has the same shape.

Considering unit mass of particles consisting of n, particles of characteristic dimension
d), constituting a mass fraction xi, n, particles of size d,, and so on, then:

X1 = n1k1di"ps (1-4)

and: Tx = 1= pski Z(midd) ‘ (1.5)
1 X1

Thus: ny = - (1.6)
: pskl d?

If the size distribution can be represented by a continuous function, then:
dx = pskid® dn

dx
or: — = p;kyd® (L.7)
dn
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1
and: f dx = 1 = psky /d3dn (1.8)
0

where ps is the density of the particles, and
k; is a constant whose value depends on the shape of the particle.
Mean sizes based on volume

The mean abscissa in Figure 1.5 is defined as the volume mean diameter d,, or as the
mass mean diameter, where:

(1.9)
/ dx
Expressing this relation in finite difference form, then:
T
dy = 29 _ 560d)) (1.10)
Exl
which, in terms of particle numbers, rather than mass fractions gives:
ki Z(nid})  E(nid}
= pskiZ(mdy) _ E(nd)) (1.11)

pskiZ(md})  ET(md})

Another mean size based on volume is the mean volume diameter d',. If all the particles
are of diameter d’,, then the total volume of particles is the same as in the mixture.

Thus: kd>En; = Skinid;)

3
or: d,= ;[(M) (1.12)
an

Substituting from equation 1.6 gives:

3 Exl 3 1
d,= — | = - 1.13
\/V(E(XL/df)) J(E(xl/df)) (113

Mean sizes based on surface

In Figure 1.5, if, instead of fraction of total mass, the surface in each fraction is plotted
against size, then a similar curve is obtained although the mean abscissa d; is then the
surface mean diameter.

Zl(mid)Si] _ T (n1kod}) _ T (nd})
X(n181) T(nikd})  E(mid})

Thus: dy = (1.14)
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where S; = kzdlz, and k; is a constant whose value depends on particle shape. d; is also
known as the Sauter mean diameter and is the diameter of the particle with the same
specific surface as the powder.

Substituting for n; from equation 1.6 gives:

Tx i _ 1
X1 - X1
T T\
<d1> (dl)
The mean surface diameter is defined as the size of particle d’s which is such that if all
the particles are of this size, the total surface will be the same as in the mixture.

ds =

(1.15)

Thus: kod*En1 = X (kon1d?)

2
or: d, =\[<M> (1.16)
Xn

Substituting for n; gives:
Z(x,/d
ds =\[ Z/dy) (1.17)
X(x1/d7)

Mean dimensions based on length

A length mean diameter may be defined as:

X1
 Slmddd] _ Soudd) T (d_l)

= = = 1.18
: X(ndy) Z(nydy) 5 (x;) (118
72
dj
A mean length diameter or arithmetic mean diameter may also be defined by:
dllznl = 2(711(11)
Xy
=(3)
Y(nid d?
g, = Zd) N (1.19)

En] X
1

Example 1.1

The size analysis of a powdered material on a mass basis is represented by a straight line from
0 per cent mass at 1 pm particle size to 100 per cent mass at 101 pm particle size as shown in
Figure 1.7. Calculate the surface mean diameter of the particles constituting the system.
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Mass fraction (x)

1 101
Size, d (um)

Figure 1.7. Size analysis of powder

Solution

From equation 1.15, the surface mean diameter is given by:
1
dy= ———
Z(x1/dh)
Since the size analysis is represented by the continuous curve:
d=100x + 1
1
T dx
d

then: dg =

S~

1
0 100x <+ i
= (100/1n101)
=217 um

Example 1.2

The equations giving the number distribution curve for a powdered material are dn/dd = d for the
size range 0—10 wm and dn/dd = 100,000/d* for the size range 10-100 um where d is in pm.
Sketch the number, surface and mass distribution curves and calculate the surface mean diameter
for the powder. Explain briefly how the data required for the construction of these curves may be
obtained experimentally.

Solution

Note: The equations for the number distributions are valid only for d expressed in pm.
For the range, d =0 — 10 um, dn/dd =d

On integration: n=0.5d>+ ¢ ()
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where c; is the constant of integration.
For the range, d = 10 — 100 um, dn/dd = 10°d*
On integration: n=c, —(0.33 x 10°d~%) (ii)
where ¢, is the constant of integration.
When d =0, n = 0, and from (i): =0
When d = 10 wm, in (): # = (0.5 x 10%) =50
In (ii): 50 = ¢; — (0.33 x 10° x 107%), and ¢, = 83.0.

Thus for d = 0 — 10 pm: n = 0.5d>
and for d = 10 — 100 pm: n =83.0—(0.33 x 10°d™%)

Using these equations, the following values of n are obtained:

d(nm) n d(um) n
0 0 10 50.0
2.5 3.1 25 80.9
5.0 12.5 50 82.7
7.5 28.1 75 82.9

10.0 50.0 100 83.0

and these data are plotted in Figure 1.8.

80| X

40

30

o |
10—/
| 1 l 1 | | | | { )

0 10 20 30 40 50 60 70 80 90 100

4| LIVE GRAPH d (pm)
Click here to view

Figure 1.8. Plot of data for Example 1.2
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From this plot, values of d are obtained for various values of n and hence n; and d; are obtained
for each increment of n. Values of n1d? and nd; are calculated and the totals obtained. The surface
area of the particles in the increment is then given by:

S = nldlz/andf

and s is then found as Y s;. Similarly the mass of the particles, x = }_ x; where:

The results are:

X1 = nldf/andf

n d hy d1 nldlz nldf St N X1 X
0 0
20 3.1 192 596 0.014 0.014 0.001 0.001
20 6.2
20 7.6 1155 8780 0.085 0.099 0.021 0.022
40 9.0
10 9.5 903 8573 0.066 0.165 0.020 0.042
50 10.0
10 10.7 1145 12250 0.084 0.249 0.029 0.071
60 11.4
5 11.75 690 8111 0.057 0.300 0.019 0.090
65 12.1
5 12.85 826 10609 0.061 0.0361 0.025 0.115
70 13.6
2 14.15 400 5666 0.029 0.390 0.013 0.128
72 14.7
2 15.35 471 7234 0.035 0.425 0.017 0.145
74 16.0
2 16.75 561 9399 0.041 0.466 0.022 0.167
76 17.5
2 18.6 692 12870 0.057 0.517 0.030 0.197
78 19.7
2 21.2 890 18877 0.065 0.582 0.044 0.241
80 22.7
1 24.1 581 14000 0.043 0.625 0.033 0.274
81 25.5
1 28.5 812 23150 0.060 0.685 0.055 0.329
82 315
1 65.75 4323 284240 0.316 1.000 0.670 1.000
83 100
13641 424355

Values of s and x are plotted as functions of d in Figure 1.9.

The surface mean diameter, d, = Y (n1d})/ Y (mid?) = 1/ Y. (x1/dy)
= [d3dn/ [d* dn

(equations 1.14 and 1.15)
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Figure 1.9. Calculated data for Example 1.2

For 0 <d < 10 um, dn=ddd
For 10 < d < 100 um, dn = 10°d™* dd

10 100 10 100
d, = ( / d*dd + f 105d“dd) /( &dd + / 105d-2dd)
0 10 [} 10

= ([d°/51° + 10°[In d1}3")/ ([d*/413° + 10°[—d~"1}Y)
= (2 x 10* 4+ 2.303 x 10°)/(2.5 x 10° + 9 x 10%) = 21.8 um

The size range of a material is determined by sieving for relatively large particles and by sedimen-
tation methods for particles which are too fine for sieving.

1.2.5. Efficiency of separation and grade efficiency

It is useful to represent the efficiency with which various sizes or grades of particles are
distributed between the outputs of separation devices. Although separation may be effected
by exploiting various particle properties, process efficiency is commonly represented as
a function of particle size, termed grade efficiency. This function is most useful when it
is based on data obtained from representative samples of process feed material, although
it does provide a guide to separation, which is best interpreted in combination with
particle properties. In the following discussion, it is assumed that no particle agglomeration
or comminution occurs. This means that there is no permanent movement of material
through the size spectrum. Aggregation is acceptable because the primary particle size
distribution remains intact, although it introduces further complications which are not
considered here.

A continuous particle separator, operating at steady state, is now considered in which
particles are introduced in suspension at a volumetric feedrate Q+ at a solids concentration
of Cy on a volume basis. Fluid and particles are divided between a coarse product outlet
(underflow) and a fine product outlet (overflow), which have volumetric flowrates of
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Q, and Q, and solids concentrations of C, and C,, respectively. The most desirable
division of solids in a device for solid/liquid separation, such as a thickener (described
in Chapter 5), is where all of the solids report to the underflow so that the overflow is
clarified liquid and consequently C, is zero. If the efficiency of separation (E) is defined
as the mass ratio of solids (of all sizes) in the underflow to that in the feed, then a clarified
overflow corresponds to an efficiency of 100 per cent.

In processes where classification or separation of particles is required, the efficiency of
separation will be a function of one or more distributed properties of the particles. The
function which describes the efficiency with which particles are separated by size (d) is
usually termed the grade efficiency, G(d). For particles in a narrow size interval between
d and d + dd, G(d) is defined as the mass ratio of such particles in the underflow to
that in the feed. The overall separation efficiency E corresponds to the particle size d for
which G(d) equals E.

The grade efficiency reflects the properties of the particles exploited in the separation. It
is influenced by the nature of the fluid/solid system, and by the operating conditions which
determine the magnitude of the separating effect, and the period during which particles
are subjected to it. Such details should, therefore, accompany any experimental data on
G(d). The concept is widely applied to separations using hydrocyclones as discussed in
Section 1.5.4.

In circumstances where the separating effect can be analytically defined, such as for
a steady state, continuous centrifugal separation, the grade efficiency can be adjusted
to compensate for changes in the fluid/particle system and/or in operating conditions.
Providing that any other assumptions, such as that feed passes through the device in plug
flow, are still tenable, adjustments are likely to be sufficiently accurate to be useful.

A typical grade efficiency curve, shown in Figure 1.10, rises from some minimum
value, at small particle size, in a sigmoidal manner to a value of 1, at a size usually
defined as dy,x. For particles above this size (d > diax) and G(d) = 1.

The minimum value of G(d) reflects the extent to which the process directs liquid to
the underflow and overflow. The finest particles, which generally undergo the minimum
separating effect, tend to remain uniformly distributed throughout the whole of the liquid
and are divided between product streams in proportion to their relative magnitudes. The
minimum value of G(d), (usually termed Ry) is given by:

_ Q.(1-C)) ~ Qu
Qr(1-Cr) QO

Particle sizes dsp and d,, corresponding to G{(d) = 0.5 and G(d) = E, serve as useful
parameters of the function. The former indicates the size of particle with an equal proba-
bility of reporting to either outlet. The latter is usually termed the analytical cut size and
corresponds to a cumulative (oversize) frequency of the feed material which divides it
exactly in the proportion of E, as though G(d) were a step function.

The sharpness of separation, or cut, is reflected in a variety of ways, such as by
the gradient of G(d) at G(0.5) and or by the ratio of sizes corresponding to prescribed
percentiles, symmetric about G(0.5) (for example, d7s/das, dsg/d1o).

The sharpness of cut can be expressed in terms of the differences in size distribution
F(d) of the solids in the underflow F, (d), in comparison with that of the overflow F,(d).
These are well resolved when the cut is sharp. The values of dsg and d, converge as the

Ry (if C, and C, are small) (1.20)
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Figure 1.10. Typical grade efficiency curve for a particle separation

cut sharpens, and so may be increasingly used with confidence for the same purpose in
systems giving a sharp cut.

Grade efficiency data are usually derived from experimental trials which provide suffi-
cient information to allow the material balance to be closed for particles of all sizes.
Sufficient information for determination of G(d) is provided by a combination of any
three of the foilowing four system properties: E, Fs(d), F,(d), F,(d), the remaining
property being determined by the material balance. Size distribution data for primary
particles, rather than flocs or aggregates, are required for the inventory.

Most modern instrumental particle size analysers readily present data in a variety of
forms, such as frequency, cumulative undersize or oversize, and interconvert between
number, mass and other distributions. Acquisition of data in a suitable form is therefore
not usually a problem.

The overall mass balance for solids:

My =M, + M, (1.21)

is simply the sum of balances for particles in small sections of the relevant size range.
For particles in an interval of width dd at a size d:

dFs(d) .~ dF.(d) dF,(d)
M; ¥ =M, id +M, i (1.22)
G(d) is defined as:
MdFu(d)
6) = — dd _ _ gdfu@ (1.23)

dFs(d) — " dFs(d)

Mfdd
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As size frequency distributions are usually subject to some scatter of data, construction
of G(d) curves from cumulative distributions leads to a (subjectively) smoothed curve.
The construction is effected with the use of a square diagram representing F,(d) as a
function of (Fy(d) for all sizes (Figure 1.11). G(d) for a size d is the gradient of this
curve [dF, (d)/dF;(d)], scaled by the factor E. Where data points scatter about the best-fit
curve, some uncertainty in d is likely. G(d) tends to asymptotic values at extremes of
the distribution corresponding to d = 0 where G(0) = Ry, and d = oo where G(c0) = 1,
that is at opposite ends of the curve in diagonally opposite corners of the diagram. The
limiting gradients of the curve at these corners are therefore given by tangents Ry/E and
1/E respectively which pass through the points (0, 0 and 1, R¢/E) and (1-E, 0 and 1, 1)
respectively.
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Figure 1.11. Cumulative oversize distribution F,(d) as a function of F(d) for various particle sizes (d)

Grade efficiency in a centrifugal separator

The behaviour of suspended particles in a centrifugal field is considered in detail in
Chapter 3. It is, however, convenient to consider here the extension of the preceding
treatment of grade efficiency to centrifugal separators.

In the case of a tubular centrifuge with a free liquid surface at radius r; operating at
steady state, the grade efficiency is related to the radius 4 which divides the area available
for fluid flow (in the axial direction) such that all particles of minimum size d introduced
at radii » > r; with the feed, reach the centrifuge wall within the residence time (rg) of
the fluid in the equipment. The remainder of the particles (introduced at r < r4) become
distributed with increasing non-uniformity in the axial direction across the entire area for
flow. r; is a function of the separating power, the residence time and the fluid/particle


/knovel2/view_hotlink.jsp?hotlink_id=437326596

PARTICULATE SOLIDS 21

system. The grade efficiency G(d) is then the fraction of the particles in the feed which
reach the walls, where they are captured. Thus, in a centrifuge bowl of radius R and
length L in the axial direction, the grade efficiency is given by:

__ Volume of liquid in the region ry <r < R
" Volume of liquid in the region r, < r < R
7(R2—r)L (R’ —r%)
T(R2—r)L ~ (R*—r})

G()

Thus: G) = (1.24)

From equation 3.98 the time taken for a spherical particle to travel from radius r; to the
wall (radius R) in the Stokes’ law regime is given by:

181 R

=—" In— 1.25
d2w?(ps — p) 14 (125)

IR

For all particles of diameter d located in the region ry < r < R (and no others) to reach
the wall before the overflow is discharged from the basket, the residence time tz of the
slurry is given by:

R? —r?
o, = TR =THL 126
Ir
Thus, on eliminating ¢z between equations 1.25 and 1.26:
R d**(p; — R2—r)HL
R doos — p) 7 ) 1.27)
ra 181 0y
rd d*w*(p; — p)m(R* — rH)L
. - — L 1.2
and R exp |: 1810, (1.28)
Substituting for ry from equation 1.28 into equation 1.24:
R? d?w(p; — p)(R?* - r})L
Gd)=——— 31— - : 1.29
(d) R2—r,.2{ eXP[ 10, (1.29)

Application of data from a particle—fluid system 1 (p;, 1) to a second system (o2, it2)
involves translation of G(d) along the size (d) axis by the factor:

d —_
4 _ / (L‘I(Psz—f’)) (1.30)
d, w2(ps1 — p)
As the separating effect of a device is likely to be affected by feed concentration and
composition, corresponding variations in G(d) may also occur as these fluctuate.
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1.3. PARTICULATE SOLIDS IN BULK

1.3.1. General characteristics

The properties of solids in bulk are a function of the properties of the individual particles
including their shapes and sizes and size distribution, and of the way in which the particles
interact with one another. By the very nature of a particulate material, it is always inter-
spersed with a fluid, generally air, and the interaction between the fluid and the particles
may have a considerable effect on the behaviour of the bulk material. Particulate solids
present considerably greater problems than fluids in storage, in removal at a controlled rate
from storage, and when introduced into vessels or reactors where they become involved
in a process. Although there has recently been a considerable amount of work carried
out on the properties and behaviour of solids in bulk, there is still a considerable lack of
understanding of all the factors determining their behaviour.

One of the most important characteristics of any particulate mass is its voidage, the
fraction of the total volume which is made up of the free space between the particles
and is filled with fluid. Clearly, a low voidage corresponds to a high density of packing
of the particles. The way in which the particles pack depends not only on their physical
properties, including shape and size distribution, but also on the way in which the partic-
ulate mass has been introduced to its particular location. In general, isometric particles,
which have approximately the same linear dimension in each of the three principal direc-
tions, will pack more densely than long thin particles or plates. The more rapidly material
is poured on to a surface or into a vessel, the more densely will it pack. If it is then
subjected to vibration, further consolidation may occur. The packing density or voidage
is important in that it determines the bulk density of the material, and hence the volume
taken up by a given mass: It affects the tendency for agglomeration of the particles, and
it critically influences the resistance which the material offers to the percolation of fluid
through it— as, for example, in filtration as discussed in Chapter 7.

1.3.2. Agglomeration

Because it is necessary in processing plant to transfer material from storage to process,
it is important to know how the particulate material will flow. If a significant amount
of the material is in the form of particles smaller than 10 wm or if the particles deviate
substantially from isometric form, it may be inferred that the flow characteristics will be
poor. If the particles tend to agglomerate, poor flow properties may again be expected.
Agglomeration arises from interaction between particles, as a result of which they adhere
to one another to form clusters. The main mechanisms giving rise to agglomeration are:

(1) Mechanical interlocking. This can occur particularly if the particles are long and
thin in shape, in which case large masses may become completely interlocked.

(2) Surface attraction. Surface forces, including van der Waals’ forces, may give rise
to substantial bonds between particles, particularly where particles are very fine
(<10 pm), with the result that their surface per unit volume is high. In general,
freshly formed surface, such as that resulting from particle fracture, gives rise to
high surface forces.
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(3) Plastic welding. When irregular particles are in contact, the forces between the
particles will be borne on extremely small surfaces and the very high pressures
developed may give rise to plastic welding.

(4) Electrostatic attraction. Particles may become charged as they are fed into
equipment and significant electrostatic charges may be built up, particularly on
fine solids. ‘

(5) Effect of moisture. Moisture may have two effects. Firstly, it will tend to collect
near the points of contact between particles and give rise to surface tension effects.
Secondly, it may dissolve a little of the solid, which then acts as a bonding agent
on subsequent evaporation.

(6) Temperature fluctuations give rise to changes in particle structure and to greater
cohesiveness.

Because interparticle forces in very fine powders make them very difficult to handle, the
effective particle size is frequently increased by agglomeration. This topic is discussed in
Section 2.4 on particle size enlargement in Chapter 2.

1.3.3. Resistance to shear and tensile forces

A particulate mass may offer a significant resistance to both shear and tensile forces, and
this is specially marked when there is a significant amount of agglomeration. Even in
non-agglomerating powders there is some resistance to relative movement between the
particles and it is always necessary for the bed to dilate, that is for the particles to move
apart, to some extent before internal movement can take place. The greater the density of
packing, the higher will be this resistance to shear and tension.

The resistance of a particulate mass to shear may be measured in a shear cell such
as that described by JENIKE et al.\!!"!? The powder is contained in a shallow cylindrical
cell (with a vertical axis) which is split horizontally. The lower half of the cell is fixed
and the upper half is subjected to a shear force which is applied slowly and continuously
measured. The shearing is carried out for a range of normal loads, and the relationship
between shear force and normal force is measured to give the shear strength at different
degrees of compaction.

A method of measuring tensile strength has been developed by AsHton et al.('¥ who
also used a cylindrical cell split diametrically. One half of the cell is fixed and the other,
which is movable, is connected to a spring, the other end of which is driven at a slow
constant speed. A slowly increasing force is thus exerted on the powder compact and
the point at which failure occurs determines the tensile strength; this has been shown to
depend on the degree of compaction of the powder.

The magnitude of the shear and tensile strength of the powder has a considerable effect
on the way in which the powder will flow, and particularly on the way in which it will
discharge from a storage hopper through an outlet nozzle.

1.3.4. Angles of repose and of friction

A rapid method of assessing the behaviour of a particulate mass is to measure its angle of
repose. If solid is poured from a nozzle on to a plane surface, it will form an approximately
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conical heap and the angle between the sloping side of the cone and the horizontal is the
angle of repose. When this is determined in this manner it is sometimes referred to as
the dynamic angle of repose or the poured angle. In practice, the heap will not be exactly
conical and there will be irregularities in the sloping surface. In addition, there will be a
tendency for large particles to roll down from the top and collect at the base, thus giving
a greater angle at the top and a smaller angle at the bottom.

The angle of repose may also be measured using a plane sheet to which is stuck a layer
of particles from the powder. Loose powder is then poured on to the sheet which is then
tilted until the powder slides. The angle of slide is known as the static angle of repose or
the drained angle.

Angles of repose vary from about 20° with free-flowing solids, to about 60° with solids
with poor flow characteristics. In extreme cases of highly agglomerated solids, angles of
repose up to nearly 90° can be obtained. Generally, material which contains no particles
smaller than 100 wm has a low angle of repose. Powders with low angles of repose tend
to pack rapidly to give a high packing density almost immediately. If the angle of repose
is large, a loose structure is formed initially and the material subsequently consolidates if
subjected to vibration.

An angle which is similar to the static angle of repose is the angle of slide which is
measured in the same manner as the drained angle except that the surface is smooth and
is not coated with a layer of particles.

A measure of the frictional forces within the particulate mass is the angle of friction.
This can be measured in a number of ways, two of which are described. In the first, the
powder is contained in a two-dimensional bed, as shown in Figure 1.12 with transparent
walls and is allowed to flow out through a slot in the centre of the base. It is found
that a triangular wedge of material in the centre flows out leaving stationary material at
the outside. The angle between the cleavage separating stationary and flowing material
and the horizontal is the angle of friction. A simple alternative method of measuring the
angle of friction, as described by Zenz{!¥), employs a vertical tube, open at the top, with
a loosely fitting piston in the base as shown in Figure 1.13. With small quantities of solid
in the tube, the piston will freely move upwards, but when a certain critical amount is
exceeded no force, however large, will force the solids upwards in the tube. With the
largest movable core of solids in the tube, the ratio of its length to diameter is the tangent
of the angle of friction.

Flowing solids
y

////////////ﬁ;;////////ly////////////ﬂ/////z “

Stationary solids

Figure 1.12. Angle of friction — flow through slot
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Figure 1.13. Angle of friction — tube test

The angle of friction is important in its effect on the design of bins and hoppers. If the
pressure at the base of a column of solids is measured as a function of depth, it is found
to increase approximately linearly with height up to a certain critical point beyond which
it remains constant. A typical curve is shown in Figure 1.14. The point of discontinuity

on the curve is given by:
L./d; =tana 1.31)
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Figure 1.14. Angle of friction — pressure at base of column

For heights greater than L. the mass of additional solids is supported by frictional forces
at the walls of the hopper. It may thus be seen that hoppers must be designed to resist
the considerable pressures due to the solids acting on the walls.

1.3.5. Flow of solids in hoppers

Solids may be stored in heaps or in sacks although subsequent handling problems may
be serious with large-scale operations. Frequently, solids are stored in hoppers which are
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usually circular or rectangular in cross-section, with conical or tapering sections at the
bottom. The hopper is filled at the top and it should be noted that, if there is an appreciable
size distribution of the particles, some segregation may occur during filling with the larger
particles tending to roll to the outside of the piles in the hopper.

Discharge from the hopper takes place through an aperture at the bottom of the cone,
and difficulties are commonly experienced in obtaining a regular, or sometimes any,
flow. Commonly experienced types of behaviour are shown in Figure 1.15 taken from
the work of WEeicanD!®, Bridging of particles may take place and sometimes stable
arches (b) may form inside the hopper and, although these can usually be broken down
by vibrators attached to the walls, problems of persistent blockage are not unknown. A
further problem which is commonly encountered is that of “piping” or “rat-holing”(c),
in which the central core of material is discharged leaving a stagnant surrounding mass
of solids. As a result some solids may be retained for long periods in the hopper and

Figure 1.15. Flow in hoppers (a) Mass flow (b) Arch formation (c) Rat-holing shaft formation
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may deteriorate. Ideally, “mass flow” (a) is required in which the solids are in plug flow
and move downwards en masse in the hopper. The residence time of all particles in the
hopper will then be the same.

In general, tall thin hoppers give better flow characteristics than short wide ones and
the use of long small-angle conical sections at the base is advantageous. The nature
of the surface of the hopper is important and smooth surfaces give improved discharge
characteristics. Monel metal cladding of steel is frequently used for this purpose.

1.3.6. Flow of solids through orifices

The discharge rate of solid particles is usually controlled by the size of the orifice or
the aperture at the base of the hopper, though sometimes screw feeders or rotating table
feeders may be incorporated to encourage an even flowrate.

The flow of solids through an orifice depends on the ability of the particles to dilate in
the region of the aperture. Flow will occur if the shear force exerted by the superincumbent
material exceeds the shear strength of the powder near the outlet.

The rate of discharge of solids through the outlet orifice is substantially independent
of the depth of solids in the hopper, provided this exceeds about four times the diameter
of the hopper, and is proportional to the effective diameter of the orifice, raised to the
power 2.5. The effective diameter is the actual orifice diameter less a correction which is
equal to between 1 and 1.5 times the particle diameter.

Brown(!® has developed an equation for flow through an orifice, by assuming that the
plug of solids issuing from the orifice has a minimum total potential plus kinetic energy.
This gives:

05
I_E(ﬁ) (1.32)
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where: G is the mass flowrate,
ps is the density of the solid particles,
desr is the effective diameter of the orifice (orifice : particle diameter),
g 1is the acceleration due to gravity, and
B is the acute angle between the cone wall and the horizontal.

It has been found that the attachment of a discharge pipe of the same diameter as the
orifice immediately beneath it increases the flowrate, particularly of fine solids. Thus, in
one case, with a pipe with a length to diameter ratio of 50, the discharge rate of a fine
sand could be increased by 50 per cent and that of a coarse sand by 15 per cent. Another
method of increasing the discharge rate of fine particles is to fluidise the particles in the
neighbourhood of the orifice by the injection of air. Fluidisation is discussed in Chapter 6.

1.3.7. Measurement and control of solids flowrate

The flowrate of solids can be measured either as they leave the hopper or as they are
conveyed. In the former case, the hopper may be supported on load cells so that a
continuous record of the mass of the contents may be obtained as a function of time.
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Alternatively, the level of the solids in the hopper may be continuously monitored using
transducers covered by flexible diaphragms flush with the walls of the hopper. The
diaphragm responds to the presence of the solids and thus indicates whether there are
solids present at a particular level.

The problems associated with the measurement and control of the flowrate of solids are
much more complicated than those in the corresponding situation with liquids. The flow
characteristics will depend, not only on particle size, size range and shape, but also on how
densely the particles are packed. In addition, surface and electrical properties and moisture
content all exert a strong influence on flow behaviour, and the combined effect of these
factors is almost impossible to predict in advance. It is therefore desirable to carry out
a preliminary qualitative assessment before making a selection of the, most appropriate
technique for controlling and measuring flowrate for any particular application.

A detailed description of the various methods of measuring solids flowrates has been
given by Liptak!” and Table 1.2, taken from this work, gives a summary of the principal
types of solids flowmeters in common use.

Table 1.2. Different types of solids lowmeter(!”

Type of Meter Flowrate (kg/s) Accuracy Type of Material
(per cent FSD®@
over 10:1 range)

Gravimetric belt <25 (or <0.3 m%/s) +0.5R Dependent on mechanism used to feed
belt. Vertical gate feeder suitable for
non-fluidised materials with particle

size <3 mm.
Belt with <25 (or <0.3 m’/s) +0.5 0 £1 Preferred when material is difficult to
nucleonic handle, e.g. corrosive, hot, dusty, or
sensor abrasive. Accuracy greatly improved

when particle size, bulk density, and
moisture content are constant, when belt
load is 70-100 per cent of maximum.

Vertical Limited capacity +0.5 for 5:1 Dry and free-flowing powders with
gravimetric turndown. particle size <2.5 mm.
+1.0 for 20:1
turndown.
Loss-in-weight Depends on size +1.0R Liquids, slurries, and solids.
of hopper
Dual hopper 0.13-40 +0.5R Free-flowing bulk solids.
Impulse 0.4-400 +1to £2 Free-flowing powders. Granules/pellets
<13 mm in size.
Volumetric <0.3 m3/s +2 to +4 Solids of uniform size.

®EFSD = full-scale deflection.
Methods include:

a) Fitting an orifice plate at the discharge point from the hopper. The flow of solids
through orifices is discussed briefly in Section 1.3.6.

b) Using a belt-type feeder in which the mass of material on the belt is continuously
measured, by load cells for example or by a nuclear densitometer which measures
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the degree of absorption of gamma rays transmitted vertically through the solids on
the belt which is travelling at a controlled speed.

¢) Applying an impulse method in which a solids stream impacts vertically on a sensing
plate orientated at an angle to the vertical. The horizontal component of the resulting
force is measured by as load cell attached to the plate.

The rate of feed of solids may be controlled using screw feeders, rotating tables
or vibrating feeders, such as magnetically vibrated troughs. Volumetric rates may be
controlled by regulating the speeds of rotation of star feeders or rotary vaned valves.

1.3.8. Conveying of solids

The variety of requirements in connection with the conveying of solids has led to the
development of a wide range of equipment. This includes:

(a) Gravity chutes— down which the solids fall under the action of gravity.

(b) Air slides— where the particles, which are maintained partially suspended in a
channel by the upward flow of air through a porous distributor, flow at a small
angle to the horizontal.

Figure 1.16. Bucket elevator
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(c) Belt conveyors — where the solids are conveyed horizontally, or at small angles to
the horizontal, on a continuous moving belt.

(d) Screw conveyors—in which the solids are moved along a pipe or channel by a
rotating helical impeller, as in a screw lift elevator.

(e) Bucket elevators —in which the particles are carried upwards in buckets attached
to a continuously moving vertical belt, as illustrated in Figure 1.16.

(f) Vibrating conveyors—in which the particles are subjected to an asymmetric
vibration and travel in a series of steps over a table. During the forward stroke
of the table the particles are carried forward in contact with it, but the acceleration
in the reverse stroke is so high that the table slips under the particles. With fine
powders, vibration of sufficient intensity results in a fluid-like behaviour.

(g) Pneumatic/hydraulic conveying installations—in which the particles are trans-
ported in a stream of air/water. Their operation is described in Volume 1, Chapter 5.

1.4. BLENDING OF SOLID PARTICLES
In the mixing of solid particles, the following three mechanisms may be involved:

(a) Convective mixing, in which groups of particles are moved from one position to
another,

(b) Diffusion mixing, where the particles are distributed over a freshly developed
interface, and

(c) Shear mixing, where slipping planes are formed.

These mechanisms operate to varying extents in different kinds of mixers and with
different kinds of particles. A trough mixer with a ribbon spiral involves almost pure
convective mixing, and a simple barrel-mixer involves mainly a form of diffusion mixing.

The mixing of pastes is discussed in the section on Non-Newtonian Technology in
Volume 1, Chapter 7.

1.4.1. The degree of mixing

It is difficult to quantify the degree of mixing, although any index should be related to
the properties of the required mix, should be easy to measure, and should be suitable for
a variety of different mixers. When dealing with solid particles, the statistical variation
in composition among samples withdrawn at any time from a mix is commonly used
as a measure of the degree of mixing. The standard deviation s (the square root of the
mean of the squares of the individual deviations) or the variance s? is generally used. A
particulate material cannot attain the perfect mixing that is possible with two fluids, and
the best that can be obtained is a degree of randomness in which two similar particles
may well be side by side. No amount of mixing will lead to the formation of a uniform
mosaic as shown in Figure 1.17, but only to a condition, such as shown in Figure 1,18,



PARTICULATE SOLIDS 31

Figure 1.17. Uniform mosaic

Figure 1.18. Overall but not point uniformity in mix

where there is an overall uniformity but not point uniformity. For a completely random
mix of uniform particles distinguishable, say, only by colour, Lacey'®1 has shown that:

52 = pd-p (1.33)
n
where s? is the variance for the mixture, p is the overall proportion of particles of one
colour, and »n is the number of particles in each sample.
This equation illustrates the importance of the size of the sample in relation to the
size of the particles. In an incompletely randomised material, s> will be greater, and in a
completely unmixed system, indicated by the suffix 0, it may be shown that:

s =p(1—-p) (1.34)

which is independent of the number of particles in the sample. Only a definite number
of samples can in practice be taken from a mixture, and hence s will itself be subject to
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random errors. This analysis has been extended to systems containing particles of different
sizes by BusLik??,

When a material is partly mixed, then the degree of mixing may be represented by some
term b, and several methods have been suggested for expressing b in terms of measurable
quantities. If s is obtained from examination of a large number of samples then, as
suggested by Lacey, b may be defined as being equal to s,/s, or (so —5)/(s0 — 5+),
as suggested by KraMmers®D where, as before, so is the value of s for the unmixed
material. This form of expression is useful in that b = 0 for an unmixed material and 1
for a completely randomised material where s = s,. If 52 is used instead of s, then this
expression may be modified to give:

_(F =Y
= —(sg ey (1.35)

] _ (5% — s,z)
or: l1-b= (sg — s,2) (1.36)

For diffusive mixing, b will be independent of sample size provided the sample is
small. For convective mixing, Kramers has suggested that for groups of particles randomly
distributed, each group behaves as a unit containing n, particles. As mixing proceeds n,
becomes smaller. The number of groups will then be n,/n,, where n, is the number of
particles in each sample. Applying equation 1.33:

1—
2=20zP_, 0
ny/ng

which gives:
_(ngst—shH _ (ng—1)

1-b= =
(nps?—s?) (-1

(1.37)

Thus, with convective mixing, 1 — & depends on the size of the sample.

Example 1.3

The performance of a solids mixer was assessed by calculating the variance occurring in the mass
fraction of a component amongst a selection of samples withdrawn from the mixture. The quality
was tested at intervals of 30 s and the data obtained are:

sample variance (—) 0.025 0.006 0.015 0.018 0.019
mixing time (s) 30 60 90 120 150

If the component analysed represents 20 per cent of the mixture by mass and each of the samples
removed contains approximately 100 particles, comment on the quality of the mixture produced
and present the data in graphical form showing the variation of the mixing index with time.
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CHAPTER 2

Particle Size Reduction and
Enlargement

2.1. INTRODUCTION

Materials are rarely found in the size range required, and it is often necessary either
to decrease or to increase the particle size. When, for example, the starting material is
too coarse, and possibly in the form of large rocks, and the final product needs to be a
fine powder, the particle size will have to be progressively reduced in stages. The most
appropriate type of machine at each stage depends, not only on the size of the feed and of
the product, but also on such properties as compressive strength, brittleness and stickiness.
For example, the first stage in the process may require the use of a large jaw crusher and
the final stage a sand grinder, two machines of very different characters.

At the other end of the spectrum, many very fine powders are frequently to difficult
handle, and may also give rise to hazardous dust clouds when they are transported. It
may therefore be necessary to increase the particle size. Examples of size enlargement
processes include granulation for the preparation of fertilisers, and compaction using
compressive forces to form the tablets required for the administration of pharmaceuticals.

In this Chapter, the two processes of size reduction and size enlargement are considered
in Sections 2.2 and 2.4, respectively.

2.2. SIZE REDUCTION OF SOLIDS

2.2.1. Introduction

In the materials processing industry, size reduction or comminution is usually carried out
in order to increase the surface area because, in most reactions involving solid particles,
the rate of reactions is directly proportional to the area of contact with a second phase.
Thus the rate of combustion of solid particles is proportional to the area presented to
the gas, though a number of secondary factors may also be involved. For example, the
free flow of gas may be impeded because of the higher resistance to flow of a bed of
small particles. In leaching, not only is the rate of extraction increased by virtue of the
increased area of contact between the solvent and the solid, but the distance the solvent
has to penetrate into the particles in order to gain access to the more remote pockets
of solute is also reduced. This factor is also important in the drying of porous solids,
where reduction in size causes both an increase in area and a reduction in the distance

95
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the moisture must travel within the particles in order to reach the surface. In this case,
the capillary forces acting on the moisture are also affected.

There are a number of other reasons for carrying out size reduction. It may, for
example, be necessary to break a material into very small particles in order to separate
two constituents, especially where one is dispersed in small isolated pockets. In addition,
the properties of a material may be considerably influenced by the particle size and, for
example, the chemical reactivity of fine particles is greater than that of coarse particles,
and the colour and covering power of a pigment is considerably affected by the size of the
particles. In addition, far more intimate mixing of solids can be achieved if the particle
size is small.

2.2.2. Mechanism of size reduction

Whilst the mechanism of the process of size reduction is extremely complex, in recent
years a number of attempts have been made at a more detailed analysis of the problem.
If a single lump of material is subjected to a sudden impact, it will generally break so as
to yield a few relatively large particles and a number of fine particles, with relatively few
particles of intermediate size. If the energy in the blow is increased, the larger particles
will be of a rather smaller size and more numerous and, whereas the number of fine
particles will be appreciably increased, their size will not be much altered. It therefore
appears that the size of the fine particles is closely connected with the internal structure
of the material, and the size of the larger particles is more closely connected with the
process by which the size reduction is effected.

This effect is well illustrated by a series of experiments on the grinding of coal in
a small mill, carried out by Heywoop”), The results are shown in Figure 2.1, in which
the distribution of particle size in the product is shown as a function of the number of
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Figure 2.1. Effect of progressive grinding on size distribution
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revolutions of the mill. The initial size distribution shows a single mode corresponding
to a relatively coarse size, but as the degree of crushing is gradually increased this mode
progressively decreases in magnitude and a second mode develops at a particular size.
This process continues until the first mode has completely disappeared. Here the second
mode is characteristic of the material and is known as the persistent mode, and the first is
known as the transitory mode. There appears to be a grind limit for a particular material
and machine. After some time there seems to be little change in particle size if grinding
is continued, though the particles may show some irreversible plastic deformation which
results in a change in shape rather than in size.

The energy required to effect size reduction is related to the internal structure of
the material and the process consists of two parts, first opening up any small fissures
which are already present, and secondly forming new surface. A material such as coal
contains a number of small cracks and tends first to break along these, and therefore
the large pieces are broken up more readily than the small ones. Since a very much
greater increase in surface results from crushing a given quantity of fine as opposed to
coarse material, fine grinding requires very much more power. Very fine grinding can be
impeded by the tendency of some relatively soft materials, including gypsum and some
limestones, to form aggregates. These are groups of relatively weakly adhering particles
held together by cohesive and van der Waals forces. Materials, such as quartz and clinker,
form agglomerates in which the forces causing adhesion may be chemical in nature, and
the bonds are then very much stronger.

In considering energy utilisation, size reduction is a very inefficient process and only
between 0.1 and 2.0 per cent of the energy supplied to the machine appears as increased
surface energy in the solids. The efficiency of the process is very much influenced by the
manner in which the load is applied and its magnitude. In addition the nature of the force
exerted is also very important depending, for example, on whether it is predominantly
a compressive, an impact or a shearing force. If the applied force is insufficient for
the elastic limit to be exceeded, and the material is compressed, energy is stored in the
particle. When the load is removed, the particle expands again to its original condition
without doing useful work. The energy appears as heat and no size reduction is effected.
A somewhat greater force will cause the particle to fracture, however, and in order to
obtain the most effective utilisation of energy the force should be only slightly in excess
of the crushing strength of the material. The surface of the particles will generally be of
a very irregular nature so that the force is initially taken on the high spots, with the result
that very high stresses and temperatures may be set up locally in the material. As soon as
a small amount of breakdown of material takes place, the point of application of the force
alters. BEMROSE and BRIDGEWATER® and Hess and ScHONERT® have studied the breakage
of single particles. All large lumps of material contain cracks and size reduction occurs
as a result of crack propagation that occurs above a critical parameter, F, where:

12a
F = 52 2.1)

where: a = crack length,
T = stress, and
Y = Young’s modulus.
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Hess® suggests that at lower values of F, elastic deformation occurs without fracture and
the energy input is completely ineffective in achieving size reduction. Fundamental studies
of the application of fracture mechanics to particle size reduction have been carried out,
by Scuonert™, In essence, an energy balance is applied to the process of crack extension
within a particle by equating the loss of energy from the strain field within the particle to
the increase in surface energy when the crack propagates. Because of plastic deformation
near the tip of the crack, however, the energy requirement is at least ten times greater
and, in addition kinetic energy is associated with the sudden acceleration of material as
the crack passes through it. Orders of magnitude of the surface fracture energy per unit
volume are:

glass 1-10 J/m?
plastics 10-10° J/m?
metals 10°-10° J/m?

All of these values are several orders of magnitude higher than the thermodynamic surface
energy which is about 10~! J/m?. Where a crack is initially present in a material, the
stresses near the tip of the crack are considerably greater than those in the bulk of the
material. Calculation of the actual value is well nigh impossible as the crack surfaces are
usually steeply curved and rough. The presence of a crack modifies the stress field in
its immediate location, with the increase in energy being approximately proportional to
V/(a/1) where a is the crack length and [ is the distance from the crack tip. Changes in
crack length are accompanied by modifications in stress distribution in the surrounding
material and hence in its energy content.

During the course of the size reduction processes, much energy is expended in causing
plastic deformation and this energy may be regarded as a waste as it does not result in
fracture. Only part of it is retained in the system as a result of elastic recovery. It is
not possible, however, to achieve the stress levels necessary for fracture to occur without
first passing through the condition of plastic deformation and, in this sense, this must
be regarded as a necessary state which must be achieved before fracture can possibly
occur.

The nature of the flaws in the particles changes with their size. If, as is customary,
fine particles are produced by crushing large particles, the weakest flaws will be progres-
sively eliminated as the size is reduced, and thus small particles tend to be stronger
and to require more energy for fracture to occur. In addition, as the capacity of the
particle for storing energy is proportional to its volume (cx d3) and the energy requirement
for propagating geometrically similar cracks is proportional to the surface area (o d?2),
the energy available per unit crack area increases linearly with particle size (d). Thus,
breakage will occur at lower levels of stress in large particles. This is illustrated in
Figure 2.2 which shows the results of experimental measurements of the compressive
strengths for shearing two types of glass. It may be noted from Figure 2.2 that, for quartz
glass, the compressive strength of 2 wm particles is about three times that of 100 wm
particles.

The exact method by which fracture occurs is not known, although it is suggested by
PreT® that the compressive force produces small flaws in the material. If the energy
concentration exceeds a certain critical value, these flaws will grow rapidly and will
generally branch, and the particles will break up. The probability of fracture of a particle
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Figure 2.2. Compressive strength of glass spheres as a function of their diameter

in an assembly of particles increases with the number of contact points, up to a number
of around ten, although the probability then decreases for further increase in number. The
rate of application of the force is important because there is generally a time lag between
attainment of maximum load and fracture. Thus, a rather smaller force will cause fracture
provided it is maintained for a sufficient time. This is a phenomenon similar to the ignition
lag which is obtained with a combustible gas—oxidant mixture. Here the interval between
introducing the ignition source and the occurrence of ignition is a function of the temper-
ature of the source, and when it is near the minimum ignition temperature delays of
several seconds may be encountered. The greater the rate at which the load is applied,
the less effectively is the energy utilised and the higher is the proportion of fine material
which is produced. If the particle shows any viscoelastic behaviour, a high rate of appli-
cation of the force is needed for fracture to occur. The efficiency of utilisation of energy
as supplied by a falling mass has been compared with that of energy applied slowly by
means of hydraulic pressure. Up to three or four times more surface can be produced per
unit of energy if it is applied by the latter method. PIRET® suggests that there is a close
similarity between the crushing operation and a chemical reaction. In both cases a critical
energy level must be exceeded before the process will start, and in both cases time is an
important variable.

The method of application of the force to the particles may affect the breakage pat-
tern. PrasHER® suggests that four basic patterns may be identified, though it is sometimes
difficult to identify the dominant mode in any given machine. The four basic patterns are:

(a) Impact — particle concussion by a single rigid force.

(b) Compression — particle disintegration by two rigid forces.

(¢) Shear — produced by a fluid or by particle—particle interaction.

(d) Attrition — arising from particles scraping against one another or against a rigid
surface.
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2.2.3. Energy for size reduction

Energy requirements

Although it is impossible to estimate accurately the amount of energy required in order
to effect a size reduction of a given material, a number of empirical laws have been
proposed. The two earliest laws are due to Kick™ and von Rirringer®, and a third law
due to Bonp® 19 has also been proposed. These three laws may all be derived from the

basic differential equation:

dE

— =—-CL? 2.2

L (2.2)
which states that the energy dE required to effect a small change dL in the size of unit
mass of material is a simple power function of the size. If p = —2, then integration gives:

1 1
E=Cl{——-—
(Lz Ly )
Writing C = K f, where £ is the crushing strength of the material, then Rittinger’s law,
first postulated in 1867, is obtained as:

1 1
EzKRﬁ(E—E) (2.3)

Since the surface of unit mass of material is proportional to 1/L, the interpretation of this
law is that the energy required for size reduction is directly proportional to the increase
in surface.

If p=~—1, then:

Ly

E=Cln—

n L

and, writing C = K¢ f.:
L
E=Kgfln=t (2.4)

L,

which is known as Kick’s law. This supposes that the energy required is directly related to
the reduction ratio L; /L, which means that the energy required to crush a given amount
of material from a 50 mm to a 25 mm size is the same as that required to reduce the size
from 12 mm to 6 mm. In equations 2.3 and 2.4, Kz and K are known respectively as
Rittinger’s constant and Kick’s constant. It may be noted that neither of these constants
is dimensionless.

Neither of these two laws permits an accurate calculation of the energy requirements.
Rittinger’s law is applicable mainly to that part of the process where new surface is being
created and holds most accurately for fine grinding where the increase in surface per unit
mass of material is large. Kick’s law, more closely relates to the energy required to effect
elastic deformation before fracture occurs, and is more accurate than Rittinger’s law for
coarse crushing where the amount of surface produced is considerably less.
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Bond has suggested a law intermediate between Rittinger’s and Kick’s laws, by putting
p = —3/2 in equation 2.1. Thus:

1 1
E=2C|—5— —=
(Lé“ Li“)

1 1
_ 2c/ (E) (1 - q—m) 2.5)

where: = —

the reduction ratio. Writing C = 5E;, then:

100 1
£=r/ () (1- 4s) 2o

Bond terms E; the work index, and expresses it as the amount of energy required to
reduce unit mass of material from an infinite particle size to a size L of 100 pm, that
is ¢ = oo. The size of material is taken as the size of the square hole through which
80 per cent of the material will pass. Expressions for the work index are given in the
original papers®? for various types of materials and various forms of size reduction
equipment.

AustiN and KumpeL(!D have reviewed these three laws and their applicability, and
Curting'!? has described laboratory work to assess grindability using rod mill tests.

Example 2.1

A material is crushed in a Blake jaw crusher such that the average size of particle is reduced
from 50 mm to 10 mm with the consumption of energy of 13.0 kW/(kg/s). What would be the
consumption of energy needed to crush the same material of average size 75 mm to an average
size of 25 mm:

a) assuming Rittinger’s law applies?
b) assuming Kick’s law applies?

Which of these results would be regarded as being more reliable and why?

Solution
a) Rittinger’s law.
This is given by: E = KpfI(1/Ly) — (1/LD)] (equation 2.3)
Thus: 13.0 Kz f:[(1/10) — (1/50)]
and: Kgrf. = (13.0 x 50/4) = 162.5 kW/(kg mm)
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Thus the energy required to crush 75 mm material to 25 mm is:

E =162.5[(1/25) — (1/75)] = 4.33 kl/kg

b) Kick’s law.

This is given by: E=Kgf.n(L/L>) (equation 2.4)
Thus: 13.0 = K¢ £, In(50/10)
and: Kk f. = (13.0/1.609) = 8/08 kW/(kg/s)

Thus the energy required to crush 75 mm material to 25 mm is given by:

E = 8.081n(75/25) = 8.88 kl/kg

The size range involved by be considered as that for coarse crushing and, because Kick’s law
more closely relates the energy required to effect elastic deformation before fracture occurs,
this would be taken as given the more reliable result.

Energy utilisation

One of the first important investigations into the distribution of the energy fed into a
crusher was carried out by Owens!'> who concluded that energy was utilised as follows:

(a) In producing elastic deformation of the particles before fracture occurs.
(b) In producing inelastic deformation which results in size reduction.

(c) In causing elastic distortion of the equipment.

(d) In friction between particles, and between particles and the machine.
(e) In noise, heat and vibration in the plant, and

(f) In friction losses in the plant itself.

Owens estimated that only about 10 per cent of the total power is usefully employed.

In an investigation by the U.S. Bureau oF MiNes'!¥), in which a drop weight type of
crusher was used, it was found that the increase in surface was directly proportional
to the input of energy and that the rate of application of the load was an important
factor.

This conclusion was substantiated in a more recent investigation of the power
consumption in a size reduction process which is reported in three papers by Kwong
et al.'>, Apams et al.19 and Jounson et al.!7. A sample of material was crushed by
placing it in a cavity in a steel mortar, placing a steel plunger over the sample and
dropping a steel ball of known weight on the plunger over the sample from a measured
height. Any bouncing of the ball was prevented by three soft aluminium cushion wires
under the mortar, and these wires were calibrated so that the energy absorbed by the
system could be determined from their deformation. Losses in the plunger and ball were
assumed to be proportional to the energy absorbed by the wires, and the energy actually
used for size reduction was then obtained as the difference between the energy of the ball
on striking the plunger and the energy absorbed. Surfaces were measured by a water or air
permeability method or by gas adsorption. The latter method gave a value approximately
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double that obtained from the former indicating that, in these experiments, the internal
surface was approximately the same as the external surface. The experimental results
showed that, provided the new surface did not exceed about 40 m*/kg, the new surface
produced was directly proportional to the energy input. For a given energy input the new
surface produced was independent of:

(a) The velocity of impact,

(b) The mass and arrangement of the sample,
(c) The initial particle size, and

(d) The moisture content of the sample.

Between 30 and 50 per cent of the energy of the ball on impact was absorbed by the
material, although no indication was obtained of how this was utilised. An extension of
the range of the experiments, in which up to 120 m? of new surface was produced per
kilogram of material, showed that the linear relationship between energy and new surface
no longer held rigidly. In further tests in which the crushing was effected slowly, using a
hydraulic press, it was found, however, that the linear relationship still held for the larger
increases in surface.

In order to determine the efficiency of the surface production process, tests were carried
out with sodium chloride and it was found that 90 J was required to produce 1 m? of
new surface. As the theoretical value of the surface energy of sodium chloride is only
0.08 J/m?, the efficiency of the process is about 0.1 per cent. ZELENY and PrRet(® have
reported calorimetric studies on the crushing of glass and quartz. It was found that a
fairly constant energy was required of 77 J/m? of new surface created, compared with a
surface-energy value of less than 5 J/m?. In some cases over 50 per cent of the energy
supplied was used to produce plastic deformation of the steel crusher surfaces.

The apparent efficiency of the size reduction operation depends on the type of equipment
used. Thus, for instance, a ball mill is rather less efficient than a drop weight type of
crusher because of the ineffective collisions that take place in the ball mill.

Further work® on the crushing of quartz showed that more surface was created per
unit of energy with single particles than with a collection of particles. This appears to
be attributable to the fact that the crushing strength of apparently identical particles may
vary by a factor as large as 20, and it is necessary to provide a sufficient energy concen-
tration to crush the strongest particle. Some recent developments, including research and
mathematical modelling, are described by PrasHER®.

2.2.4. Methods of operating crushers

There are two distinct methods of feeding material to a crusher. The first, known as free
crushing, involves feeding the material at a comparatively low rate so that the product
can readily escape. Its residence time in the machine is therefore short and the production
of appreciable quantities of undersize material is avoided. The second method is known
as choke feeding. In this case, the machine is kept full of material and discharge of
the product is impeded so that the material remains in the crusher for a longer period.
This results in a higher degree of crushing, although the capacity of the machine is
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reduced and energy consumption is high because of the cushioning action produced by
the accumulated product. This method is therefore used only when a comparatively small
amount of materials is to be crushed and when it is desired to complete the whole of the
size reduction in one operation.

If the plant is operated, as in choke feeding, so that the material is passed only once
through the equipment, the process is known as open circuit grinding. If, on the other
hand, the product contains material which is insufficiently crushed, it may be necessary to
separate the product and return the oversize material for a second crushing. This system
which is generally to be preferred, is known as closed circuit grinding. A flow-sheet
for a typical closed circuit grinding process, in which a coarse crusher, an intermediate
crusher and a fine grinder are used, is shown in Figure 2.3. In many plants, the product
is continuously removed, either by allowing the material to fall on to a screen or by
subjecting it to the action of a stream of fluid, such that the small particles are carried
away and the oversize material falls back to be crushed again.

Oversize

Oversize Separator

Feed | Intermediate
gr%%ﬁgr crusher
Undersize E——
| Undersize Separator

Oversize

Product crusher

Separator

Figure 2.3. Flow diagram for closed circuit grinding system

The desirability of using a number of size reduction units when the particle size is to
be considerably reduced arises from the fact that it is not generally economical to effect
a large reduction ratio in a single machine. The equipment used is usually divided into
classes as given in Table 2.1, according to the size of the feed and the product.

A greater size reduction ratio can be obtained in fine crushers than in coarse crushers.

Table 2.1. Classification of size reduction equipment

Feed size Product size
Coarse crushers 1500-40 mm 50~5 mm
Intermediate crushers 50-5 mm 5-0.1 mm
Fine crushers 5-2 mm 0.1 mm

Colloid mills 0.2 mm down to 0.01 um
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The equipment may also be classified, to some extent, according to the nature of the
force which is applied though, as a number of forces are generally involved, it is a less
convenient basis.

Grinding may be carried out either wet or dry, although wet grinding is generally
applicable only with low speed mills. The advantages of wet grinding are:

(a) The power consumption is reduced by about 20—30 per cent.

(b) The capacity of the plant is increased.

(¢) The removal of the product is facilitated and the amount of fines is reduced.
(d) Dust formation is eliminated.

(e) The solids are more easily handled.

Against this, the wear on the grinding medium is generally about 20 per cent greater, and
it may be necessary to dry the product.

The separators in Figure 2.3 may be either a cyclone type, as typified by the Bradley
microsizer or a mechanical air separator. Cyclone separators, the theory of operation
and application of which are fully discussed in Chapter 1, may be used. Alternatively, a
whizzer type of air separator such as the NEI air separator shown in Figures 1.29 and
1.30 is often included as an integral part of the mill, as shown in the examples of the
NEI pendulum mill in Figure 2.21. Oversize particles drop down the inner case and are
returned directly to the mill, whilst the fine material is removed as a separate product
stream.

2.2.5. Nature of the material to be crushed

The choice of a machine for a given crushing operation is influenced by the nature of the
product required and the quantity and size of material to be handled. The more important
properties of the feed apart from its size are as follows:

Hardness. The hardness of the material affects the power consumption and the wear on
the machine. With hard and abrasive materials it is necessary to use a low-speed machine
and to protect the bearings from the abrasive dusts that are produced. Pressure lubrication
is recommended. Materials are arranged in order of increasing hardness in the Mohr scale
in which the first four items rank as soft and the remainder as hard. The Mohr Scale of
Hardness is:

1. Tale 5. Apatite 8. Topaz

2. Rock salt or gypsum 6. Felspar 9. Carborundum
3. Calcite 7. Quartz 10. Diamond.

4. Fluorspar

Structure. Normal granular materials such as coal, ores and rocks can be effectively
crushed employing the normal forces of compression, impact, and so on. With fibrous
materials a tearing action is required.

Moisture content. It is found that materials do not flow well if they contain between
about 5 and 50 per cent of moisture. Under these conditions the material tends to cake
together in the form of balls. In general, grinding can be carried out satisfactorily outside
these limits.
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Crushing strength. The power required for crushing is almost directly proportional to
the crushing strength of the material.

Friability. The friability of the material is its tendency to fracture during normal
handling. In general, a crystalline material will break along well-defined planes and the
power required for crushing will increase as the particle size is reduced.

Stickiness. A sticky material will tend to clog the grinding equipment and it should
therefore be ground in a plant that can be cleaned easily.

Soapiness. In general, this is a measure of the coefficient of friction of the surface of
the material. If the coefficient of friction is low, the crushing may be more difficult.

Explosive materials must be ground wet or in the presence of an inert atmosphere.

Materials yielding dusts that are harmful to the health must be ground under conditions
where the dust is not allowed to escape.

Work! has presented a guide to equipment selection based on size and abrasiveness
of material.

2.3. TYPES OF CRUSHING EQUIPMENT

The most important coarse, intermediate and fine crushers may be classified as in Table 2.2.

Table 2.2. Crushing equipment

Coarse crushers Intermediate crushers Fine crushers
Stag jaw crusher Crushing rolls Buhrstone mill
Dodge jaw crusher Disc crusher Roller mill
Gyratory crusher Edge runner mill NEI pendulum mill
Other coarse crushers Hammer mill Griffin mill
Single roll crusher Ring roller mill (Lopulco)
Pin mill Ball mill
Symons disc crusher Tube mill
Hardinge mill
Babcock mill

The features of these crushers are now considered in detail.

2.3.1. Coarse crushers

The Stag jaw crusher shown in Figure 2.4, has a fixed jaw and a moving jaw pivoted at
the top with the crushing faces formed of manganese steel. Since the maximum movement
of the jaw is at the bottom, there is little tendency for the machine to clog, though some
uncrushed material may fall through and have to be returned to the crusher. The maximum
pressure is exerted on the large material which is introduced at the top. The machine is
usually protected so that it is not damaged if lumps of metal inadvertently enter, by
making one of the toggie plates in the driving mechanism relatively weak so that, if any
large stresses are set up, this is the first part to fail. Easy renewal of the damaged part is
then possible.
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Stag crushers are made with jaw widths varying from about 150 mm to 1.0 m and
the running speed is about 4 Hz (240 rpm) with the smaller machines running at the
higher speeds. The speed of operation should not be so high that a large quantity of
fines is produced as a result of material being repeatedly crushed because it cannot
escape sufficiently quickly. The angle of nip, the angle between the jaws, is usually
about 30°.

Because the crushing action is intermittent, the loading on the machine is uneven
and the crusher therefore incorporates a heavy flywheel. The power requirements of the
crusher depend upon size and capacity and vary from 7 to about 70 kW, the latter figure
corresponding to a feed rate of 10 kg/s.

The Dodge jaw crusher

In the Dodge crusher, shown in Figure 2.5, the moving jaw is pivoted at the bottom.
The minimum movement is thus at the bottom and a more uniform product is obtained,
although the crusher is less widely used because of its tendency to choke. The large
opening at the top enables it to take very large feed and to effect a large size reduction.
This crusher is usually made in smaller sizes than the Stag crusher, because of the high
fluctuating stresses that are produced in the members of the machine.

Figure 2.5. Dodge crusher

The gyratory crusher

The gyratory crusher shown in Figure 2.6 employs a crushing head, in the form of a
truncated cone, mounted on a shaft, the upper end of which is held in a flexible bearing,
whilst the lower end is driven eccentrically so as to describe a circle. The crushing action
takes place round the whole of the cone and, since the maximum movement is at the
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Figure 2.6. Gyratory crusher

bottom, the characteristics of the machine are similar to those of the Stag crusher. As the
crusher is continuous in action, the fluctuations in the stresses are smaller than in jaw
crushers and the power consumption is lower. This unit has a large capacity per unit area
of grinding surface, particularly if it is used to produce a small size reduction. It does
not, however, take such a large size of feed as a jaw crusher, although it gives a rather
finer and more uniform product. Because the capital cost is high, the crusher is suitable
only where large quantities of material are to be handled.

The jaw crushers and the gyratory crusher all employ a predominantly compressive
force.

Other coarse crushers

Friable materials, such as coal, may be broken up without the application of large forces,
and therefore less robust plant may be used. A common form of coal breaker consists
of a large hollow cylinder with perforated walls. The axis is at a small angle to the
horizontal and the feed is introduced at the top. The cylinder is rotated and the coal is
lifted by means of arms attached to the inner surface and then falls against the cylindrical
surface. The coal breaks by impact and passes through the perforations as soon as the
size has been sufficiently reduced. This type of equipment is less expensive and has a
higher throughput than the jaw or gyratory crusher. Another coarse rotary breaker, the
rotary coal breaker, is similar in action to the hammer mill described later, and is shown
in Figure 2.7. The crushing action depends upon the transference of kinetic energy from
hammers to the material and these pulverisers are essentially high speed machines with a
speed of rotation of about 10 Hz (600 rpm) giving hammer tip velocities of about 40 m/s.
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Figure 2.7. Rotary coal breaker

2.3.2. Intermediate crushers
The edge runner mill

In the edge runner mill shown in Figure 2.8 a heavy cast iron or granite wheel, or muller
as it is called, is mounted on a horizontal shaft which is rotated in a horizontal plane in

Figure 2.8. Edge runner mill
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a heavy pan. Alternatively, the muller remains stationary and the pan is rotated, and in
some cases the mill incorporates two mullers. Material is fed to the centre of the pan and
is worked outwards by the action of the muller, whilst a scraper continuously removes
material that has adhered to the sides of the pan, and returns it to the crushing zone. In
many models the outer rim of the bottom of the pan is perforated, so that the product
may be removed continuously as soon as its size has been sufficiently reduced. The mill
may be operated wet or dry and it is used extensively for the grinding of paints, clays
and sticky materials.

The hammer mill

The hammer mill is an impact mill employing a high speed rotating disc, to which are fixed
a number of hammer bars which are swung outwards by centrifugal force. An industrial
model is illustrated in Figure 2.9 and a laboratory model in Figure 2.10. Material is fed
in, either at the top or at the centre, and it is thrown out centrifugally and crushed by being
beaten between the hammer bars, or against breaker plates fixed around the periphery of
the cylindrical casing. The material is beaten until it is small enough to fall through the
screen which forms the lower portion of the casing. Since the hammer bars are hinged,
the presence of any hard material does not cause damage to the equipment. The bars are
readily replaced when they are worn out. The machine is suitable for the crushing of
both brittle and fibrous materials, and, in the latter case, it is usual to employ a screen

Figure 2.9. Swing claw hammer mill
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Figure 2.10. The Raymond laboratory hammer mill

with cutting edges. The hammer mill is suitable for hard materials although, since a large
amount of fines is produced, it is advisable to employ positive pressure lubrication to the
bearings in order to prevent the entry of dust. The size of the product is regulated by the
size of the screen and the speed of rotation.

A number of similar machines are available, and in some the hammer bars are rigidly
fixed in position. Since a large current of air is produced, the dust must be separated in
a cyclone separator or a bag filter.

The pin-type mill

The Alpine pin disc mill shown in Figure 2.11 is a form of pin mill and consists of
two vertical steel plates with horizontal projections on their near faces. One disc may be
stationary whilst the other disc is rotated at high speed; sometimes, the two discs may
be rotated in opposite directions. The material is gravity fed in through a hopper or air
conveyed to the centre of the discs, and is thrown outwards by centrifugal action and
broken against of the projections before it is discharged to the outer body of the mill and
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Figure 2.11. Alpine pin mill with both discs and sets of pins rotating

falls under gravity from the bottom of the casing. Alternatively, the pins may be replaced
by swing beaters or plate beaters, depending on the setup and application. The mill gives
a fairly uniform fine product with little dust and is extensively used with chemicals,
fertilisers and other materials that are non-abrasive, brittle or crystalline. Control of the
size of the product is effected by means of the speed and the spacing of the projections
and a product size of 20 wm is readily attainable.

The Alpine universal mill with turbine beater and grinding track shown in Figure 2.12
is suitable for both brittle and tough materials. The high airflow from the turbine keeps
the temperature rise to a minimum.



Copyrighted Materials

Copyright © 2002 Elsevier Retrieved from www.knovel.com

CHAPTER 3

Motion of Particles in a Fluid

3.1. INTRODUCTION

Processes for the separation of particles of various sizes and shapes often depend on the
variation in the behaviour of the particles when they are subjected to the action of a
moving fluid. Further, many of the methods for the determination of the sizes of particles
in the sub-sieve ranges involve relative motion between the particles and a fluid.

The flow problems considered in Volume 1 are unidirectional, with the fluid flowing
along a pipe or channel, and the effect of an obstruction is discussed only in so far as it
causes an alteration in the forward velocity of the fluid. In this chapter, the force exerted
on a body as a result of the flow of fluid past it is considered and, as the fluid is generally
diverted all round it, the resulting three-dimensional flow is more complex. The flow of
fluid relative to an infinitely long cylinder, a spherical particle and a non-spherical particle
is considered, followed by a discussion of the motion of particles in both gravitational
and centrifugal fields.

3.2. FLOW PAST A CYLINDER AND A SPHERE

The flow of fluid past an infinitely long cylinder, in a direction perpendicular to its axis,
is considered in the first instance because this involves only two-directional flow, with
no flow parallel to the axis. For a non-viscous fluid flowing past a cylinder, as shown in
Figure 3.1, the velocity and direction of flow varies round the circumference. Thus at A
and D the fluid is brought to rest and at B and C the velocity is at a maximum, Since
the fluid is non-viscous, there is no drag, and an infinite velocity gradient exists at the
surface of the cylinder. If the fluid is incompressible and the cylinder is small, the sum
of the kinetic energy and the pressure energy is constant at all points on the surface. The
kinetic energy is a maximum at B and C and zero at A and D, so that the pressure falls
from A to B and from A to C and rises again from B to D and from C to D; the pressure
at A and D being the same. No net force is therefore exerted by the fluid on the cylinder.
It is found that, although the predicted pressure variation for a non-viscous fluid agrees
well with the results obtained with a viscous fluid over the front face, very considerable
differences occur at the rear face.

It is shown in Volume 1, Chapter 11 that, when a viscous fluid flows over a surface,
the fluid is retarded in the boundary layer which is formed near the surface and that the
boundary layer increases in thickness with increase in distance from the leading edge. If
the pressure is falling in the direction of flow, the retardation of the fluid is less and the

146
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Figure 3.1. Flow round a cylinder

boundary layer is thinner in consequence. If the pressure is rising, however, there will
be a greater retardation and the thickness of the boundary layer increases more rapidly.
The force acting on the fluid at some point in the boundary layer may then be sufficient
to bring it to rest or to cause flow in the reverse direction with the result that an eddy
current is set up. A region of reverse flow then exists near the surface where the boundary
layer has separated as shown in Figure 3.2. The velocity rises from zero at the surface
to a maximum negative value and falls again to zero. It then increases in the positive
direction until it reaches the main stream velocity at the edge of the boundary layer, as
shown in Figure 3.2. At PQ the velocity in the X-direction is zero and the direction of
flow in the eddies must be in the Y-direction.

Direction of increasing pressure
—

Y
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of Ug
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layer separates

Figure 3.2. Flow of fluid over a surface against a pressure gradient

For the flow of a viscous fluid past the cylinder, the pressure decreases from A to
B and from A to C so that the boundary layer is thin and the flow is similar to that
obtained with a non-viscous fluid. From B to D and from C to D the pressure is rising
and therefore the boundary layer rapidly thickens with the result that it tends to separate
from the surface. If separation occurs, eddies are formed in the wake of the cylinder and
energy is thereby dissipated and an additional force, known as form drag, is set up. In
this way, on the forward surface of the cylinder, the pressure distribution is similar to that
obtained with the ideal fluid of zero viscosity, although on the rear surface, the boundary
layer is thickening rapidly and pressure variations are very different in the two cases.

All bodies immersed in a fluid are subject to a buoyancy force. In a flowing fluid,
there is an additional force which is made up of two components: the skin friction (or
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viscous drag) and the form drag (due to the pressure distribution). At low rates of flow
no separation of the boundary layer takes place, although as the velocity is increased,
separation occurs and the skin friction forms a gradually decreasing proportion of the
total drag. If the velocity of the fluid is very high, however, or if turbulence is artificially
induced, the flow within the boundary layer will change from streamline to turbulent
before separation takes place. Since the rate of transfer of momentum through a fluid in
turbulent motion is much greater than that in a fluid flowing under streamline conditions,
separation is less likely to occur, because the fast-moving fluid outside the boundary layer
is able to keep the fluid within the boundary layer moving in the forward direction. If
separation does occur, this takes place nearer to D in Figure 3.1, the resulting eddies are
smaller and the total drag will be reduced.

Turbulence may arise either from an increased fluid velocity or from artificial rough-
ening of the forward face of the immersed body. Prandtl roughened the forward face of
a sphere by fixing a hoop to it, with the result that the drag was considerably reduced.
Further experiments have been carried out in which sand particles have been stuck to the
front face, as shown in Figure 3.3. The tendency for separation, and hence the magnitude
of the form drag, are also dependent on the shape of the body.

z ”
- 4:‘: 3

-—

(b)

Figure 3.3. Effect of roughening front face of a sphere (q) 216 mm diameter ball entering water at 298 K
(b) As above, except for 100 mm diameter patch of sand on nose

Conditions of flow relative to a spherical particle are similar to those relative to a
cylinder, except that the flow pattern is three-directional. The flow is characterised by the
Reynolds number Re'(= udp/u) in which p is the density of the fluid, u is the viscosity
of the fluid, d is the diameter of the sphere, and u is the velocity of the fluid relative to
the particle.
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For the case of creeping flow, that is flow at very low velocities relative to the sphere,
the drag force F on the particle was obtained in 1851 by Stokes')’ who solved the
hydrodynamic equations of motion, the Navier—Stokes equations, to give:

F =3nudu 3.1

Equation 3.1, which is known as Stokes’ law is applicable only at very low values
of the particle Reynolds number and deviations become progressively greater as Re’
increases. Skin friction constitutes two-thirds of the total drag on the particle as given by
equation 3.1. Thus, the total force F is made up of two components:

(i) skin friction: 27 udu

total 37 ud
(i) form drag: mwudu } ot St

As Re’ increases, skin friction becomes proportionately less and, at values greater than
about 20, flow separation occurs with the formation of vortices in the wake of the sphere.
At high Reynolds numbers, the size of the vortices progressively increases until, at values
of between 100 and 200, instabilities in the flow give rise to vortex shedding. The effect
of these changes in the nature of the flow on the force exerted on the particle is now
considered.

3.3. THE DRAG FORCE ON A SPHERICAL PARTICLE

3.3.1. Drag coefficients

The most satisfactory way of representing the relation between drag force and velocity
involves the use of two dimensionless groups, similar to those used for correlating infor-
mation on the pressure drop for flow of fluids in pipes.

The first group is the particle Reynolds number Re'(= udp/u).

The second is the group R’/pu?, in which R’ is the force per unit projected area of
particle in a plane perpendicular to the direction of motion. For a sphere, the projected
area is that of a circle of the same diameter as the sphere.

_ F
" (md?/4)
R 4F
pu? = ad?pu?

Thus: R 3.2

and (3.3)

R'/pu? is a form of drag coefficient, often denoted by the symbol C7,. Frequently, a drag
coefficient Cp is defined as the ratio of R’ to pou?.
2R’
Thus: Cp=2Cp = — 3.4
pou
It is seen that C}, is analogous to the friction factor ¢(= R/ pu?) for pipe flow, and
Cp is analogous to the Fanning friction factor f.
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When the force F is given by Stokes’ law (equation 3.1), then:

R/
=1~

— = = 12Re™! 3.5
pu? udp ¢ (3.5)

Equations 3.1 and 3.5 are applicable only at very low values of the Reynolds number
Re’. GoLpsTEIN® has shown that, for values of Re’ up to about 2, the relation between
R’'/pu® and Re' is given by an infinite series of which equation 3.5 is just the first term.

R 12 3 19 71
: —_ = —Re' — ——Re* + ———Re?
Thus pil = Re [1 T 167 T 280 T 20480°¢
30,179 122,519
—_— T _ReM 4+ T RS — ... 3.6
34,406,400 "¢ T 560.742.400 X ] (3.6)
OseeN® employs just the first two terms of equation 3.6 to give:
R 3
— =12Re" ' {1+ =R - 3.7
i = 128 (1 e ) G

The correction factors for Stokes’ law from both equation 3.6 and equation 3.7 are given
in Table 3.1. It is seen that the correction becomes progressively greater as Re’ increases.

Table 3.1. Correction factors for Stokes’ law

Ré' Goldstein Oseen Schiller & Naumann Wadell Khan & Richardson
eqn. 3.6 eqn. 3.7 eqn. 3.9 eqn. 3.12 eqn. 3.13
0.01 1.002 1.002 1.007 0.983 1.038
0.03 1.006 1.006 1.013 1.00 1.009
0.1 1.019 1.019 1.03 1.042 1.006
0.2 1.037 1.037 1.05 1.067 1.021
0.3 1.055 1.056 1.07 1.115 1.038
0.6 1.108 1.113 1.11 1.346 1.085
1 1.18 1.19 1.15 1.675 1.137
2 1.40 1.38 1.24 1.917 1.240

Several workers have used numerical methods for solving the equations of motion for
flow at higher Reynolds numbers relative to spherical and cylindrical particles. These
include, JensoN®, and LE CLAR, HAMIELEC and PRUPPACHER®,

The relation between R’/ pu? and Re' is conveniently given in graphical form by means
of a logarithmic plot as shown in Figure 3.4. The graph may be divided into four regions
as shown. The four regions are now considered in turn.

Region (a) (1074 < Re’ < 0.2)

In this region, the relationship between ;—2 and Re’ is a straight line of slope —1
u

represented by equation 3.5:
R’ -1 .
;4—2- = 12Re (equation 3.5)
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Figure 3.4. R’/pu? versus Re’ for spherical particles

The limit of 10* is imposed because reliable experimental measurements have not
been made at lower values of Re’, although the equation could be applicable down to
very low values of Re’, provided that the dimensions of the particle are large compared
with the mean free path of the fluid molecules so that the fluid behaves as a continuum.

The upper limit of Re’ = 0.2 corresponds to the condition where the error arising from
the application of Stokes’ law is about 4 per cent. This limit should be reduced if a greater
accuracy is required, and it may be raised if a lower level of accuracy is acceptable.

Region (b) (0.2 < Re’ < 500-1000)

In this region, the slope of the curve changes progressively from —1 to 0 as Re’ increases.
Several workers have suggested approximate equations for flow in this intermediate
region. DALLAVELLE® proposed that R’/pu? may be regarded as being composed of two
component parts, one due to Stokes’ law and the other, a constant, due to additional
non-viscous effects.
RI
Thus: —5 = 12Re' +0.22 (3.8)
ou

ScuiLLer and NauMaNN) gave the following simple equation which gives a reasonable
approximation for values of Re’ up to about 1000:
R/

— = 12Re""!(1 + 0.15Re*6%7) (3.9)
pu?
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Region (c) (500-1000 < Re’ < ca 2 x 10°)

In this region, Newton’s law is applicable and the value of R'/pu? is approximately
constant giving:

R/
—s =0.22 (3.10)
pu

Region (d) (Re’ > ca 2 x 10°)

When Re’ exceeds about 2 x 10°, the flow in the boundary layer changes from streamline
to turbulent and the separation takes place nearer to the rear of the sphere. The drag force
is decreased considerably and:
R/
— =0.05 (3.11)
pu
Values of R'/pu® using equations 3.5, 3.9, 3.10 and 3.11 are given in Table 3.2 and
plotted in Figure 3.4. The curve shown in Figure 3.4 is really continuous and its division

Table 3.2. R’/pu?, (R'/ou?)Re™ and (R’ /pu?)Re'~! as a function of Re’

Re’ R'/pu? (R'/pu?)Re? (R'/pu?)Re'~!
1073 12,000
2x 1073 6000
5% 1073 2400
1072 1200 1.20 x 10~! 1.20 x 10°
2 x 102 600 2.40 x 107! 3.00 x 10*
5x 10-2 240 6.00 x 10~} 4.80 x 10°
10™! 124 1.24 1.24 x 10°
2 x 107! 63 2.52 3.15 x 102
5x 107! 26.3 6.4 5.26 x 10
10° 13.8 1.38 x 10 1.38 x 10
2 x 100 7.45 2.98 x 10 3.73
5% 100 3.49 8.73 x 10 7.00 x 10~!
10 2.08 2.08 x 102 2.08 x 107!
2x10 1.30 5.20 x 102 6.50 x 1072
5x 10 0.768 1.92 x 103 1.54 x 1072
102 0.547 5.47 x 10° 5.47 x 103
2 x 102 0.404 1.62 x 10* 2.02 x 1073
5 x 107 0.283 7.08 x 10¢ 5.70 x 1074
103 0.221 2.2t x 10° 221 x 1074
2% 103 022 8.8 x 10° 1.1 x 1074
5 x 10 0.22 5.5 x 106 4.4 %103
13: 0.22 2.2 x 107 2.2 x 10~3%
2x1 0.22
5x 10‘; 0.22
10 0.22
2% 10° 0.05
5 x 102 0.05
10 0.05
2 x 108 0.05
5 x 108 0.05

107 0.05
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into four regions is merely a convenient means by which a series of simple equations can
be assigned to limited ranges of values of Re’.

A comprehensive review of the various equations proposed to relate drag coefficient to
particle Reynolds number has been carried out by CLIFT, GRACE and WEBER®. One of the
earliest equations applicable over a wide range of values of Re’ is that due to WaDELL®

which may be written as:

R ( 3.39 )2

— = {0445 + (3.12)
pu? vRe

Subsequently, Kuan and RicHARDsON{'? have examined the experimental data and suggest

that a very good correlation between R’/pu’? and Re’, for values of Re’ up to 10°, is
given by:

ZR{ﬁ = [1.84Re"~3! 4 0.293Re0%345 (3.13)

In Table 3.3, values of R’/pu?, calculated from equations 3.12 and 3.13, together with
values from the Schiller and Naumann equation 3.9, are given as a function of Re’ over
the range 1072 < Re’ < 10°. Values are plotted in Figure 3.5 from which it will be noted
that equation 3.13 gives a shallow minimum at Re’ of about 10%, with values rising to
0.21 at Re’ = 10°. This agrees with the limited experimental data which are available in
this range.

Table 3.3. Values of drag coefficient R’ /pu? as a function of Re’

Re' Schiller & Naumann Wadell Khan & Richardson
eqn. 3.9 egn. 3.12 eqn. 3.13
0.01 1208 1179 1246
0.1 124 125 121
1 13.8 14.7 13.7
10 2.07 23 2.09
100 0.55 0.62 0.52
500 0.281 0.356 0.283
1000 0.219 0.305 0.234
3000 0.151 0.257 0.200
10,000 0.10 0.229 0.187
30,000 — 0.216 0.191
100,000 —_— 0.208 0.210

For values of Re’ < 2, correction factors for Stokes’ law have been calculated from
equations 3.9, 3.12 and these 3.13 and are these included in Table 3.1.

3.3.2. Total force on a particle

The force on a spherical particle may be expressed using equations 3.5, 3.9, 3.10 and
3.11 for each of the regions a, b, ¢ and d as follows.

In region (a): R = 12pu? (;Z_p) = 12:“ (3.14)



154 CHEMICAL ENGINEERING

10 100000
20000 50 100 1000 10000 1000
10000
SN
AN
N
N
L N\
\\
. 1000}
g F
= [
E joof
= E
2 3
S
b
8 10 0.1
= 3
o o
(s | Legend
1' ——————— Wadell
Khan & Richardson
———— Schiller & Naumann TSNS Izo--_ —
Ot i i d il el
0.001 0.01 0.1 1 10 100 1000 10000 100000
¢! LIVE GRAPH Reynolds number (Re’)

+ Click here to view
Figure 3.5. R’/ pu? versus Re' for spherical particles from equations 3.9 (SCHILLER and Naumann)y, 3.12
(WaDELL®) and 3.13 (KHAN and RIcHARDSON(!?). The enlarged section covers the range of Re’ from 50 to 10°

The projected area of the particle is 7d?/4. Thus the total force on the particle is given by:

_ 12up

F
d

lnwd* =3mudu (3.15)

This is the expression originally obtained by Stoxes") already given as equation 3.1.
In region (#), from equation 3.9:

12
R = :“(1 +0.15Re%87) (3.16)
and therefore: F = 3mudu(l + 0.15Re%7) (3.17)
In region (c): R = 0.22pu? (3.18)
and: F =0.22pu*ind® = 0.055wd* pu? (3.19)

This relation is often known as Newton’s law.
In region (d):

R’ = 0.05pu? (3.20)
F = 0.01257d*pu* (3.21)

Alternatively using equation 3.13, which is applicable over the first three regions (a),
(b) and (c) gives:

F= Z—dzpuz(l.84Re"O'31 + 0,293 Re/0%6)345 (3.22)
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3.3.3. Terminal falling velocities

If a spherical particle is allowed to settle in a fluid under gravity, its velocity will increase
until the accelerating force is exactly balanced by the resistance force. Although this state
is approached exponentially, the effective acceleration period is generally of short duration
for very small particles. If this terminal falling velocity is such that the corresponding
value of Re’ is less than 0.2, the drag force on the particle is given by equation 3.15.
If the corresponding value of Re’ lies between 0.2 and 500, the drag force is given
approximately by Schiller and Naumann in equation 3.17. It may be noted, however, that
if the particle has started from rest, the drag force is given by equation 3.15 until Re’
exceeds 0.2. Again if the terminal falling velocity corresponds to a value of Re’ greater
than about 500, the drag on the particle is given by equation 3.19. Under terminal falling
conditions, velocities are rarely high enough for Re’ to approach 10°, with the small
particles generally used in industry.
The accelerating force due to gravity is given by:

= (§7d>)os ~ p)g (3.23)

where p; is the density of the solid.
The terminal falling velocity ug corresponding to region (a) is given by:

(Erd®)(ps — p)g = 3mpdug
2

d
and: uo = & (0, — p) (3.24)
181

The terminal falling velocity corresponding to region (c) is given by:
(%nd3)(ps —p)g = 0.055nd2pu(2)

or: W2 = 3dg(ﬁ;_—‘-’2 (3.25)

In the expressions given for the drag force and the terminal falling velocity, the
following assumptions have been made:

(a) That the settling is not affected by the presence of other particles in the fluid. This
condition is known as “free settling”. When the interference of other particles is
appreciable, the process is known as “hindered settling”.

(b) That the walls of the containing vessel do not exert an appreciable retarding effect.

(c) That the fluid can be considered as a continuous medium, that is the particle is
large compared with the mean free path of the molecules of the fluid, otherwise the
particles may occasionally “slip” between the molecules and thus attain a velocity
higher than that calculated.

These factors are considered further in Sections 3.3.4 and 3.3.5 and in Chapter 5.
From equations 3.24 and 3.25, it is seen that terminal falling velocity of a particle in
a given fluid becomes greater as both particle size and density are increased. If for a
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particle of material A of diameter d4 and density pa, Stokes’ law is applicable, then the
terminal falling velocity up4 is given by equation 3.24 as:

2

d
uos = A2 (o4 - p) (3.26)
181

Similarly, for a particle of material B:

d2
Uop = lg’;g(ps -0 (3.27)
"
The condition for the two terminal velocities to be equal is then:
N2
8 _ ("A ”) (3.28)
da oB— P

If Newton’s law is applicable, equation 3.25 holds and:
2 _ 3dag(pa — p)

us, = —2-~C 77 (3.29)
04 P
3d -
and W2y = 2928005 — ) (3.30)
o
For equal settling velocities:
d—”:(“"°> (3.31)
dy PB— P
In general, the relationship for equal settling velocities is:
d NS
2 (p" p) (3.32)
da pg—p

where S = % for the Stokes’ law region, § = 1 for Newton’s law and, as an approximation,
% < § < 1 for the intermediate region.

This method of calculating the terminal falling velocity is satisfactory provided that
it is known which equation should be used for the calculation of drag force or drag
coefficient. It has already been seen that the equations give the drag coefficient in terms
of the particle Reynolds number Rej (= uodp/p) which is itself a function of the terminal
falling velocity uo which is to be determined. The problem is analogous to that discussed
in Volume 1, where the calculation of the velocity of flow in a pipe in terms of a known
pressure difference presents difficulties, because the unknown velocity appears in both
the friction factor and the Reynolds number.

The problem is most effectively solved by the generation of a new dimensionless group
which is independent of the particle velocity. The resistance force per unit projected area
of the particle under terminal falling conditions Ry is given by:

Roznd® = gnd’(ps — p)g
or: Ry = 3d(p; — p)g (3.33)
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R} 2d
Thus: 20 = 28— p) (3.34)
puy  3pug

The dimensionless group (R;/ pu%)Re('} does not involve ug since:

Ry ugd®p® _ 2dg(ps ~ p) ugd’p’

pug  u? 3puj T
3p. —
. 2d°(ps — p)eg (3.35)
3ul
3 -
The group d__p_gps_zﬂ is known as the Galileo number Ga or sometimes the
u
Archimedes number Ar.
R6 ” 2
Thus: —>Reg = 5Ga (3.36)
PUy

Using equations 3.5, 3.9 and 3.10 to express R’/ pu? in terms of Re' over the appropriate
range of Re', then:

Ga = 18Re (Ga < 3.6) (3.37)
Ga = 18Rel + 2.7Re ¥ (3.6 < Ga < ca. 10°) (3.38)
Ga = }Ref (Ga > ca. 10°) (3.39)

(R}/pud)Re} can be evaluated if the properties of the fluid and the particle are known.

In Table 3.4, values of log Re’ are given as a function of log{(R’/pu?) Re’?} and the data
taken from tables given by HEywoop‘!!), are represented in graphical form in Figure 3.6.
In order to determine the terminal falling velocity of a particle, (R;/pu3) Reg is evaluated
and the corresponding value of Re;, and hence of the terminal velocity, is found either
from Table 3.4 or from Figure 3.6.

Table 3.4. Values of log Re’ as a function of log{(R’ /puz)Re’z} for spherical particles
log{(R’/pu?)Re’?} 0.0 0.1 0.2 0.3 04 0.5 0.6 0.7 0.8 0.9

i i i i i i i 3620 3720 3819
3919 3018 2117 2216 3315 32414 2513 2612 2711 2810
2908 1007 1105 1203 1301 1398 1495 1591 1686 1.781
1874 1967 0008 0148 0236 0324 0410 0495 0577 0.659
0738 0817 0895 0972 1048 1124 1199 1273 1346 1419
1491 1562 1632 1702 1771 1.839 1907 1974 2040 2.106
2171 2236 2300 2363 2425 2487 2548 2608 2667 2725
2783 2841 2899 295 3013 3.070 3127 3.83 3239 3295

ARV = Oy
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Example 3.1

What is the terminal velocity of a spherical steel particle, 0.40 mm in diameter, settling in an oil
of density 820 kg/m® and viscosity 10 mN s/m?? The density of steel is 7870 kg/m>.

Solution
For a sphere:
’ 3 -
R—OzRe(')2 = M (equation 3.35)
PUG 3u
_2x 0.0004° x 820(7870 — 820)9.81
- 3(10 x 10-3)2
=24.2
log,;24.2 = 1.384
From Table 3.4: log,, Rey = 0.222
Thus: Rey = 1.667
and: 4o = 1667 x 10 x 103
' ™ 77820 x 0.0004

= 0.051 m/s or 51 mm/s

Example 3.2

A finely ground mixture of galena and limestone in the proportion of 1 to 4 by mass is subjected to
elutriation by an upward-flowing stream of water flowing at a velocity of 5 mm/s. Assuming that
the size distribution for each material is the same, and is as shown in the following table, estimate
the percentage of galena in the material carried away and in the material left behind. The viscosity
of water is 1 mN s/m? and Stokes’ equation (3.1) may be used.

Diameter (um) 20 30 40 50 60 70 80 100
Undersize (per cent by mass) 15 28 48 54 64 72 78 88

The densities of galena and limestone are 7500 and 2700 kg/m®, respectively.

Solution

The first step is to determine the size of a particle which has a settling velocity equal to that of the
upward flow of fluid, that is 5 mm/s.
Taking the largest particle, d = (100 x 10~¢) = 0.0001 m

and: Re' = (5 x 10~% x 0.0001 x 1000)/(1 x 107%) = 0.5

Thus, for the bulk of particles, the flow will be within region (a) in Figure 3.4 and the settling
velocity is given by Stokes’ equation:

uo = (d*g/18u)(ps - p) (equation 3.24)
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For a particle of galena settling in water at 5 mm/s:
(5 x 107%) = ((d? x 9.81)/(18 x 107*))(7500 — 1000) = 3.54 x 10%4?
and: d =3.76 x 107 m or 37.6 pm

For a particle of limestone settling at 5 nmm/s:

(5 x 107%) = ((d% x 9.81)/(18 x 1073))(2700 — 1000) = 9.27 x 10°4*
and: d=1735x%10"" mor 73.5 um

Thus particles of galena of less than 37.6 um and particles of limestone of less than 73.5 pm
will be removed in the water stream.

Interpolation of the data given shows that 43 per cent of the galena and 74 per cent of the
limestone will be removed in this way.

In 100 kg feed, there is 20 kg galena and 80 kg limestone.

Therefore galena removed = (20 x 0.43) = 8.6 kg, leaving 11.4 kg, and limestone removed =
(80 x 0.74) = 59.2 kg, leaving 20.8 kg.

Hence in the material removed:

concentration of galena = (8.6 x 100)/(8.6 + 59.2) = 12.7 per cent by mass

and in the material remaining:

concentration of galena = (11.4 x 100)/(11.4 + 20.8) = 35.4 per cent by mass

As an alternative, the data used for the generation of equation 3.13 for the relation
between drag coefficient and particle Reynolds number may be expressed as an explicit
relation between Rey (the value of Re’ at the terminal falling condition of the particle)
and the Galileo number Ga. The equation takes the form(9:

Re) = (2.33Ga%"8 — 1.53Gq0016)133 (3.40)

The Galileo number is readily calculated from the properties of the particle and the fluid,
and the corresponding value of Re, from which up can be found, is evaluated from
equation 3.40.

A similar difficulty is encountered in calculating the size of a sphere having a given
terminal falling velocity, since Re and R/pu?® are both functions of the diameter d of
the particle. This calculation is similarly facilitated by the use of another combination,
(Ry/ pu%)Reé‘l, which is independent of diameter. This is given by:

Ro -1 _ 218
Py Rey ' = 373 (os — p) (3.41)
Log Re’ is given as a function of log[(R’/pou?)Re’~!] in Table 3.5 and the functions are
plotted in Figure 3.6. The diameter of a sphere of known terminal falling velocity may
be calculated by evaluating (R;/ pu%)Reg‘l, and then finding the corresponding value of
Rey, from which the diameter may be calculated.

As an alternative to this procedure, the data used for the generation of equation 3.13
may be expressed to give Re; as an explicit function of {(R'/pu3)Re[ '}, which from
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Table 3.5. Values of log Re’ as a function of log{(R’/pu?)Re'~!} for spherical particles
log{(R'/pu®)Re~1} 0.0 0.1 02 0.3 0.4 0.5 0.6 0.7 0.8 0.9

3.401
3316 3231 3.148 3065 2984 2903 2824 2745 2668 2591
2517 2443 2372 2300 2231 2162 2095 2027 1961 1894
1.829 1763 1699 1634 1571 1508 1496 1383 1322 1260
1200 1140 1081 1022 0963 0904 0846 0788 0730 0.672
0.616 0560 0505 0449 0394 0339 0286 0232 0.178 0.125
0072 0019 1969 1919 1865 1811 1760 1708 1656 1.605
1554 1503 1452 1401 1350 1299 1249 1.198 1.148 1.097
1.047 2996 2946 2895 2845 2794 2744 2694 2644 259
2544 2493 2443 2393 2343 2292

PN = O =N W R

equation 3.40 is equal to 2/3[(ug/p2u8)(ps — p)]. Then writing
Kp = (/,Lg/pzug)(p: — p)], Rey may be obtained from:

Refy = (1.47 K% +0.11 KJ*)>% (3.42)

d may then be evaluated since it is the only unknown quantity involved in the Reynolds
number.

3.3.4. Rising velocities of light particles

Although there appears to be no problem in using the standard relations between drag
coefficient and particle Reynolds number for the calculation of terminal falling velocities
of particles denser than the liquid, KaRAMANEV, CHavaRE and Maver!? have shown
experimentally that, for light particles rising in a denser liquid, an overestimate of the
terminal rising velocity may result. This can occur in the Newton'’s law region and may be
associated with an increase in the drag coefficient Cp’ from the customary value of 0.22
for a spherical particle up to a value as high as 0.48. Vortex shedding behind the rising
particle may cause it to take a longer spiral path thus reducing its vertical component of
velocity. A similar effect is not observed with a falling dense particle because its inertia
is too high for vortex-shedding to have a significant effect. Further experimental work
by DewsBURY, Karamav and MarcGariTis!'® with shear-thinning power-law solutions of
CMC (carboxymethylcellulose) has shown similar effects.

3.3.5. Effect of boundaries

The discussion so far relates to the motion of a single spherical particle in an effectively
infinite expanse of fluid. If other particles are present in the neighbourhood of the sphere,
the sedimentation velocity will be decreased, and the effect will become progressively
more marked as the concentration is increased. There are three contributory factors. First,
as the particles settle, they will displace an equal volume of fluid, and this gives rise to an
upward flow of liquid. Secondly, the buoyancy force is influenced because the suspension
has a higher density than the fluid. Finally, the flow pattern of the liquid relative to



162 CHEMICAL ENGINEERING

the particle is changed and velocity gradients are affected. The settling of concentrated
suspensions is discussed in detail in Chapter 5.

The boundaries of the vessel containing the fluid in which the particle is settling will
also affect its settling velocity. If the ratio of diameter of the particle (d) to that of the
tube (d;) is significant, the motion of the particle is retarded. Two effects arise. First,
as the particle moves downwards it displaces an equal volume of liquid which must rise
through the annular region between the particle and the wall. Secondly, the velocity profile
in the fluid is affected by the presence of the tube boundary. There have been several
studies!#~1® of the influence of the walls, most of them in connection with the use of the
“falling sphere” method of determining viscosity, in which the viscosity is calculated from
the settling velocity of the sphere. The resulting correction factors have been tabulated
by CLIFT, Grack and WEBER®. The effect is difficult to quantify accurately because the
particle will not normally follow a precisely uniform vertical path through the fluid. It
is therefore useful also to take into account work on the sedimentation of suspensions
of uniform spherical particles at various concentrations, and to extrapolate the results to
zero concentration to obtain the free falling velocity for different values of the ratio d/d,.
The correction factor for the influence of the walls of the tube on the settling velocity of
a particle situated at the axis of the tube was calculated by LADENBURG('4) who has given
the equation:

Ut d -1
— = (l + 2.4d—) (d/d;, <0.1) (3.43)
t

where uy, is the settling velocity in the tube, and
uo is the free falling velocity in an infinite expanse of fluid.

Equation 3.43 was obtained for the Stokes’ law regime. It overestimates the wall effect,
however, at higher particle Reynolds number (Re’ > 0.2).

Similar effects are obtained with non-cylindrical vessels although, in the absence of
adequate data, it is best to use the correlations for cylinders, basing the vessel size on its
hydraulic mean diameter which is four times the ratio of the cross-sectional area to the
wetted perimeter.

The particles also suffer a retardation as they approach the bottom of the containing
vessel because the lower boundary then influences the flow pattern of the fluid relative
to the particle. This problem has been studied by Lapensurc(¥), Tanner!® and
Surtersy®?, Ladenburg gives the following equation:

Uor -1
uor _ (1 + 1.65——) (3.44)

where L' is the distance between the centre of the particle and the lower boundary, for
the Stokes’ law regime.

3.3.6. Behaviour of very fine particles

Very fine particles, particularly in the sub-micron range (d < 1 pm), are very readily
affected by natural convection currents in the fluid, and great care must be taken in
making measurements to ensure that temperature gradients are eliminated.
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The behaviour is also affected by Brownian motion. The molecules of the fluid bombard
each particle in a random manner. If the particle is small, the net resultant force acting
at any instant may be large enough to cause a change in its direction of motion. This
effect has been studied by Davies??), who has developed an expression for the combined
effects of gravitation and Brownian motion on particles suspended in a fluid.

In the preceding treatment, it has been assumed that the fluid constitutes a continuum
and that the size of the particles is small compared with the mean free path A of the
molecules. Particles of diameter d < 0.1 pm in gases at atmospheric pressure (and for
larger particles in gases at low pressures) can “slip” between the molecules and therefore
attain higher than predicted settling velocities. According to CunnmnGHAM®? the slip
factor is given by:

A
1+ ﬂE (3.45)

Davies® gives the following expression for B:

B = 1.764 + 0.562¢~0785@/) (3.46)

3.3.7. Effect of turbulence in the fluid

If a particle is moving in a fluid which is in laminar flow, the drag coefficient is approxi-
mately equal to that in a still fluid, provided that the local relative velocity at the particular
location of the particle is used in the calculation of the drag force. When the velocity
gradient is sufficiently large to give a significant variation of velocity across the diameter
of the particle, however, the estimated force may be somewhat in error.

When the fluid is in turbulent flow, or where turbulence is generated by some external
agent such as an agitator, the drag coefficient may be substantially increased. Brucato
et al.® have shown that the increase in drag coefficient may be expressed in terms of
the Kolmogoroff scale of the eddies (Ag) given by:

Ap = [(u/p)*/el* (3.47)

where ¢ is the mechanical power generated per unit mass of fluid by an agitator, for
example.
The increase in the drag coefficient Cp over that in the absence of turbulence Cpg is
given by:
¥ = (Cp — Cpo)/Cpo = 8.76 x 107*(d/Ar)’ (3.48)

Values of i of up to about 30, have been reported.

3.3.8. Effect of motion of the fluid

If the fluid is moving relative to some surface other than that of the particle, there will be
a superimposed velocity distribution and the drag on the particle may be altered. Thus, if
the particle is situated at the axis of a vertical tube up which fluid is flowing in streamline
motion, the velocity near the particle will be twice the mean velocity because of the
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CHAPTER 4

Flow of Fluids through Granular Beds
and Packed Columns

4.1. INTRODUCTION

The flow of fluids through beds composed of stationary granular particles is a frequent
occurrence in the chemical industry and therefore expressions are needed to predict
pressure drop across beds due to the resistance caused by the presence of the particles.
For example, in fixed bed catalytic reactors, such as SO;~SO; converters, and drying
columns containing silica gel or molecular sieves, gases are passed through a bed of
particles. In the case of gas absorption into a liquid, the gas flows upwards against a
falling liquid stream, the fluids being contained in a vertical column packed with shaped
particles. In the filtration of a suspension, liquid flows at a relatively low velocity through
the spaces between the particles which have been retained by the filter medium and, as a
result of the continuous deposition of solids, the resistance to flow increases progressively
throughout the operation. Furthermore, deep bed filtration is used on a very large scale in
water treatment, for example, where the quantity of solids to be removed is small. In all
these instances it is necessary to estimate the size of the equipment required, and design
expressions are required for the drop in pressure for a fluid flowing through a packing,
either alone or as a two-phase system. The corresponding expressions for fluidised beds
are discussed in Chapter 6. The drop in pressure for flow through a bed of small particles
provides a convenient method for obtaining a measure of the external surface area of a
powder, for example cement or pigment. '

The flow of either a single phase through a bed of particles or the more complex flow
of two fluid phases is approached by using the concepts developed in Volume 1 for the
flow of an incompressible fluid through regular pipes or ducts. It is found, however, that
the problem is not in practice capable of complete analytical solution and the use of
experimental data obtained for a variety of different systems is essential. Later in the
chapter some aspects of the design of industrial packed columns involving countercurrent
flow of liquids and gases are described.

4.2. FLOW OF A SINGLE FLUID THROUGH
A GRANULAR BED
4.2.1. Darcy’s law and permeability

The first experimental work on the subject was carried out by Darcy? in 1830 in Dijon
when he examined the rate of flow of water from the local fountains through beds of
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sand of various thicknesses. It was shown that the average velocity, as measured over
the whole area of the bed, was directly proportional to the driving pressure and inversely
proportional to the thickness of the bed. This relation, often termed Darcy’s law, has
subsequently been confirmed by a number of workers and can be written as follows:

(-AP)
l

where —A P is the pressure drop across the bed,

is the thickness of the bed,

is the average velocity of flow of the fluid, defined as (1/A)(dV/dt),

is the total cross sectional area of the bed,

is the volume of fluid flowing in time t, and

is a constant depending on the physical properties of the bed and fluid.

u. =K @.1)

<& o~

The linear relation between the rate of flow and the pressure difference leads one to
suppose that the flow was streamline, as discussed in Volume 1, Chapter 3. This would be
expected because the Reynolds number for the flow through the pore spaces in a granular
material is low, since both the velocity of the fluid and the width of the channels are
normally small. The resistance to flow then arises mainly from viscous drag. Equation 4.1
can then be expressed as:

K(—-AP) (—AP)
U, = =B
l ul

where u is the viscosity of the fluid and B is termed the permeability coefficient for the
bed, and depends only on the properties of the bed.

The value of the permeability coefficient is frequently used to give an indication of the
ease with which a fluid will flow through a bed of particles or a filter medium. Some
values of B for various packings, taken from EisenkLamM®, are shown in Table 4.1, and
it can be seen that B can vary over a wide range of values. It should be noted that these
values of B apply only to the laminar flow regime.

4.2)

4.2.2. Specific surface and voidage

The general structure of a bed of particles can often be characterised by the specific
surface area of the bed Sp and the fractional voidage of the bed e.

Sp is the surface area presented to the fluid per unit volume of bed when the particles
are packed in a bed. Its units are (length)~!.

e is the fraction of the volume of the bed not occupied by solid material and is termed
the fractional voidage, voidage, or porosity. It is dimensionless. Thus the fractional volume
of the bed occupied by solid material is (1 — ¢).

§ is the specific surface area of the particles and is the surface area of a particle divided
by its volume. Its units are again (length)~!. For a sphere, for example:

nd? 6

$= 7@d3/6) _ d

4.3)
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Table 4.1. Properties of beds of some regular-shaped materials‘®

Solid constituents

Porous mass

No. Description Specific Fractional Permeability
surface area voidage, e coefficient B
S(m?/m?’) -) (m?)
Spheres
1 0.794 mm diam. (4; in.) 7600 0.393 6.2 x 10710
2 1.588 mm diam. (£ in) 3759 0.405 2.8 x107°
3 3.175 mm diam. (3 in)) 1895 0.393 9.4 x 1077
4 635 mmdiam. (} in) 948 0.405 4.9 x 1078
5 794 mm diam. (f in) 756 0416 9.4 x 10-8
Cubes
6  3.175 mm (} in) 1860 0.190 4.6 x 10710
7 3175 mm (§ in) 1860 0.425 1.5 x 10~8
8 635 mm (§ in) 1078 0.318 1.4 x 1078
9 635 mm(§ in) 1078 0.455 6.9 x 1078
Hexagonal prisms
10 4.76 mm x 4.76 mm thick (& in. x &% in) 1262 0.355 1.3 x 1078
11 476 mm x 4.76 mm thick (& in. x % in) 1262 0472 59 x 1078
Triangular pyramids
12 6.35 mm length x 2.87 mm ht. 2410 0.361 6.0 x 107°
(4 in. x 0.113 in)
13 6.35 mm length x 2.87 mm ht. 2410 0.518 1.9 x 1078
(3 in. x 0.113 in)
Cylinders
14 3.175 mm x 3.175 mm diam. (% in. x % in,) 1840 0.401 1.1 x 10~8
15 3.175 mm x 6.35 mm diam. (§ in. x § in.) 1585 0.397 1.2 x 1078
16  6.35 mm x 6.35 mm diam. (§ in. x § in.) 945 0.410 4.6 % 1078
Plates
17 6.35 mm x 6.35 mm x 0.794 mm 3033 0.410 5.0 x 1079
(%in. x %in. X 312 in.)
18 6.35 mm x 6.35 mm x 1.59 mm 1984 0.409 1.1x 1078
(in. x din. x & in)
Discs
19 3.175 mm diam. x 1.59 mm (§ in. x {5 in.) 2540 0.398 6.3 x 107°
Porcelain Berl saddles
20 6 mm (0.236 in) 2450 0.685 9.8 x 1072
21 6 mm (0.236 in) 2450 0.750 1.73 x 1077
22 6 mm (0.236 in.) 2450 0.790 2.94 x 1077
23 6 mm (0.236 in.) 2450 0.832 3.94 x 1077
24 Lessing rings (6 mm) 5950 0.870 1.71 x 1077
25 Lessing rings (6 mm) 5950 0.889 2.79 x 10~7

It can be seen that S and Sp are not equal due to the voidage which is present when
the particles are packed into a bed. If point contact occurs between particles so that only
a very small fraction of surface area is lost by overlapping, then:

Sp=S(1 ~e)

(4.4)
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Some values of S and e for different beds of particles are listed in Table 4.1. Values of
e much higher than those shown in Table 4.1, sometimes up to about 0.95, are possible
in beds of fibres® and some ring packings. For a given shape of particle, § increases as
the particle size is reduced, as shown in Table 4.1.

As e is increased, flow through the bed becomes easier and so the permeability coeffi-
cient B increases; a relation between B, e, and § is developed in a later section of this
chapter. If the particles are randomly packed, then e should be approximately constant
throughout the bed and the resistance to flow the same in all directions. Often near
containing walls, e is higher, and corrections for this should be made if the particle size
is a significant fraction of the size of the containing vessel. This correction is discussed
in more detail later.

4.2.3. General expressions for flow through beds in terms of
Carman-Kozeny equations

Streamline flow — Carman-Kozeny equation

Many attempts have been made to obtain general expressions for pressure drop and
mean velocity for flow through packings in terms of voidage and specific surface, as
these quantities are often known or can be measured. Alternatively, measurements of the
pressure drop, velocity, and voidage provide a convenient way of measuring the surface
area of some particulate materials, as described later.

The analogy between streamline flow through a tube and streamline flow through the
pores in a bed of particles is a useful starting point for deriving a general expression.

From Volume 1, Chapter 3, the equation for streamline flow through a circular tube is:

Lo G AP
T2

4.5)

where: u is the viscosity of the fluid,
u is the mean velocity of the fluid,
d, is the diameter of the tube, and
I, is the length of the tube.

If the free space in the bed is assumed to consist of a series of tortuous channels,
equation 4.5 may be rewritten for flow through a bed as:

d? (-AP)
Uy = ———
Ku I

(4.6)

where: d;, is some equivalent diameter of the pore channels,
K’ is a dimensionless constant whose value depends on the structure of the bed,
I’ is the length of channel, and
u; is the average velocity through the pore channels.

It should be noted that u; and !’ in equation 4.6 now represent conditions in the pores
and are not the same as u, and / in equations 4.1 and 4.2. However, it is a reasonable
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assumption that I’ is directly proportional to I. Dupurr® related u, and u; by the following
argument.

In a cube of side X, the volume of free space is eX> so that the mean cross-sectional
area for flow is the free volume divided by the height, or eX2. The volume flowrate
through this cube is u.X?, so that the average linear velocity through the pores, ui,
is given by:

uX*  u,
= - < 4.7
eX? e @.7)

Ui

Although equation 4.7 is reasonably true for random packings, it does not apply to all
regular packings. Thus with a bed of spheres arranged in cubic packing, e = 0.476, but
the fractional free area varies continuously, from 0.215 in a plane across the diameters to
1.0 between successive layers.

For equation 4.6 to be generally useful, an expression is needed for 4,,, the equivalent
diameter of the pore space. Kozeny®® proposed that d/, may be taken as:

€ e
d,==—=—— 4.8
™ Sg S(l-e) 48)

where: e _ volume of voids filled with fluid
. Sp  wetted surface area of the bed

cross-sectional area normal to flow
wetted perimeter

The hydraulic mean diameter for such a flow passage has been shown in Volume 1,
Chapter 3 to be:

cross-sectional area
wetted perimeter

It is then seen that:
= { (hydraulic mean diameter)

e
Sp
Then taking u; = u./e and I’ o [, equation 4.6 becomes:
NG
_ 1 & 1(-AP)
TK'S2(l—-e?u

1 &1 (-AP)

4.9)

K" is generally known as Kozeny’s constant and a commonly accepted value for K’
is 5. As will be shown later, however, K" is dependent on porosity, particle shape, and
other factors. Comparison with equation 4.2 shows that B the permeability coefficient is
given by:

1 &
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Inserting a value of 5 for K” in equation 4.9:

1 e =—AP
= 4.11
“e= S =2 S?ul @.1D)
For spheres: S = 6/d and: (equation 4.3)
1 e —APgd?
— _Tare 4.12
= 1800 —e2 4.12)
e —APd?
= 0.0055 ———s ——— 4.12a
000 T = (*-120)

For non-spherical particles, the Sauter mean diameter d; should be used in place of d.
This is given in Chapter 1, equation 1.15.

Streamline and turbulent flow

Equation 4.9 applies to streamline flow conditions, though CarMaN® and others have
extended the analogy with pipe flow to cover both streamline and turbulent fiow conditions
through packed beds. In this treatment a modified friction factor R;/pu? is plotted against
a modified Reynolds number Re;. This is analogous to plotting R/pu? against Re for
flow through a pipe as in Volume 1, Chapter 3.

The modified Reynolds number Re; is obtained by taking the same velocity and charac-
teristic linear dimension d,, as were used in deriving equation 4.9. Thus:

Ug e p
eS(l—eu
Ucp

= _—S(l —on (4.13)

Re1 =

The friction factor, which is plotted against the modified Reynolds number, is R;/pu?,
where R; is the component of the drag force per unit area of particle surface in the
direction of motion. R; can be related to the properties of the bed and pressure gradient
as follows. Considering the forces acting on the fluid in a bed of unit cross-sectional
area and thickness /, the volume of particles in the bed is /(1 — ¢) and therefore the total
surface is SI(1 — e). Thus the resistance force is R;SI(1 — e). This force on the fluid must
be equal to that produced by a pressure difference of A P across the bed. Then, since the
free cross-section of fluid is equal to e:

(=AP)e = R SI(1 —¢)
e (=AP)
T SQ-e I

R, & (=AP) 1
ou? " S(l—e) | pu?

and R (4.14)

Thus

4.15)
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Carman found that when R;/pu? was plotted against Re; using logarithmic coordinates,
his data for the flow through randomly packed beds of solid particles could be correlated
approximately by a single curve (curve A, Figure 4.1), whose general equation is:

R
—5 =5Re;! +0.4Re;""! (4.16)
put
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Figure 4.1. Carman’s graph of Rl/puf against Rej

The form of equation 4.16 is similar to that of equation 4.17 proposed by FORCHHEIMER ®
who suggested that the resistance to flow should be considered in two parts: that due to
the viscous drag at the surface of the particles, and that due to loss in turbulent eddies
and at the sudden changes in the cross-section of the channels. Thus:

(~AP) = au, +'u” (4.17)

The first term in this equation will predominate at low rates of flow where the losses are
mainly attributable to skin friction, and the second term will become significant at high
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flowrates and in very thin beds where the enlargement and contraction losses become
very important. At very high flowrates the effects of viscous forces are negligible.
From equation 4.16 it can be seen that for values of Re; less than about 2, the second
term is small and, approximately:
-131—2 = 5Rey" (4.18)
puy

Equation 4.18 can be obtained from equation 4.11 by substituting for —AP/I from

equation 4.15. This giVCSZ
¢ 5\1—-e S[L pu%

Thus: R _s <—S(1 - e)“)

pu? Uep

= 5Rey! (from equation 4.13)

As the value of Re; increases from about 2 to 100, the second term in equation 4.16
becomes more significant and the slope of the plot gradually changes from —1.0 to about
—%. Above Re; of 100 the plot is approximately linear. The change from complete
streamline flow to complete turbulent flow is very gradual because flow conditions are
not the same in all the pores. Thus, the flow starts to become turbulent in the larger
pores, and subsequently in successively smaller pores as the value of Re; increases. It
is probable that the flow never becomes completely turbulent since some of the passages
may be so small that streamline conditions prevail even at high flowrates.

Rings, which as described later are often used in industrial packed columns, tend to
deviate from the generalised curve A on Figure 4.1 particularly at high values of Re;.

Sawistowski® compared the results obtained for flow of fluids through beds of hollow
packings (discussed later) and has noted that equation 4.16 gives a consistently low result
for these materials. He proposed:

R
— =5Re]! + Re;%! (4.19)

pud
This equation is plotted as curve B in Figure 4.1.
For flow through ring packings which as described later are often used in industrial
packed columns, ERGUNU!9) obtained a good semi-empirical correlation for pressure drop
as follows:

—~AP (1 ~e)? pu, (1 —e) pu?
— =150 1.75———= 4.2
; P pei (4.20)
Writing d = 6/ (from equation 4.3):
—AP & uS(l —e)
=417———= 2
Slpu? 1 —e ouc +029
R
or: — = 4.17Re;! 4 0.29 4.21)

pu;
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This equation is plotted as curve C in Figure 4.1. The form of equation 4.21 is somewhat
similar to that of equations 4.16 and 4.17, in that the first term represents viscous losses
which are most significant at low velocities and the second term represents kinetic energy
losses which become more significant at high velocities. The equation is thus applicable
over a wide range of velocities and was found by Ergun to correlate experimental data
well for values of Re;/(1 — ¢) from 1 to over 2000.

The form of the above equations suggests that the only properties of the bed on which
the pressure gradient depends are its specific surface S (or particle size d) and its voidage
e. However, the structure of the bed depends additionally on the particle size distribution,
the particle shape and the way in which the bed has been formed; in addition both the
walls of the container and the nature of the bed support can considerably affect the way
the particles pack. It would be expected, therefore, that experimentally determined values
of pressure gradient would show a considerable scatter relative to the values predicted by
the equations. The importance of some of these factors is discussed in the next section.

Furthermore, the rheology of the fluid is important in determining how it flows through
a packed bed. Only Newtonian fluid behaviour has been considered hitherto. For non-
Newtonian fluids, the effect of continual changes in the shape and cross-section of the
flow passages may be considerable and no simple relation may exist between pressure
gradient and flowrate. This problem has been the subject of extensive studies by several
workers including KemsLowski et al.!!,

In some applications, there may be simultaneous flow of two immiscible liquids, or of
a liquid and a gas. In general, one of the liquids (or the liquid in the case of liquid—gas
systems) will preferentially wet the particles and flow as a continuous film over the surface
of the particles, while the other phase flows through the remaining free space. The problem
is complex and the exact nature of the flow depends on the physical properties of the two
phases, including their surface tensions. An analysis has been made by several workers
including Borser"? and Graser and Lirr(!?.

Dependence of K” on bed structure

Tortuosity. Although it was implied in the derivation of equation 4.9 that a single value
of the Kozeny constant X" applied to all packed beds, in practice this assumption does
not hold.
CarMaN has shown that: )
l/
K" = (—l-) x Ky (4.22)
where (I'/1) is the tortuosity and is a measure of the fluid path length through the bed
compared with the actual depth of the bed,
Ko is a factor which depends on the shape of the cross-section of a channel
through which fluid is passing.

For streamline fluid flow through a circular pipe where Poiseuille’s equation applies
(given in Volume 1, Chapter 3), Ky is equal to 2.0, and for streamline flow through a
rectangle where the ratio of the lengths of the sides is 10: 1, Ky = 2.65. CARMAN('¥ has
listed values of K for other cross-sections. From equation 4.22 it can be seen that if, say,
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Ko were constant, then K” would increase with increase in tortuosity. The reason for K”
being near to 5.0 for many different beds is probably that changes in tortuosity from one
bed to another have been compensated by changes in K in the opposite direction.

Wall effect. In a packed bed, the particles will not pack as closely in the region near
the wall as in the centre of the bed, so that the actual resistance to flow in a bed of
small diameter is less than it would be in an infinite container for the same flowrate per
unit area of bed cross-section. A correction factor f,, for this effect has been determined
experimentally by CouLson!>, This takes the form:

S 2
fo= (1 + %?) (4.23)

where S, is the surface of the container per unit volume of bed.
Equation 4.9 then becomes:

1 e 1 (~AP)
TKSM(l—-e?pu 1

Ue

Jo (4.24)

The values of K” shown on Figure 4.2 apply to equation 4.24.
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Figure 4.2. Variation of Kozeny’s constant K" with voidage for various shapes

Non-spherical particles. CouLson!> and WyLLIE and GREGORY!® have each determined
values of X" for particles of many different sizes and shapes, including prisms, cubes, and
plates. Some of these values for K” are shown in Figure 4.2 where it is seen that they lie
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between 3 and 6 with the extreme values only occurring with thin plates. This variation
of K” with plates probably arises, not only from the fact that area contact is obtained
between the particles, but also because the plates tend to give greater tortuosities. For
normal granular materials Kin('” and PRiE‘'® have found that K” is reasonably constant
and does not vary so widely as the K values for extreme shapes in Figure 4.2.

Spherical particles. Equation 4.24 has been tested with spherical particles over a wide
range of sizes and K” has been found to be about 4.8 & 0.3(5:19,

For beds composed of spheres of mixed sizes the porosity of the packing can change
very rapidly if the smaller spheres are able to fill the pores between the larger ones. Thus
CouLson’® found that, with a mixture of spheres of size ratio 2: 1, a bed behaves much
in accordance with equation 4.19 but, if the size ratio is 5:1 and the smaller particles
form less than 30 per cent by volume of the larger ones, then K” falls very rapidly,
emphasising that only for uniform sized particles can bed behaviour be predicted with
confidence.

Beds with high voidage. Spheres and particles which are approximately isometric do
not pack to give beds with voidages in excess of about 0.6. With fibres and some ring
packings, however, values of e near unity can be obtained and for these high values K"
rises rapidly. Some values are given in Table 4.2.

Table 4.2. Experimental values of K” for beds of high porosity

Experimental value of X"

Voidage Silk fibres
e BRINKMAN®) DaviesD Lorp0

0.5 55

0.6 43

0.8 54 6.7 5.35
0.9 8.8 9.7 6.8
0.95 15.2 153 9.2
0.98 328 276 15.3

Deviations from the Carman-Kozeny equation (4.9) become more pronounced in these
beds of fibres as the voidage increases, because the nature of the flow changes from one
of channel flow to one in which the fibres behave as a series of obstacles in an otherwise
unobstructed passage. The flow pattern is also different in expanded fluidised beds and the
Carman-Kozeny equation does not apply there either. As fine spherical particles move far
apart in a fluidised bed, Stokes’ law can be applied, whereas the Carman—Kozeny equation
leads to no such limiting resistance. This problem is further discussed by CARMAN(4).

Effect of bed support. The structure of the bed, and hence K”, is markedly influenced
by the nature of the support. For example, the initial condition in a filtration may affect
the whole of a filter cake. Figure 4.3 shows the difference in orientation of two beds
of cubical particles. The importance of the packing support should not be overlooked in
considering the drop in pressure through the column since the support may itself form
an important resistance, and by orientating the particles as indicated may also affect the
total pressure drop.
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Figure 4.3. Packing of cubes, stacked on (a) Plane surface, and () On bed of spheres

The application of Carman~Kozeny equations

Equations 4.9 and 4.16, which involve e/Sp as a measure of the effective pore diameter,
are developed from a relatively sound theoretical basis and are recommended for beds
of small particles when they are nearly spherical in shape. The correction factor for
wall effects, given by equation 4.23, should be included where appropriate. With larger
particles which will frequently be far from spherical in shape, the correlations are not
so reliable. As shown in Figure 4.1, deviations can occur for rings at higher values of
Re;. Efforts to correct for non-sphericity, though frequently useful, are not universally
effective, and in such cases it will often be more rewarding to use correlations, such as
equation 4.19, which are based on experimental data for large packings.
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Use of Carman~Kozeny equation for measurement of particle surface

The Carman—Kozeny equation relates the drop in pressure through a bed to the specific
surface of the material and can therefore be used as a means of calculating S from
measurements of the drop in pressure. This method is strictly only suitable for beds
of uniformly packed particles and it is not a suitable method for measuring the size
distribution of particles in the subsieve range. A convenient form of apparatus developed
by Lea and Nurse®? is shown diagrammatically in Figure 4.4. In this apparatus, air or
another suitable gas flows through the bed contained in a cell (25 mm diameter, 87 mm
deep), and the pressure drop is obtained from A; and the gas flowrate from h;.

If the diameters of the particles are below about S pm, then slip will occur and this
must be allowed for, as discussed by CARMAN and MALHERBE?® .

Dry air =—

I~ Permeability Capillary tube

cell

0.8 mm bore
2.8 mlong

Flowmeter

Manometer Ny

S~

Figure 4.4. The permeability apparatus of LEa and NURSE®??

The method has been successfully developed for measurement of the surface area of
cement and for such materials as pigments, fine metal powders, pulverised coal, and fine
fibres.



204 CHEMICAL ENGINEERING
4.2.4. Non-Newtonian fluids

There is only a very limited amount of published work on the flow of non-Newtonian
fluids through packed beds, and there are serious discrepancies between the results and
conclusions of different workers. The range of voidages studied is very narrow, in most
cases falling in the range 0.35 < ¢ < 0.41. For a detailed account of the current sitnation,
reference should be made to work of CHHABRA et al.®» and of KemBLowski et al.®>.

Most published work relates to the flow of shear-thinning fluids whose rheological
behaviour follows the two-parameter power-law model (discussed in Volume I,
Chapter 3), in which the shear stress T and shear rate y are related by:

T = ky" (4.25)

where k is known as the consistency coefficient and n (< 1 for a shear-thinning fluid) is
the power-law index.

The modelling of the flow of a non-Newtonian fluid through a packed bed follows a
similar, though more complex, procedure to that adopted earlier in this chapter for the
flow of a Newtonian fluid. It first involves a consideration of the flow through a cylindrical
tube and then adapting this to the flow in the complex geometry existing in a packed bed.
The procedure is described in detail elsewhere®*25,

For laminar flow of a power-law fluid through a cylindrical tube, the relation between
mean velocity 4 and pressure drop —AP is given by:

AP\
= d" " 4,
“ (4kl) 6n+2 " (4.26)

and the so-called Metzner and Reed Reynolds number by:

n \" pu*"dr

R =8 !
MR (6n ¥ 2) k

(Corresponding to Volume 1, equations 3.136 and 3.140)

4.27)

For laminar flow of a power-law fluid through a packed bed, KemsLowski ez al.®® have
developed an analogous Reynolds number (Re;),, which they have used as the basis for
the calculation of the pressure drop for the flow of power-law fluids:

(Repyy = 24 ( o )n b2\ ™" 4.28
CUn = T —ey \3n +1 2 (4.28)

The last term in equation 4.28 is not a simple geometric characterisation of the flow
passages, as it also depends on the rheology of the fluid (n). The constant b is a function
of the shape of the particles constituting the bed, having a value of about 15 for particles
of spherical, or near-spherical, shapes; there are insufficient reliable data available to
permit values of b to be quoted for other shapes. Substitution of n = 1 and of u for k in
equation 4.28 reduces it to equation 4.13, obtained earlier for Newtonian fluids.

Using this definition of the Reynolds number in place of Re; the value of the
friction group (R;/pu?) may be calculated from equation 4.18, developed previously
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for Newtonian fluids, and hence the superficial velocity u, for a power-law fluid may be
calculated as a function of the pressure difference for values of the Reynolds number less
than 2 to give:

—AP l/n‘ | 83 4n i/n b«/2 (1—n)/n
He = ( Ski ) Sr+1)/n - 3)2 (37! + 1) o2 4.29)

For Newtonian fluids (n = 1), equation 4.29 reduces to equation 4.9.

For polymer solutions, equation 4.29 applies only to flow through unconsolidated media
since, otherwise, the pore dimensions may be of the same order of magnitude as those of
the polymer molecules and additional complications, such as pore blocking and adsorption,
may arise.

If the fluid has significant elastic properties, the flow may be appreciably affected
because of the rapid changes in the magnitude and direction of flow as the fluid
traverses the complex flow path between the particles in the granular bed, as discussed
by CHHABRA(,

4.2.5. Molecular flow

In the relations given earlier, it is assumed that the fluid can be regarded as a continuum
and that there is no slip between the wall of the capillary and the fluid layers in contact
with it. However, when conditions are such that the mean free path of the molecules of a
gas is a significant fraction of the capillary diameter, the flowrate at a given value of the
pressure gradient becomes greater than the predicted value. If the mean free path exceeds
the capillary diameter, the flowrate becomes independent of the viscosity and the process
is one of diffusion. Whereas these considerations apply only at very low pressures in
normal tubes, in fine-pored materials the pore diameter and the mean free path may be
of the same order of magnitude even at atmospheric pressure.

4.3. DISPERSION

Dispersion is the general term which is used to describe the various types of self-induced
mixing processes which can occur during the flow of a fluid through a pipe or vessel. The
effects of dispersion are particularly important in packed beds, though they are also present
under the simple flow conditions which exist in a straight tube or pipe. Dispersion can arise
from the effects of molecular diffusion or as the result of the flow pattern existing within
the fluid. An important consequence of dispersion is that the flow in a packed bed reactor
deviates from plug flow, with an important effect on the characteristics of the reactor.

It is of interest to consider first what is happening in pipe flow. Random molecular
movement gives rise to a mixing process which can be described by Fick’s law (given
in Volume 1, Chapter 10). If concentration differences exist, the rate of transfer of a
component is proportional to the product of the molecular diffusivity and the concentration
gradient. If the fluid is in laminar flow, a parabolic velocity profile is set up over the cross-
section and the fluid at the centre moves with twice the mean velocity in the pipe. This
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can give rise to dispersion since elements of fluid will take different times to traverse
the length of the pipe, according to their radial positions. When the fluid leaves the pipe,
elements that have been within the pipe for very different periods of time will be mixed
together. Thus, if the concentration of a tracer material in the fluid is suddenly changed,
the effect will first be seen in the outlet stream after an interval required for the fluid
at the axis to traverse the length of the pipe. Then, as time increases, the effect will be
evident in the fluid issuing at progressively greater distances from the centre. Because
the fluid velocity approaches zero at the pipe wall, the fluid near the wall will reflect the
change over only a very long period.

If the fluid in the pipe is in turbulent flow, the effects of molecular diffusion will be
supplemented by the action of the turbulent eddies, and a much higher rate of transfer
of material will occur within the fluid. Because the turbulent eddies also give rise to
momentum transfer, the velocity profile is much flatter and the dispersion due to the
effects of the different velocities of the fluid elements will be correspondingly less.

In a packed bed, the effects of dispersion will generally be greater than in a straight
tube. The fluid is flowing successively through constrictions in the flow channels and then
through broader passages or cells. Radial mixing readily takes place in the cells because
the fluid enters them with an excess of kinetic energy, much of which is converted
into rotational motion within the cells. Furthermore, the velocity profile is continuously
changing within the fluid as it proceeds through the bed. Wall effects can be important in
a packed bed because the bed voidage will be higher near the wall and flow will occur
preferentially in that region.

At low rates of flow the effects of molecular diffusion predominate and cell mixing
contributes relatively little to the dispersion. At high rates, on the other hand, a realistic
model is presented by considering the bed to consist of a series of mixing cells, the
dimension of each of which is of the same order as the size of the particles forming
the bed. Whatever the mechanism, however, the rate of dispersion can be conveniently
described by means of a dispersion coefficient. The process is generally anisotropic, except
at very low flowrates; that is the dispersion rate is different in the longitudinal and radial
directions, and therefore separate dispersion coefficients D; and Dy are generally used
to represent the behaviour in the two directions. The process is normally linear, with the
rate of dispersion proportional to the product of the corresponding dispersion coefficient
and concentration gradient. The principal factors governing dispersion in packed beds are
discussed in a critical review by Gunn®9),

The differential equation for dispersion in a cylindrical bed of voidage e may be
obtained by taking a material balance over an annular element of height 8/, inner radius r,
and outer radius r + ér (as shown in Figure 4.5). On the basis of a dispersion model it is
seen that if C is concentration of a reference material as a function of axial position /, radial
position r, time ¢, and D; and Dy are the axial and radial dispersion coefficients, then:

Rate of entry of reference material due to flow in axial direction:

=u.2nrér)C
Corresponding efflux rate:

= u.Q2mrér) (C + %—f—Sl)
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Uc

Figure 4.5. Dispersion in packed beds

Net accumulation rate in element due to flow in axial direction:
aC
= —u.2nrér) —al—az
Rate of diffusion in axial direction across inlet boundary:
acC
= —Qnrére)D; —
(2nrére)Dy Y
Corresponding rate at outlet boundary:
ac  d*C )

=—QRnarére)D; (W + 31761

Net accumulation rate due to diffusion from boundaries in axial direction:

2
= (2arére)Dg Q—C—Sl

a2
Diffusion in radial direction at radius r:

aC
= 2nréle)Dg—
or

Corresponding rate at radius r + 8r:

2
= [22(r + 8r) 8l e]Dgr §£ + B—ESr
ar ar2

207

(4.30)

(4.31)
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Net accumulation rate due to diffusion from boundaries in radial direction:

acC aC  8°C
= —[2nrsl e}Dr - + (27 (r + 8r)81 €D (a + 2% )
aC 3’c 2320
= 2ndle Dy —8—-—8r +r8r5—— + (8r)

=2néle Dg I:Sra—a— (r %E)] (ignoring the last term) (4.32)
r r

Now the total accumulation rate:
C
= (2nr6r81)e%7 (4.33)

Thus, from equations 4.33, 4.30, 4.31 and 4.32:

2

oC 0-C d [ aC
(2nr8r8!)e%c— = —uc(27rr8r)——81 +Q2nrrére)D; — T ——6l +271bleDg I:Sra—(r¥>:|

On dividing through by (2mrérél)e:

2
aC 1 aC DBC 1 8(8C) (4.34)

E A TR T FA U P

Longitudinal dispersion coefficients can be readily obtained by injecting a pulse of tracer
into the bed in such a way that radial concentration gradients are eliminated, and measuring
the change in shape of the pulse as it passes through the bed. Since 8C/dr is then zero,
equation 4.34 becomes:
3C  ucdC _ 3*C
ot e dl < tan

Values of Dy can be calculated from the change in shape of a pulse of tracer as it passes
between two locations in the bed, and a typical procedure is described by EpwaARDS and
RicHaRDSON®”, Gunn and PrYce®®, on the other hand, imparted a sinusoidal variation to
the concentration of tracer in the gas introduced into the bed. The results obtained by a
number of workers are shown in Figure 4.6 as a Peclet number Pe(= u.d/eD;) plotted
against the particle Reynolds number (Re, = u.dp/u).

For gases, at low Reynolds numbers (<1), the Peclet number increases linearly with
Reynolds number, giving:

(4.35)

4 d
ted _ glhedP _ ggo-14d (4.36)
eD, “
Dy . .
or: D= constant, y which has a value of approximately 0.7 4.37)

since Sc, the Schmidt number, is approximately constant for gases and the voidage of a
randomly packed bed is usually about 0.4. This is consistent with the hypothesis that, at
low Reynolds numbers, molecular diffusion predominates. The factor 0.7 is a tortuosity
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Figure 4.6. Longitudinal dispersion in gases in packed beds. ER—EDwWarDs and RICHARDSON(?);
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factor which allows for the fact that the molecules must negotiate.a tortuous path because
of the presence of the particles.
At Reynolds numbers greater than about 10 the Peclet number becomes approximately
constant, giving:
D, ~:i—d (4.38)

This equation is predicted by the mixing cell model, and turbulence theories put forward
by Aris and AMUNDSONG? and by PrausnizCD,

In the intermediate range of Reynolds numbers, the effects of molecular diffusivity and
of macroscopic mixing are approximately additive, and the dispersion coefficient is given

by an equation of the form:
| ucd

D=yD+} (4.39)

However, the two mechanisms interact and molecular diffusion can reduce the effects of
convective dispersion. This can be explained by the fact that with streamline flow in a
tube molecular diffusion will tend to smooth out the concentration profile arising from
the velocity distribution over the cross-section. Similarly radial dispersion can give rise
to lower values of longitudinal dispersion than predicted by equation 4.39. As a result the
curves of Peclet versus Reynolds number tend to pass through a maximum as shown in
Figure 4.6.

A comparison of the effects of axial and radial mixing is seen in Figure 4.7, which
shows results obtained by GUNN and Pryce®® for dispersion of argon into air. The values
of D; were obtained as indicated earlier, and Dz was determined by injecting a steady
stream of tracer at the axis and measuring the radial concentration gradient across the
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bed. It is seen that molecular diffusion dominates at low Reynolds numbers, with both the
axial and radial dispersion coefficients Dy and Dg equal to approximately 0.7 times the
molecular diffusivity. At high Reynolds numbers, however, the ratio of the longitudinal
dispersion coefficient to the radial dispersion coefficient approaches a value of about 5.

That is: D
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Figure 4.7. Longitudinal and radial mixing coefficients for argon in air®®

The experimental results for dispersion coefficients in gases show that they can be
satisfactorily represented as Peclet number expressed as a function of particle Reynolds
number, and that similar correlations are obtained, irrespective of the gases used. However,
it might be expected that the Schmidt number would be an important variable, but it is
not possible to test this hypothesis with gases as the values of Schmidt number are all
approximately the same and equal to about unity.

With liquids, however, the Schmidt number is variable and it is generally about three
orders of magnitude greater than for a gas. Results for longitudinal dispersion available
in the literature, and plotted in Figure 4.8, show that over the range of Reynolds numbers
studied (1072 < Re, < 10%) the Peclet number shows little variation and is of the order
of unity. Comparison of these results with the corresponding ones for gases (shown
in Figure 4.6) shows that the effect of molecular diffusion in liquids is insignificant at
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Reynolds numbers up to unity. This difference can be attributed to the very different
magnitudes of the Schmidt numbers.

4.4. HEAT TRANSFER IN PACKED BEDS

For heat and mass transfer through a stationary or streamline fluid to a single spherical
particle, it has been shown in Volume 1, Chapter 9, that the heat and mass transfer coeffi-
cients reach limiting low values given by:

Nu' = Sh' =2 (4.41)

where Nu'(= hd/k) and Sh’(= hpd/D) are the Nusselt and Sherwood numbers with
respect to the fluid, respectively.

Kramers*D has shown that, for conditions of forced convection, the heat transfer
coefficient can be represented by:

Nu' =2.0+ 1.3Pr%B +0.66Pr03!Re> (4.42)

where Re, is the particle Reynolds number u.dp/u based on the superficial velocity u.
of the fluid, and Pr is the Prandtl number C,u/k.

This expression has been obtained on the basis of experimental results obtained with
fluids of Prandtl numbers ranging from 0.7 to 380.

For natural convection, Ranz and MarsHaLL“? have given:

Nu' =20+ 0.6Pri3Gr1/4 (4.43)

where Gr’ is the Grashof number discussed in Volume 1, Chapter 9.
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Results for packed beds are much more difficult to obtain because the driving force
cannot be measured very readily, Gupta and THobos“? suggest that the j-factor for heat
transfer, j, (Volume 1, Chapter 9), forms the most satisfactory basis of correlation for
experimental results and have proposed that:

ejn = 2.06Re. 057 (4.44)

where: ¢ is the voidage of the bed,
jr = S§t'Pr?3, and
§t' = Stanton number &/ Cppu..

The j-factors for heat and mass transfer, j, and j,, are found to be equal, and therefore
equation 4.44 can also be used for the calculation of mass transfer rates.

Reproducible correlations for the heat transfer coefficient between a fluid flowing
through a packed bed and the cylindrical wall of the container are very difficult to obtain.
The main difficulty is that a wide range of packing conditions can occur in the vicinity
of the walls. However, the results quoted by Zenz and OtumER™ suggest that:

Nu o Re7-99 (4.45)

It may be noted that in this expression the Nusselt number with respect to the tube wall
Nu is related to the Reynolds number with respect to the particle Re..

4.5. PACKED COLUMNS

Since packed columns consist of shaped particles contained within a column, their
behaviour will in many ways be similar to that of packed beds which have already
been considered. There are, however, several important differences which make the direct
application of the equations for pressure gradient difficult. First, the size of the packing
elements in the column will generally be very much larger and the Reynolds number will
therefore be such that the flow is turbulent. Secondly, the packing elements will normally
be hollow, and therefore have a large amount of internal surface which will offer a
higher flow resistance than their external surface. The shapes too are specially designed
to produce good mass transfer characteristics with relatively small pressure gradients.
Although some of the general principles already discussed can be used to predict pressure
gradient as a function of flowrate, it is necessary to rely heavily on the literature issued
by the manufacturers of the packings.

In general, packed towers are used for bringing two phases in contact with one another
and there will be strong interaction between the fluids. Normally one of the fluids will
preferentiaily wet the packing and will flow as a film over its surface; the second fluid then
passes through the remaining volume of the column. With gas (or vapour)-liquid systems,
the liquid will normally be the wetting fluid and the gas or vapour will rise through the
column making close contact with the down-flowing liquid and having little direct contact
with the packing elements. An example of the liquid—-gas system is an absorption process
where a soluble gas is scrubbed from a mixture of gases by means of a liquid, as shown
in Figure 4.9. In a packed column used for distillation, the more volatile component
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of, say, a binary mixture is progressively transferred to the vapour phase and the less
volatile condenses out in the liquid. Packed columns have also been used extensively
for liquid-liquid extraction processes where a solute is transferred from one solvent to
another, as discussed in Chapter 12. Some principles involved in the design and operation
of packed columns will be illustrated by considering columns for gas absorption. In this
chapter an outline of the construction of the column and the flow characteristics will be
dealt with, whereas the magnitude of the mass transfer coefficients is discussed later in
Chapters 11, 12, and 13. The full design process is discussed in Volume 6.

In order to obtain a good rate of transfer per unit volume of the tower, a packing is
selected which will promote a high interfacial area between the two phases and a high
degree of turbulence in the fluids. Usually increased area and turbulence are achieved at
the expense of increased capital cost and/or pressure drop, and a balance must be made
between these factors when arriving at an economic design.
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Figure 4.9. Packed absorption column

4.5.1. General description

The construction of packed towers is relatively straightforward. The shell of the column
may be constructed from metal, ceramics, glass, or plastics material, or from metal with a
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corrosion-resistant lining. The column should be mounted truly vertically to help uniform
liquid distribution. Detailed information on the mechanical design and mounting of indus-
trial scale column shells is given by BROWNELL and Younc*Y, MoLyneux™®® and in
BS 55007, as well as in Volume 6.

The bed of packing rests on a support plate which should be designed to have at least
75 per cent free area for the passage of the gas so as to offer as low a resistance as
possible. The simplest support is a grid with relatively widely spaced bars on which a
few layers of large Raschig or partition rings are stacked. One such arrangement is shown
in Figure 4.10. The gas injection plate described by LEva“® shown in Figure 4.11 is
designed to provide separate passageways for gas and liquid so that they need not vie for
passage through the same opening. This is achieved by providing the gas inlets to the bed
at a point above the level at which liquid leaves the bed.
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Figure 4.10. Grid bar supports for packed towers
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Figure 4.11. The gas injection plate®®

At the top of the packed bed a liquid distributor of suitable design provides for the
uniform irrigation of the packing which is necessary for satisfactory operation. Four
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examples of different distributors are shown in Figure 4.12%, and may be described as
follows:

(a) A simple orifice type which gives very fine distribution though it must be correctly
sized for a particular duty and should not be used where there is any risk of the
holes plugging

(b) The notched chimney type of distributor, which has a good range of flexibility for
the medium and upper flowrates, and is not prone to blockage

(c) The notched trough distributor which is specially suitable for the larger sizes of
tower, and, because of its large free area, it is also suitable for the higher gas rates

(d) The perforated ring type of distributor for use with absorption columns where high
gas rates and relatively small liquid rates are encountered. This type is especially
suitable where pressure loss must be minimised. For the larger size of tower, where
installation through manholes is necessary, it may be made up in flanged sections.

Figure 4.12. Types of liquid distributor®

Uniform liquid flow is essential if the best use is to be made of the packing and, if
the tower is high, re-distributing plates are necessary. These plates are needed at intervals
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CHAPTER 5

Sedimentation

5.1. INTRODUCTION

In Chapter 3 consideration is given to the forces acting on an isolated particle moving
relative to a fluid and it is seen that the frictional drag may be expressed in terms of a
friction factor which is, in turn, a function of the particle Reynolds number. If the particle
is settling in the gravitational field, it rapidly reaches its terminal falling velocity when
the frictional force has become equal to the net gravitational force. In a centrifugal field
the particle may reach a very much higher velocity because the centrifugal force may be
many thousands of times greater than the gravitational force.

In practice, the concentrations of suspensions used in industry will usually be high
enough for there to be significant interaction between the particles, and the frictional
force exerted at a given velocity of the particles relative to the fluid may be greatly
increased as a result of modifications of the flow pattern, so that hindered settling takes
place. As a corollary, the sedimentation rate of a particle in a concentrated suspension may
be considerably less than its terminal falling velocity under free settling conditions when
the effects of mutual interference are negligible. In this chapter, the behaviour of concen-
trated suspensions in a gravitational field is discussed and the equipment used industrially
for concentrating or thickening such suspensions will be described. Sedimentation in a
centrifugal field is considered in Chapter 9.

It is important to note that suspensions of fine particles tend to behave rather differently
from coarse suspensions in that a high degree of flocculation may occur as a result of the
very high specific surface of the particles. For this reason, fine and coarse suspensions
are considered separately, and the factors giving rise to flocculation are discussed in
Section 5.2.2. '

Although the sedimentation velocity of particles tends to decrease steadily as the
concentration of the suspension is increased, it has been shown by Kayve and Boaroman®
that particles in very dilute suspensions may settle at velocities up to 1.5 times the normal
terminal falling velocities, due to the formation of clusters of particles which settle in well-
defined streams. This effect is important when particle size is determined by a method
involving the measurement of the settling velocity of particles in dilute concentration,
though is not significant with concentrated suspensions.

5.2. SEDIMENTATION OF FINE PARTICLES

5.2.1. Experimental studies

The sedimentation of metallurgical slimes has been studied by Coe and CLEVENGER®,
who concluded that a concentrated suspension may settle in one of two different ways.

237
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Figure 5.1. Sedimentation of concentrated suspensions (a) Type 1 settling (b) Type 2 settling

In the first, after an initial brief acceleration period, the interface between the clear liquid
and the suspension moves downwards at a constant rate and a layer of sediment builds up
at the bottom of the container. When this interface approaches the layer of sediment, its
rate of fall decreases until the “critical settling point” is reached when a direct interface
is formed between the sediment and the clear liquid. Further sedimentation then results
solely from a consolidation of the sediment, with liquid being forced upwards around
the solids which are then forming a loose bed with the particles in contact with one
another. Since the flow area is gradually being reduced, the rate progressively diminishes.
In Figure 5.1a, a stage in the sedimentation process is illustrated. A is clear liquid, B
is suspension of the original concentration, C is a layer through which the concentration
gradually increases, and D is sediment. The sedimentation rate remains constant until
the upper interface corresponds with the top of zone C and it then falls until the critical
settling point is reached when both zones B and C will have disappeared. A second and
rather less common mode of sedimentation as shown in Figure 5.1b, is obtained when
the range of particle size is very great. The sedimentation rate progressively decreases
throughout the whole operation because there is no zone of constant composition, and
zone C extends from the top interface to the layer of sediment.

The main reasons for the modification of the settling rate of particles in a concentrated
suspension are as follows:

(a) If a significant size range of particles is present, the large particles are settling
relative to a suspension of smaller ones so that the effective density and viscosity
of the fluid are increased.

(b) The upward velocity of the fluid displaced during settling is appreciable in a concen-
trated suspension and the apparent settling velocity is less than the actual velocity
relative to the fluid.

(c) The velocity gradients in the fluid close to the particles are increased as a result of
the change in the area and shape of the flow spaces.
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(d) The smaller particles tend to be dragged downwards by the motion of the large
particles and are therefore accelerated.

(e) Because the particles are closer together in a concentrated suspension, flocculation
is more marked in an ionised solvent and the effective size of the small particles
is increased.

If the range of particle size is not more than about 6:1, a concentrated suspension
settles with a sharp interface and all the particles fall at the same velocity. This is in
contrast with the behaviour of a dilute suspension, for which the rates of settling of the
particles can be calculated by the methods given in Chapter 3, and where the settling
velocity is greater for the large particles. The two types of settling are often referred to
as sludge line settling and selective settling respectively. The overall result is that in a
concentrated suspension the large particles are retarded and the small ones accelerated.

Several attempts have been made to predict the apparent settling velocity of a concen-
trated suspension. In 1926 RosinsoN® suggested a modification of Stokes’ law and used
the density (p.) and viscosity (u.) of the suspension in place of the properties of the fluid
to give:

" 42
M, = K"d*(ps — pc)g (5.1)
He

where K" is a constant.
The effective buoyancy force is readily calculated since:

(ps = pc) = ps — {ps(1 — &) + pe} = e(ps — p) (5.2)

where e is the voidage of the suspension.
Robinson determined the viscosity of the suspension p. experimentally, although it
may be obtained approximately from the following formula of ENsTEN®:

e = u(l +k"C) (5.3)

where: k" is a constant for a given shape of particle (2.5 for spheres),
C is the volumetric concentration of particles, and
w1 is the viscosity of the fluid.

This equation holds for values of C up to 0.02. For more concentrated suspensions,
VanD® gives the equation:

Ue = Mek”C/(l—a/C) (54)

in which a’ is a second constant, equal to (39/64) = 0.609 for spheres.

STeINOUR®, who studied the sedimentation of small uniform particles, adopted a similar
approach, using the viscosity of the fluid, the density of the suspension and a function
of the voidage of the suspension to take account of the character of the flow spaces, and
obtained the following expression for the velocity of the particle relative to the fluid u):

_ dz(Ps — Pc)g

up =~ Ae) (5.5)
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Since the fraction of the area available for flow of the displaced fluid is e, its upward
velocity is u (1 — e)/e so that:

l—e _% (5.6)
[

Up = U+ U
From his experiments on the sedimentation of tapioca in oil, Steinour found:
f(e) = 10182019 5.7
Substituting in equation 5.5, from equations 5.2, 5.6 and 5.7:

3 %_—_p)ig_lo-l.szu—e)

= 5.8
Uc 181 (5.8
HawksLey(? also used a similar method and gave:
d*(ps —
uy = U _ d7(ps — pe)g (5.9)

e 181,

In each of these cases, it is correctly assumed that the upthrust acting on the particles
is determined by the density of the suspension rather than that of the fluid. The use of an
effective viscosity, however, is valid only for a large particle settling in a fine suspension.
For the sedimentation of uniform particles the increased drag is attributable to a steepening
of the velocity gradients rather than to a change in viscosity.

The rate of sedimentation of a suspension of fine particles is difficult to predict because
of the large number of factors involved. Thus, for instance, the presence of an ionised
solute in the liquid and the nature of the surface of the particles will affect the degree
of flocculation and hence the mean size and density of the flocs. The flocculation of
a suspension is usually completed quite rapidly so that it is not possible to detect an
increase in the sedimentation rate in the early stages after the formation of the suspension.
Most fine suspensions flocculate readily in tap water and it is generally necessary to
add a deflocculating agent to maintain the particles individually dispersed. The factors
involved in flocculation are discussed later in this chapter. A further factor influencing
the sedimentation rate is the degree of agitation of the suspension. Gentle stirring may
produce accelerated settling if the suspension behaves as a non-Newtonian fiuid in which
the apparent viscosity is a function of the rate of shear. The change in apparent viscosity
can probably be attributed to the re-orientation of the particles. The effect of stirring
is, however, most marked on the consolidation of the final sediment, in which “bridge
formation” by the particles can be prevented by gentle stirring. During these final stages
of consolidation of the sediment, liquid is being squeezed out through a bed of particles
which are gradually becoming more tightly packed.

A number of empirical equations have been obtained for the rate of sedimentation of
suspensions, as a result of tests carried out in vertical tubes. For a given solid and liquid, the
main factors which affect the process are the height of the suspension, the diameter of the
containing vessel, and the volumetric concentration. An attempt at co-ordinating the results
obtained under a variety of conditions has been made by WaLLis®,
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Height of suspension

The height of suspension does not generally affect either the rate of sedimentation or the
consistency of the sediment ultimately obtained. If, however, the position of the sludge
line is plotted as a function of time for two different initial heights of slurry, curves of
the form shown in Figure 5.2 are obtained in which the ratio OA’: OA” is everywhere
constant. Thus, if the curve is obtained for any one initial height, the curves can be drawn
for any other height.
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Figure 5.2. Effect of height on sedimentation of a 3 per cent (by volume) suspension of calcium carbonate

Diameter of vessel

If the ratio of the diameter of the vessel to the diameter of the particle is greater than about
100, the walls of the container appear to have no effect on the rate of sedimentation. For
smaller values, the sedimentation rate may be reduced because of the retarding influence
of the walls.

Concentration of suspension

As already indicated, the higher the concentration, the lower is the rate of fall of the sludge
line because the greater is the upward velocity of the displaced fluid and the steeper are
the velocity gradients in the fluid. Typical curves for the sedimentation of a suspension
of precipitated calcium carbonate in water are shown in Figure 5.3, and in Figure 5.4 the
mass rate of sedimentation (kg/m?s) is plotted against the concentration. This curve has a
maximum value, corresponding to a volumetric concentration of about 2 per cent. EcoLr
and McCaBe®, Work and KonLer‘!?), and others have given empirical expressions for
the rate of sedimentation at the various stages, although these are generally applicable
over a narrow range of conditions and involve constants which need to be determined
experimentally for each suspension.
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Figure 5.3. Effect of concentration on the sedimentation of calcium carbonate suspensions
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Figure 5.4. Effect of concentration on mass rate of sedimentation of calcium carbonate

The final consolidation of the sediment is the slowest part of the process because the
displaced fluid has to flow through the small spaces between the particles. As consolidation
occurs, the rate falls off because the resistance to the flow of liquid progressively increases.
The porosity of the sediment is smallest at the bottom because the compressive force due
to the weight of particles is greatest and because the lower portion was formed at an
earlier stage in the sedimentation process. The rate of sedimentation during this period is


/knovel2/view_hotlink.jsp?hotlink_id=437326629
/knovel2/view_hotlink.jsp?hotlink_id=437326631

SEDIMENTATION 243

given approximately by:

dH
- = b(H — Hy) (5.10)

where: H is the height of the sludge line at time ¢,
H, is the final height of the sediment, and
b is a constant for a given suspension.

The time taken for the sludge line to fall from a height H,, corresponding to the critical
settling point, to a height H is given by:

—bt =In(H — Hy) —In(H, — Hx) (5.11)

Thus, if In(H — Hy) is plotted against ¢, a straight line of slope —b is obtained.
The values of Hy, are determined largely by the surface film of liquid adhering to the
particles.

Shape of vessel

Provided that the walls of the vessel are vertical and that the cross-sectional area does
not vary with depth, the shape of the vessel has little effect on the sedimentation rate.
However, if parts of the walls of the vessel face downwards, as in an inclined tube, or
if part of the cross-section is obstructed for a portion of the height, the effect on the
sedimentation process may be considerable.

Figure 5.5. Sedimentation in an inclined tube

Pearce!V studied the effect of a downward-facing surface by considering an inclined
tube as shown in Figure 5.5. Starting with a suspension reaching a level AA, if the sludge
line falls to a new level BB, then material will tend to settle out from the whole of the
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shaded area. This configuration is not stable and the system tends to adjust itself so that
the sludge line takes up a new level XX, the volume corresponding to the area AAXX
being equal to that corresponding to the shaded area. By applying this principle, it is seen
that it is possible to obtain an accelerated rate of settling in an inclined tank by inserting
a series of inclined plates. The phenomenon has been studied further by several workers
including ScHAFLINGER(?),

The effect of a non-uniform cross-section was considered by Rosms!®, who studied
the effect of reducing the area in part of the vessel by immersing a solid body, as shown
in Figure 5.6. If the cross-sectional area, sedimentation velocity, and fractional volumetric
concentration are C, u., and A below the obstruction, and C’, u, and A’ at the horizontal
level of the obstruction, and ¥ and ¥’ are the corresponding rates of deposition of solids
per unit area, then:

Ay = ACu, (5.12)
and: Ay = A'Cu, (5.13)

7

Figure 5.6. Sedimentation in partially obstructed vessel

For continuity at the bottom of the obstruction:

A
o 2
v YT

14 (5.14)

A plot of ¢ versus C will have the same general form as Figure 5.4 and a typical
curve is given in Figure 5.7. If the concentration C is appreciably greater than the value
Cr at which ¢ is a maximum, C’ will be less than C and the system will be stable.
On the other hand, if C is less than C,,, C" will be greater than C and mixing will take
place because of the greater density of the upper portion of the suspension. The range of
values of C for which equation 5.14 is valid in practice, and for which mixing currents
are absent, may be very small.
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Figure 5.7. Solids flux per unit area as a function of volumetric concentration

5.2.2. Flocculation

Introduction

The behaviour of suspensions of fine particles is very considerably influenced by whether
the particles flocculate. The overall effect of flocculation is to create large conglomerations
of elementary particles with occluded liquid. The flocs, which easily become distorted,
are effectively enlarged particles of a density intermediate between that of the constituent
particles and the liquid.

The tendency of the particulate phase of colloidal dispersions to aggregate is an
important physical property which finds practical application in solid—liquid separation
processes, such as sedimentation and filtration. The aggregation of colloids is known as
coagulation, or flocculation. Particles dispersed in liquid media collide due to their relative
motion; and the stability (that is stability against aggregation) of the dispersion is deter-
mined by the interaction between particles during these collisions. Attractive and repulsive
forces can be operative between the particles; these forces may react in different ways
depending on environmental conditions, such as salt concentration and pH. The commonly
occurring forces between colloidal particles are van der Waals forces, electrostatic forces
and forces due to adsorbed macromolecules. In the absence of macromolecules, aggre-
gation is largely due to van der Waals attractive forces, whereas stability is due to repulsive
interaction between similarly charged electrical double-layers.

The electrical double-layer

Most particles acquire a surface electric charge when in contact with a polar medium. lons
of opposite charge (counter-ions) in the medium are attracted towards the surface and ions
of like charge (co-ions) are repelled, and this process, together with the mixing tendency
due to thermal motion, results in the creation of an electrical double-layer which comprises
the charged surface and a neutralising excess of counter-ions over co-ions distributed in
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a diffuse manner in the polar medium. The quantitative theory of the electrical double-
layer, which deals with the distribution of ions and the magnitude of electric potentials,
is beyond the scope of this text although an understanding of it is essential in an analysis
of colloid stability141%,

For present purposes, the electrical double-layer is represented in terms of Stern’s
model (Figure 5.8) wherein the double-layer is divided into two parts separated by a plane
(Stern plane) located at a distance of about one hydrated-ion radius from the surface. The
potential changes from ¥ (surface) to ¥; (Stern potential) in the Stern layer and decays to
zero in the diffuse double-layer; quantitative treatment of the diffuse double-layer follows
the Gouy-Chapman theory16:17,

surface

o
8
b=

®
Q.

Stem plane
Surface of shear

l//‘; S,
tb——-L

Diffuse layer ———————

Potential

|
-—§—
Stern Distance from surface
layer

Figure 5.8. Stern’s model

Y5 can be estimated from electrokinetic measurements, such as electrophoresis,
streaming potential. In such measurements, surface and liquid move tangentially with
respect to each other. For example, in electrophoresis the liquid is stationary and the
particles move under the influence of an applied electric field. A thin layer of liquid, a
few molecules thick, moves together with the particle so that the actual hydrodynamic
boundary between the moving unit and the stationary liquid is a slipping plane inside the
solution. The potential at the slipping plane is termed the zeta potential, ¢, as shown in
Figure 5.8.

Lykiema!® considers that the slipping plane may be identified with the Stern plane
so that s =~ ¢. Thus, since the surface potential ¥ is inaccessible, zeta potentials find
practical application in the calculation of V from equation 5.16. In practice, electrokinetic
measurements must be carried out with considerable care if reliable estimates of ¢ are to
be made!?,

Interactions between particles

The interplay of forces between particles in lyophobic sols may be interpreted in terms
of the theory of DeriAGUIN and LaNDAaU®? and Verwey and Overseex M. Their theory
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(the DLVO theory) considers that the potential energy of interaction between a pair of
particles consists of two components:

(a) a repulsive component Vy arising from the overlap of the electrical double-layers,
and

(b) a component V4 due to van der Waals attraction arising from electromagnetic
effects.

These are considered to be additives so that the total potential energy of interaction Vr
is given by:
Vr=Vr+Vy (5.15)

In general, as pointed out by GrReGoryD, the calculation of Vi is complex but a useful
approximation for identical spheres of radius a is given by!4:

_ 64man; KTy2e s

Ve = d (5.16)
K
exp(Ze s /2KT) — 1
: = 5.17
where Y = xp(Zets2KT) + 1 (5.17)
Zefn,-Z2)l/2

: _ (%nZ 5.18
and K ( KT ( )

For identical spheres with H; < 10-20 nm (100-200 A) and when H; < a, the energy

of attraction Vj is given by the approximate expression®”):

JAa

Va= T 12H,

(5.19)

where % is the Hamaker®? constant whose value depends on the nature of the material
of the particles. The presence of liquid between particles reduces Vy4, and an effective
Hamaker constant is calculated from:

A= (A= A (5.20)

where subscripts 1 and 2 refer to dispersion medium and particles respectively.
Equation 5.19 is based on the assumption of complete additivity of intermolecular
interactions; this assumption is avoided in the theoretical treatment of LirsHtz®® which
is based on macroscopic properties of materials®?. Tables of .# are available in the
literature>>; values are generally found to lie in the range 0.1 x 10~2° to 10 x 1020 J.

The general form of V7 versus distance of separation between particle surfaces Hj is
shown schematically in Figure 5.9. At very small distances of separation, repulsion due to
overlapping electron clouds (Born repulsion)!¥ predominates, and consequently a deep
minimum (primary minimum) occurs in the potential energy curve. For smooth surfaces
this limits the distance of closest approach (Hymin) to ~ 0.4 nm (4 A). Aggregation of
particles occurring in this primary minimum, for example, aggregation of lyophobic sols
in the presence of NaCl, is termed coagulation®®.
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Figure 5.9. Potential energy as a function of separation

At high surface potentials, low ionic strengths and intermediate distance the electrical
repulsion term is dominant and so a maximum (primary maximum) occurs in the potential
energy curve. At larger distances of separation Vg decays more rapidly than V4 and a
secondary minimum appears. If the potential energy maximum is large compared with
the thermal energy KT of the particles (~4.2 x 10720 J) the system should be stable,
otherwise the particles would coagulate. The height of this energy barrier to coagulation
depends upon the magnitude of s (and ¢) and upon the range of the repulsive forces
(that is, upon 1/k). If the depth of the secondary minimum is large compared with KT, it
should produce a loose, easily reversible form of aggregation which is termed flocculation.
This term also describes aggregation of particles in the presence of polymers®4), as
discussed later in this chapter.

It is of interest to note that both V4 and Vi increase as particle radius a becomes larger
and thus Vs in Figure 5.9 would be expected to increase with the sol becoming more
stable; also if g increases then Vs increases and may become large enough to produce
“secondary minimum” flocculation.

Coagulation concentrations

Coagulation concentrations are the electrolyte concentrations required just to coagulate a
sol. Clearly V), in Figure 5.9 must be reduced, preferably to zero, to allow coagulation to
occur. This can be achieved by increasing the ionic strength of the solution, thus increasing
« and thereby reducing Vi in equation 5.16. The addition of salts with multivalent ions
(such as AI3*, Ca®*, Fe®*) is most effective because of the effect of charge number Z
and « (equation 5.18). Taking as a criterion that Vr = 0 and dVr/dH; = 0 for the same
value of Hj, it may be shown!) that the coagulation concentration c, is given by:

o QTSRO
¢ e2N.#2Z5

(5.21)

where B = 3.917 x 10*® coulomb™2. At high values of surface potentials, y ~ 1 and
equation 5.21 predicts that the coagulation concentration should be inversely proportional
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to the sixth power of the valency Z. Thus coagulation concentrations of those electrolytes
whose counter-ions have charge numbers 1, 2, 3 should be in the ratio 100:1.6:0.13. It
may be noted that, if an ion is specifically adsorbed on the particles, 15 can be drastically
reduced and coagulation effected without any great increase in ionic strength. For example,
minute traces of certain hydrolysed metal ions can cause coagulation of negatively charged
particles®®, In such cases charge reversal often occurs and the particles can be restabilised
if excess coagulant is added.

Kinetics of coagulation

The rate of coagulation of particles in a liquid depends on the frequency of collisions
between particles due to their relative motion. When this motion is due to Brownian
movement coagulation is termed perikinetic; when the relative motion is caused by
velocity gradients coagulation is termed orthokinetic.

Modern analyses of perikinesis and orthokinesis take account of hydrodynamic forces
as well as interparticle forces. In particular, the frequency of binary collisions between
spherical particles has received considerable attention?’ 30,

The frequency of binary encounters during perikinesis is determined by considering
the process as that of diffusion of spheres (radius a; and number concentration »,)
towards a central reference sphere of radius a;, whence the frequency of collision [
is given by@":

47 D\Pny(a; + a)

/= (5.22)

a [ ds
1+ 2 (D13 /D) exp(Vr/KT) =
a1 J1+(az/a1) s

where s = a,/a; and the coordinate a, has its origin at the centre of sphere 1.

Details of Dj,, the relative diffusivity between unequal particles, are given by
SPELMANT who illustrates the dependence of D), on the relative separation a, between
particle centres. At infinite separation, where hydrodynamic effects vanish:

Diy=D =D +D, (5.23)

where D; and D, are absolute diffusion coefficients given by the Stokes—Einstein
equation,

Dy = KT/(6muay)

Dy = KT /(67 paz) (5-24)
When long-range particle interactions and hydrodynamics effects are ignored, equa-
tion 5.22 becomes equivalent to the solution of voN SmoLucHowskI®? who obtained the
collision frequency I as:

I, = 47 DPny(a1 + ap) (5.25)

and who assumed an attractive potential only given by:

@
Va=—00 s<+4+—
a)
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V=0 s>1+2 (5.26)
ay

Thus: I=a,l 5.27)

where the ratio «,, is the reciprocal of the denominator in equation 5.22; values of a,, are
tabulated by SprELMANG?,

Assuming an attractive potential only, given by equation 5.26, Smoluchowski showed
that the frequency of collisions per unit volume between particles of radii a; and a; in
the presence of a laminar shear gradient y is given by:

Js = 3nima(ar + a2)*y (5.28)

Analyses of the orthokinetic encounters between equi-sized spheres®® have shown that,
as with perikinetic encounters, equation 5.28 can be modified to include a ratio ¢ to give
the collision frequency J as:

J =apJs (5.29)

where g, which is a function of y, corrects the Smoluchowski relation for hydrodynamic
interactions and interparticle forces. ZEICHNER and ScHoWALTER®? present oy ! graphically
as a function of a dimensionless parameter Ng(= 67 ua’y /#) for the condition Vz = 0,
whence it is possible to show that, for values of Np > 10, J is proportional to y raised
to the 0.77 power instead of the first power as given by equation 5.28.

Perikinetic coagulation is normally too slow for economic practical use in such
processes as wastewater treatment, and orthokinetic coagulation is often used to produce
rapid growth of aggregate of floc size. In such situations floc—floc collisions occur under
non-uniform turbulent flow conditions. A rigorous analysis of the kinetics of coagulation
under these conditions is not available at present. A widely used method of evaluating
a mean shear gradient in such practical situations is given by Camp and STEWN®?, who
propose that:

y =[P/u]'"? (5.30)

where P = power input/unit volume of fluid.

Effect of polymers on stability

The stability of colloidal dispersions is strongly influenced by the presence of adsorbed
polymers. Sols can be stabilised or destabilised depending on a number of factors including
the relative amounts of polymer and sol, the mechanism of adsorption of polymer and
the method of mixing polymer and dispersion®®®. Adsorption of polymer on to colloidal
particles may increase their stability by decreasing V,@*39, increasing V® or by intro-
ducing a steric component of repulsion Vg©7:3®),

Flocculation is readily produced by linear homopolymers of high molecular weight.
Although they may be non-ionic, they are commonly polyelectrolytes; polyacrylamides
and their derivatives are widely used in practical situations®®. Flocculation by certain
high molecular weight polymers can be interpreted in terms of a bridging mechanism;
polymer molecules may be long and flexible enough to adsorb on to several particles.
The precise nature of the attachment between polymer and particle surface depends on
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the nature of the surfaces of particle and polymer, and on the chemical properties of the
solution. Various types of interaction between polymer segments and particle surfaces may
be envisaged. In the case of polyelectrolytes, the strongest of these interactions would be
ionic association between a charged site on the surface and an oppositely charged polymer
segment, such as polyacrylic acid and positively charged silver iodide particles“0=43,
Polymers may show an optimum flocculation concentration which depends on molecular
weight and concentration of solids in suspension. Overdosing with flocculant may lead to
restabilisation®, as a consequence of particle surfaces becoming saturated with polymer.
Optimum flocculant concentrations may be determined by a range of techniques including
sedimentation rate, sedimentation volume, filtration rate and clarity of supernatant liquid.

Effect of flocculation on sedimentation

In a flocculated, or coagulated, suspension the aggregates of fine particles or flocs are the
basic structural units and in a low shear rate process, such as gravity sedimentation, their
settling rates and sediment volumes depend largely on volumetric concentration of floc and
on interparticle forces. The type of settling behaviour exhibited by flocculated suspensions
depends largely on the initial solids concentration and chemical environment. Two kinds
of batch settling curve are frequently seen. At low initial solids concentration the flocs
may be regarded as discrete units consisting of particles and immobilised fluid. The flocs
settle initially at a constant settling rate though as they accumulate on the bottom of the
vessel they deform under the weight of the overlying flocs. The curves shown earlier in
Figure 5.3 for calcium carbonate suspensions relate to this type of sedimentation. When
the solids concentration is very high the maximum settling rate is not immediately reached
and thus may increase with increasing initial height of suspension®. Such behaviour
appears to be characteristic of structural flocculation associated with a continuous network
of flocs extending to the walls of the vessel. In particular, the first type of behaviour,
giving rise to a constant settling velocity of the flocs, has been interpreted quantitatively
by assuming that the flocs consist of aggregates of particles and occluded liquid. The
flocs are considerably larger than the fundamental particles and of density intermediate
between that of the water and the particles themselves. MicHAELs and BoLGErR™®? found
good agreement between their experimental results and predicted sedimentation rates. The
latter were calculated from the free settling velocity of an individual floc, corrected for
the volumetric concentration of the flocs using equation 5.71 (Section 5.3.2) which has
been developed for the sedimentation of systems of fully-dispersed mono-size particles.

5.2.3. The Kynch theory of sedimentation

The behaviour of concentrated suspensions during sedimentation has been analysed by
KyNcH*®, largely using considerations of continuity. The basic assumptions which are
made are as follows:

(a) Particle concentration is uniform across any horizontal layer,

(b) Wall effects can be ignored,

(c) There is no differential settling of particles as a result of differences in shape, size,
or composition,
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(d) The velocity of fall of particles depends only on the local concentration of particles,

(e) The initial concentration is either uniform or increases towards the bottom of the
suspension, and

(f) The sedimentation velocity tends to zero as the concentration approaches a limiting
value corresponding to that of the sediment layer deposited at the bottom of the
vessel.

If at some horizontal level where the volumetric concentration of particles is C and the
sedimentation velocity is u., the volumetric rate of sedimentation per unit area, or flux,
is given by:

¥ = Cu, (5.31)

Then a material balance taken between a height H above the bottom, at which the concen-
tration is C and the mass flux is i, and a height H + dH, where the concentration is
C + (0C/8H)dH and the mass flux is ¢ + (3y/dH)dH, gives:

oy _ 9
[(W + B_HdH) - w}dt = at(CdH)dt

. ay ac
t 18: _—= .
That is 3H 5 (5.32)
) Yy _dy 9C dy aC
Hence: 5H - 3C 3 - dc 3H (since ¥ depends only on C) (5.33)
oC dy 3C
Thus: = '
us 5 " dc 3H 0 (5.34)
In general, the concentration of particles will be a function of position and time and thus:
C=1(H1)
aC acC
d: = — —_—
an dc 3 HdH + a7 dr
Conditions of constant concentration are therefore defined by:
ac ac
-B—I{—dH + St—dt =0
ac aC [dH
Thus: = )
i B~ "/ @ (533)

Substituting in equation 5.34 gives the following relation for constant concentration:

e gy (Lic oy
ot dC ot/ dt
or: —(—ii=d—li=u (5.36)
ac — dar ¥ '
Since equation 5.36 refers to a constant concentration, dyr/dC is constant and u, (=
dH/dt) is therefore also constant for any given concentration and is the velocity of

propagation of a zone of constant concentration C. Thus lines of constant slope, on a
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plot of H versus t, will refer to zones of constant composition each of which will be
propagated at a constant rate, dependent only on the concentration. Then since u,, =
—(dyr/dC) (equation 5.36) when dyr/dC is negative (as it is at volumetric concentrations
greater than 0.02 in Figure 5.4), u,, is positive and the wave will propagate upwards. At
lower concentrations dy/dC is positive and the wave will propagate downwards. Thus,
waves originating at the base of the sedimentation column will propagate upwards to
the suspension interface if di//dC is negative, but will be prevented from propagating if
dyr/dC is positive because of the presence of the base. Although Kynch’s arguments may
be applied to any suspension in which the initial concentration increases continuously
from top to bottom, consideration will be confined to suspensions initially of uniform
concentration.

In an initially uniform suspension of concentration Cp, the interface between the
suspension and the supernatant liquid will fall at a constant rate until a zone of compo-
sition, greater than Cop, has propagated from the bottom to the free surface. The sedimen-
tation rate will then fall off progressively as zones of successively greater concentrations
reach the surface, until eventually sedimentation will cease when the C,,x zone reaches the
surface. This assumes that the propagation velocity decreases progressively with increase
of concentration.

However, if zones of higher concentration propagate at velocities greater than those
of lower concentrations, they will automatically overtake them, giving rise to a sudden
discontinuity in concentration. In particular, if the propagation velocity of the suspension
of maximum possible concentration Cpax exceeds that of all of the intermediate concentra-
tions between Cy and Crax, sedimentation will take place at a constant rate, corresponding
to the initial uniform concentration Cy, and will then cease abruptly as the concentration
at the interface changes from Cy to Cax.

Since the propagation velocity u,, is equal to —(dy/dC), the sedimentation behaviour
will be affected by the shape of the plot of  versus C. If this is consistently concave to
the time-axis, dy/dC will become increasingly negative as C increases, u,, will increase
monotonically, and consequently there will be a discontinuity because the rate of propa-
gation of a zone of concentration Cpax exceeds that for all lower concentrations; this
is the condition referred to in the previous paragraph. On the other hand, if there is a
point of inflexion in the curve (as at C = 0.033 in Figure 5.4), the propagation rate will
increase progressively up to the condition given by this point of inflexion (concentration
C;) and will then decrease as the concentration is further increased. There will again be a
discontinuity, although this time when the wave corresponding to concentration C; reaches
the interface. The sedimentation rate will then fall off gradually as zones of successively
higher concentration reach the interface, and sedimentation will finally cease when the
concentration at the interface reaches Cpax.

It is possible to apply this analysis to obtain the relationship between flux of solids and
concentration over the range where —(dy/dC) is decreasing with increase of concen-
tration, using the results of a single sedimentation test. By taking a suspension of initial
concentration Co(= C;), it is possible to obtain the ¥ — C curve over the concentration
range Cp to Cnax from a single experiment. Figure 5.10 shows a typical sedimentation
curve for such a suspension. The H-axis represents the initial condition (¢ = 0) and lines
such as KP, OB representing constant concentrations have slopes of u,,(= dH/dt). Lines
from all points between A and O corresponding to the top and bottom of the suspension,
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Figure 5.10. Construction for Kynch theory

respectively, will be parallel because the concentration is constant and their location and
slope are determined by the initial concentration of the suspension. As solids become
deposited at the bottom the concentration there will rapidly rise to the maximum possible
value Crax (ignoring the effects of possible sediment consolidation) and the line OC repre-
sents the line of constant concentration Cp,. Other lines, such as OD of greater slope,
all originate at the base of the suspension and correspond to intermediate concentrations.

Considering a line such as KP which refers to the propagation of a wave corresponding
to the initial uniform composition from an initial position K in the suspension, this line
terminates on the curve ABDC at P which is the position of the top interface of the
suspension at time ¢. The location of P is determined by the fact that KP represents the
upward propagation of a zone of constant composition at a velocity u,, through which
particles are falling at a sedimentation velocity u.. Thus the total volume of particles
passing per unit area through the plane in time ¢ is given by:

V = Coluc + uy)t (5.37)

Since P corresponds to the surface of the suspension, V must be equal to the total volume
of particles which was originally above the level indicated by K.

Thus: Colue + uy)t = Co(H; — Hp)

or: (ue +uy)t = H, — Hy (5.38)
Because the concentration of particles is initially uniform and the sedimentation rate is a
function solely of the particle concentration, the line APB will be straight, having a slope
(—dH/dt) equal to u..

After point B, the sedimentation curve has a decreasing negative slope, reflecting the
increasing concentration of solids at the interface. Line OD represents the locus of points
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of some concentration C, where Cp < C < Cpax. It corresponds to the propagation of a
wave at a velocity u,,, from the bottom of the suspension. Thus when the wave reaches
the interface, point D, all the particles in the suspension must have passed through the
plane of the wave. Thus considering unit area:

C(ue + uy)t = CoH, (5.39)

In Figure 5.10:
Ht = OA

By drawing a tangent to the curve ABDC at D, the point T is located.
Then:

u.t = QT (since —u, is the slope of the curve at D)
uyt = RD = OQ (since u,, is the slope of line OD)

and: (e +uy)t =0T
Thus the concentration C corresponding to the line OD is given by:
OA
C =Cyp— 5.40
Co oT (5.40)
and the corresponding solids flux is given by:
OA
¥ =Cu, = Coﬁuc (5.41)

Thus, by drawing the tangent at a series of points on the curve BDC and measuring
the corresponding slope —u, and intercept OT, it is possible to establish the solids flux
Y for any concentration C(C; < C < Cpyax).

It is shown in Section 5.3.3 that, for coarse particles, the point of inflexion does not
occur at a concentration which would be obtained in practice in a suspension, and therefore
the particles will settle throughout at a constant rate until an interface forms between the
clear liquid and the sediment when sedimentation will abruptly cease. With a highly
flocculated suspension the point of inflexion may occur at a very low volumetric concen-
tration. In these circumstances, there will be a wide range of concentrations for which the
constant rate sedimentation is followed by a period of falling rate.

5.2.4. The thickener

The thickener is the industrial unit in which the concentration of a suspension is increased
by sedimentation, with the formation of a clear liquid. In most cases, the concentration
of the suspension is high and hindered settling takes place. Thickeners may operate as
batch or continuous units, and consist of tanks from which the clear liquid is taken off at
the top and the thickened liquor at the bottom.

In order to obtain the largest possible throughput from a thickener of given size, the rate
of sedimentation should be as high as possible. In many cases, the rate may be artificially
increased by the addition of small quantities of an electrolyte, which causes precipitation
of colloidal particles and the formation of flocs. The suspension is also frequently heated



256 CHEMICAL ENGINEERING

because this lowers the viscosity of the liquid, and encourages the larger particles in the
suspension to grow in size at the expense of the more soluble small particles. Further, the
thickener frequently incorporates a slow stirrer, which causes a reduction in the apparent
viscosity of the suspension and also aids in the consolidation of the sediment.

The batch thickener usually consists of a cylindrical tank with a slightly conical bottom.
After sedimentation has proceeded for an adequate time, the thickened liquor is withdrawn
from the bottom and the clear liquid is taken off through an adjustable offtake pipe from
the upper part of the tank. The conditions prevailing in the batch thickener are similar
to those in the ordinary laboratory sedimentation tube, and during the initial stages there
will generally be a zone in which the concentration of the suspension is the same as that
in the feed.

The continuous thickener consists of a cylindrical tank with a flat bottom. The suspension
is fed in at the centre, at a depth of from 0.3 to 1 m below the surface of the liquid, with
as little disturbance as possible. The thickened liquor is continuously removed through an
outlet at the bottom, and any solids which are deposited on the floor of the tank may be
directed towards the outlet by means of a slowly rotating rake mechanism incorporating
scrapers. The rakes are often hinged so that the arms fold up automatically if the torque
exceeds a certain value; this prevents it from being damaged if it is overloaded. The raking
action can increase the degree of thickening achieved in a thickener of given size. The
clarified liquid is continuously removed from an overflow which runs round the whole
of the upper edge of the tank. The solids are therefore moving continuously downwards,
and then inwards towards the thickened liquor outlet; the liquid is moving upwards and
radially outwards as shown in Figure 5.11. In general, there will be no region of constant
composition in the continuous thickener.

/ Feed
| Clarifying zone [ J— Overflow

s e

i \
&P Solids
path

Thickening 7-0"91

Suiwi i

]__}* Thickened liquid outlet

Figure 5.11. Flow in continuous thickener

Thickeners may vary from a few metres to several hundred metres in diameter. Small
ones are made of wood or metal and the rakes rotate at about 0.02 Hz (1 rpm). Very large
thickeners generally consist of large concrete tanks, and the stirrers and rakes are driven
by means of traction motors which drive on a rail running round the whole circumference;
the speed of rotation may be as low as 0.002 Hz (0.1 rpm).
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The thickener has a twofold function. First, it must produce a clarified liquid, and
therefore the upward velocity of the liquid must, at all times, be less than the settling
velocity of the particles. Thus, for a given throughput, the clarifying capacity is determined
by the diameter of the tank. Secondly, the thickener is required to produce a given degree
of thickening of the suspension. This is controlled by the time of residence of the particles
in the tank, and hence by the depth below the feed inlet.

There are therefore two distinct requirements in the design— first, the provision of
an adequate diameter to obtain satisfactory clarification and, secondly, sufficient depth
to achieve the required degree of thickening of the underflow. Frequently, the high
diameter : height ratios which are employed result in only the first requirement being
adequately met. The Dorr thickener is an example of a relatively shallow equipment
employing a rake mechanism. In order to save ground space, a number of trays may be
mounted above one another and a common drive shaft employed. A four-tray thickener
is illustrated in Figure 5.12; this type of equipment generally gives a better performance
for clarification than for thickening.
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Figure 5.12. Four-tray Dorr thickener

The satisfactory operation of the thickener as a clarifier depends upon the existence of
a zone of negligible solids content towards the top. In this zone conditions approach those
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under which free settling takes place, and the rate of sedimentation of any particles which
have been carried to this height is therefore sufficient for them to settle against the upward
current of liquid. If this upper zone is too shallow, some of the smaller particles may
escape in the liquid overflow. The volumetric rate of flow of liquid upwards through the
clarification zone is equal to the difference between the rate of feed of liquid in the slurry
and the rate of removal in the underflow. Thus the required concentration of solids in the
underflow, as well as the throughput, determines the conditions in the clarification zone.

Thickening zone

In a continuous thickener, the area required for thickening must be such that the total
solids flux (volumetric flowrate per unit area) at any level does not exceed the rate at which
the solids can be transmitted downwards. If this condition is not met, solids will build up
and steady-state operation will not be possible. If no solids escape in the overflow, this
flux must be constant at all depths below the feed point. In the design of a thickener, it
is therefore necessary to establish the concentration at which the total flux is a minimum
in order to calculate the required area.

The total flux ¢y may be expressed as the product of the volumetric rate per unit area
at which thickened suspension is withdrawn (u,) and its volumetric concentration C,.

Thus: vr = u,C, (5.42)

This flux must also be equal to the volumetric rate per unit area at which solids are
fed to the thickener.

Thus: Yr = —Cy (5.43)

where: Qy is the volumetric feed rate of suspension,
A is the area of the thickener, and
Cy is the volumetric concentration of solids in the feed.

At any horizontal plane in a continuous thickener operating under steady-state condi-
tions, the total flux of solids ¥r is made up of two components:

(a) That attributable to the sedimentation of the solids in the liquid — as measured in
a batch sedimentation experiment.
This is given by:
Y =uC (equation 5.31)

where u, is the sedimentation velocity of solids at a concentration C. ¥ corresponds
to the flux in a batch thickener at that concentration.

(b) That arising from the bulk downward flow of the suspension which is drawn off
as underflow from the base of the thickener which is given by:

Yy = u,C (5.44)

Thus the total flux:
Vr=v¢¥+v,=¢¥+uC (5.45)
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Figure 5.13 shows a typical plot of sedimentation flux i against volumetric concen-
tration C; this relationship needs to be based on experimental measurements of u. as a
function of C. The curve must always pass through a maximum, and usually exhibits a
point of inflexion at high concentrations. At a given withdrawal rate per unit area (1) the
bulk flux (v,) is given by a straight line, of slope u,, passing through the origin as given
by equation 5.44. The total solids flux 7, obtained as the summation of the two curves,
passes through a maximum, followed by a minimum (¥r;) at a higher concentration
(Cp). For all concentrations exceeding Cps (shown in Figure 5.13), 7, is the parameter
which determines the capacity of the thickener when operating at the fixed withdrawal

rate u,.

Yr=vu+y
wTL T wu - uUC
-
3 "
8
k-]
&
¥=u,C
i  9=tan~' u,
; |
Cu C oF

Concentration C

Figure 5.13. Solids fluxes as functions of concentration and Yoshioka construction”

it may be noted that, because no further sedimentation occurs below the level of the exit
of the thickener, there will at that position be a discontinuity, and the solids concentration
will undergo a step change from its value in the suspension to that in the underflow (C,).

It is now necessary to determine the limiting total flux 7 for a specified concentration
C, of overflow. The required area of the thickener is then obtained by substituting this
value into equation 5.43 to give:

QoCo
A= 5.46
Y7L (5.46)

A simple construction, proposed by YosHioka et al.“”? has been described by
Hassert™® amongst others. By differentiation of equation 5.45 at a fixed value of u,:

dyr _ oy
3C — aC + uy, 547
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]
The minimum value of {7 (= yr1) occurs when _f;—p(,TT =0;
. a
that is when: ——az = —u, (5.48)

If a tangent is drawn from the point on the abscissa corresponding to the required
underflow concentration C,, it will meet the v curve at a concentration value C; at
which /7 has the minimum value y¥7; and will intersect the ordinate axis at a value
equal to ¥rz. The construction is dependent on the fact that the slopes of the tangent and
of the ¥, line are equal and opposite (xzu,). Thus, in order to determine both C; and
YL, it is not necessary to plot the total-flux curve (y¥r), but only to draw the tangent
to the batch sedimentation (i) curve. The value of ¥7; determined in this way is then
inserted in equation 5.46 to obtain the required area A.
From the geometry of Figure 5.13:

YL YL
= 5.49
C., Cc.—-Cp ( )
where i is the value of ¢ at the concentration C;.
Since ¥ = u.; Cy, (from equation 5.31), again from equation 5.46:
4= QoCo
YrL
1 1
= 00Co | E—Cu (5.50)
UcL

where u.; is the value of u, at the concentration C;. Thus, the minimum necessary area
of the thickener may be obtained from the maximum value of

1

t
C, L .
———*% | which is designated
Uc Ue

1 l
Cu

al
Ol

max.
Concentrations may also be expressed as mass per unit volume (using ¢ in place of C)

to give:
[(/e) = (1/cu)]]

(5.51)
Ue

A= QOCO[

Overfiow

The liquid flowrate in the overflow (Q) is the difference between that in the feed and in
the underflow.
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Thus: Q' = Q0(1 —Cp) - (Qo— QN1 -Cy)
. o _,_G
or; 00 = 1 C. (5.52)

At any depth below the feed point, the upward liquid velocity must not exceed the
settling velocity of the particles. (#.,) Where the concentration is C, the required area is
therefore given by:

1
A= 0ot [1 _ ci] (5.53)

It is therefore necessary to calculate the maximum value of A for all the values of C
which may be encountered.

Equation 5.53 can usefully be rearranged in terms of the mass ratio of liquid to solid
in the feed (¥) and the corresponding value (U) in the underflow to give:

1-Cop 1-Cy 0
= ——é—E and U = C o
Then: C= __-1__—_ C, = __1___
1+ Y(ps/p) 1+ U(ps/p)
Qo 1+ U(ps/p)
and: " e [1 T 1+ Y(s/0) ]
_ QoY —U)Cps (5.54)
Ucp

The values of A should be calculated for the whole range of concentrations present in
the thickener, and the design should then be based on the maximum value so obtained.

The above procedure for the determination of the required cross-sectional area of a
continuous thickener is illustrated in Example 5.2

Great care should be used, however, in applying the results of batch sedimentation
tests carried out in the laboratory to the design of large continuous industrial thickeners
as the conditions in the two cases are different. In a batch experiment, the suspension
is initially well-mixed and the motion of both fluid and particles takes place in the
vertical direction only. In a continuous thickener, the feed is normally introduced near
the centre at some depth (usually between 0.3 and 1 metre) below the free surface, and
there is a significant radial velocity component in the upper regions of the suspension.
The liquid flows predominantly outwards and upwards towards the overflow; this is
generally located round the whole of the periphery of the tank. In addition, the precise
design of the feed device will exert some influence on the flow pattern in its immediate
vicinity.

Underflow

In many operations the prime requirement of the thickener is to produce a thickened
product of as high a concentration as possible. This necessitates the provision of sufficient
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depth to allow time for the required degree of consolidation to take place; the critical
dimension is the vertical distance between the feed point and the outlet at the base of the
tank. In most cases, the time of compression of the sediment will be large compared with
the time taken for the critical settling conditions to be reached.

The time required to concentrate the sediment after it has reached the critical condition
can be determined approximately by allowing a sample of the slurry at its critical compo-
sition to settle in a vertical glass tube, and measuring the time taken for the interface
between the sediment and the clear liquid to fall to such a level that the concentration is
that required in the underflow from the thickener. The use of data so obtained assumes that
the average concentration in the sediment in the laboratory test is the same as that which
would be obtained in the thickener after the same time. This is not quite so because, in
the thickener, the various parts of the sediment have been under compression for different
times. Further, it assumes that the time taken for the sediment to increase in concentration
by a given amount is independent of its depth.

The top surface of the suspension should always be sufficiently far below the level of
the overflow weir to provide a clear zone deep enough to allow any entrained particles
to settle out. As they will be present only in very low concentrations, they will settle
approximately at their terminal falling velocities. Provided that this requirement is met,
the depth of the thickener does not have any appreciable effect on its clarifying capacity.

However, it is the depth of the thickener below the clarifying zone that determines the
residence time of the particles and the degree of thickening which is achieved at any give
throughput. Commcs™? has carried out an experimental study of the effect of underflow
rate on the depth of the thickening, (compression) zone and has concluded that it is the
retention time of the particles within the thickening zone, rather than its depth per se,
which determines the underflow concentration.

An approximate estimate of the mean residence time of particles in the thickening zone
may be made from the results of a batch settling experiment on a suspension which is
of the critical concentration (the concentration at which the settling rate starts to fall off
with time). Following a comprehensive experimental programme of work, RoBerrs®® has
found that the rate of sedimentation dH /dr decreases linearly with the difference between
its height at any time ¢ and its ultimate height H, which would be achieved after an
infinite time of settling:

dH
Thus: Ty = k(H — Hy) (5.55)
where k is a constant.
. , H —~ Hy
On int tion: In —— = —kt 5.56
integration n H —H. ( )
) H - H,, okt
or: - H. e (5.57)

where: ¢ is time from the start of the experiment,
H is the height of the interface at time ¢, and
H, is the initial height corresponding to the critical height at which the constant
settling rate gives way to a diminishing rate.
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H.,, which can be seen from equation 5.57 to be approached exponentially, cannot be
estimated with any precision, and a trial and error method must be used to determine at
what particular value the plot of the left hand side of equation 5.56 against ¢ yields a
straight line. The slope of this line is equal to —k, which is constant for any particular
suspension.

If the required fractional volumetric concentration in the underflow is C,, and C, is
the value of the critical concentration, a simple material balance gives the value of H,
the height of the interface when the concentration is C,.

Thus: H,=H, & (5.58)
‘Cy

The corresponding value of the residence time fg to reach this condition is obtained by
substituting from equation 5.58 into equation 5.56, giving:

H He
— Hy
H — Hyo
H.(C./C,) — Hy

tr=-1In

1
k"
LW (5.59)
k

Thus, equation 5.59 may be used to calculate the time required for the concentration
to be increased to such a value that the height of the suspension is reduced from Hp
to a desired value H, at which height the concentration corresponds with the value C,
required in the underflow from the thickener.

In a batch sedimentation experiment, the sediment builds up gradually and the solids
which are deposited in the early stages are those which are subjected to the compressive
forces for the longest period of time. In the continuous thickener, on the other hand, all
of the particles are retained for the same length of time with fresh particles continuously
being deposited at the top of the sediment and others being removed at the same rate in
the underfiow, with the inventory thus remaining constant. Residence time distributions
are therefore not the same in batch and continuous systems. Therefore, the value of ¢z
calculated from equation 5.59 will be subject to some inaccuracy because of the mismatch
between the models for batch and continuous operation.

An approximate value for the depth of the thickening zone is then found by adding the
volume of the liquid in the sediment to the corresponding volume of solid, and dividing by
the area which has already been calculated, in order to determine the clarifying capacity
of the thickener. The required depth of the thickening region is thus:

Witg tr ] Wig ( Ps )
+W——X?= 1+ —X 5.60
[ Aps Ap Aps P (5.60)

where: t is the required time of retention of the solids, as determined experimentally,
W is the mass rate of feed of solids to the thickener,
X is the average value of the mass ratio of liquid to solids in the thickening
portion, and
p and p; are the densities of the liquid and solid respectively.
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This method of design is only approximate and therefore, in a large tank, about 1 metre
should be added to the calculated depth as a safety margin and to allow for the depth
required for the suspension to reach the critical concentration. In addition, the bottom
of the tanks may be slightly pitched to assist the flow of material towards the thickened
liquor outlet.

The use of slowly rotating rakes is beneficial in large thickeners to direct the underflow
to the central outlet at the bottom of the tank. At the same time the slow motion of the
rakes tends to give a gentle agitation to the sediment which facilitates its consolidation
and water removal. The height requirement of the rakes must be added to that needed for
the thickening zone to achieve the desired underflow concentration.

Additional height (up to 1 m) should also be allowed for the depth of submergence
of the feed pipe and to accommodate fluctuations in the feed rate to the thickener (ca.
0.5 m).

The limiting operating conditions for continuous thickeners has been studied by a
number of workers including TiLLER and CHEN®D, and the height of the compression
zone has been the subject of a paper by Font®?),

A paper by Frrcn®? gives an analysis of existing theories and identifies the domains
in which the various models which have been proposed give reasonable approximations
to observed behaviour.

The importance of using deep thickeners for producing thickened suspensions of high
concentrations has been emphasised by DeLL and KeLEGHANG® who used a tall tank in
the form of an inverted cone. They found that consolidation was greatly facilitated by the
use of stirring which created channels through the sediment for the escape of water in
an upwards direction, and eliminated frictional support of the solids by the walls of the
vessel. The conical shape is clearly uneconomic for large equipment, however, because
of the costs of both fabrication and supports, and because of the large area at the top.

CHANDLER®S has reported on the use of deep cylindrical tanks of height to diameter
ratios of 1.5 and up to 19 m in height, fitted with steep conical bases of half angles of
about 30°. Using this method for the separation of “red mud” from caustic liquors in the
aluminium industry, it was found possible to dispense with the conical section because
the slurry tended to form its own cone at the bottom of the tank as a result of the build up
of stagnant solids. Rakes were not used because of the very severe loading which would
have been imposed at the high concentrations achieved in the sediments. With flocculated
slurries, the water liberated as the result of compaction was able to pass upwards through
channels in the sediment—an essential feature of the operation because the resistance
to flow through the sediment itself would have been much too large to permit such a
high degree of thickening. The system was found to be highly effective, and much more
economic than using large diameter tanks where it has been found that the majority of
the solids tend to move downwards through the central zone, leaving the greater part of
the cross-section ineffective.

Example 5.1

A slurry containing 5 kg of water/kg of solids is to be thickened to a sludge containing 1.5 kg of
water/kg of solids in a continuous operation. Laboratory tests using five different concentrations
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of the slurry yielded the following data:

Concentration (kg water/kg solid) 5.0 4.2 3.7 3.1 2.5
Rate of sedimentation (mm/s) 0.20 0.12 0.094 0.070 0.050

Calculate the minimum area of a thickener required to effect the separation of a flow of 1.33 kg/s
of solids.

Solution

Basis: 1 kg solids
Mass rate of feed of solids = 1.33 kg/s

1.5 kg water is carried away in the underflow, with the balance in the overflow. Thus, U = 1.5 kg
water/kg solids

concentration water to sedimentation Y -U)
overflow rate —
(r) Y -U) U, Ue
(kg water/kg solids) (kg water/kg solids) (m/s) (s/m)
5.0 35 2.00 x 107 1.75 x 10*
4.2 2.7 1.20 x 10~* 2.25 x 10*
3.7 22 0.94 x 10~* 2.34 x 10*
3.1 1.6 0.70 x 10~* 2.29 x 10*
2.5 1.0 0.50 x 104 2.00 x 10*
(Y -U)

= 2.34 x 10* s/m.

(5 (42)
Ue o
QCp, = 1.33 kg/s, and taking p as 1000 kg/m?, then:

A =234 x 10* x (1'33)

Maximum value of
Uc

From equation 5.54:

1000

(8]

=312 m

Example 5.2

A batch test on the sedimentation of a slurry containing 200 kg solids/m® gave the results shown
in Figure 5.14 for the position of the interface between slurry and clear liquid as a function
of time.
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Figure 5.14. Graphical data for Example 5.2

Using the Kynch theory, tabulate the sedimentation velocity and solids flux due to sedimentation
as a function of concentration. What area of tank will be required to give an underflow concentration
of 1200 kg/m?® for a feed rate of 2 m3/min of slurry?

Solution

On the diagram the height H above the base is plotted against time. The initial height is given by
OA (90 cm) and the initial constant slope of the curve gives the sedimentation velocity (u.)o for a
concentration of 200 kg/m® (co).

For some other height, such as OT (600 mm), the slope of the tangent gives the sedimentation
velocity u,. for a concentration oft

OA OA 3
=cp— = = ion 5.4
c=¢ oT 200 x oT kg/m (from equation 5.40)

Thus, for each height, the corresponding concentration may be calculated and the slope of the

tangent measured to give the sedimentation velocity. The solids flux in kg/m?s is then:

kg/m® (mm/mi s
c(kg/m’) x u (m mm)xlooox60
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CHAPTER 6

Fluidisation

6.1. CHARACTERISTICS OF FLUIDISED SYSTEMS

6.1.1. General behaviour of gas solids and liquid solids systems

When a fluid is passed downwards through a bed of solids, no relative movement between
the particles takes place, unless the initial orientation of the particles is unstable, and where
the flow is streamline, the pressure drop across the bed is directly proportional to the rate
of flow, although at higher rates the pressure drop rises more rapidly. The pressure drop
under these conditions may be obtained using the equations in Chapter 4.

When a fluid is passed upwards through a bed, the pressure drop is the same as that for
downward flow at relatively low rates. When, however, the frictional drag on the particles
becomes equal to their apparent weight, that is the actual weight less the buoyancy force,
the particles become rearranged thus offering less resistance to the flow of fluid and the
bed starts to expand with a corresponding increase in voidage. This process continues
with increase in velocity, with the total frictional force remaining equal to the weight of
the particles, until the bed has assumed its loosest stable form of packing. If the velocity
is then increased further, the individual particles separate from one another and become
freely supported in the fluid. At this stage, the bed is described as fluidised. Further
increase in the velocity causes the particles to separate still further from one another,
although the pressure difference remains approximately equal to the weight per unit area
of the bed. In practice, the transition from the fixed to the fluidised bed condition is not
uniform mainly due to irregularities in the packing and, over a range of velocities, fixed
and fluidised bed regions may co-exist. In addition, with gases, surface-related forces give
rise to the formation of conglomerates of particles through which there is a minimal flow
and, as a result, much of the gas may pass through the bed in channels. This is an unstable
condition since the channels that offer a relatively low resistance to flow, tend to open
up as the gas flowrate is increased and regions of the bed may remain in an unfluidised
state even though the overall superficial velocity may be much higher than the minimum
fluidising velocity.

Up to this point, the system behaves in a similar way with both liquids and gases,
although at high fluid velocities, there is usually a fairly sharp distinction between the
behaviour of the two systems. With a liquid, the bed continues to expand as the velocity
is increased and it maintains its uniform character, with the degree of agitation of the
particles increasing progressively. This type of fluidisation is known as particulate fluidi-
sation. With a gas, however, uniform fluidisation is frequently obtained only at low
velocities. At higher velocities two separate phases may form—a continuous phase,
often referred to as the dense or emulsion phase, and a discontinuous phase known as
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the lean or bubble phase. The fluidisation is then said to be aggregative. At much higher
velocities, the bubbles tend to break down— a feature that leads to a much more chaotic
structure. When gas bubbles pass through a relatively high-density fluidised bed the system
closely resembles a boiling liquid, with the lean phase corresponding to the vapour and
the dense or continuous phase corresponding to the liquid. The bed is then often referred
to as a boiling bed, as opposed to the quiescent bed usually formed at low flowrates.
As the gas flowrate is increased, the velocity relative to the particles in the dense phase
does not change appreciably, and streamline flow may persist even at very high overall
rates of flow because a high proportion of the total flow is then in the form of bubbles.
At high flowrates in deep beds, coalescence of the bubbles takes place, and in narrow
vessels, slugs of gas occupying the whole cross-section may be produced. These slugs
of gas alternate with slugs of fluidised solids that are carried upwards and subsequently
collapse, releasing the solids which fall back.

In an early attempt to differentiate between the conditions leading to particulate or
aggregative fluidisation, WiLHELM and Kwauk(! suggested using the value of the Froude
number (u2,/gd) as a criterion, where:

Uny is the minimum velocity of flow, calculated over the whole cross-section
of the bed, at which fluidisation takes place,
d is the diameter of the particles, and
g is the acceleration due to gravity.

At values of a Froude group of less than unity, particulate fluidisation normally occurs and,
at higher values, aggregative fluidisation takes place. Much lower values of the Froude
number are encountered with liquids because the minimum velocity required to produce
fluidisation is less. A theoretical justification for using the Froude group as a means
of distinguishing between particulate and aggregative fluidisation has been provided by
JacksoN® and MURraY®,

Although the possibility of forming fluidised beds had been known for many years,
the subject remained of academic interest until the adoption of fluidised catalysts by the
petroleum industry for the cracking of heavy hydrocarbons and for the synthesis of fuels
from natural gas or from carbon monoxide and hydrogen. In many ways, the fluidised bed
behaves as a single fluid of a density equal to that of the mixture of solids and fluid. Such
a bed will flow, it is capable of transmitting hydrostatic forces, and solid objects with
densities less than that of the bed will float at the surface. Intimate mixing occurs within
the bed and heat transfer rates are very high with the result that uniform temperatures are
quickly attained throughout the system. The easy control of temperature is the feature that
has led to the use of fluidised solids for highly exothermic processes, where uniformity
of temperature is important.

In order to understand the properties of a fluidised system, it is necessary to study the
flow patterns of both the solids and the fluid. The mode of formation and behaviour of
fluid bubbles is of particular importance because these usually account for the flow of a
high proportion of the fluid in a gas—solids system.

In any study of the properties of a fluidised system, it is necessary to select condi-
tions which are reproducible and the lack of agreement between the results of many
workers, particularly those relating to heat transfer, is largely attributable to the existence
of widely different uncontrolled conditions within the bed. The fluidisation should be of
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good quality, that is to say, that the bed should be free from irregularities and channelling.
Many solids, particularly those of appreciably non-isometric shape and those that have
a tendency to form agglomerates will never fluidise readily in a gas. Furthermore, the
fluid must be evenly distributed at the bottom of the bed and it is usually necessary to
provide a distributor across which the pressure drop is equal to at least that across the
bed. This condition is much more readily achieved in a small laboratory apparatus than
in large-scale industrial equipment.

As already indicated, when a liquid is the fluidising agent, substantially uniform condi-
tions pervade in the bed, although with a gas, bubble formation tends to occur except at
very low fluidising velocities. In an attempt to improve the reproducibility of conditions
within a bed, much of the earlier research work with gas fluidised systems was carried
out at gas velocities sufficiently low for bubble formation to be absent. In recent years,
however, it has been recognised that bubbles normally tend to form in such systems, that
they exert an important influence on the flow pattern of both gas and solids, and that the
behaviour of individual bubbles can often be predicted with reasonable accuracy.

6.1.2. Effect of fluid velocity on pressure gradient and pressure drop

When a fluid flows slowly upwards through a bed of very fine particles the flow is
streamline and a linear relation exists between pressure gradient and flowrate as discussed
in Chapter 4, Section 4.2.3. If the pressure gradient (—A P /) is plotted against the super-
ficial velocity (u.) using logarithmic co-ordinates a straight line of unit slope is obtained,
as shown in Figure 6.1. As the superficial velocity approaches the minimum fluidising
velocity (uny), the bed starts to expand and when the particles are no longer in physical
contact with one another the bed is fluidised. The pressure gradient then becomes lower
because of the increased voidage and, consequently, the weight of particles per unit height
of bed is smaller. This fall continues until the velocity is high enough for transport of the
material to take place, and the pressure gradient then starts to increase again because the
frictional drag of the fluid at the walls of the tube starts to become significant. When the
bed is composed of large particles, the flow will be laminar only at very low velocities
and the slope s of the lower part of the curve will be greater (1 < s < 2) and may not

T Fluidised
bed
a Fixed .
< ' bed ", Transport
vg> .

log (U;) —

Figure 6.1. Pressure gradient within a bed as a function of fluid velocity
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Figure 6.2. Pressure drop over fixed and fluidised beds

be constant, particularly if there is a progressive change in flow regime as the velocity
increases.

If the pressure across the whole bed instead of the pressure gradient is plotted against
velocity, also using logarithmic coordinates as shown in Figure 6.2, a linear relation is
again obtained up to the point where expansion of the bed starts to take place (A),
although the slope of the curve then gradually diminishes as the bed expands and its
porosity increases. As the velocity is further increased, the pressure drop passes through
a maximum value (B) and then falls slightly and attains an approximately constant value
that is independent of the fluid velocity (CD). If the fluid velocity is reduced again, the
bed contracts until it reaches the condition where the particles are just resting on one
another (E). The porosity then has the maximum stable value which can occur for a fixed
bed of the particles. If the velocity is further decreased, the structure of the bed then
remains unaffected provided that the bed is not subjected to vibration. The pressure drop
(EF) across this reformed fixed bed at any fluid velocity is then less than that before
fluidisation. If the velocity is now increased again, it might be expected that the curve
(FE) would be retraced and that the slope would suddenly change from 1 to O at the
fluidising point. This condition is difficult to reproduce, however, because the bed tends
to become consolidated again unless it is completely free from vibration. In the absence
of channelling, it is the shape and size of the particles that determine both the maximum
porosity and the pressure drop across a given height of fluidised bed of a given depth.
In an ideal fluidised bed the pressure drop corresponding to ECD is equal to the buoyant
weight of particles per unit area. In practice, it may deviate appreciably from this value
as a result of channelling and the effect of particle-wall friction. Point B lies above
CD because the frictional forces between the particles have to be overcome before bed
rearrangement can take place.

The minimum fluidising velocity, u,,r, may be determined experimentally by measuring
the pressure drop across the bed for both increasing and decreasing velocities and plotting
the results as shown in Figure 6.2. The two ‘best’ straight lines are then drawn through the
experimental points and the velocity at their point of intersection is taken as the minimum
fluidising velocity. Linear rather than logarithmic plots are generally used, although it is
necessary to use logarithmic plots if the plot of pressure gradient against velocity in the
fixed bed is not linear.
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The theoretical value of the minimum fluidising velocity may be calculated from the
equations given in Chapter 4 for the relation between pressure drop and velocity in a
fixed packed bed, with the pressure drop through the bed put equal to the apparent weight
of particles per unit area, and the porosity set at the maximum value that can be attained
in the fixed bed.

In a fluidised bed, the total frictional force on the particles must equal the effective
weight of the bed. Thus, in a bed of unit cross-sectional area, depth /, and porosity e, the
additional pressure drop across the bed attributable to the layout weight of the particles
is given by:

—AP =(1-e)(p; —p)lg 6.1

where: g is the acceleration due to gravity and
ps and p are the densities of the particles and the fluid respectively.

This relation applies from the initial expansion of the bed until transport of solids takes
place. There may be some discrepancy between the calculated and measured minimum
velocities for fluidisation. This may be attributable to channelling, as a result of which
the drag force acting on the bed is reduced, to the action of electrostatic forces in case
of gaseous fluidisation — particularly important in the case of sands—to agglomeration
which is often considerable with small particles, or to friction between the fluid and the
walls of the containing vessel. This last factor is of greatest importance with beds of
small diameters. Leva et al.® introduced a term, (Gr — Gg)/Gr, which is a fluidisation
efficiency, in which G is the minimum flowrate required to produce fluidisation and G g
is the rate required to produce the initial expansion of the bed.

If flow conditions within the bed are streamline, the relation between fluid velocity .,
pressure drop (—AP) and voidage e is given, for a fixed bed of spherical particles of
diameter d, by the Carman-Kozeny equation (4.12a) which takes the form:

& —APd?
u, = 0.0055 ((1 — 6)2) ( " ) (6.2)

For a fluidised bed, the buoyant weight of the particles is counterbalanced by the frictional
drag. Substituting for —A P from equation 6.1 into equation 6.2 gives:

3 2 _
Uy = 0.0055( ¢ ) (d (ps p)g) (6.3)
l1—e U

There is evidence in the work reported in Chapter 5 on sedimentation® to suggest that
where the particles are free to adjust their orientations with respect to one another and to
the fluid, as in sedimentation and fluidisation, the equations for pressure drop in fixed beds
overestimate the values where the particles can ‘choose’ their orientation. A value of 3.36
rather than 5 for the Carman-Kozeny constant is in closer accord with experimental data.
The coefficient in equation 6.3 then takes on the higher value of 0.0089. The experimental
evidence is limited to a few measurements however and equation 6.3, with its possible
inaccuracies, is used here.
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6.1.3. Minimum fluidising velocity

As the upward velocity of flow of fluid through a packed bed of uniform spheres is
increased, the point of incipient fluidisation is reached when the particles are just supported
in the fluid. The corresponding value of the minimum fluidising velocity (u,.r) is then
obtained by substituting e, into equation 6.3 to give:

el d*(p. —
umf=o.ooss< ms ) (0. — Plg 6.4)

Since equation 6.4 is based on the Carman—-Kozeny equation, it applies only to condi-
tions of laminar flow, and hence to low values of the Reynolds number for flow in the
bed. In practice, this restricts its application to fine particles.

The value of e,y will be a function of the shape, size distribution and surface properties
of the particles. Substituting a typical value of 0.4 for e,y in equation 6.4 gives:

d? s —
(umf)emf=0.4 = 0.00059 (Lﬂﬁ> (6.5)

When the flow regime at the point of incipient fluidisation is outside the range over
which the Carman-Kozeny equation is applicable, it is necessary to use one of the more
general equations for the pressure gradient in the bed, such as the Ergun equation given
in equation 4.20 as:

—AP (1 —e)?\ ;pu. (1—e)\ [ pu?
—— =150 (T) (55)+17s ( = ) (7) (6.6)

where d is the diameter of the sphere with the same volume:surface area ratio as the
particles.

Substituting e = e,y at the incipient fluidisation point and for —A P from equation 6.1,
equation 6.6 is then applicable at the minimum fluidisation velocity u,s, and gives:

1 — e,s)? m I—e, ,2,,
(l_emf)(ps‘,o)g=150(( : f) )(“sz)+1‘75<( L f)) (p:;f)

€msf €mf

3

Multiplying both sides by —————— gives:
2 (1 - emf)
p(ps — p)gd® 1 —ems \ (Unmsdp L75\ (umedp\’
T = 150 pE; P + < p (6.8)
mf mf
In equation 6.8:
a*p(ps —
_p_@sz—p)g = Ga (6.9)
"
where Ga is the ‘Galileo number’.
d
and: Eni%P — Rel,;. (6.10)

m



FLUIDISATION 297

where Rep is the Reynolds number at the minimum fluidising velocity and equation 6.8
then becomes:

Ga = 150 (1 :;j”'f> Rey; + (%) Rel, (6.11)
For a typical value of e,y = 0.4:
Ga = 1406Re,,; + 27.3Re,’; (6.12)
Thus: Re?; + 51.4Re,, — 0.0366Ga = 0 (6.13)
and: (RepVems=04 = 25.7{+/(1 +5.53 x 107°Ga) — 1} (6.14)
and, similarly for e,y = 0.45:
(Repns)ens=0.45 = 23.6{4/(1 +9.39 x 1075 Ga) — 1) (6.14a)
By definition:
Umf = ;,“;Reinf (6.15)

It is probable that the Ergun equation, like the Carman-Kozeny equation, also overpredicts
pressure drop for fluidised systems, although no experimental evidence is available on
the basis of which the values of the coefficients may be amended.

WeN and Yu® have examined the relationship between voidage at the minimum
fluidising velocity, e, s, and particle shape, ¢;, which is defined as the ratio of the diameter
of the sphere of the same specific as the particle d, as used in the Ergun equation to the
diameter of the sphere with the same volume as the particle d,.

Thus: ¢s = d/d, (6.16)
where: d=6V,/A, and d, = (6V,/n)'".

In practice the particle size d can be determined only by measuring both the volumes
V, and the areas A, of the particles. Since this operation involves a somewhat tedious
experimental technique, it is more convenient to measure the particle volume only and
then work in terms of d, and the shape factor.

The minimum fluidising velocity is a function of both e,,s and ¢;, neither of which is
easily measured or estimated, and Wen and Yu have shown that these two quantities are,
in practice, inter-related. These authors have published experimental data of e,,s and ¢
for a wide range of weli-characterised particles, and it has been shown that the relation
between these two quantities is essentially independent of particle size over a wide range.
It has also been established that the following two expressions give reasonably good
correlations between e,y and ¢, as shown in Figure 6.3:

<1”e’"f)i=11 (6.17)

e,3,,f ¢s2

1 1
(;m_ﬂa) =14 (6.18)
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Niven” discusses the significance of the two dimensionless groups in equations 6.17
and 6.18, and also suggests that d and uy in equations 6.8, 6.9 and 6.10 are more
appropriately replaced by a mean linear dimension of the pores and the mean pore velocity
at the point of incipient fluidisation.

Using equation 6.16 to substitute for gi for d in equation 6.6 gives:

P
(1- emf)2 HUmf 1 - €mf p“mf2
(1 = eps)(ps — = 150 + 175 | ———— ) ——
mf) Os p)g ( e?nf ¢52dp2 eglf ¢sdp

Thus:

— 43 1— 1 oy, 1 242,2
(ps pz)pg > _ 150 3emf L (p it f) +175( 5 p ,,2,,,f
u emf ¢S 2 emf¢s 22

Substituting from equations 6.17 and 6.18:

Ga, = (150 x 11)Rel,,, + (1.75 x 14)Re’;,

where Ga, and Reny, are the Galileo number and the particle Reynolds number at the
point of incipient fluidisation, in both cases with the linear dimension of the particles
expressed as d,.

Thus: Re,;, +61.3Re,,;, — 0.0408Ga, = 0

giving: Re;nfp = 33.65[/(1 +6.18 x IO‘SGap) — 1] (6.19)
[k /

where: Umf = (dp_p) Re,sp (6.20)

Example 6.1

A bed consists of uniform spherical particles of diameter 3 mm and density 4200 kg/m®. What will
be the minimum fluidising velocity in a liquid of viscosity 3 mNs/m? and density 1100 kg/m??
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Solution
By definition:
Galileo number, Ga = d3p(p5 - p)g/u2

= ((3 x 107*)® x 1100 x (4200 — 1100) x 9.81)/(3 x 1073)2
= 1.003 x 10°

Assuming a value of 0.4 for e,s, equation 6.14 gives:

Rep,; =25.7{,/(1 + (5.53 x 107°)(1.003 x 10%)) — 1} = 40
and: Ums = (40 x 3 x 107°)/(3 x 10~ x 1100) = 0.0364 m/s or 36.4 mm/s

Example 6.2

Oil, of density 900 kg/m? and viscosity 3 mNs/m?, is passed vertically upwards through a bed of
catalyst consisting of approximately spherical particles of diameter 0.1 mm and density 2600 kg/m”.
At approximately what mass rate of flow per unit area of bed will (a) fluidisation, and (b) transport
of particles occur?

Solution
(a) Equations 4.9 and 6.1 may be used to determine the fluidising velocity, u.

u=(1/K")e/(S* (1 — e} )(1/u)(—AP/1) (equation 4.9)
—AP = -¢e)ps — p)lg (equation 6.1)
where S = surface area/volume, which, for a sphere, = nd?/(7rd*/6) = 6/d.
Substituting K” =5, § = 6/d and —A P/I from equation 6.1 into equation 4.9 gives:
Umg = 0.0055(¢%/(1 — €))(d%(ps — 0)8)/ 1t
Hence : Gﬁ,,f = pu = (0.0055¢° /(1 — &))(d*(p; — P/ n
In this problem, p; = 2600 kg/m®, p = 900 kg/m®, u = 3.0 x 10~ Ns/m?
andd = 0.1 mm = 1.0 x 10~* m.

As no value of the voidage is available, e will be estimated by considering eight closely packed
spheres of diameter d in a cube of side 2d. Thus:

volume of spheres = 8(7/6)d*
volume of the enclosure = (2d)° = 84°
and hence:  voidage, e = [84° — 8(71/6)d®)/8d° = 0.478, say, 0.48.
Thus : G,,; = 0.0055(0.48)°(10~*)*((900 x 1700) x 9.81)/((1 ~ 0.48) x 3 x 1073
= 0.059 kg/m?s
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(b) Transport of the particles will occur when the fluid velocity is equal to the terminal falling
velocity of the particle.

Using Stokes’ law : uo =d*g(o; — p)/18u (equation 3.24)
= ((107%)% x 9.81 x 1700)/(18 x 3 x 1073)
= 0.0031 m/s

The Reynolds number = ((10~* x 0.0031 x 900)/(3 x 1073) = 0.093 and hence Stokes’ law
applies.

The required mass flow = (0.0031 x 900) = 2.78 kg/mzs
An alternative approach is to make use of Figure 3.6 and equation 3.35,
(R/pu*)Re* = 2d° pg(ps — p)/3°
= (2 x (107%)% x (900 x 9.81) x 1700)/(3(3 x 107%)?) = 1.11

From Figure 3.6, Re = 0.09

Hence: up = Re(u/pd) = (0.09 x 3 x 10'3)/(900 x 10™%) = 0.003 m/s
and: G’ = (0.003 x 900) = 2.7 kg/m?s

6.1.4. Minimum fluidising velocity in terms of terminal failing velocity

The minimum fluidising velocity, u.ys, may be expressed in terms of the free-falling
velocity ug of the particles in the fluid. The Ergun equation (equation 6.11) relates the
Galileo number Ga to the Reynolds number Re,,, in terms of the voidage e, at the
incipient fluidisation point.

In Chapter 3, relations are given that permit the calculation of Rey(uodp/u), the particle
Reynolds number for a sphere at its terminal falling velocity ug, also as a function of
Galileo number. Thus, it is possible to express Re), y in terms of Rej and u,y in terms
of Uup.

For a spherical particle the Reynolds number Re;, is expressed in terms of the Galileo
number Ga by equation 3.40 which covers the whole range of values of Re’ of interest.
This takes the form:

Refy = (2.33Ga®%"8 — 1.53G4~0016)133 (6.21)

Equation 6.21 applies when the particle motion is not significantly affected by the walls
of the container, that is when d/d, tends to zero.

Thus, for any value of Ga, Re; may be calculated from equation 6.21 and Re), s from
equation 6.11 for a given value of e,s. The ratio Rey/Rey, (= uo/ums) may then be
plotted against Ga with e, as the parameter. Such a plot is given in Figure 6.4 which
includes some experimental data. Some scatter is evident, largely attributable to the fact
that the diameter of the vessel (d;) was not always large compared with that of the particle.
Nevertheless, it is seen that the experimental results straddle the curves covering a range
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Figure 6.4. Ratio of terminal falling velocity to minimum fluidising velocity, as a function of Galileo number

of values of e,y from about 0.38 to 0.42. The agreement between the experimental and
calculated values is quite good, especially in view of the uncertainty of the actual values
of ey in the experimental work, and the fact that the Ergun equation does not necessarily
give an accurate prediction of pressure drop in a fixed bed, especially near the incipient
fluidisation points.

It is seen in Chapter 3 that it is also possible to express Rey in terms of Ga by means
of three simple equations, each covering a limited range of values of Ga (equations 3.37,
3.38 and 3.39) as follows:

Ga = 18Re), (Ga < 3.6) (6.22)
Ga = 18Re), + 2.7Re} %" (3.6 < Ga < 10°) (6.23)
Ga = LReg (Ga > ca.10%) (6.24)

It is convenient to use equations 6.22 and 6.24 as these enable very simple relations for
Rey/Re,,; to be obtained at both low and high values of Ga.

Taking a typical value of e,s of 0.4, the relation between Re, s and Ga is given by
equation 6.13.

For low values of Re,, f(<0.003) and of Ga(<3.6), the first term may be neglected and:

Re;nf = 0.000712Ga (6.25)
Equation 6.22 gives: Rey = 0.0556Ga (6.26)
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Combining equations 6.25 and 6.26:
Reg Uo

=— =178 6.27
Re,;  ums (627

Again, for high values of Re;nf(>~ 200) and Ga(>10%), equation 6.13 gives:

Re,,; = 0.191Ga'/? (6.28)
Equation 6.24 gives:
Rejy = 1.732Ga'/? (6.29)
R /
Thus : - % - ;”i =9.1 (6.30)
emf mf

This shows that uo/umy is much larger for low values of Ga, generally obtained
with small particles, than with high values. For particulate fluidisation with liquids, the
theoretical range of fluidising velocities is from a minimum of u,,r to a maximum of uo.
It is thus seen that there is a far greater range of velocities possible in the streamline
flow region. In practice, it is possible to achieve flow velocities greatly in excess of ug
for gases, because a high proportion of the gas can pass through the bed as bubbles and
effectively by-pass the particles.

6.2. LIQUID-SOLIDS SYSTEMS

6.2.1. Bed expansion

Liquid-fluidised systems are generally characterised by the regular expansion of the bed
that takes place as the velocity increases from the minimum fluidisation velocity to
the terminal falling velocity of the particles. The general relation between velocity and
volumetric concentration or voidage is found to be similar to that between sedimentation
velocity and concentration for particles in a suspension. The two systems are hydrody-
namically similar in that in the fluidised bed the particles undergo no net movement and
are maintained in suspension by the upward flow of liquid, whereas in the sedimenting
suspension the particles move downwards and the only flow of liquid is the upward flow
of that liquid which is displaced by the settling particles. RicHarDsoN and Zaki'D showed
that, for sedimentation or fluidisation of uniform particles:

Y= =0) (6.31)

where: u. is the observed sedimentation velocity or the empty tube fluidisation
velocity,
u; is the corresponding velocity at infinite dilution,
e is the voidage of the system,
C is the volumetric fractional concentration of solids, and
n is an index. '
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The existence of a relationship of the form of equation 6.31 had been established six years
earlier by WiLseLM and Kwauk" who fluidised particles of glass, sand and lead shot
with water. On plotting particle Reynolds number against bed voidage using logarithmic
scales, good straight lines were obtained over the range of conditions for which the bed
was fluidised.

A similar equation had previously been given by LEwis and BowerMaN{3),

Equation 6.31 is similar to equation 5.71 for a sedimenting suspension. Values of the
index n range from 2.4 to 4.8 and are the same for sedimentation and for fluidisation at
a given value of the Galileo number Ga. These may be calculated from equation 6.32,
which is identical to equation 5.84 in Chapter 5:

(4.8 _ n) _ 0.57 _ i)0‘27
———(n oA = 0.043Ga |:1 1.24 (dx (6.32)

RicuarDsON and Zaki'V found that u; corresponded closely to ug, the free settling
velocity of a particle in an infinite medium, for work on sedimentation as discussed in
Chapter 5, although u; was somewhat less than ug in fluidisation. The following equation
for fluidisation was presented:

d
loglo Uup = loglo ui + E‘ (6.33)
t

The difference is likely to be attributed to the fact that d/d, was very small in the
sedimentation experiments. More recently, KuaN and RicHArRDSON('4) have proposed the
following relation to account for the effect of the walls of the vessel in fluidisation:

‘ 0.6
Y 1-115 (5) (6.34)

t

If logarithmic co-ordinates are used to plot the voidage e of the bed against the super-
ficial velocity u. (Figure 6.5), the resulting curve can be represented approximately by
two straight lines joined by a short transitional curve. At low velocities the voidage
remains constant corresponding to that of the fixed bed, and for the fluidised state there
is a linear relation between log u. and log e. The curve shown refers to the fluidisation
of steel spheres in water. It should be noted that whereas, in the absence of channelling,
the pressure drop across a bed of a given expansion is directly proportional to its depth,
the fluidising velocity is independent of depth.

An alternative way of calculating the index » in equation 6.31 for the expansion of
particulately fluidised systems is now considered. Neglecting effects due to the container

wall then:
u. Re.

= = ¢" .35
wo ~ Re) e (6.35)

where Re/. is the Reynolds number u.dp/u.

- log(uc/uo) —log(Reg/Re.)
loge loge

Taking logarithms: (6.36)
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Figure 6.5. Relation between fluid velocity (#.) and voidage (e) for the fluidisation of 6.4 mm steel spheres
in water

On the assumption that equation 6.31 may be applied at the point of incipient fluidisation:
o _ log(uns/uo) _ —log(Rey/Re,,;)
- 10g emf - log emf

For a typical value of e, of 0.4, Re,, . is given by equation 6.14. Furthermore, Re;, is
given by equation 6.21. Substitution into equation 6.37 then gives:

(1.83Ga0'018 _ 1_2Ga~0.016)13.3

(14553 x 10-5Ga) - 1 }
Equation 6.38 which applies to low values of d/d; is plotted in Figure 6.6, together with
experimental points from the literature, annotated according to the d/d, range which is
applicable'). The scatter, and the low experimental values of n, are attributable partly
to the wider range of d/d; values covered and also inaccuracies in the experimental
measurements which are obtained from the results of a number of workers. For e,,; =
0.43, the calculated values of n are virtually unchanged over the range 10 < Ga < 10°.

An alternative method of calculating the value of Re,, f (and hence uny) is to substitute

for Rey from equation 6.21 into equation 6.35, and to put the voidage e equal to its value
ems at the minimum fluidising velocity.

In this way: Re,; = (2.33Ga®""® — 1.53Ga%016) 33", . (6.39)

where n is given by equation 6.32.

(6.37)

n=2.51log [ (6.38)
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Figure 6.6. Comparison of values of the index n calculated from equation 6.37 with experimental data

The same procedure may be adopted for calculating the minimum fluidising for a
shear-thinning non-Newtonian fluid which exhibits power-law behaviour, although it is
necessary to use the modified Reynolds number (Re;), given in Chapter 4, equation 4.28.

For inelastic fluids exhibiting power-law behaviour, the bed expansion which occurs as
the velocity is increased above the minimum fluidising velocity follows a similar pattern
to that obtained with a Newtonian liquid, with the exponent in equation 6.31 differing by
no more than about 10 per cent. There is some evidence, however, that with viscoelastic
polymer solutions the exponent may be considerably higher. Reference may be made to
work by Srinvas and CHaaBrRA'Y for further details.

Example 6.3

Glass particles of 4 mm diameter are fluidised by water at a velocity of 0.25 m/s. What will be the
voidage of the bed?

The density of glass = 2500 kg/m®, the density of water = 1000 kg/m®, and the viscosity of
water = 1mNs/m?.

Solution

d*p(ps — p)g

u2
(4% 107%) x 1000 x 1500 x 9.81
- (1 x 10-3)2

Galileo number for particles in water, Ga = (equation 6.9)

=942 x 10°



/knovel2/view_hotlink.jsp?hotlink_id=437326645

306 CHEMICAL ENGINEERING
Reynolds number Rej at terminal falling velocity is given by equation 6.21:

Rey = (2.33Ga"""® — 1.53Ga™0%"%)"*?

1x 1073

Thus: to = 1800 (m

) = 0.45 m/s

The value of n in equation 6.31 is given by equation 6.32 for small values of d/d; as:

48—n) 0.57

—_— = 0. Pl =1 .5

=24 0.043Ga 09
n=242

The voidage ¢ at a velocity of 0.25 m/s is then given by equation 6.31 as:

025 24
045
and: e =0.784

6.2.2. Non-uniform fluidisation

Regular and even expansion of the bed does not always occur when particles are fluidised
by a liquid. This is particularly so for solids of high densities, and non-uniformities
are most marked with deep beds of small particles. In such cases, there are significant
deviations from the relation between bed voidage and velocity predicted by equation 6.31,

STEWART (referred to in STEWART and Davipson(!9) has shown that well-defined bubbles
of liquid and slugs are formed when tungsten beads (density 19,300 kg/m?, and particle
sizes 776 and 930 wm) are fluidised with water. SiMpsoN and RopGer?, HARRISON
et al."®, LawThER and BErGLIN!® and RicHARDsoN and SmiTH?? have observed that lead
shot fluidised by water gives rise to non-uniform fluidised beds. ANDERsON and Jackson®?!)
have shown that this system would be expected to be transitional in behaviour. Hassert??
and Lawson and HasserT®® have also noted instabilities and non-uniformities in liquid-
solids systems, particularly in beds of narrow diameter. Similar observations have also
been made by Camrns and Prausnz®®, by Kramers et al.®>) and by Reuter@®, who
have published photographs of bubbles in liquid-solids systems. GIBILARO et al.*” have
made experimental measurements of one dimensional waves in liquid—solids fluidised
beds. BALEY®® has studied the fluidisation of lead shot with water and has reported the
occurrence of non-uniformities, though not of well-defined bubbles. He has shown that the
logarithmic plots of voidage against velocity are no longer linear and that the deviations
from the line given by equation 6.31 increase with:

(a) increase in bed weight per unit area,
(b) decrease in particle size.

The deviation passes through a maximum as the velocity is increased, as shown in
Figure 6.7.

The importance of particle density in determining the nature of fluidised systems is well
established, and increase in density generally results in a less uniform fluidised system.
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Figure 6.7. Bed expansion for the fluidisation of 0.5-0.6 mm lead shot in water in a 100 mm tube

It is, however, surprising that a reduction in particle size should also cause increased
deviations from the ideal system. It may be noted from Figure 6.7 that, over a wide
range of liquid velocities, the mean voidage of the bed is less than that predicted by
equation 6.31. This may be explained in terms of part of the fluid taking a low resistance
path through the bed, remaining there for less than the average residence time, and not
therefore contributing fully to the expansion of the bed. The effect of partial channelling
will certainly be more marked with fine solids than with coarse, since the ratio of the
resistance of the bed to that of the channel will be much greater, and a comparatively
small channel will accommodate the flow of a proportionately larger amount of fluid.

A simple model may be built up to represent what is happening under these circum-
stances. The bed may be considered to be divided into two portions, one with uniformly
dispersed particles and the other consisting of fluid channels. It is assumed that the voidage
of the region of uniformly dispersed particles is determined according to equation 6.31
by the flowrate through that part of the bed. If, then, a fraction f of the fluid introduced
to the bottom of the bed flows through the channels at a velocity uy, it can be readily
shown that the relation between the mean voidage of the bed ¢ and the mean superficial
velocity of the liquid u, is given by:

i/n 1-(1/n)
e= s (a-p) (1-r5) (6.40)
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Equation 6.40 gives the relation between all possible corresponding values of us and
f. For a typical experiment on the fluidisation of 5 kg of lead shot (d = 0.55 mm) in a
100 mm diameter tube with water flowing at a mean superficial velocity of 0.158 m/s,
the measured voidage of the bed was 0.676. This would give a value of f = 0.53 for a
channel velocity uy = 1.58 m/s, or 0.68 for a channel velocity uy = 0.80 m/s.

Local variations in voidage in a liquid-solids fluidised bed have also been observed
by VorriceLL et al.?® who fluidised steel, aluminium and plastic beads with water and
glycerol in a column only 3.55 mm thick, using particles ranging from 2.86 to 3.18 mm
diameter which thus gave effectively a bed one particle thick. This system facilitated obser-
vation of flow patterns within the bed. It was found that the velocity—voidage relationship
was of the same form as equation 6.31, but that it was necessary to use the actual measured
falling velocity of the particle in the apparatus to represent u;. Non-uniformities within
the bed were not apparent at voidages near unity or near u,ys, but rose to a maximum
value intermediately; this is generally in line with Bailey’s work (Figure 6.7). The local
variations of voidage were found to be highly dependent on the arrangement of the liquid
distributor.

More recent work by FoscoLo et al.®® has shown that instabilities can also arise in the
fluidisation of particles where densities are only slightly greater than that of the fluidising
liquid.

6.2.3. Segregation in beds of particles of mixed sizes

When a bed consists of particles with a significant size range, stratification occurs, with the
largest particles forming a bed of low voidage near the bottom and the smallest particles
forming a bed of high voidage near the top. If the particles are in the form of sharp-cut
size fractions, segregation will be virtually complete with what is, in effect, a number
of fluidised beds of different voidages, one above the other. If the size range is small,
there will be a continuous variation in both composition and concentration of particles
throughout the depth of the bed.

It has been shown experimentally!" that a mixture of equal masses of 1.0 mm and
0.5 mm particles when fluidised by water will segregate almost completely over the whole
range of velocities for which particles of each size will, on its own, form a fluidised bed.
WeN and Yu'” have shown that this behaviour is confined to mixtures in which the ratio
of the minimum fluidising velocities of the components exceeds about 2. The tendency
for classification has been examined experimentally and theoretically by several workers,
including JorTRAND®V, PruDEN and EpsTEN®?, KENNEDY and BRETTONG?), AL-DiBouni
and GarsDE®#, Juma and RicHaRDSON®Y, GIBILARO ef al.®® and Morirom et al.®?.

In a mixture of large and small particles fluidised by a liquid, one of three situations
may exist:

(a) Complete (or virtually complete) segregation, with a high voidage bed of small
particles above a bed of lower voidage containing the large particles.

(b) Beds of small and of large particles as described in (a), but separated by a transition
region in which the proportion of small particles and the voidage both increase from
bottom to top.
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(c) A bed in which there are no fully segregated regions, but with the transition region
described in (b) extending over the whole extent of the bed. If the range of particle
sizes in the bed is small, this transition region may be of nearly constant compo-
sition, with little segregation occurring.

At any level in the transition region, there will be a balance between the mixing effects
attributable to (a) axial dispersion and to (b) the segregating effect which will depend on
the difference between the interstitial velocity of the liquid and that interstitial velocity
which would be required to produce a bed of the same voidage for particles of that size
on their own. On this basis a model may be set up to give the vertical concentration
profile of each component in terms of the axial mixing coefficients for the large and the
small particles.

Experimental measurements®> of concentration profiles within the bed have been made
using a pressure transducer attached to a probe whose vertical position in the bed could
be varied. The voidage e of the bed at a given height may then be calculated from the
local value of the pressure gradient using equation 6.1, from which:

dP
—— = (1-e)ps - p)g (6.41)

dl
It has been established that the tendency for segregation increases, not only with the ratio
of the sizes of particles (largest:smallest), but also as the liquid velocity is raised. Thus,
for a given mixture, there is more segregation in a highly expanded bed than in a bed of
low voidage.

Binary mixtures - particles differing in both size and density

The behaviour of a fluidised bed consisting of particles differing in both size and density,
can be extremely complex. This situation may be illustrated by considering the simplest
case — the fluidisation of a binary mixture of spherical particles. If the heavy particles are
also the larger, they will always constitute the denser bottom layer. On the other hand, if
the mixture consists of small high density particles H, and larger particles of lower density
L, the relative densities of the two layers is a function of the fluidising velocity. In either
case, for both species of solids to be fluidised simultaneously, the superficial velocity
uc of the liquid must lie between the minimum fluidising velocity u,,s and the terminal
falling velocity uo for each of the solids of u,,r < u. < ug. In general, segregation tends
to occur, resulting in the formation of two fluidised beds of different densities, possibly
separated by a transition zone, with the bed of higher density forming the bottom layer.
In all cases, the interface between the two beds may be diffuse as a result of the effect
of dispersion.
The densities of the two beds are then given by:

oo = (1 —eq)osu +eyp = psu — en(Psu — P) (6.42a)
oo = (L —ep)psp +erp = psi — eL (st — p) (6.42b)

where the suffix L refers to the light particles and the suffix H to the heavy particles.
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Applying equation 6.31 to each fluidised bed gives:

Uc ny Uc

nL
= eL
UoH UoL

Noting that the superficial velocity u, is the same in each case, and assuming that ny ~

nyp ~ n, then: .
e _ (’_‘2’1) a (6.43)
ey upr

As the fluidising velocity is progressively increased, the voidages of both beds increases,
although not generally at the same rate Two cases are considered:

(a) uon > uoL

From equation 6.43, ey < ey and therefore, from equations 6.42a and 6.42b, ppy > py
at all fluidising velocities u., and the heavy particles will always form the bottom layer.

(b) uon < uor

If, with increase in velocity, the density of the upper zone decreases more rapidly than
that of the bottom zone, the two beds will maintain the same relative orientation. If the
reverse situation applies, there may be a velocity umnv where the densities of the two
layers become equal, with virtually complete mixing of the two species taking place.
Any further increase in velocity above umny then causes the beds to invert, as shown
diagrammatically in Figure 6.8(a).

i J e
Yol .-.0:0: *Oe :':"..o'c :"o':
0| [wesee 099 N QER| [
'.o.. c..o.-' O ... 2.0 “:'0.
@] i L) (@) 9 9- 5] [O%e A0
Oo o |t 'Qb 00 OO O -oq(?: O'Ct)b -'..q 000
OOO e O% O 0O ® OOO -QE)‘.'.' . O"' s .Ob 0 0
0| [B2:Q 0% SO0 12208 022Q] |3 %
)| 508 |oo QA 1O & [0S |95+ |00
comt| st 000 oRmd| el sy Ta0| 008
e VR Ble ‘C') OOO '-'2*.?"4- . ::'C:} OORS 'O-O OOO
# Qo9 002 [y 20 Qo (5% 100D
Inversion Inversion
point point
Increasing fluid velocity Increasing fluid velocity
(a) (b)

Figure 6.8. Bed inversion (a) Complete segregation (b) Complete and partial segregation®”

The relative rates at which the bed densities change as the fluidising velocity is increased
may be obtained by differentiating equations 6.42a and 6.42b with respect to u., and
dividing to give:

. __d,ObH/ _deer _ dpen _ (psu = p) (uﬁ)l/" _ (osu —p)en
du, duc  dpp  (psL — p) \Uon (psL — p) €L

(6.44)
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Asey > er and p;y > ps, then from equation 6.44, r, which is independent of fluidising
velocity, must be greater than unity. It is thus the bed of heavy particles which expands
more rapidly as the velocity is increased, and which must therefore be forming the bottom
layer at low velocities if inversion is possible. That is, it is the small heavy particles
which move from the lower to the upper layer, and vice versa, as the velocity is increased
beyond the inversion velocity upy. RicHARDSON and AFATIN®®) have analysed the range
of conditions over which segregation of spherical particles can occur, and have shown
these diagrammatically in Figure 6.9 for the Stokes’ law region (a) and for the Newton’s
law region (b).

It has been observed by several workers, including by Morrrom et al.®” and EpsTEIN
and Prupen®?, that a sharp transition between two mono-component layers does not
always occur and that, on each side of the transition point, there may be a condition
where the lower zone consists of a mixture of both species of particles, the proportion of
heavy particles becoming progressively smaller as the velocity is increased. This situation,
depicted in Figure 6.8b, can arise when, at a given fluidising velocity, there is a stable
two-component bed which has a higher density than a bed composed of either of the two
species on its own. Figure 6.10, taken from the work of EpsTEIN and PRUDEN®®, shows
how the bed densities for the two mono-component layers change as the liquid velocity is
increased, with point C then defining the inversion point when complete segregation can
take place. Between points A and D (corresponding to velocities u o and u.g), however,
a two-component bed (represented by curve ABD) may be formed which has a density
greater than that of either mono-component bed over this velocity range. In moving along
this curve from A to D, the proportion of light particles in the lower layer decreases
progressively from unity to zero, as shown on the top scale of the diagram. This proportion
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Figure 6.9. The possibility of inversion (a) Stokes’ law region (b) Newton’s law region®®
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Figure 6.10. Bed densities as a function of fluidising velocity, showing the mixed particle region®”

is equal to that in the total mix of solids at point B, where the whole bed is the of uniform
composition, and the velocity u.p therefore represents the effective inversion velocity.

If the flow of fluidising liquid to a completely segregated bed is suddenly stopped,
the particles will all then start to settle at a velocity equal to that at which they have
been fluidised, because equation 6.31 is equally applicable to sedimentation and fluidis-
ation.

Thus, since the voidages of the two beds will both be greater at higher fluidisation
velocities, the subsequent sedimentation velocity will then also be greater. Particles in
both beds will settle at the same velocity and segregation will be maintained. Eventually,
two packed beds will be formed, one above the other. Thus, if the fluidising velocity is
less than the transition velocity, a packed bed of large light particles will form above a
bed of small dense particles, and conversely, if the fluidising velocity is greater than the
inversion velocity. Thus, fluidisation followed by sedimentation can provide a means of
forming two completely segregated mono-component beds, the relative configuration of
which depends solely on the liquid velocity at which the particles have been fluidised.

6.2.4. Liquid and solids mixing

KRAMERS ef al.®® have studied longitudinal dispersion in the liquid in a fluidised bed
composed of glass spheres of 0.5 mm and 1 mm diameter. A step change was introduced
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by feeding a normal solution of potassium chloride into the system. The concentration at
the top of the bed was measured as a function of time by means of a small conductivity
cell. On the assumption that the flow pattern could be regarded as longitudinal diffusion
superimposed on piston flow, an eddy longitudinal diffusivity was calculated. This was
found to range from 10~* to 10~3 m?/s, increasing with both voidage and particle size.

The movement of individual particles in a liquid—solid fluidised bed has been measured
by HanpLEY et al.®® CarLos®!#?, and Larir®®. In all cases, the method involved
fluidising transparent particles in a liquid of the same refractive index so that the whole
system became transparent. The movement of coloured tracer particles, whose other
physical properties were identical to those of the bed particles, could then be followed
photographically.

Handley fluidised soda glass particles using methyl benzoate, and obtained data on
the flow pattern of the solids and the distribution of vertical velocity components of
the particles. It was found that a bulk circulation of solids was superimposed on their
random movement. Particles normally tended to move upwards in the centre of the bed
and downwards at the walls, following a circulation pattern which was less marked in
regions remote from the distributor.

Carlos and Latif both fluidised glass particles in dimethyl phthalate. Data on the
movement of the tracer particle, in the form of spatial co-ordinates as a function of
time, were used as direct input to a computer programmed to calculate vertical, radial,
tangential and radial velocities of the particle as a function of location. When plotted
as a histogram, the total velocity distribution was found to be of the same form as that
predicted by the kinetic theory for the molecules in a gas. A typical result is shown
in Figure 6.11¢D, Effective diffusion or mixing coefficients for the particles were then
calculated from the product of the mean velocity and mean free path of the particles,
using the simple kinetic theory.
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Figure 6.11. Distribution of particle speeds in fluidised bed“D

Solids mixing was also studied by CarLos“? in the same apparatus, starting with a bed
composed of transparent particles and a layer of tracer particles at the base of the bed. The
concentration of particles in a control zone was then determined at various intervals of time
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after the commencement of fluidisation. The mixing process was described by a diffusion-
type equation. This was then used to calculate the mixing coefficient. A comparison of
the values of mixing coefficient obtained by the two methods then enabled the persistence
of velocity factor to be calculated. A typical value of the mixing coefficient was 1.5 x
103 m?/s for 9 mm glass ballotini fluidised at a velocity of twice the minimum fluidising
velocity.

LatiF“? represented the circulation currents of the particles in a fluidised bed, by
plotting stream functions for the particles on the assumption that the particles could be
regarded as behaving as a continuum. A typical result for the fluidisation of 6-mm glass
particles by dimethyl phthalate is shown in Figure 6.12; in this case the velocity has been
adjusted to give a bed voidage of 0-65. Because the bed is symmetrical about its axis, the
pattern over only a radial slice is shown. It may be noted that the circulation patterns are
concentrated mainly in the lower portion of the bed, with particles moving upwards in
the centre and downwards at the walls. As the bed voidage is decreased, the circulation
patterns tend to occupy progressively smaller portions of the bed, but there is a tendency
for a small reverse circulation pattern to develop in the upper regions of the bed.

w0
>
[3+]
=
@
m
1.000
0.800 -
~0.1 /0.1 "0-?(
V":O
5 0.600|
:‘é
o
(=N
w©
Lo "_ca
=
2 o.400} s
K]
-
r_
0.200}
e p— e
2 LIVE GRAPH %00 0.200 0.400 0600 0.800 1.000
* | Click here to view Radial position

Figure 6.12. Particle stream functions, ¥ (e = 0.65) (Radial position is expressed as fraction of radial distance
from centre line, and axial position as fraction of bed height measured from the bottom)®“3
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Later work on axial dispersion of particles has been carried out by DorGeLo et al. 4
who used an random-walk approach.

6.3. GAS-SOLIDS SYSTEMS

6.3.1. General behaviour

In general, the behaviour of gas-fluidised systems is considerably more complex than that
of liquid-fluidised systems which exhibit a gradual transition from fixed bed to fluidised
bed followed by particle transport, without a series of transition regions, and with bed
expansion and pressure drop conforming reasonably closely to values calculated for ideal
systems.

Part of the complication with gas—solid systems arises from the fact that the purely
hydrodynamic forces acting on the particles are relatively small compared with frictional
forces between particles, electrostatic forces and surface forces which play a much more
dominant role when the particles are very fine. As the gas velocity in a fluidised bed is
increased, the system tends to go through various stages:

(a) Fixed bed in which the particles remain in contact with one another and the structure
of the bed remains stable until the velocity is increased to the point where the
pressure drop is equal to the weight per unit area of the particles.

(b) Particulate and regular predictable expansion over a limited range of gas velocities.

(c) A bubbling region characterised by a high proportion of the gas passing through
the bed as bubbles which cause rapid mixing in the dense particulate phase.

(d) A turbulent chaotic region in which the gas bubbles tend to coalesce and lose their
identity.

(e) A region where the dominant pattern is one of vertically upward transport of
particles, essentially gas—solids transport or pneumatic conveying. This condition,
sometimes referred to as fast fluidisation, lies outside the range of true fluidisation.

6.3.2. Particulate fluidisation

Although fine particles generally form fluidised beds more readily than coarse particles,
surface-related forces tend to predominate with very fine particles. It is very difficult to
fluidise some very fine particles as they tend to form large stable conglommerates that
are almost entirely by-passed by the gas. In some extreme cases, particularly with small
diameter beds, the whole of the particulate mass may be lifted as a solid ‘piston’. The
uniformity of the fluidised bed is often critically influenced by the characteristics of the
gas distributor or bed support. Fine mesh distributors are generally to be preferred to a
series of nozzles at the base of the bed, although the former are generally more difficult
to install in larger beds because they are less robust.

Good distribution of gas over the whole cross-section of the bed may often be difficult
to achieve, although this is enhanced by ensuring that the pressure drop across the
distributor is large compared with that across the bed of particles. In general, the quality
of gas distribution improves with increased flowrate because the pressure drop across the
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bed when it is fluidised is, theoretically, independent of the flowrate. The pressure drop
across the distributor will increase, however, approximately in proportion to the square
of the flowrate, and therefore the fraction of the total pressure drop that occurs across the
distributor increases rapidly as the flowrate increases.

Apart from the non-uniformities which characterise many gas—solid fluidised beds, it is
in the low fluidising-velocity region that the behaviour of the gas—solid and liquid—solid
beds are most similar. At low gas rates the bed may exhibit a regular expansion as the
flowrate increases, with the relation between fluidising velocity and voidage following the
form of equation 6.31, although, in general, the values of the exponent » are higher than
those for liquid-solids systems partly because particles have a tendency to form small
agglomerates thereby increasing the effective particle size. The range of velocities over
which particulate expansion occurs is, however, quite narrow in most cases.

6.3.3. Bubbling fluidisation

The region of particulate fluidisation usually comes to an abrupt end as the gas velocity
is increased, with the formation of gas bubbles. These bubbles are usually responsible
for the flow of almost all of the gas in excess of that flowing at the minimum fluidising
velocity. If bed expansion has occurred before bubbling commences, the excess gas will
be transferred to the bubbles whilst the continuous phase reverts to its voidage at the
minimum fluidising velocity and, in this way, it contracts. Thus, the expanded bed appears
to be in a meta-stable condition which is analogous to that of a supersaturated solution
reverting to its saturated concentration when fed with small seed crystals, with the excess
solute being deposited on to the seed crystals which then increase in size as a result, as
discussed in Chapter 15.

The upper limit of gas velocity for particulate expansion is termed the minimum
bubbling velocity, u,,. Determining this can present difficulties as its value may depend
on the nature of the distributor, on the presence of even tiny obstructions in the bed, and
even on the immediate pre-history of the bed. The ratio uy/ums, which gives a measure
of the degree of expansion which may be effected, usually has a high value for fine light
particles and a low value for large dense particles.

For cracker catalyst (d = 55 um, density = 950 kg/m®) fluidised by air, values of
Ump/Umys Of up to 2.8 have been found by Davies and RicHarRDSON®Y, During the course
of this work it was found that there is a minimum size of bubble which is stable. Small
bubbles injected into a non-bubbling bed tend to become assimilated in the dense phase,
whilst, on the other hand, larger bubbles tend to grow at the expense of the gas flow in
the dense phase. If a bubble larger than the critical size is injected into an expanded bed,
the bed will initially expand by an amount equal to the volume of the injected bubble.
When, however, the bubble breaks the surface, the bed will fall back below the level
existing before injection and will therefore have acquired a reduced voidage.

Thus, the bubbling region, which is an important feature of beds operating at gas
velocities in excess of the minimum fluidising velocity, is usually characterised by two
phases —a continuous emulsion phase with a voidage approximately equal to that of a
bed at its minimum fluidising velocity, and a discontinous or bubble phase that accounts
for most of the excess flow of gas. This is sometimes referred to as the two-phase theory
of fluidisation.
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The bubbles exert a very strong influence on the flow pattern in the bed and provide
the mechanisim for the high degree of mixing of solids which occurs. The properties and
behaviour of the bubbles are describe later in this Section.

When the gas flowrate is increased to a level at which the bubbles become very large
and unstable, the bubbles tend to lose their identity and the flow pattern changes to a
chaotic form without well-defined regions of high and low concentrations of particles.
This is commonly described as the turbulent region which has, until fairly recently, been
the subject of relatively few studies.

Categorisation of Solids

The ease with which a powder can be fluidised by a gas is highly dependent on the
properties of the particles. Whilst it is not possible to forecast just how a given powder
will fluidise without carrying out tests on a sample, it is possible to indicate some trends.
In general, fine low density particles fluidise more evenly than large dense ones, provided
that they are not so small that the London-van der Waals attractive forces are great
enough for the particles to adhere together strongly. For very fine particles, these attractive
forces can be three or more orders of magnitude greater than their weight. Generally, the
more nearly spherical the particles then the better they will fluidise. In this respect, long
needle-shaped particles are the most difficult to fluidise. Particles of mixed sizes will
usually fluidise more evenly than those of a uniform size. Furthermore, the presence of a
small proportion of fines will frequently aid the fluidisation of coarse particles by coating
them with a ‘lubricating’ layer.
In classifying particles into four groups, GELDART® has used the following criteria:

(a) Whether or not, as the gas flowrate is increased, the fluidised bed will expand
significantly before bubbling takes place. This property may be quantified by the
ratio Ump/umys, Where up,;, is the minimum velocity at which bubbling occurs. This
assessment can only be qualitative as the value of u,,, is very critically dependent
on the conditions under which it is measured.

(b) Whether the rising velocity of the majority of the bubbles, is greater or less than the
interstitial gas velocity. The significance of this factor is discussed in Section 6.3.5.

(c) Whether the adhesive forces between particles are so great that the bed tends
to channel rather than to fluidise. Channelling depends on a number of factors,
including the degree to which the bed has consolidated and the condition of the
surface of the particles at the time. With powders that channel badly, it is sometimes
possible to initiate fluidisation by mechanical stirring, as discussed in Section 6.3.4.

The classes into which powders are grouped are given in Table 6.1, which is taken
from the work of GeLpaRT™®, and in Figure 6.13. In they are located approximately on
a particle density—particle size chart.

The Effect of Pressure

The effect of pressure on the behaviour of the bed is important because many industrial
processes, including fluidised bed combustion which is discussed in Section 6.8.4., are
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Table 6.1. Categorisation of Powders in Relation to Fluidisation Characteristics(4®

Typical particle Fluidisation/Powder Examples of
size (um) Characteristics Materials

Group A

Group B

Group C

Group D

30-100 Particulate expansion of bed Cracker catalyst
will take place over
significant velocity range.

Small particle size and
low density
(p, <1400 kg/m®).

100-800 Bubbling occurs at velocity Sand.
>Ums. Most bubbles
have velocities greater
than interstitial gas
velocity. No evidence of
maximum bubble size.

20 Fine cohesive powders, Flour
difficult to fluidise and Fine silica
readily form channels.

1000 All but largest bubbles rise Wheat
at velocities less than Metal shot
interstitial gas velocity.

Can be made to form
spouted beds. Particles
large and dense.
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Figure 6.13. Powder classification diagram for fluidisation by air at ambient conditions“®)
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carried out at elevated pressures. Several workers have reported measurements of bed
expansion as a function of gas rate for elevated pressures when very much higher values
of the 1atio Upmp/ums may be obtained(17:4748:49),

Because minimum fluidising velocity is not very sensitive to the pressure in the bed,
much greater mass flowrates of gas may be obtained by increasing the operating pressure.

The influence of pressure, over the range 100—1600 kN/m?, on the fluidisation of three
grades of sand in the particle size range 0.3 to 1 mm has been studied by OLowson and
AumsTEDT®? and it was showed that the minimum fluidising velocity became less as the
pressure was increased. The effect, most marked with the coarse solids, was in agreement
with that predicted by standard relations such as equation 6.14. For fine particles, the
minimum fluidising velocity is independent of gas density (equation 6.5 with p, >> p),
and hence of pressure.

Tapered Beds

Where there is a wide range of particle sizes in the powder, fluidisation will be more
even in a bed that is tapered so as to provide the minimum cross-section at the bottom.
If the pressure gradient is low and the gas does not therefore expand significantly, the
velocity will decrease in the direction of flow. Coarse particles which will then tend to
become fluidised near the bottom of the bed assist in the dispersion of the fluidising gas.
At the same time, the carry-over of fines from the top will be reduced because of the
lower velocity at the exit.

When deep beds of solids are fluidised by a gas, the use of a tapered bed can counter-
balance the effects of gas expansion. For example, the pressure drop over a S m deep bed
of solids of density 4000 kg/m? is about 10° N/m?. Thus, with atmospheric pressure at the
outlet, the volumetric flowrate will double from the bottom to the top of an isothermal
cylindrical bed. If the area at the outlet is twice that at the base, the velocity will be
maintained approximately constant throughout.

The Effect of Magnetic and Electrical Fields

Magnetic particles may form much more stable beds when subjected to a magnetic field.
Saxena and SHRIVASTAVA®D have examined the complex behaviour of spherical steel
particles of a range of sizes when subjected to fields of different strengths, considering in
particular the bed pressure drop, the quality of fluidisation and the structure of the surface
of the bed.

Dielectric particles show a reduced tendency for bubbling and a larger range of veloc-
ities over which particulate expansion occurs when an alternating electrical field is applied.

The Effect of Baffles

It is possible substantially to eliminate the fluctuations which are characteristic of beds
of coarse solids by incorporating baffles into the bed. The nature and arrangement of
the baffles is critical, and it is generally desirable to avoid downward-facing horizontal
surfaces because these can give rise to regimes of defluidisation by blocking the upward



Copyrighted Materials

Copyright © 2002 Elsevier Retrieved from www.knovel.com

CHAPTER 7

Liquid Filtration

7.1. INTRODUCTION

The separation of solids from a suspension in a liquid by means of a porous medium or
screen which retains the solids and allows the liquid to pass is termed filtration.

In general, the pores of the medium are larger than the particles which are to be
removed, and the filter works efficiently only after an initial deposit has been trapped
in the medium. In the laboratory, filtration is often carried out using a form of Buchner
funnel, and the liquid is sucked through the thin layer of particles using a source of
vacuum. In even simpler cases the suspension is poured into a conical funnel fitted with
a filter paper. In the industrial equivalent, difficulties are encountered in the mechanical
handling of much larger quantities of suspension and solids. A thicker layer of solids
has to form and, in order to achieve a high rate of passage of liquid through the solids,
higher pressures are needed, and a far greater area has to be provided. A typical filtration
operation is illustrated in Figure 7.1, which shows the filter medium, in this case a cloth,
its support and the layer of solids, or filter cake, which has already formed.

Volumes of the suspensions to be handled vary from the extremely large quantities
involved in water purification and ore handling in the mining industry to relatively small
quantities, as in the fine chemical industry where the variety of solids is considerable. In
most industrial applications it is the solids that are required and their physical size and
properties are of paramount importance. Thus, the main factors to be considered when
selecting equipment and operating conditions are:

(a) The properties of the fluid, particularly its viscosity, density and corrosive properties.

(b) The nature of the solid—its particle size and shape, size distribution, and packing
characteristics.

(c) The concentration of solids in suspension.

(d) The quantity of material to be handled, and its value.

(e) Whether the valuable product is the solid, the fluid, or both,

(f) Whether it is necessary to wash the filtered solids.

(g) Whether very slight contamination caused by contact of the suspension or filtrate
with the various components of the equipment is detrimental to the product.

(h) Whether the feed liquor may be heated.

(i) Whether any form of pretreatment might be helpful.

Filtration is essentially a mechanical operation and is less demanding in energy than
evaporation or drying where the high latent heat of the liquid, which is usually water, has
to be provided. In the typical operation shown in Figure 7.1, the cake gradually builds up

372
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—— Slurry
— Filter cake
Filter -
medium i
medium

Filtrate

Figure 7.1. Principle of filtration

on the medium and the resistance to flow progressively increases. During the initial period
of flow, particles are deposited in the surface layers of the cloth to form the true filtering
medium. This initial deposit may be formed from a special initial flow of precoat material
which is discussed later. The most important factors on which the rate of filtration then
depends will be:

(a) The drop in pressure from the feed to the far side of the filter medium.
(b) The area of the filtering surface.

(c) The viscosity of the filtrate.

(d) The resistance of the filter cake.

(e) The resistance of the filter medium and initial layers of cake.

Two basic types of filtration processes may be identified, although there are cases where
the two types appear to merge. In the first, frequently referred to as cake filtration, the
particles from the suspension, which usually has a high proportion of solids, are deposited
on the surface of a porous septum which should ideally offer only a small resistance to
flow. As the solids build up on the septum, the initial layers form the effective filter
medium, preventing the particles from embedding themselves in the filter cloth, and
ensuring that a particle-free filtrate is obtained.

In the second type of filtration, depth or deep-bed filtration, the particles penetrate into
the pores of the filter medium, where impacts between the particles and the surface of
the medium are largely responsible for their removal and retention. This configuration
is commonly used for the removal of fine particles from very dilute suspensions, where
the recovery of the particles is not of primary importance. Typical examples here include
air and water filtration. The filter bed gradually becomes clogged with particles, and its
resistance to flow eventually reaches an unacceptably high level. For continued operation,
it is therefore necessary to remove the accumulated solids, and it is important that this
can be readily achieved. For this reason, the filter commonly consists of a bed of partic-
ulate solids, such as sand, which can be cleaned by back-flushing, often accompanied by
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fluidisation. In this chapter, the emphasis is on cake filtration although deep-bed filtration,
which has been discussed in detail by Ives!"? is considered in the section on bed filters.
There are two principal modes under which deep bed filtration may be carried out.
In the first, dead-end filtration which is illustrated in Figure 7.1, the slurry is filtered
in such a way that it is fed perpendicularly to the filter medium and there is little flow
parallel to the surface of the medium. In the second, termed cross-flow filtration which
is discussed in Section 7.3.5. and which is used particularly for very dilute suspensions,
the slurry is continuously recirculated so that it flows essentially across the surface of the
filter medium at a rate considerably in excess of the flowrate through the filter cake.

7.2. FILTRATION THEORY

7.2.1. Introduction

Equations are given in Chapter 4 for the calculation of the rate of flow of a fluid through
a bed of granular material, and these are now applied to the flow of filtrate through a
filter cake. Some differences in general behaviour may be expected, however, because
the cases so far considered relate to uniform fixed beds, whereas in filtration the bed
is steadily growing in thickness. Thus, if the filtration pressure is constant, the rate of
flow progressively diminishes whereas, if the flowrate is to be maintained constant, the
pressure must be gradually increased.

The mechanical details of the equipment, particularly of the flow channel and the
support for the medium, influence the way the cake is built up and the ease with which
it may be removed. A uniform structure is very desirable for good washing and cakes
formed from particles of very mixed sizes and shapes present special problems. Although
filter cakes are complex in their structure and cannot truly be regarded as composed of
rigid non-deformable particles, the method of relating the flow parameters developed in
Chapter 4 is useful in describing the flow within the filter cake. The general theory of
filtration and its importance in design has been considered by SuTTLE®, It may be noted
that there are two quite different methods of operating a batch filter. If the pressure is kept
constant then the rate of flow progressively diminishes, whereas if the flowrate is kept
constant then the pressure must be gradually increased. Because the particles forming the
cake are small and the flow through the bed is slow, streamline conditions are almost
invariably obtained, and, at any instant, the flowrate of the filtrate may be represented by
the following form of equation 4.9:

1dv 1 & -AP

=2 & ~ab 7.1
= Ad TS5 <o S2ul 7.1

where V is the volume of filtrate which has passed in time ¢, A is the total cross-sectional
area of the filter cake, u. is the superficial velocity of the filtrate, / is the cake thickness,
§ is the specific surface of the particles, e is the voidage, u is the viscosity of the filtrate,
and AP is the applied pressure difference.

In deriving this equation it is assumed that the cake is uniform and that the voidage
is constant throughout. In the deposition of a filter cake this is unlikely to be the case
and the voidage, e will depend on the nature of the support, including its geometry and
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surface structure, and on the rate of deposition. The initial stages in the formation of the
cake are therefore of special importance for the following reasons:

(a) For any filtration pressure, the rate of flow is greatest at the beginning of the process
since the resistance is then a minimum.

(b) High initial rates of filtration may result in plugging of the pores of the filter cloth
and cause a very high resistance to flow.

(c) The orientation of the particle in the initial layers may appreciably influence the
structure of the whole filter cake.

Filter cakes may be divided into two classes —incompressible cakes and compressible
cakes. In the case of an incompressible cake, the resistance to flow of a given volume of
cake is not appreciably affected either by the pressure difference across the cake or by the
rate of deposition of material. On the other hand, with a compressible cake, increase of
the pressure difference or of the rate of flow causes the formation of a denser cake with
a higher resistance. For incompressible cakes ¢ in equation 7.1 may be taken as constant
and the quantity e3/[5(1 — €)?§?] is then a property of the particles forming the cake and
should be constant for a given material.

1dv  —-AP
Thus: —_——= 7.2
us Adr Tt (7.2
5(1 — e)%8?
where: r= —(——:—)—S— (7.3)
e

It may be noted that, when there is a hydrostatic pressure component such as with a
horizontal filter surface, this should be included in the calculation of —A P,

Equation 7.2 is the basic filtration equation and r is termed the specific resistance which
is seen to depend on e and S. For incompressible cakes, r is taken as constant, although
it depends on rate of deposition, the nature of the particles, and on the forces between
the particles. r has the dimensions of L2 and the units m~2 in the SI system.

7.2.2. Relation between thickness of cake and volume of filtrate

In equation 7.2, the variables ! and V are connected, and the relation between them
may be obtained by making a material balance between the solids in both the slurry and
the cake as follows.
Mass of solids in filter cake = (1 — e) Alp,, where p; is the density of the solids
Mass of liquid retained in the filter cake = e Alp, where p is the density of the filtrate.
If J is the mass fraction of solids in the original suspension then:

V4eA
(1—e)lAp; = M
1-J
or: A=A —-e)Alp;, =JVo + AeJlp
JVp

so that:

l= 7.4
A{(1 = 1)1 - e)ps — Jep} 74
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{os(1—e)(1 —J) —epJ}Al

d: V= 7.5
an o7 (7.5)
If v is the volume of cake deposited by unit volume of filtrate then:

IA vV
= = = — 7.6
v= o 1 (7.6)
and from equation 7.5:
Jp
— 7.7
CT =N —op — Tep -7
Substituting for / in equation 7.2:
1dV (—-AP) A
Adt — ru vV
dVv  AY(—-AP)

: =7 7.8

or dr ruvV (7-8)

Equation 7.8 may be regarded as the basic relation between —AP, V, and t. Two
important types of operation are: (i) where the pressure difference is maintained constant
and (ii) where the rate of filtration is maintained constant.

For a filtration at constant rate

vV
— = — = constant
dt t
A%(—AP
so that: Y— = —(———) (7.9)
t ruVv
t | JIAY
: -—=———V 7.10
o v = A(-aP) 719
and —AP is directly proportional to V.
For a filtration at constant pressure difference
V2 AX~-AP)
Vo _A-APy (7.11)
2 ruv
t
or: el (7.12)

v = 2A2(—AP)V

Thus for a constant pressure filtration, there is a linear relation between V2 and ¢ or
between t/V and V.

Filtration at constant pressure is more frequently adopted in practice, although the
pressure difference is normally gradually built up to its ultimate value.

If this takes a time #; during which a volume V; of filtrate passes, then integration of
equation 7.12 gives:

1 A%(—AP
SV =V = “(rﬁ‘)("”) (7.13)
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t—1n ruv ruvV,

Vv, - 2aap " Wt A (7.14)

or;

Thus, there where is a linear relation between V2 and ¢ and between (t —#,)/(V — V)
and (V — V}), where (¢ — ;) represents the time of the constant pressure filtration and
(V — V) the corresponding volume of filtrate obtained.

RuTH et al.*~" have made measurements on the flow in a filter cake and have concluded
that the resistance is somewhat greater than that indicated by equation 7.1. It was assumed
that part of the pore space is rendered ineffective for the flow of filtrate because of the
adsorption of ions on the surface of the particles. This is not borne out by Grace® or
by HorFrng and LockHART®) who determined the relation between flowrate and pressure
difference, both by means of permeability tests on a fixed bed and by filtration tests using
suspensions of quartz and diatomaceous earth.

Typical values of the specific resistance r of filter cakes, taken from the work of
CarMAN? are given in Table 7.1. In the absence of details of the physical properties of
the particles and of the conditions under which they had been formed, these values are
approximate although they do provide an indication of the orders of magnitude.

Table 7.1. Typical Values of Specific Resistance, r(!0

Material Upstream filtration r
pressure (kN/m?) m~2
High-grade kieselguhr —_ 2 x 1012
Ordinary kieselguhr 270 1.6 x 1014
780 2.0 x 101
Carboraffin charcoal 110 4 x 1083
170 8 x 1013
Calcium carbonate (precipitated) 270 3.5 x 1014
780 4.0 x 10
Ferric oxide (pigment) 270 2.5 x 101
780 4.2 x 1013
Mica clay 270 7.5 x 1014
780 13 x 1014
Colloidal clay 270 8 x 1013
780 10 x 109
Gelatinous magnesium hydroxide 270 5 x 1015
780 11 x 10%°
Gelatinous aluminium hydroxide 270 3.5 x 1016
780 6.0 x 1016
Gelatinous ferric hydroxide 270 3.0 x 1016
780 9.0 x 1016
Thixotropic mud 650 2.3 x 10V7

7.2.3. Flow of liquid through the cloth

Experimental work on the flow of the liquid under streamline conditions!!? has shown
that the flowrate is directly proportional to the pressure difference. It is the resistance of
the cloth plus initial layers of deposited particles that is important since the latter, not
only form the true medium, but also tend to block the pores of the cloth thus increasing
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its resistance. Cloths may have to be discarded because of high resistance well before
they are mechanically worn. No true analysis of the buildup of resistance is possible
because the resistance will depend on the way in which the pressure is developed and
small variations in support geometry can have an important influence. It is therefore usual
to combine the resistance of the cloth with that of the first few layers of particles and
suppose that this corresponds to a thickness L of cake as deposited at a later stage. The
resistance to flow through the cake and cloth combined is now considered.

7.2.4. Flow of filtrate through the cloth and cake combined

If the filter cloth and the initial layers of cake are together equivalent to a thickness L of
cake as deposited at a later stage in the process, and if —A P is the pressure drop across
the cake and cloth combined, then:

1dvV _ (-AP)

—_—— = — 7.15
Adt rul+1L) (7.13)
which may be compared with equation 7.2.
av A(-AP A%(-AP
Thus: — = ( ) = ( ) (7.16)

Vv LA
dr  §7) (_v + L) ruv (V + —)
A v

This equation may be integrated between the limits t =0, V=0andt =1¢, V =V, for
constant rate filtration, and r =¢, V=V, and t =+, V = V for a subsequent constant
pressure filtration.

For the period of constant rate filtration:

Vi A*(-AP)
- LA
h ruv <V1 + —)
v
t
or: L= aladd Vi+ rul
Vi  A%(—AP) A(—AP)
LA A%(—AP
or: VE+ =V, = (—)n (7.17)
v ruv
For a subsequent constant pressure filtration:
1 LA A%(—-AP
~(VPe V) + —(V =V = ¥(t —1) (7.18)
2 v ruv
2LA 2A%(—AP
or: V-+2V}(Vv-V)+—V -V = (——)(f—'fl)
v | JURY
t—t ruv ruvV, L
or: L THY oy RO T (7.19)

V-V, 24%-AP) A2(-AP) A(-AP)
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Thus there is a linear relation between (t —t)/(V — V) and V — V), as shown in
Figure 7.2, and the slope is proportional to the specific resistance, as in the case of
the flow of the filtrate through the filter cake alone given by equation 7.14, although the
line does not now go through the origin.
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Figure 7.2. A typical filtration curve

The intercept on the (r — t;)/(V — V4) axis should enable L, the equivalent thickness
of the cloth, to be calculated although reproducible results are not obtained because
this resistance is critically dependent on the exact manner in which the operation is
commenced. The time at which measurement of V and ¢ is commenced does not affect
the slope of the curve, only the intercept. It may be noted that a linear relation between
t and V2 is no longer obtained when the cloth resistance is appreciable.

7.2.5. Compressible filter cakes

Nearly all filter cakes are compressible to at least some extent although in many cases
the degree of compressibility is so small that the cake may, for practical purposes, be
regarded as incompressible. The evidence for compressibility is that the specific resistance
is a function of the pressure difference across the cake. Compressibility may be a reversible
or an irreversible process. Most filter cakes are inelastic and the greater resistance offered
to flow at high pressure differences is caused by the more compact packing of the particles
forming the filter cake. Thus the specific resistance of the cake corresponds to that for
the highest pressure difference to which the cake is subjected, even though this maximum
pressure difference may be maintained for only a short time. It is therefore important that
the filtration pressure should not be allowed to exceed the normal operating pressure at
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any stage. In elastic filter cakes the elasticity is attributable to compression of the particles
themselves. This is less usual, although some forms of carbon can give rise to elastic cakes.

As the filtrate flows through the filter cake, it exerts a drag force on the particles and this
force is transmitted through successive layers of particles right up to the filter cloth. The
magnitude of this force increases progressively from the surface of the filter cake to the
filter cloth since at any point it is equal to the summation of the forces on all the particles
up to that point. If the cake is compressible, then its voidage will decrease progressively
in the direction of flow of the filtrate, giving rise to a corresponding increase in the local
value of the specific resistance, r,, of the filter cake. The structure of the cake is, however,
complex and may change during the course of the filtration process. If the feed suspension
is flocculated, the flocs may become deformed within the cake, and this may give rise to a
change in the effective value of the specific surface, S. In addition, the particles themselves
may show a degree of compressibility. Whenever possible, experimental measurements
should be made to determine how the specific resistance varies over the range of conditions
which will be employed in practice.

It is usually possible to express the voidage e, at a depth z as a function of the difference
between the pressure at the free surface of the cake P; and the pressure P, at that depth,
that is e, as a function of (P, — P;). The nomenclature is as defined in Figure 7.3.

P, P, P,
fa— Z —o dz
—] e—
— ———
—et —
«— Cake— \Medium

Figure 7.3. Flow through a compressible filter cake

For a compressible cake, equation 7.1 may be written as:

1dv e 1 ( sz)

Adt  S5(1-e)2S2u\"dz (7.20)

where e, is now a function of depth z from the surface of the cake.

In a compressible cake, the volume v of cake deposited per unit area as a result of the
flow of unit volume of filtrate will not be constant, but will vary during the filtration cycle.
If the particles themselves are not compressible, however, the volume of particles (V')
will be almost independent of the conditions under which the cake is formed assuming
a dilute feed suspension. Any small variations in v’ arise because the volume of filtrate
retained in the cake is a function of its voidage, although the effect will be very small,
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except possibly for the filtration of very highly concentrated suspensions. The increase in
cake thickness, dz resulting from the flow of a volume of filtrate dV is given by:

/

v
dz=dV—— 7.21
L= A (72D
By comparison with equation 7.6, it may seen that:
1
Yci—e, (1.22)
v
Substituting from equation 7.21 into equation 7.20 gives:
1y _ 8 U-edl( dn
A dt 5(1 —e,)282 v " dv
dv e A? dP.
Thus: —_— = s ——Z) 7.23
us & 501 —e)Stuv ( d (7.23)
A? dP.
= (———Z> (7.24)
uv'r, dv
5(1 — e,)S8?
where: r, = % (7.25)
Zz

Comparing equations 7.8 and 7.24 shows that for an incompressible cake:

vr, =ur
v
or: r=r-

At any instant in a constant pressure filtration, integration of equation 7.24 through the
whole depth of the cake gives:
Vav A (P2 (—dP)

7.26
o dt uv’ P r; ( )

At any time ¢, dV/dr is approximately constant throughout the cake, unless the rate of
change of holdup of liquid within the cake is comparable with the filtration rate dV/dt,
such as is the case with very highly compressible cakes and concentrated slurries, and
therefore:

dar uv'v

Ly o aan

P] l-Z

r, has been shown to be a function of the pressure difference (P; — P,) although it is
independent of the absolute value of the pressure. Experimental studies frequently show
that the relation between r, and (P, — P,) is of the form:

r,=r(P - P)" (7.28)

where 1’ is independent of P, and 0 < n’ < 1.
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P2 (—dpP 1 A 4P
Thus: f ( ) = -—,/ —_—
Py r; rJp, (Py—P)
1P =Py
r 1—n
1 (= 1—n’
_Llapm (7.29)
r t-n
av A? —AP
Thus: —_—= ¢ ) ;
dr Vuv'r (1 —n')(—AP)"
2(—AP
__ACAR) (7.30)
Vuv'r’(—AP)"
where r’ = (1 — n')r/
dv  A*(-AP)

. = 7.31
and ar | Vuur (731
where T is the mean resistance defined by:

F=t'(—AP)" (7.32)

Heermies!) has studied the effect of pressure on the porosity of a filter cake and suggested
that, as the pressure is increased above atmospheric, the porosity decreases in proportion
to some power of the excess pressure.

Grace® has related the anticipated resistance to the physical properties of the feed
slurry. VALLEROY and MaLONEY(!? have examined the resistance of an incompressible
bed of spherical particles when measured in a permeability cell, a vacuum filter, and a
centrifuge, and emphasised the need for caution in applying laboratory data to units of
different geometry.

TiLer and Huang!!'® give further details of the problem of developing a usable design
relationship for filter equipment. Studies by TiLLER and SHIRATO!¥), TILLER and Yen(!®
and Rusuton and Hameep(!® show the difficulty in presenting practical conditions in a
way which can be used analytically. It is very important to note that tests on slurries
must be made with equipment that is geometrically similar to that proposed. This means
that specific resistance is very difficult to define in practice, since it is determined by the
nature of the filtering unit and the way in which the cake is initially formed and then
built up.

7.3. FILTRATION PRACTICE

7.3.1. The filter medium

The function of the filter medium is generally to act as a support for the filter cake, and
the initial layers of cake provide the true filter. The filter medium should be mechanically
strong, resistant to the corrosive action of the fluid, and offer as little resistance as possible
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to the flow of filtrate. Woven materials are commonly used, though granular materials
and porous solids are useful for filtration of corrosive liquids in batch units. An important
feature in the selection of a woven material is the ease of cake removal, since this is a key
factor in the operation of modern automatic units. EHLERs('7) has discussed the selection
of woven synthetic materials and WroTNowski!® that of non-woven materials. Further
details of some more recent materials are given in the literature!’® and a useful summary
is presented in Volume 6.

7.3.2. Blocking filtration

In the previous discussion it is assumed that there is a well-defined boundary between
the filter cake and the filter cloth. The initial stages in the build-up of the fiiter cake are
important, however, because these may have a large effect on the flow resistance and may
seriously affect the useful life of the cloth.

The blocking of the pores of the filter medium by particles is a complex phenomenon,
partly because of the complicated nature of the surface structure of the usual types of
filter media, and partly because the lines of movement of the particles are not well
defined. At the start of filtration, the manner in which the cake forms will lie between
two extremes — the penetration of the pores by particles and the shielding of the entry to
the pores by the particles forming bridges. Heermies'D considered a number of idealised
cases in which suspensions of specified pore size distributions were filtered on a cloth
with a regular pore distribution. First, it was assumed that an individual particle was
capable on its own of blocking a single pore, then, as filtration proceeded, successive
pores would be blocked, so that the apparent value of the specific resistance of the filter
cake would depend on the amount of solids deposited.

The pore and particle size distributions might, however, be such that more than one
particle could enter a particular pore. In this case, the resistance of the pore increases in
stages as successive particles are trapped until the pore is completely blocked. In practice,
however, it is much more likely that many of the pores will never become completely
blocked and a cake of relatively low resistance will form over the entry to the partially
blocked pore.

One of the most important variables affecting the tendency for blocking is the concen-
tration of particles. The greater the concentration, the smaller will be the average distance
between the particles, and the smaller will be the tendency for the particle to be drawn in
to the streamlines directed towards the open pores. Instead, the particles in the concen-
trated suspension tend to distribute themselves fairly evenly over the filter surface and
form bridges. As a result, suspensions of high concentration generally give rise to cakes
of lower resistance than those formed from dilute suspensions.

7.3.3. Effect of particle sedimentation on filtration

There are two important effects due to particle sedimentation which may affect the
rate of filtration. First, if the sediment particles are all settling at approximately the
same rate, as is frequently the case in a concentrated suspension in which the particle
size distribution is not very wide, a more rapid build-up of particles will occur on an
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upward-facing surface and a correspondingly reduced rate of build-up will take place if
the filter surface is facing downwards. Thus, there will be a tendency for accelerated
filtration with downward-facing filter surfaces and reduced filtration rates for upward-
facing surfaces. On the other hand, if the suspension is relatively dilute, so that the
large particles are settling at a higher rate than the small ones, there will be a prefer-
ential deposition of large particles on an upward-facing surface during the initial stages
of filtration, giving rise to a low resistance cake. Conversely, for a downward-facing
surface, fine particles will initially be deposited preferentially and the cake resistance will
be correspondingly increased. It is thus seen that there can be complex interactions where
sedimentation is occurring at an appreciable rate, and that the orientation of the filter
surface is an important factor.

7.3.4. Delayed cake filtration

In the filtration of a slurry, the resistance of the filter cake progressively increases and
consequently, in a constant pressure operation, the rate of filtration falls. If the build-up
of solids can be reduced, the effective cake thickness will be less and the rate of flow of
filtrate will be increased.

In practice, it is sometimes possible to incorporate moving blades in the filter equipment
so that the thickness of the cake is limited to the clearance between the filter medium and
the blades. Filtrate then flows through the cake at an approximately constant rate and the
solids are retained in suspension. Thus the solids concentration in the feed vessel increases
until the particles are in permanent physical contact with one another. At this stage the
boundary between the slurry and the cake becomes ili-defined, and a significant resistance
to the flow of liquid develops within the slurry itself with a consequent reduction in the
flowrate of filtrate.

By the use of this technique, a much higher rate of fiitration can be achieved than
is possible in a filter operated in a conventional manner. In addition, the resulting cake
usually has a lower porosity because the blades effectively break down the bridges or
arches which give rise to a structure in the filter cake, and the final cake is significantly
drier as a result.

If the scrapers are in the form of rotating blades, the outcome differs according to
whether they are moving at low or at high speed. At low speeds, the cake thickness is
reduced to the clearance depth each time the scraper blade passes, although cake then
builds up again until the next passage of the scraper. If the blade is operated at high speed,
there is little time for solids to build up between successive passages of the blade and the
cake reaches an approximately constant thickness. Since particles tend to be swept across
the surface of the cake by the moving slurry, they will be trapped in the cake only if the
drag force which the filtrate exerts on them is great enough. As the thickness of the cake
increases the pressure gradient becomes less and there is a smaller force retaining particles
in the cake surface. Thus the thickness of the cake tends to reach an equilibrium value,
which can be considerably less than the clearance between the medium and the blades.

Experimental results for the effect of stirrer speed on the rate of filtration of a 10 per
cent by mass suspension of clay are shown in Figure 7.4 taken from the work of TiLLER
and CueNc®®, in which the filtrate volume collected per unit cross-section of filter is
plotted against time, for several stirrer speeds.
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Figure 7.4. Volume as function of time for delayed cake and constant pressure filtration as a function of
stirrer speed ?®

The concentration of solids in the slurry in the feed vessel to the filter at any time can
be calculated by noting that the volumetric rate of feed of slurry must be equal to the
rate at which filtrate leaves the vessel. For a rate of flow of filtrate of dV'/d¢ out of the
filter, the rate of flow of slurry into the vessel must also be dV /dr and the corresponding
influx of solids is (1 — ¢g) dV/d¢, where (1 — ¢g) is the volume fraction of solids in the
feed slurry. At any time ¢, the volume of solids in the vessel is V(1 — ey), where V is
its volume and (1 — ey) is the volume fraction of solids at that time. Thus a material
balance on the solids gives:

av. d
(I =)o+ = [V —ev)] (7.33)
d(1-ey) 1 dv
——-dt—— = V(l - eo)'a;' (7.34)

For a constant filtration rate dV/de¢, the fractional solids hold-up (1 — ey) increases
linearly with time, until it reaches a limiting value when the resistance to flow of liquid
within the slurry becomes significant. The filtration rate then drops rapidly to a near zero
value.
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7.3.5. Cross-flow filtration

An alternative method of reducing the resistance to filtration is to recirculate the slurry
and thereby maintain a high velocity of flow parallel to the surface of the filter medium.
Typical recirculation rates may be 10-20 times the filtration rate. By this means the
cake is prevented from forming during the early stages of filtration. This can be particu-
larly beneficial when the slurry is flocculated and exhibits shear-thinning non-Newtonian
properties. This method of operation is discussed by MackLey and SHERMAN!) and by
HoLpicH, CuMMING and IsmMarL®??),

In cases where a dilute solution containing small quantities of solids which tend to
blind the filter cloth is to be filtered, cross-flow filtration is extensively used. This is the
normal mode of operation for ultrafiltration using membranes, a topic which is discussed
in Chapter 8.

7.3.6. Preliminary treatment of slurries before filtration

If a slurry is dilute and the solid particles settle readily in the fluid, it may be desirable to
effect a preliminary concentration in a thickener as discussed in Chapter 5. The thickened
suspension is then fed from the thickener to the filter and the quantity of material to be
handled is thereby reduced.

Theoretical treatment has shown that the nature of the filter cake has a very pronounced
effect on the rate of flow of filtrate and that it is, in general, desirable that the particles
forming the filter cake should have as large a size as possible. More rapid filtration is
therefore obtained if a suitable agent is added to the slurry to cause coagulation. If the solid
material is formed in a chemical reaction by precipitation, the particle size can generally
be controlled to a certain extent by the actual conditions of formation. For example, the
particle size of the resultant precipitate may be controiled by varying the temperature and
concentration, and sometimes the pH, of the reacting solutions. As indicated by Grace®,
a flocculated suspension gives rise to a more porous cake although the compressibility is
greater. In many cases, crystal shape may be altered by adding traces of material which
is selectively adsorbed on particular faces as noted in Chapter 15.

Filter aids are extensively used where the filter cake is relatively impermeable to the
flow of filtrate. These are materials which pack to form beds of very high voidages and
therefore they are capable of increasing the porosity of the filter cake if added to the
slurry before filtration. Apart from economic considerations, there is an optimum quantity
of filter aid which should be added in any given case. Whereas the presence of the filter
aid reduces the specific resistance of the filter cake, it also results in the formation of a
thicker cake. The actual quantity used will therefore depend on the nature of the material.
The use of filter aids is normally restricted to operations in which the filtrate is valuable
and the cake is a waste product. In some circumstances, however, the filter aid must be
readily separable from the rest of the filter cake by physical or chemical means. Filter
cakes incorporating filter aid are usually very compressible and care should therefore be
taken to ensure that the good effect of the filter aid is not destroyed by employing too
high a filtration pressure. Kieselguhr, which is a commonly used filter aid, has a voidage
of about 0.85. Addition of relatively small quantities increases the voidage of most filter
cakes, and the resulting porosity normally lies between that of the filter aid and that of
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the filter solids. Sometimes the filter medium is “precoated” with filter aid, and a thin
layer of the filter aid is removed with the cake at the end of each cycle.

In some cases the filtration time can be reduced by diluting the suspension in order to
reduce the viscosity of the filtrate. This does, of course, increase the bulk to be filtered
and is applicable only when the value of the filtrate is not affected by dilution. Raising
the temperature may be advantageous in that the viscosity of the filtrate is reduced.

7.3.7. Washing of the filter cake

When the wash liquid is miscible with the filtrate and has similar physical properties, the
rate of washing at the same pressure difference will be about the same as the final rate
of filtration. If the viscosity of the wash liquid is less, a somewhat greater rate will be
obtained. Channelling sometimes occurs, however, with the result that much of the cake
is incompletely washed and the fluid passes preferentially through the channels, which are
gradually enlarged by its continued passage. This does not occur during filtration because
channels are self-sealing by virtue of deposition of solids from the slurry. Channelling
is most marked with compressible filter cakes and can be minimised by using a smaller
pressure difference for washing than for filtration.

Washing may be regarded as taking place in two stages. First, filtrate is displaced from
the filter cake by wash liquid during the period of displacement washing and in this way
up to 90 per cent of the filtrate may be removed. During the second stage, diffusional
washing, solvent diffuses into the wash liquid from the less accessible voids and the
following relation applies:

(volume of wash liquid passed

cake thickness

initial concentration of solute
= (constant) x log

concentration at particular time
(7.35)

Although an immiscible liquid is seldom used for washing, air is often used to effect
partial drying of the filter cake. The rate of flow of air must normally be determined
experimentally.

7.4. FILTRATION EQUIPMENT

7.4.1. Filter selection

The most suitable filter for any given operation is the one which will fulfil the requirements
at minimum overall cost. Since the cost of the equipment is closely related to the filtering
area, it is normally desirable to obtain a high overall rate of filtration. This involves the
use of relatively high pressures although the maximum pressures are often limited by
mechanical design considerations. Although a higher throughput from a given filtering
surface is obtained from a continuous filter than from a batch operated filter, it may
sometimes be necessary to use a batch filter, particularly if the filter cake has a high
resistance, since most continuous filters operate under reduced pressure and the maximum
filtration pressure is therefore limited. Other features which are desirable in a filter include
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ease of discharge of the filter cake in a convenient physical form, and a method of
observing the quality of the filtrate obtained from each section of the plant. These factors
are important in considering the types of equipment available. The most common types
are filter presses, leaf filters, and continuous rotary filters. In addition, there are filters
for special purposes, such as bag filters, and the disc type of filter which is used for the
removal of small quantities of solids from a fluid.

The most important factors in filter selection are the specific resistance of the filter
cake, the quantity to be filtered, and the solids concentration. For free-filtering materials,
a rotary vacuum filter is generally the most satisfactory since it has a very high capacity
for its size and does not require any significant manual attention. If the cake has to
be washed, the rotary drum is to be preferred to the rotary leaf. If a high degree of
washing is required, however, it is usually desirable to repulp the filter cake and to filter
a second time.

For large-scale filtration, there are three principal cases where a rotary vacuum filter
will not be used. Firstly, if the specific resistance is high, a positive pressure filter will
be required, and a filter press may well be suitable, particularly if the solid content is
not so high that frequent dismantling of the press is necessary. Secondly, when efficient
washing is required, a leaf filter is effective, because very thin cakes can be prepared
and the risk of channelling during washing is reduced to a minimum. Finally, where
only very small quantities of solids are present in the liquid, an edge filter may be
employed.

Whilst it may be possible to predict qualitatively the effect of the physical properties
of the fluid and the solid on the filtration characteristics of a suspension, it is necessary in
all cases to carry out a test on a sample before the large-scale plant can be designed.
A simple vacuum filter with a filter area of 0.0065 m? is used to obtain laboratory
data, as illustrated in Figure 7.5. The information on filtration rates and specific resis-
tance obtained in this way can be directly applied to industrial filters provided due
account is taken of the compressibility of the filter cake. It cannot be stressed too

Vacuum gauge

Rubber connections

Tap
Slurry level
Filtrate N
Filter cloth

Figure 7.5. Laboratory test filter
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strongly that data from any laboratory test cell must not be used without practical
experience in the design of industrial units where the geometry of the flow channel
is very different. The laying down of the cake influences the structure to a very a marked
extent.

A “compressibility—permeability” test cell has been developed by RutH(” and Grace®
for testing the behaviour of slurries under various conditions of filtration. A useful guide
to the selection of a filter type based on slurry characteristics is given in Volume 6.

7.4.2. Bed filters

Bed filters provide an example of the application of the principles of deep bed filtration
in which the particles penetrate into the interstices of the filter bed where they are trapped
following impingement on the surfaces of the material of the bed.

For the purification of water supplies and for waste water treatment where the solid
content is about 10 g/m? or less, as noted by CLEasBY?? granular bed filters have largely
replaced the former very slow sand filters. The beds are formed from granular material
of grain size 0.6—1.2 mm in beds 0.6-1.8 m deep. The very fine particles of solids are
removed by mechanical action although the particles finaily adhere as a result of surface
electric forces or adsorption, as Ives®®® points out. This operation has been analysed by
Iwasaki®) who proposes the following equation:

ac
——=AC 7.36
57 (7.36)
On integration:
C/Co=¢e* (7.37)

where: C is the volume concentration of solids in suspension in the filter,
Cy is the value of C at the surface of the filter,
[ is the depth of the filter, and
A is the filter coefficient.

If u. is the superficial flowrate of the slurry, then the rate of flow of solids through the
filter at depth / is u.C per unit area. Thus the rate of accumulation of solids in a distance
dl = —u(9C/dl)dl. If o is the volume of solids deposited per unit volume of filter at a
depth [, the rate of accumulation may also be expressed as (3o/97) dl.

aC do
Thus: — =y — .
us 3l u o | (7.38)

The problem is discussed further by Ives®? and by SpieLMaAN and FRIEDLANDER?®. The
backwashing of these beds has presented problems and several techniques have been
adopted. These include a backflow of air followed by water, the flowrate of which may be
high enough to give rise to fluidisation, with the maximum hydrodynamic shear occurring
at a voidage of about 0.7.
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7.4.3. Bag filters

Bag filters have now been almost entirely superseded for liquid filtration by other types
of filter, although one of the few remaining types is the Taylor bag filter which has been
widely used in the sugar industry. A number of long thin bags are attached to a horizontal
feed tray and the liquid flows under the action of gravity so that the rate of filtration per
unit area is very low. It is possible, however, to arrange a large filtering area in the plant
of up to about 700 m?, The filter is usually arranged in two sections so that each may be
inspected separately without interrupting the operation.

Bag filters are still extensively used for the removal of dust particles from gases and
can be operated either as pressure filters or as suction filters. Their use is discussed in
Chapter 1.

7.4.4. The filter press

The filter press is one of two main types, the plate and frame press and the recessed plate
or chamber press.

The plate and frame press

This type of filter consists of plates and frames arranged alternately and supported on a
pair of rails as shown in Figure 7.6. The plates have a ribbed surface and the edges stand
slightly proud and are carefully machined. The hollow frame is separated from the plate
by the filter cloth, and the press is closed either by means of a hand screw or hydraulically,
using the minimum pressure in order to reduce wear on the cloths. A chamber is therefore
formed between each pair of successive plates as shown in Figure 7.7. The slurry is
introduced through a port in each frame and the filtrate passes through the cloth on each
side so that two cakes are formed simultaneously in each chamber, and these join when
the frame is full. The frames are usually square and may be 100 mm-2.5 m across and
10 mm-75 mm thick.

The slurry may be fed to the press through the continuous channel formed by the holes
in the corners of the plates and frames, in which case it is necessary to cut corresponding
holes in the cloths which themselves act as gaskets. Cutting of the cloth can be avoided
by feeding through a channel at the side although rubber bushes must then be fitted so
that a leak-tight joint is formed.

The filtrate runs down the ribbed surface of the plates and is then discharged through
a cock into an open launder so that the filtrate from each plate may be inspected and any
plate can be isolated if it is not giving a clear filtrate. In some cases the filtrate is removed
through a closed channel although it is not then possible to observe the discharge from
each plate separately.

In many filter presses, provision is made for steam heating so that the viscosity of
the filtrate is reduced and a higher rate of filtration obtained. Materials, such as waxes,
that solidify at normal temperatures may also be filtered in steam-heated presses. Steam
heating also facilitates the production of a dry cake.

Optimum time cycle. The optimum thickness of cake to be formed in a filter press
depends on the resistance offered by the filter cake and on the time taken to dismantle
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Figure 7.6. A large filter press with 2 m by 1.5 m plates

and refit the press. Although the production of a thin filter cake results in a high average
rate of filtration, it is necessary to dismantle the press more often and a greater time is
therefore spent on this operation. For a filtration carried out entirely at constant pressure,
a rearrangement equation 7.19 gives:

t TiLY rul

— = 1% 7.39

v =2a%=ap) . T ACap) 739
=BV +B, (7.40)

where B, and B, are constants.
Thus the time of filtration ¢ is given by:
t =B V?+ BV (7.41)

The time of dismantling and assembling the press, say ¢, is substantially independent of
the thickness of cake produced. The total time of a cycle in which a volume V of filtrate
is collected is then (¢ 4+ ¢") and the overall rate of filtration is given by:

1%
T BIV2+ BV +r
W is a maximum when dW/dV = 0.

w
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Differentiating W with respect to V and equating to zero:

BV 4+ B,V +1t' —V(Q2BV+B)=0
or: t' =B V? (7.42)

t/
or: V = \/(E) (7.43)

If the resistance of the filter medium is neglected, ¢ = B;V? and the time during which
filtration is carried out is exactly equal to the time the press is out of service. In practice,
in order to obtain the maximum overall rate of filtration, the filtration time must always
be somewhat greater in order to allow for the resistance of the cloth, represented by the
term B, V. In general, the lower the specific resistance of the cake, the greater will be the
economic thickness of the frame.

The application of these equations is illustrated later in Example 7.5 which is based on
the work of HARkER??,
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It is shown in Example 7.5, which appears later in the chapter, that, provided the
cloth resistance is very low, adopting a filtration time equal to the downtime will
give the maximum throughput. Where the cloth resistance is appreciable, then the term
B>(t'/B))%® becomes significant and a longer filtration time is desirable. It may be
seen in Figure 7.8, which is based on data from Example 7.5, that neither of these
values represents the minimum cost condition however, except for the unique situation
where ¢’ = (cost of shutdown)/(cost during filtering), and a decision has to be made
as fo whether cost or throughput is the overiding consideration. In practice, operating
schedules are probably the dominating feature, although significant savings may be made
by operating at the minimum cost condition.
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Figure 7.8. Optimisation of plate and frame press (data from Example 7.5)?"
Washing

Two methods of washing may be employed, “simple” washing and “through” or
“thorough” washing. With simple washing, the wash liquid is fed in through the same
channel as the slurry although, as its velocity near the point of entry is high, erosion of
the cake takes place. The channels which are thus formed gradually enlarge and uneven
washing is usually obtained. Simple washing may be used only when the frame is not
completely full.

In thorough washing, the wash liquid is introduced through a separate channel behind
the filter cloth on alternate plates, known as washing plates shown in Figure 7.9, and
flows through the whole thickness of the cake, first in the opposite direction and then
in the same direction as the filtrate. The area during washing is one-half of that during
filtration and, in addition, the wash liquid has to flow through twice the thickness, so that
the rate of washing should therefore be about one-quarter of the final rate of filtration.
The wash liquid is usually discharged through the same channel as the filtrate though
sometimes a separate outlet is provided. Even with thorough washing some channelling
occurs and several inlets are often provided so that the liquid is well distributed. If the
cake is appreciably compressible, the minimum pressure should be used during washing,
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Figure 7.9. Thorough washing

and in no case should the final filtration pressure be exceeded. After washing, the cake
may be made easier to handle by removing excess liquid with compressed air.

For ease in identification, small buttons are embossed on the sides of the plates and
frames, one on the non-washing plates, two on the frames and three on the washing plates
as shown in Figure 7.10.

Example 7.1

A slurry is filtered in a plate and frame press containing 12 frames, each 0.3 m square and 25 mm
thick. During the first 180 s the pressure difference for filtration is slowly raised to the final value
of 400 kN/m” and, during this period, the rate of filtration is maintained constant. After the initial
period, filtration is carried out at constant pressure and the cakes are completely formed in a further
900 s. The cakes are then washed with a pressure difference of 275 kN/m? for 600 s using thorough
washing (See the plate and frame press in Section 7.4.4). What is the volume of filtrate collected
per cycle and how much wash water is used?

A sample of the slurry had previously been tested with a leaf filter of 0.05 m? filtering surface
using a vacuum giving a pressure difference of 71.3 kN/m?, The volume of filtrate collected in the
first 300 s, was 250 cm?® and, after a further 300 s, an additional 150 cm® was collected. It may be
assumed that the cake is incompressible and that the cloth resistance is the same in the leaf as in
the filter press.
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Non-washing
plate

Frame

Washing plate

Figure 7.10. Plates and frames

Solution

In the leaf filter, filtration is at constant pressure from the start.

A —AP)A?
vL = 2(———)——t (from equation 7.18)

Thus: Vigoly
ruv

In the filter press, a volume V; of filtrate is obtained under constant rate conditions in time #;,
and filtration is then carried out at constant pressure.

AL (—AP)AZt

Thus: Vig —V = . (from equation 7.17)
v Ty
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and: AL AP)A?
(V2 - V12) +2—(V-V) = 2-(-_—ru)—-(t —-1) (from equation 7.18)
v v

For the ledf filter

When t = 300s, V =250cm® = 2.5 x 10~* m? and when ¢ = 600 s,
V=400cm® =4 x 1074 m?, A =0.05m? and —AP =71.3 kN/m2 or7.13 x 10* N/mz.

Thus: 2.5x 1009 + 2(0.05L/v)2.5 x 10~% = 2(7.13 x 10* x 0.05%/ruv)300
and: (4 x 107%)? 4+ 2(0.05L/v)4 x 1074 =2(7.13 x 10* x 0.052/rpv)600
L 1.07 x 10°
That is: 6.25x 108 +25x 10752 = L X7
v ruv
L 2.14 x 10°
and: 16 x 1078 4+4x1075= = Lax v
v ruv
Hence: L/v=3.5x10"3 and ruv = 7.13 x 10!

For the filter press

A=(12x2x0.3%) =216 m? —AP =400 kN/m? = 4 x 10° N/m?, t = 180 s. The volume
of filtrate V| collected during the constant rate period on the filter press is given by:
VE+(2.16 x 3.5 x 107°V}) = [(4 x 10° x 2.16%)/(7.13 x 10'1)]180
VZ+ (756 x 107°V)) — (4711 x 1074 =0
or: Vi=—(3.78 x 1073) + /(1.429 x 10~% +4.711 x 10~%) = 1.825 x 1072 m?

For the constant pressure period:
(t—1t)=900s

The total volume of filtrate collected is therefore given by:
(V2 —3.33 x 107*) 4 (1.512 x 10~2)(V — 1.825 x 107%) = 5.235 x 10~% x 900
or: V24 (1512 x1072V) - (4.712x 1073 =0

Thus: V= —0.756 x 107% + \/ (0.572 x 107 + 4.712 x 107)
=6.15x 107% or 0.062 m’

The final rate of filtration is given by:

—APA? 4 x 10° x 2.16°

= _ -5 3
to(V £ ALJD) ~ T3 x 100615 x 102 £ 2.16 X 3.5 x 10-7) — >0 X 107m’/s

(from equation 7.16)

If the viscosity of the filtrate is the same as that of the wash-water, then:
Rate of washing at 400 kN/m? = } x 3.79 x 107° = 9.5 x 107 m’/s

Rate of washing at 275 kN/m? = 9.5 x 107¢ x (275/400) = 6.5 x 10~ m?/s

Thus the amount of wash-water passing in 600 s = (600 x 6.5 x 1079

= 3.9 x 10°m* or 0.004 m®
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CHAPTER 8

Membrane Separation Processes

8.1. INTRODUCTION

Whilst effective product separation is crucial to economic operation in the process indus-
tries, certain types of materials are inherently difficult and expensive to separate. Important
examples include:

(a) Finely dispersed solids, especially those which are compressible, and which have
a density close to that of the liquid phase, have high viscosity, or are gelatinous.

(b) Low molecular weight, non-volatile organics or pharmaceuticals and dissolved salts.

(c) Biological materials which are very sensitive to their physical and chemical environ-
ment.

"The processing of these categories of materials has become increasingly important in
recent years, especially with the growth of the newer biotechnological industries and
with the increasingly sophisticated nature of processing in the food industries. When
difficulties arise in the processing of materials of biological origin, it is worth asking,
how does nature solve the problem? The solution which nature has developed is likely
to be both highly effective and energy efficient, though it may be slow in process terms.
Nature separates biologically active materials by means of membranes. As STRATHMANN(!
has pointed out, a membrane may be defined as “an interphase separating two phases
and selectively controlling the transport of materials between those phases”. A membrane
is an interphase rather than an interface because it occupies a finite, though normally
small, element of space. Human beings are all surrounded by a membrane, the skin, and
membranes control the separation of materials at all levels of life, down to the outer layers
of bacteria and subcellular components.

As discussed by LonspaLE®, since the 1960s a new technology using synthetic
membranes for process separations has been rapidly developed by materials scientists,
physical chemists and chemical engineers. Such membrane separations have been widely
applied to a range of conventionally difficult separations. They potentially offer the
advantages of ambient temperature operation, relatively low capital and running costs,
and modular construction. In this chapter, the nature and scope of membrane separation
processes are outlined, and then those processes most frequently used industrially are
described more fully.

8.2. CLASSIFICATION OF MEMBRANE PROCESSES

Industrial membrane processes may be classified according to the size range of materials
which they are to separate and the driving force used in separation. There is always a
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degree of arbitrariness about such classifications, and the distinctions which are typically
drawn are shown in Table 8.1. This chapter is primarily concerned with the pressure
driven processes, microfiltration (MF), ultrafiltration (UF), nanofiltration (NF) and reverse
osmosis (RO). These are already weli-established large-scale industrial processes. For
example, reverse osmosis is used world-wide for the desalination of brackish water, with
more than 1,000 units in operation. Plants capable of producing up to 10° m*/day of
drinking water are in operation. As a further example, it is now standard practice to
include an ultrafiltration unit in paint plants in the car industry. The resulting recovery of
paint from wash waters can produce savings of 10-30 per cent in paint usage, and allows
recycling of the wash waters. The use of reverse osmosis and ultrafiltration in the dairy
industry has led to substantial changes in production techniques and the development of
new types of cheeses and related products. Nanofiltration is a process, with character-
istics between those of ultrafiltration and reverse osmosis, which is finding increasing
application in pharmaceutical processing and water treatment. Electrodialysis is a purely
electrically driven separation process used extensively for the desalination or concentration
of brackish water. There are about 300 such plants in operation. Economics presently
favour reverse osmosis, however, rather than electrodialysis for such separations. The
major use of dialysis is in hemodialysis of patients with renal failure, where it is most
appropriate to use such a gentle technique. Hemodialysis poses many interesting problems
of a chemical engineering nature, although dialysis is a relatively slow process not really
suited to large-scale industrial separations.

Table 8.1. Classification of membrane separation processes for liquid systems

Name of process Driving force Separation size Examples of materials
range separated

Microfiltration Pressure gradient 10-0.1 pm Small particles, large colloids,
microbial cells

Ultrafiltration Pressure gradient <0.1 um-5 nm Emulsions, colloids,
macromolecules, proteins

Nanofiltration Pressure gradient ~1 nm Dissolved salts, organics

Reverse osmosis Pressure gradient <1 nm Dissolved salts, small organics

(hyperfiltration)

Electrodialysis Electric field gradient <5 nm Dissolved salts

Dialysis Concentration gradient <5 nm Treatment of renal failure

8.3. THE NATURE OF SYNTHETIC MEMBRANES

Membranes used for the pressure-driven separation processes, microfiltration, ultrafil-
tration and reverse osmosis, as well as those used for dialysis, are most commonly made
of polymeric materials"). Initially most such membranes were cellulosic in nature. These
are now being replaced by polyamide, polysulphone, polycarbonate and a number of
other advanced polymers. These synthetic polymers have improved chemical stability
and better resistance to microbial degradation. Membranes have most commonly been
produced by a form of phase inversion known as immersion precipitation. This process
has four main steps: (a) the polymer is dissolved in a solvent to 10-30 per cent by mass,
(b) the resulting solution is cast on a suitable support as a film of thickness, approxi-
mately 100 pm, (c) the film is quenched by immersion in a non-solvent bath, typically
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water or an aqueous solution, (d) the resulting membrane is annealed by heating. The third
step gives a polymer-rich phase forming the membrane, and a polymer-depleted phase
forming the pores. The ultimate membrane structure results as a combination of phase
separation and mass transfer, variation of the production conditions giving membranes
with different separation characteristics. Most microfiltration membranes have a symmetric
pore structure, and they can have a porosity as high as 80 per cent. Ultrafiltration and
reverse osmosis membranes have an asymmetric structure comprising a 1-2 um thick
top layer of finest pore size supported by a ~100 pum thick more openly porous matrix,
as shown in Figure 8.1. Such an asymmetric structure is essential if reasonable membrane
permeation rates are to be obtained. Another important type of polymeric membrane is
the thin-film composite membrane. This consists of an extremely thin layer, typically
~1 wm, of finest pore structure deposited on a more openly porous matrix. The thin layer
is formed by phase inversion or interfacial polymerisation on to an existing microporous
structure. Polymeric membranes are most commonly produced in the form of flat sheets,
but they are also widely produced as tubes of diameter 10-25 mm and in the form of
hollow fibres of diameter 0.1-2.0 mm.

150kvV 68 660x Det WD | — 50 pm

Figure 8.1. Electron micrograph of a section of an asymmetric ultrafiltration membrane showing finely porous
“skin™ layer on more openly porous supporting matrix (courtesy of Dr Huabing Yin)

A significant recent advance has been the development of microfiltration and ultrafil-
tration membranes composed of inorganic oxide materials. These are presently produced
by two main techniques: (a) deposition of colloidal metal oxide on to a supporting
material such as carbon, and (b) as purely ceramic materials by high temperature sintering
of spray-dried oxide microspheres. Other innovative production techniques lead to the
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formation of membranes with very regular pore structures. Zirconia, alumina and titania
are the materials most commonly used, The main advantages of inorganic membranes
compared with the polymeric types are their higher temperature stability, allowing steam
sterilisation in biotechnological and food applications, increased resistance to fouling, and
narrower pore size distribution.

The physical characterisation of a membrane structure is important if the correct
membrane is to be selected for a given application. The pore structure of microfiltration
membranes is relatively easy to characterise, atomic force microscopy and electron
microscopy being the most convenient methods and allowing the three-dimensional
structure of the membrane to be determined. The limit of resolution of a simple electron
microscope is about 10 nm, and that of an atomic force microscope is <1 nm, as shown
in Figure 8.2. Additional characterisation techniques, such as the bubble point, mercury
intrusion or permeability methods, use measurements of the permeability of membranes
to fluids. Both the maximum pore size and the pore size distribution may be determined.
A parameter often quoted in manufacturer’s literature is the nominal molecular weight
cut-off (MWCO) of a membrane. This is based on studies of how solute molecules are
rejected by membranes. A solute will pass through a membrane if it is sufficiently small
to pass through a pore, if it does not significantly interact with the membrane and if

(c)

Figure 8.2. AFM images of single pores in (a) microfiltration, (b) ultrafiltration and (c) nanofiltration
membranes (courtesy Dr Nichal Nidal)
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it does not interact with other, larger solutes. It is possible to define a solute rejection
coefficient R by:

R=1-(C,/Cy) 8.1)

where C; is the concentration of solute in the feed stream and C), is the concentration of
solute in the permeate. For a given ultrafiltration membrane with a distribution of pore
sizes there is a relationship between R and the solute molecular weight, as shown in
Figure 8.3. The nominal molecular weight cut-off is normally defined as the molecular
weight of a solute for which R = 0.95. Values of MWCO typically lie in the range
2000-100,000 kg/kmol with values of the order of 10,000 being most common. High
resolution electron microscopy does not allow the resolution of an extensive pore structure
in the separating layer of reverse-osmosis membranes. As discussed later, it is generally
considered that reverse osmosis membranes do not contain pores and that they operate
mainly by a “solution-diffusion” mechanism.
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Figure 8.3, Dependence of rejection coefficient on molecular weight for ultrafiltration membranes

Ion-exchange membranes, which are used for electrodialysis, usually consist of highly
swollen charged gels prepared either by dispersing a conventional ion-exchange material
in a polymer matrix, or from a homogenous polymer in which electrically charged groups
such as sulphonic, carboxylic or quarternised amine groups have been introduced as
discussed by Lacey®. The first type is referred to as a heterogeneous membrane, while
the second type is termed a homogeneous membrane. A membrane with fixed positive
charges is referred to as an anion exchange membrane since it may bind and hence selec-
tively transport anions from the surrounding solution. Similarly, a membrane containing
fixed negative charges is termed a cation exchange membrane. Ion-exchange membranes
exclude, that is, do not bind and do not allow the transport of, ions which bear charges
of the same sign as the membrane.
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8.4. GENERAL MEMBRANE EQUATION

It is not possible at present to provide an equation, or set of equations, that allows the
prediction from first principles of the membrane permeation rate and solute rejection for a
given real separation. Research aimed at providing such a prediction for model systems is
under way, although the physical properties of real systems, both the membrane and the
solute, are complex. An analogous situation exists for conventional filtration processes.
The general membrane equation is an attempt to state the factors which may be important
in determining the membrane permeation rate for pressure driven processes. This takes
the form:

_ |AP|—|AT]|

J=
(Rm + Ro)u

(8.2)

where J is the membrane flux*, expressed as volumetric rate per unit area, |A P] is the
pressure difference applied across the membrane, the transmembrane pressure, AIl is
the difference in osmotic pressure across the membrane, R, is the resistance of the
membrane, and R, is the resistance of layers deposited on the membrane, the filter
cake and gel foulants. If the membrane is only exposed to pure solvent, say water, then
equation 8.2 reduces to J = |AP|/R,, . For microfiltration and ultrafiltration membranes
where solvent flow is most often essentially laminar through an arrangement of tortuous
channels, this is analogous to the Carman-Kozeny equation discussed in Chapter 4.
Knowledge of such water fluxes is useful for characterising new membranes and also
for assessing the effectiveness of membrane cleaning procedures. In the processing of
solutes, equation 8.2 shows that the transmembrane pressure must exceed the osmotic
pressure for flow to occur. It is generally assumed that the osmotic pressure of most
retained solutes is likely to be negligible in the cases of microfiltration. The resistance R,
is due to the formation of a filter cake, the formation of a gel when the concentration of
macromolecules at the membrane surface exceeds their solubility giving rise to a precip-
itation, or due to materials in the process feed that adsorb on the membrane surface
producing an additional barrier to solvent flow. The separation of a solute by a membrane
gives rise to an increased concentration of that solute at the membrane surface, an effect
known as concentration polarisation. This may be described in terms of an increase in
ATIL. It is within the framework of this equation that the factors influencing membrane
permeation rate will be discussed in the following sections.

8.5. CROSS-FLOW MICROFILTRATION

The solids—-liquid separation of slurries containing particles below 10 wm is difficult
by conventional filtration techniques. A conventional approach would be to use a slurry
thickener in which the formation of a filter cake is restricted and the product is discharged
continuously as a concentrated slurry. Such filters use filter cloths as the filtration medium

* Membrane flux is denoted by J, the usual symbol in the literature on membranes. It corresponds with .,
as used in Chapters 4 and 7 for flow in packed beds and filtration.
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and are limited to concentrating particles above 5 wm in size. Dead end or frontal
membrane microfiltration, in which the particle containing fluid is pumped directly through
a polymeric membrane, is used for the industrial clarification and sterilisation of liquids.
Such a process allows the removal of particles down to 0.1 pwm or less, but is only suitable
for feeds containing very low concentrations of particles as otherwise the membrane
becomes too rapidly clogged.

The concept of cross-flow microfiltration, described by BERTERA, STEVEN and
MEtcaLre™, is shown in Figure 8.4 which represents a cross-section through a rectangular
or tubular membrane module. The particle-containing fluid to be filtered is pumped at a
velocity in the range 1-8 m/s parallel to the face of the membrane and with a pressure
difference of 0.1-0.5 MN/m? (MPa) across the membrane. The liquid permeates through
the membrane and the feed emerges in a more concentrated form at the exit of the module.

Permeate
Membrane
\
|\
Process feed | i Retentate
crossflow \'L :}
Permeate

Figure 8.4. The concept of cross-flow filtration®

All of the membrane processes listed in Table 8.1 are operated with such a cross-flow of
the process feed. The advantages of cross-flow filtration over conventional filtration are:

(a) A higher overall liquid removal rate is achieved by prevention of the formation of
an extensive filter cake.

(b) The process feed remains in the form of a mobile slurry suitable for further
processing.

(c) The solids content of the product slurry may be varied over a wide range.

(d) It may be possible to fractionate particles of different sizes.

A flow diagram of a simple cross-flow system® is shown in Figure 8.5. This is the
system likely to be used for batch processing or development rigs and is, in essence, a
basic pump recirculation loop. The process feed is concentrated by pumping it from the
tank and across the membrane in the module at an appropriate velocity. The partially
concentrated retentate is recycled into the tank for further processing while the permeate
is stored or discarded as required. In cross-flow filtration applications, product washing is
frequently necessary and is achieved by a process known as diafiltration in which wash
water is added to the tank at a rate equal to the permeation rate.

In practice, the membrane permeation rate falls with time due to membrane fouling; that
is blocking of the membrane surface and pores by the particulate materials, as shown in
Figure 8.6. The rate of fouling depends on the nature of the materials being processed, the
nature of the membrane, the cross-flow velocity and the applied pressure. For example,
increasing the cross-flow velocity results in a decreased rate of fouling. Backflushing
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Figure 8.5. Flow diagram for a simple cross-flow system®

Membrane fiux

Time

Figure 8.6. The time-dependence of membrane permeation rate during cross-flow filtration: (a) Low
cross-flow velocity, (b) Increased cross-flow velocity, (¢) Backflushing at the bottom of each “saw-tooth”

the membrane using permeate is often used to control fouling as shown in Figure 8.6¢.
Further means of controlling membrane fouling are discussed in Section 8.9.

Ideally, cross-flow microfiltration would be the pressure-driven removal of the process
liquid through a porous medium without the deposition of particulate material. The flux
decrease occurring during cross-flow microfiltration shows that this is not the case. If the
decrease is due to particle deposition resulting from incomplete removal by the cross-flow
liquid, then a description analogous to that of generalised cake filtration theory, discussed
in Chapter 7, should apply. Equation 8.2 may then be written as:

AP
;1P

= Rt RR @3
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where R, now represents the resistance of the cake, which if all filtered particles remain
in the cake, may be written as:
_ rVC;, r

Vs
== 8.4
A A, (8.4)

R,

where r is the specific resistance of the deposit, V the total volume filtered, V, the
volume of particles deposited, C), the bulk concentration of particles in the feed (particle
volume/feed volume) and A,, the membrane area. The specific resistance may theoretically
be related to the particle properties for spherical particles by the Carman relationship,

discussed in Chapter 4, as:
1—e 1

where e is the void volume of the cake and d, the mean particle diameter.
Combining equations 8.3 and 8.4 gives:

1 dv |AP|
J= " = 8.
An dt (Rp+rVCp/Am)u 86)

Solution of equation 8.6 for V at constant pressure gives:

t R, CpyruV
= 8.7
V  |AP|A, + 2|AP|AZ ®.7)

yielding a straight line on plotting ¢/ V against V.

ScHnEErR and KLEIN® have pointed out that the early stages of cross-flow microfil-
tration often follow such a pattern although the growth of the cake is limited by the
cross-flow of the process liquid. There are a number of ways of accounting for the
control of cake growth. A useful method is to rewrite the resistance model to allow for
the dynamics of polarisation in the film layer as discussed by FAaNe®, Equation 8.3 is
then written as:

1 dv |AP|

= — 8.8
Ay dt (Rm + Rgg — Ry )

where Ry, is the resistance that would be caused by deposition of all filtered particles
and Ry, is the resistance removed by cross-flow. Assuming the removal of solute by
cross-flow to be constant and equal to the convective particle transport at steady state
(=Js5Cp), then:

1 dv |AP|

A Gt R + (V/Am — TuDICo).

(8.9)

where J;; can be obtained experimentally or from the film-model given in equation 8.15.

In a number of cases, a steady rate of filtration is never achieved and it is then possible
to describe the time dependence of filtration by introducing an efficiency factor 8 repre-
senting the fraction of filtered particles remaining in the filter cake rather than being swept
along by the bulk flow. Equation 8.4 then becomes:

_ ﬂl‘VCb

R
c A,

(8.10)
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where 0 < B < 1. This is analogous to a scour model describing shear erosion at a surface.
The layers deposited on the membrane during cross-flow microfiltration are sometimes
thought to constitute dynamically formed membranes with their own rejection and perme-
ation characteristics.

In the following section, film and gel-polarisation models are developed for ultrafil-
tration. These models are also widely applied to cross-flow microfiltration, although even
these cannot be simply applied, and there is at present no generally accepted mathematical
description of the process.

8.6. ULTRAFILTRATION

Ultrafiltration is one of the most widely used of the pressure-driven membrane separation
processes. The solutes retained or rejected by ultrafiltration membranes are those with
molecular weights of 10° or greater, depending mostly on the MWCO of the membrane
chosen. The process liquid, dissolved salts and low molecular weight organic molecules
(500-1000 kg/kmol) generally pass through the membrane. The pressure difference
applied across the membrane is usually in the range 0.1-0.7 MN/m? and membrane
permeation rates are typically 0.01-0.2 m*/m? h. In industry, ultrafiltration is always
operated in the cross-flow mode.

The separation of process liquid and solute that takes place at the membrane during
ultrafiltration gives rise to an increase in solute concentration close to the membrane
surface, as shown in Figure 8.7. This is termed concentration polarisation and takes place
within the boundary film generated by the applied cross-flow. With a greater concentration
at the membrane, there will be a tendency for solute to diffuse back into the bulk feed
according to Fick’s Law, discussed in Volume 1, Chapter 10. At steady state, the rate of
back-diffusion will be equal to the rate of removal of solute at the membrane, minus the
rate of solute leakage through the membrane:

dC
J(C-Cp)=—-D— 8.11)
dy
Memb
embrane c, - / .
< |
g _DE | -
g v
: |
Permeate ¢ § JC= |
8 o L >~ '
e
E]
Q
]
0
0

Distance from membrane (y)
Solute build-up

Figure 8.7. Concentration polarisation at a membrane surface
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Here solute concentrations C and C, in the permeate are expressed as mass fractions,
D is the diffusion coefficient of the solute and y is the distance from the membrane.
Rearranging and integrating from C = C; when y = the thickness of the film, to C =
Cy, the concentration of solute at the membrane wall, when y = 0, gives:

¢ dc J [
- =—1/d 8.12
. T=C, D[O y (8.12)
Cy—Cp JI
: —_— = — 8.13
or ¢, —C, exp(D) (8.13)

If it is further assumed that the membrane completely rejects the solute, that is, R = 1

and C, = 0, then:
Cy Ji
—_— = — 8.14
Ce _onp (Z) o0
where the ratio C,,/Cy is known as the polarisation modulus. It may be noted that it has
been assumed that / is independent of J and that D is constant over the whole range of

C at the interface. The film thickness is usually incorporated in an overall mass transfer
coefficient hp, where hp = D/I, giving:

J=hpln (ﬁ) (8.15)
Cr

The mass transfer coefficient is usually obtained from correlations for flow in non-

porous ducts. One case is that of laminar flow in channels of circular cross-section where

the parabolic velocity profile is assumed to be developed at the channel entrance. Here

the solution of LeveQue”, discussed by BLATT et al.®, is most widely used. This takes

the form:

d, 2
Sh =1.62 (Re Sc T) (8.16)

where Sh is the Sherwood number (hpdn,/D), d, is the hydraulic diameter, L is the
channel length, Re is the Reynolds number (ud,,p/u), Sc the Schmidt number (u/pD),
with u being the cross-flow velocity, p the fluid density and u the fluid viscosity.
This gives:

D2 1/3
hp = 1.62 (Z—Z) (8.17)
or for tubular systems:
}-/ 1/3
hp = 0.81 (ZDZ) (8.18)

where y, the shear rate at the membrane surface equals 8u/d,,, as shown in Volume 1,
Chapter 3.
For the case of turbulent flow the Drrrus—BoeLTER® correlation given in Volume 1,
Chapters 9 and 10, is used: )
Sh = 0.023Re*85c0% (8.19)
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which for tubular systems gives:

u08POST 1 5\ 047
hp =0.023————— | — 8.20
? dy? (u) (820
and for thin rectangular flow channels, with channel height b:
W03 DOST 1 5\ 047
hp = O'OZ—W (;) (8.21)

For both laminar and turbulent flow it is clear that the mass transfer coefficient and
hence the membrane permeation rate may be increased, where these equations are valid,
by increasing the cross-flow velocity or decreasing the channel height. The effects are
greatest for turbulent flow. For laminar flow the mass transfer coefficient is decreased
if the channel length is increased. This is due to the boundary layer increasing along
the membrane module. The mass transfer coefficient is, therefore, averaged along the
membrane length.

This boundary-layer theory applies to mass-transfer controlled systems where the
membrane permeation rate is independent of pressure, for there is no pressure term in the
model. In such cases it has been proposed that, as the concentration at the membrane
increases, the solute eventually precipitates on the membrane surface. This layer of
precipitated solute is known as the gel-layer, and the theory has thus become known
as the gel-polarisation model proposed by MicuaeLs!!®. Under such conditions C,, in
equation 8.15 becomes replaced by a constant Cg the concentration of solute in the
gel-layer, and:

Cg

J=hpln (-6'7) (8.22)

If an increase in pressure occurs under these conditions, this produces a temporary increase
in flux which brings more solute to the gel-layer and increases its thickness, subsequently
reducing the flux to the initial level.

The agreement between theoretical and experimental ultrafiltration rates for
macromolecular solutions can be said to be within 15-30 per cent, as discussed by
PorTer!D. Process patterns diagnostic of gel-polarisation type behaviour are shown in
Figure 8.8. The dependence of the membrane permeation rate on the applied pressure
is shown in Figure 8.84. There is an initial pressure-dependent region followed by a
pressure-independent region. The convergence of plots of the membrane permeation rate
against In Cy, as shown in Figure 8.8b, is a test of equation 8.15. Finally, the slope of
plots of the membrane permeation rate against the average cross-flow velocity confirms the
usefulness of the correlations for laminar and turbulent flow. The gel-polarisation model
also suggests, however, that in the pressure-independent region the gel concentration
should be independent of membrane permeability and membrane type. As pointed out by
Le and HoweLL!!?), neither of these is observed in practice. This shows the need for a
more detailed understanding of the nature of membrane-solute interactions. Further, for
colloidal suspensions, experimental membrane permeation rates are often one to two
orders of magnitude higher than those indicated by the Lévéque and Dittus—Boelter
correlations®. This has been termed, the flux paradox for colloidal suspensions by
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Figure 8.8. Dependence of membrane flux J on (a) Applied pressure difference | A P|, (b) Feed solute concen-
tration Cy, (c) Cross-flow velocity (u) for ultrafiltration

GreeN and BeLrort'® and by Porter!¥, The paradox is most convincingly explained in
terms of the tubular-pinch effect described by SerGre and SiBERBERG'!®. There is clear
visual evidence that particles flowing through a tube migrate away from the tube wall
and axis, reaching equilibrium at some eccentric radial position. The difficulty has been
to produce a quantitative model incorporating lift forces to describe the effect, as pointed
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out by BeLrorT!!®), This is an area of both considerable mathematical complexity and
controversy, though new models such as that proposed by ALteNa and BeLrorT!7) appear
to allow the prediction of membrane permeation rates for both macromolecular solutions
and colloidal suspensions.

The explanation of the pressure-independent region during the ultrafiltration of macro-
molecules requires the arbitrary introduction of the concept of a gel-layer in the film
model. A more complete description of the dependence of the membrane permeation rate
on the applied pressure may be given by considering the effect of the osmotic pressure
of the macromolecules as described by Wimans et al.'®, Equation 8.2 may then be

written as: AP AN
J = (AP|—|ATTD (8.23)
Rnp

where |ATI] is difference in osmotic pressure across the membrane. The osmotic pressure
of concentrated solutions is best represented in terms of a polynomial as:

M =a,C +a,C? + asC? (8.24)

where a;ja; and a3 are coefficients and C is the solute concentration expressed as mass
fractions. In the present case the difference in osmotic pressure across the membrane can
be approximated as:

|ATT] =T = aC}, (8.25)

where C,, is the concentration at the membrane surface and n > 1. Then, from equations
20.15 and 20.23:
(|AP| —aCFexp(nJ/hp))
B R

(8.26)

Taking derivatives of this equation provides valuable insights into the ultrafiltration

process. This gives:
3J nJ\\ ™
— = (R, ch—
siaF = (Fes +aCi “p(hp))

n -1
(RmI/«+ —lAH|>
hp

-1
(Rmu +— (IAPI JRmM)) (8.27)
which gives the asymptotes:

aJ
— > (Ra)™! P
3IAP] — (Rpuw)™! for |AP| =0 or [ATl|—0

aJ
and: a_l—A_PT—)O for 'APl—-)OO or IAP|>>JRmﬂ
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Thus, the basic features of the flux-pressure profiles (Figure 8.8a) are accounted for
without further assumptions:

(a) at low |AP| the slope is similar to that for pure solvent flow,
(b) as |AP| increases, the slope declines and approaches zero at high pressure.

The relationship between flux and solute concentration can be examined by rearranging
equation 8.26, taking logarithms and differentiating to give:

-1

aJ 1+ 1
dinCy | hp (IAP| )
n -J
Rup
Rm,thD)_1
=—hp|l+ —— 8.28
D( + TATijn (3.28)

which shows that when polarisation is significant, that is |AP|>» JR,u or
|ATI|n/ Rk > 1:

aJ

5ancy P

This is the same prediction for the limiting slope of a plot of J against In Cy as for the
gel-polarisation model. The value of the slope of such plots at all other conditions is less
in magnitude than & p.

Finally, from equation 8.26, when J — O:

|AP|=aC} =TI (C; > Crim) (8.29)

that is, the limiting concentration is that giving an osmotic pressure equal to the applied
pressure. This also implies that Cypm = f|AP|, an important difference from the gel-
polarisation model which predicts that Cyim = C, # f|AP].

Osmotic pressure models can be developed from a very fundamental basis. For example,
it is becoming possible to predict the rate of ultrafiltration of proteins starting from a
knowledge of the sequence and three-dimensional structure of the molecule?,

Example 8.1

Obtain expressions for the optimum concentration for minimum process time in the diafiltration of
a solution of protein content S in an initial volume Vj.

(a) If the gel-polarisation model applies.
(b) If the osmotic pressure model applies.

It may be assumed that the extent of diafiltration is given by:

Vi = Volume of liquid permeated _ V,,
4= Initial feed volume A
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Solution
(a) Assuming the gel-polarisation model applies
The membrane permeation rate, J = hp In(Cg/Cy) (equation 8.22)

where Cg and Cy are the gel and the bulk concentrations respectively.
In this case: Cr=S8/V
and the volumeV; liquid permeated, Vp = VuS/Cs
The process time per unit area, t = V,/J

= VuS/(CrhpIn(Cs/Cy))
Assuming C; and kp are constant, then:

dt/dCy = —V4S/lhpC}In(Cg/Cp)] + V4S/{hpCHIn(Cs/Cp)T)
If, at the optimum concentration'C}‘ and dt/dCy = 0, then:
1 =1n(Cg/C})

and: C;=Cgle

(b) Assuming the osmotic pressure model applies
J =hpIn(Cs/Cy) (equation 8.22)
Substituting for |ATl| at C = C,,, then:
J=[lAaP| - a,-C; exp(nJ/hp)l/Rupt (equation 8.26)
If |AIl| is very much greater than J R,,u, then:
J = (hp/n)In(|AP|/(aCP)

As before: Va=V,/Vyand Cr = §/V,.
Thus: t=V,/J
= (VaS/Cys)/[(hp/n) In(JAP|/aC})] ‘
and: dt/dCy = (VynS/hp)[— ln(IAPl/aC}‘)/C,2 + n/C}]/ In(lAP|/aC})

The process time, £, is a minimum when d¢/dCy = 0, that is when:

C} = |AP|/ae"

8.7. REVERSE OSMOSIS

A classical demonstration of osmosis is to stretch a parchment membrane over the mouth
of a tube, fill the tube with a sugar solution, and then hold it in a beaker of water.
The level of solution in the tube rises gradually until it reaches a steady level. The
static head developed would be equivalent to the osmotic pressure of the solution if the
parchment were a perfect semipermeable membrane, such a membrane having the property
of allowing the solvent to pass through but preventing the solute from passing through.
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The pure solvent has a higher chemical potential than the solvent in the solution and so
diffuses through until the difference is cancelled out by the pressure head. If an additional
pressure is applied to the liquid column on the solution side of the membrane then it
is possible to force water back through the membrane. This pressure-driven transport
of water from a solution through a membrane is known as reverse osmosis. It may be
noted that it is not quite the reverse of osmosis because, for all real membranes, there is
always a certain transport of the solute along its chemical potential gradient, and this is
not reversed. The phenomenon of reverse osmosis has been extensively developed as an
industrial process for the concentration of low molecular weight solutes and especially
for the desalination, or more generally demineralisation, of water.

Many models have been developed to explain the semi-permeability of reverse osmosis
membranes and to rationalise the observed behaviour of separation equipment. These have
included the postulation of preferential adsorption of the solute at the solution—membrane
interface, hydrogen bonding of water in the membrane structure, and the exclusion of ions
by the membrane due to dielectric effects. They are all useful in explaining aspects of
membrane behaviour, although the most common approach has been to make use of
the theories of the thermodynamics of irreversible processes proposed by SpPIEGLER and
Kepem@, This gives a phenomenological description of the relative motion of solution
components within the membrane, and does not allow for a microscopic explanation
of the flow and rejection properties of the membrane. In the case of reverse osmosis
however, the thermodynamic approach is combined with a macroscopic solution—diffusion
description of membrane transport as discussed by SoLTanieH and GiLL®?. This implies
that the membrane is non-porous and that solvent and solutes can only be transported
across the membrane by first dissolving in, and subsequently diffusing through, the
membrane.

For any change to occur a chemical potential gradient must exist. For a membrane
system, such as the one under consideration, Haase®® and BeLrorT®® have derived the
following simplified equation for constant temperature:

8 .
du; = v; dP + (—“i) dC; + z; Fdg (8.30)
aCi/r

where p; is the chemical potential of component i, v; is the partial molar volume of
component i, z; is the valence of component i, ¢ is the electrical potential and F
is Faraday’s constant. This equation may be applied to any membrane process. For
ultrafiltration, only the pressure forces are usually considered. For electrodialysis, the
electrical and concentration forces are more important, whereas, in the present case of
reverse 0smosis both pressure and concentration forces need to be considered. Integrating
across the thickness of the membrane for a two-component system with subscript 1
used to designate the solvent (water) and subscript 2 used to designate the solute, for

the solvent:
op /
Au = — dc
7 /(aCI)P'T 1+ | ndP

py
= —_— d .
f(302>p,7 C2+fv1dP (8.31)
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When Au; becomes small, only the osmotic pressure difference ATl remains. Thus, for

constant vy:
Apy = v (|AP| - |AIT]) (8.32)

Am:f(%) dC2+fv2dP (8.33)
9C2/pr

and for dilute solutions, u; = ug + RT In C,, and for constant v;:

For the solute:

Aur =RTAInC; + 1y|]AP| (8.34)

where the second term on the right-hand side is negligible compared with the first term.
In the present case:

R
Ay =RTAInC, = (—ET—) AC, (for low values of C5) (8.35)

2
Incorporating the model of diffusion across the membrane, and writing Fick’s law in the
generalised form@?, (using u = u° + RT In C)*:

J= e (8.36)

where y is distance in the direction of transfer.
It is found for the solvent that:

Ji = Ki(JAP) - |ATI]) (8.37)

where the permeability coefficient is described in terms of a diffusion coefficient,
water concentration, partial molar volume of water, absolute temperature and effective
membrane thickness. For the solute it is found that:

J2 = K2]AC,| (8.38)

where K, is described in terms of a diffusion coefficient, distribution coefficient and
effective membrane thickness. It is clear from these equations that solvent (water) flow
only occurs if |A P| > |ATI|, though solute flow is independent of [A P|. Thus, increasing
the operating pressure increases the effective separation. This explains why reverse
osmosis plants operate at relatively high pressure. For example, the osmotic pressure of
brackish water containing 1.5—-12 kg/m? salts is 0.1-0.7 MN/m? (MPa) and the osmotic
pressure of sea water containing 30-50 kg/m? salts is 2.3-3.7 MN/m? (MPa). In practice,
desalination plants operate at 3—8 MN/m? (MPa).

The rejection of dissolved ions at reverse osmosis membranes depends on valence.
Typically, a membrane which rejects 93 per cent of Na* or Cl~ will reject 98 per
cent of Ca?* or SO42~ when rejections are measured on solutions of a single salt.
With mixtures of salts in solution, the rejection of a single ion is influenced by its

* Equation 8.36 represents the general form of Fick’s law. The form used in previous chapters where driving
force is expressed as a concentration gradient is a simplification of this equation,
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CHAPTER 9

Centrifugal Separations

9.1. INTRODUCTION

There is now a wide range of situations where centrifugal force is used in place of
the gravitational force in order to effect separations. The resulting accelerations may be
several thousand times that attributable to gravity. Some of the benefits include far greater
rates of separation; the possibility of achieving separations which are either not practically
feasible, or actually impossible, in the gravitational field; and a substantial reduction of
the size of the equipment. Recent developments in the use of centrifugal fields in process
intensification are discussed in Chapter 20.
Centrifugal fields can be generated in two distinctly different ways:

(a)

(b)

By introducing a fluid with a high tangential velocity into a cylindrical or conical
vessel, as in the hydrocyclone and in the cyclone separator (Chapter 1). In this
case, the flow pattern in the body of the separator approximates to a free vortex
in which the tangential velocity varies inversely with the radius (see Volume 1,
Chapter 2). Generally, the larger and heavier particles will collect and be removed
near the walls of the separator, and the smaller and lighter particles will be taken
off through an outlet near the axis of the vessel.

By the use of the centrifuge. In this case the fluid is introduced into some form
of rotating bowl and is rapidly accelerated. Because the frictional drag within the
fluid ensures that there is very little rotational slip or relative motion between fluid
layers within the bowl, all the fluid tends to rotate at a constant angular velocity w
and a forced vortex is established. Under these conditions, the tangential velocity
will be directly proportional to the radius at which the fluid is rotating.

In this chapter, attention is focused on the operation of the centrifuge. Some of the
areas where it is extensively used are as follows:

(a) For separating particles on the basis of their size or density. This is effectively

using a centrifugal field to achieve a higher rate of sedimentation than could be
achieved under gravity.

(b) For separating immiscible liquids of different densities, which may be in the form

of dispersions or even emulsions in the feed stream. This is the equivalent of a
gravitational decantation process.

(c) For filtration of a suspension. In this case centrifugal force replaces the force

of gravity or the force attributable to an applied pressure difference across the
filter.

475



476 CHEMICAL ENGINEERING

(d) For the drying of solids and, in particular, crystals. Liquid may be adhering to
the surface of solid particles and may be trapped between groups of particles.
Drainage may be slow in the gravitational field, especially if the liquid has a high
viscosity. Furthermore, liquid is held in place by surface tension forces which must
be exceeded before liquid can be freed. This is particularly important with fine
particles. Thus, processes which are not possible in the gravitational field can be
carried out in the centrifuge.

(e) For breaking down of emulsions and colloidal suspensions. A colloid or emulsion
may be quite stable in the gravitational field where the dispersive forces, such as
those due to Brownian motion, are large compared with the gravitational forces
acting on the fine particles or droplets. In a centrifugal field which may be several
thousand times more powerful, however, the dispersive forces are no longer suffi-
cient to maintain the particles in suspension and separation is effected.

(f) For the separation of gases. In the nuclear industry isotopes are separated in the
gas centrifuge in which the accelerating forces are sufficiently great to overcome
the dispersive effects of molecular motion. Because of the very small difference in
density between isotopes and between compounds of different isotopes, fields of
very high intensity are needed.

(g) For mass transfer processes. Because far greater efficiencies and higher throughputs
can be obtained before flooding occurs, centrifugal packed bed contactors are
finding favour and are replacing ordinary packed columns in situations where
compactness is important, or where it is desirable to reduce the holdup of materials
undergoing processing because of their hazardous properties. An important appli-
cation is the use of inert gases in the desorption of oxygen from sea water in order
to reduce its corrosiveness; in North Sea oil rigs the sea water is used as a coolant
in heat exchangers. In addition, centrifugal contactors for liquid-liquid extraction
processes now have important applications discussed in Chapter 13. These are
additional areas where centrifugal fields, and the employment of centrifuges, is
gaining in importance.

9.2. SHAPE OF THE FREE SURFACE OF THE LIQUID

For an element of liquid in a centrifuge bowl which is rotating at an angular velocity of
, the centrifugal acceleration is rw?, compared with the gravitational acceleration of g.
The ratio rw?/g is one measure of the separating effect obtained in a centrifuge relative
to that arising from the gravitational field; values of rw?/g may be very high (up to
10%) in some industrial centrifuges and more than an order of magnitude greater in the
ultra-centrifuge, discussed in Section 9.8. In practice, the axis of rotation may be vertical,
horizontal, or intermediate, and the orientation is usually determined by the means adopted
for introducing feed and, removing product streams, from the centrifuge.

Figure 9.1 shows an element of the free surface of the liquid in a bowl which is rotating
at a radius rp about a vertical axis at a very low speed; the centrifugal and gravitational
fields will then be of the same order of magnitude. The centrifugal force per unit mass is
row* and the corresponding gravitational force is g. These two forces are perpendicular
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Figure 9.1. Element of surface of liquid

to one another and may be combined as shown to give the resultant force which must, at
equilibrium, be at right angles to the free surface. Thus, the slope at this point is given by:
dzp _ radial component of force row?

=2 = = 9.1
dro axial component of force g ®-1)

where z is the axial coordinate of the free surface of the liquid.
Equation 9.1 may be integrated to give:
20 = w2r2 + constant
0= 2g 0
If z, is the value of zp which corresponds to the position where the free surface is at
the axis of rotation (rg = 0), then:

20— 2a = 71§ 9.2

2
Equations 9.1 and 9.2 correspond with equations 2.80 and 2.79 in Volume 1, Chapter 2.
Taking the base of the bowl] as the origin for the measurement of zg, positive values of z,
correspond to conditions where the whole of the bottom of the bowl is covered by liquid.
Negative values of z, imply that the paraboloid of revolution describing the free surface
would cut the axis of rotation below the bottom, and therefore the central portion of the
bowl will be dry.

Normally row? >> g, the surface is nearly vertical, and zo has a very large negative
value. Thus, in practice, the free surface of the liquid will be effectively concentric with
the walls of the bowl. It is seen therefore that the operation of a high speed centrifuge is
independent of the orientation of the axis of rotation.

9.3. CENTRIFUGAL PRESSURE

A force balance on a sector of fluid in the rotating bowl, carried out as in Volume 1,
Chapter 2, gives the pressure gradient at a radius r:

aP 2
— = pw°r 9.3)
ar
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Unlike the vertical pressure gradient in a column of liquid which is constant at all
heights, the centrifugal pressure gradient is a function of radius of rotation r, and increases
towards the wall of the basket. Integration of equation 9.3 at a given height gives the
pressure P exerted by the liquid on the walls of the bowl of radius R when the radius of
the inner surface of the liquid is r¢ as:

P = %pw2(R2 - rg) 94)

9.4. SEPARATION OF IMMISCIBLE LIQUIDS OF
DIFFERENT DENSITIES

The problem of the continuous separation of a mixture of two liquids of different densities
is most readily understood by first considering the operation of a gravity settler, as shown
in Figure 9.2. For equilibrium, the hydrostatic pressure exerted by a height z of the denser
liquid must equal that due to a height z, of the heavier liquid and a height z; of the lighter
liquid in the separator.

Thus: 208 = 2208 + 21,8
or: t=n+a ©9.5)
Je7)
1Feed

Figure 9.2. Gravity separation of two immiscible liquids

For the centrifuge it is necessary to position the overflow on the same principle, as
shown in Figure 9.3. In this case the radius r; of the weir for the less dense liquid will
correspond approximately to the radius of the inner surface of the liquid in the bowl. That
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Figure 9.3. Separation of two immiscible liquids in a centrifuge

of the outer weir r,, must be such that the pressure developed at the wall of the bowl
of radius R by the heavy liquid alone as it flows over the weir is equal to that due to
the two liquids within the bowl. Thus, applying equation 9.4 and denoting the densities
of the light and heavy liquids by p; and p, respectively and the radius of the interface
between the two liquids in the bowl as r:

1000 (R? = rl) = 300> (R = r}) + 3107 (7 = 1])

2 _p2
or: kg 9.6)
re—ry P1
If @1 and Q; are the volumetric rates of feed of the light and heavy liquids respectively,
on the assumption that there is no slip between the liquids in the bowl and that the same,
then residence time is required for the two phases, then:
Q1 ri-r?

Q0 R?-r2

9.7

Equation 9.7 enables the value of 7, to be calculated for a given operating condition.
The retention time ¢z necessary to give adequate separation of the liquids will depend
on their densities and interfacial tension, and on the form of the dispersion, and can only
be determined experimentally for that mixture. The retention time is given by:
Vv’ 14
= ———— = — (9.8)
oi+0, 0
where Q is the total feed rate of liquid, Q; and Q; refer to the light and heavy liquids
respectively, and V' is the volumetric holdup of liquid in the bowl.

Approximately: V' ~n(R?-rHH 9.9)
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where H is the axial length (or clarifying length) of the bowl.

Qo
Thus: tgh = ————— 9.10
us R 2 (RL—rDH 9.10)

Equation 9.10 gives the relation between Q and r; for a given retention time, and
determines the required setting of the weir. In practice the relative values of r; and ry,
are adjusted to modify the relative residence times of the individual phases to give extra
separating time for the more difficult phase. In the decanter centrifuge, r; is adjusted to
influence either discharged cake dryness or the conveying efficiency.

In equations 9.6 and 9.7, p2/p01 and Q:/Q, are determined by the properties and
composition of the mixture to be separated, and R is fixed for a given bowl; r; and ry,
are governed by the settings of the weirs. The radius r, of the interface between the two
liquids is then the only unknown and this may be eliminated between the two equations.
Substitution of the value r; from equation 9.10 then permits calculation of the required
radius r,, of the weir for the heavy liquid.

This treatment gives only a simplified approach to the design of a system for the
separation of two liquids. It will need modification to take account of the geometric
configuration of the centrifuge —a topic which is discussed in Section 9.8.

9.5. SEDIMENTATION IN A CENTRIFUGAL FIELD

Centrifuges are extensively used for separating fine solids from suspension in a liquid.
As a result of the far greater separating power compared with that available using
gravity, fine solids and even colloids may be separated. Furthermore, it is possible to
break down emulsions and to separate dispersions of fine liquid droplets, though in this
case the suspended phase is in the form of liquid droplets which will coalesce following
separation. Centrifuges may be used for batch operation when dealing with small quantities
of suspension although, on the large scale, arrangements must sometimes be incorpo-
rated for the continuous removal of the separated constituents. Some of the methods of
achieving this are discussed along with the various types of equipment in Section 9.8.
When centrifuges are used for polishing, the removal of the very small quantities of
finely divided solids needs be carried out only infrequently, and manual techniques are
then often used.

Because centrifuges are normally used for separating fine particles and droplets, it is
necessary to consider only the Stokes’ law region in calculating the drag between the
particle and the liquid.

It is seen in Chapter 3 that, as a particle moves outwards towards the walls of the bowl
of a centrifuge, the accelerating force progressively increases and therefore the particle
never reaches an equilibrium velocity as is the case in the gravitational field. Neglecting
the inertia of the particle, then:

dr _ d?*(p; — p)ro?

dt 18u ©-11)

(equation 3.109)
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2
= uo% 9.12)
(equation 3.110)

At the walls of the bowl of radius r, dr/dr is given by:

(g) _ d*(ps — p)Ru?
dt),_p 18u

The time taken to settle through a liquid layer of thickness h at the walls of the bowl
is given by integration of equation 9.11 between the limits r = rq (the radius of the inner
surface of the liquid), and r = R to give equation 3.121. This equation may be simplified
where R — rp (= h) is small compared with R, as in equation 3.122.
_ 181k
~ d*(p; — p)Ru?

(9.13)

Then: IR (9.14)

(equation 3.100)

It may be seen that equation 9.14 is the time taken to settle through the distance A at
a velocity given by equation 9.13. ¢z is then the minimum retention time required for
all particles of size greater than d to be deposited on the walls of the bowl. Thus, the
maximum throughput Q at which all particles larger than d will be retained is given by
substitution for 7z from equation 9.8 to give:

_ d*(ps — p)RV’

9.15
Q T8k (9.15)
d*(ps — p)g RV’
: = 9.16
or o 18, he (9.16)
d*(p; —
From equation 3.24: d’les —p)g = u
18u
where ug is the terminal falling velocity of the particle in the gravitational field and hence:
RV’
Q =uo 2 9.17)
hg
Writing the capacity term as:
T Rw*V’
hg
_ 7R(R* —r})Ho?
= "
w?
=7rR(R+ro)H? 9.18)

Then: Q =upX 9.19)
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Equation 9.18 implies that the greater the depth # of liquid in the bowl, that is the lower
the value of ry, the smaller will be the value of X, but this is seldom borne out in
practice in decanter centrifuges. This is probably due to high turbulence experienced and
the effects of the scrolling mechanism. X is independent of the properties of the fluid
and the particles and depends only on the dimensions of the centrifuge, the location of
the overflow weir and the speed of rotation. It is equal to the cross-sectional area of a
gravity settling tank with the same clarifying capacity as the centrifuge. Thus, ¥ is a
measure of the capacity of the centrifuge and gives a quantification of its performance
for clarification. This treatment is attributable to the work of AMBLER(".

For cases where the thickness # of the liquid layer at the walls is comparable in order
of magnitude with the radius R of the bowl, it is necessary to use equation 3.121 in place
of equation 9.14 for the required residence time in the centrifuge or:

18u R

tR= ————  _In— 9.2
PTG -0t 1o 20
(from equation 3.121)
d*(ps ~ p)w*V’
Then: = 77 2
en Q= Tsuin(R/ro) ©.21)
d2 . — 2y
_ 2o —plg oV 9.22)
184 glIn(R/ro)
=uy> (9.23)
2y77
In this case: Y= —gv——
gIn(R/ro)
R2 — p2 2
_T(R"—r))H " (9.24)

In(R/ro) g

A similar analysis can be carried out with various geometrical arrangements of the
bowl of the centrifuge. Thus, for example, for a disc machine (described later) the value
of X is very much greater than for a cylindrical bowl of the same size. Values of £ for
different arrangements are quoted by HayTer® and by TrowBRIDGE®,

This treatment leads to the calculation of the condition where all particles larger than
a certain size are retained in the centrifuge. Other definitions are sometimes used, such
as for example, the size of the particle which will just move half the radial distance from
the surface of the liquid to the wall, or the condition when just half of the particles of
the specified size will be removed from the suspension.

Example 9.1

In a test on a centrifuge all particles of a mineral of density 2800 kg/m? and of size 5 wm, equivalent
spherical diameter, were separated from suspension in water fed at a volumetric throughput rate of
0.25 m®/s. Calculate the value of the capacity factor .
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What will be the corresponding size cut for a suspension of coal particles in oil fed at the rate
of 0.04 m*/s? The density of coal is 1300 kg/m® and the density of the oil is 850 kg/m® and its
viscosity is 0.01 Ns/m?,

It may be assumed that Stokes’ law is applicable.

Solution

The terminal falling velocity of particles of diameter 5 wm in water, of density p = 1000 kg/m®
and, of viscosity u = 10~ Ns/m?, is given by:

" d*(p; — p)g 25 x 10712 x (2800 — 1000) x 9.81
o — =

(equation 3.24)

184 18 x 103
=2.45x 107 m/s
From the definition of X:
Q =upZ (equation 9.19)
and: = (74%(2-51?5 = 1.02 x 10* m?.
For the coal-in-oil mixture:
Uy = % - Hog)%ﬁ =3.92 x 107 mis.
From equation 3.24:
d? = _M
(os — P)g

_18x 1072 x 3.92 x 10-¢
~ (1300 — 850) x 9.81

and: d=40x10"°mor 4 pm.

Example 9.2

A centrifuge is fitted with a conical disc stack with an included angle of 26, and there are n flow
passages between the discs. A suspension enters at radius r; and leaves at radius r,. Obtain an
expression for the separating power T of the centrifuge. It may be assumed that the resistance
force acting on the particles is given by Stokes’ law.

Solution

For two discs AA’ and BB, as shown in Figure 9.4, the particle which is most unfavourably placed
for collection will enter at point A at radius r;, and be deposited on the upper plate at point B’ at
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Figure 9.4. Path of limit particle through separation channel

radius r;. It is assumed that the suspension is evenly divided between the discs. The particles will
move in not quite in a straight line because both velocity components are a function of r.
At radius r, the velocity of the liquid in the flow channel is:

e _&
2wran  dt

)
where x is the distance parallel to the discs and a is the spacing.

At radius r, the centrifugal sedimentation velocity of a particle, whose diameter is d is given by:

d d2 2  —
gr _dreles —p) (equation 9.11)

dt 18u
= uor_gaﬁ (equation 9.12) (ii)
From the geometry of the system:
—gi— =sin6
Thus from equation (i):
dr o

(iii)

= sin
dr 27ran

4 =cosf

d: 'l
an dr
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Thus from equation (ii):

w .
- = uolg— cos b @iv)

Dividing equation (iv) by equation (iii) gives:

dy _ (uorw2 cos@) <2nran)
dar 8 Qsing
_ 2wnaugw’ cotf ,
Qg

The particle must move through distance a in the y direction as its radial position changes from r,
to ry.

a 2 cotd r
Thus: —/ dy = 2rnauyw” coth f r2dr
0 0g ry
2wnauyw? cotd
2xnw? cot
0=u "t -
= U (from the definition of X, equation 9.19)

or . 2 w?n coto(r} — r3
3g

9.6. FILTRATION IN A CENTRIFUGE

When filtration is carried out in a centrifuge, it is necessary to use a perforated bowl
to permit removal of the filtrate. The driving force is the centrifugal pressure due to
the liquid and suspended solids, and this will not be affected by the presence of solid
particles deposited on the walls. The resulting force must overcome the friction caused by
the flow of liquid through the filter cake, the cloth, and the supporting gauze and perfo-
rations. The resistance of the filter cake will increase as solids are deposited although the
other resistances will remain approximately constant throughout the process. Considering
filtration in a bowl of radius R and supposing that the suspension is introduced at such a
rate that the inner radius of the liquid surface remains constant as shown in Figure 9.5,
then at some time ¢ after the commencement of filtration, a filter cake of thickness | will
have been built up and the radius of the interface between the cake and the suspension
will be 7.

If dP’ is the pressure difference across a small thickness d! of cake, the velocity of
flow of the filtrate is given by equation 7.2, and:

1dv 1 (—dP’
Z_dt— = Ue = ;[I (—dl ) (9-25)

where r is the specific resistance of the filter cake and p is the viscosity of the filtrate.
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Figure 9.5. Filtration in a centrifuge

If the centrifugal force is large compared with the gravitational force, the filtrate will
flow in an approximately radial direction, and will be evenly distributed over the axial
length of the bowl. The area available for flow will increase towards the walls of the
bowl. If dV is the volume of filtrate flowing through the filter cake in time dt, then:

m 9
7 2nr'H dt
-dP’y 1 4V
dl ) T 2nr'H d&r
rudl dv

= 2nr'H dr

and thus the total pressure drop through the cake at time ¢ is given by:

(9.26)

Thus: — (
ru

~dP’

,  rp dv ptd

“oHdt Jo v
ru dV (Rdar

=27rH—dT - 2
ru dV . R

If the resistance of the cloth is negligible, —~A P’ is equal to the centrifugal pressure.
More generally, if the cloth, considered together with the supporting wall of the basket,
is equivalent in resistance to a cake of thickness L, situated at the walls of the basket,
the pressure drop —A P” across the cloth is given by:

—AP" 1 aV
rul  2nHR dr

av L
AP = T (9.28)

T 27H dt R
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Thus the total pressure drop across the filter cake and the cloth (—AP), say, is given by:
(~AP) = (—=AP)+ (—AP")

ru dV R L)
: - = —f{ln—-+ — 9.29
Thus AP = (nr’+R (9.29)

Before this equation can be integrated it is necessary to establish the relation between
r’ and V. If v is the bulk volume of incompressible cake deposited by the passage of unit
volume of filtrate, then:

vdV = =2mr'H dr’
dv 2 Hr' dr’

—_—=— —_ 9.30
dr v dr ( )
and substituting for dV/dt in the previous equation gives:
ru 2w Hr' dr’ ( R L)
— =————(In—+ = 9.31
AP 2rH v dt t r + R ( )
—-A "L
Thus; v=AR) dt = (ln L. ——) r'dr
ru R R

This may be integrated between the limits ' = R and r’' = r’ as ¢ goes from 0 to ¢.
— AP is constant because the inner radius ry of the liquid is maintained constant:

(~AP)vt ’ roOL\ ),
= In——=)rtdr
T R R R

r/

1 L
. R2 _ 2 —(p2__ 2 1.2 .
4( r )+2R(R r') 4+ 5r lnR (9.32)
L ! ~AP)vt
and: (R* -1 (1 +2=) +2-%m = 4-APwt
R R ru
2utpw?
= vr,; iy (9.33)
since: —AP = 1pw*(R* = 1}) (from equation 9.4)

From this equation, the time ¢ taken to build up the cake to a given thickness r’ may
be calculated. The corresponding volume of cake is given by:

Vv=nm(R*-rHH (9.34)

and the volume of filtrate is: -
V= ;(R2 —-rHH (9.35)

Harunt and Storrow® have carried out an extensive investigation into the flow of
liquid through a cake formed in a centrifuge and have concluded that, although the results
of tests on a filtration plant and a centrifuge are often difficult to compare because of the
effects of the compressibility of the cake, it is frequently possible to predict the flowrate
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in a centrifuge to within 20 per cent. They have also shown that, when the thickness
varies with height in the basket, the flowrate can be calculated on the assumption that the
cake has a uniform thickness equal to the mean value; this gives a slightly high value in
most cases.

Example 9.3

When an aqueous slurry is filtered in a plate and frame press, fitted with two 50 mm thick frames
each 150 mm square, operating with a pressure difference of 350 kN/m?, the frames are filled in
3600 s (1 h). How long will it take to produce the same volume of filtrate as is obtained from
a single cycle when using a centrifuge with a perforated basket, 300 mm diameter and 200 mm
deep? The radius of the inner surface of the slurry is maintained constant at 75 mm and the speed
of rotation is 65 Hz (3900 rpm).

It may be assumed that the filter cake is incompressible, that the resistance of the cloth is
equivalent to 3 mm of cake in both cases, and that the liquid in the slurry has the same density as
water.

Solution

In the filter press
Noting that V = 0 when ¢ = 0, then:

AL 2(—AP)A%
Vig2 v = A-apat (from equation 7.18)
v ruv
IA .
and: V= v (from equation 7.6)
242 _ 2
Thus: 1 1: + <2AL) ({é) _ 2(—AP)A*t
v v v | JTAY
or: 12 + 2L[ o w
TU

For one cycle
[=25mm=0025m; L=3mm=0.003m
—AP =350 kN/m* = 3.5 x 10° N/m?
t = 3600 s

0.025% + (2 x 0.003 x 0.025) = 2 x 3.5 x 10° x 3600 x (;v—)
i

and: (%“) =325 x 1012

In the centrifuge

| 2utpe?

L
(R* —r"?) (1 + 2E> +2r" ln% (R* —rd) (equation 9.33)

R=0.15m, H = 0.20 m, and the volume of cake = 2 x 0.050 x 0.15% = 0.00225 m?
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Thus: T (R* — r?) x 0.20 = 0.00225
and: (R? — r?) = 0.00358
Thus: r? = (0.15% — 0.00358) = 0.0189 m?
and: r'=0.1383 m
ro =75 mm = 0.075 m
and: w = 65 x 21t = 408.4 rad/s

The time taken to produce the same volume of filtrate or cake as in one cycle of the filter press
is therefore given by:

(0.15% — 0.138%)(1 + 2 x 0.003/0.15) + 2(0.0189) In(0.138/0.15)
2%t x 1000 x 408.42
- 3.25 x 1012

or:  0.00359 — 0.00315 = 1.732 x 1075

- 4.4 x 104
T 1.732 x 10-6
= 254 s or 4.25 min.

(0.15* — 0.075%)

from which:

9.7. MECHANICAL DESIGN

Features of the mechanical design of centrifuges are discussed in Volume 6, where, in
particular, the following items are considered:

(a) The mechanical strength of the bowl, which will be determined by the dimensions
of the bowl, the material of construction and the speed of operation.

(b) The implications of the critical speed of rotation, which can cause large deflections
of the shaft and vibration.

(c) The slow gyratory motion, known as precession, which can occur when the bowl
or basket is tilted.

9.8. CENTRIFUGAL EQUIPMENT

9.8.1. Classification of centrifuges

Centrifuges may be grouped into two distinct categories—those that utilise the principle of
filtration and those that utilise the principle of sedimentation, both enhanced by the use of
a centrifugal field. These two classes may be further subdivided according to the method
of discharge, particularly the solids discharge. This may be batch, continuous or a combi-
nation of both. Further subdivisions may be made according to source of manufacture
or mechanical features, such as the method of bearing suspension, axis orientation or
containment. In size, centrifuges vary from the small batch laboratory tube spinner to the
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large continuous machines with several tons of rotating mass, developing a few thousands
of g relative centrifugal force. RecorDs®® has suggested the following classification.

Filtration centrifuges

(a) Batch discharge, vertical axis, perforate basket.

(b) Knife discharge, pendulum suspension, vertical axis, perforate basket.
(c) Peeler: horizontal axis, knife discharge at speed.

(d) Pusher.

(e) Scroll discharge.

Sedimentation centrifuges

(a) Bottle spinner.
(b) Tubular bowl.
(c) Decanter — scroll discharge.
(d) Imperforate bowl — skimmer pipe discharge, sometimes also a knife.
(e) Disc machine.

(i) Batch.

(ii) Nozzle discharge.

(iii) Opening bowl (solids ejecting).

(iv) Valve discharge.

Liquid-liquid separation centrifuges

(a) Tubular bowl.
(b) Three phase scroll discharge decanter.
(c) Disc machine.

Clearly with such a wide range of equipment it is not realistic to describe examples of
machinery in each category. Discussion will therefore be limited to the more important
types of machine and the conditions under which they may be used.

9.8.2. Simple bowl centrifuges

Most batch centrifuges are mounted with their axes vertical and, because of the possibility
of uneven loading of the machine, the bowl is normally supported in bearings and the
centrifuge itself is supported by resilient mountings. In this way the inevitable out-of-
balance forces on the supporting structure are reduced to, typically, 5 per cent or less.
In the case of the underdriven batch machine, where the drive and bearings are
underneath, as shown in Figure 9.6, access to the bowl is direct, while product is
discharged from the top in manual machines and from the bottom in automatically
controlled machines. In the case of the overdriven batch centrifuge, where the bowl
is suspended from above, a valve is often incorporated in the bottom of the bow! for
easy discharge of the solids. With a purpose designed drive, the unit can handle higher
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Figure 9.6. Underdriven batch centrifuge

throughputs of freely filtering feed slurry by cycling more quickly than the underdriven
machine.

Batch centrifuges with imperforate bowls are used either for producing an accelerated
separation of solid particles in a liquid, or for separating mixtures of two liquids. In the
former case, the solids are deposited on the wall of the bowl and the liquid is removed
through an overflow or skimming tube. The suspension is continuously fed in until a
suitable depth of solids has been built up on the wall; this deposit is then removed either
by hand or by a mechanical scraper. With the bow! mounted about a horizontal axis, solids
are more readily discharged because they can be allowed to fall directly into a chute.

In the centrifuge shown in Figure 9.7, the liquid is taken off through a skimming tube
and the solids, which may be washed before discharge if desired, are removed by a cutter.
This machine is often mounted vertically and the cutter knife sometimes extends over the
full depth of the bowl.

Perforated bowls are used when relatively large particles are to be separated from a
liquid, as for example in the separation of crystals from a mother liquor. The mother
liquor passes through the bed of particles and then through the perforations in the bowl.
When the centrifuge is used for filtration, a coarse gauze is laid over the inner surface of
the bowl and the filter cloth rests on the gauze. Space is thus provided behind the cloth
for the filtrate to flow to the perforations.

When a mixture of liquids is to be separated, the denser liquid collects at the imperforate
bowl wall and the less dense liquid forms an inner layer. Overflow weirs are arranged
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Figure 9.7. Horizontally mounted bowl with automatic discharge of solids. A-Feed, B-Cutter,
C-Skimming tube

so that the two constituents are continuously removed. The design of the weirs has been
considered in a previous section.

9.8.3. Disc centrifuges — general

For a given rate of feed to the centrifuge, the degree of separation obtained will depend on
the thickness of the liquid layer formed at the wall of the bowl and on the total depth of
the bowl, since both these factors control the time the mixture remains in the machine. A
high degree of separation could therefore be obtained with a long bowl of small diameter,
although the speed required would then need to be very high. By comparison the intro-
duction of conical discs into the bowl, as illustrated in Figure 9.8, enables the liquid
stream to be split into a large number of very thin layers and permits a bowl of greater
diameter. The separation of a mixture of water and dirt from a relatively low density
oil takes place as shown in Figure 9.9 with the dirt and water collecting close to the
undersides of the discs and moving radially outwards, and with the oil moving inwards
along the top sides.

A disc bowl, although still a high speed machine, can thus be run at lower speeds
relative to the excessive speeds required for a long bowl of small diameter. Also its size
is very much smaller relative to a bowl without discs, as may be seen from Figure 9.10.
The separation of two liquids in a disc-type bowl is illustrated in the left-hand side of
Figure 9.8. Liquid enters through the distributor AB, passes through C, and is distributed
between the discs E through the holes D. The denser liquid is taken off through F and I
and the less dense liquid through G.
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Figure 9.8. Bowl with conical discs (left-hand side for separating liquids, right-hand side for separating solid
from liquid)

~— Dirt and — water

N\~ Puified = ol

Figure 9.9. Separation of water and dirt from oil in disc bowl
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Figure 9.10. Two bowls of equal capacity; with discs (left) and without discs (right)

A disc-type bowl is often used for the separation of fine solids from a liquid and its
construction is shown in the right-hand side of Figure 9.8. Here there is only one liquid
outlet K, and the solids are retained in the space between the ends of the discs and the
wall of the bowl.

9.8.4. Disc centrifuges — various types

Disc centrifuges vary considerably according to the type of discharge. The liquid(s) can
discharge freely or through centrifugal pumps. The solids may be allowed to accumulate
within the bowl and then be discharged manually (“batch bowl”). A large number of
disc machines (‘‘opening bowl”) discharge solids intermittently when ports are opened
automatically at the periphery of the bowl on a timed basis or are actuated from a signal
from a liquid clarity meter. The opening on sophisticated machines may be adjusted to
discharge only the compacted solids.

Another type of disc centrifuge has nozzles or orifices at the periphery where thickened
solids are discharged continuously, and sometimes a fraction of this discharge is recycled
to ensure that the nozzles are able to prevent breakthrough of the clarified supernatant
liquid. Sometimes these nozzles are internally fitted to the bowl. Others are opened and
closed electrically or hydrostatically from a build up of the sludge within the bowl.

Centrifuges of these types are used in the processing of yeast, starch, meat, fish products
and fruit juices. They form essential components of the process of rendering in the
extraction of oils and fats from cellular materials. The raw material, consisting of bones,
animal fat, fish offal, or vegetable seeds is first disintegrated and then, after a preliminary
gravitational separation, the final separation of water, oil, and suspended solids is carried
out in a number of valve nozzle centrifuges.
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9.8.5. Decanting centrifuges

The widely used decanting type continuous centrifuge, shown in Figure 9.11, is mounted
on a horizontal axis. The mixture of solids and liquids is fed to the machine through a
stationary pipe which passes through one of the support bearings, shown in Figure 9.12.
The feed pipe discharges the mixture near the centre of the machine. The heavier solids
settle on to the wall of the imperforate or solid bowl under the influence of the centrifugal

Figure 9.11. Solid-bowl decanter centrifuge
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Figure 9.12.  Solid-bowl! decanter centrifuge—principles of operation
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force. Inside the bowl is a close fitting helical scroll which rotates at a slightly different
speed from the solid bowl. Typically the speed differential is in the range 0.5 to 100 rpm
(0.01-2 Hz).

At one end of the bowl a conical section is attached giving a smaller diameter. The
liquid runs round the helical scroll and is discharged over weir plates fitted at the parallel
end of the bowl. The solids are moved by the conveying action of the helical scroll up
the gentle slope of the conical section, out of the liquid and finally out of the machine.
Decanters of this type are known as solid bowl decanters.

A variant of the decanting centrifuge is the screen bow! decanter, shown in Figures 9.13
and 9.14. In this unit a further perforated section is attached to the smaller diameter end of
the conical section. This is known as the screen and allows further drying and/or washing
of the solids to take place.

Figure 9.13. Screen bowl decanter centrifuge (cover removed)

Screen flush

Discharge of Final
clarified liquid drainage
Wash Cake
discharge discharge

Figure 9.14. Screen bowl decanter centrifuge-principles of operation

Machines may be tailored to meet specific process requirement by altering the diameter
of the liquid discharge, the differential speed of the helical scroll, the position at which the
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feed enters the machine and the rotational speed of the bowl. Decanting centrifuges are
available in a wide range of diameters and lengths. Diameters are 0.2—1.5 m, and lengths
are typically 1.5-5 times the diameter. The longer machines are used when clear liquids
are required. Shorter bow! designs are used to produce the driest solids. Continuous
throughputs in excess of 250 tonnes/h (70 kg/s) of feed can be handled by a single
machine.

9.8.6. Pusher-type centrifuges

This type of centrifuge is used for the separation of suspensions and is fitted either with
a perforated or imperforate bowl. The feed is introduced through a conical funnel and the
cake is formed in the space between the flange and;the end of the bowl. The solids are
intermittently moved along the surface of the bowl by means of a reciprocating pusher.
The pusher comes forward and returns immediately and then waits until a further layer of
solids has been built up before advancing again. In this machine the thickness of filter cake
cannot exceed the distance between the surface of the bowl and the flange of the funnel.
The liquid either passes through the holes in the bowl or, in the case of an imperforate
bowl, is taken away through an overflow. The solids are washed by means of a spray, as
shown in Figure 9.15.

Figure 9.15. Pusher-type centrifuge. 1. Inlet; 2. Inlet funnel; 3. Bowl, 4. Piston; 5. Pusher disc;
6. Washing spray

A form of pusher type centrifuge which is particularly suitable for filtering slurries of
low concentrations is shown in Figure 9.16. A perforated pusher cone gently accelerates
the feed and secures a large amount of preliminary drainage near the apex of the cone. The
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Figure 9.16. Pusher-type centrifuge

solids from the partially concentrated suspension are then evenly laid on the cylindrical
surface and, in this way, the risk of the solids being washed out of the bow! is minimised.

9.8.7. Tubular-bowl centrifuge

Because, for a given separating power, the stress in the wall is a minimum for machines
of small radius, machines with high separating powers generally use very tall bowls of
small diameters. A typical centrifuge, shown in Figure 9.17, would consist of a bowl
about 100 mm diameter and 1 m long incorporating longitudinal plates to act as accel-
erator blades to bring the liquid rapidly up to speed. On laboratory machines speeds up
to 50,000 rpm (1000 Hz) are used to give accelerations 60,000 times the gravitational
acceleration. A wide range of materials of construction can be used.

The position of the liquid interface is determined by balancing centrifugal forces as in
Figure 9.3. The lip, of radius r,,, over which the denser liquid leaves the bowl is part of
a removable ring. Various sizes maybe fitted to provide for the separation of liquids of
various relative densities.

Often the material fed to these machines contains traces of denser solids in addition to
the two liquid phases. These solids are deposited on the inner wall of the bowl, and the
machine is dismantled periodically to remove them. A common application is the removal
of water and suspended solids from lubricating oil.

The super-centrifuge is used for clarification of oils and fruit juices and for the removal
of oversize and undersize particles from pigmented liquids. The liquid is continuously
discharged, but the solids are retained in the bowl and must be removed periodically.
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Figure 9.17. Sectional view of the super-centrifuge
9.8.8. The ultra-centrifuge

For separation of colloidal particles and for breaking down emulsions, the ultra-centrifuge
is used. This operates at speeds up to 30 rpm (1600 Hz) and produces a force of 100,000
times the force of gravity for a continuous liquid flow machine, and as high as 500,000
times for gas phase separation, although these machines are very small. The bowl is
usually driven by means of a small air turbine. The ultra-centrifuge is often run either at
low pressures or in an atmosphere of hydrogen in order to reduce frictional losses, and a
fivefold increase in the maximum speed can be attained by this means.

9.8.9. Multistage centrifuges

Among many specialist types of centrifuge is the multistage machine which consists
of series of bowls mounted concentrically on a vertical axis. The feed suspension is
introduced into the innermost bowl and the overflow then passes successively to each
larger bowl in turn. As the separating force is directly proportional to the radius of
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rotation, the largest particles are separated out at the first stage, and progressively finer
particles are recovered at each subsequent stage. The finest particles are collected in
the outermost vessel from which the remaining liquid or suspension is discharged. The
multistage system may also incorporate a series of concentric vertical baffles in a single
bowl, with the suspension flowing upwards and downwards through successive annular
channels. Both the design and operation are complex, and the machines are somewhat
inflexible. ‘

9.8.10. The gas centrifuge

A specialised, though nevertheless highly important, function for which the centrifuge
has been developed is the separation of radioactive isotopes as described by FisHMan®,
The concentration of uranium-235 from less than 1 per cent up to about 5 per cent is
achieved by subjecting uranium hexafluoride (UFg) to an intense centrifugal field. The
small differences in density of the components of the mixture necessitate the use of very
high accelerations in order to obtain the desired separation. Mechanical considerations
dictate the use of small diameter rotors (0.1-0.2 m) rotating at speeds up to 2000 Hz
(10° rpm), giving velocities of up to 700 m/s and accelerations of up to 10° g at the
periphery. Under these conditions the gas flow can vary from free molecular flow in
the low pressure region at the centre, to a high Mach number flow at the periphery.
Furthermore, pressure will change by a factor of 10 over a distance of about 2 mm as
compared with a distance of about 20 km in the earth’s gravitational field.

For use in a radioactive environment the gas centrifuge must be completely maintenance
free. It has been used for the separation of xenon isotopes and consideration has been
given to its application for separation of fluorohydrocarbons. Worldwide, in the region of
a quarter of a million gas centrifuges have been manufactured. As an order of magnitude
figure, an investment of £1000 is necessary to obtain 0.3 g/s (10 g/h) of product.

Further information is given in the papers by WHrtLEY"®),
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9.11. NOMENCLATURE

Cross-sectional area of filter

Distance between discs in stack

Diameter (or equivalent diameter of particle)
Acceleration due to gravity

Length (axial) of centrifuge bowl

Depth of liquid at wall of bowl

Thickness of filter cake with same resistance as cloth
Thickness of filter cake

Number of passages between discs in bowl
Pressure

Pressure in cake

Pressure in cloth

Pressure drop (total)

Pressure drop over filter cake

Pressure drop over filter cloth

Volumetric feed rate to centrifuge

Radius of bowl of centrifuge

Specific resistance of filter cake

Radius of rotation

Radius of inner surface of liquid in bowl
Radius at inlet to disc bowl centrifuge
Radius at outlet of disc bowl centrifuge
Radius of weir for lighter liquid

Radius of interface between liquids in bowl
Radius of overflow weir for heavier liquid
Radius at interface between liquid and filter cake
Time

Retention time in centrifuge

Terminal falling velocity of particle
Superficial filtration velocity [% -‘Z—:‘/]
Volume of filtrate passing in time ¢
Volumetric capacity of centrifuge bowl

Volume of cake deposited by passage of unit volume of filtrate

Distance parallel to discs in disc bowl centrifuge
Distance perpendicular to discs in disc bowl centrifuge
Vertical height

Vertical height of free surface of liquid (at radius rg)
Value of zp at vertical axis of rotation (rg = 0)
Viscosity of liquid

Density of liquid

Density of particles

Half included angle between discs

Angular velocity

Capacity term for centrifuge

Dimensions
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CHAPTER 10

Leaching

10.1. INTRODUCTION

10.1.1. General principles

Leaching is concerned with the extraction of a soluble constituent from a solid by means
of a solvent. The process may be used either for the production of a concentrated solution
of a valuable solid material, or in order to remove an insoluble solid, such as a pigment,
from a soluble material with which it is contaminated. The method used for the extraction
is determined by the proportion of soluble constituent present, its distribution throughout
the solid, the nature of the solid and the particle size.

If the solute is uniformly dispersed in the solid, the material near the surface will be
dissolved first, leaving a porous structure in the solid residue. The solvent will then have
to penetrate this outer layer before it can reach further solute, and the process will become
progressively more difficuit and the extraction rate will fall. If the solute forms a very
high proportion of the solid, the porous structure may break down almost immediately to
give a fine deposit of insoluble residue, and access of solvent to the solute will not be
impeded. Generally, the process can be considered in three parts: first the change of phase
of the solute as it dissolves in the solvent, secondly its diffusion through the solvent in
the pores of the solid to the outside of the particle, and thirdly the transfer of the solute
from the solution in contact with the particles to the main bulk of the solution. Any one
of these three processes may be responsible for limiting the extraction rate, though the
first process usually occurs so rapidly that it has a negligible effect on the overall rate.

In some cases the soluble material is distributed in small isolated pockets in a material
which is impermeable to the solvent such as gold dispersed in rock, for example. In such
cases the material is crushed so that all the soluble material is exposed to the solvent.
If the solid has a cellular structure, the extraction rate will generally be comparatively
low because the cell walls provide an additional resistance. In the extraction of sugar
from beet, the cell walls perform the important function of impeding the extraction of
undesirable constituents of relatively high molecular weight, and the beet should therefore
be prepared in long strips so that a relatively small proportion of the cells is ruptured. In
the extraction of oil from seeds, the solute is itself liquid.

10.1.2. Factors influencing the rate of extraction

The selection of the equipment for an extraction process is influenced by the factors which
are responsible for limiting the extraction rate. Thus, if the diffusion of the solute through
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the porous structure of the residual solids is the controlling factor, the material should be
of small size so that the distance the solute has to travel is small. On the other hand, if
diffusion of the solute from the surface of the particles to the bulk of the solution is the
controlling factor, a high degree of agitation of the fluid is required.

There are four important factors to be considered:

Particle size. Particle size influences the extraction rate in a number of ways. The
smaller the size, the greater is the interfacial area between the solid and liquid, and
therefore the higher is the rate of transfer of material and the smaller is the distance the
solute must diffuse within the solid as already indicated. On the other hand, the surface
may not be so effectively used with a very fine material if circulation of the liquid is
impeded, and separation of the particles from the liquid and drainage of the solid residue
are made more difficult. It is generally desirable that the range of particle size should be
small so that each particle requires approximately the same time for extraction and, in
particular, the production of a large amount of fine material should be avoided as this
may wedge in the interstices of the larger particles and impede the flow of the solvent.

Solvent. The liquid chosen should be a good selective solvent and its viscosity should be
sufficiently low for it to circulate freely. Generally, a relatively pure solvent will be used
initially, although as the extraction proceeds the concentration of solute will increase and
the rate of extraction will progressively decrease, first because the concentration gradient
will be reduced, and secondly because the solution will generally become more viscous.

Temperature. In most cases, the solubility of the material which is being extracted
will increase with temperature to give a higher rate of extraction. Further, the diffusion
coefficient will be expected to increase with rise in temperature and this will also improve
the rate of extraction. In some cases, the upper limit of temperature is determined by
secondary considerations, such as, for example, the necessity to avoid enzyme action
during the extraction of sugar.

Agitation of the fluid. Agitation of the solvent is important because this increases the
eddy diffusion and therefore the transfer of material from the surface of the particles
to the bulk of the solution, as discussed in the following section. Further, agitation of
suspensions of fine particles prevents sedimentation and more effective use is made of
the interfacial surface.

10.2. MASS TRANSFER IN LEACHING OPERATIONS

Mass transfer rates within the porous residue are difficult to assess because it is impossible
to define the shape of the channels through which transfer must take place. It is possible,
however, to obtain an approximate indication of the rate of transfer from the particles
to the bulk of the liquid. Using the concept of a thin film as providing the resistance to
transfer, the equation for mass transfer may be written as:

M kK'A(e; —¢)

s 3 (10.1)

where: A is the area of the solid-liquid interface,
b is the effective thickness of the liquid film surrounding the particles,
c is the concentration of the solute in the bulk of the solution at time ¢,
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¢, is the concentration of the saturated solution in contact with the particles,

M is the mass of solute transferred in time ¢, and

k' is the diffusion coefficient. (This is approximately equal to the liquid
phase diffusivity D;, discussed in Volume 1, Chapter 10, and is usually
assumed constant.)

For a batch process in which V, the total volume of solution, is assumed to remain
constant, then:

dM = Vdc
d@ dc  k'A(c; —c¢)
anc: & bV

The time ¢ taken for the concentration of the solution to rise from its initial value cp to
a value c is found by integration, on the assumption that both b and A remain constant.

Rearranging:
/ f 24
¢ Cs —
Cy ~— co
: 1 10.2
and 1 Cs—¢C Vb ( )
If pure solvent is used initially, ¢p = 0, and:
1= £ = o-Wamvy

Cs

or: € = cs(1 — e *A/EVNY (10.3)

which shows that the solution approaches a saturated condition exponentially.

In most cases the interfacial area will tend to increase during the extraction and, when
the soluble material forms a very high proportion of the total solid, complete disintegration
of the particles may occur. Although this results in an increase in the interfacial area, the
rate of extraction will probably be reduced because the free flow of the solvent will be
impeded and the effective value of b will be increased.

Work on the rate of dissolution of regular shaped solids in liquids has been carried out by
LinTon and SHeErwoop(V, to which reference is made in Volume 1. Benzoic acid, cinnamic
acid, and B-naphthol were used as solutes, and water as the solvent. For streamline flow,
the results were satisfactorily correlated on the assumption that transfer took place as
a result of molecular diffusion alone. For turbulent flow through small tubes cast from
each of the materials, the rate of mass transfer could be predicted from the pressure drop
by using the ‘j-factor’ for mass transfer. In experiments with benzoic acid, unduly high
rates of transfer were obtained because the area of the solids was increased as a result
of pitting.

The effect of agitation, as produced by a rotary stirrer, for example, on mass transfer
rates has been investigated by Hixson and Baum® who measured the rate of dissolution
of pure salts in water. The degree of agitation is expressed by means of a dimensionless
group (Nd?p/u) in which:
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N is the number of revolutions of the stirrer per unit time,
d is the diameter of the vessel,

p is the density of the liquid, and

W is its viscosity.

This group is referred to in Volume 1, Chapter 7 in the discussion of the power require-
ments for agitators. ,
For values of (Nd?p/u) less than 67,000, the results are correlated by:

Nd2p\ " 05
Kid _ 505107 (—p) (L> (10.4)
Dy 2 pDL

and for higher values of (Nd?p/u) by:

.62 05
-—— =0.16 (10.5)
D, 17 pDy

where K is the mass transfer coefficient, equal to k£'/b in equation 10.1.

Further experimental work has been carried out on the rates of melting of a solid in a
liquid, using a single component system, and Hixson and Baum express their results for
the heat transfer coefficient as:

2.\ 063 0.5
hd _ 0207 (Nd p) (C""‘) (10.6)
k n k

for values of (Nd?p/u) greater than 67,000.
In equation 10.6:
h is the heat transfer coefficient,
k is the thermal conductivity of the liquid, and
C, is the specific heat of the liquid.

It may be seen from equations 10.5 and 10.6 that at high degrees of agitation the ratio
of the heat and mass transfer coefficients is almost independent of the speed of the

agitator and:
— =0.77 10.7
h ( pCpk> (10.7)

PReT et al.® attempted to reproduce the conditions in a porous solid using banks of
capillary tubes, beds of glass beads and porous spheres, and measured the rate of transfer
of a salt as solute through water to the outside of the system. It was shown that the rate
of mass transfer is that predicted for an unsteady transfer process and that the shape of
the pores could be satisfactorily taken into account.

In a theoretical study, CHorNY and Krasux® analysed the diffusion process in
extraction from simple regular solids, assuming constant diffusivity.
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Example 10.1

In a pilot scale test using a vessel 1 m® in volume, a solute was leached from an inert solid and the
water was 75 per cent saturated in 100 s. If, in a full-scale unit, 500 kg of the inert solid containing,
as before, 28 per cent by mass of the water-soluble component, is agitated with 100 m* of water,
how long will it take for all the solute to dissolve, assuming conditions are equivalent to those in
the pilot scale vessel? Water is saturated with the solute at a concentration of 2.5 kg/m®.

Solution
For the pilot-scale vessel:
c= (2.5 x 75/100) = 1.875 kg/m’
c;=25kgm’, V=10m’andsr=10s
Thus, in equation 10.3:
1.875 = 2.5(1 — e~ *'4/1.00)100)
and: K'A/b = 0.139 m%/s
For the full-scale vessel:

¢ = (500 x 28/100)/100 = 1.40 kg/m®
cs = 2.5 kg/m®, V =100 m*

Thus: 1.40 = 2.5(1 — e~0139:/100)
and: t =591 s (9.9 min)

10.3. EQUIPMENT FOR LEACHING

10.3.1. Processes involved

Three distinct processes are usually involved in leaching operations:

(a) Dissolving the soluble constituent.

(b) Separating the solution, so formed, from the insoluble solid residue.

(c) Washing the solid residue in order to free it of unwanted soluble matter or to obtain
as much of the soluble material as possible as the product.

Leaching has in the past been carried out mainly as a batch process although many
continuous plants have also been developed. The type of equipment employed depends on
the nature of the solid — whether it is granular or cellular and whether it is coarse or fine.
The normal distinction between coarse and fine solids is that the former have sufficiently
large settling velocities for them to be readily separable from the liquid, whereas the
latter can be maintained in suspension with the aid of only a small amount of agitation.
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Generally, the solvent is allowed to percolate through beds of coarse materials, whereas
fine solids offer too high a resistance.

As already pointed out, the rate of extraction will, in general, be a function of the
relative velocity between the liquid and the solid. In some plants the solid is stationary
and the liquid flows through the bed of particles, whilst in some continuous plants the
solid and liquid move countercurrently.

10.3.2. Extraction from cellular materials

With seeds such as soya beans, containing only about 15 per cent of oil, solvent extraction
is often used because mechanical methods are not very efficient. Light petroleum fractions
are generally used as solvents. Trichlorethylene has been used where fire risks are serious,
and acetone or ether where the material is very wet. A batch plant for the extraction of
oil from seeds is illustrated in Figure 10.1. This consists of a vertical cylindrical vessel
divided into two sections by a slanting partition. The upper section is filled with the charge
of seeds which is sprayed with fresh solvent via a distributor. The solvent percolates
through the bed of solids and drains into the lower compartment where, together with
any water extracted from the seeds, it is continuously boiled off by means of a steam
coil. The vapours are passed to an external condenser, and the mixed liquid is passed to
a separating box from which the solvent is continuously fed back to the plant and the
water is run to waste. By this means a concentrated solution of the oil is produced by the
continued application of pure solvent to the seeds.

Solvent
distributor Condenser
& =
Pure
solvent
Discharge
sécl’izis I: Solvent and
el water vapours
Perforated
floor
d t——— Steam
Downcomer _| C
solution Steam coil

Product

Figure 10.1. Batch plant for extraction of oil from seeds

The Bollmann continuous moving bed extractor, as shown in Figures 10.2 and 10.3,
which is described by Goss®®, consists of a series of perforated baskets, arranged as in a
bucket elevator and contained in a vapour-tight vessel, is widely used with seeds which
do not disintegrate on extraction. Solid is fed into the top basket on the downward side
and is discharged from the top basket on the upward side, as shown in Figure 10.3. The



508

CHEMICAL ENGINEERING

Nisvg

o+

triate d
7 )
R . "
sy .
"
"
“
L
o
i
i
o
P

Figure 10.2. Bollmann extractor
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Figure 10.3. Bollmann extractor —filling and emptying of baskets

solvent is sprayed on to the solid which is about to be discarded, and passes downwards
through the baskets so that countercurrent flow is achieved. The solvent is finally allowed
to flow down through the remaining baskets in co-current flow. A typical extractor moves
at about 0.3 mHz (1 revolution per hour), each basket containing some 350 kg of seeds.
Generally, about equal masses of seeds and solvent are used and the final solution, known
as miscella, contains about 25 per cent of oil by mass.

The Bonotto extractor® consists of a tall cylindrical vessel with a series of slowly
rotating horizontal trays. The solid is fed continuously on to the top tray near its outside
edge and a stationary scraper, attached to the shell of the plant, causes it to move towards
the centre of the plate. It then falls through an opening on to the plate beneath, and
another scraper moves the solids outwards on this plate which has a similar opening near
its periphery. By this means the solid is moved across each plate, in opposite directions
on alternate plates, until it reaches the bottom of the tower from which it is removed by
means of a screw conveyor. The extracting liquid is introduced at the bottom and flows
upwards so that continuous countercurrent flow is obtained, though a certain amount of
mixing of solvent and solution takes place when the density of the solution rises as the
concentration increases.

A more recently developed continuous extractor is the horizontal perforated belt
extractor, probably the simplest percolation extractor from a mechanical view point. Here
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the basic principle is the extraction of an intermediate bed depth on a continuous belt
without partitions. The extractor is fitted with a slow moving “perforated belt” running on
sprockets at each end of the extractor. A series of specially designed screens form a flat
surface attached to the chains, made of wedge-bar type grids when non-powdery products
are processed, or stainless steel mesh cloths for fine particle products. The flakes are fed
into the hopper and flow on to the belt of the extractor, and the level is controlled by a
damper at the outlet of the feeding hopper in order to maintain a constant flake bed height.
This height can be adjusted when oil-bearing materials with lower percolation rates are to
be processed. The two side walls of the extractor body provide support for the bed on the
moving belt and, with no dividers in the belt, the bed of material becomes a continuous
mass. This means that, under stationary conditions, miscella concentration in each and
every point of the bed of material is constant as this concentration is not related to the
position of a given compartment over the miscella collecting hopper. The belt speed is
automatically controlled by the level of flakes in the inlet hopper, and is measured by a
nuclear sensor which controls the infinitely variable speed drive.

The raw material is sprayed with miscella during its entire passage through the extractor
and fresh solvent, introduced at the discharge end of the extractor, circulates against the
flow of flakes, under the action of a series of stage pumps. Each miscella wash has a
draining section after which the top of the bed is scraped by a hinged rake which has
two functions. Firstly, it prevents the thin layer of fines settled on the upper part of the
bed from reducing the permeability of the bed of material, and secondly, it forms a flake
pile at each draining section to prevent intermingling of miscella. At each wash section,
a spray distributor ensures a uniform distribution of the liquid over the width of the
bed and liquid flowrate is adjustable by individual valves. A manifold is fitted to permit
miscella circulation through the same stage, or progression to the previous one. Before it
is discharged, liquid in the material bed drains into the final collecting hoppers. Discharge
of material into the outlet hopper is regulated by a rotary scraper which ensures an even
feed of the extracted meal to the drainage section. The belt is effectively cleaned twice,
first by fresh solvent just after material discharge and then at the other end of the return
span, by means of miscella.

10.3.3. Leaching of coarse solids

A simple batch plant used for coarse solids consists of a cylindrical vessel in which the
solids rest on a perforated support. The solvent is sprayed over the solids and, after
extraction is complete, the residue is allowed to drain. If the solid contains a high
proportion of solute such that it disintegrates, it is treated with solvent in a tank and
the solution is decanted.

In a simple countercurrent system, the solid is contained in a number of tanks and
the solvent flows through each in turn. The first vessel contains solid which is almost
completely extracted and the last contains fresh solid. After some time, the first tank is
disconnected and a fresh charge is introduced at the far end of the battery. The solvent
may flow by gravity or be fed by positive pressure, and is generally heated before it
enters each tank. The system is unsatisfactory in that it involves frequent interruption
while the tanks are recharged, and countercurrent flow is not obtained within the units
themselves.
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A continuous unit in which countercurrent flow is obtained is the tray classifier, such as
the Dorr classifier described in Chapter 1 (see Figures 1.24 and 10.4). Solid is introduced
near the bottom of a sloping tank and is gradually moved up by means of a rake. The
solvent enters at the top and flows in the opposite direction to the solid, and passes under
a baffle before finally being discharged over a weir (Figure 10.4). The classifier operates
satisfactorily provided the solid does not disintegrate, and the solids are given ample time
to drain before they are discharged. A number of these units may be connected in series
to give countercurrent flow.

A plant has been successfully developed in Australia for the extraction of potassium
sulphate from alums containing about 25 per cent soluble constituents. After roasting,
the material which is then soft and porous with a size range from 12 mm to very fine
particles, with 95 per cent greater than 100-mesh (0.15 mm), is leached at 373 K with a
solution that is saturated at 303 K, the flow being as shown in Figure 10.5. The make-up
water, which is used for washing the extracted solid, is required to replace that removed
in the residue of spent solid, in association with the crystals, and by evaporation in the
leaching tank and the crystalliser.

The leaching plant, shown in Figure 10.6, consists of an open tank, 3 m in diameter,
into the outer portion of which the solid is continuously introduced from an annular
hopper. Inside the tank a 1.8 m diameter vertical pipe rotates very slowly at the rate of

%ﬁgaia@ Solvent Solids
\\'99 1 1 I, Baffle
'  Sohe
Do uquo

overfiow

Figure 10.4. Flow of solids and liquids in Dorr classifier
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Heater \ (303 K)
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Figure 10.5. Flow diagram for continuous leaching plant
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Figure 10.6. Continuous leaching tank

about one revolution every 2400 s (0.0042 Hz). It carries three ploughs stretching to the
circumference of the tank, and these gradually take the solid through holes into the inside
of the pipe. A hollow shaft, about ! m in diameter, rotates in the centre of the tank at
about one revolution in 200 s (0.005 Hz) and carries a screw conveyor which lifts the
solid and finally discharges it through an opening, so that it falls down the shaft and
is deflected into a waste pipe passing through the bottom of the tank. Leaching takes
place in the outer portion of the tank where the reheated mother liquor rises through the
descending solid. The make-up water is introduced under the flutes of the screw elevator,
flows down over the solid and then joins the reheated mother liquor. Thus countercurrent
extraction takes place in the outer part of the tank and countercurrent washing in the
central portion. The plant described achieves between 85 and 90 per cent extraction, as
compared with only 50 per cent in the batch plant which it replaced.

10.3.4. Leaching of fine solids

Whereas coarse solids may be leached by causing the solvent to pass through a bed of
the material, fine solids offer too high a resistance to flow. Particles of less than about
200-mesh (0.075 mm) may be maintained in suspension with only a small amount of
agitation, and as the total surface area is large, an adequate extraction can be effected in
a reasonable time. Because of the low settling velocity of the particles and their large
surface, the subsequent separation and washing operations are more difficult for fine
materials than with coarse solids.
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Agitation may be achieved either by the use of a mechanical stirrer or by means of
compressed air. If a paddle stirrer is used, precautions must be taken to prevent the whole
of the liquid being swirled, with very little relative motion occurring between solids and
liquid. The stirrer is often placed inside a central tube, as shown in Figure 10.7, and
the shape of the blades arranged so that the liquid is lifted upwards through the tube.
The liquid then discharges at the top and flows downwards outside the tube, thus giving
continuous circulation. Other types of stirrers are discussed in Volume 1, Chapter 7, in
the context of liquid—-liquid mixing.

Ta
il

Figure 10.7. Simple stirred tank

An example of an agitated vessel in which compressed air is used is the Pachuca tank,
shown in Figure 10.8. This is a cylindrical tank with a conical bottom, fitted with a central
pipe connected to an air supply. Continuous circulation is obtained with the central pipe
acting as an air lift. Additional air jets are provided in the conical portion of the base and
are used for dislodging any material which settles out.

The Dorr agitator which is illustrated in Figure 10.9, also uses compressed air for
stirring, and consists of a cylindrical flat-bottomed tank fitted with a central air lift inside
a hollow shaft which slowly rotates. To the bottom of the shaft are fitted rakes which drag
the solid material to the centre as it settles, so that it is picked up by the air lift. At the
upper end of the shaft the air lift discharges into a perforated launder which distributes
the suspension evenly over the surface of the liquid in the vessel. When the shaft is not
rotating the rakes automatically fold up so as to prevent the plant from seizing up if it
is shut down full of slurry. This type of agitator can be used for batch or continuous
operation. In the latter case the entry and delivery points are situated at opposite sides
of the tank. The discharge pipe often takes the form of a flexible connection which can
be arranged to take off the product from any desired depth. Many of these agitators are
heated by steam coils. If the soluble material dissolves very rapidly, extraction can be
carried out in a thickener, such as the Dorr thickener described in Chapter 5. Thickeners
are also extensively used for separating the discharge from an agitator, and are frequently
connected in series to give countercurrent washing of the residue.
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10.3.5. Batch leaching in stirred tanks

The batch dissolution of solids in liquids is very often carried out in tanks agitated by
co-axial impellers including turbines, paddies and propellers, a system which may also be
used for the leaching of fine solids. In this case, the controlling rate in the mass transfer
process is the rate of transfer of material into or from the interior of the solid particles,
rather than the rate of transfer to or from the surface of the particles, and therefore
the main function of the agitator is to supply unexhausted solvent to the particles which
remain in the tank long enough for the diffusive process to be completed. This is achieved
most efficiently if the agitator is used to circulate solids across the bottom of the tank, or
barely to suspend them above the bottom of the tank. After the operation is completed,
the leached solids must be separated from the extract and this may be achieved by settling
followed by decantation, or externally by filters, centrifuges or thickeners. The difficulties
involved in separating the solids and the extract is one of the main disadvantages of batch
operation coupled with the fact that batch stirred tanks provide only one equilibrium
stage. The design of agitators in order to produce a batch suspension of closely sized
particles has been discussed by BoHNET and NiEsMaRK'® and the general approach is to
select the type and geometry of impeller and tank, to specify the rotational speed required
for acceptable performance, and then to determine the shaft power required to drive the
impeller at that speed.

Ores of gold, uranium and other metals are often batch-leached in Pachua tanks which
are described in Section 10.3.4.

10.4. COUNTERCURRENT WASHING OF SOLIDS

Where the residual solid after separation is still mixed with an appreciable amount of
solution, it is generally desirable to pass it through a battery of washers, arranged to
give countercurrent flow of the solids and the solvent as shown in Figure 10.10. If the
solids are relatively coarse a number of classifiers may be used and, with the more
usual case of fine solids, thickeners are generally employed. In each unit a liquid,
referred to as the overflow, and a mixture of insoluble residue and solution, referred
to as the underflow, are brought into contact so that intimate mixing is achieved and the
solution leaving in the overflow has the same composition as that associated with the
solids in the underflow. Each unit then represents an ideal stage. In some cases perfect
mixing may not be achieved, and allowance must be made for the reduced efficiency of
the stage.

By means of a series of material balances, the compositions of all the streams in the
system shown in Figure 10.10 may be calculated on the assumption that the whole of the
solute has been dissolved and that equilibrium has been reached in each of the thickeners.
In many cases it may only be necessary to determine the compositions of the streams
entering and leaving, and the simplified methods given later may then be used.

In order to define such a system completely, the following six quantities must be
specified. The first four relate to the quantities and compositions of the materials used.
Quantity (e) specifies the manner in which each unit operates, and quantity (f) involves
either the number of units or a specification of the duty required of the plant,
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Figure 10.10. Agitator and washing system

(a) The composition of the solvent fed to the system — in particular, the concentration
of soluble material already present.

(b) The quantity of solvent used; alternatively the concentration of the solution to be
produced may be specified, and the corresponding amount of solvent calculated
from a material balance.

(c) The composition of the solid to be leached.

(d) The amount of solid fed to the system; alternatively, the amount of soluble or
insoluble material required as product may be specified, and the necessary amount
of solid feed then calculated from a material balance.

(e) The amount of liquid discharged with the solid in the underflow from each of the
thickeners.

(f) The number and arrangement of the units; the purity of the product from the plant
can then be calculated. Alternatively, the required purity of the washed solid may
be stated, and the number of units can then be calculated.

In the following example, a solid consisting of a soluble constituent A and an insoluble
constituent B is considered. Leaching is carried out with a pure solvent S and a solution
is produced containing a mass a of A, per unit mass of S and the total mass of A in
solution is P. It will be assumed that the quantity of solvent removed in the underflow
from each of the thickeners is the same, and that this is independent of the concentration
of the solution in that thickener. It will be assumed that unit mass of the insoluble material
B removes a mass s of solvent S in association with it. Perfect mixing in each thickener
will be assumed and any adsorption of solute on the surface of the insoluble solid will be
neglected. In a given thickener, therefore, the ratio of solute to solvent will be the same
in the underflow as in the overflow.

The compositions of the various streams may be calculated in terms of three unknowns:
x; and xj, the ratios of solute to solvent in the first and second washing thickeners
respectively, and g P, the amount of insoluble solid B in the underflow streams. An
overall material balance is made and then a balance is made on the agitator and its
thickener combined, the first washing thickener and the second washing thickener. The
procedure is as follows.
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In the overall balance, streams 1 and 8 in Figure 10.10 can be recorded immediately.
Stream 4 is then obtained since the whole of B appears in the underflow, the ratio S/B
is s and the ratio A/S is x;. Stream 5 is obtained by difference. As pure solvent is fed to
the system, a relation is obtained by equating the solute content of this stream to zero.
This enables ¢ to be eliminated in terms of x;. For the agitator and separating thickener,
streams 1 and 8 have already been determined, and stream 2 is obtained in the same way
as stream 4 on the previous balance. Stream 7 is then obtained by difference. It is then
possible to proceed in this manner from unit to unit because two streams are always
common to consecutive units. Further equations can then be obtained since the ratios A/S
for the overflows from the two washing thickeners are equal to x| and x; respectively.
Solution of these simultaneous equations for x; and x; gives each of the streams in terms
of known quantities. It will be apparent that this procedure would be laborious if a large
number of units were involved, and therefore alternative methods are used to obtain the
compositions of the end streams. The method described would also involve a number of
trial and error solutions if it were necessary to calculate the number of units required
to give a certain degree of washing. The application of the method is illustrated in the
following example.

Example 10.2

Caustic soda is manufactured by the lime-soda process. A solution of sodium carbonate in water,
containing 0.25 kg/s Na,COs, is treated with the theoretical requirement of lime, and after the
reaction is complete the CaCO; sludge, containing 1 part of CaCO; per 9 parts of water, by
mass, is fed continuously to three thickeners in series and washed countercurrently, as shown
in Figure 10.11. Calculate the necessary rate of feed of neutral water to the thickeners so that the
calcium carbonate, on drying, contains only 1 per cent of sodium hydroxide. The solid discharged
from each thickener contains 1 part by mass of calcium carbonate to 3 of water. The concentrated
wash liquid is mixed with the contents of the agitator before being fed to the first thickener.

Solution
+
Ilme
Wash water
l l Product l '
@ Washed
product

Figure 10.11. Flow diagram for countercurrent washing of calcium carbonate

Solution

Na,CO; + Ca(OH), = 2NaOH + CaCO;
106 kg 80 kg 100 kg
If x, x3, x; are the solute: solvent ratios in thickeners 1, 2, and 3, respectively, the quantities

of CaCO;. NaOH, and water in each of the streams can be calculated for every 100 kg of calcium
carbonate.



518 CHEMICAL ENGINEERING

CaCO; NaOH Water

Overall balance

Feed from reactor 100 80 900

Feed as washwater —_ — Wy (say)

Product-underflow 100 300x; 300

Product-overflow — 80—-300x; 600 + Wy
Thickener 1

Feed from reactor 100 80 900

Feed-overflow — 3000x; — x3) Wy

Product-underflow 100 300x; 300

Product-overflow — 80-300x; 600 + W;
Thickener 2

Feed-underflow 100 300x; 300

Feed-overflow — 300(x; — x3) Wy

Product-underflow 100 300x; 300

Product-overflow -— 300(x; — x3) We
Thickener 3

Feed-underflow 100 300x; 300

Feed-water — — Wy

Product-underflow 100 300x; 300

Product-overflow — 300(x; — x3) Wy

Since the final underflow must contain only 1 per cent of NaOH, then:

300x;

T 0.01

If the equilibrium is achieved in each of the thickeners, the ratio of NaOH to water will be the
same in the underflow and the overflow and:

3000 = x3) _

Wy 3
300(x; — x3) o
—w, "

(]
80 — 300x; o
600+ W, ~ !

Solution of these four simultaneous equations gives:
x; =0.0033, x;=0.0142, x; =005 and W;=980.

Thus the amount of water required for washing 100 kg CaCO; is 980 kg.
The solution fed to reactor contains 0.25 kg/s Na,CO;. This is equivalent to 0.236 kg/s CaCOs,
and hence the actual water required:

= (980 x 0.236)/100
=0.23 kg/s
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10.5. CALCULATION OF THE NUMBER OF STAGES

10.5.1. Batch processes

The solid residue obtained from a batch leaching process may be washed by mixing it with
liquid, allowing the mixture to settle, and then decanting the solution. This process can
then be repeated until the solid is adequately washed. Suppose that, in each decantation
operation, the ratio R’ of the amount of solvent decanted to that remaining in association
with insoluble solid is a constant and independent of the concentration of the solution,
then, after the first washing, the fraction of the soluble material remaining behind with
the solid in the vat is 1/(R’ + 1). After the second washing, a fraction 1/(R’ + 1) of
this remains behind, or 1/(R’ + 1)? of the solute originally present is retained. Similarly
after m washing operations, the fraction of the solute retained by the insoluble residue
is I/(R"+ 1),

10.5.2. Countercurrent washing

If, in a battery of thickeners arranged in series for countercurrent washing, the amount of
solvent removed with the insoluble solid in the underflow is constant, and independent of
the concentration of the solution in the thickener, then the amount of solvent leaving each
thickener in the underflow will then be the same, and therefore the amount of solvent
in the overflow will also be the same. Hence the ratio of the solvent discharged in the
overflow to that in the underflow is constant. This will be taken as R, where:

R = Amount of solvent discharged in the overflow (10.8)
~ Amount of solvent discharged in the underflow '

If perfect mixing occurs in each of the thickeners and solute is not preferentially
adsorbed on the surface of the solid, the concentration of the solution in the overflow will
be the same as that in the underflow. If it is assumed that all the solute has been brought
into solution in the agitators, then:

__ Amount of solute discharged in the overflow
~ Amount of solute discharged in the underflow

(10.9)

Amount of solution discharged in the overflow

and: =
Amount of solution discharged in the underflow

(10.10)

It may be noted that these relations apply only to the washing thickeners and not, in
general, to the primary thickener in which the product from the agitators is first separated.

A system is now considered consisting of n washing thickeners arranged for counter-
current washing of a solid from a leaching plant, in which the whole of the soluble
material is dissolved. The suspension is separated in a thickener and the underfiow from
this thickener is fed to the washing system as shown in Figure 10.12.

The argument as follows is based on unit mass of insoluble solid.
Ly,...,Ly, ..., L, are the amounts of solute in the overflows from washing thickeners
1 to n, respectively.
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L Lp.y
L W2 wh : 1 Ln +1
W1 2 Lh Ln Wn +1
1 ~ o - WI'I ~a - Wn
14 4 s
) Solvent for
X { Xn §%n washing
Sp S, 8,4 Sh Sn_y S,
W, w, w,_, W,7 W,_, w,
Washing Washing Washing
thickener 1 thickener h thickener n

Figure 10.12. Series of thickeners arranged for countercurrent washing

Wy, ..., Wp,..., w, are the corresponding quantities of solution.

An amount w,,; of wash liquid, fed to the nth thickener, contains an amount L, of
solute.

Sty Shy ..., S, and Wy, ..., Wy, ..., W, are the amounts of solute and solution in the

underflows from the thickeners.

So and Wy are the amounts of solute and solution with the solids which are fed to the
system for washing. The solvent associated with these solids is taken as the same as that

in the underflows from the washing thickeners.
Taking a solute balance on thickener A4, then:

Sh—1 — Sk = Lp — Ln41
Taking a balance on solution, then:

Whot — Wi = wp — Way

L, wy
Also: R=—=——">
Sy Wy
or: L, = RS,
and: wyp = RW,

Taking a balance on solute for each of the thickeners in turn:
Thickener n:
Sn—18y = Lp — Lpy1 = RSy — Lpy1 = RSy — Lpy1

Thickener n — 1:

Sp—2 — Sy—t = Loy — Ly = RSy — RS, = R*S, = RL,4

..........................................................

Thickener 2:

Si—S =Ly~L3=RS;— RSy =R"!S, — R"?L,4

(10.11)

(10.12)

(10.13)
(10.14)

.......
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Thickener 1:
So— S =L —Ly;=RS —RS; =R"S, — R" 'L,
Adding over the whole system:

So= S =(R+R+--+R)S, —(1+R+---+ R L,y

R™1—-1_ Rr—1
: = n — L,
or So= 7 5 joq i

and: (R— 1Sy = (R"™! - 1S, ~ (R" = 1)Lp1y (10.15)

Thus the amount of solute associated with the washed solid may be calculated in terms of
the composition of the solid and of the wash liquid fed to the system. In many cases, the
amount of solute associated with the washed solid residue must not exceed a certain value.
It is then possible to calculate directly the minimum number of thickeners necessary in
order to achieve this.

If the liquid fed to the washing system is pure solvent, L, will be equal to zero and:

Sy R-1

Lo 10.1
So R+l — 1 (10.16)

In this equation, (S,/So) represents the fraction of the solute fed to the washing system
which remains associated with the washed solids. If in a given case it is required that
this fraction should not exceed a value f, the minimum number of washing thickeners
required is given by:

R-1
f=Rn+l_1
1
or; R"+1=1+(R_1)?

(n + 1)log R = log (1 +(R- 1)%)

1
1 I1+(R-1)=
og (14 ®R-17)

d: = -1 :
an n Tog R (10.17)

In general, n will rarely be a whole number and the number of stages to be specified
will be taken as the next higher number.

It is sometimes more convenient to work in terms of the total amount of solution
entering and leaving each thickener and in this case:

Wioy — W = wy — wpyy (equation 10.12)
and: wp, = RW), (equation 10.14)

Using the same method as before, then:

(R = DWo = (R™ — HW, — (R" = Dwpyy (10.18)
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10.5.3. Washing with variable underflow

In the systems considered so far, the quantity of solvent, or of solution, removed in
association with the insoluble solids has been assumed to be constant and independent
of the concentration of solution in the thickener. A similar countercurrent system is now
considered in which the amount of solvent or solution in the underflow is a function of the
concentration of the solution. This treatment which is equally applicable to the washing
thickeners alone, or to the whole system involving agitator and thickeners, is attributable
to Rutu?,

The same notation will be employed as that used previously and shown in Figure 10.12,
that is:

L and w denote solute and solution, respectively, in the liquid overflows and

S and W denote solute and solution in the underflows.
The concentration of the solution in each thickener, defined as the ratio of solute to
solution, is denoted by the symbol X. Considering the overflow from thickener A, then:

L
X, = 2 (10.19)
Wh
Sh
and for the underflow: X, = A (10.20)
h

It is seen in Section 10.4 that in order to define the system, it is necessary to specify
the following quantities or other quantities from which they can be calculated by a
material balance:

(a) The composition of the liquid used for washing, X, .

(b) The quantity of wash liquid employed, w,+;. Thus L, can be calculated from
the relation L, ) = w,4| X,+1 (from equation 10.19).

(c) The composition of the solid to be washed, Sy and Wj.

(d) The quantity of insoluble solid to be washed; this is taken as unity.

(e) The quantity of solution removed by the solid in the underflow from the thickeners;
this will vary according to the concentration of the solution in the thickener, and it
is therefore necessary to know the relation between W, and X;. This must be deter-
mined experimentally under conditions similar to those under which the plant will
operate. The data for W, should then be plotted against X;;. On the same graph
it is convenient to plot values calculated for S, (= W, X,, from equation 10.20).

(f) The required purity of the washed solid S,. This automatically defines X, and W,
whose values can be read off from the graph referred to under (e). Alternatively, the
number of thickeners in the washing system may be given, and a calculation made
of the purity of the product required. This problem is slightly more complicated
and it will therefore be dealt with separately.

The solution of the problem depends on the application of material balances with
respect to solute and to solution, first over the system as a whole and then over the first
h thickeners.
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Balance on the system as a whole
Solute
Ly +So=L1+ 85,
Thus the solute in the liquid overflow from the system as a whole is given by:

Li=Lpp+ S-S5 (10.21)

Solution
Wpe1 + Wo=w + W,
Thus the solution discharged in the liquid overflow is given by:
W) = Wyt + Wo— W, (10.22)

The concentration of the solution discharged from the system is obtained by substituting
from equations 10.21 and 10.22 in 10.19:

Lus1+ So— Sy
Balance on the first h thickeners
Solute
Lpy1+So =Ly + Sy
Thus the amount of solute in the liquid fed to thickener 4,
Lhpyi=Li+ 8-S
= Lp4+1 — Sy + Sy (from equation 10.21) (10.24)

Solution
Whey + Wo = wy + W
Thus the amount of solution fed to thickener A,
wpy =wi+ Wy = Wy
= Wy41 — W, + W, (from equation 10.22) (10.25)

Thus the concentration of the solution fed to thickener 4 is given by substituting from
equations 10.24 and 10.25 in equation 10.19 to give:
Ln+l - Sn + Sh
Xpi1 = 10.26
e W W, ( )
In equation 10.23, all the quantities except X; are known, and therefore X; can be
calculated. It may be noted that if, instead of the quantity of wash liquid fed to the system,
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the concentration of the solution leaving the system had been given, equation 10.23 could
have been used to calculate w,,;. When X; has been evaluated, the solution of the
problem depends on the application of equation 10.26 in successive stages. The only
unknown quantities in equation 10.26 are X1, S and W,.

Applying equation 10.26 to the first stage (h = 1), then:

Xy = Lot =St St (10.27)

W1 — Wy + W,

Since X is now known, the values of S; and W, can be obtained from a graph in which
Sy and W, are plotted against X;. After substituting these values in the equation, X,
can be calculated. The next step is to apply equation 10.26 for ~ = 2. X, is now known
so that S, and W, can be obtained from the graph, and the value of X3 can then be
calculated. It is thus possible to apply equation 10.26 in this way in successive stages
until the value obtained for S, is brought down to the specified value of S,,. The number
of washing thickeners required to reduce the solute associated with the washed solid to a
specified figure is thus readily calculated. In general, of course, it will not be possible to
choose the number of thickeners so that Sy is exactly equal to S;.

It may be seen that the purity of the washed solid must be known before equations 10.23
and 10.26 can be applied. If in a given problem it is necessary to calculate the degree
of washing obtained by the use of a certain number of washing thickeners, an initial
assumption of the values of S, and W, must be made before the problem can be attempted.
As a first step, an average value for R may be taken and S, calculated from equation 10.16.
The method, as already given, should then be applied for the number of thickeners
specified in the problem, and the calculated and assumed values of S, compared. If
the calculated value is higher than the assumed value, the latter is too low. The calculated
values of S, can then be plotted against the corresponding assumed values. The correct
solution is then denoted by the point at which the two values agree.

Exampie 10.3

A plant produces 8640 tonnes per day (100 kg/s) of titanium dioxide pigment which must be 99.9
per cent pure when dried. The pigment is produced by précipitation and the material, as prepared,
is contaminated with 1 kg of salt solution, containing 0.55 kg of salt/kg of pigment. The material
is washed countercurrently with water in a number of thickeners arranged in series. How many
thickeners will be required if water is added at the rate of 17,400 tonnes per day (200 kg/s) and
the solid discharged from each thickener removes 0.5 kg of solvent/kg of pigment?

What will be the required number of thickeners if the amount of solution removed in association
with the pigment varies with the concentration of the solution in the thickener, as follows?

Concentration of solution Amount of solution removed
(kg solute/kg solution) (kg solution/kg pigment)
0 0.30
0.1 0.32
0.2 0.34
0.3 0.36
04 0.38
0.5 0.40

The concentrated wash liquor is mixed with the material fed to the first thickener.
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Solution
Part 1
Overall balance (units: kg/s)
TiO,
Feed from reactor 100
Wash liquor added —
Washed solid 100

Liquid product —

Sait
55

0.1
54.9

Solvent in underflow from final washing thickener = 50 kg/s.

The solvent in the overflow will be the same as that supplied for washing (200 kg/s).

( Solvent discharged in overflow
Solvent discharged in underflow

Water

45
200
50
195

) = 4 for the washing thickeners.

Liquid product from plant contains 54.9 kg of salt in 195 kg of solvent.
This ratio will be the same in the underflow from the first thickener.
Thus the material fed to the washing thickeners consists of 100 kg TiO;, 50 kg solvent and

50 x (54.9/195) = 14 kg salt.

The required number of thickeners for washing is given by equation 10.16, as:

@4-1 01
@+ -1 " 14

Thus: 4"+ =421, and n + 1 = 4.35
or; 4<n+l1<5

Part 2

From an inspection of the data, it is seen that W, = 0.30 + 0.2X,,.

Thus: Sp = WiXy = 0.30X,, + 0.2X? = 5W} — 1.5W,

Considering the passage of unit quantity of TiQ, through the plant, then:

Ln+1 = 0, Wpe1 = 2,

since 200 kg/s of pure solvent is used.

S, = 0.001 and therefore W, = 0.3007

Sp = 0.55 and W, = 1.00

Xn+l =0

Thus the concentration in the first thickener is given by equation 10.23 as:

Lo+ S =5, _ (0+055-0.001)  0.549

X1-‘=

Woit + Wo—W,  (2+1-03007)  2.6993

=0.203

525
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From equation 10.26:

Lpy1 = Si+ S, _ (0-0.001+S;) —0.001 + S,

Xt = o W, AW, 203007 W) 1T+ Wi
Since: X, =0203, W, =(0.30+0.2 x 0.203) = 0.3406
and: S, = (0.3406 x 0.203) = 0.0691
(0.0691 —0.001)  0.0681
: X, = = =0.0334
Thus 2= T(17403406)  2.0406
Since: X, =0.0334, W, =0.304+0.2x 0.0334 = 0.30668
and: S, = (0.3067 x 0.0334) = 0.01025
(0.01025 — 0.001)  0.00925
: - = = 0.00447
Thus Xs=—17103067 2067 -0
Since: X; = 0.00447, W;=10.30089 and S;=0.0013
By the same method, X4 = 0.000150
and: W, = 0.30003 and S = 0.000045

Thus S, is less than S, and therefore 4 thickeners are required.

——

10.6. NUMBER OF STAGES FOR COUNTERCURRENT WASHING
BY GRAPHICAL METHODS

10.6.1. Introduction

It is sometimes convenient to use graphical constructions for the solution of countercurrent
leaching or washing problems. This may be done by a method similar to the
McCabe-Thiele method for distillation which is discussed in Chapter 11, with the
overflow and underflow streams corresponding to the vapour and liquid respectively.
The basis of this method is now given, although a generally more convenient method
involves the use of triangular diagrams which will be discussed in some detail.

For the countercurrent washing system shown in Figure 10.13, the ratio of solute to
solvent in the overflow at any stage y, may be related to the ratio of solute to insoluble
solid in the underflow S, by means of a simple material balance. Using this notation:

7" Lh _ ﬁ

—_—= 10.28
Wy — Lh Zh ( )

where Z is the amount of solvent in the overflow per unit mass of insoluble solid in the
underflow. If the solvent in the underflow is constant throughout the system, Z, will not
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L, L, L Lhi1 Ly Lpa
Z Z,! Zy Zn+1: z, 241
Y Yo Yy Yhotd Vi 7
— 4-—:4— e | et
| ]
’ l ] ’ l i l '
1 1 h 1 n
] ]
] i
SO 1 : h—1 h : n-1 Sn

Figure 10.13. Countercurrent washing system

be a function of concentration. Dropping the suffix of Z therefore, and taking a balance
on solute over thickeners % to n inclusive:

Z(y, = Yni)) = Sh1— Sn

S - S "
or: Vi = —%—1 - E" + Yot (10.29)

Thus a linear relation exists between y; and Sy_;.
If the ratio of solvent in the overflow to solvent in the underflow from any thickener
is equal to R, then:

or: Yy = =Sk (10.30)

This is the equation of a straight line of slope R/Z which passes through the origin.
Equations 10.29 and 10.30 may be represented on a y”-S diagram, as shown in Figure
10.14. If pure solvent is used for washing, y, , = 0, and the intercept on the S-axis is
Sn. As the two lines represent the relation between y; and both S,_; and S, the change
in composition of the underflow and overflow streams can be determined by a series of
stepwise constructions, with the number of steps required to change the composition of
the overflow from y, ., to y{’ being the number of stages required.

For a variable underflow the relation between y, and S, must be determined experi-
mentally as the two curves are no longer straight lines, although the procedure is similar
once these have been drawn. Further, it is assumed that each thickener represents an
ideal stage and that the ratio of solute to solvent is the same in the overflow and the
underflow. If each stage is only 80 per cent efficient, for example, equation 10.30 is no
longer applicable, but the same method can be used except that each of the vertical steps
will extend only 80 per cent of the way to the curve of y; versus Sj.

Further use of graphical methods is discussed by ScHEBEL®, though here attention is
confined to the use of right-angled triangular diagrams. Equilateral triangles will also be
used in liquid-liquid extraction, as illustrated in Chapter 13.
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Yh v8 Sy
yﬂ
y‘_‘;_z yh, Vs Sh—1
Vi
y’;n Sn -2
Sn -1
S S

Figure 10.14. Graphical construction for determining the number of thickeners

10.6.2. The use of right-angled triangular diagrams

If a total mass F of material is fed to a thickener and separated into a mass w’ of overflow
and a mass W' of underflow, and the whole of the insoluble solid appears in the underflow,
a material balance then gives:

F=W +uvw (10.31)

If z, y, and x are the fractional compositions of F, w’, and W', respectively, with respect
to any one component in the mixture. the solute A, the insoluble solid B, or the solvent
S, then, taking a material balance on any component:

F,=Wx+u'y
or from equation 10.31:
WH+uw)z=Wx+u'y (10.32)
(Wx +w'y)
d: =—" 10.33
an (W +w) ( )

Thus for the solute and solvent respectively:

) = (Wxa +w'ys)
AT T W w)

po o (Was +u'ys)
ST T Wt w)

The advantages of using a right-angled triangular diagram to represent the composition of
the three-component mixture triangular diagram are discussed by ELain®. The proportion
of solute A in the mixture is plotted as the abscissa, and the proportion of solvent as
the ordinate; the proportion of insoluble solid is then obtained by difference. If point
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a (za, zs) represents the composition of the material fed to the thickener, point b (x4, xs)
the composition of the underflow and point ¢ (ya, ys) the composition of the overflow as
shown in Figure 10.15, then the slope of the line ab is given by:

Wixs + w'ys
——— — X§ ’ ’
Is—xs W 4w _wys—wxs _ (ys—Xs) (10.34)
2a—xa  Wxg+wys wys—wxs  (ya—xa)
W/ + w/
100% S
g
t d
N‘O
i Mixtures of A and S only
x
—
Mand S only Wa ¥9
h a(z,, 2s) o
b(xa, Xs)
0 - .
100% B Mixtures of A 100% A
and B only
X4 Yar 24

Figure 10.15. Representation of a three-component system on a right-angled triangular diagram

The slope of the line be is also (ys — x5)/(y4 — x4), however, so that, a, b, and c lie on

the same straight line. Thus, if two streams are mixed, the composition of the mixture will

be given by some point on the line joining the points representing the compositions of the

constituent streams. Similarly, if one stream is subtracted from another, the composition

of the resulting stream will lie at some point on the corresponding straight line produced.

The location of the point will depend on the relative quantities in the two streams.
From equation 10.32:

W+uw)z=Wx+uw'y
or: wEz-y)=Wix-2

/
w  x—2 xX4—2a4 Xs—2
and: — = = A = s
W' z—y za—Ya 2s—Ys

(10.35)

Thus the point representing the mixture divides the line be so that ba/ac = w’/ W’; that
is a is nearer to the point corresponding to the larger stream.
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The proportion of insoluble solid in the underflow, for example, is given by the relation:

xat+xs+xp=1
or: xs =—xa+ (1 —xp) (10.36)

Lines representing constant values of xpg are therefore straight lines of slope —1; that is
they are parallel to the hypotenuse of the right-angled triangle: the intercept on either axis
is (1 — xp). Thus the hypotenuse represents mixtures containing no insoluble solid, and
therefore the compositions of all possible overflows are represented by the hypotenuse.
Further, it can be seen from the geometry of the diagram that:

fd=fg=1x,4
and: Oh = x5
thus: th=Dbd =be
and: fh=1—-x4—xs=xp

The proportion of the third constituent, the insoluble solid B, is therefore given by the
distance of the point from the hypotenuse, measured in a direction parallel to either of
the main axes.

Points which lie within the triangle represent the compositions of real mixtures of
the three components. Each vertex represents a pure component and each of the sides
represents a two-component mixture. If two streams are mixed, the composition of the
resultant stream is obtained and is represented by an addition point which must lie within
the diagram. The composition of the material resulting from mixing a number of streams
can be obtained by combining streams two at a time. If one stream is subtracted from
another, a similar procedure is adopted to determine the composition of the remaining
stream. The point so obtained is known as a difference point and must lie on the extension
of the line joining the two given points, on the side nearer the one representing the
mixed stream.

If an attempt is made to remove from a stream more of a given component than is
actually present, the composition of the resulting stream will be imaginary and will be
represented by some point outside the triangle. The concept of an imaginary difference
point is useful in its application to countercurrent flow processes.

Effect of saturation

When the solute is initially present as a solid, the amount that can be dissolved in a given
amount of solvent is limited by the solubility of the material. A saturated solution of the
solute will be represented by some point, such as A, on the hypotenuse of the triangular
diagram (Figure 10.16). The line OA represents the compositions of all possible mixtures
of saturated solution with insoluble solid, since xg/x4 is constant at all points on this line.
The part of the triangle above OA therefore represents unsaturated solutions mixed with
the insoluble solid B. If a mixture, represented by some point N, is separated into solid and
liquid, it will yield a solid, of composition represented by O, that is pure component B,
and an unsaturated solution (N). Again the lower part of the diagram represents mixtures
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Unsaturated
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Solvent

Saturated solutions
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Figure 10.16. Effect of saturation — solid state

of insoluble solid, undissolved solute, and saturated solution. Thus, if a mixture M is
separated into a liquid and a solid fraction, it will yield a liquid, indicated by point A (that
is, a saturated solution), and a solid, consisting of B together with undissolved A (M').

If the solute is initially in a liquid form and the solvent is completely miscible with it,
the whole of the triangle will represent unsaturated conditions. If the solvent and solute are
not completely miscible, the area can be divided into three distinct regions, as shown in
Figure 10.17. In region 1, the solvent is present as an unsaturated solution in the solute.
In region 2, the liquid consists of two phases—a saturated solution of A in § and a
saturated solution of S in A, in various proportions. In region 3, the liquid consists of an
unsaturated solution of solute in solvent.

Unsaturated
solutions
3
2

Two
saturated
liquid phases

Solvent

1
Unsaturated solutions

Solute

Figure 10.17. Effect of saturation — liquid solute

In any leaching process, in which solvent is used to wash the adhering film of solution
from the surface of the insoluble solid, the solution formed as a result of mixing in any
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of the units will consist of unsaturated solution. In an extracting plant, sufficient solvent
will normally be added in order to dissolve the solute completely, so that, in practice, the
solutions considered will rarely reach saturation.

Representation of underflow

Considering the multistage industrial unit, in any equilibrium stage, the quantity of solution
in the underflow may be a function of the concentration of the solution in the thickener, and
the concentration of the overflow solution will be the same as that in the underflow. If the
curved line EF (Figure 10.18) represents the experimentally determined composition of the
underflow for various concentrations, any point f on this line represents the composition
of a mixture of pure B with a solution of composition g, and Of/fg is the ratio of solution
to solids in the underflow. If the amount of solution removed in the underflow is not
affected by its concentration, the fractional composition of the underflow with respect to
the insoluble material B (xp) is a constant, and is represented by a straight line, through
E, parallel to the hypotenuse, such as EF. Point E represents the composition of the
underflow when the solution is infinitely weak, that is when it contains pure solvent. If
K is the mass of solution removed in the underflow per unit mass of solids, the ordinate
of E is given by:

K
Xy = —
STK+1
100% S
E J
f
F
0 F C
100% B 100% A

Figure 10.18. Representation of underflow stream
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The equation of the line EF is therefore:

Xs = —Xg+ &
If the ratio of solvent to insoluble solid in the underflow is constant (and equal to s),
the line EF will be a straight line passing through the vertex C of the triangle, which
corresponds to pure solute A. E is then given by the coordinates:

S
xa =0, xS=S_-+_-_I

10.6.3. Countercurrent systems

Considering a countercurrent system consisting of n thickeners, as shown in Figure 10.19,
the net flow to the right must necessarily be constant throughout the system, if no material
enters or leaves at intermediate points.

Thus: Net flow to the right = F' = W,_; — w,,, etc. (10.37)

The point representing the stream F’ will be a difference point, since it will represent
the composition of the stream which must be added to w) to give W;_,. In general, in
a countercurrent flow system of this sort, the net flow of all the constituents will not be
in the same direction. Thus one or more of the fractional compositions in this difference
stream will be negative, and the difference point will lie outside the triangle. A balance
on the whole system, as shown in Figure 10.19, gives:

' o wr! '
WO_wl_Wn_wn+l

. / ’ ’ ’
and. Wox() - wlyl = W"x,, - wn+1yn+1
| !
I , ! '
’
W'1 W2 : w,h wh+1 : w,n Wn+1
|
L | L] ! Ln ]
— — [} — —— | — c——
! ’
Wbo wh : Wh -1 wWh : Wi _1 Wi
t 4

Figure 10.19. Countercurrent extraction system

for any of three components.
The total net flow of material to the right at some intermediate point

=Wy —w,
and the net flow of one of the constituents

’ ’
= W, _1Xh—1 — Wy
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The fractional composition of the stream flowing to the right with respect to one of the
components is given by:
W’_ Xph—1— w, h
xg = k= ZhZLT Th) (10.38)
W1 — wy

If the direction of flow of this component is towards the right x, is positive, and if its
direction of flow is to the left x; is negative. For a countercurrent washing system, as
shown in the diagram, the net flow of solvent at any stage will be to the left so that x4
is negative. The solute and insoluble residue will flow to the right, making x;4 and x45
positive.

Considering a system as shown in Figure 10.20, in which a dry solid is extracted with a
pure solvent, the compositions of the solid and solvent, and their flowrates, are specified.
Assuming it is desired to wash the residual solid so that it has not less than a certain
degree of purity, the number of thickeners required to achieve this must be calculated.
The compositions of the solid to be extracted, the washed solid and the solvent (xg, x,
and y,41 respectively) are therefore given. The composition of the concentrated solution
leaving the system y; can then be calculated from a material balance over the whole plant.

W,
\Xo
Agitated
vessel
wl
2
Yy
WI W' W' WI w’ w'
1 3 h h+1 n n+1
1 Y b Yooty Ya  Yoid
- — ) e T T e
———————i — —— — — —
W Woi Wy W IW, ., W,
X, X, 8 Xpy o X, Xpo n
Thickener 1 Thickener 2  Thickenerh  Thickener n

Figure 10.20. Countercurrent washing system and agitator

The difference point, which represents the composition of the net stream of material
flowing to the right at all stages, must lie on the straight line through points x; and
¥1 produced, as shown in Figure 10.21. Point x; has co-ordinates (x4g, Xs0); X0 is the
composition of the dry solid fed to the system; and xgsg is zero because this solid has no
solvent associated with it. Point y; represents the composition of the concentrated solution
discharged from the plant, and will lie on the hypotenuse of the triangle. The difference
point will lie on the line through points x, and y,4;. Now x,, the composition of the
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Figure 10.21. Graphical method of solution with a triangular diagram

final product in the underflow, will lie on the line EF which represents the compositions
of all possible underflows; this line may be constructed from the experimental data on
the amount of solution discharged in the underflow for various concentrations in the
thickeners. Because pure solvent is used for washing, y,4+; will lie at the top vertex of
the triangle. The difference point is then obtained as the point of intersection of these two
straight lines. It is denoted by A.

As the difference point represents the difference between the underflow and the overflow
at any point in the system, it is now possible to calculate the compositions of all the
streams, by considering each thickener in turn.

For the agitator and thickener 1, the underflow, of composition x;, will contain insoluble
solid mixed with solution of the same concentration as that in the overflow y;, on the
assumption that equilibrium conditions are reached in the thickener. All such mixtures
of solution and insoluble solid are represented by compositions on the line Oy;. As this
stream is an underflow, its composition must also be given by a point on the line EF.
Thus x; is given by the point of intersection of EF and Oy;. The composition y, of the
overflow stream from thickener 2 must lie on the hypotenuse of the triangle and also
on the line through points A and x;. The composition y, is therefore determined. In
this manner it is possible to find the compositions of all the streams in the system. The
procedure is repeated until the amount of solute in the underflow has been reduced to a
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value not greater than x,, and the number of thickeners is then readily counted. For the
simple example illustrated, only two thickeners would be required.

This method of calculation may be applied to any system, provided that streams of
material do not enter or leave at some intermediate point. If the washing system alone were
considered, such as that shown in Figure 10.12, the insoluble solid would be introduced,
not as fresh solid free of solvent, but as the underflow from the thickener in which the
mixture from the agitator is separated. Thus xo would lie on the line EF instead of on the
A-axis of the diagram.

Example 10.4

Seeds, containing 20 per cent by mass of oil, are extracted in a countercurrent plant, and 90 per
cent of the oil is recovered in a solution containing 50 per cent by mass of oil. If the seeds are
extracted with fresh solvent and 1 kg of solution is removed in the underflow in association with
every 2 kg of insoluble matter, how many ideal stages are required?

Solution

This example will be solved using the graphical method.
Since the seeds contain 20 per cent of oil, then:

Xa0 = 0.2 and Xpo = 0.8
The final solution contains 50 per cent of oil.
Thus: Y41 = 0.5 and ys1 = 0.5

The solvent which is used for extraction is pure and hence;

Ysne1 =1

1 kg of insoluble solid in the washed product is associated with 0.5 kg of solution and 0.025 kg
oil.

Thus: Xan = 0.0167, xp, =0.6667 and x5, =0.3166

The mass fraction of insoluble material in the underflow is constant and equal to 0.667. The
composition of the underflow is therefore represented, on the diagram Figure 10.22, by a straight
line parallel to the hypotenuse of the triangle with an intercept of 0.333 on the two main axes.

The difference point is now found by drawing in the two lines connecting xo and y; and x, and
Yn+1.

The graphical construction described in the text is then used and it is seen from Figure 10.22
that x, lies in between x4 and xs.

Thus 5 thickeners are adequate and for the required degree of extraction.

Example 10.5

Halibut oil is extracted from granulated halibut livers in a countercurrent multi-batch arrangement
using ether as the solvent. The solids charge contains 0.35 kg oil/kg exhausted livers and it is
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Figure 10.22. Graphical solution to Example 10.3

desired to obtain a 90 per cent oil recovery. How many theoretical stages are required if 50 kg
ether is used/100 kg untreated solids? The entrainment data are:

Concentration of overflow 0 0.1 02 0.3 04 0.5 0.6 0.67
(kg oil/kg solution)
Entrainment (kg solution/kg 028 034 040 047 055 066 080 096

extracted livers)

Solution

The entrainment data may be expressed in terms of mass fractions as follows:

Overflow Entrainment Ratio (kg/kg extracted livers) Mass fraction
concentration (kg soln./
(kg oil/kg soln.) kg livers) Qil Ether Underflow XA X
0 0.28 0 0.280 1.280 0 0.219
0.1 0.34 0.034 0.306 1.340 0.025 0.228
0.2 0.40 0.080 0.320 1.400 0.057 0.228
0.3 0.47 0.141 0.329 1.470 0.096 0.223
0.4 0.55 0.220 0.330 1.550 0.142 0.212
0.5 0.66 0.330 0.330 1.660 0.199 0.198
0.6 0.80 0.480 0.320 1.880 0.255 0.170
0.67 0.96 0.643 0.317 1.960 0.328 0.162

and these are plotted in Figure 10.23.
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Figure 10.23. Graphical construction for Example 10.5

On the basis of 100 kg untreated solids:

In the underflow feed:

0.35 kg oil is associated with each kg of exhausted livers.

Thus: mass of livers fed = 100/(1 + 0.35) = 74 kg containing (100 — 74) = 26 kg oil

and hence: x4 = 0.26, x, =0

This point is marked in as x;.

In the overflow feed, pure ether is used and y, = 1.0, x; = 0, which is marked in as the point y,.,.

Since the recovery of oil is 90 per cent, the overall mass balance becomes:

Exhausted livers 0il Ether
Underflow feed 74 26 —
Overflow feed — — 50
Underflow product 74 2.6 e (say)
Overflow product — 234 (50—¢)

In the underflow product:

the ratio (oil/exhausted livers) = (2.6/74) = 0.035 kg/kg
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which, from the entrainment data, is equivalent to x4, = 0.025, x, = 0.228 which is marked in
as X,41.
The ratio (ether/exhausted livers) = 0.306 kg/kg or ¢ = (0.306 x 74) = 22.6 kg

In the overflow product:
the mass of ether = (50 — 22.6) = 27.4 kg

and: y4 = 23.4/(23.4 + 27.4) = 0.46, from which y; = 0.54 which is marked in as y,.
Following the construction described in the text, it is found that point x4 coincides exactly with
Xn+1, as shown in Figure 10.23, and hence 3 ideal stages are required.

10.6.4. Non-ideal stages

If each stage in the extraction or washing system is not perfectly efficient, the ratio of
solute to solvent in the overflow will be less than that in the underflow, and rather more
units will be required than the number calculated by the method given. If the efficiency
is independent of the concentration, allowance is simply made by dividing the theoretical
number of ideal units by the efficiency. On the other hand, if the efficiency varies appre-
ciably, account must be taken of this at each stage in the graphical construction. In
Figure 10.24, x,_, represents the composition of the underflow fed to thickener A, and
this composition would be changed to X, say, in an ideal stage. The proportion of solute
in the underflow is then reduced by an amount represented by AB. If the efficiency is
less than unity, the change in the proportion of solute will be represented by BC, where
BC/AB is equal to the efficiency at the concentration considered, and the actual compo-
sition of the underflow is given by x,. By this method it is possible to make allowance
for a variable efficiency at each stage.

X
£ h
2 Xn-t
F
0 AC B

Figure 10.24. Effect of stage efficiency
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10.9. NOMENCLATURE

Units in Dimensions in
SI System MLT,#
A Area of solid—liquid interface m? L2
a Mass of solute per unit mass of solvent in final overflow kg/kg —
b Thickness of liquid film m
C, Specific heat of solution J/kg K L?T-2-!
c Concentration of solute in solvent kg/m? ML-?
Co Initial concentration of solute in solvent kg/m? ML-3
g Concentration of solute in solvent in contact with solid kg/m® ML-3
Dy Liquid phase diffusivity m?/s L7t
d Diameter of vessel m L

F Total mass of material fed to thickener kg M
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Units in Dimensions in
SI System MLT$#¢

F' Difference between underflow and overfiow kg M

f Fraction of solute remaining with solids after washing — —

h Heat transfer coefficient W/m? K MT-3¢-!

Kr Mass transfer coefficient m/s LT-!

K Solution per unit mass of insoluble solid in underflow kg/kg —

k Thermal conductivity W/m K MLT39-!

k' A diffusion constant m*/s L2T-!

L Mass of solute in overflow per unit mass of insoluble kg/kg —

M Mass of solute transferred in time ¢ kg M

m Number of batch washing thickeners — —

N Number of revolutions of stirrer in unit time Hz T-!

n Number of countercurrent washing thickeners — —

P Mass of solute in overflow kg M

q Insoluble in underflow per unit mass of solute in overflow kg/kg —

R Solvent ratio overflow: underflow kg/kg —_

R Ratio of solvent decanted to solvent retained kg/kg —

N Solute in underflow per unit mass insoluble kg/kg —

s Solvent in underflow per unit mass insoluble —

t Time s T

v Volume of solvent used for extraction m’ L’

w Mass of solution in underflow per unit mass of insoluble kg/kg —

w’ Total mass of underflow M

w Mass of solution in overflow per unit mass of insoluble kg/kg —

w Total mass of overflow M

X Mass of solute per unit mass of solution kg/kg —

x Fractional composition of underflow —

X Value of x in ideal stage — —

Xd Fractional composition of difference stream — —

x Mass of solute per unit mass of solvent kg/kg —

y Fractional composition of overflow —

y! Ratio of solute to solvent in overflow kg/kg —

z Solvent in overflow per unit mass insoluble kg/kg —

z Fractional composition of feed — —

u Viscosity of solution or liquid Ns/m? ML-1T-!

0 Density of solution or liquid kg/m? ML-3

Suffixes

A, B, S refer to solute, insoluble solid, solvent respectively

1,...,h,...,n refer to liquid overflow or underflow from units 1,...,h,...,n

0 refers to the liquid underflow feed to unit 1.
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CHAPTER 11

Distillation

11.1. INTRODUCTION

The separation of liquid mixtures into their various components is one of the major
operations in the process industries, and distillation, the most widely used method of
achieving this end, is the key operation in any oil refinery. In processing, the demand
for purer products, coupled with the need for greater efficiency, has promoted continued
research into the techniques of distillation. In engineering terms, distillation columns
have to be designed with a larger range in capacity than any other types of processing
equipment, with single columns 0.3-10 m in diameter and 3—75 m in height. Designers
are required to achieve the desired product quality at minimum cost and also to provide
constant purity of product even though there may be variations in feed composition. A
distillation unit should be considered together with its associated control system, and it
is often operated in association with several other separate units.

The vertical cylindrical column provides, in a compact form and with the minimum of
ground requirements, a large number of separate stages of vaporisation and condensation.
In this chapter the basic problems of design are considered and it may be seen that not
only the physical and chemical properties, but also the fluid dynamics inside the unit,
determine the number of stages required and the overall layout of the unit.

The separation of benzene from a mixture with toluene, for example, requires only a
simple single unit as shown in Figure 11.1, and virtually pure products may be obtained. A
more complex arrangement is shown in Figure 11.2 where the columns for the purification
of crude styrene formed by the dehydrogenation of ethyl benzene are shown. It may be
seen that, in this case, several columns are required and that it is necessary to recycle
some of the streams to the reactor.

In this chapter consideration is given to the theory of the process, methods of distillation
and calculation of the number of stages required for both binary and multicomponent
systems, and discussion on design methods is included for plate and packed columns
incorporating a variety of column internals.

11.2. VAPOUR-LIQUID EQUILIBRIUM

The composition of the vapour in equilibrium with a liquid of given composition is
determined experimentally using an equilibrium still. The results are conveniently shown
on a temperature—composition diagram as shown in Figure 11.3. In the normal case shown
in Figure 11.3q, the curve ABC shows the composition of the liquid which boils at any

542



DISTILLATION 543
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Figure 11.1. Separation of a binary mixture
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Tar

Figure 11.2, Multicomponent separation

given temperature, and the curve ADC the corresponding composition of the vapour at that
temperature. Thus, a liquid of composition x; will boil at temperature 77, and the vapour
in equilibrium is indicated by point D of composition y;. It is seen that for any liquid
composition x the vapour formed will be richer in the more volatile component, where
x is the mole fraction of the more volatile component in the liquid, and y in the vapour.
Examples of mixtures giving this type of curve are benzene—toluene, n-heptane—toluene,
and carbon disulphide—carbon tetrachloride.

In Figures 11.3b and c, there is a critical composition x; where the vapour has the same
composition as the liquid, so that no change occurs on boiling. Such critical mixtures are
called azeotropes. Special methods which are necessary to effect separation of these
are discussed in Section 11.8. For compositions other than x,, the vapour formed has a
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Figure 11.3. Temperature composition diagrams

different composition from that of the liquid. It is important to note that these diagrams
are for constant pressure conditions, and that the composition of the vapour in equilibrium
with a given liquid will change with pressure.

For distillation purposes it is more convenient to plot y against x at a constant pressure,
since the majority of industrial distillations take place at substantially constant pressure.
This is shown in Figure 11.4 where it should be noted that the temperature varies along
each of the curves.

_ 1.0 1.0 1.0
>
o
(=%
K
£
g7 g y
]
g
s
0 0 X 7.0 0 Xy 1.0
Mole fraction in liquid (x) Mole fraction in liquid (x) Mole fraction in liquid (x)
(a) Benzene—toluene (b) Acetone—carbon disulphide (¢) Acetone—chioroform

Figure 11.4. Vapour composition as a function of liquid composition at constant pressure

11.2.1. Partial vaporisation and partial condensation

If a mixture of benzene and toluene is heated in a vessel, closed in such a way that
the pressure remains atmospheric and no material can escape and the mole fraction of
the more volatile component in the liquid, that is benzene, is plotted as abscissa, and the
temperature at which the mixture boils as ordinate, then the boiling curve is obtained as
shown by ABCIJ in Figure 11.5. The corresponding dew point curve ADEJ shows the
temperature at which a vapour of composition y starts to condense.
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Figure 11.5. Effect of partial vaporisation and condensation at the boiling point

If a mixture of composition x; is at a temperature T3 below its boiling point, T3, as
shown by point G on the diagram, then on heating at constant pressure the following
changes will occur:

(a) When the temperature reaches 73, the liquid will boil, as shown by point B, and
some vapour of composition y;, shown by point E, is formed.

(b) On further heating the composition of the liquid will change because of the loss
of the more volatile component to the vapour and the boiling point will therefore
rise to some temperature 7’. At this temperature the liquid will have a composition
represented by point L, and the vapour a composition represented by point N. Since
no material is lost from the system, there will be a change in the proportion of liquid
to vapour, where the ratio is:

Liquid _ MN
Vapour = ML

(c) On further heating to a temperature 7i, all of the liquid is vaporised to give vapour
D of the same composition y; as the original liquid.

It may be seen that partial vaporisation of the liquid gives a vapour richer in the more
volatile component than the liquid. If the vapour initially formed, as for instance at point
E, is at once removed by condensation, then a liquid of composition x3 is obtained,
represented by point C. The step BEC may be regarded as representing an ideal stage,
since the liquid passes from composition x; to a liquid of composition x3, which represents
a greater enrichment in the more volatile component than can be obtained by any other
single stage of vaporisation.
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Starting with superheated vapour represented by point H, on cooling to D condensation
commences, and the first drop of liquid has a composition K. Further cooling to T’ gives
liquid L and vapour N. Thus, partial condensation brings about enrichment of the vapour
in the more volatile component in the same manner as partial vaporisation. The industrial
distillation column is, in essence, a series of units in which these two processes of partial
vaporisation and partial condensation are effected simultaneously.

11.2.2. Partial pressures, and Dalton’s, Raoult’s and Henry’s laws

The partial pressure P4 of component A in a mixture of vapours is the pressure that would
be exerted by component A at the same temperature, if present in the same volumetric
concentration as in the mixture.

By Dalton’s law of partial pressures, P = X P4, that is the total pressure is equal to the
summation of the partial pressures. Since in an ideal gas or vapour the partial pressure is
proportional to the mole fraction of the constituent, then:

Py =ysP (11.1)

For an ideal mixture, the partial pressure is related to the concentration in the liquid
phase by Raoult’s law which may be written as:

Py = Pixs (11.2)

where P; is the vapour pressure of pure A at the same temperature. This relation is
usually found to be true only for high values of x4, or correspondingly low values of x3,
although mixtures of organic isomers and some hydrocarbons follow the law closely.
For low values of x4, a linear relation between P4 and x4 again exists, although the
proportionality factor is Henry’s constant #’, and not the vapour pressure Pg of the pure
material,
For a liquid solute A in a solvent liquid B, Henry’s law takes the form:

Py =.Fx, (11.3)

If the mixture follows Raoult’s law, then the vapour pressure of a mixture may be
obtained graphically from a knowledge of the vapour pressure of the two components.
Thus, in Figure 11.6. OA represents the partial pressure P4 of A in a mixture, and CB the
partial pressure of B, with the total pressure being shown by the line BA. In a mixture of
composition D, the partial pressure P, is given by DE, Pz by DF, and the total pressure
P by DG, from the geometry of Figure 11.6.

Figure 11.7 shows the partial pressure of one component A plotted against the mole
fraction for a mixture that is not ideal. It is found that over the range OC the mixture
follows Henry’s law, and over BA it follows Raoult’s law. Although most mixtures show
wide divergences from ideality, one of the laws is usually followed at very high and very
low concentrations.

If the mixture follows Raoult’s law, then the values of y, for various values of xy4
may be calculated from a knowledge of the vapour pressures of the two components at
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Example 11.1

The vapour pressures of n-heptane and toluene at 373 K are 106 and 73.7 kN/m® respectively.
What are the mole fractions of n-heptane in the vapour and in the liquid phase at 373 K if the total
pressure is 101,3 kN/m??

Solution
At 373 K, P; = 106 kN/m’ and Pj = 73.7 kN/m?

Thus, in equation 11.5:

(101.3-73.7)
(106 = 73.7) 0.856

[«

xa = (P = Pp)/(P{Pp) =

and, in equation 11.4:
(106 x 0.856) — 0.896

ya = FPpxp/P = =—153 =

Equilibrium data usually have to be determined by tedious laboratory methods. Propo-
sals have been made which enable the complete diagram to be deduced with reasonable
accuracy from a relatively small number of experimental values. Some of these methods
are discussed by RomsoN and GiLLianD") and by THORNTON and GARNER?,

One of the most widely used correlations of saturated vapour pressure is that proposed
by Antomne®. This takes the form:

InP° = ky — ko/(T +k3) (11.6)

where the constants, k;, k; and k3 must be determined experimentally>-® although many
values of these constants are available in the literature®7:8:%19 Equation 11.6 is valid
only over limited ranges of both temperature and pressure, although the correlation interval
may be extended by using the equation proposed by RiepeL(!D, This takes the form:

InP°=ky—ks/T +keInT + k;T6 (11.7)

If only two values of the vapour pressure at temperatures T, and T, are known, then the
Clapeyron equation may be used:

In P° =kys —ky/T (11.8)
where: ks =1n P +ko/ Ty (11.9)
and: kg = In(P/Py)/[(1/T1) = (1/T2)] (11.10)

Equation 11.8 may be used for the evaluation of vapour pressure over a small range of
temperature, although large errors may be introduced over large temperature intervals. If
the critical values of temperature and pressure are available along with one other vapour
pressure point such as, for example, the normal boiling point, then a reduced form of the
Riedel equation may be used; this takes the form:

InP° = ko — kio/ T, + kyy In Ty + kpp TS (11.11)
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where: P, =reduced vapour pressure = (P°/P,), T, =reduced temperature = (T/T,),
kg = —35c1, kig=-36¢1, k1; = 42c1 + ¢3, k12 = —c; and ¢; = 0.0838(3.758 — ¢3). ¢
is determined by inserting the other known vapour pressure point into equation 11.11 and
solving for c¢;. This gives:

¢2 = [(0.315¢5s — In P,})/(0.0838¢s — In ;)] (11.12)
where: ¢cs = —35+36T,,+42In7T,; — T,ﬁl.

Example 11.2

The following data have been reported for acetone by AMsrose et al.('?: P, = 4700 kN/m?,
7. = 508.1 K, P} = 100.666 kKN/m? when 7, = 329.026 K. What is P° when T = 350.874 K?

Solution

T,; = (329.026/508.1) = 0.64756,  P,; = (100.666/4700.0) = 0.021418 and hence, in
equation 11.12:

s = —35 + (36/0.064756) + 421n0.64756 — (0.64756)° = 2.2687
and: ¢; = [((0.315 x 2.2687) — In0.021418)/((0.0838 x 2.2687) — In0.64756)] = 7.2970
¢y = 0.0838(3.758 — 7.2970) = —0.29657
ko = —35(~0.29657) = 10.380
ki = —36(~0/29657) = 10.677
ki = 42(—-0.29657) + 7.2970 = —5.1589
k12 = 1(10.29657) = 0.29657

Substituting these values into equation 11.11 together with a value of 7, = (350.874/508.1) =
0.69056, then:

In P’ = 10.380 — (10.677/0.69056) — 5.1589 In 0.69056 +
0.29657(0.69056)° = —3.1391
From which: P’ =0.043322 _
and: P° = (0.043322 x 4700.0) = 203.61 kN/m?

This may be compared with an experimental value of 201.571 kN/m?.

Example 11.3
The constants in the Antoine equation, Equation 11.6, are:

For benzene: k; = 6.90565 ky = 1211.033 k3 = 220.79
For toluene: k; = 6.95334 k, = 1343.943 © k3 =219.377

where P° is in mm Hg, T is in °C and log,, is used instead of log,.
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Determine the vapour phase composition of a mixture in equilibrium with a liquid mixture of
0.5 mole fraction benzene and 0.5 mole fraction of toluene at 338 K. Will the liquid vaporise at a
pressure of 101.3 kN/m??

Solution
The saturation vapour pressure of benzene at 338 K = 65°C is given by:
log,, Pp = 6.90565 — [1211.033/(65 + 220.70)] = 2.668157

from which: Pp = 465.75 mm Hg or 62.10 kN/m’

Similarly for toluene at 338 K = 65°C:
log, Pr = 6.95334 — [1343.943/(65 + 219.377)] = 2.22742

and: P; = 168.82 mm Hg or 22.5 kN/m?
The partial pressures in the mixture are:
Pg = (0.50 x 62.10) = 31.05 kN/m*
and: Pr = (0.50 x 22.51) = 11.255 kN/m? — a total pressure of 42.305 kN/m?
Using equation 11.1, the composition of the vapour phase is:

ye = (31.05/42.305) = 0.734

and: yr = (11.255/42.305) = 0.266

Since the total pressure is only 42.305 kN/m?, then with a total pressure of 101.3 kN/m?, the liquid
will not vaporise unless the pressure is decreased.

Example 11.4

What is the boiling point of a equimolar mixture of benzene and toluene at 101.3 kN/m??

Solution

The saturation vapour pressures are calculated as a function of temperature using the Antoine
equation, equation 11.6, and the constants given in Example 11.3, and then, from Raoult’s Law,
Equation 11.1, the actual vapour pressures are given by:

Pg = xg Py and Pr = xr P}

It then remains, by a process of trial and error, to determine at which temperature: (Pg + Pr) =
101.3 kN/m?. The data, with pressures in kN/m?, are:

T(K) Py PP Pp Pr (P + Pr)
373 180.006 74.152 90.003 37.076 127.079
353 100.988 38.815 50.494 77.631 128.125
363 136.087 54.213 68.044 27.106 95.150
365 144.125 57.810 72.062 28.905 100.967

365.1 144.534 57.996 72.267 28.998 101.265
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101.265 kN/m? is essentially 101.3 kN/m? and hence, at this pressure, the boiling or the bubble
point of the equimolar mixture is 365.1 K which lies between the boiling points of pure benzene,

353.3 K, and pure toluene, 383.8 K.

Example 11.5

What is the dew point of a equimolar mixture of benzene and toluene at 101.3 kN/m??

Solution
From Raoult’s Law, equations 11.1 and 11.2:
Pg = xpPy = ygP
and: Pr=xrPl=yrP
Since the total pressure is 101.3 kN/m?, Py = Pr = 50.65 kN/m? and hence:
xp = Pg/Pg =50.65/P§ and xr = 50.65/ Py

It now remains to estimate the saturation vapour pressures as a function of temperature, using the
data of Example 11.3, and then determine, by a process of trial and error, when (xp + x7) = 1.0.
The data, with pressures in kN/m? are:

T(K) P; xg P2 xr (x3 + x1)
373.2 180.006 0.2813 74.152 0.6831 0.9644
371.2 170.451 0.2872 69.760 0.7261 1.0233
371.7 172.803 0.2931 70.838 0.7150 1.0081
371.9 173.751 0.2915 71.273 0.7107 1.0021
372.0 174.225 0.2907 71.491 0.7085 0.9992

As 0.9992 is near enough to 1.000, the dew point may be taken as 372.0 K.

11.2.3. Relative volatility

The relationship between the composition of the vapour ys and of the liquid x4 in
equilibrium may also be expressed in a way, which is particularly useful in distillation
calculations. If the ratio of the partial pressure to the mole fraction in the liquid is defined
as the volatility, then:

P P
Volatility of A = “A and volatility of B = 2
XA XB
The ratio of these two volatilities is known as the relative volatility & given by:

Paxp
XA PB
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Substituting Py4 for P4, and Pyg for Pg:

o= (11.13)
YBXA

or: YA — oA (11.14)
yB XB

This gives a relation between the ratio of A and B in the vapour to that in the liquid.
Since with a binary mixture yg = 1 — y4, and xg = 1 — x4 then:

= (25 (57)

aAxXa

: S 7 W 11.15
or YA T (@ = Dxa (11.15)
Ya

: -4 11.16
and Xp=—— @ —TDa ( )

This relation enables the composition of the vapour to be calculated for any desired
value of x, if o is known. For separation to be achieved, o must not equal 1 and,
considering the more volatile component, as « increases above unity, y increases and
the separation becomes much easier. Equation 11.14 is useful in the calculation of plate
enrichment and finds wide application in multicomponent distillation.

From the definition of the volatility of a component, it is seen that for an ideal system
the volatility is numerically equal to the vapour pressure of the pure component. Thus
the relative volatility « may be expressed as:

Py
a= P (11.17)
This also follows by applying equation 11.1 from which P4/Pg = y4/yg, so that:

_ Paxp _ Pixaxp P_Af’

PBXA ngBxA P;

Whilst o does vary somewhat with temperature, it remains remarkably steady for many
systems, and a few values to illustrate this point are given in Table 11.1.

Table 11.1. Relative volatility of mixtures of benzene and toluene

Temperature (K) 353 363 373 383
a(-) 2.62 2.44 2.40 2.39

It may be seen that o increases as the temperature falls, so that it is sometimes worth-
while reducing the boiling point by operating at reduced pressure. When Equation 11.16
is used to construct the equilibrium curve, an average value of o must be taken over the
whole column. As Frank!® points out, this is valid if the relative volatilities at the top
and bottom of the column differ by less than 15 per cent. If they differ by more than
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this amount, the equilibrium curve must be constructed incrementally by calculating the
relative volatility at several points along the column.
Another frequently used relationship for vapour—liquid equilibrium is the simple

equation:
ya=Kxu (11.18)

For many systems K is constant over an appreciable temperature range and
Equation 11.11 may be used to determine the vapour composition at any stage.
The method is particularly suited to multicomponent systems, discussed further in
Section 11.7.1.

11.2.4. Non-ideal systems

Equation 11.4 relates x4, y4, P, and P. For a non-ideal system the term y, the activity
coefficient, is introduced to give:

Y1Paxa v2Ppxg
— ] d = 27 B7% 11.19
=—>p and yg P ( )
or in Equation 11.18:
ya=Kyixs, and yp = Kyxp (11.20)

The liquid phase activity coefficients y; and y, depend upon temperature, pressure and
concentration. Typical values taken from Perry’s Chemical Engineers’ Handbook!!¥ are
shown in Figure 11.8 for the systems n-propanol-water and acetone-chloroform. In the
former, the activity coefficients are considered positive, that is greater than unity, whilst
in the latter, they are fractional so that the logarithms of the values are negative. In both
cases, y approaches unity as the liquid concentration approaches unity and the highest
values of y occur as the concentration approaches zero.

°
& 5
210.0 %
a 8.0H =
S 6.0 £ 1.0
< 50 s E — ey =
§ 40 S So08 - SE
£ 30 & 82,6 o v £3
£ 3 P = 0 @
S ] // ; 8 § 0.5 /4/ \»._ 88
S 20 T 2=V 4 ‘ =5
= ' F 50 /] =8
s 15 8 T o4 25
< ol | N 0.3 =
"0 02 04 06 08.10 "0 02 04 06 08 1.0
Mole fraction n-propanol in liquid Mole fraction acetone in liquid
(a) #| LIVE GRAPH (b)

+ Click here to view
Figure 11.8. Activity coefficient data
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The fundamental thermodynamic equation relating activity coefficients and composition
is the Gibbs—Duhem relation which may be expressed as:

X1 (aln”) —xz(alnn) =0 (11.21)
3x1 T.P 3x2 TP

This equation relates the slopes of the curves in Figure 11.8 and provides a means of
testing experimental data. It is more convenient, however, to utilise integrated forms of
these relations. A large number of different solutions to the basic Gibbs—Duhem equation
are available, each of which gives a different functional relationship between log y and
x. Most binary systems may be characterised, however, by either the three- or four-suffix
equations of Margules, or by the two-suffix van Laar equations, given as follows in the
manner of WoHL(!>!9, The three-suffix Margules binary equations are:

log ¥, = x3[A1 + 2x1( Ay — A12)] (11.22)
log vz = x A + 2x2( Ay ~ A1)l (11.23)

Constants .-#; and % are the limiting values of logy as the composition of the
component considered approaches zero. For example, in Equation 11.22, .4, = logy;
when x; = 0.

The four-suffix Margules binary equations are:

log 1 = x2[ A1y + 2x\ (A — A1y — Ap) + 34px?] (11.24)
logy, = x%[d?ﬁzn + 2x2( Ay — Ay ~ Ap) + 3J§Dx%] (11.2%)

412 and % have the same significance as before and .#4p is a third constant.
Equations 11.24 and 11.25 are more complex than equations 11.22 and 11.23 though,
because they contain an additional constant .#4p, they are more flexible. When .#4p
becomes zero in equations 11.24 and 11.25, they become identical to the three-suffix
equations.

The two-suffix van Laar binary equations are:

A2
log vi = 11.26
8N = T Zam/ )P (11:26)
log ys = a1 (11.27)

[1 + (Baxa/ Apx)])?

These equations become identical to the three-suffix Margules equations when .4, =
%1, and the functional form of these two types of equations is not greatly different
unless the constants .#;, and %, differ by more than about 50 per cent.

The Margules and van Laar equations apply only at constant temperature and pressure,
as they were derived from equation 11.21, which also has this restriction. The effect of
pressure upon y values and the constants .4;; and .%,; is usually negligible, especiaily
at pressures far removed from the critical. Correlation procedures for activity coefficients
have been developed by BALzHISER ef al.(!”, FRENDENSLUND et al.!'®, PraunsITz et al.(19,
RED et al.?®, vaN Ness and ABoTT" and WaLas®? and actual experimental data may
be obtained from the PPDS system of the NATIONAL ENGINEERING LaBOrATORY, UK®?,
When the liquid and vapour compositions are the same, that is x4 = y4, point x, in
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Figures 11.3 and 11.4, the system is said to form an azeotrope, a condition which is
discussed in Section 11.8.

11.3. METHODS OF DISTILLATION — TWO COMPONENT
MIXTURES

From curve a of Figure 11.4 it is seen that, for a binary mixture with a normal y — x
curve, the vapour is always richer in the more volatile component than the liquid from
which it is formed. There are three main methods used in distillation practice which all
rely on this basic fact. These are:

(a) Differential distillation.
(b) Flash or equilibrium distillation, and
(c) Rectification.

Of these, rectification is much the most important, and it differs from the other two
methods in that part of the vapour is condensed and returned as liquid to the still, whereas,
in the other methods, all the vapour is either removed as such, or is condensed as product.

11.3.1. Differential distillation

The simplest example of batch distillation is a single stage, differential distillation, starting
with a still pot, initially full, heated at a constant rate. In this process the vapour formed
on boiling the liquid is removed at once from the system. Since this vapour is richer in
the more volatile component than the liquid, it follows that the liquid remaining becomes
steadily weaker in this component, with the result that the composition of the product
progressively alters. Thus, whilst the vapour formed over a short period is in equilibrium
with the liquid, the total vapour formed is not in equilibrium with the residual liquid. At
the end of the process the liquid which has not been vaporised is removed as the bottom
product. The analysis of this process was first proposed by RAYLEIGH?? .

If § is the number of moles of material in the still, x is the mole fraction of component
A and an amount dS, containing a mole fraction y of A, is vaporised, then a material
balance on component A gives:

ydS = d(Sx)
= §dx +xdS
Sds  [*( dx
SO_S__/;O (y—x)
and: lni=/x( dx ) (11.28)
So  Jp \y—x

The integral on the right-hand side of this equation may be solved graphically if the
equilibrium relationship between y and x is available. In some cases a direct integration
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is possible. Thus, if over the range concerned the equilibrium relationship is a straight
line of the form y = mx + ¢, then:

S ( 1 ) [(m—l)x+c]
n—={——|In| ——
So m-—1 (m—=1Dxp+c
Ry _ 1/(m-1)
or: _=<y x)
So Yo — Xo

m—1
and: (yz:j‘m) = (sio) (11.29)

From this equation the amount of liquid to be distilled in order to obtain a liquid of
given concentration in the still may be calculated, and from this the average composition
of the distillate may be found by a mass balance.

Alternatively, if the relative volatility is assumed constant over the range concerned,
then y = ax/(1 4+ (¢ — 1)x), equation 11.15 may be substituted in equation 11.28. This
leads to the solution:

S 1 x(1 — xo) 1- on
In— = l L 11.30
S (a—l)n[xo(l—x)]+n[1—x (139
As this process consists of only a single stage, a complete separation is impossible
unless the relative volatility is infinite. Application is restricted to conditions where a

preliminary separation is to be followed by a more rigorous distillation, where high
purities are not required, or where the mixture is very easily separated.

11.3.2. Flash or equilibrium distillation

Flash or equilibrium distillation, frequently carried out as a continuous process, consists
of vaporising a definite fraction of the liquid feed in such a way that the vapour evolved is
in equilibrium with the residual liquid. The feed is usually pumped through a fired heater
and enters the still through a valve where the pressure is reduced. The still is essentially
a separator in which the liquid and vapour produced by the reduction in pressure have
sufficient time to reach equilibrium. The vapour is removed from the top of the separator
and is then usually condensed, while the liquid leaves from the bottom.

In a typical pipe still where, for example, a crude oil might enter at 440 K and at about
900 kN/m?, and leave at 520 K and 400 kN/m?, some 15 per cent may be vaporised in
the process. The vapour and liquid streams may contain many components in such an
application, although the process may be analysed simply for a binary mixture of A and
B as follows:

If F = moles per unit time of feed of mole fraction x; of A,
V = moles per unit time of vapour formed with y the mole fraction of A, and
S = moles per unit time of liquid with x the mole fraction of A,

then an overall mass balance gives:

F=V+S§
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and for the more volatile component:

Fxs=Vy+ Sx
|4 Xfr—X
Thus: F—(y_)()
F F
or: y = fo —x (V — 1) (11.31)

Equation 11.31 represents a straight line of slope:

F— V) _ =S
v ]V
passing through the point (xf, x¢). The values of x and y required must satisfy, not

only the equation, but also the appropriate equilibrium data. Thus these values may be
determined graphically using an x — y diagram as shown in Figure 11.9.
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g
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2 02
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| i L | J
0 0.2 0.4 0.6 0.8 1.0

<] LIVE GRAPH  Mole fraction of benzene in liquid (x)
+ Click here to view
Figure 11.9. Equilibrium data for benzene~toluene for Example 11.6

In practice, the quantity vaporised is not fixed directly but it depends upon the enthalpy
of the hot incoming feed and the enthalpies of the vapour and liquid leaving the separator.
For a given feed condition, the fraction vaporised may be increased by lowering the
pressure in the separator.

Example 11.6

An equimolar mixture of benzene and toluene is subjected to flash distillation at 100 kN/m? in the
separator. Using the equilibrium data given in Figure 11.9, determine the composition of the liquid
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and vapour leaving the separator when the feed is 25 per cent vaporised. For this condition, the
boiling point diagram in Figure 11.10 may be used to determine the temperature of the exit liquid
stream,

390}

380+

370

T=366.5K

Temperature (K)

3601
x=0.42

350}

340 il J I 1
0 0.2 0.4 0.6 0.8 1.0

<! LIVE GRAPH Mole fraction of benzene (x)
- Click here to view

Figure 11.10. Boiling point diagram for benzene—toluene for Example 11.6

Solution

The fractional vaporisation = V/F = f (say)

The slope of equation 11.31 is:
(57)--()
v /o f

When f = 0.25, the slope of equation 11.31 is therefore:

—(1-0.25)/0.25 =-3.0

and the construction is made as shown in Figure 11.9 to give x = O 42 and y = O 63.

From the boiling point diagram, in Figure 11.10 the liquid temperature when x = 0.42 is seen to
be 366.5 K.

11.3.3. Rectification

In the two processes considered, the vapour leaving the still at any time is in equilibrium
with the liquid remaining, and normally there will be only a small increase in concentration
of the more volatile component. The essential merit of rectification is that it enables a
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vapour to be obtained that is substantiaily richer in the more volatile component than is
the liquid left in the still. This is achieved by an arrangement known as a fractionating
column which enables successive vaporisation and condensation to be accomplished in
one unit. Detailed consideration of this process is given in Section 11.4.

11.3.4. Batch distillation

In batch distillation, which is considered in detail in Section 11.6, the more volatile
component is evaporated from the still which therefore becomes progressively richer in
the less volatile constituent. Distillation is continued, either until the residue of the still
contains a material with an acceptably low content of the volatile material, or until the
distillate is no longer sufficiently pure in respect of the volatile content.

11.4. THE FRACTIONATING COLUMN

11.4.1. The fractionating process

The operation of a typical fractionating column may be followed by reference to
Figure 11.11. The column consists of a cylindrical structure divided into sections by

Bottoms
product (W)

Vapour
Condenser
Accumulator
b —
x e
o .;_; Cooler
£5 g ater
g % 3 ' Overhead
o product (D)
Reflux
pump
Feed
plate
Vapour
Reboiler
_l_ Steam
; Condensate
Liquid Trap
Bottoms
cooler

Figure 11.11. Continuous fractionating column with rectifying and stripping sections
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a series of perforated trays which permit the upward flow of vapour. The liquid reflux
flows across each tray, over a weir and down a downcomer to the tray below. The vapour
rising from the top tray passes to a condenser and then through an accumulator or reflux
drum and a reflux divider, where part is withdrawn as the overhead product D, and the
remainder is returned to the top tray as reflux R.

The liquid in the base of the column is frequently heated, either by condensing steam
or by a hot oil stream, and the vapour rises through the perforations to the bottom tray.
A more commonly used arrangement with an external reboiler is shown in Figure 11.11
where the liquid from the still passes into the reboiler where it flows over the tubes and
weir and leaves as the bottom product by way of a bottoms cooler, which preheats the
incoming feed. The vapour generated in the reboiler is returned to the bottom of the
column with a composition y,, and enters the bottom tray where it is partially condensed
and then revaporised to give vapour of composition y;. This operation of partial conden-
sation of the rising vapour and partial vaporisation of the reflux liquid is repeated on each
tray. Vapour of composition y; from the top tray is condensed to give the top product
D and the reflux R, both of the same composition y;. The feed stream is introduced on
some intermediate tray where the liquid has approximately the same composition as the
feed. The part of the column above the feed point is known as the rectifying section and
the lower portion is known as the stripping section. The vapour rising from an ideal tray
will be in equilibrivm with the liquid leaving, although in practice a smaller degree of
enrichment will occur.

In analysing the operation on each tray it is important to note that the vapour rising to
it, and the reflux flowing down to it, are not in equilibrium, and adequate rates of mass
and heat transfer are essential for the proper functioning of the tray.

The tray as described is known as a sieve tray and it has perforations of up to about
12 mm diameter, although there are several alternative arrangements for promoting mass
transfer on the tray, such as valve units, bubble caps and other devices described in
Section 11.10.1. In all cases the aim is to promote good mixing of vapour and liquid with
a low drop in pressure across the tray.

On each tray the system tends to reach equilibrium because:

(a) Some of the less volatile component condenses from the rising vapour into the
liquid thus increasing the concentration of the more volatile component (MVC) in
the vapour.

(b) Some of the MVC is vaporised from the liquid on the tray thus decreasing the
concentration of the MVC in the liquid.

The number of molecules passing in each direction from vapour to liquid and in
reverse is approximately the same since the heat given out by one mole of the vapour
on condensing is approximately equal to the heat required to vaporise one mole of the
liquid. The problem is thus one of equimolecular counterdiffusion, described in Volume 1,
Chapter 10. If the molar heats of vaporisation are approximately constant, the flows of
liquid and vapour in each part of the column will not vary from tray to tray. This is the
concept of constant molar overflow which is discussed under the heat balance heading in
Section 11.4.2. Conditions of varying molar overflow, arising from unequal molar latent
heats of the components, are discussed in Section 11.5.
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In the arrangement discussed, the feed is introduced continuously to the column and
two product streams are obtained, one at the top much richer than the feed in the MVC
and the second from the base of the column weaker in the MVC, For the separation of
small quantities of mixtures, a batch still may be used. Here the column rises directly
from a large drum which acts as the still and reboiler and holds the charge of feed. The
trays in the column form a rectifying column and distillation is continued until it is no
longer possible to obtain the desired product quality from the column. The concentration
of the MVC steadily falls in the liquid remaining in the still so that enrichment to the
desired level of the MVC is not possible. This problem is discussed in more detail in
Section 11.6.

A complete unit will normally consist of a feed tank, a feed heater, a column with
boiler, a condenser, an arrangement for returning part of the condensed liquid as reflux,
and coolers to cool the two products before passing them to storage. The reflux liquor may
be allowed to flow back by gravity to the top plate of the column or, as in larger units,
it is run back to a drum from which it is pumped to the top of the column. The control
of the reflux on very small units is conveniently effected by hand-operated valves, and
with the larger units by adjusting the delivery from a pump. In many cases the reflux is
divided by means of an electromagnetically operated device which diverts the top product
either to the product line or to the reflux line for controlled time intervals.

11.4.2. Number of plates required in a distillation column

In order to develop a method for the design of distillation units to give the desired fraction-
ation, it is necessary, in the first instance, to develop an analytical approach which enables
the necessary number of trays to be calculated. First the heat and material flows over
the trays, the condenser, and the reboiler must be established. Thermodynamic data are
required to establish how much mass transfer is needed to establish equilibrium between
the streams leaving each tray. The required diameter of the column will be dictated by
the necessity to accommodate the desired flowrates, to operate within the available drop
in pressure, while at the same time effecting the desired degree of mixing of the streams
on each tray.

Four streams are involved in the transfer of heat and material across a plate, as shown
in Figure 11.12 in which plate n receives liquid L,; from plate n + 1 above, and vapour
Vn-1 from plate n — 1 below. Plate n supplies liquid L, to plate n — 1, and vapour V, to
plate n + 1.

The action of the plate is to bring about mixing so that the vapour V,, of composition
¥n» approaches equilibrium with the liquid L,, of composition x,. The streams L, and
Va1 cannot be in equilibrium and, during the interchange process on the plate, some of the
more volatile component is vaporised from the liquid L,, decreasing its concentration
to x,, and some of the less volatile component is condensed from V,_;, increasing the
vapour concentration to y,. The heat required to vaporise the more volatile component
from the liquid is supplied by partial condensation of the vapour V,_;. Thus the resulting
effect is that the more volatile component is passed from the liquid running down the
column to the vapour rising up, whilst the less volatile component is transferred in the
opposite direction.
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I Vn+1
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Ln+1 l
ol

Ln-1 l

Figure 11.12. Material balance over a plate

Plate n

I /=
Plate (n-1)

Heat balance over a plate

A heat balance across plate » may be written as:
Lo HE | + Voo tHY | = V,HY + L,HF + losses + heat of mixing (11.32)

where: H,,L is the enthalpy per mole of the liquid on plate n, and
HY is the enthalpy per mole of the vapour rising from plate n.

This equation is difficult to handle for the majority of mixtures, and some simplifying
assumptions are usually made. Thus, with good lagging, the heat losses will be small
and may be neglected, and for an ideal system the heat of mixing is zero. For such
mixtures, the molar heat of vaporisation may be taken as constant and independent of the
composition. Thus, one mole of vapour V,_; on condensing releases sufficient heat to
liberate one mole of vapour V,,. It follows that V,, = V,,_;, so that the molar vapour flow
is constant up the column unless material enters or is withdrawn from the section. The
temperature change from one plate to the next will be small, and HX may be taken as
equal to H,,L+1. Applying these simplifications to equation 11.32, it is seen that L, = L, 1,
so that the moles of liquid reflux are also constant in this section of the column. Thus
V. and L, are constant over the rectifying section, and V,, and L,, are constant over the
stripping section.

For these conditions there are two basic methods for determining the number of plates
required. The first is due to SoreL®>) and later modified by Lewis®®®, and the second is due
to McCage and THiELE?®”. The Lewis method is used here for binary systems, and also in
Section 11.7.4 for calculations involving multicomponent mixtures. This method is also
the basis of modern computerised methods. The McCabe—Thiele method is particularly
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important since it introduces the idea of the operating line which is an important common
concept in multistage operations. The best assessment of these methods and their various
applications is given by UnpErwooD@®,

When the molar heat of vaporisation varies appreciably and the heat of mixing is
no longer negligible, these methods have to be modified, and alternative techniques are
discussed in Section 11.5.

Calculation of number of plates using the Lewis-Sorel method

If a unit is operating as shown in Figure 11.13, so that a binary feed F is distilled to give
a top product D and a bottom product W, with x¢, x4, and x,, as the corresponding mole
fractions of the more volatile component, and the vapour V; rising from the top plate is
condensed, and part is run back as liquid at its boiling point to the column as reflux, the
remainder being withdrawn as product, then a material balance above plate n, indicated
by the loop I in Figure 11.13 gives:

Va=Ly1+D (11.33)
’/’ ----------------- ‘\\\
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Figure 11.13. Material balances at top and bottom of column

Expressing this balance for the more volatile component gives:

YnVn = Lpg1Xp41 + Dxg

L D
Pt et + —xg (11.34)

Thus: =
Yn 7 v,

This equation relates the composition of the vapour rising to the plate to the composition
of the liquid on any plate above the feed plate. Since the molar liquid overflow is constant,
L, may be replaced by L,.; and:

L, D
Yn = ann+l + and (11.35)
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Similarly, taking a material balance for the total streams and for the more volatile
component from the bottom to above plate m, as indicated by the loop II in Figure 11.13,
and noting that L,, = L, gives:

Ly=Vp+W (11.36)
and: YmVin = LinXme1 — Wixy,
L w
Thus: Vm = fo,,,ﬂ ~ (11.37)

This equation, which is similar to equation 11.35, gives the corresponding relation
between the compositions of the vapour rising to a plate and the liquid on the plate, for the
section below the feed plate. These two equations are the equations of the operating lines.

In order to calculate the change in composition from one plate to the next, the
equilibrium data are used to find the composition of the vapour above the liquid, and
the enrichment line to calculate the composition of the liquid on the next plate. This
method may then be repeated up the column, using equation 11.37 for sections below the
feed point, and equation 11.35 for sections above the feed point.

Example 11.7

A mixture of benzene and toluene containing 40 mole per cent benzene is to be separated to give a
product containing 90 mole per cent benzene at the top, and a bottom product containing not more
than 10 mole per cent benzene. The feed enters the column at its boiling point, and the vapour
leaving the column which is condensed but not cooled, provides reflux and product. It is proposed
to operate the unit with a reflux ratio of 3 kmol/kmol product. It is required to find the number
of theoretical plates needed and the position of entry for the feed. The equilibrium diagram at
100 kN/m? is shown in Figure 11.14.

Solution
For 100 kmol of feed, an overall mass balance gives:
100=D+ W
A balance on the MVC, benzene, gives:

(100x04)=09D+01W
Thus: 40 =0.9(100 - W)+ 0.1 W
and: W =625 and D = 37.5 kmol

Using the notation of Figure 11.13 then:

L,=3D=1125
and: Vo=L,+ D =150
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Figure 11.14. Calculation of the number of plates by the Lewis—Sorel method for Example 11.7

Thus, the top operating line from equation 11.35 is:
(125 + (375 x 0.9
7 =\T150 ) 150
or: Vn = 0.75x,+1 + 0.225 (i)

Since the feed is all liquid at its boiling point, this will all run down as increased reflux to the plate
below.

Thus: L,=L,+F
= (112.5 4+ 100) = 212.5
Also: Vo=L,—-W
=2125-625=150=V,
Thus: Vi = (21152—05) Xnsl — (%) x 0.1 (equation 11.37)
or: Ym = 1.415x,,,; — 0.042 (i)

With the two equations (i) and (ii) and the equilibrium curve, the composition on the various
plates may be calculated by working either from the still up to the condenser, or in the reverse
direction. Since all the vapour from the column is condensed, the composition of the vapour y,
from the top plate must equal that of the product x,, and that of the liquid returned as reflux x,.
The composition x, of the liquid on the top plate is found from the equilibrium curve and, since it
is in equilibrium with vapour of composition, y, = 0.90, x, = 0.79.
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The value of y,_; is obtained from equation (i) as:

-1 = (0.75 x 0.79) + 0.225 = (0.593 4+ 0.225) = 0.818
X, is obtained from the equilibrium curve as 0.644
-2 = (0.75 x 0.644) + 0.225 = (0.483 + 0.225) = 0.708
X, from equilibrium curve = 0.492
Y3 = (0.75 x 0.492) 4 0.225 = (0.369 + 0.225) = 0.594

X,—3 from the equilibrium curve = 0.382

This last value of composition is sufficiently near to that of the feed for the feed to be introduced
on plate (¢t — 3). For the lower part of the column, the operating line equation (ii) will be used.

Thus: ¥4 = (1.415 x 0.382) — 0.042 = (0.540 — 0.042) = 0.498
X4 from the equilibrium curve = 0.298

yi—s = (1.415 x 0.298) — 0.042 = (0.421 — 0.042) = 0.379
x;s from the equilibrium curve = 0.208

Y- = (1.415 x 0.208) — 0.042 = (0.294 — 0.042) = 0.252
x;—¢ from the equilibrium curve = 0.120

¥yi—7 = (1.415 x 0.120) — 0.042 = (0.169 — 0.042) = 0.127

x,—7 from the equilibrium curve = 0.048

This liquid x,_7 is slightly weaker than the minimum required and it may be withdrawn as the
bottom product. Thus, x,_; will correspond to the reboiler, and there will be seven plates in the

column.

The method of McCabe and Thiele

The simplifying assumptions of constant molar heat of vaporisation, no heat losses, and
no heat of mixing, lead to a constant molar vapour flow and a constant molar reflux
flow in any section of the column, that is V,, = V,,41, L, = L,, and so on. Using these
simplifications, the two enrichment equations are obtained:

L D
Yn = T/’njxn+l + and (equation 11.35)
L w
and: Vm = —= Xl — —— Xy (equation 11.37)
Vin Vin

These equations are used in the Lewis—Sorel method to calculate the relation between
the composition of the liquid on a plate and the composition of the vapour rising to that
plate. McCasE and TuieLE®?” pointed out that, since these equations represent straight
lines connecting y, with x, and y,, with x,.1, they can be drawn on the same diagram
as the equilibrium curve to give a simple graphical solution for the number of stages
required. Thus, the line of equation 11.35 will pass through the points 2, 4 and 6 shown
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in Figure 11.14, and similarly the line of equation 11.37 will pass through points 8, 10,
12 and 14.
If x,41 = x4 in equation 11.35, then:

Vn = %xd + -‘-/D:xd = X4 (11.38)
and this equation represents a line passing through the point y, = x,+1 = x4. If x4
is put equal to zero, then y, = Dxy/V,, giving a second easily determined point. The
top operating line is therefore drawn through two points of coordinates (x4, xz) and
(0, (Dxa/ V).

For the bottom operating line, equation 11.30, if x,,4; =x,, then:

Y = %xw -~ Vlmxw (11.39)

Since V,, = L,, — W, it follows that y, = x,,. Thus the bottom operating line passes
through the point C, that is (x,, xy,), and has a slope L,,/V,,. When the two operating
lines have been drawn in, the number of stages required may be found by drawing steps
between the operating line and the equilibrium curve starting from point A.

This method is one of the most important concepts in chemical engineering and is an
invaluable tool for the solution of distillation problems. The assumption of constant molar
overflow is not limiting since in very few systems do the molar heats of vaporisation differ
by more than 10 per cent. The method does have limitations, however, and should not
be employed when the relative volatility is less than 1.3 or greater than S, when the
reflux ratio is less than 1.1 times the minimum, or when more than twenty-five theoretical
trays are required’?, In these circumstances, the Ponchon—Savarit method described in
Section 11.5 should be used.

Example 11.8. The McCabe-Thiele Method
Example 11.7 is now worked using this method. Thus, with a feed composition, x; = 0.4, the top

composition, x, is to have a value of 0.9 and the bottom composition, x,, is to be 0.10. The refiux
ratio, L,/D = 3.

Solution
a) From a material balance for a feed of 100 kmol:
V. =V, =150; L, = 112.5; L,, = 212.5; D = 37.5 and W = 62.5 kmol

b) The equilibrium curve and the diagonal line are drawn in as shown in Figure 11.15.
¢) The equation of the top operating line is:

Yn = 0.75%,4 + 0.225 @)

Thus, the line AB is drawn through the two points A (0.9, 0.9) and B (0, 0.225).
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d) The equation of the bottom operating line is:
Ym = 1.415x,,41 — 0.042 (ii)

This equation is represented by the line CD drawn through C (0.1, 0.1) at a slope of 1.415.

e) Starting at point A, the horizontal line is drawn to cut the equilibrium line at point 1. The
vertical line is dropped through 1 to the operating line at point 2 and this procedure is repeated to
obtain points 3-6.

f) A horizontal line is drawn through point 6 to cut the equilibrium line at point 7 and a vertical
line is drawn through point 7 to the lower enrichment line at point 8. This procedure is repeated
in order to obtain points 9-16.

g) The number of stages are then counted, that is points 2, 4, 6, 8, 10, 12, and 14 which gives
the number of plates required as 7.

Enrichment in still and condenser

Point 16 in Figure 11.15 represents the concentration of the liquor in the still. The concen-
tration of the vapour is represented by point 15, so that the enrichment represented by the
increment 16—15 is achieved in the boiler or still body. Again, the concentration on the
top plate is given by point 2, but the vapour from this plate has a concentration given by
point 1, and the condenser by completely condensing the vapour gives a product of equal
concentration, represented by point A, The still and condenser together, therefore, provide
enrichment (16 — 15) 4+ (1 — A), which is equivalent to one ideal stage. Thus, the actual
number of theoretical plates required is one less than the number of stages shown on the
diagram. From a liquid in the stili, point 16 to the product, point A, there are eight steps,
although the column need only contain seven theoretical plates.
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Figure 11.15. Determination of number of plates by the McCabe-Thiele method (Example 11.8)
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The intersection of the operating lines

It is seen from the example shown in Figure 11.15 in which the feed enters as liquid at its
boiling point that the two operating lines intersect at a point having an X-coordinate of xy.
The locus of the point of intersection of the operating lines is of considerable importance
since, as will be seen, it is dependent on the temperature and physical condition of
the feed.

If the two operating lines intersect at a point with coordinates (x,, y;), then from
equations 11.35 and 11.37:

ViYe = LnXy + Dxy (11.40)
and: ViYq = Linxy — Wx,, (11.41)
or: Yg(Vim = Vo) = (Lm — L)xy — (Dxa + Wx,,) (11.42)

A material balance over the feed plate gives:

F+L,+Vya=L,+V,
or: Vo —Vu=Lp~L,—F (11.43)

To obtain a relation between L, and L, it is necessary to make an enthalpy balance
over the feed plate, and to consider what happens when the feed enters the column. If the
feed is all in the form of liquid at its boiling point, the reflux L,, overflowing to the plate
below will be L, + F. If however the feed is a liquid at a temperature T, that is less
than the boiling point, some vapour rising from the plate below will condense to provide
sufficient heat to bring the feed liquor to the boiling point.

If Hy is the enthalpy per mole of feed, and Hy, is the enthalpy of one mole of feed
at its boiling point, then the heat to be supplied to bring feed to the boiling point is
F(Hg; — Hy), and the number of moles of vapour to be condensed to provide this heat
is F(Hys — Hr)/A, where A is the molar latent heat of the vapour.

The reflux liquor is then:

F(H;, — H
Lm=L,.+F+(—"’\——Q
A —
=Ln+p(.iﬂ‘_s__ﬁfi)
py
=L, +qF (11.44)

_ heat to vaporise 1 mole of feed
" molar latent heat of the feed

where:

Thus, from equation 11.43:
Voo = Vuo=¢qF - F (11.45)

A material balance of the more volatile component over the whole column gives:

Fxy = Dxg+ Wx,,
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Thus, from equation 11.42:
F(g -1y, =qFx, — Fxs

. {9 Y
or: yq—-(q_l)xq (q—l) (11.46)

This equation is commonly known as the equation of the g-line. If x, = xf, then
¥q = x7. Thus, the point of intersection of the two operating lines lies on the straight line
of slope g/(q — 1) passing through the point (x;, x). When y, = 0, x, = xr/q. The line
may thus be drawn through two easily determined points. From the definition of g, it
follows that the slope of the g-line is governed by the nature of the feed as follows.

(a) Cold feed as liquor qg>1 g line /
(b) Feed at boiling point g=1 q line |
(c) Feed partly vapour 0<g<l g line \
(d) Feed saturated vapour g=0 q line —
(e) Feed superheated vapour qg <0 q line /

These various conditions are indicated in Figure 11.16.

g g
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Figure 11.16. Effect of the condition of the feed on the intersection of the operating lines for a fixed reflux
ratio

Altering the slope of the g-line will alter the liquid concentration at which the two
operating lines cut each other for a given reflux ratio. This will mean a slight alteration in
the number of plates required for the given separation. Whilst the change in the number
of plates is usually rather small, if the feed is cold, there will be an increase in reflux fiow
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below the feed plate, and hence an increased heat consumption from the boiler per mole
of distillate.

11.4.3. The importance of the reflux ratio

Influence on the number of plates required

The ratio L,/ D, that is the ratio of the top overflow to the quantity of product, is denoted
by R, and this enables the equation of the operating line to be expressed in another way,
which is often more convenient. Thus, introducing R in equation 11.35 gives:

L, D
= it + 11.
In (L,,+ )x 1 (L,,+D)xd (11.47)

R Xd

Any change in the reflux ratio R will therefore modify the slope of the operating line
and, as may be seen from Figure 11.15, this will alter the number of plates required
for a given separation. If R is known, the top line is most easily drawn by joining
point A (x4, x4) to B (0, x4/(R + 1)) as shown in Figure 11.17. This method avoids the
calculation of the actual flow rates L, and V,, when the number of plates only is to be
estimated.
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Figure 11.17. Influence of reflux ratio on the number of plates required for a given separation

If no product is withdrawn from the still, that is D = 0, then the column is said to
operate under conditions of total reflux and, as seen from equation 11.47, the top operating
line has its maximum slope of unity, and coincides with the line x = y. If the reflux ratio
is reduced, the slope of the operating line is reduced and more stages are required to pass
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from xf to xz, as shown by the line AK in Figure 11.17. Further reduction in R will
eventually bring the operating line to AE, where an infinite number of stages is needed to
pass from x; to xy. This arises from the fact that under these conditions the steps become
very close together at liquid compositions near to xy, and no enrichment occurs from the
feed plate to the plate above. These conditions are known as minimum reflux, and the
reflux ratio is denoted by R,,. Any small increase in R beyond R,, will give a workable
system, although a large number of plates will be required. It is important to note that
any line such as AG, which is equivalent to a smaller value of R than R,,, represents
an impossible condition, since it is impossible to pass beyond point G towards x;. Two
important deductions may be made. Firstly that the minimum number of plates is required
for a given separation at conditions of total reflux, and secondly that there is a minimum
reflux ratio below which it is impossible to obtain the desired enrichment, however many
plates are used.

Calculation of the minimum reflux ratio

Figure 11.17 represents conditions where the g-line is vertical, and the point E lies on
the equilibrium curve and has co-ordinates (xy, yr). The slope of the line AE is then

given by:
(231 =(3=2)
R,+1 Xq4 — Xf
or: R, = (u) (11.49)
Yr = Xr

If the g-line is horizontal as shown in Figure 11.18, the enrichment line for minimum
reflux is given by AC, where C has coordinates (x., y.). Thus:

(m57)=(5=%)
R,+1 X4 — X;

or, since y. = x: Rp = (’;" :f) = (i‘; :’;f) (11.50)
c (4 c

Underwood and Fenske equations

For ideal mixtures, or where over the concentration range concerned the relative volatility
may be taken as constant, R,, may be obtained analytically from the physical properties
of the system as discussed by UNDERW0oOD®®). Thus, if x,4 and x, 5 are the mole fractions
of two components A and B in the liquid on any plate n, then a material balance over
the top portion of the column above plate n gives:

VaYna = LaXe1a + Dxgga (11.51D)

and:
VaYnB = LuX(ninyp + Dxgp (11.52)
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Figure 11.18. Minimum refiux ratio with feed as saturated vapour

Under conditions of minimum reflux, a column has to have an infinite number of plates,
or alternatively the composition on plate n is equal to that on plate n + 1. Dividing
equation 11.51 by equation 11.52 and using the relations X, 41)4 = Xn4 and X(u41)8 = XnB,
then:

QXnA __JnA Lyxna + Dxga

XnB YnB  LuXnp + Dxap

L, 1
Thus: R, = (—) = [xd—" —a (""—Bﬂ (11.53)
D min a—1 XnA XnB

In this analysis, « is taken as the volatility of A relative to B. There is, in general,
therefore a different value of R,, for each plate. In order to produce any separation of the
feed, the minimum relevant value of R,, is that for the feed plate, so that the minimum
reflux ratio for the desired separation is given by:

1
R, = [idi _aﬁfﬁ] (11.54)
(a - 1) XrA XfB
For a binary system, this becomes:
1 xga (1 —di)]
R —_— o« 11.55
"=@-D [fo %0 (119

This relation may be obtained by putting y = ax/[1 + (@ — 1)x] from equation 11.15,
in equation 11.49 to give:

x ( axs )
= —L
1+ (@ - Dxy 1 [xd a(l—xd)] (11.56)

R, =
axy _ (oz -1) (1 —x5)
(1+<a- 1)xf> gl
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The number of plates at total reflux. Fenske’s method

For conditions in which the relative volatility is constant, FEnske?? derived an equation
for calculating the required number of plates for a desired separation. Since no product
is withdrawn from the still, the equations of the two operating lines become:

Yn = Xp+1 and Y, = Xmyi (11.57)

If for two components A and B, the concentrations in the still are x;4 and x,3p, then
the composition on the first plate is given by:

()= )=« (),

where the subscript outside the bracket indicates the plate, and s the still.

For plate 2: (ﬁ) = (y—A) =a (ﬁ) = o (x—A)
XB /2 YB/1 XB/1 XB /s

and for plate n:
(2).-() ()
—_— ={— = @003 ...0p_ 10} —
XB/n YB/n-1 XB /s

If an average value of « is used, then:
x x
XB/n XB/s
In most cases total condensation occurs in the condenser, so that:
XA YA XA XA
XB /4 YB/n XB/n XB /s
log|{ — —
XB/)4 \XA /s

n+1=
log cray

(11.58)

and n is the required number of theoretical plates in the column.

It is important to note that, in this derivation, only the relative volatilities of two
components have been used. The same relation may be applied to two components of a
multicomponent mixture, as is seen in Section 11.7.6.

Example 11.9

For the separation of a mixture of benzene and toluene, considered in Example 11.7, x; = 0.9,
xy = 0.1, and x; = 0.4. If the mean volatility of benzene relative to toluene is 2.4, what is the
number of plates required at total reflux?
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Solution

The number of plates at total reflux is given by:

| (51) (51)
0.1/\0.1/] =50 (equation 11.58)

log2.4

n+1l=

Thus the number of theoretical plates in the column is 4, a value which is independent of the

feed composition.
If the feed is liquid at its boiling point, then the minimum reflux ratio R,, is given by:

R, = — [fi - a(—l-:’i)] (equation 11.56)
a—1 Xf (1 - xf)
_ 109 (@4x0.1)
24-104 0.6
=1.32

Using the graphical construction shown in Figure 11.18, with y; = 0.61, the value of R, is:

_xa=y _09-06h) _ Lo

R yr—x; (0.6l —04) ==

Selection of economic reflux ratio

The cost of a distillation unit includes the capital cost of the column, determined largely
by the number and diameter of the plates, and the operating costs, determined by the steam
and cooling water requirements. The depreciation charges may be taken as a percentage
of the capital cost, and the two together taken as the overall charges. The steam required
will be proportional to V,,, which may be taken as V,, where the feed is liquid at its boiling
point. From a material balance over the top portion of the column, V, = D(R + 1), and
hence the steam required per mole of product is proportional to (R + 1). This will be a
minimum when R equals R,,, and will steadily rise as R is increased. The relationship
between the number of plates n and the reflux ratio R, as derived by GrLiLaND®?, is
discussed in Section 11.7.7.

The reduction in the required number of plates as R is increased beyond R,, will tend
to reduce the cost of the column. For a column separating a benzene—toluene mixture, for
example, where xy = 0.79, x4 = 0.99 and x,, = 0.01, the numbers of theoretical plates
as given by the McCabe—Thiele method for various values of R are given as follows.
The minimum reflux ratio for this case is 0.81.

Reflux ratio R 0.81 0.9 1.0 1.1 1.2
Number of plates 00 25 22 19 18

Thus, an increase in R, at values near R,,, gives a marked reduction in the number of
plates, although at higher values of R, further increases have little effect on the number
of plates. Increasing the reflux ratio from R,, therefore affects the capital and operating
costs of a column as follows:
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(a) The operating costs rise and are approximately proportional to (R 4 1).

(b) The capital cost initially falls since the number of plates falls off rapidly at this
stage.

(c) The capital cost rises at high values of R, since there is then only a very small
reduction in the number of plates, although the diameter, and hence the area, contin-
ually increases because the vapour load becomes greater. The associated condenser
and reboiler will also be larger and hence more expensive.

The total charges may be obtained by adding the fixed and operating charges as shown
in Figure 11.19, where curve A shows the steam costs and B the fixed costs. The final
total is shown by curve C which has a minimum value corresponding to the economic
reflux ratio. There is no simple relation between R, and the optimum value, although
practical values are generally 1.1-1.5 times the minimum, with much higher values being
employed, particularly in the case of vacuum distillation. It may be noted that, for a fixed
degree of enrichment from the feed to the top product, the number of trays required
increases rapidly as the difficulty of separation increases, that is as the relative volatility
approaches unity. A demand for a higher purity of product necessitates a very considerable
increase in the number of trays, particularly when o is near unity. In these circumstances
only a limited improvement in product purity may be obtained by increasing the reflux
ratio. The designer must be careful to consider the increase in cost of plant resulting from
specification of a higher degree of purity of production and at the same time assess the
highest degree of purity that may be obtained with the proposed plant.

C

|

|

{ Total cost

i

: A
g = @“dﬁ\ B

[ =)

|

!

Capital cost
: [~ Economic refiux ratio
1
Rmin
Reflux ratio

Figure 11.19. Influence of reflux ratio on capital and operating costs of a still

In general, the greater the reflux ratio, the lower is the number of plates or transfer
units required although the requirements of steam in the reboiler and cooling water in
the condenser are both increased and a column of larger diameter is required in order
to achieve acceptable vapour velocities. An optimum value of the reflux ratio may be
obtained by using the following argument which is based on the work of CoLBURNGD,
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The annual capital cost of a distillation column, ¢, per mole of distillate, including
depreciation, interest and overheads, may be written as:

¢ = caAn/(Et, D) (11.59)

where c, is the annual cost of the column per unit area of plate, A is the cross-sectional
area of the column, » is the number of theoretical plates, E is the plate efficiency, ¢, is the
annual period of operation and D is the molar flowrate of distillate. The cross-sectional
area of the column is given by:

A=V/ (11.60)

where V is the molar flow of vapour and «’ is the allowable molar vapour velocity per
unit area. Since V = D(R + 1), where R is the reflux ratio, then the cost of the column is:

¢c =cgn(R + 1)/(Etu’) (11.61)

The annual cost of the reboiler and the condenser, ¢, per mole of distillate may be
written as:
ch = CpAp/(t,D) (11.62)

where ¢, is the annual cost of the heat exchange equipment per unit area including
depreciation and interest and Ay is the area for heat transfer. Ay = V/N” where N” is
the vapour handling capacity of the boiler and condenser in terms of molar flow per unit
area. Thus A, = D(R + 1)/N"” and the cost of the reboiler and the condenser is:

ch =cr(R+1)/(t;N") (11.63)

As far as operating costs are concerned, the important annual variable costs are that of
the steam in the reboiler and that of the cooling water in the condenser. These may be
written as:

cw=¢cqV/D=c3(R+1) (11.64)

where ¢, is the annual cost of the steam and the cooling water. The total annual cost, ¢
per mole of distillate, is the cost of the steam and the cooling water plus the costs of the
column, reboiler and condenser, or:

¢ = (R + Dl(can/Etau) + (cs/1aN") + c4l (11.65)

As the number of plates, n, is a function of R, equation 11.65 may be differentiated with
respect to R to give:

dc/dR = can/(Et, V') + [(ca/ (Etau'))(R + 1)dn/dR] + cp/(t,N”) + ¢4 (11.66)
Equating to zero for minimum cost, the optimum value of the reflux ratio is:
Ropt + 1 = (nopt + F)/(—dn/dR) (11.67)

where noy is the optimum number of theoretical plates corresponding to Ry and the cost
factor, F, is:
F = [cq + cp/(ta N)(Etau) /4] (11.68)
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Because there is no simple equation relating n-and dn/dR, it is not possible to obtain an
expression for Ry although a method of solution is given in the Example 11.18 which
is based on the work of Harker*?.

In practice, values of 110—150 per cent of the minimum reflux ratio are used although
higher values are sometimes employed particularly in vacuum distillation. Where a high
purity product is required, only limited improvements can be obtained by increasing the
reflux ratio and since there is a very large increase in the number of trays required, an
arrangement by which the minimum acceptable purity is achieved in the product is usually
adopted.

11.4.4. Location of feed point in a continuous still

From Figure 11.20 it may be seen that, when stepping off plates down the top operating
line AB, the bottom operating line CE cannot be used until the value of x, on any plate is
less than x,.. Again it is essential to pass to the lower line CE by the time x, = x;. The best
conditions are those where the minimum number of plates is used. From the geometry of
the figure, the largest steps in the enriching section occur down to the point of intersection
of the operating lines at x = x,. Below this value of x, the steps are larger on the lower
operating line. Thus, although the column will operate for a feed composition between x,
and xp, the minimum number of plates will be required if x; = x,. For a binary mixture
at its boiling point, this is equivalent to making xy equal to the composition of the liquid
on the feed plate.

Mole fraction of more volatile component in vapour (y)

Mole fraction of more volatile component in liquid (x)
Figure 11.20. Location of feed point

11.4.5. Multiple feeds and sidestreams

In general, a sidestream is defined as any product stream other than the overhead product
and the residue such as the streams S', $”, and S” in Figure 11.21. In a similar way,
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Figure 11.21. Column with multiple feeds and sidestreams

F; and F, are separate feed streams to the column. Sidestreams are most often removed
with multicomponent systems, although they may be used with binary mixtures. A binary
system is now considered, with one sidestream, as shown in Figure 11.22. §’ represents
the rate of removal of the sidestream and x its composition.
Assuming constant molar overflow, then for the part of the column above the sidestream
the operating line is given by:
L,l Dxd

Yn = ann+1 + V.

(equation 11.35)

as before. Balances for the part of the tower above a plate between the feed plate and the
sidestream give:

Vi=L,+S +D (11.69)

and: ViVn = LoXpr1 + 8%y + Dxyg (11.70)
S'xg + Dx,

Thus: e Sl 1171

us In st +1 7 ( )

Since the sidestream is normally removed as a liquid, L; = (L, — §') and V, = V,,.
The line represented by equation 11.35 has a slope L,/ V, and passes through the point
(x4, x4). Equation 11.71 represents a line of slope L,/ V;, which passes through the point
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Figure 11.22. Column with a sidestream
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Figure 11.23. Effect of a sidestream
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CHAPTER 12

Absorption of Gases

12.1. INTRODUCTION

The removal of one or more selected components from a mixture of gases by absorption
into a suitable liquid is the second major operation of chemical engineering that is based
on interphase mass transfer controlled largely by rates of diffusion. Thus, acetone can be
recovered from an acetone—air mixture by passing the gas stream into water in which
the acetone dissolves while the air passes out. Similarly, ammonia may be removed from
an ammonia—air mixture by absorption in water. In each of these examples the process
of absorption of the gas in the liquid may be treated as a physical process, the chemical
reaction having no appreciable effect. When oxides of nitrogen are absorbed in water to
give nitric acid, however, or when carbon dioxide is absorbed in a solution of sodium
hydroxide, a chemical reaction occurs, the nature of which influences the actual rate
of absorption. Absorption processes are therefore conveniently divided into two groups,
those in which the process is solely physical and those where a chemical reaction is
occurring. In considering the design of equipment to achieve gas absorption, the main
requirement is that the gas should be brought into intimate contact with the liquid, and
the effectiveness of the equipment will largely be determined by the success with which
it promotes contact between the two phases. The general form of equipment is similar to
that described for distillation in Chapter 11, and packed and plate towers are generally
used for large installations. The method of operation, as will be seen later, is not the
same. In absorption, the feed is a gas introduced at the bottom of the column, and the
solvent is fed to the top, as a liquid; the absorbed gas and solvent leave at the bottom, and
the unabsorbed components leave as gas from the top. The essential difference between
distillation and absorption is that in the former the vapour has to be produced in each
stage by partial vaporisation of the liquid which is therefore at its boiling point, whereas
in absorption the liquid is well below its boiling point. In distillation there is a diffusion
of molecules in both directions, so that for an ideal system equimolecular counterdif-
fusion takes place, though in absorption gas molecules are diffusing into the liquid, with
negligible transfer in the reverse direction, as discussed in Volume 1, Chapter 10. In
general, the ratio of the liquid to the gas flowrate is considerably greater in absorption
than in distillation with the result that layout of the trays is different in the two cases.
Furthermore, with the higher liquid rates in absorption, packed columns are much more
commonly used. '

656
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12.2. CONDITIONS OF EQUILIBRIUM BETWEEN
LIQUID AND GAS

When two phases are brought into contact they eventually reach equilibrium. Thus, water
in contact with air evaporates until the air is saturated with water vapour, and the air is
absorbed by the water until it becomes saturated with the individual gases. In any mixture
of gases, the degree to which each gas is absorbed is determined by its partial pressure.
At a given temperature and concentration, each dissolved gas exerts a definite partial
pressure. Three types of gases may be considered from this aspect— a very soluble one,
such ds ammonia, a moderately soluble one, such as sulphur dioxide, and a slightly soluble
one, such as oxygen. The values in Table 12.1 show the concentrations in kilograms per
1000 kg of water that are required to develop a partial pressure of 1.3, 6.7, 13.3, 26.7,
and 66.7 kN/m? at 303 K. It may be seen that a slightly soluble gas requires a much
higher partial pressure of the gas in contact with the liquid to give a solution of a given
concentration. Conversely, with a very soluble gas a given concentration in the liquid
phase is obtained with a lower partial pressure in the vapour phase. At 293 K a solution
of 4 kg of sulphur dioxide per 1000 kg of water exerts a partial pressure of 2.7 kN/m?. If
a gas is in contact with this solution with a partial pressure SO, greater than 2.7 kN/m?,
sulphur dioxide will be absorbed. The most concentrated solution that can be obtained
is that in which the partial pressure of the solute gas is equal to its partial pressure in
the gas phase. These equilibrium conditions fix the limits of operation of an absorption
unit. Thus, in an ammonia—air mixture containing 13.1 per cent of ammonia, the partial
pressure of the ammonia is 13.3 kN/m? and the maximum concentration of the ammonia
in the water at 303 K is 93 kg per 1000 kg of water. '

Table 12.1. Partial pressures and concentrations of aqueous solutions of
gases at 303 K

Pal.rtial. pressurﬁ of Concentration of solute in water kg/1000 kg water
solute in gas phase - —
(kN/m?) Ammonia Sulphur dioxide Oxygen
13 11 1.9 —
6.7 50 6.8 —
133 93 12 0.008
26.7 160 244 0.013
66.7 315 56 0.033

Whilst the solubility of a gas is not substantially affected by the total pressure in the
system for pressures up to about 500 kN/m?, it is important to note that the solubility falls
with a rise of temperature. Thus, for a concentration of 25 per cent by mass of ammonia
in water, the equilibrium partial pressure of the ammonia is 30.3 kN/m? at 293 K and
46.9 kN/m? at 303 K.

In many instances the absorption is accompanied by the evolution of heat, and it is
therefore necessary to fit coolers to the equipment to keep the temperature sufficiently
low for an adequate degree of absorption to be obtained.
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For dilute concentrations of most gases, and over a wide range for some gases, the
equilibrium relationship is given by Henry’s law. This law, as used in Chapter 11, can
be written as:

Py = H#Cy (12.1)

where: P4 is the partial pressure of the component A in the gas phase,
C, is the concentration of the component in the liquid, and
# is Henry’s constant.

12.3. THE MECHANISM OF ABSORPTION

12.3.1. The two-film theory

The most useful concept of the process of absorption is given by the two-film theory
due to Wurrman®, and this is explained fully in Volume 1, Chapter 10. According to
this theory, material is transferred in the bulk of the phases by convection currents, and
concentration differences are regarded as negligible except in the vicinity of the interface
between the phases. On either side of this interface it is supposed that the currents die out
and that there exists a thin film of fluid through which the transfer is effected solely by
molecular diffusion. This film will be slightly thicker than the laminar sub-layer, because
it offers a resistance equivalent to that of the whole boundary layer. According to Fick’s
law (Volume 1, equation 10.1) the rate of transfer by diffusion is proportional to the
concentration gradient and to the area of interface over which the diffusion is occurring.
Fick’s law is limited to cases where the concentration of the absorbed component is low.
At high concentrations, bulk flow occurs and the mass transfer rate, which is increased by
a factor Cr/Cg, is governed by Stefan’s law, equation 12.2. Under these circumstances,
the concentration gradient is no longer constant throughout the film and the lines AB and
DE are curved. This question has been discussed in Chapter 10 of Volume 1, but some
of the important features will be given here.

The direction of transfer of material across the interface is not dependent solely on the
concentration difference, but also on the equilibrium relationship. Thus, for a mixture of
ammonia or hydrogen chloride and air which is in equilibrium with an aqueous solution,
the concentration in the water is many times greater than that in the air. There is, therefore,
a very large concentration gradient across the interface, although this is not the controlling
factor in the mass transfer, as it is generally assumed that there is no resistance at the
interface itself, where equilibrium conditions will exist. The controlling factor will be the
rate of diffusion through the two films where all the resistance is considered to lie. The
change in concentration of a component through the gas and liquid phases is illustrated
in Figure 12.1. P4 represents the partial pressure in the bulk of the gas phase and P,;
the partial pressure at the interface. C4; is the concentration in the bulk of the liquid
phase and Cy4; the concentration at the interface. Thus, according to this theory, the
concentrations at the interface are in equilibrium, and the resistance to transfer is centred
in the thin films on either side. This type of problem is encountered in heat transfer across
a tube, where the main resistance to transfer is shown to lie in the thin films on either
side of the wall; here the transfer is by conduction.
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Figure 12.1. Concentration profile for absorbed component A

12.3.2. Application of mass transfer theories

The preceding analysis of the process of absorption is based on the two-film theory of
Wartman(®, Tt is supposed that the two films have negligible capacity, but offer all the
resistance to mass transfer. Any turbulence disappears at the interface or free surface, and
the flow is thus considered to be laminar and parallel to the surface.

An alternative theory described in detail in Volume 1, Chapter 10, has been put forward
by HieBie®, and later extended by Danckwerts® and Danckwerts and Kennepy™® in
which the liquid surface is considered to be composed of a large number of small elements
each of which is exposed to the gas phase for an interval of time, after which they are
replaced by fresh elements arising from the bulk of the liquid.

All three of these proposals give the mass transfer rate N/, directly proportional to
the concentration difference (C4; — Car) so that they do not directly enable a decision
to be made between the theories. However, in the Higbie—Danckwerts theory N/ o«
Dy whereas N, o Dy in the two-film theory. Danckwerts® applied this theory to
the problem of absorption coupled with chemical reaction but, although in this case the
three proposals give somewhat different results, it has not been possible to distinguish
between them.

The application of the penetration theory to the interpretation of experimental results
obtained in wetted-wall columns has been studied by LYNN, STRAATEMEIER, and KRaMERs®.
They absorbed pure sulphur dioxide in water and various aqueous solutions of salts and
found that, in the presence of a trace of Teepol which suppressed ripple formation, the
rate of absorption was closely predicted by the theory. In very short columns, however,
the rate was overestimated because of the formation of a region in which the surface was
stagnant over the bottom one centimetre length of column. The studies were extended
to columns containing spheres and again the penetration theory was found to hold, there
being very little mixing of the surface layers with the bulk of the fluid as it flowed from
one layer of spheres to the next.

Absorption experiments in columns packed with spheres, 37.8 mm diameter, were also
carried out by DAVIDSON et al.®® who absorbed pure carbon dioxide into water. When a
small amount of surface active agent was present in the water no appreciable mixing was
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found between the layers of spheres. With pure water, however, the liquid was almost
completely mixed in this region.

Davipson” built up theoretical models of the surfaces existing in a packed bed, and
assumed that the liquid ran down each surface in laminar flow and was then fully mixed
before it commenced to run down the next surface. The angles of inclination of the
surfaces were taken as random. In the first theory it was assumed that all the surfaces
were of equal length, and in the second that there was a random distribution of surface
lengths up to a maximum. Thus the assumptions regarding age distribution of the liquid
surfaces were similar to those of HicBlE® and Danckwerts®). Experimental results were
in good agreement with the second theory. All random packings of a given size appeared
to be equivalent to a series of sloping surfaces, and therefore the most effective packing
would be that which gave the largest interfacial area.

In an attempt to test the surface renewal theory of gas absorption, DANCKWERTS and
Kennepy® measured the transient rate of absorption of carbon dioxide into various
solutions by means of a rotating drum which carried a film of liquid through the gas.
Results so obtained were compared with those for absorption in a packed column and
it was shown that exposure times of at least one second were required to give a strict
comparison; this was longer than could be obtained with the rotating drum. ROBERTS
and Danckwerts® therefore used a wetted-wall column to extend the times of contact
up to 1.3 5. The column was carefully designed to eliminate entry and exit effects
and the formation of ripples. The experimental results and conclusions are reported by
DANCKWERTS, KENNEDY, and RoBerTs1® who showed that they could be used, on the basis
of the penetration theory model, to predict the performance of a packed column to within
about 10 per cent.

There have been many recent studies of the mechanism of mass transfer in a gas
absorption system. Many of these have been directed towards investigating whether
there is a significant resistance to mass transfer at the interface itself. In order to obtain
results which can readily be interpreted, it is essential to operate with a system of simple
geometry. For that reason a laminar jet has been used by a number of workers.

CuLLeN and Davipson!D studied the absorption of carbon dioxide into a laminar jet
of water. When the water issued with a uniform velocity over the cross-section, the
measured rate of absorption corresponded closely with the theoretical value. When the
velocity profile in the water was parabolic, the measured rate was lower than the calculated
value; this was attributed to a hydrodynamic entry effect.

The possible existence of an interface resistance in mass transfer has been examined by
Ramvonot and Toor'? who absorbed carbon dioxide into a laminar jet of water with a flat
velocity profile, using contact times down to 1 ms. They found that the rate of absorption
was not more than 4 per cent less than that predicted on the assumption of instantaneous
saturation of the surface layers of liquid. Thus, the effects of interfacial resistance could
not have been significant. When the jet was formed at the outlet of a long capillary
tube so that a parabolic velocity profile was established, absorption rates were lower than
predicted because of the reduced surface velocity. The presence of surface-active agents
appeared to cause an interfacial resistance, although this effect is probably attributable to
a modification of the hydrodynamic pattern.

STERNLING and ScrivEN!® have examined interfacial phenomena in gas absorption and
have explained the interfacial turbulence which has been noted by a number of workers in
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terms of the Marangoni effect which gives rise to movement at the interface due to local
variations in interfacial tension. Some systems have been shown to give rise to stable
interfaces when the solute is transferred in one direction, although instabilities develop
during transfer in the reverse direction.

GoopRipGE and Roee! used a laminar jet to study the rate of absorption of carbon
dioxide into sodium carbonate solutions containing a number of additives including
glycerol, sucrose, glucose, and arsenites. For the short times of exposure used, absorption
rates into sodium carbonate solution or aqueous glycerol corresponded to those predicted
on the basis of pure physical absorption. In the presence of the additives, however, the
process was accelerated as the result of chemical reaction.

Absorption of gases and vapour by drops has been studied by GARNER and KeNnprick 1Y
and GarNEr and LANE!!® who developed a vertical wind tunnel in which drops could be
suspended for considerable periods of time in the rising gas stream. During the formation
of each drop the rate of mass transfer was very high because of the high initial turbulence.
After the initial turbulence had subsided, the mass transfer rate approached the rate for
molecular diffusion provided that the circulation had stopped completely. In a drop with
stable natural circulation the rate was found to approach 2.5 times the rate for molecular
diffusion.

12.3.3. Diffusion through a stagnant gas

The process of absorption may be regarded as the diffusion of a soluble gas A into a
liquid. The molecules of A have to diffuse through a stagnant gas film and then through
a stagnant liquid film before entering the main bulk of* liquid. The absorption of a gas
consisting of a soluble component A and an insoluble component B is a problem of
mass transfer through a stationary gas to which Stefan’s law (Volume 1, Chapter 10)
applies:

N =—Dy—L=—4 (12.2)

where N is the overall rate of mass transfer (moles/unit area and unit time),
Dy is the gas-phase diffusivity,
z is distance in the direction of mass transfer, and
C4, Cp, and Cr are the molar concentrations of A, B, and total gas,
respectively.

Integrating over the whole thickness z¢ of the film, and representing concentrations at
each side of the interface by suffixes 1 and 2:

DyCr 1 Car
n-—
26 Cpzi

N, = (12.3)
Since Cr = P/RT, where R is the gas constant, T the absolute temperature, and P the
total pressure. For an ideal gas, then:

N, = DB P

= ——1In 12.4
A RTZG P31 ( )
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Writing Pg,, as the log mean of the partial pressures Pg; and Pg;, then:

Pgy — Pp)
Pppy = ——— (12.5)
"™ = in(Ps/ Py1)
, _ DyP Pgy — Pp
A RTZG PBm
P [Py —P
_Dv [ Al AZ] (12.6)
RTZG PBm
Hence the rate of absorption of A per unit time per unit area is given by:
Py — P
N, =k, P [-L——"—z] (12.7)
PBm
or: NA = kG(PAl - PAz) (12.8)
Dy Dy P kg P
where: kp = —, and kg = = 12.9
G RTz7Zs ¢ RTzgPsn Pgm ( )

In the great majority of industrial processes the film thickness is not known, so that the
rate equation of immediate use is equation 12.8 using kg. kg is known as the gas-film
transfer coefficient for absorption and is a direct measure of the rate of absorption per
unit area of interface with a driving force of unit partial pressure difference.

12.3.4. Diffusion in the liquid phase

The rate of diffusion in liquids is much slower than in gases, and mixtures of liquids
may take a long time to reach equilibrium unless agitated. This is partly due to the much
closer spacing of the molecules, as a result of which the molecular attractions are more
important.

Whilst there is at present no theoretical basis for the rate of diffusion in liquids compa-
rable with the kinetic theory for gases, the basic equation is taken as similar to that for
gases, or for dilute concentrations:

N, =-D —2 (12.10)

Car— CAI]

On integration: N,=-Dg [ (12.11)

L

where: C4, Cp are the molar concentrations of A and B,
zp is the thickness of liquid film through which diffusion occurs, and
Dy is the diffusivity in the liquid phase.

Since the film thickness is rarely known, equation 12.11 is usually rewritten as:
N, =k (Ca; — Ca2) (12.12)

which is similar to equation 12.8 for gases.
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In equation 12.12, k. is the liquid-film transfer coefficient, which is usually expressed in
kmol/s m?(kmol/m®) = m/s. For dilute concentrations:
D,

kp = —
ZL

12.3.5. Rate of absorption

In a steady-state process of absorption, the rate of transfer of material through the gas
film will be the same as that through the liquid film, and the general equation for mass
transfer of a component A may be written as:

Ny = kG(Pag — Pai) = kr.(Cai — CaL) (12.13)

where Pag is the partial pressure in the bulk of the gas, C,4; is the concentration in the
bulk of the liquid, and P,4; and C,; are the values of concentration at the interface where

equilibrium conditions are assumed to exist. Therefore:
k Csy—-C
G AT AL (12.14)
kp  Pag — P

These conditions may be illustrated graphically as in Figure 12.2, where ABF is the
equilibrium curve for the soluble component A.

D A
__ Pas - 1
N <
]
2 ®
=2
§ pﬁr n‘:: l E =
a =—Cai~Car
I
=
E PA@ F
CaL Cai Cae

Concentration in liquid phase (C,)

Figure 12.2. Driving forces in the gas and liquid phases

Point D (Caz, Pac) represents conditions in the bulk of the gas and liquid.
Psg) is the partial pressure of A in the main bulk of the gas stream, and
Car) is the average concentration of A in the main bulk of the liquid
stream,
Point A (Ca., Pag) represents a concentration of Cy, in the liquid in equilibrium with
P4 in the gas.
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Point B (Cy;, Ps;) represents the concentration of Cy; in the liquid in equilibrium
with Py; in the gas, and gives conditions at the interface.

Point F (Car, P4.) represents a partial pressure Py, in the gas phase in equilibrium
with C,; in the liquid.

Then, the driving force causing transfer in the gas phase is:
(Pag — Psi) = DE
and the driving force causing transfer in the liquid phase is:

(Cai — CaL) =BE

Pyc — Pai _ ki

Then: —_— =
Cai —CaL kg

and the concentrations at the interface (point B) are found by drawing a line through D
of slope —k;/kg to cut the equilibrium curve in B.

Overall coefficients

In order to obtain a direct measurement of the values of k; and kg the measurement of
the concentration at the interface would be necessary. These values can only be obtained
in very special circumstances, and it has been found of considerable value to use two
overall coefficients K and K defined by:

N} = KG(Pag — Pac) = K1(Cse — Car) (12.15)

K and K are known as the overall gas and liquid phase coefficients, respectively.

Relation between film and overall coefficients

The rate of transfer of A may now be written as:

N, = kGlPac — Pail = kL[Cai — CaLl = KG[Pac — Pae]l = KL[Cae — CaL]

1 1 [ Pag — PAe]
Thus: —_—= ——— 12.16
Ke kg [PAG — Py ( )
=_}_[PAG—PA;']+L|:PA:"_PA¢:|
kc L Pag = Pai kG L Pag — Pa;

From the previous discussion:

i_i[PAG“PAi]
k¢ ki [ Cai—Car
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1 1 1 [ Psgc — Pa; P, — P
Thus: _=_+__[ AG Az][ Ai Ae]
Kc kg ki LCai—CarllPac— Pu
B kG kr Cai — Car

(Pai — Pa.)/(Cai — Cayp) is the average slope of the equilibrium curve and, when the
solution obeys Henry’s law, # = dPs/dCs =~ (Pa; — Pa.)/(Cai — Car)-

1 1 H
Therefore: 7(:(—; = E + ;L- (12.17)
Similarly: P _ 1 + ! (12.18)
imilarly: %o % .
1 F
. —_—= 12.19
and Ko X, ( )

A more detailed discussion of the relationship between film and overall coefficients is
given in Volume 1, Chapter 10.

The validity of using equations 12.17 and 12.18 in order to obtain an overall transfer
coefficient has been examined in detail by K. He has pointed out that the equilibrium
constant # must be constant, there must be no significant interfacial resistance, and there
must be no interdependence of the values of the two film-coefficients.

Rates of absorption in terms of mole fractions

The mass transfer equations can be written as:

N,y =ki(va — yai) = KG(Va — Yae) (12.20)
and: N, =k (xai — x4) = K[ (X4 — x4) (12.21)

where x4, y4 are the mole fractions of the soluble component A in the liquid and gas
phases, respectively.

kg, ki, K, Kj are transfer coefficients defined in terms of mole fractions by
equations 12.20 and 12.21.

If m is the slope of the equilibrium curve [approximately (ya; — Yae)/(xa; — x4)], it

can then be shown that:
1 1 m

—_—=—t — 12.22
K-ty (12.22)

which is similar to equation 11.151 used for distillation.

Factors influencing the transfer coefficient

The influence of the solubility of the gas on the shape of the equilibrium curve, and the
effect on the film and overall coefficients, may be seen by considering three cases in
turn — very soluble, almost insoluble, and moderately soluble gases.
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(a) Very soluble gas. Here the equilibrium curve lies close to the concentration-axis and
the points E and F are very close to one another as shown in Figure 12.2. The driving
force over the gas film (DE) is then approximately equal to the overall driving force (DF),
so that k¢ is approximately equal to Kg.

(b) Almost insoluble gas. Here the equilibrium curve rises very steeply so that the
driving force (C4; — Car) (EB) in the liquid film becomes approximately equal to the
overall driving force (Ca. — Car) (AD). In this case k; will be approximately equal
to K.

(c) Moderately soluble gas. Here both films offer an appreciable resistance, and the point
B at the interface must be located by drawing a line through D of slope —(k;/kg) =

—(Pag — Pai)/(Cai — Car).

In most experimental work, the concentration at the interface cannot be measured
directly, and only the overall coefficients are therefore found. To obtain values for the
film coefficients, the relations between kg, k; and K are utilised as discussed previously.,

12.4. DETERMINATION OF TRANSFER COEFFICIENTS

In the design of an absorption tower, the most important single factor is the value of
the transfer coefficient or the height of the transfer unit. Whilst the total flowrates of the
gas and liquid streams are fixed by the process, it is necessary to determine the most
suitable flow per unit area through the column. The gas flow is limited by the fact that
the flooding rate must not be exceeded and there will be a serious drop in performance if
the liquid rate is very low. It is convenient to examine the effects of flowrates of the gas
and liquid on the transfer coefficients, and also to investigate the influence of variables
such as temperature, pressure, and diffusivity.

In the laboratory, wetted-wall columns have been used by a number of workers and
they have proved valuable in determining the importance of the various factors, and have
served as a basis from which correlations have been developed for packed towers.

12.4.1. Wetted-wall columns

In many early studies, the rate of vaporisation of liquids into an air stream was measured
in a wetted-wall column, similar to that shown in Figure 12.3. Logarithmic plots of d/zg
and Re = dup/u gave a series of approximately straight lines and d/z¢ was proportional
to Re83

where: d is the diameter of tube,
zg 1s the thickness of gas film,
is the gas velocity,
is the gas density,
is the gas viscosity, and
is a constant.

TE O =
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Figure 12.3. Diagram of a typical laboratory wetted-wall column

The unknown film thickness z; may be eliminated as follows:

DyP .
kg = ——— uation 12.9
¢ = RTzoPan (eq )
kgRT Pg,, 1 B _ 483
Thus: 2o M~ = Z RS
us Dvp G d ¢
hpdPgnm 0.83

: ——— = BRe"” 12.23
or Do P e ( )

where hp = kgRT is the mass transfer coefficient with the driving force expressed as a
molar concentration difference.

GrLiLaNp and SHErRwooD's data!®, expressed by equation 12.23, are shown in
Figure 12.4 for a number of systems. To allow for the variation in the physical properties,
the Schmidt Group Sc is introduced, and the general equation for mass transfer in a
wetted-wall column is then given by:

hpd P,

Dy P = B'Re%33 504 (12.24)

Values of B’ 0.021-0.027 have been reported and a mean value of 0.023 may be taken,
which means that equation 12.24 very similar to the general heat transfer equation for
forced convection in tubes (Volume 1, Chapter 9). The data shown in Figure 12.4 are
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Figure 12.4. Vaporisation of liquids in a wetted-wall column
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Figure 12.5. Correlation of data on the vaporisation of liquids in wetted-wall columns

replotted as (hpd/Dy)(Pgnm/P)Sc™%* in Figure 12.5 and, in this way, they may be

d

00

80

60

40

d

2

20 74

pd

10

1000 2000

correlated by means of a single line.

In comparing the results of various workers, it is important to ensure that the inlet
arrangements for the air are similar. Modifications of the inlet give rise to various values
for the index on the Reynolds number, as found by HoLLings and Smver(®. A good
calming length is necessary before the inlet to the measuring section, if the results are to

be reproducible.
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Equation 12.24 is frequently rearranged as:

hpd PBm_L_L_I: u ]0.56=B’Re‘°'17( [ )

Dy P dup|pDy pDy
hp Psn 0.56
or: %D [Bm _“_] =B'Re™7 = j, (12.25)
u P pDV

where j; is the j-factor for mass transfer as introduced by CHiroN and CoLBURNZO
and discussed in Volume 1, Chapter 10. The main feature of this type of work is that
hp < G®8, DY and P/Pg,. This form of relation is the basis for correlating data on
packed towers.

Example 12.1

The overall liquid transfer coefficient, K;a, for the absorption of SO, in water in a column is
0.003 kmol/s m® (kmol/m®). By assuming an expression for the absorption of NH; in water at the
same liquor rate and varying gas rates, derive an expression for the overall liquid film coefficient
Kpa for absorption of NH; in water in this equipment at the same water rate though with varying
gas rates. The diffusivities of SO, and NHj in air at 273 K are 0.103 and 0.170 cm?/s. SO,
dissolves in water, and Henry’s constant is equal to 50 (kN/m?)/(kmol/m>). All data are expressed
for the same temperature.

Solution

From equation 12.18:

1 1 1 1
—_—=—t —— = ——— = 3333
Kia kia + HKkega  0.003

For the absorption of a moderately soluble gas it is reasonable to assume that the liquid and gas
phase resistances are of the same order of magnitude, assuming them to be equal.

1 1 333
kia  Fkga (T) = 166.7

or: kra = #kga = 0.006 kmol/s m> (kmol/m®)

Thus, for $O,: kga = 0.006/% = 0.006/50 = 0.00012 kmol/s m*(kN/m?)
From equation 12.25: kga is proportional to (diffusivity)®S.

Hence for NH; : kga = 0.00012(0.17/0.103)%%¢ = 0.00016 kmol/s m*(kN/m?)

For a very soluble gas such as NHj, kga ~ Kga.
For NH; the liquid-film resistance will be small, and:

kga = Kga = 0.00016 kmol/s m® (kN/m?)
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In early work on wetted-wall columns, Morris and JacksoND represented the exper-
imental data for the mass transfer coefficient for the gas film sp in a form similar to
equation 12.25, though with slightly different indices, to give:

-0.25 -0.5
hp _ 604 [ﬂﬂ] [__“ ] [-P_] (12.26)
u U pDy Pgm

The velocity u of the gas is strictly the velocity relative to the surface of the falling
liquid film, though little error is introduced if it is taken as the superficial velocity in
the column.

Compounding of film coefficients

Assuming kg is approximately proportional to G™8, equation 12.17 may be rearranged
to give:
1 1 # 1 H

— = - 47 12.27
KG kG + kL 1//u°-8 + kL ( )

If k; is assumed to be independent of the gas velocity, then a plot of 1/Ks against
1/u®® will give a straight line with a positive intercept on the vertical axis representing
the liquid film resistance #/k., as shown for ammonia and for sulphur dioxide in
Figure 12.6. It may be seen that in each case a straight line is obtained. The lines for
ammonia pass almost through the origin showing that the liquid film resistance is very
small, although the line for sulphur dioxide gives a large intercept on the vertical axis,
indicating a high value of the liquid film resistance.

80;

1
i

Figure 12.6. Plot of 1/K versus 1/u%8 for ammonia and for sulphur dioxide

For a constant value of Re, the film thickness z should be independent of temperature,
since u/pDy is almost independent of temperature. ks will then vary as +/T, because
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Dy o T3? and kg « Dy/T. This is somewhat difficult to test accurately since the diffu-
sivity in the liquid phase also depends on temperature. Thus, the data for sulphur dioxide,
shown in Figure 12.6, qualitatively support the theory for different temperatures, although
the increase in value of k; masks the influence of temperature on Xg.

Example 12.2

A wetted-wall column is used for absorbing sulphur dioxide from air by means of a caustic soda
solution. At an air flow of 2 kg/m?s, corresponding to a Reynolds number of 5160, the friction
factor R/pu? is 0.0200.
Calculate the mass transfer coefficient in kg SO,/s m? (kN/m?) under these conditions if the tower
is at atmospheric pressure. At the temperature of absorption the following values may be used:
The diffusion coefficient for SO, = 0.116 x 10~* m?/s, the viscosity of gas = 0.018 mNs/m?,
and the density of gas stream = 1.154 kg/m’.

Solution

For wetted-wall columns, the data are correlated by:

h P " 0.56
<7d) (—;——) (pLD) =B'Re™ ™ = j, (equation 12.25)
From Volume 1, Chapter 10: ja = R/pu?

In this problem: G’ = 2.0 kg/m?s, Re = 5160 and R/pu® = 0.020
D=0116 x 10~ m®/s, u =1.8x10"° Ns/m?, and p = 1.154 kg/m’

Substituting these values gives:

( U )0.56 _ ( 1.8 x 10-5 )0.56 Cl1s
oD T\L154x0.116 x 10-4)

Thus: (h—d) (fﬁﬂ) = (0.020/1.18) = 0.0169
u P
G' = pu = 2.0 kg/m’s
and: u=(2.0/1.154) = 1.73 m/s
Thus: hy(Pgm/P) = (0.0169 x 1.73) = 0.0293

d may be obtained from d = Reu/pu = 0.046 m (46 mm), which is the same order of size of
wetted-wall column as that which was originally used in the research work.

o= (E)5)



672 CHEMICAL ENGINEERING

R = 8314 m*(N/m?)/K kmol and T will be taken as 298 K, and hence:
ke = [0.0293/(8314 x 298)] = 1.18 x 10~% kmol/m?s(N/m?)
=7.56 x 10~* kg SO,/m?s(kN/m?)

12.4.2. Coefficients in packed towers

The majority of published data on transfer coefficients in packed towers are for rather
small laboratory units, and there is still some uncertainty in extending the data for use
in industrial units. One of the great difficulties in correlating the performance of packed
towers is the problem of assessing the effective wetted area for interphase transfer. It is
convenient to consider separately conditions where the gas-film is controlling, and then
where the liquid film is controlling. The general method of expressing results is based on
that used for wetted-wall columns.

Gas-film controlled processes

The absorption of ammonia in water has been extensively studied by a number of workers.
KOWALKE ef al.®? used a tower of 0.4 m internal diameter with a packing 1.2 m deep,
and expressed their results as:

Kga = aG"8 (12.28)

where K¢ is expressed in kmol/s m?> (kN/m?) and q is the interfacial surface per unit
volume of tower (m?/m3). Thus Kga is a transfer coefficient based on unit volume of
tower. G’ is in kg/s m?, and varies with the nature of the packing and the liquid rate.
It was noted that o increased with L’ for values up to 1.1 kg/s m?, after which further
increase gave no significant increase in Kga. It was thought that the initial increase in
the coefficient was occasioned by a more effective wetting of the packing. On increasing
the liquid rate so that the column approached flooding conditions, it was found that Kga
decreased. Other measurements by Borpen and SQUIRES?®® and NorMaN®® confirm the
applicability of equation 12.28.

FELLINGER® used a 450 mm diameter column with downcomers and risers in an
attempt to avoid the problem of determining any entrance or exit effects. Some of
the results for Hpg are shown in Table 12.2, taken from Perry’s Chemical Engineers’
Handbook@®. Further discussion on the use of transfer units is included in Section 12.8.8
and in Chapter 11.

Table 12.2. Height of the transfer unit Hpog in metres

Raschig rings size G Hoc Hoc
(mmy) (kg/m?s) (L' = 0.65 kg/m?s) (L' = 1.95 kg/m?s)

9.5 0.26 0.37 0.23

0.78 0.60 0.32

25 0.26 0.40 0.22

0.78 0.64 0.34

50 0.26 0.60 0.34

0.78 1.04 0.58
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MoLsTAD et al.*” also measured the absorption of ammonia in water using a tower
of 384 mm side packed with wood grids, or with rings or saddles, and obtained Kga
by direct experiment. The value of kga was then calculated from the following relation

based on equation 12.17:
1 = L + * (12.29)
K(;a kGa kLa
The simplest method of representing data for gas-film coefficients is to relate the
Sherwood number [(hpd/Dvy)(Ppm/P)] to the Reynolds number (Re) and the Schmidt
number (u/pDy). The indices used vary between investigators though van KREVELEN and
Horruzer®® have given the following expression, which is claimed to be valid over a
wide range of Reynolds numbers:

hpd Pam 08 ( w )0.33
———— =0.2Re"° | —— 12.30
DV P ¢ pDv ( )

Later work suggests that 0.11 is a more realistic value for the coefficient.
SEMMELBAUER® has recommended the following correlation for 100 < (Re)g < 10,000
and 0.0l m < d, < 0.05 m:

(Sh) = B(Re)%*(5c)% (12.31)

where: B = 0.69 for Raschig rings and 0.86 for Berl saddies,
(Sh)e = hpd,/Dg,
(Re)g = G'dp/ G,
(Se)¢ = ng/peDg, and
dp, = packing size.

Processes controlled by liquid-film resistance

The absorption of carbon dioxide, oxygen, and hydrogen in water are three examples in
which most, if not all, of the resistance to transfer lies in the liquid phase. SHERWOOD
and HoLLoway®® measured values of kza for these systems using a tower of 500 mm
diameter packed with 37 mm rings. The results were expressed in the form:

kLa |: L' ]0.75 [ UL ]0.50
—_= —_ (12.32)
Dy d K pLDL

It may be noted that this equation has no term for characteristic length on the right-hand
side and therefore it is not a dimensionally consistent equation. If values of kza are plotted
against value L’ on logarithmic scales as shown in Figure 12.7, a slope of about 0.75 is
obtained for values of L' 0.5-20 kg/s m®. Beyond this value of L’, it was found that
kra tended to fall because the loading point for the column was reached. These values of
kra were found to be affected by the gas rate. Subsequently, Cooper et al.®!) established
that, at the high liquid rates and low gas rates used in practice, the transfer rates were
much lower than given by equation 12.32. This was believed to be due to maldistribution
at gas velocities as low as 0.03 m/s. The results of Cooper et al.®") and SuERwOOD and
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Figure 12.7. Variation of liquid-film coefficient with liquid flow for the absorption of oxygen in water

HoLLoway®® are compared in Figure 12.8, where the height of the transfer unit Ho; is
plotted against the liquid rate for various gas velocities.
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Figure 12.8. Effect of liquid rate on height of transfer unit Ho . Comparison of the results of Sherwood and
Holloway®®, and Cooper et al.GV

In an equation similar to equation 12.31, SEMMELBAUER® produced the following
correlation for the liquid film mass transfer coefficient k; for 3 < Re; < 3000 and
00I'm <d, <0.05m:

(Sh)L = B'(Re)2 ¥ (Sc)2>(d) gp} /u3)*" (12.33)

where: B’ = 0.32 and 0.25 for Raschig rings and Berl saddles, respectively.
(Sh)L = kpdy/Dy,
(Re)L = L'dp/ur, and
(Se)L = ur/pLDr.

NonHeBeL®? emphasises that values of the individual film mass transfer coefficients
obtained from this equation must be used with caution when designing large-scale towers
and appropriately large safety factors should be incorporated.
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12.4.3. Coefficients in spray towers

It is difficult to compare the performance of various spray towers since the type of spray
distributor used influences the results. Data from Hixson and Scotrt®®® and others show
that Kga varies as G'°8, and is also affected by the liquid rate. More reliable data with
spray columns might be expected if the liquid were introduced in the form of individual
drops through a single jet into a tube full of gas. Unfortunately the drops tend to alter
in size and shape and it is not possible to get the true interfacial area very accurately.
This has been investigated by WHITMAN et al.®®, who found that k¢ for the absorption
of ammonia in water was about 0.035 kmol/s m? (N/m?), compared with 0.00025 for the
absorption of carbon dioxide in water.

Some values obtained by Pigrorp and PyLE®® for the height of a transfer unit Hy
for the stripping of oxygen from water are shown in Figure 12.9. For short heights, the
efficiency of the spray chamber approximates closely to that of a packed tower although,
for heights greater than 1.2 m, the efficiency of the spray tower drops off rather rapidly.
Whilst it might be possible to obtain a very large active interface by producing small
drops, in practice it is impossible to prevent these coalescing, and hence the effective
interfacial surface falls off with height, and spray towers are not used extensively.
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Figure 12.9. Height of the transfer unit H;, for stripping of oxygen from water in a spray tower

12.5. ABSORPTION ASSOCIATED WITH
CHEMICAL REACTION

In the instances so far considered, the process of absorption of the gas in the liquid has
been entirely a physical one. There are, however, a number of cases in which the gas, on
absorption, reacts chemically with a component of the liquid phase®., The topic of mass
transfer accompanied by chemical reaction is treated in detail in Volume 1, Chapter 10.
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In the absorption of carbon dioxide by caustic soda, the carbon dioxide reacts directly
with the caustic soda and the process of mass transfer is thus made much more compli-
cated. Again, when carbon dioxide is absorbed in an ethanolamine solution, there is direct
chemical reaction between the amine and the gas. In such processes the conditions in the
gas phase are similar to those already discussed, though in the liquid phase there is a
liquid film followed by a reaction zone. The process of diffusion and chemical reaction
may still be represented by an extension of the film theory by a method due to Harra®®?.
In the case considered, the chemical reaction is irreversible and of the type in which a
solute gas A is absorbed from a mixture by a substance B in the liquid phase, which
combines with A according to the equation A + B — AB. As the gas approaches the
liquid interface, it dissolves and reacts at once with B. The new product AB, thus formed,
diffuses towards the main body of the liquid. The concentration of B at the interface falls;
this results in diffusion of B from the bulk of the liquid phase to the interface. Since the
chemical reaction is rapid, B is removed very quickly, so that it is necessary for the gas
A to diffuse through part of the liquid film before meeting B. There is thus a zone of
reaction between A and B which moves away from the gas-liquid interface, taking up
some position towards the bulk of the liquid. The final position of this reaction zone will
be such that the rate of diffusion of A from the gas-liquid interface is equal to the rate of
diffusion of B from the main body of the liquid. When this condition has been reached,
the concentrations of A, B, and AB may be indicated as shown in Figure 12.10, where
the concentrations are shown as ordinates and the positions of a plane relative to the
interface as abscissae. In this Figure, the plane of the interface between gas and liquid is
shown by U, the reaction zone by R, and the outer boundary of liquid film by S. Then A
diffuses through the gas film as a result of the driving force (P4 — Pa;) and diffuses to
the reaction zone as a result of the driving force Cy4; in the liquid phase. The component
B diffuses from the main body of the liquid to the reaction zone under a driving force
g, and the non-volatile product AB diffuses back to the main bulk of the liquid under a
driving force (m — n).

Reaction
zone

Bulk liquid phase
B
_T' Ca
T q
L .

R S

h=4
g
Gas phase =
8
A

Figure 12.10. Concentration profile for absorption with chemical reaction

The difference between a physical absorption, and one in which a chemical reaction
occurs, can also be shown by Figures 12.11a and 12.115, taken from a paper by van
KreveLen and Horruzer®®. Figure 12.11a shows the normal concentration profile for
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Figure 12.11. Concentration profiles for absorption (a) without chemical reaction, (b) with chemical reaction.
The scales for concentration in the two phases are not the same and are chosen so that P4; /. # in the gas phase
and Cy; for the liquid phase are at the same position in the diagrams

physical absorption whilst Figure 12.11» shows the profile modified by the chemical
reaction. For transfer in the gas phase:

N} = k(Pag — Pai) (12.34)

and in the liquid phase:
N,y =k (Cai — CaL) (12.35)

The effect of the chemical reaction is to accelerate the removal of A from the interface,
and supposing that it is now r times as great then:

NX = rkL(CA,- - CAL) (12.36)

In Figure 12.11a, the concentration profile through the liquid film of thickness z; is
represented by a straight line such that k;, = Dy /z;. In b, component A is removed
by chemical reaction, so that the concentration profile is curved. The dotted line gives
the concentration profile if, for the same rate of absorption, A were removed only by
diffusion. The effective diffusion path is 1/r times the total film thickness z;.

, rD
Thus: N, = —Z—Li(CA,' - CAL) = rkL(CAi - CAL) (1237)

vaN KReveLeN and Horryzer@® showed that the factor » may be related to Cy4;, Dy, kz,
to the concentration of B in the bulk liquid Cp., and to the second-order reaction rate
constant k; for the absorption of CO; in alkaline solutions. Their relationship is shown
in Figure 12.12, in which r, that is Nj/k;Cy;, is plotted against (k;D;Cp1)'/?/ky, for
various values of Cg; /iCy4;, where i is the number of kmol of B combining with 1 kmol
of A.

Figure 12.2 illustrates three conditions:

(a) If ky is very small, r ~ 1, and conditions are those of physical absorption.

(b) If k; is very large, r >~ Cpg; /iC4;, and the rate of the process is determined by the
transport of B towards the phase boundary.
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Figure 12.12. N/k1Ca; versus (koD Cpy)'/?/ky for various values of Cpr/iCa;

(c) At moderate values of kj, r ~ (jD.Cpr)/?/ky, and the rate of the process is
determined by the rate of the chemical reaction.

Thus, from equation 12.37:

(k2D Cp1)!/?

T = (Cai — Car) (k2D Cpy)'? (12.38)

Ny =k (Cai — Car)
and the controlling parameter is now kj.
The results of this work have been confirmed by NusiNnG, HENDRIKsz, and KrRaMERsC®),
As an illustration of combined absorption and chemical reaction, the results of TepE
and DobpGe®? on the absorption of carbon dioxide by sodium hydroxide solution may be
considered. A 150 mm diameter tower filled to a depth of 915 mm with 12.5 mm carbon
Raschig rings was used. Some of the results are indicated in Figure 12.13. Ksa increases
rapidly with increasing sodium hydroxide concentration up to a value of about 2 kmol/m>.
Changes in the gas rate were found to have negligible effect on K¢a, indicating that the
major resistance to absorption was in the liquid phase. The influence of the liquid rate
was rather low, and was proportional to L’%?8, It may be assumed that, in this case, the
final rate of the process is controlled by the resistance to diffusion in the liquid, by the
rate of the chemical reaction, or by both together.
Cryper and MaLoNeY™®® presented data on the absorption of carbon dioxide in
diethanolamine solution, using a 200 mm tower filled with 20 mm rings, and some of
their data are shown in Figure 12.14. The coefficient Kga is found to be independent of
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Figure 12.13. Absorption of carbon dioxide in sodium hydroxide solution G’ = 0.24-0.25 kg/m’s,
temperature = 298 K
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Figure 12.14. Absorption of carbon dioxide in diethanolamine solutions. Liquid rate = 1.85 kg/m?s

the gas rate but to increase with the liquid rate, as expected in a process controlled by
the resistance in the liquid phase.

It is difficult to deduce the size of tower required for an absorption combined with a
chemical reaction, and a laboratory scale experiment should be carried out in all cases.
StepHENS and Morris*D have used a small disc-type tower illustrated in Figure 12.15
for preliminary experiments of this kind. It was found that a simple wetted-wall column
was unsatisfactory where chemical reactions took place. In this unit a series of discs,
supported by means of a wire, was arranged one on top of the other as shown.

The absorption of carbon dioxide into aqueous amine solutions has been investigated by
DanckwerTs and McNEIL*? using a stirred cell. It was found that the reaction proceeded
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Figure 12.15. Small disc-tower for absorption tests

in two stages: first a fast reaction to give amine carbamate, and secondly a slow reaction in
the bulk of the liquid in which the carbamate was partially hydrolysed to bicarbonate. The
use of sodium arsenite as catalyst considerably accelerated this second reaction, showing
that the overall capacity of an absorber could be substantially increased by a suitable
catalyst.

A comprehensive review of work on the absorption of carbon dioxide by alkaline
solutions has been carried out by Danckwerts and SHaRMA®® who applied results of
research to the design of industrial scale equipment. Subsequently, SaHAY and SHARMA“Y
showed that the mass transfer coefficient may be correlated with the gas and liquid rates
and the gas and liquid compositions by:

Kga = const. L' G2 exp(as F' + asy) (12.39)

where: a;, a;, a3, as are experimentally determined constants,
F’ = fractional conversion of the liquid, and
y = mole fraction of CO; in the gas.

Eckert®>, by using the same reaction, determined the mass transfer performance of
packings in terms of Kga as:
N

Kga = —m8m
T V(AP)m

(12.40)
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where: N = number of moles of CO, absorbed,
V = packed volume, and
(APs)im = log mean driving force.

Data obtained from this work are limited by the conditions under which they were
obtained. It is both difficult and dangerous to extrapolate over the entire range of conditions
encountered on a full-scale plant.

12.6. ABSORPTION ACCOMPANIED BY THE
LIBERATION OF HEAT

In some absorption processes, especially where a chemical reaction occurs, there is a
liberation of heat. This generally gives rise to an increase in the temperature of the liquid,
with the result that the position of the equilibrium curve is adversely affected.

In the case of plate columns, a heat balance may be performed over each plate and
the resulting temperature determined. For adiabatic operation, where no heat is removed
from the system, the temperature of the streams leaving the absorber will be higher than
those entering, due to the heat of solution. This rise in temperature lowers the solubility
of the solute gas so that a large value of L,,/G,, and a larger number of trays will be
required than for isothermal operation.

For packed columns, the temperature rise will affect the equilibrium curve, and
differential equations for heat and mass transfer, together with heat and mass balances,
must be integrated numerically. An example of this procedure is given in Volume 1,
Chapter 13, for the case of water cooling. For gas absorption under non-isothermal
conditions, reference may be made to specialist texts“647) for a detailed description of
the methods available. As an approximation, it is sometimes assumed that all the heat
evolved is taken up by the liquid, and that temperature rise of the gas may be neglected.
This method gives an overestimate of the rise in temperature of the liquid and results in
the design of a tower which is taller than necessary. Figure 12.16 shows the effect of the
temperature rise on the equilibrium curve for an adiabatic absorption process of ammonia
in water. If the amount of heat liberated is very large, it may be necessary to cool the
liquid. This is most conveniently done in a plate column, either with heat exchangers
connected between consecutive plates, or with cooling coils on the plate, as shown in
Figure 12.17.

The overall heat transfer coefficient between the gas—liquid dispersion on the tray and
the cooling medium in the tubes is dependent upon the gas velocity, as pointed out by
PoLL and SMrtH®®), but is usually in the range 500—2000 W/m? K.

With packed towers it is considerably more difficult to arrange for cooling, and it
is usually necessary to remove the liquid stream at intervals down the column and to
cool externally. CoGan and BouRNE™? have presented a computer programme to enable
the economic decision to be made between an adiabatic absorption tower, or a smaller
isothermal column with interstage cooling.
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Figure 12.16. Equilibrium curve modified to allow for the heat of solution of the solute®®

12.7. PACKED TOWERS FOR GAS ABSORPTION

From the analysis given already of the diffusional nature of absorption, one of the
outstanding requirements is to provide as large an interfacial area of contact as possible
between the phases. For this purpose, columns similar to those used for distillatior
are suitable. However, whereas distillation columns are usually tall and thin absorptior
columns are more likely to be short and fat. In addition, equipment may be used in whict
gas is passed into a liquid which is agitated by a stirrer. A few special forms of units
have also been used, although it is the packed column which is most frequently used for
gas absorption applications.
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Figure 12.17. Glitsch “truss type” bubble-tray in stainless steel for a 1.9 m absorption column

12.7.1. Construction

The essential features of a packed column, as discussed in Chapter 4, are the shell,
the arrangements for the gas and liquid inlets and outlets and the packing with its
necessary supporting and redistributing systems. Reference may be made to Chapter 4
and to Volume 6 for details of these aspects, whilst this section is largely concerned with
the determination of the height of packing for a particular duty. In installations where
the gas is fed from a previous stage of a process where it is under pressure, there is
no need to use a blower for the transfer of the gas through the column. When this is
not the case, a simple blower is commonly used, and such blowers have been described
in Volume 1, Chapter 8. The pressure drop across the column may be calculated by
the methods presented in Chapter 4 of this volume and the blower sized accordingly.
A pressure drop exceeding 30 mm of water per metre of packing is said to improve gas
distribution though process conditions may not permit a figure as high as this. The packed
height should not normally exceed 6 m in any section of the tower and for some packings
a much lower height must be used.

In the design of an absorption tower it is necessary to take into account the charac-
teristics of the packing elements and the flow behaviour discussed in Chapter 4, together
with the considerations given in the following sections concerning the performance of
columns under operating conditions.

12.7.2. Mass transfer coefficients and specific area in packed towers

Traditional methods of assessing the capacity of tower packings, which involve the use
of the specific surface area S and the voidage e, developed from the fact that these
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properties could be readily defined and measured for a packed bed of granular material
such as granite, limestone, and coke which were some of the earliest forms of tower
packings. The values of S and e enabled a reasonable prediction of hydraulic performance
to be made. With the introduction of Raschig rings and other specially shaped packings,
it was necessary to introduce a basis for comparing their relative efficiencies. Although
the commonly published values of specific surface area S provide a reasonable basis of
comparison, papers such as that by SHULMAN et al.5® showed that the total area offered
by Raschig rings was not used, and varied considerably with hydraulic loading.

Further evidence of the importance of the wetted fraction of the total area came with the
introduction of the Pall type ring. A Pall ring having the same surface area as a Raschig
ring is up to 60 per cent more efficient, though many still argue the relative merits of
packings purely on the basis of surface area.

The selection of a tower packing is based on its hydraulic capacity, which determines
the required cross-sectional area of the tower, and the efficiency, Kga typically, which
governs the packing height. Here a is the area of surface per unit volume of column and is
therefore equal to S(1 — e). Table 12.3°! shows the capacity of the commonly available
tower packings relative to 25 mm Raschig rings, for which a considerable amount of
information is published in the literature. The table lists the packings in order of relative
efficiency, Ka, evaluated at the same approach to the hydraulic capacity limit determined
by flooding in each case.

12.7.3. Capacity of packed towers

The drop in pressure for the flow of gas and liquid over packings is discussed in Chapter 4.
It is important to note that, during operation, the tower does not reach flooding conditions.
In addition, every effort should be made to have as high a liquid rate as possible, in order
to attain satisfactory wetting of the packing.

With low liquid rates, the whole of the surface of the packing is not completely wetted.
This may be seen very readily by allowing a coloured liquid to flow over packing contained
in a glass tube. From the flow patterns, it is obvious how little of the surface is wetted
until the rate is quite high. This difficulty of wetting can sometimes be overcome by
having considerable recirculation of the liquid over the tower, although in other cases,
such as vacuum distillation, poor wetting will have to be accepted because of the low
volume of liquid available. In selecting a packing, it is desirable to choose the form which
will give as near complete wetting as possible. The minimum liquid rate below which
the packing will no longer perform satisfactorily is known as the minimum wetting rate,
discussed in Chapter 4.

The following treatment is a particular application of the more general approach adopted
in Volume 1, Chapter 10.

Figure 12.18 illustrates the conditions that occur during the steady operation of a
countercurrent gas—liquid absorption tower. It is convenient to express the concentration
of the streams in terms of moles of solute gas per mole of inert gas in the gas phase, and
as moles of solute gas per mole of solute free liquid in the liquid phase. The actual area
of interface between the two phases is not known, and the term q is introduced as the
interfacial area per unit volume of the column. On this basis the general equation, 12.13,



Table 12.3. Capacity of commonly available packings relative to 25 mm Raschig rings®"

Relative Raschig Traditional Pail rings Ceramic Ceramic cascade Super Hypak® Tellerettes® Cascade
Kga rings saddles Pall rings mini ring® Intalox® mini-ring®
3) saddles m ) 3)
Materials available Ceramic Ceramic Metal (M) Ceramic Ceramic Ceramic Metal Plastic Metal (M)
for this relative Plastic (P) Plastic Plastic (P)
Kga
0.6-0.7 75 mm
0.7-0.8 50 mm
0.8-0.9 37 mm
09-1.0 25 mm
1.0-1.1 12 mm 75 mm 87 mm No. 5 No. 3 Size L
1.1-12 50 mm 50 mm No. 3
12-13 37 mm 50 mm No. 3 No. 2
13-14 25 mm 37 mm 50 mm No. 2 No. 4 (M)
14-15 37 mm No. 3 (P)
15-16 25 mm 25 mm No. 2 No. 1 No. 3 (M)
1.6-1.7 25 mm No. 1 Size S No. 2 (P)
1.7-18 16 mm
1.8-19 No. 2 (M)
1.9-2.0 No. 1 (P)
2.0-21
21-22 No. 1 (M)
Gas capacity before hydraulic limit (flooding) relative to 25 mm Raschig rings Note:

(also approx. the reciprocal of tower cross-sectional area relative to 25 mm
Raschig rings for the same pressure drop throughout loading range). All

relative capacity figures are valid for the same liquid to gas mass rate ratio:
(1) Trade Mark of Norton Company, U.S.A. (Hydronyl U.K.).
(2) Trade Mark of Ceilcote Company.

(3) Trade Mark of Mass Transfer Ltd. (& Inc.).

Relative Kga valid for all systems controlled by mass transfer
coefficient (K ) and wetted area (a) per unit volume of column. Some
variation should be expected when liquid reaction rate is controlling
(not liquid diffusion rate). In these cases liquid hold-up becomes more
important. In general a packing having high liquid hold-up which is
clearly greater than that in the falling film has poor capacity.

S3SVDO 40 NOlLdHOSaY
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Figure 12.18. Countercurrent absorption tower
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for mass transfer can be written as:

N:‘A dZa = kGa(PAG - PA,')A dz
=kpa(Cai — Car)AdZ (12.41)
where: N/, = kmol of solute absorbed per unit time and unit interfacial area,
a = surface area of interface per unit volume of column,

A = cross-sectional area of column, and
Z = height of packed section.

The interfacial area for transfer = adV =aAdZ (12.42)

12.7.4. Height of column based on conditions in the gas film

If G,, = moles of inert gas/(unit time) (unit cross-section of tower),
L,, = moles of solute-free liquor/(unit time) (unit cross-section of tower),
Y = moles of solute gas A/mole of inert gas B in gas phase, and
X = moles of solute A/mole of inert solvent in liquid phase.

and at any plane at which the molar ratios of the diffusing material in the gas and liquid
phases are Y and X, then over a small height dZ, the moles of gas leaving the gas phase
will equal the moles taken up by the liquid.

Thus: AG,dY = AL, dX (12.43)
But: GmAdY = N,(adV) = kga(Pa; — Pag)AdZ (12.44)
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It may be noted that, in a gas absorption process, gas and liquid concentrations will
decrease in the upwards direction and both dX and dY will be negative.

Y
Since: Pig=——P
tnce A6 =11y
Y, Y
= Pl " |4z
Gm Y =koa |:1+Y,- 1+Y]

Y,-Y
=kG“P[(1+Y)(1+Y,-)]dZ

Hence the height of column Z required to achieve a change in Y from Y; at the bottom
to Y, at the top of the column is given by:

g Gn [ (1+Y)(1+Y)dY
dZ =27 = 12.45
,/0‘ kGaP Y Y, -Y ( )
which for dilute mixtures may be written as:
Gn, (%" dY
Z= 12.46
k(;aP '/;l Y,' -Y ( )

In this analysis it has been assumed that k¢ is a constant throughout the column, and
provided the concentration changes are not too large this will be reasonably true.

12.7.5. Height of column based on conditions in liquid film

A similar analysis may be made in terms of the liquid film. Thus from equations 12.41
and 12.42:
AL, dX =kra(Cai — Car)AdAZ (12.47)

where the concentrations C are in terms of moles of solute per unit volume of liquor. If
Cr = (moles of solute + solvent) (volume of liquid), then:

Ca _ moles of solute _
Cr —C4  moles of solvent

whence: Ca Cr (12.48)

TI1+X

The transfer equation (12.47) may now be written as:

X X,
LndX = kaC -
Le T[1+X 1+X,-j|dz

X-X; :I
1+ X)(1+X)

z L, L (1+X)H1+X)dX
Thus: dZ =27 = 2.49
- fo kLaCr /xl X - X (12.49)

= kLaCT[
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CHAPTER 13

Liquid-Liquid Extraction

13.1. INTRODUCTION

The separation of the components of a liquid mixture by treatment with a solvent in which
one or more of the desired components is preferentially soluble is known as liquid-liquid
extraction — an operation which is used, for example, in the processing of coal tar liquids
and in the production of fuels in the nuclear industry, and which has been applied exten-
sively to the separation of hydrocarbons in the petroleum industry. In this operation, it is
essential that the liquid-mixture feed and solvent are at least partially if not completely
immiscible and, in essence, three stages are involved:

(a) Bringing the feed mixture and the solvent into intimate contact,
(b) Separation of the resulting two phases, and
(c) Removal and recovery of the solvent from each phase.

It is possible to combine stages (a) and (b) into a single piece of equipment such as a
column which is then operated continuously. Such an operation is known as differential
contacting. Liquid-liquid extraction is also carried out in stagewise equipment, the prime
example being a mixer—settler unit in which the main features are the mixing of the
two liquid phases by agitation, followed by settling in a separate vessel by gravity. This
mixing of two liquids by agitation is of considerable importance and the topic is discussed
in some detail in Volume 1, Chapter 7.

Extraction is in many ways complementary to distillation and is preferable in the
following cases: '

(a) Where distillation would require excessive amounts of heat, such as, for example,
when the relative volatility is near unity.

(b) When the formation of azeotropes limits the degree of separation obtainable in
distillation.

(c) When heating must be avoided.

(d) When the components to be separated are quite different in nature.

Important applications of liquid—liquid extraction include the separation of aromatics
from kerosene-based fuel oils to improve their burning qualities and the separation of
aromatics from paraffin and naphthenic compounds to improve the temperature-viscosity
characteristics of lubricating oils. It may also be used to obtain, for example, relatively

721
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pure compounds such as benzene, toluene, and xylene from catalytically produced refor-
mates in the oil industry, in the production of anhydrous acetic acid, in the extraction of
phenol from coal tar liquors, and in the metallurgical and biotechnology industries.

In all extraction processes, the important feature is the selective nature of the solvent,
in that the separation of compounds is based on differences in solubilities, rather than
differences in volatilities as in distillation. In recent years, it has become possible to use
computerised techniques to aid in the choice of a solvent with the required selectivity and
to “design” appropriate molecular structures.

A recent and extremely important development lies in the application of the technique
of liquid extraction to metallurgical processes. The successful development of methods for
the purification of uranium fuel and for the recovery of spent fuel elements in the nuclear
power industry by extraction methods, mainly based on packed, including pulsed, columns
as discussed in Section 13.5 has led to their application to other metallurgical processes.
Of these, the recovery of copper from acid leach liquors and subsequent electro-winning
from these liquors is the most extensive, although further applications to nickel and other
metals are being developed. In many of these processes, some form of chemical complex
is formed between the solute and the solvent so that the kinetics of the process become
important. The extraction operation may be either a physical operation, as discussed previ-
ously, or a chemical operation. Chemical operations have been classified by Hanson®
as follows:

(a) Those involving cation exchange such as, for example, the extraction of metals by
carboxylic acids;

(b) Those involving anion exchange, such as the extraction of anions involving a metal
with amines, and

(c) Those involving the formation of an additive compound, for example, extraction
with neutral organo-phosphorus compounds. An important operation of this type is
the purification of uranium from the nitrate with tri-n-butyl phosphate.

This process of metal purification is of particular interest in that it involves the appli-
cation of principles of both chemistry and chemical engineering and necessitates the cost
evaluation of alternatives.

A whole new technology with respect to extraction, developed within the last decade,
has been the use of supercritical or near supercritical fluids as solvent.

In biotechnology, many of the usual organic solvents will degrade a sensitive product,
such as a protein; this has led to the use of “mild” aqueous-based extractants, such as
water—polyethyleneglycol—phosphate mixtures, which will partition and concentrate the
product in one of the two aqueous layers which are formed.

The use of supercritical fluids and aqueous-based extractants is discussed in Section 13.8

13.2. EXTRACTION PROCESSES

The three steps outlined in Section 13.1, necessary in all liquid-liquid extraction opera-
tions, may be carried out either as a batch or as a continuous process.
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In the single-stage batch process illustrated in Figure 13.1, the solvent and solution
are mixed together and then allowed to separate into the two phases — the extract E
containing the required solute in the added solvent and the raffinate R, the weaker solution
with some associated solvent. With this simple arrangement mixing and separation occur
in the same vessel.

Solvent

Extract E

Raffinate R

Solution

Figure 13.1. Single-stage batch extraction

A continuous two-stage operation is shown in Figure 13.2, where the mixers and
separators are shown as separate vessels. There are three main forms of equipment. First
there is the mixer-settler as shown in Figure 13.1, secondly, there is the column type of
design with trays or packing as in distillation and, thirdly, there are a variety of units
incorporating rotating devices such as the Scheibel and the Podbielniak extractors. In
all cases, the extraction units are followed by distillation or a similar operation in order
to recover the solvent and the solute. Some indication of the form of these alternative
arrangements may be seen by considering two of the processes referred to in Section 13.1.

Solvent
Extract 1 Solvent Extract 2
r—e— e ——
Mixer ‘ Separator / ‘ Separator
1 1 2
‘ ————
Solution Raffinate 1 Raffinate 2

Figure 13.2. Multiple-contact system with fresh solvent

One system for separating benzene, toluene, and xylene groups from light feed-stocks
is shown in Figure 13.3, where n-methylpyrolidone (NMP) with the addition of some
glycol is used as the solvent. The feed is passed to a multistage extractor arranged as a
tower from which an aromatics-free raffinate is obtained at the top. The extract stream
containing the solvent, aromatics, and low boiling non-aromatics is distilled to provide
the extractor recycle stream as a top product, and a mixture of aromatics and solvent at
the bottom. This stream passes to a stripper from which the glycol and the aromatics
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Figure 13.3. Process for benzene, toluene and xylene recovery

are recovered. This is a complex system illustrating the need for careful recycling and

recovery of solvent.

The concentration of acrylic acid by extraction with ethyl acetate® is a rather different
illustration of this technique. As shown in Figure 13.4, the dilute acrylic acid solution of
concentration about 20 per cent is fed to the top of the extraction column 1, the ethyl
acetate solvent being fed in at the base. The acetate containing the dissolved acrylic acid
and water leaves from the top and is fed to the distillation column 2, where the acetate
is removed as an azeotrope with water and the dry acrylic acid is recovered as product

from the bottom.

Feed
Aq Acrylic acid

Ethy! acetate
+ Acrylic acid

Water phase
Ester

Ester phase L Dry acrylic acid

Water + Ethyl acetate
phase

Figure 13.4. Concentration of acrylic acid by extraction with ethyl acetate®

It may be seen from these illustrations that successful extraction processes should not
be judged simply by the performance of the extraction unit alone, but by assessment of
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the recovery achieved by the whole plant. This aspect of the process may be complex if
chemical reactions are involved. The sections of the plant for mixing and for separation
must be considered together when assessing capital cost. The cost of the organic solvents
used in the metaliurgical processes may also be high.

The mechanism of transfer of solute from one phase to the second is one of molecular
and eddy diffusion and the concepts of phase equilibrium, interfacial area, and surface
renewal are all similar in principle to those met in distillation and absorption, even though,
in liquid-liquid extraction, dispersion is effected by mechanical means including pumping
and agitation, except in standard packed columns.

In formulating design criteria for extraction equipment, it is necessary to take into
account the equilibrium conditions for the distribution of solute between the phases as this
determines the maximum degree of separation possible in a single stage. The resistance to
diffusion and, in the case of chemical effects, the kinetics are also important in that these
determine the residence time required to bring about near equilibrium in a stage-wise
unit, or the height of a transfer unit in a differential contactor. The transfer rate is given
by the accepted equation:

Rate per unit interfacial area = kAC (13.1)

where & is a mass transfer coefficient and AC a concentration driving force. A high value
of k can be obtained only if turbulent or eddy conditions prevail and, although these may
be readily achieved in the continuous phase by some form of agitation, it is very difficult
to generate eddies in the drops which constitute the dispersed phase.

13.3. EQUILIBRIUM DATA

The equilibrium condition for the distribution of one solute between two liquid phases is
conveniently considered in terms of the distribution law. Thus, at equilibrium, the ratio
of the concentrations of the solute in the two phases is given by Cg/Cg = K', where
K’ is the distribution constant. This relation will apply accurately only if both solvents
are immiscible, and if there is no association or dissociation of the solute. If the solute
forms molecules of different molecular weights, then the distribution law holds for each
molecular species. Where the concentrations are small, the distribution law usually holds
provided no chemical reaction occurs.

The addition of a new solvent to a binary mixture of a solute in a solvent may lead to
the formation of several types of mixture:

(a) A homogeneous solution may be formed and the selected solvent is then unsuitable.

(b) The solvent may be completely immiscible with the initial solvent.

(¢c) The solvent may be partially miscible with the original solvent resulting in the
formation of one pair of partially miscible liguids.

(d) The new solvent may lead to the formation of two or three partially miscible liquids.

Of these possibilities, types (b), (c), and (d) all give rise to systems that may be used,
although those of types (b) and (c) are the most promising. With conditions of type (b), the
equilibrium relation is conveniently shown by a plot of the concentration of solute in one
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phase against the concentration in the second phase. Conditions given by (c¢) and (d) are
usually represented by triangular diagrams. Equilateral triangles are used, although it is also
possible to use right-angled isosceles triangles, which are discussed in Chapter 10.

The system, acetone (A)-Water (B)-methyl isobutyl ketone (C), as shown in
Figure 13.5, is of type (c). Here the solute A is completely miscible with the two solvents
B and C, although the two solvents are only partially miscible with each other. A mixture
indicated by point H consists of the three components A, B and C in the ratio of the
perpendiculars HL,, HJ, HK. The distance BN represents the solubility of solvent C in B,
and MC that of B in C. The area under the curved line NPFQM, the binodal solubility
curve, represents a two-phase region which will split up into two layers in equilibrium
with each other. These layers have compositions represented by points P and Q, and PQ
is known as a “tie line”. Such lines, two of which are shown in the diagram, connect the
compositions of two phases in equilibrium with each other, and these compositions must
be found by practical measurement. There is one point on the binodal curve at F which
represents a single phase that does not split into two phases. F is known as a plait point,
and this must also be found by experimental measurement. The plait point is fixed if either
the temperature or the pressure is fixed. Within the area under the curve, the temperature
and composition of one phase will fix the composition of the other. Applying the phase
rule to the three-components system at constant temperature and pressure, the number of
degrees of freedom is equal to 3 minus the number of phases. In the area where there is
only one liquid phase, there are two degrees of freedom and two compositions must be
stated. In a system where there are two liquid phases, there is only one degree of freedom.

A (acetone)

BN L I\)I C
(Water) (MIK)

Figure 13.5. Equilibrium relationship for acetone distributed between water and methyl isobutyl ketone

One of the most useful features of this method of representation is that, if a solution of
composition X is mixed with one of composition Y, then the resulting mixture will have
a composition shown by Z on a line XY, such that:

XZ/ZY = (amount of Y)/(amount of X),

Similarly, if an extract Y is removed, from a mixture Z the remaining liquor will have
composition X.
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In Figure 13.6 two separate two-phase regions are formed, whilst in Figure 13.7 the
two-phase regions merge on varying the temperature. Aniline (A), water (B), and phenol
(C) represent a system of the latter type. Under the conditions shown in Figures 13.6 and
13.7, A and C are miscible in all proportions, although B and A, and B and C are only
partially miscible.

gy

B Cc

Figure 13.6. Equilibrium relationship for the aniline—water—phenol system

A

B C

Figure 13.7. Equilibrium relationship for the aniline—water—phenol system at a higher temperature

Whilst these diagrams are of considerable use in presenting equilibrium data,
Figure 13.8 is in many ways more useful for determining the selectivity of a solvent,
and the number of stages that are likely to be required. In Figure 13.8 the percentage of
solute in one phase is plotted against the percentage in the second phase in equilibrium
with it. This is equivalent to plotting the compositions at either end of a tie line. The
important factor in assessing the value of a solvent is the ratio of the concentrations of the
desired component in the two phases, rather than the actual concentrations. A selectivity
ratio may be defined in terms of either mass or mole fractions as:

p-[2./[2]
*BlE XB AR

where x4 and xp are the mass or mole fractions of A and B in the two phases E and R.
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Plait
point

A in phase C (%)

Ain phase B (%)

Figure 13.8. Equilibrium distribution of solute A in phases B and C

For a few systems B tends to be substantially constant, although it more usually
varies with concentration. The selectivity ratio has the same significance in extraction
as relative volatility has in distillation, so that the ease of separation is directly related to
the numerical value of 8. As § approaches unity, a larger number of stages is necessary for
a given degree of separation and the capital and operating costs increase correspondingly.
When B = 1 any separation is impossible.

13.4. CALCULATION OF THE NUMBER OF THEORETICAL
STAGES

13.4.1. Co-current contact with partially miscible solvents

In calculating the number of ideal stages required for a given degree of separation, the
conditions of equilibrium expressed by one of the methods discussed in Section 13.3 is
used. The number of stages where single or multiple contact equipment is involved is
considered first, and then the design of equipment where the concentration change is
continuous is discussed.

For the general case where the solvents are partially miscible, the feed solution F is
brought into contact with the selective solvent S, to give raffinate R; and an extract E;.
The addition of streams F and S is shown on the triangular diagram in Figure 13.9, by
the point M, where FM/MS = §/F. This mixture M breaks down to give extract E; and
raffinate Ry, at opposite ends of a tie line through M.

If a second stage is used, then the raffinate R; is treated with a further quantity of
solvent S, and extract E; and raffinate R, are obtained as shown in the same figure,

The complete process consists in carrying out the extraction, and recovering the solvent
from the raffinate and extract obtained. Thus, for a single-stage system as shown in
Figure 13.10, the raffinate R is passed into the distillation column where it is separated
to give purified raffinate R’ and solvent Sg. The extract E is passed to another distillation
unit to give extract E’ and a solvent stream Sg. These recovered solvents Sz and Sg
are pumped back to the extraction process as shown. This cycle may be represented on
a diagram, as shown in Figure 13.11, by showing the removal of S; from R to give
composition R’, and the removal of Sg from E to give composition E’. It has been
assumed in this case that perfect separation is obtained in the stills, so that pure solvent
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B

Figure 13.9. Multiple contact with fresh solvent used at each stage

Purified raffinate
H!

Purified extract
EJ

Recycled solvent Sg

Figure 13.10. Single-stage process with solvent recovery

S
Figure 13.11. Representation of process shown in Figure 13.10

is obtained in the streams Sg and Sg, although the same form of diagram can be used
where imperfect separation is obtained. It may be noted that, when ES is a tangent to the
binodal curve, then the maximum concentration of solute B in the extract E' is obtained.
It also follows that E' then represents the maximum possible concentration of B in the
feed. Sufficient solvent S must be used to bring the mixture M within the two-phase area.
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13.4.2. Co-current contact with immiscible solvents

In this case, which is illustrated in Figure 13.12, triangular diagrams are not required. If
the initial solution contains a mass A of solvent A with a mass ratio X of solute, then
the selective solvent to be added will be a mass § of solvent S. On mixing and separating,
a raffinate is obtained with the solvent A containing a mass ratio X; of solute, and an
extract with the solvent S containing a mass ratio Y; of solute. A material balance on the
solute gives:

AX; = AX| + SY;

Y; A
: _h A 13.3
or X —X; S (13:3)
AX
e A
1 2
St

\_S'Y‘s_/ \—sy,

=
3
o
3 E
gy,
e
3
3 v, Ez_~Slope = S!ope=—[g]
S -[ﬂ} 1
2 Sy
i
w
8 - G_\F
0 X; X, X

Mass ratio of solute in raffinate (X)

Figure 13.12. Calculation of number of stages for co-current multiple-contact process, using immiscible
solvents

This process may be illustrated by allowing the point F to represent the feed solution and
drawing a line FE, of slope —(A/S)1, to cut the equilibrium curve at E;. This then gives
composition Y; of the extract and X of the raffinate. If a further stage is then carried out
by the addition of solvent S to the stream AX|, then point E; is found on the equilibrium
curve by drawing GE; of slope —(A/S),. Point E; then gives the compositions X, and
Y, of the final extract and raffinate. This system may be used for any number of stages,
with any assumed variation in the proportion of solvent S to raffinate from stage to stage.

If the distribution law is followed, then the equilibrium curve becomes a straight line
given by ¥ = mX. The material balance on the solute may then be rewritten as:

AX; = AXy + SY) = AX) + SmX; = (A 4+ Sm)X,
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A
: = Xy, 13.4
or X [A+Sm] ! (13.4)

If a further mass S of S is added to raffinate AX; to give an extract of composition ¥,
and a raffinate X, in a second stage, then:

AX1 =AX;+ SmX; = X2(A + Sm)

2
: = X = X 13.5
and X2 [A+Sm] ! [A+Sm] 4 (13.5)
For n stages:
A n
= X 13.6
Xn [A + Sm] f ( )
and the number of stages is given by:
= ______l°gx"//‘Xf (13.7)
!
o8 {:A + Sm]

13.4.3. Countercurrent contact with immiscible solvents

If a series of mixing and separating vessels is arranged so that the flow is countercurrent,
then the conditions of flow may be represented as shown in Figure 13.13, where each
circle corresponds to a mixer and a separator. The initial solution F of the solute B in
solvent A is fed to the first unit and leaves as raffinate R;. This stream passes through
the units and leaves from the nth unit as stream R,. The fresh solvent S enters the nth
unit and passes in the reverse direction through the units, leaving as extract E,.

Xy X4 Xy X3 Xno1 X
F Ry Py Rz o~ Rslﬂn-1 Rn A x
1 2 3 n
SY
Eq Ex Es Es En Enst
Y Y2 Ya Y. Y, Y et

Figure 13.13. Arrangement for multiple-contact extraction in countercurrent flow

The following definitions may be made:
X = the ratio of solute to solvent in the raffinate streams, and

Y = the ratio of the solute to solvent in the extract streams.

If the two solvents are immiscible, the solvent in the raffinate streams remains as A,
and the added solvent in the extract streams as S. The material balances for the solute
may then be written as
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(a) For the 1st stage: AXy 4+ 8SY, = AX| + ST,
(b) For the nth stage: AX,_ 1+ 8Y, . = AX, + 57,

(c) For the whole unit: AXf + SY,4 = AX, + ST
A
or: Yor1 = -§(X,, - Xr)+ 1 (13.8)

This is the equation of a straight line of slope A/S, known as the operating line,
which passes through the points (X, Y1) and (X, Y,41). In Figure 13.14, the equilibrium
relation, Y, against X,, and the operating line are drawn in, and the number of stages
required to pass from Xy to X, is found by drawing in steps between the operating
line and the equilibrium curve. In this example, four stages are required, and (X,, Y,11)
corresponds to (X4, ¥5). It may be noted that the operating line connects the compositions
of the raffinate stream leaving and the fresh solvent stream entering a unit, X, and Y, i,
respectively.

e
ot
e e
e -\\\‘Qﬂ ~ AN
> ea "b\\‘\
&
XA TSR
g
E Yef———————=
8 . )
3] - it [
| i
% Yaf-— i [
Yn+1 T : :
i ] I
- 1 L
Xn X3 Xz X4 X;

Raffinate composition (X)

Figure 13.14. Graphical method for determining the number of stages for the process shown in Figure 13.13,
using immiscible solvents

Example 13.1

160 cm’/s of a solvent S is used to treat 400cm?/s of a 10 per cent by mass solution of A in B, in a
three-stage countercurrent multiple-contact liquid-liquid extraction plant. What is the composition
of the final raffinate?

Using the same total amount of solvent, evenly distributed between the three stages, what would
be the composition of the final raffinate if the equipment were used in a simple multiple-contact
arrangement?

Equilibrium data:

kg A/kg B: 0.05 0.10 0.15
kg Akg S: 0.069 0.159 0.258
Densities (kg/m>): pa = 1200, pp = 1000, ps = 800
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Solution

(a) Countercurrent operation

Considering the solvent S, 160cm’/s = 1.6 x 107*m?/s
and: mass flowrate = (1.6 x 107* x 800) = 0.128 kg/s

Considering the solution, 400cm?®/s = 4 x 107* m®/s
containing, say, a m’/s A and (5 x 107™* —a) m® /s B.

Thus: mass flowrate of A = 1200a kg/s
and: mass flowrate of B = (4 x 107% — )1000 = (0.4 — 1000a) kg/s
a total of: (0.4 4+ 200a) kg/s

The concentration of the solution is:

0.10 = 1200a/(0.4 + 200a)

Thus: a =3.39 x 107°m?/s
mass flowrate of A = 0.041 kg/s, mass flowrate of B = 0.366 kg/s
and: ratio of A/B in the feed, X = (0.041/0.366) = 0.112 kg/kg

The equilibrium data are plotted in Figure 13.15 and the value of X; = 0.112 kg/kg is marked
in. The slope of the equilibrium line is:

(mass flowrate of B)/(mass flowrate of S) = (0.366/0.128) = 2.86

@
c.-"é
o
)
025 &
S
Q/Q
0.20
1))
g |n
< 015K
< 2
o
-
0.10
FYS
0.051 Slope = 2.86
Y,=0 X4 :
0 005X, X, 0.10X, 0.15

& LIVE GRAPH kgA/kgB

Click here to view
Figure 13.15. Construction for Example 13.1
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Since pure solvent is added, Y,;; = Y4 = 0 and a line of slope 2.86 is drawn in such that stepping
off from X, = 0.112 kg/kg to Y4 = 0 gives exactly three stages.
When Y, =0, X, = X3 = 0.057 kg/kg,

Thus: the composition of final raffinate is 0.057 kg A/kg B

(b) Multiple contact
In this case, (0.128/3) = 0.0427 kg/s of pure solvent S is fed to each stage.
Stage 1
Xy = (0.041/0.366) = 0.112kg/kg
and from the equilibrium curve, the extract contains 0.18 A/kg S and (0.18 x 0.0427) =
0.0077 kg/s A.
Thus: raffinate from stage 1 contains (0.041 — 0.0077) = 0.0333 kg/s A and 0.366 kg/s B
and: X1 = (0.0333/0.366) = 0.091kg/kg

Stage 2
X, = 0.091kg/kg

and from Figure 13.15 the extract contains 0.14 kg A/kg S

or: (0.14 x 0.0427) = 0.0060 kg/s A

Thus: the raffinate from stage 2 contains (0.0333 — 0.0060) = 0.0273 kg/s A and 0.366 kg/s B
Thus: X, = (0.0273/0.366) = 0.075 kg/kg

Stage 3
X, =0.075 kg/kg

and from Figure 13.15, the extract contains 0.114 kg A/kg S
or: (0.114 x 0.0427) = 0.0049 kg/s A.

Thus: the raffinate from stage 3 contains (0.0273 — 0.0049) = 0.0224 kg/s A and 0.366 kg/s B

and: X3 = (0.0224/0.366) = 0.061 kg/kg
Thus: the composition of final raffinate = 0.061kg A/kg B

13.4.4. Countercurrent contact with partially miscible solvents

In this case the arrangement of the equipment is the same as for immiscible solvents
although, as the amounts of solvent in the extract and raffinate streams are varying, the
material balance is taken for the total streams entering and leaving each stage.
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With the notation as shown in Figure 13.13, if the feed F, the final extract E;, the
fresh solvent 8 = stream E,,; and, the final raffinate R, are fixed, then making material

balances:

(a) Over the first unit

F+E,=
and: F—-E =

(b) Over stages 1 ton

and:

(c) Over the unitn

and:

R+ E;

R; — E, = P, say—the difference stream (13.9)

F+E,qi=R,+E =M, say (13.10)
F-E =R,—E,.;=P. (13.11)

Rp1 + En+l =E,+R,
Ri1~—E,=R,—E, 1 =P (13.12)

Thus the difference in quantity between the raffinate leaving a stage R,, and the extract
entering from next stage E, ., is constant. Similarly, it can be shown that the difference
between the amounts of each component in the raffinate and the extract streams is constant.
This means that, with the notation of a triangular diagram, lines joining any two points
representing R, and E, | pass through a common pole. The number of stages required to
so from an initial concentration F to a final raffinate concentration R, may then be found
using a triangular diagram, shown in Figure 13.16.

Figure 13.16. Graphical method for determining the number of stages for the process shown in Figure 13.13,

using partially miscible solvents

If the points F and S representing the compositions of the feed and fresh solvent S are
joined, then the composition of a mixture of F and S is shown by point M where:

MS __ Mass of F
MF ~ mass of S
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A line is drawn from R, through M to give E; on the binodal curve and EF and SR, to
meet at the pole P. It may be noted that P represents an imaginary mixture, as described
for the leaching problems discussed in Chapter 10.

In an ideal stage, the extract E; leaves in equilibrium with the raffinate R;, so that the
point R, is at the end of the tie line through E,. To determine the extract E;, PR; is drawn
to cut the binodal curve at E;. The points R;, E3, R3, E4, and so on, may be found in the
same way. If the final tie line, say ER4, does not pass through R,, then the amount of
solvent added is incorrect for the desired change in composition. In general, this does not
invalidate the method, since it gives the required number of ideal stages with sufficient
accuracy.

Example 13.2

A 50 per cent solution of solute C in solvent A is extracted with a second solvent B in a counter-
current multiple contact extraction unit. The mass of B is 25 per cent of that of the feed solution,
and the equilibrium data are as given in Figure 13.17.

Figure 13.17. Equlibrium data for Example 13.2.

Determine the number of ideal stages required and the mass and concentration of the first extract
if the final raffinate contains 15 per cent of solute C.

Solution

The equilibrium data are replotted in Figure 13.18 and F, representing the feed, is drawn in on AC
at C = 0.50, A = 0.50. FB is joined and M located such that FM/MB = 0.25. R, is located on the
equilibrium curve such that C = 0.15. In fact B = 0.01 and A = 0.84. E, is located by projecting
R,M on to the curve and the pole P by projecting E;F and BR,. R; is found by projecting from
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100% C

100% A 100% B

Figure 13.18. Graphical construction for Example 13.2.

E, along a tie-line and E, as the projection of PR,;. The working is continued in this way and it is
found that Rs is below R, and hence 5 ideal stages are required.

From Figure 13.18 the concentration of extract E; is 9 per cent A, 58 per cent C, and 33 per cent B.

13.4.5. Continuous extraction in columns

As Suerwoop and Pigrorn® point out, the use of spray towers, packed towers or
mechanical columns enables continuous countercurrent extraction to be obtained in a
similar manner to that in gas absorption or distillation. Applying the two-film theory of
mass transfer, explained in detail in Volume 1, Chapter 10, the concentration gradients
for transfer to a desired solute from a raffinate to an extract phase are as shown in
Figure 13.19, which is similar to Figure 12.1 for gas absorption.

+Cei
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Figure 13.19. Concentration profile near an interface
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The transfer through the film on the raffinate side of the interface is brought about
by a concentration difference Cgr — Cg;, and through the film on the extract side by a
concentration difference Cg; — CEg.

The rate of transfer across these films may be expressed, as in absorption, as:

N’ =kgr(Cr — Cri) = kg(Cgi — CEg) (13.13)
where: Cgr, Cr are the molar concentrations of the solute in the raffinate and extract
phases.
kg, kg are the transfer coefficients for raffinate and extract films, respectively,
and

N’ is the molar rate of transfer per unit area.

Then:
kR CE,' —CE _ ACE

ke  Cx—Cr ACk
If the equilibrium curve may be taken as a straight line of slope m, then assuming
equilibrium at the interface gives:

(13.14)

Cgi =mCp; (13.15)
Cr =mC? (13.16)
and: CZ =mCp (13.17)

where CF is the concentration in phase E in equilibrium with Cy in phase R, and C} is
the concentration in phase R in equilibrium with Cg in phase E.

The relations for mass transfer may also be written in terms of overall transfer coeffi-
cients K and K¢ defined by:

N' = Kp(Cg — C%) = Kg(CL — CE) (13.18)

and by a similar reasoning to that used for absorption, as discussed in Chapter 12
(equation 12.22):

1 1 1

— =4 — 13.19
KR kR+mkE (3 )
1 1 m
d: —_—=—4 — 13.2
an X; kE+kR (13.20)

Capacity of a column operating as continuous countercurrent unit

The capacity of a column operating as a countercurrent extractor, as shown in
Figure 13.20, may be derived as follows.

If Ly, L} are the volumetric flowrates of raffinate and extract phases per unit
area,
a is the interfacial surface per unit volume, and
Z is the height of packing,
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Lg Lg

CR Fj—dz CE

Wy

CR1 CE 1

Figure 13.20. Countercurrent flow in a packed column

then, over a small height dZ, a material balance gives:
LR dCr = L5 dCg (13.21)
From equation 13.13:
L;Q dCR = kR(CR - CRi)a dz

fcm dCr kra
C

—_— =7 (13.22)
R2 Cr—Cri L/R

and:

The integral on the left-hand side of this equation is known as the number of raffinate-film
transfer units, Ng, and the height of the raffinate-film transfer unit is:
L/
Hp = & (13.23)
k RA

In a similar manner, and by analogy with absorption (equations 12.80, 12.81, 12.82):

!

L
H; = k_% = height of extract-film transfer unit (13.24)
E

H,» = L __ height of overall transfer unit based on (13.25)
OR = Kra ~ concentration in raffinate phase .

£ _ height of overall transfer unit based on
Kpa ~ concentration in extract phase
1 1 1

Since: _———t — ion 13.18
ince Ke =~ i + ks (equation 13.18)

Hyr = (13.26)

Lr _ Lk, (..Ii_ « ﬁ)
KR kR mkE L%
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/

Thus: HOR = HR + L, HE (1327)
L/

and: Hor = Hp + ——E (13.28)
LR

These equations are the same form of relation as already obtained for distillation
(Chapter 11, equations 11.148 and 11.149) and for absorption (Chapter 12), although it
is only with dilute solutions that the group mL'z /L% is constant. If equations 13.27 and
13.28 are combined, then:

Hor = —2-Hor (13.29)

L/
The group Lz /mL'; is the ratio of the slope of the operating line to that of the equilibrium
curve so that when these two are parallel it follows that Hpoz and Hpg are numeri-
cally equal.

In deriving these relationships, it is assumed that L, and L'; are constant throughout the
tower. This is not the case if a large part of the solute is transferred from a concentrated
solution to the other phase.

It is also assumed that the transfer coefficients are independent of concentration. For
dilute solutions and where the equilibrium relation is a straight line, a simple expression
may be obtained for determining the required height of a column, by the same method
as given in Chapter 12.

Thus LR dCg = Kr(Cgr— Cg)adZ may be integrated over the height Z and
expressed as:

L%(Cg1 = Cr2) = Kr(ACR)maZ (13.30)

where (ACR)im is the logarithmic mean of (Cg — C})1 and (Cg — C),. This simple
relation has been used by workers in the determination of Kz or Kg in small laboratory
columns, although care should be taken when applying these results to other conditions.

Equations 13.27 and 13.28 have been used as a basis of correlating mass transfer
measurements in continuous countercurrent contactors. For example, LemBsoN and
BeckMANN® plotted Ho g against mL'z/ L}, as shown in Figure 13.21, for a variety of
column packings and obtained good straight lines. Caution must, be exercised, however, in
drawing conclusions from such plots. Although equation 13.28 suggests that the intercepts
and slopes of the lines are numerically equal to Hg and Hp respectively, this is true only
provided that both these quantities are independent of the flow ratio L, /L’%. This is not
always the case and, with packed towers, the height of the continuous phase film transfer
unit does in fact depend upon the flow ratio, as discussed by GAavLER and PRaTT®®. Under
these conditions neither equation 13.27 nor 13.28 can be used to apportion the individual
resistances to mass transfer between the two phases, and the film coefficients have to be
determined by direct measurement.

Example 13.3

In the extraction of acetic acid from an aqueous solution with benzene in a packed column of height
1.4 m and of cross-sectional area 0.0045 m?, the concentrations measured at the inlet and outlet of
the column are as shown in Figure 13.22.
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L'r

Height of the transfer unit Ho g as a function of mL g /L g for the transfer of diethylamine from
water to dispersed toluene using various packings®

Determine the overall transfer coefficient and the height of the transfer unit.

Acid concentration in inlet water phase, Cw,

Acid concentration in outlet water phase, Cw;

Flowrate of benzene phase
Inlet benzene phase concentration, Cp
Outlet benzene phase concentration, Cgy

The equilibrium relationship for this system is:

Solution

The acid transferred to the benzene phase is:

0.690 kmol/m?
0.685 kmol/m’

nh

*

CB
0.0247
Cy 4

5.7 x 1075(0.0115 — 0.0040) = 4.275 x 10~% kmol/s

5.7 cm®s or 1.27 x 10~% m*m?s
0.0040 kmol/m?
0.0115 kmol/m?
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0.685

0.0040

Figure 13.22. Data for Example 13.3

From the equilibrium relationship:
* —
B =
and: Cp=

Thus: Driving force at bottom, AC; =

and: Driving force at top, AC; =
Thus: Log mean driving force, ACy, =
Thus: Kga =
and: Hop =

13.5. CLASSIFICATIO

In most industrial applications, multistage countercurrent contacting is required. The
hydrodynamic driving force necessary to induce countercurrent flow and subsequent phase
separation may be derived from the differential effects of either gravity or centrifugal force
on the two phases of different densities. Essentially there are two types of design by which

(0.0247 x 0.685) = 0.0169 kmol/m®
(0.0247 x 0.690) = 0.0170 kmol/m®
(0.0169 — 0.0040) = 0.0129 kmol/m®
(0.0170 — 0.0115) = 0.0055 kmol/m®
0.0087 kmol/m?

moles transferred (4275 x 10~%)
volume of packing x ACi,  (0.0063 x 0.0087)

7.8 x 10™* kmol/s m® (kmol/m®)
(127 x 107%)/(7.8 x 107" = 1.63 m

N OF EXTRACTION EQUIPMENT

effective multistage operation may be obtained:

(a) stage-wise contactors, in whic

h the equipment includes a series of physical stages

in which the phases are mixed and separated, and

(b) differential contactors, in which the phases are continuously brought into contact

with complete phase separation only at the exits from the unit.
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The three factors, the inducement of countercurrent flow, stage-wise or differential
contacting and the means of effecting phase separation are the basis of a classification of
contactors proposed by Hanson) which is summarised in Table 13.1.

Table 13.1. Classification of contactors
Countercurrent flow Phase interdispersion by Differential contactors Stagewise contactors
produced by
GROUP A Group B
Gravity Spray column Perforated plate column
Packed column
Gravity Group C Grour D
Pulsation Pulsed packed column Pulsed sieve plate column

Centrifugal force

Mechanical agitation

Centrifugal force

Pulsating plate column

Grour E

Rotating disc contactor
Oldshue-Rushton column
Zeihl column

Graesser contractor
Grour G

Podbielniak

Quadronic

De Laval

Controlled cycling column

Group F
Scheibel column
Mixer-settlers

Grour H
Westfalia
Robatel

Typical regions for application of contactors of different types are given in Table 13.2.
The choice of a contactor for a particular application requires the consideration of several
factors including chemical stability, the value of the products and the rate of phase
separation. Occasionally, the extraction system may be chemically unstable and the contact
time must then be kept to a minimum by using equipment such as a centrifugal contactor.

Table 13.2. Typical regions of application of contactor groups listed in Table 13.1¢D

System criterion

Modest throughput

High throughput

Small number
of
stages
required

Chemically stable
Easy phase separation
Low value

Chemically stable
Appreciable value

Chemically unstable
Slow phase separation

A, B or mixer—settler

CorD

GorH

EorF

E or F (not mixer—settler)

GorH

Large number
of
stages
required

Chemically stable
Easy phase separation
Low value

Chemically stable
Appreciable value

Chemically unstable
Slow phase separation

B, C, D or mixer-settler

CorD

GorH

EorF

E or F (not mixer—settler)

GorH

The more important types of stage-wise and differential contactors are discussed in

Sections 13.6 and 13.7 respectively.
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13.6. STAGE-WISE EQUIPMENT FOR EXTRACTION

13.6.1. The mixer-settler

In the mixer-settler, the solution and solvent are mixed by some form of agitator in
the mixer, and then transferred to the settler where the two phases separate to give
an extract and a raffinate. The mixer unit, which is usually a circular or square vessel
with a stirrer, may be designed on the principles given in Volume 1, Chapter 7. In the
settler the separation is often gravity-controlled, and the liquid densities and the form of
the dispersion are important parameters. It is necessary to establish the principles which
determine the size of these units and to have an understanding of the criteria governing
their internal construction. Whilst the mixer and settler are first considered as separate
items, it is important to appreciate that they are essential component parts of a single
processing unit.

The mixer. As a result of the agitation achieved in a mixer, the two phases are brought to,
or near to, equilibrium so that one theoretical stage is frequently obtained in a single mixer
where a physical extraction process is taking place. Where a chemical reaction occurs, the
kinetics must be established so that the residence time and the hold-up may be calculated.
The hold-up is the key parameter in determining size, and scale-up is acceptably reliable,
although a reasonably accurate estimate of the power required is important with large
units. For a circular vessel, baffles are required to give the optimum degree of agitation
and the propeller, which should be about one-third of the diameter of the vessel, should
be mounted just below the interface and operate with a tip speed of 3-15 m/s, depending
on the nature of the propeller or turbine. A shroud around the propeller helps to give
good initial mixing of the streams, and it also provides some pumping action and hence
improves circulation.

As discussed in Volume 1, Chapter 7, the two key parameters determining power are
the Reynolds number for the agitator and the power number. The Reynolds number should
exceed 10* for optimum agitation. This gives a power number of about 6 for a fully baffled
tank. It is important to note that the power number and the tip speed cannot both be kept
constant in scale-up.

The settler. In this unit, gravitational settling frequently occurs and, in addition, coales-
cence of droplets must take place. Baffles are fitted at the inlet in order to aid distri-
bution. The rates of sedimentation and coalescence increase with drop size, and therefore
excessive agitation resulting in the formation of very small drops should be avoided.
The height of the dispersion band Zjp is influenced by the throughput since a minimum
residence time is required for coalescence to occur. This height Zp is related to the
dispersed and continuous phase superficial velocities, #; and u. by:

Zp = constant (ug + u.) (13.31)
Pilot tests may be necessary to achieve satisfactory design, although the sizing of the
settler is a difficult problem when the throughputs are large.
Combined mixer-settler units

Recent work has emphasised the need to consider the combined mixer—settler operation,
particularly in metal extraction systems where the throughput may be very large. Thus
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Warwick and ScurrHaM® give details of a design, shown in Figure 13.23, in which the
two operations are effected in the one combined unit. The impeller has swept-back vanes
with double shrouds, and the two phases meet in the draught tube. A baffle on top of the
agitator reduces air intake and a baffle on the inlet to the settler is important in controlling
the flow pattern. This arrangement gives a good performance and is mechanically neat.
Raising the impeller above the draught tube increases internal recirculation which in turn
improves the stage efficiency, as shown in Figure 13.24. The effect of agitation on the
thickness of the dispersion band is shown in Figure 13.25. The depth of the dispersion

Settler inlet baffle
SiE Organic phase "
Aqueous feed
= Dispersion band
I =]
Organic feed =
Aqueous phase
Figure 13.23. Mixer—settler
Mixer N3D? (it #s8)
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£ I ViR
e sof v
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g g / /
g /)
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Figure 13.24. The effect of variation of mixer internal recirculation on extraction efficiency®
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Figure 13.25. The effect of variation of phase continuity and mixer N3 D? on settler dispersion band depth®

band Zp varies with the total flow per unit area. Whilst this work was primarily aimed at a
design for copper-extraction processes, it is clear that there is scope for further important
applications of these units.

The segmented mixer—settler. Novel features for a combined mixer—settler are incor-
porated in a unit from Davy International, described by JacksoN et al.” and illustrated
in Figure 13.26, where specially designed KnitMesh pads are used to speed up the
rate of coalescence. The centrally situated mixer is designed to give the required hold-
up, and the mixture is pumped at the required rate to the settler which is formed in
segments around the mixer, each fed by individual pipework. The KnitMesh pads which
are positioned in each segment are 0.75—-1.5 m in depth. One key advantage of this
design is that the holdup of the dispersed phase in the settler is reduced to about
20 per cent of that in the mixer, as compared with 50 per cent with simple gravity
settlers.

The use of KnitMesh in a coalescer for liquid-liquid separation applications is illus-
trated in Figure 13.27 where an oil-water mixture enters the unit and passes through
the coalescer element. As it does so, the water droplets coalesce and separation occurs
between the oil and the water. After passing through the KnitMesh, the two phases are
readily removed from the top and bottom of the unit.
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Centrally
positioned

Wp - mixer
Knitmesh pads \ Settling chambers

Figure 13.26. Segmented mixer—settler”

S
Qil outlet
Water in oil
dispersion inlet | High level
— : Interface
control

©

1 Flow distributor T o vl
2 KnitMesh coalescer element
3 Interface

4 Seperated oil phase

5 Seperated water phase

6 Sump

Water outlet

Figure 13.27. Flow in a KnitMesh separator

Kiihni have recently developed a mixer-settler column which, as its name suggests is a
series of mixer—settlers in the form of a column. The unit consists of a number of stages
installed one on top of another, each hydraulically separated, and each with a mixing and
settling zone as shown in Figure 13.28. With this design, it is possible to eliminate some
of the main disadvantages of conventional mixer-settlers whilst maintaining stagewise
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CHAPTER 14

Evaporation

14.1. INTRODUCTION

Evaporation, a widely used method for the concentration of aqueous solutions, involves the
removal of water from a solution by boiling the liquor in a suitable vessel, an evaporator,
and withdrawing the vapour. If the solution contains dissolved solids, the resulting strong
liquor may become saturated so that crystals are deposited. Liquors which are to be
evaporated may be classified as follows:

(a) Those which can be heated to high temperatures without decomposition, and those
that can be heated only to a temperature of about 330 K.

(b) Those which yield solids on concentration, in which case crystal size and shape
may be important, and those which do not.

(c) Those which, at a given pressure, boil at about the same temperature as water, and
those which have a much higher boiling point.

Evaporation is achieved by adding heat to the solution to vaporise the solvent. The heat
is supplied principally to provide the latent heat of vaporisation, and, by adopting methods
for recovery of heat from the vapour, it has been possible to achieve great economy in heat
utilisation. Whilst the normal heating medium is generally low pressure exhaust steam
from turbines, special heat transfer fluids or flue gases are also used.

The design of an evaporation unit requires the practical application of data on heat
transfer to boiling liquids, together with a realisation of what happens to the liquid during
concentration. In addition to the three main features outlined above, liquors which have
an inverse solubility curve and which are therefore likely to deposit scale on the heating
surface merit special attention.

14.2. HEAT TRANSFER IN EVAPORATORS

14.2.1. Heat transfer coefficients
The rate equation for heat transfer takes the form:
Q = UAAT (14.1)

where: Q is the heat transferred per unit time,
U is the overall coefficient of heat transfer,
A is the heat transfer surface, and
AT is the temperature difference between the two streams.

771
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In applying this equation to evaporators, there may be some difficulty in deciding the
correct value for the temperature difference because of what is known as the boiling point
rise (BPR). If water is boiled in an evaporator under a given pressure, then the temperature
of the liquor may be determined from steam tables and the temperature difference is readily
calculated. At the same pressure, a solution has a boiling point greater than that of water,
and the difference between its boiling point and that of water is the BPR. For example,
at atmospheric pressure (101.3 kN/m?), a 25 per cent solution of sodium chloride boils at
381 K and shows a BPR of 8 deg K. If steam at 389 K were used to concentrate the salt
solution, the overall temperature difference would not be (389 — 373) = 16 deg K, but
(389 — 381) = 8 deg K. Such solutions usually require more heat to vaporise unit mass
of water, so that the reduction in capacity of a unit may be considerable. The value of the
BPR cannot be calculated from physical data of the liquor, though Diihring’s rule is often
used to find the change in BPR with pressure. If the boiling point of the solution is plotted
against that of water at the same pressure, then a straight line is obtained, as shown for
sodium chloride in Figure 14.1. Thus, if the pressure is fixed, the boiling point of water
is found from steam tables, and the boiling point of the solution from Figure 14.1. The
boiling point rise is much greater with strong electrolytes, such as salt and caustic soda.
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Figure 14.1. Boiling point of solutions of sodium chloride as a function of the boiling point of water.
Diihring lines

Overall heat transfer coefficients for any form of evaporator depend on the value of
the film coefficients on the heating side and for the liquor, together with allowances
for scale deposits and the tube wall. For condensing steam, which is a common heating
medium, film coefficients are approximately 6 kW/m? K. There is no entirely satisfactory
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general method for calculating transfer coefficients for the boiling film. Design equations
of sufficient accuracy are available in the literature, however, although this information

should be used with caution.

14.2.2. Boiling at a submerged surface

The heat transfer processes occurring in evaporation equipment may be classified under
two general headings. The first of these is concerned with boiling at a submerged surface.
A typical example of this is the horizontal tube evaporator considered in Section 14.7,
where the basic heat transfer process is assumed to be nucleate boiling with convection
induced predominantly by the growing and departing vapour bubbles. The second category
includes two-phase forced-convection boiling processes occurring in closed conduits. In
this case convection is induced by the flow which results from natural or forced circu-

lation effects.

a 4. b | ¢ U d
i‘ T i
qmax -+ T P T T e e —

o

<

=

8

I

A a-Natural convection

b-Nucleate bolling
¢ —Transltion bolting
d ~-Fiim bofling

Temperature difference: ( Tsyrrace — Teuk)

Figure 14.2, Typical characteristic for boiling at a submerged surface

As detailed in Volume 1, Chapter 9 and in Volume 6, the heat flux—temperature
difference characteristic observed when heat is transferred from a surface to a liquid
at its boiling point, is as shown in Figure 14.2. In the range AB, although the liquid in
the vicinity of the surface will be slightly superheated, there is no vapour formed and
heat transfer is by natural convection with evaporation from the free surface. Boiling
commences at B with bubble columns initiated at preferred sites of nucleation centres
on the surface. Over the nucleate boiling region, BC, the bubble sites become more
numerous with increasing flux until, at C, the surface is completely covered. In the
majority of commercial evaporation processes the heating medium is a fluid and therefore
the controlling parameter is the overall temperature difference. If an attempt is made
to increase the heat flux beyond that at C, by increasing the temperature difference,
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the nucleate boiling mechanism will partially collapse and portions of the surface will
be exposed to vapour blanketing. In the region of transition boiling CD the average heat
transfer coefficient, and frequently the heat flux, will decrease with increasing temperature
difference, due to the increasing proportion of the surface exposed to vapour. This self-
compensating behaviour is not exhibited if heat flux rather than temperature difference is
the controlling parameter. In this case an attempt to increase the heat flux beyond point C
will cause the nucleate boiling regime to collapse completely, exposing the whole surface
to a vapour film. The inferior heat transfer characteristics of the vapour mean that the
surface temperature must rise to E in order to dissipate the heat. In many instances this
temperature exceeds the melting point of the surface and results can be disastrous. For
obvious reasons the point C is generally known as burnout, although the terms departure
from nucleate boiling (DNB point) and maximum heat flux are in common usage. In the
design of evaporators, a method of predicting the heat transfer coefficient in nucleate
boiling hp, and the maximum heat flux which might be expected before h, begins to
decrease, is of extreme importance. The complexity of the nucleate boiling process has
been the subject of many studies. In a review of the available correlations for nucleate
boiling, WesTwaTer(") has presented some fourteen equations. PALEN and TABOREK®®
reduced this list to seven and tested these against selected experimental data®%. As
a result of this study two equations, those due to McNELLY®) and Gimour®, were
selected as the most accurate. Although the modified form of the Gilmour equation is
somewhat more accurate, the relative simplicity of the McNelly equation is attractive and
this equation is given in dimensionless form as:

0.69 0.69 031 0.31
[@] — 0225 [M} [ﬂ] fﬁ] L _ 1] (14.2)
k k AL ot Py

The inclusion of the characteristic dimension d is necessary dimensionally, though its
value does not affect the result obtained for h;.

This equation predicts the heat transfer coefficient for a single isolated tube and is not
applicable to tube bundles, for which PaLEN and TaBorek® showed that the use of this
equation would have resulted in 50-250 per cent underdesign in a number of specific
cases. The reason for this discrepancy may be explained as follows. In the case of a
tube bundle, only the lowest tube in each vertical row is completely irrigated by the
liquid with higher tubes being exposed to liquid—vapour mixtures. This partial vapour
blanketing results in a lower average heat transfer coefficient for tube bundles than the
value given by equation 14.2. In order to calculate these average values of / for a tube
bundle, equations of the form & = C;h; have been suggested® where the surface factor
C; is less than 1 and is, as might be expected, a function of the number of tubes in a
vertical row, the pitch of the tubes, and the basic value of 4,. The factor C; can only
be determined by statistical analysis of experimental data and further work is necessary
before it can be predicted from a physical model for the process.

The single tube values for &, have been correlated by equation 14.2, which applies to the
true nucleate boiling regime and takes no account of the factors which eventually lead to
the maximum heat flux being approached. As discussed in Volume 1, Chapter 9, equations
for maximum flux, often a limiting factor in evaporation processes, have been tested by
PaLEN and TABOREK®, though the simplified equation of Zuer” is recommended. This
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takes the form:

m og(pL — pu) 1/4[,0L+,0v:|1/2
=g, | ZERL T )AL T By 143
Gmax = 5740 [ Py ] o (14.3)

where: gnax is the maximum heat flux,
A is the latent heat of vaporisation,
oL is the density of liquid,
pv is the density of vapour,
o is the interfacial tension, and
g is the acceleration due to gravity.

14.2.3. Forced convection boiling

The performance of evaporators operating with forced convection depends very much
on what happens when a liquid is vaporised during flow through a vertical tube. If the
liquid enters the tube below its boiling point, then the first section operates as a normal
heater and the heat transfer rates are determined by the well-established equations for
single phase flow. When the liquid temperature reaches the boiling point corresponding
to the local pressure, boiling commences. At this stage the vapour bubbles are dispersed
in the continuous liquid phase although progressive vaporisation of the liquid gives rise
to a number of characteristic flow patterns which are shown in Figure 14.3. Over the
initial boiling section convective heat transfer occurs with vapour bubbles dispersed in
the liquid. Higher up, the tube bubbles become more numerous and elongated, and bubble
coalescence occurs and eventually the bubbles form slugs which later collapse to give an
annular flow regime in which vapour forms the central core with a thin film of liquid
carried up the wall. In the final stage, dispersed flow with liquid entrainment in the vapour
core occurs. In general, the conditions existing in the tube are those of annular flow. With
further evaporation, the rising liquid film becomes progressively thinner and this thinning,
together with the increasing vapour core velocity, eventually causes breakdown of the
liquid film, leading to dry wall conditions.

For boiling in a tube, there is therefore a contribution from nucleate boiling arising
from bubble formation, together with forced convection boiling due to the high velocity
liquid—vapour mixture. Such a system is inherently complex since certain parameters
influence these two basic processes in different ways.

DeNGLER and AppoMs® measured heat transfer to water boiling in a 6 m tube and found
that the heat flux increased steadily up the tube as the percentage of vapour increased,
as shown in Figure 14.4. Where convection was predominant, the data were correlated
using the ratio of the observed two-phase heat transfer coefficient (h,,) to that which
would be obtained had the same total mass flow been all liquid (%) as the ordinate. As
discussed in Volume 6, Chapter 12, this ratio was plotted against the reciprocal of X,,,
the parameter for two-phase turbulent flow developed by LockHART and MARTINELLI®.
The liquid coefficient k; is given by:

0.8 04
hy = 0.023 [f alid ] Cotte (14.4)
t Tdiir k
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Figure 14.3. The nature of two-phase flow in an evaporator tube
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Figure 14.4. Variation of the heat flux to water in an evaporator tube®

where W is the total mass rate of flow. The parameter 1/X,, is given by:

L _ l: y :|0.9 [p_L]O.S l:ﬁ}o.l (14 5)
X1 I-y Py ur
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1/ X, is strongly dependent on the mass fraction of vapour y. The density and viscosity
terms give a quantitative correction for the effect of pressure in the absence of nucleate
boiling.

Eighty-five per cent of the purely convective data for two-phase flow were correlated
to within 20 per cent by the expression:

h"’—35[ L ]0'5 where 0.25 < —— <70 (14.6)
he T L Xk ' Xu ‘

Similar results for a range of organic liquids are reported by GuerriERrI and Tarty‘!?,
though, in this work, A is based on the point mass flowrate of the unvaporised part of
the stream, that is, W is replaced by W (1 — y) in equation 14.4.

One unusual characteristic of equation 14.2 is the dependence of 4, on the heat flux g.
The calculation of h; presents no difficulty in situations where the controlling parameter is
the heat flux, as is the case with electrical heating. If a value of g is selected, this together
with a knowledge of operating conditions and the physical properties of the boiling liquid
permits the direct calculation of h,. The surface temperature of the heater may now
be calculated from g and 4, and the process is described completely. Considering the
evaluation of a process involving heat transfer from steam condensing at temperature T, to
a liquid boiling at temperature T}, assuming that the condensing coefficient is constant and
specified as &, and also that the thermal resistance of the intervening wall is negligible,
an initial estimate of the wall temperature 7, may be made. The heat flux ¢ for the
condensing film may now be calculated since ¢ = h.(T, — T,), and the value of 4, may
then be determined from equation 14.2 using this value for the heat flux. A heat balance
across the wall tests the accuracy of the estimated value of T, since A (T, — T,,) must
equal hy(T, — Tp), assuming the intervening wall to be plane. If the error in this heat
balance is unacceptable, further values of T,, must be assumed until the heat balance falls
within specified limits of accuracy.

A more refined design procedure would include the estimation of the steam-side coeffi-
cient s, by one of the methods discussed in Volume 1, Chapter 9. Whilst such iterative
procedures are laborious when carried out by hand, they are ideally handled by computers
which enable a rapid evaluation to any degree of accuracy to be easily achieved.

14.2.4. Vacuum operation

With a number of heat sensitive liquids it is necessary to work at low temperatures, and
this is effected by boiling under a vacuum, as indeed is the case in the last unit of a multi-
effect system. Operation under a vacuum increases the temperature difference between
the steam and boiling liquid as shown in Table 14.1 and therefore tends to increase the
heat flux. At the same time, the reduced boiling point usually results in a more viscous
material and a lower film heat transfer coefficient.

For a standard evaporator using steam at 135 kN/m? and 380 K with a total heat
content of 2685 kl/kg, evaporating a liquor such as water, the capacity under vacuum
is (101.3/13.5) = 7.5 times great than that at atmospheric pressure. The advantage in
capacity for the same unit is therefore considerable, though there is no real change in the
consumption of steam in the unit. In practice, the advantages are not as great as this since
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Table 14.1. Advantages of vacuum operation

Atmospheric pressure Vacuum Operation
(101.3 kN/m?) (13.5 kN/m?)
Boiling point 373 K 325 K
Temperature drop to liquor 7 deg K 55 deg K
Heat lost in condensate 419 kl/kg 216 kl/kg
Heat used 2266 kl/kg 2469 ki/kg

operation at a lower boiling point reduces the value of the heat transfer coefficient and
additional energy is required to achieve and maintain the vacuum.

14.3. SINGLE-EFFECT EVAPORATORS

Single-effect evaporators are used when the throughput is low, when a cheap supply of
steam is available, when expensive materials of construction must be used as is the case
with corrosive feedstocks and when the vapour is so contaminated so that it cannot be
reused. Single effect units may be operated in batch, semi-batch or continuous batch modes
or continuously. In strict terms, batch units require that filling, evaporating and emptying
are consecutive steps. Such a method of operation is rarely used since it requires that
the vessel is large enough to hold the entire charge of feed and that the heating element
is low enough to ensure that it is not uncovered when the volume is reduced to that
of the product. Semi-batch is the more usual mode of operation in which feed is added
continuously in order to maintain a constant level until the entire charge reaches the
required product density. Batch-operated evaporators often have a continuous feed and,
over at least part of the cycle, a continuous discharge. Often a feed drawn from a storage
tank is returned until the entire contents of the tank reach the desired concentration. The
final evaporation is then achieved by batch operation. In essence, continuous evaporators
have a continuous feed and discharge and concentrations of both feed and discharge
remain constant.

The heat requirements of single-effect continuous evaporators may be obtained from
mass and energy balances. If enthalpy data or heat capacity and heat of solution data are
not available, heat requirements may be taken as the sum of the heat needed to raise the
feed from feed to product temperature and the heat required to evaporate the water. The
latent heat of water is taken at the vapour head pressure instead of the product temper-
ature in order to compensate, at least to some extent, for the heat of solution. If sufficient
vapour pressure data are available for the liquor, methods are available for calculating the
true latent heat from the slope of the Diihring line and detailed by OtuamerD. The heat
requirements in batch operation are generally similar to those in continuous evaporation.
Whilst the temperature and sometimes the pressure of the vapour will change during the
course of the cycle which results in changes in enthalpy, since the enthalpy of water
vapour changes only slightly with temperature, the differences between continuous and
batch heat requirements are almost negligible for all practical purposes. The variation of
the fluid properties, such as viscosity and boiling point rise, have a much greater effect
on heat transfer, although these can only be estimated by a step-wise calculation. In
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estimating the boiling temperature, the effect of temperature on the heat transfer charac-
teristics of the type of unit involved must be taken into account. At low temperatures
some evaporator types show a marked drop in the heat transfer coefficient which is often
more than enough to offset any gain in available temperature difference. The temper-
ature and cost of the cooling water fed to the condenser are also of importance in this
respect.

Example 14.1

A single-effect evaporator is used to concentrate 7 kg/s of a solution from 10 to 50 per cent solids.
Steam is available at 205 kN/m? and evaporation takes place at 13.5 kN/m?. If the overall coeffi-
cient of heat transfer is 3 kW/m? deg K, estimate the heating surface required and the amount of
steam used if the feed to the evaporator is at 294 K and the condensate leaves the heating space
at 352.7 K. The specific heats of 10 and 50 per cent solutions are 3.76 and 3.14 ki/kg deg K
respectively.

Solution

Assuming that the steam is dry and saturated at 205 kN/m?, then from the Steam Tables in the
Appendix, the steam temperature = 394 K at which the total enthalpy = 2530 kJ/kg.

At 13.5 kN/m?, water boils at 325 K and, in the absence of data on the boiling point elevation,
this will be taken as the temperature of evaporation, assuming an aqueous solution. The total
enthalpy of steam at 325 K is 2594 ki/kg.

Thus the feed, containing 10 per cent solids, has to be heated from 294 to 325 K at which
temperature the evaporation takes place.

In the feed, mass of dry solids = (7 x 10)/100 = 0.7 kg/s
and, for x kg/s of water in the product:
(0.7 x 100)/(0.7 + x) = 50

from which: x = 0.7 kg/s

Thus: water to be evaporated = (7.0 — 0.7) — 0.7 = 5.6 kg/s

Summarising:
Stream Solids Liquid Total

(kg/s) (kg/s) (kefs)

Feed 0.7 6.3 7.0
Product 0.7 0.7 1.4
Evaporation 5.6 5.6

Using a datum of 273 K:
Heat entering with the feed = (7.0 x 3.76)(294 — 273) = 552.7 kW
Heat leaving with the product = (1.4 x 3.14)(325 — 273) = 228.6 kW
Heat leaving with the evaporated water = (5.6 x 2594) = 14, 526 kW
Thus:
Heat transferred from the steam = (14526 + 228.6) — 552.7 = 14, 202 kW
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The enthalpy of the condensed steam leaving at 352.7 K = 4.18(352.7 — 273) = 333.2 kl/kg
The heat transferred from 1 kg steam = (2530 — 333.2) = 2196.8 kl/kg

and hence:
Steam required = (14, 202/2196.8) = 6.47 kg/s

As the preheating of the solution and the sub-cooling of the condensate represent but a small
proportion of the heat load, the temperature driving force may be taken as the difference between
the temperatures of the condensing steam and the evaporating water, or:

AT = (394 — 325) = 69 deg K

Thus: Heat transfer area, A = @Q/UAT (equation 14.1)
= 14, 202/(3 x 69) = 68.6 m?

14.4. MULTIPLE-EFFECT EVAPORATORS

The single effect evaporator uses rather more than 1 kg of steam to evaporate 1 kg of
water. Three methods have been introduced which enable the performance to be improved,
either by direct reduction in the steam consumption, or by improved energy efficiency of
the whole unit. These are:

(a) Multiple effect operation
(b) Recompression of the vapour rising from the evaporator
(c) Evaporation at low temperatures using a heat pump cycle.

The first of these is considered in this section and (b) and (¢) are considered in Section 14.5.

14.4.1. General principles

If an evaporator, fed with steam at 399 K with a total heat of 2714 kJ/kg, is evaporating
water at 373 K, then each kilogram of water vapour produced will have a total heat
content of 2675 kJ. If this heat is allowed to go to waste, by condensing it in a tubular
condenser or by direct contact in a jet condenser for example, such a system makes very
poor use of steam. The vapour produced is, however, suitable for passing to the calandria
of a similar unit, provided the boiling temperature in the second unit is reduced so that
an adequate temperature difference is maintained. This, as discussed in Section 14.2.4,
can be effected by applying a vacuum to the second effect in order to reduce the boiling
point of the liquor. This is the principle reached in the multiple effect systems which were
introduced by Rillieux in about 1830.

For three evaporators arranged as shown in Figure 14.5, in which the temperatures and
pressures are T, T, T3, and Py, P,, P3, respectively, in each unit, if the liquor has no
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Figure 14.5. Forward-feed arrangement for a triple-effect evaporator

boiling point rise, then the heat transmitted per unit time across each effect is:

Effect 1 Q1 =UA ATy, where AT, = (T —- T1),
Effect 2 0, = UA; ATy, where AT, = (T — T»),
Effect 3 Q3 = U3sA3ATz, where AT; = (T, — T»).

Neglecting the heat required to heat the feed from Ty to T, the heat Q; transferred
across where A; appears as latent heat in the vapour D; and is used as steam in the
second effect, and:

Qi=0:=0s
So that: UlA|AT, = UA3AT, = U3 A3 AT, (14.7)
If, as is commonly the case, the individual effects are identical, A; = A; = Az, and:
UiAT) = U, AT, = Us AT (14.8)

On this analysis, the difference in temperature across each effect is inversely propor-
tional to the heat transfer coefficient. This represents a simplification, however, since:

(a) the heat required to heat the feed from T to 77 has been neglected, and
(b) the liquor passing from stages (D to Q) carries heat into the second effect, and this
is responsible for some evaporation. This is also the case in the third effect.

The latent heat required to evaporate 1 kg of water in (), is approximately equal to
the heat obtained in condensing 1 kg of steam at 75,
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Thus 1 kg of steam fed to (D evaporates 1 kg of water in (). Again the 1 kg of
steam from (D evaporates about 1 kg of steam in Q). Thus, in a system of N effects,
1 kg of steam fed to the first effect will evaporate in all about N kg of liquid. This
gives a simplified picture, as discussed later, although it does show that one of the great
attractions of a multiple-effect system is that considerably more evaporation per kilogram
of steam is obtained than in a single-effect unit. The economy of the system, measured
by the kilograms of water vaporised per kilogram of steam condensed, increases with the
number of effects.

The water evaporated in each effect is proportional to Q, since the latent heat is
approximately constant. Thus the total capacity is:

0=01+0,+ Qs
=U1AIAT) + U1A AT, + U3 A3 AT (14.9)

If an average value of the coefficients U, is taken, then:
0 =Un(AT + AT, + AT3)A (14.10)

assuming the area of each effect is the same. A single-effect evaporator operating with
a temperature difference L AT, with this average coefficient U,y, would, however, have
the same capacity Q = U,yAX AT. Thus, it is seen that the capacity of a multiple-effect
system is the same as that of a single effect, operating with the same total temperature
difference and having an area A equal to that of one of the multiple-effect units. The
value of the multiple-effect system is that better use is made of steam although, in order
to achieve this, a much higher capital outlay is required for the increased number of units
and accessories.

14.4.2. The calculation of multiple-effect systems

In the equations considered in Section 14.4.1, various simplifying assumptions have been
made which are now considered further in the calculation of a multiple-effect system. In
particular, the temperature distribution in such a system and the heat transfer area required
in each effect are determined. The method illustrated in Example 14.2 is essentially based
on that of Hausranp(!2),

Example 14.2A (Forward-feed)

4 kg/s (14.4 tonne/hour) of a liquor containing 10 per cent solids is fed at 294 K to the first effect
of a triple-effect unit. Liquor with 50 per cent solids is to be withdrawn from the third effect, which
is at a pressure of 13 kN/m? (~0.13 bar). The liquor may be assumed to have a specific heat of
4.18 kJ/kg K and to have no boiling point rise. Saturated dry steam at 205 kN/m? is fed to the
heating element of the first effect, and the condensate is removed at the steam temperature in each
effect as shown in Figure 14.5.

If the three units are to have equal areas, estimate the area, the temperature differences and the
steam consumption. Heat transfer coefficients of 3.1, 2.0 and 1.1 kW/m? K for the first, second,
and third effects respectively, may be assumed.
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Solution 1

A precise theoretical solution is neither necessary nor possible, since during the operation of the
evaporator, variations of the liquor levels, for example, will alter the heat transfer coefficients and
hence the temperature distribution. It is necessary to assume values of heat transfer coefficients,
although, as noted previously, these will only be approximate and will be based on practical
experience with similar liquors in similar types of evaporators.

Temperature of dry saturated steam at 205 kN/m? = 394 K.

At a pressure of 13 kN/m? (0.13 bar), the boiling point of water is 325 K, so that the total
temperature difference AT = (394 — 325) = 69 deg K.

First Approximation.

Assuming that; U AT, = U, AT, = UsAT; (equation 14.8)
then substituting the values of U;, U, and U; and ZAT = 69 deg K gives:
ATy =13deg K, AT, =20degK, AT;=36degK

Since the feed is cold, it will be necessary to have a greater value of AT, than given by this
analysis. It will be assumed that AT} = 18 deg K, AT, = 17 deg K, AT; = 34 deg K.
If the latent heats are given by Aq, A1, A2 and Az, then from the Steam Tables in the Appendix:

For steam to 1: To =394 K and A¢ = 2200 kl/kg
For steam to 2: Ty =376 K and A; = 2249 klJ/kg
For steam to 3: T, =359 K and A, = 2293 kl/kg

T3 = 325 K and A3 = 2377 kJ/kg

Assuming that the condensate leaves at the steam temperature, then heat balances across each effect
may be made as follows:

Effect 1:
Dolo = GrCp(Ty — Ty) + DiAy, or 2200 Dy = 4 x 4.18(376 — 294) 4 2249 D,
Effect 2:
DA +(Gr — D)C,(Ty — Th) = Dyhy, or 2249 D, + (4 — D,)4.18(376 — 359) = 2293 D,
Effect 3:
Dyry + (Gr — Dy = D2)Cp (T, — T3) = Dids,
or 2293 D, + (4 — Dy — D;)4.18(359 — 325) = 2377 Ds

where G is the mass flowrate of liquor fed to the system, and C, is the specific heat capacity of
the liquid, which is assumed to be constant.
A material balance over the evaporator is:

Solids Liquor Total

(kg/s) (kg/s) (kgfs)
Feed 04 3.6 4.0
Product 0.4 04 0.8

Evaporation 32 3.2
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Making use of the previous equations and the fact that (D; + D, + D3) = 3.2 kg/s, the
evaporation in each unit is, Dy &~ 0.991, D, = 1.065, D; ~ 1.144, Dy = 1.635 kg/s. The area of
the surface of each calandria necessary to transmit the necessary heat under the given temperature
difference may then be obtained as:

Doho (1635 x 2200)

= = = 64.5 m?
A= AT, B1x18) m
Dih (0.991 x 2249) )
A = = =65.6
2T U,AT (2.0 x 17) "
1. 2
a4 o Do 085 % 2293) _ ...

UsAT; ~ (1.1 x 34)

These three calculated areas are approximately equal, so that the temperature differences assumed
may be taken as nearly correct. In practice, AT; would have to be a little larger since A, is the
smallest area. It may be noted that, on the basis of these calculations, the economy is given by
e = (3.2/1.635) = 2.0. Thus, a triple effect unit working under these conditions gives a reduction
in steam utilisation compared with a single effect, though not as large an economy as might be
expected.

A simplified method of solving problems of multiple effect evaporation, suggested by
Storrow(!?, is particularly useful for systems with a large number of effects because it
obviates the necessity for solving many simultaneous equations. Essentially the method
depends on obtaining only an approximate value for those heat quantities which are a
small proportion of the whole. Example 14.2A is now solved by this method.

Solution 2

From Figure 14.5 it may be seen that for a feed G to the first effect, vapour D; and liquor
(Gr — D)) are fed forward to the second effect. In the first effect, steam is condensed partly in
order to raise the feed to its boiling point and partly to effect evaporation. In the second effect,
further vapour is produced mainly as a result of condensation of the vapour from the first effect
and to a smaller extent by flash vaporisation of the concentrated liquor which is fed forward. As
the amount of vapour produced by the latter means is generally only comparatively small, this may
be estimated only approximately. Similarly, the vapour produced by flash evaporation in the third
effect will be a small proportion of the total and only an approximate evaluation is required.

Vapour production by flash vaporisation — approximate evaluation

If the heat transferred in each effect is the same, then:

U\AT, = U, AT, = U3 ATy (equation 14.8)
or: 31AT1 = 20AT2 = 11AT3

Steam temperature = 394 K. Temperature in condenser = 325 K.
Thus: ZAT = (394 - 325) =69 deg K
Solving: ATy =13deg K AT, =20deg K AT; =36degK

These values of AT will be valid provided the feed is approximately at its boiling point.
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Weighting the temperature differences to allow for the fact that the feed enters at ambient
temperature gives:

ATy =18 deg K AT, =18deg K AT:; =33 degK
and the temperatures in each effect are:
T1=376K T,=358K and T3=325K

The total evaporation (D, + D, + D3) is obtained from a material balance:

Solids Liquor Total

(kg/s) (kg/s) (kg/s)
Feed 0.4 3.6 4.0
Product 0.4 0.4 0.8
Evaporation 32 32

Assuming, as an approximation, equal evaporation in each effect, or D; = D, = D; = 1.07 kg/s,
then the latent heat of flash vaporisation in the second effect is given by:

4.18(4.0 — 1.07)(376 — 358) = 220.5 kW
and latent heat of flash vaporisation in the third effect is:

4.18(4.0 — 2 x 1.07)(358 — 325) = 256.6 kW

Final calculation of temperature differences

Subsequent calculations are considerably simplified if it is assumed that the latent heat of vapor-
isation is the same at all temperatures in the multiple-effect system, since under these conditions
the condensation of 1 kg of steam gives rise to the formation of 1 kg of vapour.

Thus: At 394 K, the latent heat = 2200 kl/kg

At 325 K, the latent heat = 2377 kl/kg
Mean value, A = 2289 kJ/kg

The amounts of heat transferred in each effect (Q;, Q>, Q3) and in the condenser (Q.) are
related by:

@1 — GrCp(Ty — Ty) = Qs = (Q1 — 220.5) = (Q, — 220.5 — 256.6)

or: 01 —-4.0x4.18(394 — ATy —294) = 0, = (Q3 — 220.5) = (@, — 477.1) kW
Total evaporation = (@, + @3 + Q.)/2289 = 3.2 kg/s

Thus: Q2+ (02 +220.5) + (@2 + 477.1) = 7325 kW

or: 0, = 2209 kW

Q3 = 2430 kW
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and: Q) = 2209 + 4.0 x 4.18(394 — AT, — 294)
= (3881 — 16.72AT;) kW
Applying the heat transfer equations, then:
3881 — 16.72AT; = 3.1AAT;, or AAT) = (1252 - 5.4AT)) m’K
2209 = 2.0AAT;, or AAT, = 1105 m’K
2430 = 1.1AAT;, or AAT; = 2209 m’K

Further: ATy + AT, + AT; =69 deg K

Values of ATy, AT,, AT; are now chosen by trial and error to give equal values of A in each
effect, as follows:

AT, A AT, Az AT, A;
(deg K) (m?) (deg K) (m?) (deg K) (m?)
18 64.2 18 61.4 33 66.9
19 60.5 17 65.0 33 66.9
18 64.2 175 63.1 335 65.9
18 64.2 17 65.0 34 64.9

The areas, as calculated in the last line, are approximately equal, so that the assumed temperature
differences are acceptable and:

Steam consumption = (Q;/2289) = (3580/2289) = 1.56 kg/s
Economy = (3.2/1.56) =~ 2.0 kg/kg

The calculation of areas in multiple-effect systems is relatively straightforward for one
or two configurations, although it becomes tedious in the extreme where a wide range
of operating conditions is to be investigated. Fortunately the calculations involved lend
themselves admirably to processing by computer, and in this respect reference should be
made to work such as that by STEWART and BEVERIDGE!!?.

14.4.3. Comparison of forward and backward feeds

In the unit considered in Example 14.2A, the weak liquor is fed to effect (D and flows on
to @ and then to 3. The steam is also fed to @, and the process is known as forward-
feed since the feed is to the same unit as the steam and travels down the unit in the same
direction as the steam or vapour. It is possible, however, to introduce the weak liquor to
effect @ and cause it to travel from 3 to @ to (), whilst the steam and vapour still
travel in the direction of @ to @ to (. This system, shown in Figure 14.6, is known
as backward-feed. A further arrangement for the feed is known as parallel-feed, which is
shown in Figure 14.7. In this case, the liquor is fed to each of the three effects in parallel
although the steam is fed only to the first effect. This arrangement is commonly used in
the concentration of salt solutions, where the deposition of crystals makes it difficult to use
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the standard forward-feed arrangement. The effect of backward-feed on the temperature
distribution, the areas of surface required, and the economy of the unit is of importance,
and Example 14.2A is now considered for this flow arrangement.

To condenser

and vacuum
© ® ©
USEREEE [~ t—=—Feed
Steam——Tf] 1 m M il M
] Trap Trap Tep
Product
Condensate Condensate Condensate

Figure 14.6. Backward-feed arrangement for a triple-effect evaporator

To condenser
and vacuum
O] ® ®
Steam= [l 1 (I 0 ]
Feed
Trap Trap Trap
Condensate Condensate Condensate

Product Product Product

Figure 14.7. Parallel-feed arrangement for a triple-effect evaporator

Example 14.2B (Backward-Feed)

Since the dilute liquor is now at the lowest temperature and the concentrated liquor at the highest,
the heat transfer coefficients will not be the same as in the case of forward-feed. In effect (]), the
liquor is now much more concentrated than in the former case, and hence U; will not be as large
as before. Again, on the same argument, U; will be larger than before. Although it is unlikely to
be exactly the same, U, will be taken as being unaltered by the arrangement. Taking values of
Uy =2.5,U, =2.0and U; = 1.6 kW/m® K, the temperature distribution may be determined in the
same manner as for forward feed, by taking heat balances across each unit.

Solution 1

In this case, it is more difficult to make a reasonable first estimate of the temperature differences
because the liquid temperature is increasing as it passes from effect to effect (3 - 2 — 1) and
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sensible heat must be added at each stage. It may therefore be necessary to make several trial and
error solutions before achieving the conditions for equal areas. In addition, the values of U;, U,
and U; may be different from those in forward-feed, depending as they do on concentration as well
as on temperature.

Taking: AT, =20deg K, AT, =24degK, AT;=25degkK
The temperatures in the effect and the corresponding latent heats are:

To =394 K and Ay = 2200 kl/kg
Ty =374 K and A; = 2254 kl/kg
T, =350 K and A, = 2314 kl/kg
T3 = 325 K and A3 = 2377 kl/kg

The heat balance equations are then:

Effect 3:
Dydy = GpCy(Ts — T5) + DiA3, or 2314 D, = 4 x 4.18(325 — 294) + 2377 D3
Effect 2:
DAy = (Gr — D3)Cy (T2 — T3) + Da)y, or 2254 Dy = (4 — D3)4.18(350 — 325) + 2314 D,
Effect 1:
Doro = (Gr — Dy — D2)Cp (T — T2) + Dy,
or 2200 Dy = (4 — D3 — D;)4.18(374 — 350) + 2254 D,
Again taking (D + D, + D3) = 3.2 kg/s, these equations may be solved to give:
D, = 1.261, D, =~ 1.086, D; ~ 0.853, Dy =~ 1.387 kg/s

The areas of transfer surface are then:
Dodo _ (1.387 x 2200)

A= = = 61. 2
T Uan 2.5 x 20) 61.0 m
DA (1261 x 2254) ,
Ay = = =592
2T DAL, T (2,00 x 23) m
DaA 1.086 x 2314
Ay = D2t (1086 XD 0 o

UsAT; ~ (1.6 x 25)

These three areas are approximately equal, so that the temperature differences suggested are suffi-
ciently acceptable for design purposes. The economy for this system is (3.2/1.387) = 2.3 kg/kg.

Solution 2
Using Storrow’s method, as in Example 14.2A, the temperatures in the effects will be taken as:

T1=374K, Th=350K, T:=325K
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With backward-feed, as shown in Figure 14.6, the liquid has to be raised to its boiling point as it
enters each effect.
The heat required to raise the feed to the second effect to its boiling point is:

= 4.18(4.0 — 1.07)(350 — 325)
= 306.2 kW
The heat required to raise the feed to the first effect to its boiling point is:
= 4.18(4.0 — 2 x 1.07)(374 — 350)
= 186.6 kW

Assuming a constant value of 2289 kJ/kg for the latent heat in all the stages, the relation between
the heat transferred in each effect and in the condenser is:

01— 186.6 = 0, = (03 +306.2) = (Q, + 306.2 + 4 x 4.18(325 — 294))

= Q.+ 8245
Total evaporation = (Q; + Q3 + Q.)/2289 = 3.2 kg/s
and: Q> + (Q2 ~ 306.2) + (@, — 824.5) = 7325 kW
Thus: Q> =2819 = AAT, x 2.0 kW
Q3 =2512 = AAT; x 1.6 kKW
and: 0, =3006 = AAT, x 2.5 kW
or: AAT, = 1202 m* K

AAT, = 1410 m* K
AAT, = 1570 m?* K

and: ATy + AT, + AT; =69 deg K
Thus:
AT, Ay AT, As AT; Aj
(deg K) (m?) (deg K) (m?) (deg K) (m?)
20 60.1 24 58.9 25 62.8

The areas are approximately equal and the assumed values of AT are therefore acceptable.

32

E = 24
conomy = <3506,2289) — 22

kg/kg

On the basis of heat transfer area and thermal considerations, a comparison of the two methods
of feed is:

Forward Backward
Total steam used Dq (kg) 1.635 1.387
Economy (kg/kg) 20 23
Condenser load D5 (kg) 1.44 0.853

Heat transfer surface per effect A (m?) 65.1 61.0
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For the conditions of Example 14.2, the backward feed system shows a reduction in steam
consumption, an improved economy, a reduction in condenser load, and a small reduction in heat
transfer area.

Effect of feed system on economy

In the case of forward feed systems, all the liquor has to be heated from 7y to 7; by
steam although, in the case of backward feed, the heating of the feed in the last effect
is done with steam that has already evaporated (N — 1) times its own mass of water,
assuming ideal conditions. The feed temperature must therefore be regarded as a major
feature in this class of problem. WEBRE!!® has examined the effect of feed temperature
on the economy and the evaporation in each effect, for the case of a liquor fed at the rate
of 12.5 kg/s to a triple-effect evaporator in which a concentrated product was obtained at
a flowrate of 8.75 kg/s. Neglecting boiling-point rise and working with a fixed vacuum
on the third effect, the curves shown in Figures 14.8 and 14.9 for the three methods of
forward, backward and parallel feed were prepared.
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Figure 14.8. Effect of feed temperature on the operation of a triple effect evaporator (a) Forward feed
(b) Backward feed

Figure 14.84 illustrates the drop in steam consumption as the feed temperature is
increased with forward feed. It may be seen that, for these conditions, D, falls, D,
remains constant and Dj; rises with increase in the feed temperature Ty, With backward
feed shown in Figure 14.85, the fall in steam consumption is not so marked and it may be
seen that, whereas D; and D; fall, the load on the condenser D5 increases. The results are
conveniently interpreted in Figure 14.9, which shows that the economy increases with T
for a forward-feed system to a marked extent, whilst the corresponding increase with the
backward-feed system is relatively small. At low values of Ty, the backward feed gives
the higher economy. At some intermediate value, the two systems give the same value
of economy, whilst for high values of Ty the forward-feed system is more economical
in steam.

These results, whilst showing the influence of 7y on the economy, should not be
interpreted too rigidly, since the values for the coefficients for the two systems and
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Figure 14.9. Economy of triple-effect evaporators

the influence of boiling-point rise may make a substantial difference to these curves.
In general, however, it will be found that with cold feeds the backward-feed system is
more economical. Despite this fact, the forward-feed system is the most common, largely
because it is the simplest to operate, whilst backward feed requires the use of pumps
between each effect.

The main criticism of the forward-feed system is that the most concentrated liquor is
in the last effect, where the temperature is lowest. The viscosity is therefore high and low
values of U are obtained. In order to compensate for this, a large temperature difference
is required, and this limits the number of effects. It is sometimes found, as in the sugar
industry, that it is preferable to run a multiple-effect system up to a certain concentration,
and to run a separate effect for the final stage where the crystals are formed.

14.5. IMPROVED EFFICIENCY IN EVAPORATION

14.5.1. Vapour compression evaporators

Considering an evaporator fed with saturated steam at 387 K, equivalent to 165 kN/m?,
concentrating a liquor boiling at 373 K at atmospheric pressure, if the condensate leaves
at 377 K, then:

1 kg of steam at 387 K has a total heat of 2698 kJ.
1 kg of condensate at 377 K has a total heat of 437 kJ and
the heat given up is 2261 kJ/kg steam.
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If this condensate is returned to the boiler, then at least 2261 kJ/kg must be added
to yield 1 kg of steam to be fed back to the evaporator. In practice, of course, more
heat per kilogram of condensate will be required. 2261 kJ will vaporise 1 kg of liquid at
atmospheric pressure to give vapour with a total heat of 2675 kJ/kg. To regenerate 1 kg
of steam in the original condition from this requires the addition of only 23 kJ. The idea
of vapour compression is to make use of the vapour from the evaporator, and to upgrade
it to the condition of the original steam. Such a system offers enormous advantages in
thermal economy, though it is by no means easy to add the 23 kJ to each kilogram of
vapour in an economical manner. The two methods available are:

(a) the use of steam-jet ejectors as shown in Figure 14.10, and:
(b) the use of mechanical compressors as shown in Figure 14.11.

1 kg H.P. steam
at 928 kN/m?
0.75kg 1 kg Vapour

, Condenser

e

Feed i
1.75kg ]MI M
L.P. steam
at 170 kN/m?
Trap
Product
Condensate
1.75 kg

Figure 14.10. Vapour compression evaporator with high pressure steam-jet compression

Mechanical
compressor
Feed
Steam L.P. steam
— M
Trap
Product Condensate

Figure 14.11.  Vapour compression evaporator with a mechanical compressor
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In selecting a compressor for this type of operation, the main difficulty is the very
large volume of vapour to be handled. Rotary compressors of the Rootes type, described
in Volume 1, Chapter 8, are suitable for small and medium size units, though these have
not often been applied to large installations. Mechanical compressors have been used
extensively in evaporation systems for the purification of sea water.

The use of an ejector, fed with high-pressure steam, is illustrated in Figure 14.10.
High-pressure steam is injected through a nozzle and the low-pressure vapours are drawn
in through a second inlet at right angles, the issuing jet of steam passing out to the
calandria, as shown. These units are relatively simple in construction and can be made
of corrosion-resistant material. They have no moving parts and for this reason will have
a long life. They have the great advantage over mechanical compressors in that they
can handle large volumes of vapour and can therefore be arranged to operate at very
low pressures. The disadvantage of the steam-jet ejector is that it works at maximum
efficiency at only one specific condition. Some indication of the performance of these
units is shown in Figure 14.12, where the pressure of the mixture, for different amounts of
vapour compressed per kilogram of live steam, is shown for a series of different pressures.
With an ejector of these characteristics using steam at 965 kN/m?, 0.75 kg vapour/kg
steam can be compressed to give 1.75 kg of vapour at 170 kN/m?. An evaporator unit,
as shown in Figure 14.11, will therefore give 1.75 kg of vapour/kg high pressure steam.
Of the 1.75 kg of vapour, 0.75 kg is taken to the compressor and the remaining 1 kg to
the condenser. Ideally, this single-effect unit gives an economy of 1.75, or approximately
the economy of a double-effect unit.
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Figure 14.12. Performance of a steam jet ejector, (a) 790 kN/m? operating pressure, (b) 1135 kN/m?
operating pressure

Vapour compression may be applied to the vapour from the first effect of a multiple-
effect system, thus giving increased utilisation of the steam. Such a device is not suitable
for use with liquors with a high boiling-point rise, for in these cases the vapour, although
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initially superheated, has to be compressed to such a great degree, in order to give the
desired temperature difference across the calandria, that the efficiency is reduced. The
application of these compressors depends on the steam load of the plant. If there is
plenty of low-pressure steam available, then the use of vapour compression can rarely be
advocated. If, however, high-pressure steam is available, then it may be used to advantage
in a vapour compression unit. It will, in fact, be far superior to the practice of passing
high-pressure steam through a reducing valve to feed an evaporator.

Example 14.3

Saturated steam leaving an evaporator at atmospheric pressure is compressed by means of saturated
steam at 1135 kN/m? in a steam jet to a pressure of 135 kN/m?. If 1 kg of the high-pressure steam
compresses 1.6 kg of the vapour produced at atmospheric pressure, comment on the efficiency of
the compressor.

Solution
The efficiency of an ejector ' is given by:
n' = (my + ma)(Hy ~ H3)/[m(H, — H)]

where m; is the mass of high-pressure steam (kg), m, is the mass of entrained steam (kg), H, is
the enthalpy of high-pressure steam (kJ/kg), H- is the enthalpy of steam after isentropic expansion
in the nozzle to the pressure of the entrained vapours (kJ/kg), H; is the enthalpy of the mixture at
the start of compression in the diffuser section (kJ/kg), and Hj is the enthalpy of the mixture after
isentropic compression to the discharge pressure (kJ/kg).

The high-pressure steam is saturated at 1135 kN/m? at which H; = 2780 kJ/kg. If this is allowed
to expand isentropically to 101.3 kN/m?, then from the entropy—enthalpy chart, given in the
Appendix, H, = 2375 klJ/kg and the dryness faction is 0.882.

Making an enthalpy balance across the system, then:
miH, +myH, = (my + my)H,
where H, is the enthalpy of entrained steam. Since this is saturated at 101.3 kN/m?, then:
H, = 2690 kl’kg and (1 x 2780) + (1.6 x 2690) = (1.0 + 1.6)H,
from which: H, = 2725 kl/kg

Again assuming isentropic compression from 101.3 to 135 kN/m?, then:

Hj; = 2640 kJ/kg (from the chart)
and: n' = (1.0 + 1.6)(2725 — 2640)/[1.0(2780 — 2375)] = 0.55

This value is low, since in good design overall efficiencies approach 0.75-0.80. Obviously the
higher the efficiency the greater the entrainment ratio or the higher the saving in live steam, The low
efficiency is borne out by examination of Figure 14.12b, which applies for an operating pressure
of 1135 kN/m?.
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Since the pressure of entrained vapour = 101.3 kN/m? and the discharge pressure = 135 kN/m?,
the required flow of live steam = 0.5 kg/kg entrained vapour.
In this case the ratio is (1.0/1.6) = 0.63 kg/kg.

Example 14.4

Distilled water is produced from sea water by evaporation in a single-effect evaporator working on
the vapour compression systemn. The vapour produced is compressed by a mechanical compressor
at 50 per cent efficiency and then returned to the calandria of the evaporator. Additional steam, dry
and saturated at 650 kN/m?, is bled into the steam space through a throttling valve. The distilled
water is withdrawn as condensate from the steam space. 50 per cent of the sea water is evaporated
in the plant. The energy supplied in addition to that necessary to compress the vapour may be
assumed to appear as superheat in the vapour.

Using the following data, calculate the quantity of additional steam required in kg/s.

Production of distillate = 0.125 kg/s, pressure in vapour space = 101.3 kN/m?, temperature
difference from steam to liquor = 8 deg K, boiling point rise of sea water = 1.1 deg K, specific
heat capacity of sea water = 4.18 kJ/kg deg K. The sea water enters the evaporator at 344 K from
an external heater.

Solution

The pressure in the vapour space is 101.3 kN/m? at which pressure, water boils at 373 K. The
sea water is therefore boiling at (373 + 1.1) = 374.1 K and the temperature in the steam space is
(374.1 + 8) = 382.1 K. At this temperature, steam is saturated at 120 kN/m? and has sensible and
total enthalpies of 439 and 2683 kJ/kg respectively.

Making a mass balance, there are two inlet streams — the additional steam, say G, kg/s, and
the sea water feed, say G, kg/s. The two outlet streams are the distilled water product, 0.125 kg/s,
and the concentrated sea water, 0.5 G, kg/s.

Thus: (G: +G,) = (0.1254+ 0.5 G,) or (G, +0.5 G,) = 0.125 G)

Making an energy balance, energy is supplied by the compressor and in the steam and inlet sea
water and is removed by the sea water and the product. At 650 kN/m?, the total enthalpy of the
steam = 2761 kl/kg. Thus the energy in this stream = 2761G, kW. The sea water enters at 344 K.

Thus: enthalpy of feed = [G, x 4.18(344 — 273)] = 296.8G, kW

The sea water leaves the plant at 374.1 K and hence:
the enthalpy of the concentrated sea water = (0.5G, x 4.18)(374.1 — 273) = 211.3G, kW
The product has an enthalpy of 439 klJ/kg or (439 x 0.125) = 54.9 kW
Making a balance:
(E+2761G, +296.8G,) = (211.3G, + 54.9)
and: (E +2761G, +85.5G,) = 54.9 (i)

where E is the power supplied to the compressor.
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Substituting from equation (i) into equation (ii) gives:
(E +2761G,) + 85.5(0.25 - 2G,) = 54.9
and: (E +2590G,) = 33.5 (iit)

For a single-stage isentropic compression, the work done in compressing a volume V; of gas at
pressure P; to a volume V, at pressure P, is given by equation 8.32 in Volume 1 as:

[PVi/(y = DIIP/PY ™7 = 1]

In the compressor, 0.5G,, kg/s vapour is compressed from P, = 101.3 kN/m?, the pressure in the
vapour space, to P, = 120 kN/m?, the pressure in the calandria,

At 101.3 kKN/m? and 374.1 K, the density of steam = (18/22.4)(273/374.1) = 0.586 kg/m®
and hence the volumetric flowrate at pressure P; is (0.5 G,/0.586) = 0.853 G, m*/s

Taking y = 1.3 for steam, then:

(E' x 0.5G,) = [(101.3 x 0.853G,)/(1.3 — 1)][(120/101.3)%-*13 — 1]
0.5E'G, = 288.0G,(1.185%%! — 1) = 11.5G,
and: E' = 23.0 kW/(kg/s)
As the compressor is 50 per cent efficient, then:
E = (E/0.5) = 46.0 kW/(kg/s)
= (46.0 x 0.5G,) = 23.0G, kW
Substituting in equation (ii) gives:
(E +2761G,) + 85.5(E/23.0) = 54.9

Thus: 2761G, = (54.9 + 4.72E)

From equation (iii): E = (33.5 — 2590G,)

and in equation (iv): 2761G, = 54.9 + 4.72(33.5 — 2590G,)
from which: G, =0.014 kg/s

Example 14.5

An evaporator operating on the thermo-recompression principle employs a steam ejector to maintain
atmospheric pressure over the boiling liquid. The ejector uses 0.14 kg/s of steam at 650 kN/m? and
superheated by 100 deg K and produces a pressure in the steam chest of 205 kN/m?. A condenser
removes surplus vapour from the atmospheric pressure line.

What is the capacity and economy of the system and how could the economy be improved?

Data

Properties of the ejector:

nozzle efficiency = 0.95, efficiency of momentum transfer = 0.80, efficiency of compression =
0.90.

The feed enters the evaporator at 295 K and concentrated liquor is withdrawn at the rate of
0.025 kg/s. This concentrated liquor exhibits a boiling-point rise of 10 deg K. The plant is suffi-
ciently well lagged so that heat losses to the surroundings are negligible.
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Solution

It is assumed that P, is the pressure of live steam = 650 kN/m? and P; is the pressure of entrained
steam = 101.3 kN/m?,
The enthalpy of the live steam at 650 kN/m? and (435 + 100) = 535 K, H, = 2970 kl/kg.
Therefore H,, the enthalpy after isentropic expansion from 650 to 101.3 kN/m?, using an
enthalpy—entropy chart, is H, = 2605 kJ/kg and the dryness fraction, x; = 0.97. The enthalpy
of the steam after actual expansion to 101.3 kN/m? is given by Hj, where:

(Hy — H,) = 0.95(2970 — 2605) = 347 kl/kg
and: H, = (2970 — 347) = 2623 kl/kg

At P, = 101.3 kN/m?, A = 2258 kl/kg
and the dryness after expansion but before entrainment x5 is given by:

(x = x2)A = (1 — e)(H, — Hy)
or: (x5 —0.97)2258 = (1 — 0.95)(2970 — 2605) and x; = 0.978.

If xj is the dryness after expansion and entrainment, then:
(xy —x)A = (1 — e3)(H, — Hy)
or: (x; — 0.978)2258 = (1 — 0.80)(2970 — 2623) and x; = 1.00

Assuming that the steam at the discharge pressure P; = 205 kN/m? is also saturated, that is
x3 = 1.00, then from the steam chart in the Appendix, H; the enthalpy of the mixture at the start
of compression in the diffuser section at 101.3 kN/m? is H; = 2675 kJ/kg. Again assuming the
entrained steam is also saturated, the enthalpy of the mixture after isentropic compression in the
diffuser from 101.3 to 205 kN/m?, H, = 2810 kJ/kg.

The entrainment ratio is given by:

(ma2/my) = {[(H, — H2)/(Hy — H3)Inimans — 1}

where n;, 1, and n; are the efficiency of the nozzle, momentum transfer and compression, respec-
tively.

Thus: (ma/m) = {[(2970 — 2605)/(2810 — 2675)]0.95 x 0.80 x 0.90 — 1}

= 0.85 kg vapour entrained/kg live steam
It was assumed that x3 = 1.0. This may be checked as follows:

x3 = [x2 + x4(ma/m))/(1 + ma/my)
= (1.0+ 1.0 x 0.85)/(1 +0.85) = 1.0

Thus with a flow of 0.14 kg/s live steam, the vapour entrained at 101.3 kN/m? is (0.14 x 0.85) =
0.12 kg/s, giving 0.26 kg/s steam saturated at 205 kN/m? to the calandria.
Allowing for a 10 deg K boiling-point rise, the temperature of boiling liquor in the unit is
T| = 383 K and taking the specific heat capacity as 4.18 kJ/kg K, then:
Dohg = GFCp(Tl, —T¢) + D1y

or: 0.26 x 2200 = (Gr x 4.18)(393 — 295) + (D; x 2258)
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572 = (368G r + 2258 D)
But: (Gr — Dy) = 0.025 kg/s and D; = 0.214 kg/s
Thus: the economy of system = (0.214/0.14) = 1.53

.5
The capacity, in terms of the throughput of solution, is:

Gr = (0.214 + 0.025) = 0.239 kg/s

Apart from increasing the efficiency of the ejector, the economy of the system might be improved
by operating with a higher live-steam pressure, increasing the pressure in the vapour space, and by
using the vapour not returned to the ejector to preheat the feed solution.

14.5.2. The heat pump cycle

The evaporation of citrus juices at temperatures up to 328 K, or of pharmaceutical products
at even lower temperatures, has led to the development of an evaporator incorporating a
heat-pump cycle using a separate working fluid. The use of the heat pump cycle, with
ammonia as the working fluid is shown in Figure 14.13. In this arrangement, ammonia

Separator

k4 Condenser

Concentrated
liquor

Calandria

P L LT T Ll

as — Condensate

Weak

liquor Expansion

valve

Warmammoniagas [E Cool ammoniagas [ Condensate
B warm ammonia liquid B8 Cool ammonialiquid B8 Liquor
O vapour

Figure 14.13. Heat pump cycle using ammonia
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gas vaporises the feed liquor at 288-313 K. The ammonia is condensed and the liquid
ammonia is then passed through an expansion valve, where it is cooled to a much lower
temperature. The cooled liquid ammonia then enters the condenser where it condenses
the vapour leaving the separator. The ammonia is vaporised and leaves as low pressure
gas, to be compressed in a mechanical compressor and then passed to the evaporator for
a second cycle. The excess heat introduced by the compressor must be removed from the
ammonia by means of a cooler.

The main advantage of this form of unit is the very great reduction in the volume of
gas handled by the compressor. Thus, 1 kg of water vapour at, say, 311 K, with a volume
of 22 m? and latent heat about 2560 kJ/kg, passes this heat to ammonia at a temperature
of say 305 K. About 2.1 kg of ammonia will be vaporised to give a vapour with a volume
of only about 0.22 m® at the high pressure used in the ammonia cycle.

Scawarz!!® gives a comparison of the various units used for low temperature evapo-
ration. The three types in general use are the single-effect single-pass, the single-effect with
recirculation, and the multiple-effect with recirculation. Each of these types may involve
vapour compression or the addition of a second heat transfer medium. Schwarz suggests
that multiple-effect units are the most economical, in terms of capital and operating costs.
It is important to note that the single-effect, single-pass system offers the minimum hold-
up, and hence a very short transit time. With film-type units, there seems little to be
gained by recirculation, since over 70 per cent vaporisation can be achieved in one pass.
The figures in Table 14.2 show the comparison between a double-effect unit with vapour
compression on the first effect, and a unit with an ammonia refrigeration cycle, both units
giving 1.25 kg/s (4.5 tonne/h) of evaporation.

Table 14.2. Comparison of refrigeration and vapour compression systems

System Steam at Water at Power
963 kN/m? 300 K (kW)
(kg/s) (m®/s)
Refrigeration cycle 0.062 0.019 320
Vapour compression 0.95 0.076 20
Ratio of steam system to refrigeration 15.1 4 0.06

*Includes 300 kW compressor.

The utilities required for the refrigeration system other than power are therefore very
much less than for recompression with steam, although the capital cost and the cost of
power will be much higher.

ReaveLL!? has given a comparison of costs for the concentration of a feed of a heat-
sensitive protein liquor at 1.70 kg/s from 10 per cent to 50 per cent solids, on the basis
of a 288 ks (160 hour) week. These data are shown in Table 14.3. It may be noted that,
when using the double-effect evaporation with vapour compression, a lower temperature
can be used in the first effect than when a triple-effect unit is used. In determining these
figures no account has been taken of depreciation, although if this is 15 per cent of the
capital costs it does not make a significant difference to the comparison.

The use of a heat pump cycle is the subject of Problem 14.22 at the end of this Volume,
and a detailed discussion of the topic is given in the Solutions Manual.



800 CHEMICAL ENGINEERING

Table 14.3. Comparison of various systems for the concentration of a protein liquid

Type Approx. Cost of Net saving compared
installed cost steam with single effect
(€3] (£/year) (£/year)

Single effect 50,000 403,000 —_
Double effect 70,000 214,000 189,000
Double effect with vapour

compression 90,000 137,000 266,000
Triple effect 100,000 143,000 260,000

Example 14.6

For the concentration of fruit juice by evaporation it is proposed to use a falling-film evaporator
and to incorporate a heat pump cycle with ammonia as the medium. The ammonia in vapour form
will enter the evaporator at 312 K and the water will be evaporated from the juices at 287 K.
The ammonia in the vapour-liquid mixture will enter the condenser at 278 K and the vapour
will then pass to the compressor. It is estimated that the work for compressing the ammonia will
be 150 kJ/kg of ammonia and that 2.28 kg of ammonia will be cycled/kg water evaporated. The
following proposals are available for driving the compressor:

(a) to use a diesel engine drive taking 0.4 kg of fuel/MJ; the calorific value being 42 MJ/kg and
the cost £0.02/kg;

(b) to pass steam, costing £0.01/10 kg through a turbine which operates at 70 per cent isentropic
efficiency, between 700 and 101.3 kN/m?.

Explain by means of a diagram how this plant will work, and include all necessary major items
of equipment required. Which method should be adopted for driving the compressor?
A simplified flow diagram of the plant is given in Figure 14.14.

Solution

Considering the ammonia cycle

Ammonia gas will leave the condenser, probably saturated at low pressure, and enter the compressor
which it leaves at high pressure and 312 K. In the calandria heat will be transferred to the liquor
and the ammonia gas will be cooled to saturation, condense, and indeed may possibly leave the
unit at 278 K as slightly sub-cooled liquid though still at high pressure. This liquid will then be
allowed to expand adiabatically in the throttling valve to the lower pressure during which some
vaporisation will occur and the vapour —liquid mixture will enter the condenser with a dryness
fraction of, say, 0.1-0.2. In the condenser heat will be transferred from the condensing vapours,
and the liquid ammonia will leave the condenser, probably just saturated, though still at the low
pressure. The cycle will then be repeated.

Considering the liguor stream

Weak liquor will enter the plant and pass to the calandria where it will be drawn up as a thin film
by the partial vacuum caused by ultimate condensation of vapour in the condenser. Vaporisation
will take place due to heat transfer from condensing ammonia in the calandria, and the vapour
and concentrated liquor will then pass to a separator from which the concentrated liquor will be
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Figure 14.14. Flow diagram for Example 14.6

drawn off as product. The vapours will pass to the condenser where they will be condensed by
heat transfer to the evaporating ammonia and leave the plant as condensate. A final point is that
any excess heat introduced by the compressor must be removed from the ammonia by means of a
cooler.

Fuller details of the cycle and salient features of operation are given in Section 14.5.2.

Choice of compressor drive (basis 1 kg water evaporated)
(a) Diesel engine

For 1 kg evaporation, ammonia circulated = 2.28 kg and the work done in compressing the
ammonia

= (150 x 2.28)
= 342 kJ or 0.342 MJ/kg evaporation

For an output of 1 MJ, the engine consumes 0.4 kg fuel.

Thus: fuel consumption = (0.4 x 0.342) = 0.137 kg/kg water evaporated
and: cost = (0.02 x 0.137) = 0.00274 £/kg water evaporated

(b) Turbine
The work required is 0.342 MJ/kg evaporation.
Therefore with an efficiency of 70 per cent:

energy required from steam = (0.342 x 100/70) = 0.489 MJ/kg.

Enthalpy of steam saturated at 700 kN/m? = 2764 kl/kg.
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CHAPTER 15

Crystallisation

15.1. INTRODUCTION

Crystallisation, one of the oldest of unit operations, is used to produce vast quantities
of materials, including sodium chloride, sodium and aluminium sulphates and sucrose
which all have production rates in excess of 10% tonne/year on a world basis. Many
organic liquids are purified by crystallisation rather than by distillation since, as shown
by MuLun® in Table 15.1, enthalpies of crystallisation are generally much lower than
enthalpies of vaporisation and crystallisation may be carried out closer to ambient temper-
ature thereby reducing energy requirements. Against this, crystallisation is rarely the last
stage in a process and solvent separation, washing and drying stages are usually required.
Crystallisation is also a key operation in the freeze-concentration of fruit juices, the
desalination of sea water, the recovery of valuable materials such as metal salts from
electroplating processes, the production of materials for the electronic industries and in
biotechnological operations such as the processing of proteins.

Table 15.1. Energy requirements for crystallisation and distillation‘V

Substance Melting Enthalpy of Boiling Enthalpy of
point crystallisation point vaporisation
K} (kJ/kg) X (kl/kg)
o-cresol 304 115 464 410
m-cresol 285 117 476 423
p-cresol 306 110 475 435
o-xylene 246 128 414 347
m-xylene 225 109 412 343
p-xylene 286 161 411 340
o-nitrotoluene 268.9 120 495 344
m-nitrotoluene 288.6 109 506 364
p-nitrotoluene 325 113 511 366
water 273 334 373 2260

Although crystals can be grown from the liquid phase—either a solution or a
melt—and also from the vapour phase, a degree of supersaturation, which depends on
the characteristics of the system, is essential in all cases for crystal formation or growth
to take place. Some solutes are readily deposited from a cooled solution whereas others
crystallise only after removal of solvent. The addition of a substance to a system in order to
alter equilibrium conditions is often used in precipitation processes where supersaturation
is sometimes achieved by chemical reaction between two or more substances and one of
the reaction products is precipitated.

827
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15.2. CRYSTALLISATION FUNDAMENTALS

In evaluating a crystallisation operation, data on phase equilibria are important as this
indicates the composition of product which might be anticipated and the degree of super-
saturation gives some idea of the driving force available. The rates of nuclei formation
and crystal growth are equally important as these determine the residence time in, and the
capacity of a crystalliser. These parameters also enable estimates to be made of crystal
sizes, essential for the specification of liquor flows through beds of crystals and also the
mode and degree of agitation required. It is these considerations that form the major part
of this Section.

15.2.1. Phase equilibria

One-component systems

Temperature and pressure are the two variables that affect phase equilibria in a one-
component system. The phase diagram in Figure 15.1 shows the equilibria between the
solid, liquid, and vapour states of water where all three phases are in equilibrium at the
triple point, 0.06 N/m? and 273.3 K. The sublimation curve indicates the vapour pressure
of ice, the vaporisation curve the vapour pressure of liquid water, and the fusion curve
the effect of pressure on the melting point of ice. The fusion curve for ice is unusual
in that, in most one component systems, increased pressure increases the melting point,
whilst the opposite occurs here.

Pressure

Ice

Vaporisation

curve
Sublimation . )
curve Triple-point
Steam
Temperature

Figure 15.1. Phase diagram for water

A single substance may crystallise in more than one of seven crystal systems, all
of which differ in their lattice arrangement, and exhibit not only different basic shapes
but also different physical properties. A substance capable of forming more than one
different crystal is said to exhibit polymorphism, and the different forms are called
polymorphs. Calcium carbonate, for example, has three polymorphs — calcite (hexagonal),
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aragonite (tetragonal), and vaterite (trigonal). Although each polymorph is composed of
the same single substance, it constitutes a separate phase. Since only one polymorph
is thermodynamically stable at a specified temperature and pressure, all the other
polymorphs are potentially capable of being transformed into the stable polymorph.
Some polymorphic transformations are rapid and reversible and polymorphs may be
enantiotropic (interconvertible) or monotropic (incapable of transformation). Graphite
and carbon, for example, are monotropic at ambient temperature and pressure, whereas
ammonium nitrate has five enantiotropic polymorphs over the temperature range
255-398 K. Figure 15.2a, taken from MuLLiN®, shows the phase reactions exhibited
by two enantiotropic forms, « and 8, of the same substance. The point of intersection
of the two vapour pressure curves is the transition point at which the two forms can co-
exist in equilibrium at the specified temperature and pressure. The triple point at which
vapour, liquid and 8 solid can co-exist may be considered as the melting point of the 8
form. On slow heating, solid « changes into solid 8 and finally melts with the reverse
process taking place on slow cooling. Rapid heating or cooling can, however, result in

. Liquid
Pressure Solid

Metastable
triple-point

Vaporisation

T curve
Vaporisation curve Vaporisation curve
for g
Vapour
Temperature

(a)

Pressure Solid g
Vaporisation A ___ ____ Vaporisation curve
curve for g for liquid
Metastable
Solid a triple-point
! Vapour
Vaporisation curve
for &
Temperature

(b)

Figure 15.2. Phase diagram for polymorphic substances®
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different behaviour where the vapour pressure of the o form follows a continuation of the
vaporisation curve, and changes in the liquid are represented by the liquid vaporisation
curve. The two curves intersect at a metastable triple point where the liquid, vapour, and a
solid can coexist in metastable equilibrium. Figure 15.2b shows the pressure—temperature
curves for a monotropic substance for which the vapour pressure curves of the  and 8
forms do not intersect, and hence there is no transition point. In this case, solid B is the
metastable form, and the metastable triple point is as shown.

Two-component systems

Temperature, pressure, and concentration can affect phase equilibria in a two-component
or binary system, although the effect of pressure is usually negligible and data can
be shown on a two-dimensional temperature—concentration plot. Three basic types of
binary system— eutectics, solid solutions, and systems with compound formation — are
considered and, although the terminology used is specific to melt systems, the types
of behaviour described may also be exhibited by aqueous solutions of salts, since, as
MuLLN® points out, there is no fundamental difference in behaviour between a melt and
a solution.

An example of a binary eutectic system AB is shown in Figure 15.3a where the eutectic
is the mixture of components that has the lowest crystallisation temperature in the system.
When a melt at X is cooled along XZ, crystals, theoretically of pure B, will start to be
deposited at point Y. On further cooling, more crystals of pure component B will be
deposited until, at the eutectic point E, the system solidifies completely. At Z, the crystals
C are of pure B and the liquid L is a mixture of A and B where the mass proportion of
solid phase (crystal) to liquid phase (residual melt) is given by ratio of the lengths LZ to
CZ; a relationship known as the lever arm rule. Mixtures represented by points above AE
perform in a similar way, although here the crystals are of pure A. A liquid of the eutectic
composition, cooled to the eutectic temperature, crystallises with unchanged composition
and continues to deposit crystals until the whole system solidifies. Whilst a eutectic has
a fixed composition, it is not a chemical compound, but is simply a physical mixture of
the individual components, as may often be visible under a low-power microscope.

The second common type of binary system is one composed of a continuous series
of solid solutions, where the term solid solution or mixed crystal refers to an intimate
mixture on the molecular scale of two or more components. The components of a solid-
solution system cannot be separated as easily as those of a eutectic system. This is shown
in Figure 15.3b, where the liquidus represents the temperature at which mixtures of A
and B begin to crystallise on cooling and the solidus represents temperatures at which
mixtures begin to melt on heating. A melt at X begins to crystallise at Y and then at Z, the
system consists of a mixture of crystals of a composition represented by C and a liquid of
a composition represented by L, where the ratio of crystals to liquid is again given by the
lever arm rule. The crystals do not, however, consist of a single pure component as in a
simple eutectic system but are an intimate mixture of components A and B which must be
heated and re-crystallised, perhaps many times, in order to achieve further purification.
In this way, a simple eutectic system may be purified in a single-stage crystallisation
operation, whereas a solid-solution system always needs multistage operation.

The solute and solvent of a binary system can combine to form one or more different
compounds such as, for example, hydrates in aqueous solutions. If the compound can
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Figure 15.3. Phase diagrams for binary systems

co-exist in stable equilibrium with a liquid phase of the same composition, then it
has a congruent melting point, that is where melting occurs without change in compo-
sition. If this is not the case, then the melting point is incongruent. In Figure 15.4a, the
heating—cooling cycle follows the vertical line through point D since melting and crystalli-
sation occur without any change of composition. In Figure 15.4b, however, compound D
decomposes at a temperature 7; which is below its theoretical melting point 7>. Thus, if
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Temperature Liquid D B
L+D L+B
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(a) Congruent melting point
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Figure 15.4. Phase diagrams for binary systems (E - eutectic, L - liquid)

D is heated, melting begins at Tj, though is not complete, At T3, a system of composition D
contains crystals of pure B in a melt of composition C. If this mixture is cooled, then a
solid mixture of B and that represented by point C is obtained and subsequent heating and
cooling cycles result in further decomposition of the compound represented by D.

There is current interest in the use of inorganic-salt hydrates as heat-storage materials,
particularly for storage of solar heat in domestic and industrial space heating, where,
ideally, the hydrate should have a congruent melting point so that sequences of
crystallisation—melting—crystallisation can be repeated indefinitely. Incongruently melting
hydrate systems tend to stratify on repeated temperature cycling with a consequent loss of
efficiency as melting gives a liquid phase that contains crystals of a lower hydrate or of
the anhydrous salt, which settle to the bottom of the container and fail to re-dissolve on
subsequent heating. Calcium chloride hexahydrate, whilst not a true congruently melting
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hydrate, appears to be one of the most promising materials>> as are sodium sulphate
deca-hydrate, sodium acetate tri-hydrate, and sodium thiosulphate penta-hydrate which all
do have incongruent melting points®7,

Three-component systems

Phase equilibria in three-component systems are affected by temperature, pressure, and the
concentrations of any two of the three components. Since the effect of pressure is usually
negligible, phase equilibria may be plotted on an isothermal triangular diagram and, as
an example, the temperature—concentration space model for o-, m-, and p-nitrophenol
is shown in Figure 15.5a®®. The three components are O, M, and P, respectively
and points O', M/, and P’ represent the melting points of the pure components o-
(318 K), m- (370 K) and p-nitrophenol (387 K). The vertical faces of the prism represent
temperature—concentration diagrams for the three binary eutectic systems O-M, O-P,
and M-P, which are all similar to that shown in Figure 15.4. The binary eutectics
are represented by points A (304.7 K; 72.5 per cent O, 27.5 per cent M), B (306.7 K;
75.5 per cent O, 24.5 per cent P), and C (334.7 K; 54.8 per cent M, 45.2 per cent P) and
AD within the prism represents the effect of adding P to the O-M binary eutectic at A.
Similarly, curves BD and CD denote the lowering of freezing points of the binary eutectics
represented by points B and C, respectively, upon adding the third component. Point D
is a ternary eutectic point (294.7 K; 57.7 per cent O, 23.2 per cent M, 19.1 per cent
P) at which the liquid freezes to form a solid mixture of the three components. The
section above the freezing point surfaces formed by the liquidus curves represents the
homogeneous liquid phase, the section below these surfaces down to a temperature, D
denotes solid and liquid phases in equilibrium and the section below this temperature
represents a completely solidified system.

Figure 15.5b is the projection of AD, BD, and CD in Figure 15.5a on to the triangular
base of the prism. Again O, M and P are the pure components, points A, B, and C
represent the three binary eutectic points and D is the ternary eutectic point. The diagram is
divided by AD, BD, and CD into three regions which denote the three liquidus surfaces in
the space model and the temperature falls from the apexes and sides of the triangle toward
the eutectic point D. Several isotherms showing points on the liquidus surfaces are shown.
When, for example, a molten mixture with a composition X is cooled, solidification starts
when the temperature is reduced to 353 K and since X lies in the region ADCM, pure
m-nitrophenol is deposited. The composition of the remaining melt changes along line
MX' and at X', equivalent to 323 K, p-nitrophenol also starts to crystallise. On further
cooling, both m and p-nitrophenol are deposited and the composition of the liquid phase
changes in the direction X'D. When the melt composition and temperature reach point D,
o-nitrophenol also crystallises out and the system solidifies without further change in
composition.

Many different types of phase behaviour are encountered in ternary systems that consist
of water and two solid solutes. For example, the system KNO3;—NaNQO3;—H,0 which
does not form hydrates or combine chemically at 323 K is shown in Figure 15.6, which
is taken from MuLLIN®. Point A represents the solubility of KNO; in water at 323 K
(46.2 kg/100 kg solution), C the solubility of NaNO; (53.2 kg/100 kg solution), AB is
the composition of saturated ternary solutions in equilibrium with solid KNO; and BC
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Figure 15.5. Eutectic formation in the ternary system o-, m- and p-nitrophenol® a) Temperature—concentra-
tion space model; b) Projection on a triangular diagram. (Numerical values represent temperatures in K)

NaN03
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Figure 15.6. Phase diagram for the ternary system KNO3;—NaNQ3;—H,0 at 323 K®

those in equilibrium with solid NaNOs. The area above the line ABC is the region of
unsaturated homogeneous solutions. At point B, the solution is saturated with both KNO,
and NaNOs;. If, for example, water is evaporated isothermally from an unsaturated solution
at X1, the solution concentration increases along XX, and pure KNOj is deposited when
the concentration reaches X. If more water is evaporated to give a system of composition
X3, the solution composition is represented by X; on the saturation curve AB, and by
point B when composition X4 is reached. Further removal of water causes deposition
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of NaNOs. After this, all solutions in contact with solid have a constant composition B,
which is referred to as the eutonic point or drying-up point of the system. After complete
evaporation of water, the composition of the solid residue is indicated by Xs. Similarly, if
an unsaturated solution, represented by a point to the right of B is evaporated isothermally,
only NaNOQs is deposited until the solution composition reaches B. KNOj is then also
deposited and the solution composition remains constant until evaporation is complete.
If water is removed isothermally from a solution of composition B, the composition of
deposited solid is given by Xe and it remains unchanged throughout the evaporation
process.

Multi-component systems

The more components in a system, the more complex are the phase equilibria and it is more
difficult to represent phases graphically. Descriptions of multi-component solid-liquid
diagrams and their uses have been given by MuLLiN®, Fivpray and Camesect®, Ricar®,
NuLrL® and Nyvir!? and techniques for predicting multi-component solid-liquid phase
equilibria have been presented by HORMEYER ef al.!?, Kusik ef al.'®, and SaNDER
et al.¥.

Phase transformations

Metastable crystalline phases frequently crystallise to a more stable phase in accordance
with Ostwald’s rule of stages, and the more common types of phase transformation that
occur in crystallising and precipitating systems include those between polymorphs and
solvates. Transformations can occur in the solid state, particularly at temperatures near the
melting point of the crystalline solid, and because of the intervention of a solvent. A stable
phase has a lower solubility than a metastable phase, as indicated by the solubility curves
in Figures 15.7a and 15.7b for enantiotropic and monotropic systems respectively and,

Metastable solubility

curves
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Temperature ——— Temperature ——
(a) enantiotropic (b) Monotropic

Figure 15.7. Solubility curves for substances with two polymorphs I and 11®
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whilst transformation cannot occur between the metastable (I) and stable (II) phases in
the monotropic system in the temperature range shown, it is possible above the transition
temperature in an enantiotropic system. Polymorphic transformation adds complexity to a
phase diagram, as illustrated by NancoLLas et al.'> and NancoLLas and Reppy'® who
have studied dissolution-recrystallisation transformations in hydrate systems, and CARDEW
et al.'” and Carpew and Davey'"® who have presented theoretical analyses of both solid
state and solvent-mediated transformations in an attempt to predict their kinetics.

15.2.2. Solubility and saturation

Supersaturation

A solution that is in thermodynamic equilibrium with the solid phase of its solute at a
given temperature is a saturated solution, and a solution containing more dissolved solute
than that given by the equilibrium saturation value is said to be supersaturated. The degree
of supersaturation may be expressed by:

Ac=c—-c* (15.1)

where ¢ and c* are the solution concentration and the equilibrium saturation value respec-
tively. The supersaturation ratio, S, and the relative supersaturation, ¢ are then:

S=c/c* (15.2)
and: ¢o=Ac/c*=8—1 (15.3)

Solution concentrations may be expressed as mass of anhydrate/mass of solvent or as
mass of hydrate/mass of free solvent, and the choice affects the values of S and ¢ as
shown in the following example which is based on the data of MuLLIN®,

Example 15.1

At 293 K, a supersaturated solution of sucrose contains 2.45 kg sucrose/kg water. If the equilibrium
saturation value is 2.04 kg/kg water, what is the supersaturation ratio in terms of kg/kg water and
kg/kg solution?

Solution
For concentrations in kg sucrose/kg water:

¢ =2.45 kg/kg, ¢* = 2.04 kg/kg
and: S=c/c* =(2.45/2.04) = ﬁ

For concentrations in kg sucrose/kg solution:
¢ =2.45/(2.45 + 1.0) = 0.710 kg/kg solution,
¢* =2.04/(2.04 + 1.0) = 0.671 kg/kg solution
and: S = (0.710/0.671) = 1__0_6
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Whilst the fundamental driving force for crystallisation, the true thermodynamic
supersaturation, is the difference in chemical potential, in practice supersaturation is
generally expressed in terms of solution concentrations as given in equations 15.1-15.3.
MuLLiN and S6uNEL(!®) has presented a method of determining the relationship between
concentration-based and activity-based supersaturation by using concentration-dependent
activity-coefficients.

In considering the state of supersaturation, OsTwaLD®? introduced the terms labile and
metastable supersaturation to describe conditions under which spontaneous (primary) nucle-
ation would or would not occur, and Miers and Isaac?! have represented the metastable
zone by means of a solubility—supersolubility diagram, as shown in Figure 15.8.

Labile

Concentration

Stable

Temperature

Figure 15.8. Solubility supersolubility diagram

Whilst the (continuous) solubility curve can be determined accurately, the position of the
(broken) supersolubility curve is less certain as it is influenced by factors such as the rate at
which the supersaturation is generated, the degree of agitation and the presence of crystals
or impurities. In the stable unsaturated zone, crystallisation is impossible. In the metastable
supersaturated zone, spontaneous nucleation is improbable although a crystal would grow,
and in the unstable or labile saturated zone, spontaneous nucleation is probable but not
inevitable. If a solution at A is cooled without loss of solvent along ABC, spontaneous
nucleation cannot occur until C is reached. Although the tendency to nucleate increases
once the labile zone is reached, some solutions become too viscous to permit nucleation
and set to a glass. Supersaturation can also be achieved by removing solvent and ADE
represents such an operation carried out at constant temperature. Because the solution near
the evaporating surface is more highly supersaturated than the bulk solution, penetration
into the labile zone rarely occurs and crystals at the surface fall into the solution and induce
nucleation, often before bulk conditions at E have been reached. Industrial crystallisers often
combine cooling and evaporation. The width of the metastable zone is often expressed as a
temperature difference, AT which is related to the corresponding concentration difference,
Ac by the point slope of the solubility curve, dc*/dT or:

. dc*

Ac >~ —AT .
€= ar (15.4)
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Table 15.2. Maximum allowable supercooling ATpax for aqueous salt Solutions at 298 K

Substance deg K Substance deg K Substance deg K
NH4Cl 0.7 Na;C03.10H,0 0.6 Na;$,03.5H,0 1.0
NH4NO3; 0.6 Na,CrO4.10H,0 1.6 K alum 4.0
(NH4)2S04 1.8 NaCl 40 KBr 1.1
NH4H;PO4 2.5 Na;B407.10H,0 4.0 KCI 1.1
CuS04.5H,0 1.4 Nal 1.0 KI 0.6
FeSO4.7H,0 05 NaHPO4.12H,0 04 KH;PO4 9.0
MgS0,.7H,0 1.0 NaNO3; 0.9 KNO;3; 04
NiSO4.7H,0 4.0 NaNO; 0.9 KNO; 0.8
NaBr.2H,0 0.9 Na»S04.10H,0 03 K>S04 6.0

Data measured in the presence of crystals with slow cooling and moderate agitation. The working value for a
normal crystalliser may be 50 per cent of these values or less.

The measurement of the width of the metastable zone is discussed in Section 15.2.4, and
typical data are shown in Table 15.2. Provided the actual solution concentration and the
corresponding equilibrium saturation concentration at a given temperature are known,
the supersaturation may be calculated from equations 15.1-15.3. Data on the solubility
for two- and three-component systems have been presented by SEELL and Linke®?,
STEPHEN et al.?® and BrouL et al.®¥. Supersaturation concentrations may be determined
by measuring a concentration-dependent property of the system such as density or refractive
index, preferably in situ on the plant. On industrial plant, both temperature and feedstock
concentration can fluctuate, making the assessment of supersaturation difficult. Under these
conditions, the use of a mass balance based on feedstock and exit-liquor concentrations and
crystal production rates, averaged over a period of time, is usually an adequate approach.

Prediction of solubilities

Techniques are available for estimating binary and multi-component solubility behaviour.
One example is the van’t Hoff relationship which, as stated by Movers and Rousseau®,
takes the following form for an ideal solution:

Inx = H (l - 1) (15.5)

where x is the mole fraction of solute in solution, Hy is the heat of fusion and Ty is the
melting point of the pure component. One interesting consequence of this equation is that
solubility depends only on the properties of the solute occurring in the equation. Another
equation frequently used for ideal systems incorporates cryoscopic constants, values of
which have been obtained empirically for a wide variety of materials in the course of the
American Petroleum Research Project 446, This takes the form:

In(l/x) =z21(Ty = D1 +220Ty - T7)....]] (15.6)

where: 7=

Movers and Rousseau®>) have used equations 15.5 and 15.6. to calculate the freezing point
data for o- and p-xylene shown in Table 15.3.
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Table 15.3. Calculated freezing point curves for o- and p-xylene®

Data p-Xylene o-xylene
Ty (K) 286.41 247.97
AHy (KJ/kmol) 17120 13605
A (mole fraction/deg K) 0.02599 0.02659
B (mole fraction/deg K) 0.0028 0.0030

Temperature (K) Mole fraction in solution
p-xylene o-xylene
Eqn. 15.5 Eqn. 15.6 Eqn. 15.5 Eqn. 15.6

286.41 1.00 1.00

280 0.848 0.844

270 0.646 0.640

260 0.482 0.478

249.97 1.00 1.00

240 0.249 0.256 0.803 0.805

235 0.695 0.699

230 0.172 0.183

Crystal size and solubility

If very small solute particles are dispersed in a solution, the solute concentration may
exceed the normal equilibrium saturation value. The relationship between particle size and
solubility first applied to solid—liquid systems by OsTwaLD®*® may be expressed as:

i 2Mo (15.7)

¢t nRTpr

where c; is the solubility of particles of radius r, p; the density of the solid, M the relative
molecular mass of the solute in solution, o the interfacial tension of the crystallisation
surface in contact with its solution and n; the moles of ions formed from one mole of
electrolyte. For a non-electrolyte, n; = 1 and for most inorganic salts in water, the solubility
increase is really only significant for particles of less than 1 wm. The use of this equation
is illustrated in the following example which is again based on data from MuLLIN® .

Example 15.2

Compare the increase in solubility above the normal equilibrium values of 1, 0.1 and 0.01 um
particles of barium sulphate and sucrose at 298 K. The relevant properties of these materials are:

barium sulphate sucrose
relative molecular mass (kg/kmol) 233 342
number of ions (—) 2 1
solid density (kg/m3) 4500 1590
interfacial tension (J/m?) 0.13 0.01

Solution

Taking the gas constant, R as 8314 J/kmol K, then in equation 15.7:
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For barium sulphate:
In(c,/c*) = (2 x 233 x 0.13)/(2 x 8314 x 298 x 4500r) = 2.72 x 107%/r
For sucrose:
In(c,/c*) = (2 x 342 x 0.01)/(1 x 8314 x 298 x 1590 r) = 1.736 x 10™%/r

Substituting 0.5 x 1077, 0.5 x 1078 and 0.5 x 10~° m for 7 gives the following data:

particle size ¢ /c* increase
d(um) r(pm) (per cent)
barium sulphate 1 0.5 1.005 0.5
0.1 0.05 1.06 6
0.01 0.005 172 72
sucrose 1 0.5 1.004 04
0.1 0.05 1.035 35
0.01 0.005 1415 415

Effect of impurities

Industrial solutions invariably contain dissolved impurities that can increase or decrease
the solubility of the prime solute considerably, and it is important that the solubility data
used to design crystallisation processes relate to the actual system used. Impurities can also
have profound effects on other characteristics, such as nucleation and growth.

15.2.3. Crystal nucleation

Nucleation, the creation of crystalline bodies within a supersaturated fluid, is a complex
event, since nuclei may be generated by many different mechanisms. Most nucleation
classification schemes distinguish between primary nucleation - in the absence of crystals
and secondary nucleation - in the presence of crystals. STRICKLAND-CoNsTaBLE?” and
KasHcHIEV®® have reviewed nucleation, and Garsibe and Davey@® have considered
secondary nucleation in particular.

Primary nucleation

Classical theories of primary nucleation are based on sequences of bimolecular coilisions
and interactions in a supersaturated fluid that result in the build-up of lattice-structured
bodies which may or may not achieve thermodynamic stability. Such primary nucleation
is known as homogeneous, although the terms spontaneous and classical have also been
used. As discussed by UsBeLHODE®? and Garten and Heap®?, ordered solute-clustering
can occur in supersaturated solutions prior to the onset of homogeneous nucleation, and
BERGLUND et al.®? has detected the presence of quasi-solid-phase species even in unsatu-
rated solutions. MuLLIN and Leci®® discussed the development of concentration gradients
in supersaturated solutions of citric acid under the influence of gravity, and Larson and
GarsIDE®? estimated the size of the clusters at 4—10 nm. Primary nucleation may also
be initiated by suspended particles of foreign substances, and this mechanism is generally
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referred to as heterogeneous nucleation. In industrial crystallisation, most primary nucle-
ation is almost certainly heterogeneous, rather than homogeneous, in that it is induced by
foreign solid particles invariably present in working solutions. Although the mechanism of
heterogeneous nucleation is not fully understood, it probably begins with adsorption of the
crystallising species on the surface of solid particles, thus creating apparently crystalline
bodies, larger than the critical nucleus size, which then grow into macro-crystals.

Homogeneous nucleation. A consideration of the energy involved in solid-phase
formation and in creation of the surface of an arbitrary spherical crystal of radius r in
a supersaturated fluid gives:

AG =4nrc + (47 /3)r* AG, (15.8)

where AG is the overall excess free energy associated with the formation of the crystalline
body, o is the interfacial tension between the crystal and its surrounding supersaturated
fluid, and AG, is the free energy change per unit volume associated with the phase change.
The term 4720, which represents the surface contribution, is positive and is proportional
to r? and the term (47 /3)r3 AG,, which represents the volume contribution, is negative and
is proportional to r3. Any crystal smaller than the critical nucleus size 7. is unstable and
tends to dissolve whilst any crystal larger than r, is stable and tends to grow. Combining
equations 15.7 and 15.8, and expressing the rate of nucleation J in the form of an Arrhenius
reaction rate equation, gives the nucleation rate as:
16m03v?

3K3T3(In S)2:|
where F is a pre-exponential factor, v is molar volume, k is the Boltzmann constant and S
is the supersaturation ratio. Since equation 15.9 predicts an explosive increase in the nucle-
ation rate beyond some so-called critical value of §, it not only demonstrates the powerful
effect of supersaturation on homogeneous nucleation, but also indicates the possibility of
nucleation at any level of supersaturation.

Heterogeneous nucleation. The presence of foreign particles or heteronuclei enhances the
nucleation rate of a given solution, and equations similar to those for homogeneous nucle-
ation have been proposed to express this enhancement. The result is simply a displacement
of the nucleation rate against supersaturation curve, as shown in Figure 15.9, indicating that
nucleation occurs more readily at a lower degree of supersaturation. For primary nucleation
in industrial crystallisation, classical relationships similar to those based on equation 15.9
have little use, and all that can be justified is a simple empirical relationship such as:

J = Ky(Ao)" (15.10)

which relates the primary nucleation rate J to the supersaturation Ac from equation 15.1.
The primary nucleation rate constant K, and the order of the nucleation process », which is
usually greater than 2, depend on the physical properties and hydrodynamics of the system.

J = Fexp I:— (15.9)

Secondary nucleation

Secondary nucleation can, by definition, take place only if crystals of the species under
consideration are already present. Since this is usually the case in industrial crystallisers,
secondary nucleation has a profound influence on virtually all industrial crystallisation
processes.
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Figure 15.9. Effect of supersaturation on the rates of homogeneous and heterogeneous nucleation.

Apart from deliberate or accidental introduction of tiny seed crystals to the system, and
productive interactions between existing crystals and quasi-crystalline embryos or clusters
in solution, the most influential mode of new crystal generation in an industrial crystalliser is
contact secondary nucleation between the existing crystals themselves, between crystals and
the walls or other internal parts of the crystalliser, or between crystals and the mechanical
agitator. Secondary nucleation rates (in m~3s~!) are most commonly correlated by empirical

relationships such as: ‘
B = K,p) N'Act (15.11)

where B is the rate of secondary nucleation or birthrate, K;, is the birthrate constant, o,
is the slurry concentration or magma density and N is a term that gives some measure of
the intensity of agitation in the system such as the rotational speed of an impeller. The
exponents j, [, and b vary according to the operating conditions.

Nucleation measurements

One of the earliest attempts to derive nucleation kinetics for solution crystallisation was
proposed by Nyvir®® and NyvLr et al.®5 whose method is based on the measurement
of metastable zone widths shown in Figure 15.8, using a simple apparatus, shown in
Figure 15.10, consisting of a 50 mi flask fitted with a thermometer and a magnetic stirrer,
located in an external cooling bath. Nucleation is detected visually and both primary and
secondary nucleation can be studied in this way. Typical results®® shown in Figure 15.11
demonstrate that seeding has a considerable influence on the nucleation process, and
the difference between the slopes of the two lines indicates that primary and secondary
nucleation occur by different mechanisms. Solution turbulence also affects nucleation and,
in general, agitation reduces the metastable zone width. For example, the metastable zone
width for gently agitated potassium sulphate solutions is about 12 deg K whilst vigorous
agitation reduces this to around 8 deg K. The presence of crystals also induces secondary
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Figure 15.11. Melastable zone width of aqueous ammonium®’

nucleation at a supercooling of around 4 deg K. The relation between supercooling AT
and supersaturation Ac is given by equation 15.4. Useful information on secondary
nucleation kinetics for crystalliser operation and design can be determined only from
model experiments that employ techniques such as those developed for MSMPR (mixed-
suspension mixed-product removal) crystallisers. As discussed by, NyvLt et al.®® and
RanpoLpH and LarsonN®?, in a real crystalliser, both nucleation and growth proceed together
and interact with other system parameters in a complex manner.
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Induction periods

A delay occurs between attainment of supersaturation and detection of the first newly
created crystals in a solution, and this so-called induction period, t; is a complex
quantity that involves both nucleation and growth components. If it is assumed that #
is essentially concerned with nucleation, that is ; o 1/J, then MuLLiN® has shown, from
equation 15.9, that:

o3

1

&P Tiog 5)2
Thus, for a given temperature, a logarithmic plot of #; against (log §)~2 should yield a
straight line which, if the data truly represent homogeneous nucleation, will allow the
calculation of the interfacial tension ¢ and the evaluation of the effect of temperature on
o. NieLsen and SOHNEL®®) has attempted to derive a general correlation between interfacial
tension and the solubility of inorganic salts as shown in Figure 15.124, although the success
of this method depends on precise measurement of the induction period #;, which presents
problems if ¢; is less than a few seconds.

SoHNeL and MuLLIN®® have shown that short induction periods can be determined by

a technique that detects rapid changes in the conductivity of a supersaturated solution.
Typical results for CaCOs, SrCO3, and BaCOs3, produced by mixing an aqueous solution
of Na,CO; with a solution of the appropriate chloride, are shown in Figure 15.12b. The
slopes of the linear, high-supersaturation regions are used to calculate the interfacial tensions
(0.08—0.12 J/m?), which compare reasonably well with the values predicted from the
interfacial tension—solubility relationship in Figure 15.12a. Although interfacial tensions
evaluated from experimentally measured induction periods are somewhat unreliable,
measurements of the induction period can provide useful information on other crystallisation
phenomena, particularly the effect of impurities.

(15.12)

15.2.4. Crystal growth
Fundamentals

As with nucleation, classical theories of crystal growth20.21.35.40=42) haye not led to
working relationships, and rates of crystallisation are usually expressed in terms of the
supersaturation by empirical relationships. In essence, overall mass deposition rates, which
can be measured in laboratory fluidised beds or agitated vessels, are needed for crystalliser
design, and growth rates of individual crystal faces under different conditions are required
for the specification of operating conditions.

In simple terms, the crystallisation process may be considered to take place in two
stages —a diffusional step in which solute is transported from the bulk fluid through the
solution boundary layer adjacent to the crystal surface, and a deposition step in which
adsorbed solute ions or molecules at the crystal surface are deposited and integrated into
the crystal lattice. These two stages which are shown in Figure 15.13, may be described by:

dm/dt = kgA(c — ¢;) = k. A(c; — ¢*) (15.13)
where m is the mass deposited in time ¢, A is the crystal surface area, ¢, ¢; and c* are the

solute concentrations in the bulk solution, at the interface and at equilibrium saturation
and k; and k, are the diffusion and deposition or reaction mass transfer coefficients.
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Figure 15.13. Concentration driving forces for crystal growth from solution

Because it is not possible to determine the interfacial concentration, this is eliminated by
using the overall concentration driving force Ac = (¢ — ¢*), where:

oo (L) 1(@%
(C"'C)“(kd) dr +<‘k,) dr)

Eliminating ¢ and introducing an overall crystal growth coefficient, K gives the approx-
imate relation:

dm/dt = Kg(Ac)’ (15.14)

The exponents / and s in equations 15.13 and 15.14, referred to as the order of integration
and overall crystal growth process, should not be confused with their more conventional use
in chemical kinetics where they always refer to the power to which a concentration should
be raised to give a factor proportional to the rate of an elementary reaction. As MULLIN®
points out, in crystallisation work, the exponent has no fundamental significance and cannot
give any indication of the elemental species involved in the growth process. If i = 1 and
s = 1, ¢; may be eliminated from equation 15.13 to give:

(15.15)

Where the rate of integration is very high, K is approximately equal to k4 and the crystalli-
sation is diffusion controlled. When the diffusional resistance is low, K is approximately
equal to &, and the process is controlled by the deposition step. Whilst the diffusional step
is generally proportional to the concentration driving force, the integration process is rarely
first-order and for many inorganic salts crystallising from aqueous solution, s lies in the
range 1- 2,

Comprehensive reviews of theories of crystal growth have been presented by Garsipe™*?,
NieLseN®), PampLIN®® and KaLbis and ScHEeL®S),
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Measurement of growth rate

Methods used for the measurement of crystal growth rates are either a) direct measurement
of the linear growth rate of a chosen crystal face or b) indirect estimation of an overall
linear growth rate from mass deposition rates measured on individual crystals or on groups
of freely suspended crystals(®35:41:47.:48)

Face growth rates. Different crystal faces grow at different rates and faces with a
high value of s grow faster than faces with low values. Changes in growth environment
such as temperature, supersaturation pH, and impurities can have a profound effect on
growth, and differences in individual face growth rates give rise to habit changes in
crystals. For the measurement of individual crystal-face growth-rates, a fixed crystal in
a glass cell is observed with a travelling microscope under precisely controlled condi-
tions of solution temperature, supersaturation and liquid velocity®. The solution velocity
past the fixed crystal is often an important growth-determining parameter, sometimes
responsible for the so-called size-dependent growth effect often observed in agitated and
fluidised-bed crystallisers. Large crystals have higher settling velocities than small crystals
and, if their growth is diffusion-controlled, they tend to grow faster. Salts that exhibit
solution velocity dependent growth rates include the alums, nickel ammonium sulphate,
and potassium sulphate, although salts such as ammonium sulphate and ammonium or
potassium dihydrogen phosphate are not affected by solution velocity.

Overall growth rates. In the laboratory, growth rate data for crystalliser design can
be measured in fluidised beds or in agitated vessels, and crystal growth rates measured
by growing large numbers of carefully sized seeds in fluidised suspension under strictly
controlled conditions. A warm undersaturated solution of known concentration is circu-
lated in the crystalliser and then supersaturated by cooling to the working temperature.
About 5 g of closely sized seed crystals with a narrow size distribution and a mean size
of around 500 pm is introduced into the crystalliser, and the upward solution velocity is
adjusted so that the crystals are maintained in a reasonably uniform fluidised state in the
growth zone. The crystals are allowed to grow at a constant temperature until their total
mass is some 10 g, when they are removed, washed, dried, and weighed. The final solution
concentration is measured, and the mean of the initial and final supersaturations is taken as
the average for the run, an assumption which does not involve any significant error because
the solution concentration is usually not allowed to change by more than about 1 per cent
during a run. The overall crystal growth rate is then calculated in terms of mass deposited
per unit area per unit time at a specified supersaturation.

Expression of growth rate

Because the rate of growth depends, in a complex way, on temperature, supersaturation,
size, habit, system turbulence and so on, there is no simple was of expressing the rate of
crystal growth, although, under carefully defined conditions, growth may be expressed as
an overall mass deposition rate, R (kg/m? s), an overall linear growth rate, G4 (= dd/dr)
(m/s) or as a mean linear velocity, u'(= dr/dt) (m/s). Here d is some characteristic size
of the crystal such as the equivalent aperture size, and r is the radius corresponding to the
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equivalent sphere where r = 0.5d. The relationships between these quantities are:

dd
3ap— /
1\ dm dr (6ozp) dr  6apu
R = KgAc (A) > =— )= (15.16)
where p is the density of the crystal and the volume and surface shape factors, o and B, are
related to particle mass m and surface area A, respectively, by:

m = apd’ (15.17)
and: A = Bd? (15.18)

Values of 6/ B are 1 for spheres and cubes and 0.816 for octahedra and typical values of the
mean linear growth velocity, u'(= 0.5 G,) for crystals 0.5-1 mm growing in the presence
of other crystals are given in Table 15.4 which is taken from MuLLiN®,

Table 15.4. Mean over-all crystal growth rates expressed as
a linear velocity®

Supersaturation ratio

Substance deg K S u' (m/s)
NH4NO; 313 1.05 8.5 x 1077
(NH4)2S04 303 1.05 2.5 x 107
333 1.05 4.0 x 107
MgSO,.7H,0 293 1.02 4.5 x 10~%
303 1.01 8.0 x 10~8
303 1.02 1.5 x 1077
KCl 313 1.01 6.0 x 1077
KNO3 293 1.05 4.5 x 1078
313 1.05 1.5 x 1077
K280, 293 1.09 2.8 x 1078
293 1.18 1.7 x 1077
303 1.07 42 x 10°8
323 1.06 7.0 x 10~8
323 1.12 32 x 1077
NaCl 323 1.002 2.5x 10°8
323 1.003 6.5 x 10~8
343 1.002 9.0 x 1078
343 1.003 1.5 x 1077

Dependence of growth rate on crystal size

Experimental evidence indicates that crystal growth kinetics often depend on crystal size,
possibly because the size depends on the surface deposition kinetics and different crystals
of the same size can also have different growth rates because of differences in surface
structure or perfection. In addition, as discussed by WHITE et al.*?, JoNes and MuLLING®,
Jansk and DE Jong®Y and GarsiDE and JANGIES?), small crystals of many substances grow
much more slowly than larger crystals, and some do not grow at all. The behaviour of
very small crystals has considerable influence on the performance of continuously operated
crystallisers because new crystals with a size of 1-10 wm are constantly generated by
secondary nucleation and these then grow to populate the full crystal size distribution.
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Growth - nucleation interactions

Crystal nucleation and growth in a crystalliser cannot be considered in isolation because
they interact with one another and with other system parameters in a complex manner. For a
complete description of the crystal size distribution of the product in a continuously operated
crystalliser, both the nucleation and the growth processes must be quantified, and the laws
of conservation of mass, energy, and crystal population must be applied. The importance
of population balance, in which all particles are accounted for, was first stressed in the
pioneering work of RANDOLPH and LARsoN®",

Crystal habit modification

Differences in the face growth-rates of crystals give rise to changes in their habit or shape.
Although the growth kinetics of individual crystal faces usually depend to various extents
on supersaturation so that crystal habit can sometimes be controlled by adjusting operating
conditions, the most common cause of habit modification is the presence of impurities.
Although a soluble impurity will often remain in the liquid phase so that pure crystals are
formed, in many cases, both the rate of nucleation and the crystal growth rate are affected.
More usually, the effect is one of retardation, thought to be due to the adsorption of the
impurity on the surface of the nucleus or crystal. Materials with large molecules such as
tannin, dextrin or sodium hexametaphosphate, added in small quantities to boiler feed water,
prevent the nucleation and growth of calcium carbonate crystals and hence reduce scaling.
In a similar way, the addition of 0.1 per cent of HCI and 0.1 per cent PbCl, prevent the
growth of sodium chloride crystals. In some cases the adsorption occurs preferentially on
one particular face of the crystal, thus modifying the crystal shape. One example is that
sodium chloride crystallised from solutions containing traces of urea forms octohedral
instead of the usual cubic crystals. In a similar way, dyes are preferentially adsorbed
on inorganic crystals®®, although the effect is not always predictable. GARRETT® has
described a number of uses of additives as habit modifiers, and industrial applications of
habit modification are reported in several reviews®33:59 in which the factors that must be
considered in selecting a suitable habit modifier are discussed. In the main, solid impurities
act as condensation nuclei and cause dislocations in the crystal structure.

Inclusions in crystals

Inclusions are small pockets of solid, liquid, or gaseous impurities trapped in crystals that
usually occur randomly although a regular pattern may be sometimes observed. As described
by MuLLiN®, a simple technique for observing inclusions is to immerse the crystal in an inert
liquid of similar refractive index or, alternatively, in its own saturated solution when, if the
inclusion is a liquid, concentration streamlines will be seen as the two fluids meet and, if it
is a vapour, a bubble will be released. Industrial crystals may contain significant amounts of
included mother liquor that can significantly affect product purity and stored crystals may
cake because of liquid seepage from inclusions in broken crystals. In order to minimise
inclusions, the crystallising system should be free of dirt and other solid debris, vigorous
agitation or boiling should be avoided, and ultrasonic irradiation may be used to suppress
adherence of bubbles to a growing crystal face. As fast crystal growth is probably the
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most common cause of inclusion formation, high supersaturation levels should be avoided.
Deicia®?, Powers®®, WiLcox and Kuo®® and Saska and MyErson®® have published
detailed accounts of crystal inclusion.

156.2.5. Crystal yield

The yield of crystals produced by a given degree of cooling may be estimated from the
concentration of the initial solution and the solubility at the final temperature, allowing for
any evaporation, by making solvent and solute balances. For the solvent, usually water, the
initial solvent present is equal to the sum of the final solvent in the mother liquor, the water
of crystallisation within the crystals and any water evaporated, or:

R-1
wi = 1wy +y—— + W E (15.19)

where w; and w, are the initial and final masses of solvent in the liquor, y is the yield of
crystals, R is the ratio (molecular mass of hydrate/molecular mass of anhydrous salt) and
E is the ratio (mass of solvent evaporated/mass of solvent in the initial solution). For the
solute:

wic) = wacr + y/R (15.20)

where ¢; and ¢, are the initial and final concentrations of the solution expressed as (mass
of anhydrous salt/mass of solvent). Substituting for w, from equation 15.19:

R-1
wic| = ¢y [wl(l—E)—)’T:I'i‘% (15.21)
from which the yield for aqueous solutions is given by:
¢ —c(l — E)
= Rwj————— 15.22
YERUITT LRS- (15.22)

The actual yield may differ slightly from that given by this equation since, for example, when
crystals are washed with fresh solvent on the filter, losses may occur through dissolution.
On the other hand, if mother liquor is retained by the crystals, an extra quantity of crystalline
material will be deposited on drying. Since published solubility data usually refer to pure
solvents and solutes that are rarely encountered industrially, solubilities should always be
checked against the actual working liquors.

Before equation 15.22 can be applied to vacuum or adiabatic cooling crystallisation, the
quantity E must be estimated, where, from a heat balance:

_qR1 =) + Cp(T = (A + e[l — ea(R — 1]

E
All —c3(R—1)]—gqRc;

(15.23)

In this equation, A is the latent heat of evaporation of the solvent (J/kg), g is the heat
of crystallisation of the product (J/kg), T; is the initial temperature of the solution (K),
T, is the final temperature of the solution (K) and C, is the specific heat capacity of the
solution (J/kg K).
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Example 15.3

What is the theoretical yield of crystals which may be obtained by cooling a solution containing
1000 kg of sodium sulphate (molecular mass = 142 kg/kmol) in 5000 kg water to 283 K? The
solubility of sodium sulphate at 283 K is 9 kg anhydrous salt/100 kg water and the deposited crystals
will consist of the deca-hydrate (molecular mass = 322 kg/kmotl). It may be assumed that 2 per cent
of the water will be lost by evaporation during cooling.

Solution

The ratio, R = (322/142) = 2.27

The initial concentration, ¢; = (1000/5000) = 0.2 kg Na,S0,/kg water
The solubility, c; = (9/100) = 0.09 kg Na,SO,/kg water

The initial mass of water, w; = 5000 kg and the water lost by evaporation,
E = (2/100) = 0.02 kg/kg

Thus, in equation 15.22:
yield, y = (5000 x 2.27)[0.2 — 0.09(1 — 0.02)]/(1 — 0.09(2.27 — 1)}
= 1432 kg Na,S0,.10H,0

Example 15.4

What is the yield of sodium acetate crystals (CH;COONa.3H,0) obtainable from a vacuum
crystalliser operating at 1.33 kN/m? when it is supplied with 0.56 kg/s of a 40 per cent agueous
solution of the salt at 353 K? The boiling point elevation of the solution is 11.5 deg K.

Data:
Heat of crystallisation, ¢ = 144 kJ/kg trihydrate
Heat capacity of the solution, C, = 3.5 kJ/kg deg K
Latent heat of water at 1,33 kN/m?, A = 2.46 MJ/kg
Boiling point of water at 1.33 kN/m? = 290.7 K
Solubility of sodium acetate at 290.7 K, ¢, = 0.539 kg/kg water.

Solution

Equilibrium liquor temperature = (290.7 + 11.5) = 302.2 K.
Initial concentration, ¢; = 40/(100 — 40) = 0.667 kg/kg water
Final concentration, ¢, = 0.539 kg/kg water

Ratio of molecular masses, R = (136/82) = 1.66

Thus, in equation 15.23:

E = {144 x 1.66(0.667 — 0.539) + 3.5(353 — 302.2)(1 4+ 0.667)[1 — 0.539(1.66 — 1)1}/
{2460[1 — 0.539(1.66 — 1)] — (144 x 1.66 x 0.539)}
= 0.153 kg/kg water originally present.
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The yield is then given by equation 15.22 as:

y = (0.56(100 — 40)/100)1.66[0.667 — 0.539(1 — 0.153))/[1 — 0.539(1.66 — 1)]
=0.183 kg/s

15.2.6. Caking of crystals

Crystalline materials frequently cake or cement together on storage and crystal size, shape,
moisture content, and storage conditions can all contribute to the caking tendency. In
general, caking is caused by a dampening of the crystal surfaces in storage because of
inefficient drying or an increase in atmospheric humidity above some critical value that
depends on both substance and temperature. The presence of a hygroscopic trace impurity
in the crystals, can also greatly influence their tendency to absorb atmospheric moisture.
Moisture may also be released from inclusions if crystals fracture under storage conditions
and, if crystal surface moisture later evaporates, adjacent crystals become firmly joined
together with a cement of re-crystallised solute. Caking may be minimised by efficient
drying, packaging in airtight containers, and avoiding compaction on storage. In addition,
crystals may be coated with an inert dust that acts as a moisture barrier. Small crystals are
more prone to cake than large crystals because of the greater number of contact points per
unit mass, although actual size is less important than size distribution and shape and the
narrower the size distribution and the more granular the shape, the lower is the tendency
of crystals to cake. Crystal size distribution can be controlled by adjusting operating condi-
tions in a crystalliser and crystal shape may be influenced by the use of habit modifiers.
A comprehensive account of the inhibition of caking by trace additives has been given by
Proenix©®D,

15.2.7. Washing of crystals

The product from a crystalliser must be subjected to efficient solid—liquid separation in order
to remove mother liquor and, whilst centrifugal filtration can reduce the liquor content of
granular crystals to 5—10 per cent, small irregular crystals may retain more than 50 per cent.
After filtration, the product is usually washed to reduce the amount of liquor retained still
further and, where the crystals are very soluble in the liquor, another liquid in which the
substance is relatively insoluble is used for the washing, although this two-solvent method
means that a solvent recovery unit is required. When simple washing is inadequate, two
stages may be required for the removal of mother liquor with the crystals removed from the
filter, re-dispersed in wash liquor and filtered again. This may cause a loss of yield although
this is much less than the loss after a complete re-crystallisation.

If, for simplicity, it is assumed that the soluble impurity is in solution and that solution
concentrations are constant throughout the dispersion vessel, then wash liquor requirements
for decantation washing may be estimated as follows,

If, in batch operation, c;, and ¢;, denote the impurity concentrations in the crystalline
material (kg impurity/kg product) initially and after washing stage n respectively, and F
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is the fraction of liquid removed at each decantation, then a mass balance gives:
Cin = Cio(1 — F)' (15.24)
or: In(cin/cio) =nln(l — F) (15.25)
For continuous operation, where fresh wash-liquid enters the vessel continuously and liquor

is withdrawn through a filter screen, then a mass balance gives:

Vo dc = —c; dVyw (15.26)
or: In(cin/Cio) = —Vw/ VL (15.27)

where ¢;, and ¢;, are the initial and final concentrations and V; and Vy are the volumes
of liquor in the vessel and of the wash-water respectively. Combining equations 15.25 and
15.27:

nln(l — F) = —Vw/V, (15.28)

1 v, 1—F
: w2 =f 15.29
or nF V, "TF (15.29)

As MuLLiN® points out, this equation can be used for comparing batch and continuous
processing since Vy and n F'V; represent the wash liquor requirements for both cases.

15.3. CRYSTALLISATION FROM SOLUTIONS

Solution crystallisers are usually classified according to the method by which supersatu-
ration is achieved, that is by cooling, evaporation, vacuum, reaction and salting out. The
term controlled denotes supersaturation control whilst classifying refers to classification of
product size.

15.3.1. Cooling crystallisers
Non-agitated vessels

The simplest type of cooling crystalliser is an unstirred tank in which a hot feedstock
solution is charged to an open vessel and allowed to cool, often for several days, by natural
convection. Metallic rods may be suspended in the solution so that large crystals can grow
on them thereby reducing the amount of product that sinks to the bottom of the unit. The
product is usually removed manually. Because cooling is slow, large interlocked crystals
are usually produced. These retain mother liquor and thus the dried crystals are generally
impure. Because of the uncontrolled nature of the process, product crystals range from a
fine dust to large agglomerates. Labour costs are high, but the method is economical for
small batches since capital, operating, and maintenance costs are low, although productivity
is low and space requirements are high.

Agitated vessels

Installation of an agitator in an open-tank crystalliser gives smaller and more uniform
crystals and reduces batch times. Because less liquor is retained by the crystals after filtration
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and more efficient washing is possible, the final product has a higher purity. Water jackets
are usually preferred to coils for cooling because the latter often become encrusted with
crystals and the inner surfaces of the crystalliser should be smooth and flat to minimise
encrustation. Operating costs of agitated coolers are higher than for simple tanks and,
although the productivity is higher, product handling costs are still high. Tank crystallisers
vary from shallow pans to large cylindrical tanks.

The typical agitated cooling crystalliser, shown in Figure 15.14a, has an upper conical
section which reduces the upward velocity of liquor and prevents the crystalline product
from being swept out with the spent liquor. An agitator, located in the lower region of a
draught tube circulates the crystal sturry through the growth zone of the crystalliser; cooling
surfaces may be provided if required. External circulation, as shown in Figure 15.145,
allows good mixing inside the unit and promotes high rates of heat transfer between liquor
and coolant, and an internal agitator may be installed in the crystallisation tank if required.
Because the liquor velocity in the tubes is high, low temperature differences are usually
adequate, and encrustation on heat transfer surfaces is reduced considerably. Batch or
continuous operation may be employed.

Spent
liquor ' Calming section

Growth zone

Draught tube

Product
crystals

(a) Internal circulation through a draught tube

| <>
Coolant
]
/
Product Feed
crystals

(b) External circulation through a heat exchanger

Figure 15.14. Cooling crystallisers
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Scraped-surface crystallisers

The Swenson-Walker scraped-surface unit, which is used for processing inorganic salts
that have a high temperature solubility coefficient with water, is a shallow semi-cylindrical
trough, about 600 mm wide and 3—12 m long, fitted with a water-cooled jacket. A helical
scraper rotating at 0.8—1.6 Hz, keeps the cooling surfaces clean and enhances growth of
crystals by moving them through the solution which flows down the sloping trough. Several
units may be connected in series and the capacity is determined by the heat transfer rate
which should exceed 60 kW! for economic operation, with heat transfer coefficients in the
range 50— 150 W/m? deg K. High coefficients and hence high production rates are obtained
with double-pipe, scraped-surface units such as Votator and Armstrong crystallisers in
which spring-loaded internal agitators scrape the heat transfer surfaces. With turbulent flow
in the tube, coefficients of 50~700 W/m? deg K are achieved. Such units range from 75 to
600 mm in diameter and 0.3 to 3 m long. They are used mainly for processing fats, waxes
and other organic melts, as outlined in Section 15.4, although the processing of inorganic
solutions such as sodium sulphate from viscose spin-bath liquors, has been reported by
ARMSTRONG 2,

Example 15.5

A solution containing 23 per cent by mass of sodium phosphate is cooled from 313 to 298 K in a
Swenson-Walker crystalliser to form crystals of Na;PO,4.12H,0. The solubility of NazPQO, at 298 K
is 15.5 kg/100 kg water, and the required product rate of crystals is 0.063 kg/s. The mean heat
capacity of the solution is 3.2 kJ/kg deg K and the heat of crystallisation is 146.5 kJ/kg. If cooling
water enters and leaves at 288 and 293 K, respectively, and the overall coefficient of heat transfer
is 140 W/m? deg K, what length of crystalliser is required?

Solution

The molecular mass of hydrate/molecular mass of anhydrate, R = (380/164) = 2.32
It will be assumed that the evaporation is negligible and that E = 0.
The initial concentration, ¢; = 0.23 kg/kg solution or 0.23/(1 — 0.23) = 0.30 kg/kg water
The final concentration, ¢, = 15.5 kg/kg water or 0.155 kg/kg water
In 1 kg of the initial feed solution, there is 0.23 kg salt and 0.77 kg water and hence w; = 0.77 kg
The yield is given by equation 15.22:

y =232 x 0.77{0.30 — 0.155(1 — 0)]/[1 — 0.155(2.32 — 1)]

=0.33 kg

In order to produce 0.063 kg/s of crystals, the required feed is:
= (1 x 0.063/0.33) = 0.193 kg/s

The heat required to cool the solution = 0.193 x 3.2(313 — 298) = 9.3 kW
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Heat of crystallisation = (0.063 x 146.5) = 9.2 kW, a total of (9.3 +9.2) = 18.5 kW
Assuming countercurrent flow, AT; = (313 —293) =20degK
AT, = (298 — 288) = 10 deg K
and the logarithmic mean, AT, = (20 — 10)/1n(20/10) = 14.4 deg K

The heat transfer area required, A’ = Q/UAT,, = 18.5/(0.14 x 14.4) =92 m?

Assuming that the area available is, typically, 1 m?/m length, the length of exchanger required =
9.2 m. In practice 3 lengths, each of 3 m length would be specified.

Direct-contact cooling

The occurrence of crystal encrustation in conventional heat exchangers can be avoided
by using direct-contact cooling (DCC) in which supersaturation is achieved by allowing
the process liquor to come into contact with a cold heat-transfer medium. Other potential
advantages of DCC include better heat transfer and lower cooling loads, although disad-
vantages include product contamination from the coolant and the cost of extra processing
required to recover the coolant for further use. Since a solid, liquid, or gaseous coolant can
be used with transfer of sensible or latent heat, the coolant may or may not boil during the
operation, and it can be either miscible or immiscible with the process liquor, several types
of DCC crystallisation are possible:

(a) immiscible, boiling, solid or liquid coolant where heat is removed mainly by transfer
of latent heat of sublimation or vaporisation;

(b) immiscible, non-boiling, solid, liquid, or gaseous coolant with mainly sensible heat
transfer;

(c) miscible, boiling, liquid coolant with mainly latent heat transfer; and

(d) miscible, non-boiling, liquid coolant with mainly sensible heat transfer.

Crystallisation processes employing DCC have been used successfully in the de-waxing
of lubricating 0ils®?, the desalination of water®, and the production of inorganic salts
from aqueous solution®®,

15.3.2. Evaporating crystallisers

If the solubility of a solute in a solvent is not appreciably decreased by lowering the temper-
ature, the appropriate degree of solution supersaturation can be achieved by evaporating
some of the solvent and the oldest and simplest technique, the use of solar energy, is
still employed commercially throughout the world®®, Common salt is produced widely
from brine in steam-heated evaporators, multiple-effect evaporator-crystallisers are used in
sugar refining and many types of forced-circulation evaporating crystallisers are in large-
scale use®40:67 Evaporating crystallisers are usually operated under reduced pressure to
aid solvent removal, minimise heat consumption, or decrease the operating temperature of
the solution, and these are described as reduced-pressure evaporating crystallisers.
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15.3.3. Vacuum (adiabatic cooling) crystallisers

A vacuum crystalliser operates on a slightly different principle from the reduced-pressure
unit since supersaturation is achieved by simultaneous evaporation and adiabatic cooling
of the feedstock. A hot, saturated solution is fed into an insulated vessel maintained under
reduced pressure. If the feed liquor temperature is higher than the boiling point of the
solution under the low pressure existing in the vessel, the liquor cools adiabatically to this
temperature and the sensible heat and any heat of crystallisation liberated by the solution
evaporate solvent and concentrate the solution.

15.3.4. Continuous crystallisers

The majority of continuously operated crystallisers are of three basic types: forced-
circulation, fluidised-bed and draft-tube agitated units.

Forced-circulation crystallisers

A Swenson forced-circulation crystalliser operating at reduced pressure is shown in
Figure 15.15. A high recirculation rate through the external heat exchanger is used to
provide good heat transfer with minimal encrustation. The crystal magma is circulated from
the lower conical section of the evaporator body, through the vertical tubular heat exchanger,
and reintroduced tangentially into the evaporator below the liquor level to create a swirling
action and prevent flashing. Feed-stock enters on the pump inlet side of the circulation
system and product crystal magma is removed below the conical section.

T —
Vapour - Evaporator
Steam —
Heat Product
exchanger crystals

Condensate +—-

— Feed

Figure 15.15. Forced-circulation Swenson crystalliser
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Fluidised-bed crystallisers

In an Oslo fluidised-bed crystalliser, a bed of crystals is suspended in the vessel by the
upward flow of supersaturated liquor in the annular region surrounding a central downcomer,
as shown in Figure 15.16. Although originally designed as classifying crystallisers,
fluidised-bed Oslo units are frequently operated in a mixed-suspension mode to improve
productivity, although this reduces product crystal size®®. With the classifying mode of
operation, hot, concentrated feed solution is fed into the vessel at a point directly above the
inlet to the circulation pipe. Saturated solution from the upper regions of the crystalliser,
together with the small amount of feedstock, is circulated through the tubes of the heat
exchanger and cooled by forced circulation of water or brine. In this way, the solution
becomes supersaturated although care must be taken to avoid spontaneous nucleation.
Product crystal magma is removed from the lower regions of the vessel.

Downpipe
Product 9
crystals o Feed
L — Coolant
Fines —-—
removal . —

Heat exchanger

Pump

Figure 15.16. Oslo cooling crystalliser

Draught-tube agitated vacuum crystallisers

A Swenson draught-tube-baffled (DTB) vacuum unit is shown in Figure 15.17. A relatively
slow-speed propellor agitator is located in a draught tube that extends to a small distance
below the liquor level. Hot, concentrated feed-stock, enters at the base of the draught tube,
and the steady movement of magma and feed-stock to the surface of the liquor produces
a gentle, uniform boiling action over the whole cross-sectional area of the crystalliser.
The degree of supercooling thus produced is less than 1 deg K and, in the absence of
violent vapour flashing, both excessive nucleation and salt build-up on the inner walls
are minimised. The internal baffie forms an annular space free of agitation and provides a
settling zone for regulating the magma density and controlling the removal of excess nuclei.
An integral elutriating leg may be installed below the crystallisation zone to effect some
degree of product classification.

The Standard-Messo turbulence crystalliser, Figure 15.18, is a draught-tube vacuum
unit in which two liquor flow circuits are created by concentric pipes: an outer ejector
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Figure 15.17. Swenson draught-tube-baffled (DTB) crystalliser
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Figure 15.18. Standard-Messo turbulence crystalliser
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tube with a circumferential slot, and an inner guide tube in which circulation is effected by
a variable-speed agitator. The principle of the Oslo crystalliser is utilised in the growth zone,
partial classification occurs in the lower regions, and fine crystals segregate in the upper
regions. The primary circuit is created by a fast upward flow of liquor in the guide tube
and a downward flow in the annulus. In this way, liquor is drawn through the slot between
the ejector tube and the baffle, and a secondary flow circuit is formed in the lower region
of the vessel. Feedstock is introduced into the draught tube and passes into the vaporiser
section where flash evaporation takes place. In this way, nucleation occurs in this region,
and the nuclei are swept into the primary circuit. Mother liquor may be drawn off by way
of a control valve that provides a means of controlling crystal slurry density.

The Escher-Wyss Tsukishima double-propeller (DP) crystalliser, shown in Figure 15.19,
is essentially a draught-tube agitated crystalliser. The DP unit contains an annular baffled
zone and a double-propellor agitator which maintains a steady upward flow inside the
draught tube and a downward flow in the annular region, thus giving very stable suspension
characteristics.
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Figure 15.19. Escher-Wyss Tsukishima double-propeller (DP) crystalliser

15.3.5. Controlled crystallisation

Carefully selected seed crystals are sometimes added to a crystalliser to control the final
product crystal size. The rapid cooling of an unseeded solution is shown in Figure 15.20a
in which the solution cools at constant concentration until the limit of the metastable zone
is reached, where nucleation occurs. The temperature increases slightly due to the release
of latent heat of crystallisation, but on cooling more nucleation occurs. The temperature
and concentration subsequently fall and, in such a process, nucleation and growth cannot
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be controlled. The slow cooling of a seeded solution, in which temperature and solution
composition are controlled within the metastable zone throughout the cooling cycle, is
shown in Figure 15.20b. Crystal growth occurs at a controlled rate depositing only on the
added seeds and spontaneous nucleation is avoided because the system is never allowed to
become labile. Many large-scale crystallisers are operated on this batch operating method
that is known as controlled crystallisation.
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Figure 15.20. Effect of seeding on cooling crystallisation

If crystallisation occurs only on the added seeds, the mass m, of seeds of size d; that can
be added to a crystalliser depends on the required crystal yield y and the product crystal

size dp, as follows:
ms=y m (15.30)

The product crystal size from a batch crystalliser can also be controlled by adjusting the
rates of cooling or evaporation. Natural cooling, for example, produces a supersaturation
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peak in the early stages of the process when rapid, uncontrolled heavy nucleation inevitably
occurs, although nucleation can be controlled within acceptable limits by following a cooling
path that maintains a constant low level of supersaturation. As MuLLIN and Nyvit®® has
pointed out, the calculation of optimum cooling curves for different operating conditions
is complex, although the following simplified relationship is usually adequate for general
application:

T, = To — (To — Tp)(t/15)° (15.31)

where Tp, Ty, and T; are the temperatures at the beginning, end and any time ¢ during the
process, respectively, and #, is the overall batch time.

15.3.6. Batch and continuous crystallisation

Continuous, steady-state operation is not always the ideal mode for the operation of crystalli-
sation processes, and batch operation often offers considerable advantages such as simplicity
of equipment and reduced encrustation on heat-exchanger surfaces. Whilst only a batch
crystalliser can, in certain cases, produce the required crystal form, size distribution, or
purity, the operating costs can be significantly higher than those of a comparable continuous
unit, and problems of product variation from batch to batch may be encountered. The
particular attraction of a continuous crystalliser is its built-in flexibility for control of temper-
ature, supersaturation nucleation, crystal growth, and other parameters that influence the
size distribution of the crystals. The product slurry may have to be passed to a holding tank,
however, to allow equilibrium between the crystals and the mother liquor to be reached
if unwanted deposition in the following pipelines and effluent tanks is to be avoided. One
important advantage of batch operation, especially in the pharmaceutical industry, is that
the crystalliser can be cleaned thoroughly at the end of each batch, thus preventing contam-
ination of the next charge with any undesirable products that might have been formed as
a result of transformations, rehydration, dehydration, air oxidation and so on during the
batch cycle. In continuous crystallisation systems, undesired self-seeding may occur after
a certain operating time, necessitating frequent shutdowns and washouts.

Semi-continuous crystallisation processes which often combine the best features of both
batch and continuous operation are described by NyvLt®», RanpoLpa®”, RoBINsON and
RoBerts? and ABBEG and BaLakrisunaM’D, It may be possible to use a series of tanks
which can then be operated as individual units or in cascade. MuLLIN® suggests that for
production rates in excess of 0.02 kg/s (70 kg/h) or liquor feeds in excess of 0.005 m3/s,
continuous operation is preferable although sugar may be produced batch-wise at around
0.25 kg/s (900 kg/h) per crystalliser.

15.3.7. Crystalliser selection

The temperature—solubility relationship for solute and solvent is of prime importance in
the selection of a crystalliser and, for solutions that yield appreciable amounts of crystals
on cooling, either a simple cooling or a vacuum cooling unit is appropriate. An evaporating
crystalliser would be used for solutions that change little in composition on cooling and
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salting-out would be used in certain cases. The shape, size and size distribution of the product
is also an important factor and for large uniform crystals, a controlled suspension unit
fitted with suitable traps for fines, permitting the discharge of a partially classified product,
would be suitable. This simplifies washing and drying operations and screening of the
final product may not be necessary. Simple cooling-crystallisers are relatively inexpensive,
though the initial cost of a mechanical unit is fairly high although no costly vacuum or
condensing equipment is required. Heavy crystal slurries can be handled in cooling units
without liquor circulation, though cooling surfaces can become coated with crystals thus
reducing the heat transfer efficiency. Vacuum crystallisers with no cooling surfaces do
not have this disadvantage but they cannot be used when the liquor has a high boiling
point elevation. In terms of space, both vacuum and evaporating units usually require a
considerable height.

Once a particular class of unit has been decided upon, the choice of a specific unit depends
on initial and operating costs, the space available, the type and size of the product, the charac-
teristics of the feed liquor, the need for corrosion resistance and so on. Particular attention
must be paid to liquor mixing zones since the circulation loop includes many regions
where flow streams of different temperature and composition mix. These are all points
at which temporary high supersaturations may occur causing heavy nucleation and hence
encrustation, poor performance and operating instabilities. As ToussamT and DoNDERs(7?
stresses, it is essential that the compositions and enthalpies of mixer streams are always
such that, at equilibrium, only one phase exists under the local conditions of temperature
and pressure.

15.3.8. Crystalliser modelling and design

Population balance

Growth and nucleation interact in a crystalliser in which both contribute to the final
crystal size distribution (CSD) of the product. The importance of the population balance®®”
is widely acknowledged. This is most easily appreciated by reference to the simple,
idealised case of a mixed-suspension, mixed-product removal (MSMPR) crystalliser
operated continuously in the steady state, where no crystals are present in the feed stream,
all crystals are of the same shape, no crystals break down by attrition, and crystal growth
rate is independent of crystal size. The crystal size distribution for steady state operation in
terms of crystal size d and population density n’ (number of crystals per unit size per unit
volume of the system), derived directly from the population balance over the system®” is:

n' =n’exp(—d/Gqut,) (15.32)

where n° is the population density of nuclei and ¢, is the residence time. Rates of nucleation
B and growth G4 (= dd/dr) are conventionally written in terms of supersaturation as:

B =kAc (15.33)
and: Gy =k A’ (15.34)
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These empirical expressions may be combined to give:

B = k3G’ (15.35)
where: i=0>b/s and k3 = kl/k{, (15.36)

where b and s are the kinetic orders of nucleation and growth, respectively, and i is the
relative kinetic order. The relationship between nucleation and growth may be expressed as:

B=n"Gy (15.37)
or: n° = ksG, 1 (15.38)

In this way, experimental measurement of crystal size distribution, recorded on a number
basis, in a steady-state MSMPR crystalliser can be used to quantify nucleation and growth
rates. A plot of log n against d should give a straight line of slope —(Gg4t,)~! with an
intercept at d = 0 equal to n° and, if the residence time ¢, is known, the crystal growth rate
G, can be calculated. Similarly, a plot of log n° against log G4 should give a straight line
of slope (i — 1) and, if the order of the growth process s is known, the order of nucleation
b may be calculated. Such plots are shown in Figure 15.21.

Slope =
-Gt

Crystal population density, log n

Crystal size, d
(a) Crystal size distribution

Slope = i-1

Nuclei population density, log n°

Growth rate, log Gy
(b} Nucleation and growth kinetics

Figure 15.21. Population plots for a continuous mixed-suspension mixed-product removal (MSMPR)
crystalliser
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The mass of crystals per unit volume of the system, the so-called magma density, p,, is
given by:
Pm = 6apn’ (G yt,)* (15.39)

where « is the volume shape factor defined by o = volume/d> and p is the crystal density.
The peak of the mass distribution, the dominant size dp of the CSD, is given by

MuLLin® as;
dp =3 Ggat, (15.40)

and this can be related to the crystallisation kinetics by:
dp o t0=D/E+Y (15.41)

This interesting relationship®” enables the effect of changes in residence time to be
evaluated. For example, if i = 3, a typical value for many inorganic salt systems, a doubling
of the residence time would increase the dominant product crystal size by only 26 per cent.
This could be achieved either by doubling the volume of the crystalliser or by halving the
volumetric feed rate, and hence the production rate. Thus, residence time adjustment is
usually not a very effective means of controlling product crystal size.

CSD modelling based on population balance considerations may be applied to crystalliser
configurations other than MSMPREG? and this has become a distinct, self-contained branch
of reaction engineering(%6:3%-60.73),

Example 15.6

An MSMPR crystalliser operates with a steady nucleation rate of n° = 103/m*, a growth rate,
G, = 107® m/s and a mixed-product removal rate, based on clear liquor of 0.00017 m%/s. The
volume of the vessel, again based on clear liquor, is 4 m?, the crystal density is 2660 kg/m® and the
volumetric shape factor is 0.7. Determine:

(a) the solids content in the crystalliser

(b) the crystal production rate

(c) the percent of nuclei removed in the discharge by the time they have grown to 100 um.

(d) the liquor flowrate which passes through a trap which removes 90 per cent of the original
nuclei by the time they have grown to 100 pm

Solution
Draw-down time = (4/0.00017) = 23530 s
(a) From a mass balance, the total mass of solids is:
¢s = 6apn’(G4t,)* (equation 15.39)
= (6 x 0.6 x 2660 x 10'*)(107* x 23530)*
= 343 kg/m’

(b) The production rate = (343 x 0.00017) = 0.058 kg/s (200 kg/h)
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(c) The crystal population decreases exponentially with size or:
n/n° = exp(—L/Gat,) (equation 15.32)
= exp[(—100 x 107%)/(1078 x 23530)]
= (.66 or 66 per cent

Thus: (100 — 66) = 34 per cent have been discharged by the time they reach 100 wm.

(d) If (100 — 90) = 10 per cent of the nuclei remain and grow to >100 pm, then in equation 15.32:

(1/0.10) = exp[(—100 x 107%)/(107%1,)]

and: t, =4343 s

Thus: 4343 = 4/(0.00017 + Q)

and: Qr = 0.00075 m®/s (2.68 m®/h)
Design procedures

MuLLiN® has given details of a procedure for the design of classifying crystallisers in which
the calculation steps are as follows.

(a) The maximum allowable supersaturation is obtained and hence the working
saturation, noting that this is usually about 30 per cent of the maximum.

(b) The solution circulation rate is obtained from a materials balance.

(c) The maximum linear growth-rate is obtained based on the supersaturation in the
lowest layer which contains the product crystals and assuming that (8/«