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1.1 GENERAL OVERVIEW OF TECHNOLOGIES
Membrane technology has become a strong competitor of conventional separation

processes. Membranes have experienced a dramatic increase in applications in

the last years and it seems that they are ready to conquer the world. Membranes

have been proposed for environmental purposes to clean gas or liquid waste streams,

or because of economic reasons, normally related to the reduction of energy con-

sumption that using membranes involve instead of other conventional separation

systems, such as the multiple variations of distillation. Key membrane processes that
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are considered in this book are pressure-driven membrane processes, pervaporation,

gas permeation, supported liquid membranes, membrane contactors, membrane

bioreactors, and electro-driven processes. Each of them is characterized by a typical

kind of membrane (dense or porous), present fluid phases (gas-gas, liquid-liquid,

gas-liquid, or liquid-gas), and a specific driving force (concentration, temperature,

pressure). Table 1.1 presents a brief description of eachmembrane process with some

key characteristics.

In spite of the differences in operation and application of those technologies, it

is possible to make a general classification based on the selective or nonselective

character of the membrane. Thereby, two main approaches can be considered

(Luis and Van der Bruggen, 2013): (i) when the membrane acts as a selective barrier

determining which compound will permeate faster through the membrane, and

(ii) when the membrane does not give selectivity to the separation since it is only

a physical barrier that separates two fluid phases (a gas and a liquid phase, or two

immiscible liquid phases). The first situation happens typically when dense mem-

branes or when porous membranes in which there is a mechanism of size exclusion

are used. This is the case of most of the cited membrane processes except frommem-

brane contactors. Membrane contactors present the characteristic of using a porous

membrane that gives absolutely no selectivity to the separation. This means, for

example, that if we use membrane distillation (in which membrane contactors are

applied) to separate an azeotropic mixture, the feed mixture will be never separated

because the azeotropic vapor phase will traverse the membrane pores without any

separation. The azeotrope will be collected in the permeate.

The evaluation of membrane processes is experimentally based on the determi-

nation of the mass transfer through the membrane and the degree of separation. The

former is normally expressed in terms of transmembrane flux, and the latter as a

separation factor. The flux and the separation factor are characteristics that deter-

mine the process performance, which is key information to decide if a process is

economically viable or not since the membrane area is determined by the flux and

the separation efficiency. However, in membrane science, we are interested in the

membrane performance, this is, what the effect of the membrane is. This is not evi-

dent in a process in which several factors are participating in the separation, such as

differences in concentration, temperature, or pressure (driving force). An example

is the separation of liquid mixtures with pervaporation. Commonly, the higher

the temperature, the higher the flux. However, we should not say that the membrane

performance is better at higher temperatures by checking only the flux. It may

happen that the permeability is lower at high temperature. This situation may be

due to the increase of the vapor pressure of the permeating compound, thus increas-

ing the driving force. It is thus mandatory to remove the effect of the driving

force from the calculations in order to determine the permeability of the pervapora-

tion membrane and hence, the membrane performance. In this book, membrane

performance and process performance are distinguished for each membrane tech-

nology, and modeling of membrane processes is proposed considering the kind of

membranes used.
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Table 1.1 Summary of membrane processes described in this book

Membrane
process

Membrane
structure

Present
fluid
phases Driving force Basic description

Disposition
in this book

Microfiltration Porous Liquid-
liquid

Pressure
gradient

Pressure-driven membrane process in
which membranes are used in the
micrometer range, down to c. 0.1μm. It
require pressures typically below 1bar

Chapter 2

Ultrafiltration Porous Liquid-
liquid

Pressure
gradient

Pressure-driven membrane process in
which membranes are used in the
nanometer range (2nm to 100nm); working
pressures in the range of 1–6bar

Chapter 2

Nanofiltration Nanoporous Liquid-
liquid

Pressure
gradient

Pressure-driven membrane process in
which membranes have a pore size of 1nm
and below; operational pressures are
5–15bar

Chapter 2

Reverse osmosis Dense Liquid-
liquid

Pressure
gradient

Pressure-driven membrane process in
which membranes are dense and may
operate at pressures of 20bar or even
below, in the absence of osmotic pressure.
Pressures of 40–60bar are needed in
seawater desalination. Higher pressures go
up to 100bar in high pressure reverse
osmosis

Chapter 2

Forward osmosis Dense Liquid-
liquid

Osmotic
pressure
gradient

Membrane process that relies on osmotic
pressure rather than on an applied
pressure. Typical pressures are those used
in reverse osmosis for desalination, since
forward osmosis membranes are also
dense

Chapter 2

Pervaporation Dense/
porous

Liquid-
vapor

Partial pressure
gradient

Membrane process in which selective
permeation of components from a liquid
mixture takes place through a dense
membrane. Porous membranes are also
possible but less common. Vacuum is
applied in the permeate side in order to
increase the driving force. The permeate is a
vapor to be condensed

Chapter 3

Continued
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Table 1.1 Summary of membrane processes described in this book —cont’d

Membrane
process

Membrane
structure

Present
fluid
phases Driving force Basic description

Disposition
in this book

Gas permeation Dense/
porous

Gas-gas Partial pressure
gradient

A gas mixture is separated by the selective
transport of components through a dense
or porous membrane. Pressure is required
in the feed side to increase the driving force
of the system

Chapter 4

Supported liquid
membranes

Supported
liquid in a
porous
membrane

Gas-gas
or liquid-
liquid or
liquid-gas

Concentration
(or partial
pressure)
gradient

Membrane process in which the pores of a
porous membrane are filled with a liquid.
Applications have been proposed to
separate mixtures of gases or liquids

Chapter 4

Membrane
contactors

porous Liquid-
liquid or
gas-liquid

Concentration
(or partial
pressure)/
temperature
gradient

Membrane process that uses a porous
membrane as a barrier to separate two fluid
phases (gas–liquid or two immiscible
liquids). The membrane gives no selectivity
to the separation. The liquid in the permeate
side has to provide the required selectivity

Chapter 5

Membrane
bioreactors
(micro- and
ultrafiltration
membranes)

porous Liquid-
liquid

Pressure
gradient

Membrane process that combines
microfiltration or ultrafiltration with a
biological wastewater treatment process
(activated sludge process). Typically used
for treatment of municipal and industrial
wastewater

Chapter 6

Electromembrane
processes

Ion-
exchange
dense
membranes

Liquid-
liquid

Electrical
gradient

Membrane process that uses ion-exchange
membranes (a stack of alternating anion
exchange membranes and cation
exchange membranes) and an electrical
potential as a driving force. Typically applied
in nonselective removal of salt from brackish
water

Chapter 7
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1.2 KIND OF MEMBRANES AND THE IMPLICATIONS IN
MODELING
Membranes can be made from many different materials. In general, two main groups

can be defined: organic (polymeric) and inorganic (ceramic, glass, zeolite, carbon

based, metallic) membranes. The choice of material is limited by the operation

conditions of the process. For example, very hard environments such as those at high

temperature and/or with presence of organic solvents limit significantly the use of

polymeric materials. Application of polymer membranes is often limited to temper-

atures below 200°C and to mixtures that are chemically inert. Operation at high

temperatures and with chemically active mixtures requires membranes made of

inorganic materials, such as microporous ceramics, metals, and carbon; and dense

metals, such as palladium, that allow the selective diffusion of small molecules

(e.g., hydrogen and helium) (Seader et al., 2013). In addition, the membrane material

will determine the membrane structure, which will have a direct impact on the mem-

brane performance. The use of selective or nonselective membranes (i.e.,membrane

contactors) is also an important aspect to take into account. In membrane contactors

or microfiltration/ultrafiltration processes, the membrane material needs to provide

a porous structure as well as chemical and mechanical resistance toward the feed

mixture, temperature, and pressure applied to the system. On the other hand, for

selective membranes (porous or dense membranes), the choice of the material

directly affects the membrane permeability and selectivity. The type of material

and structure will also determine the kind of mass transport through the membrane

(solution, diffusion, Knudsen diffusion, convection, etc.) and therefore the mathe-

matical model to be applied to describe the mass transfer (solution-diffusion model,

pore-flow model, etc.).

1.2.1 POLYMERIC MEMBRANES
Polymericmembranes canbemadeof different kind of polymers. Polymers composed

of linear-chain polymers soften with an increase in temperature and are soluble in

organic solvents. These polymers are called thermoplastics. On the other hand, poly-

mers composed of highly cross-linked chains decompose at high temperature and are

not soluble inorganic solvents. They are referred to as thermosettingpolymers (Seader

et al., 2013). In addition, polymers can be amorphous or crystalline. Amorphous

polymers refer to a polymer that is glassy in appearance but lacks crystalline structure.

A crystalline polymer is opaque but has a crystalline structure. When the temperature

of a glassy polymer is increased so that it becomes rubbery, the glass transition tem-

perature, Tg, is reached. If the temperature of a crystalline polymer is increased until

melting, the melting point, Tm, is reached. On the other hand, thermosetting polymers

nevermelt.Most polymers have a certain degree of crystallinity that varies from5% to

90%, having both amorphous and crystalline regions. Then, theymayhavebothTg and
Tm (Seader et al., 2013). Table 1.2 lists repeat units and values of glass transition

51.2 Kind of membranes and the implications in modeling



Table 1.2 Main polymeric materials used in membranes (Seader et al., 2013)

Polymer Type Representative repeat unit Tg, °C Tm, °C

Cellulose triacetate Crystalline 300

Polyisoprene (natural rubber) Rubbery �70

Aromatic polyamide Crystalline 275

Polycarbonate Glassy 150

Polyimide Glassy 310–365

Polystyrene Glassy 74–110

Polysulfone Glassy 190

Polytetrafluoroethylene (Teflon) Crystalline 327

Tg, glass transition temperature; Tm, melting temperature.
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temperature (Tg) and/or melting temperature (Tm) for some of the many natural

and synthetic polymers from which membranes have been fabricated. Included are

crystalline, glassy, and rubbery polymers (Seader et al., 2013).

Polymermembranes can be dense ormicroporous. In densemembranes, diffusing

species must dissolve into the polymer and then diffuse through the polymer between

segments of macromolecular chains (Seader et al., 2013). Diffusion will occur almost

exclusively through amorphous regions. The presence of crystalline regions will

decrease the diffusion area and increase the diffusionpath (Seader et al., 2013). Porous

membranes are applied inmicrofiltration and ultrafiltration, for example, while dense

membranes are applied in gas separation and pervaporation among others.

1.2.2 INORGANIC MEMBRANES
Four different types of inorganicmaterials are frequently used: ceramicmembranes,

glassmembranes, zeolitemembranes,metallicmembranes, and carbon-basedmem-

branes (Mulder, 1998). Ceramic membranes are formed by the combination of

a metal (e.g., aluminum, titanium, silicium, zirconium) with a nonmetal in the form

of an oxide, nitride, or carbide. Examples are aluminum oxide or alumina (γ-Al2O3),

and zirconium oxide or zirconia (ZrO2). Ceramicmembranes are themost used inor-

ganic membranes and are characterized by a very high thermal, chemical, and

mechanical stability. The melting points of ceramics are very high (Al2O3:

Tm¼2050°C; ZrO2: Tm¼2770°C; TiO2: Tm¼1605°C; SiC: Tm¼2500°C) (Wyatt

and Dew-Hughes, 1974), hence, these membranes are very interesting for gas

separation at high temperature. In addition, ceramic membranes present very high

chemical stability since they can operate at any pH and with any organic solvent,

which is important in applications in which chemical cleaning is required, such as

ultrafiltration and microfiltration, or when organic solvents may be present, such

as in membrane-based liquid extraction or pervaporation. Finally, mechanical sta-

bility is also high in ceramic membranes, which is of interest in processes working

under pressure, such as ultrafiltration and microfiltration.

Glass membranes are made of silicon oxide or silica (SiO2). Silica membranes

can be used in many applications such as gas separation and pervaporation. They

have good gas separation properties but may suffer from water sorption sensitivity

at room temperature due to the hydrophilic nature of the silica surface (de Vos and

Verweij, 1998; de Vos et al., 1999; Cheraitia et al., 2010), which can result in the

degradation of the membrane due to pore blocking. In order to improve the hydro-

thermal stability of silica membranes, several strategies have been proposed in the

literature, such as making the internal (pore) surfaces of the silica material more

hydrophobic (de Vos et al., 1999) or modifying the membrane by the incorporation

of carbon species (Park and Lee, 2003; Duke et al., 2004), inorganic additives such as

Al2O3, ZrO2, or TiO2 (Guizard et al., 2002), and also Mg/Al or Pt (Nijmeyer, 1999),

cobalt (Mori et al., 2006) and nickel.

Zeolites are crystalline microporous materials containing channels and cavities of

molecular dimensions. They are composed of tetrahedral building units of TO4

71.2 Kind of membranes and the implications in modeling



(T¼Si, Al, B, Ge, etc.), which are interconnected through oxygen atoms, forming a

one-, two-, or three-dimensional network. The framework exhibits a negative charge

that is compensated by a cation, either inorganic or organic (e.g., Na+, K+, Ca2+, or

H+) (Sommer et al., 2005). The cations reside in the pores of the framework. The pore

size of the zeolite channels is determined by the number of T atoms that form the

ring. Small-pore zeolites include those structures made up of eight-member oxygen

rings, medium-pore zeolites have 10-member rings, and large-pore zeolites have

12-member rings (Ockwig and Nenoff, 2007). Zeolite membranes combine pore size

and selectivity with high chemical, thermal, and mechanical stability. The separation

performance is determined by the effective pore size distribution when molecular

size exclusion sieving is the dominant mechanism and no other diffusion pathways

bypass the network of well-defined zeolitic pores/channels. Otherwise, viscous flow

through grain boundaries prevails. However, the existence of intercrystal pores with

sizes larger than the zeolitic pores is a major cause for decline in molecular separa-

tion efficiency (Ockwig and Nenoff, 2007). The disadvantages of using zeolite mem-

branes are their cost and complex fabrication procedure. Thin and compact zeolite

membranes should provide high flux and high selectivity. However, decreasing the

membrane thickness leads to an increase in membrane fragility. In order to overcome

this limitation, mixed matrix membranes (MMMs), which comprise polymeric and

inorganic membranes, present an interesting approach for enhancing the separation

performance (Feng et al., 2015).

Metallic membranes are typically dense sheets or films used in gas separation.

The fundamental mechanism of action in dense metallic membranes requires the

conduction of free electrons and the presence of specific catalytic surfaces to disso-

ciate the target compound (e.g., H2) on the raw feed stream side and reassociate the

protons and electrons on the product side (Ockwig and Nenoff, 2007). Metallic mem-

branes have been extensively proposed for the hydrogen separation since they pro-

vide very high selectivity due to their dense structure, which prevents the permeation

of large atoms and molecules such as CO, CO2, O2, N2, and so on, in addition, they

can operate at high operating temperatures. Typical metals are tantalum, niobium,

vanadium, platinum, and palladium. Metals are deposited as thin layers on various

supports (e.g., glasses, ceramics, or other metals) in order to increase the transmem-

brane flux and ensure a good mechanical strength, thermal stability, and reliability.

The metallic coating can be a thin metal layer (dense or porous) formed on the

surface and extraneous to the support, a thin metal layer formed on the walls within

a porous support, a microporous ceramic layer formed on the supporting layer by

finely distributing metal particles within the pores of the support, or a microporous

ceramic layer formed on the supporting layer by sintering metal-coated particles onto

the surface (Uemiya, 1999; Ockwig and Nenoff, 2007). Presence of defects, grain

boundaries, thermal dilatation, and lattice defects lead to variations in the membrane

performance due to the strong dominance of surface phenomena (Liu et al., 1997).

Carbon-based membranes can be produced from various precursor polymers,

which are converted to pure carbon by treatment at high temperature in an inert atmo-

sphere (carbonization) (Ismail et al., 2011). The most popular precursor for carbon
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membranes is currently polyimide,which contributes largely to the highmanufacturing

cost (Ockwig and Nenoff, 2007). Carbon-based membranes can be categorized into

three classes: carbon membranes, carbon molecular sieve membranes (CMSMs), and

carbonnanotubes (CNTs).Both the chemistry of thematerial and the fabrication/imple-

mentation (i.e.,module design)will determine the separation performance of each class

of material (Ockwig and Nenoff, 2007). For solid carbon-basedmembranes, pore-flow

mechanisms are often expected, but if the pores or channels are very small (�1nm in

size), conventional notions of pore flowmaynot apply.However, they suffer because of

their fragile mechanical nature and high cost. Carbon-based membranes are promising

for the separation of light gases (Ockwig and Nenoff, 2007) and they have been also

proposed forwastewater treatment (Al-anzi andSiang,2017).Recently, grapheneoxide

membranes and diamond-like carbon membranes have shown high flux to water and

organic solvents, respectively (Paul, 2012).

The membrane material is directly related to the membrane structure and to

possible interactions with the components to be separated. Thus it is an important

decision in the design of a separation process.

1.3 MASS TRANSFER IN LAMINAR AND TURBULENT FLOW
Generally, three main mechanisms of mass transfer are identified in a fluid (Seader,

2013): (i) molecular diffusion by random and spontaneous microscopic movement

of molecules due to thermal motion; (ii) eddy (turbulent) diffusion by random,

macroscopic fluid motion; and (iii) bulk flow by the overall movement of fluid. Mass

transfer will occur as the result of those three mechanisms and the molar flux of a

species can be considered as the sum of the contribution of each mechanism. Thus

if Ni is the molar flux of i with mole fraction xi (Seader, 2013):

Ni ¼molecular diffusion flux of i+ eddy diffusion flux of i+ xiN (1.1)

where N is the total molar flux in moles per unit time per unit are in a direction

perpendicular to a stationary plane across which mass transfer occurs, and xiN is

the bulk-flow flux. Each term can be positive or negative depending on the direction

of the flux, which may lead to situations in which the net mass transfer flux of a

species is zero (Ni¼0) when the molecular and eddy diffusion fluxes are in one

direction and N is in the opposite direction (molecular diffusion flux of i+eddy
diffusion flux of i¼xiN).

1.3.1 LAMINAR FLOW OR STAGNANT FLUID FILM
A system operating under laminar flow or when there is a stagnant fluid film, only

molecular diffusion and bulk flow need to be considered, with the latter often

negligible. The mass transfer rates can be calculated using Fick’s law of diffusion:

JA ¼�DAB
dcA
dz

(1.2a)

91.3 Mass transfer in laminar and turbulent flow



JB ¼�DBA
dcB
dz

(1.2b)

where JA and JB are the molar flux of A and B, respectively, by ordinary molecular

diffusion relative to the molar average velocity of the mixture in the z-direction; DAB

and DBA are the mutual diffusion coefficient or diffusivity of A in B and B in A,
respectively; cA and cB are the molar concentration of A and B, respectively; and
dcA
dz and dcB

dz are the concentration gradients (negative in the direction of diffusion)

of A and B, respectively. The fluxes of A and B are in opposite directions. Correla-

tions to calculate molecular diffusivities in gases, liquids, and porous solids can be

found in chapter 5 of Perry’s Chemical Engineers’ Handbook (Green and

Perry, 2007).

Then, Eq. (1.1) can be written as

NA ¼�DAB
dcA
dz

+ xAN¼�c �DAB
dxA
dz

+ xAN (1.3a)

and

NB ¼�DBA
dcB
dz

+ xBN¼�c �DBA
dxB
dz

+ xBN (1.3b)

where c is the total molar concentration, and xA and xB are the molar fractions of

A and B, respectively.
If equimolecular counterdiffusion (EMD) takes place, the molar fluxes are

equal but opposite in direction (NA¼ �NB):

N¼NA +NB ¼ 0 (1.4)

Thus from Eqs. (1.3a), (1.3b), the diffusion fluxes are also identical but opposite

in direction:

JA ¼�JB (1.5)

Finally, it is obtained that

NA ¼ JA ¼�c �DAB
dxA
dz

(1.6a)

and

NB ¼ JB ¼�c �DBA
dxB
dz

(1.6b)

Integrating these equations leads to:

JA ¼ c �DAB

z� z1
xA1

�xAð Þ (1.7a)

JB ¼ c �DBA

z� z1
xB1

�xBð Þ (1.7b)

which shows that the concentration profiles of a stagnant film are linear under

steady-state conditions (Fig. 1.1A).
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In addition, the total concentration (c¼cA+cB) does not change through the

film. Thus

dc¼ 0¼ dcA + dcB (1.8)

or

dcA ¼�dcB (1.9)

By combining Eqs. (1.2a), (1.2b), (1.5), (1.9), it is obtained that:

DAB

dz
¼DBA

dz
(1.10)

which indicates that diffusion coefficients are always equal in a binary mixture

(Seader, 2013):

DAB ¼DBA (1.11)

On the other hand, if unimolecular diffusion (UMD) occurs, only mass transfer

of component A is taking place. In this case, NB¼0, and N¼NA. Eq. (1.3a)

becomes:

NA ¼�c �DAB
dxA
dz

+ xANA (1.12)

which can be rearranged to:

NA ¼� c �DAB

1�xAð Þ
dxA
dz

¼�c �DAB

xB

dxA
dz

(1.13)

By integrating this equation, we obtain:

NA ¼ c �DAB

z� z1ð Þ ln
1�xA
1�xA1

� �
(1.14)

M
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FIG. 1.1

Concentration profiles for limiting cases of ordinary molecular diffusion in binary mixtures

across a stagnant film: (A) equimolar counterdiffusion (EMD); (B) unimolecular diffusion

(UMD).
Reprinted with permission from Seader (2013).
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And the variation of mole fraction with the distance is given by (see Fig. 1.1B):

xA ¼ 1� 1�xA1ð Þexp NA z� z1ð Þ
c �DAB

� �
(1.15)

Eq. (1.14) can be also written considering log mean concentrations and z¼ z2 (end of
the stagnant film):

NA ¼ c �DAB

z2� z1
ln

1�xA2
1�xA1

� �
¼ c �DAB

z2� z1

xA1�xA2ð Þ
1�xAð ÞLM

(1.16)

with

1�xAð ÞLM ¼ 1�xA2ð Þ� 1�xA1ð Þ
ln 1�xA2ð Þ= 1�xA1ð Þ½ � ¼

xA1�xA2
ln 1�xA2ð Þ= 1�xA1ð Þ½ � (1.17)

1.3.2 TURBULENT FLOW
Turbulent flow is very common in industrial process due to high flow rates. In those

cases, eddy diffusion should be considered. Eddies of fluid will mix with each other

by moving from one region to another in fluctuating motion (Seader, 2013). Mass

transfer can take place by molecular diffusion (slow), turbulent or eddy diffusion

(rapid), and bulk flow, although the latter may not be significant. The mass transfer

rate is then calculated from empirical correlations since there is not a fundamental

theory that can be applied.

There is an analogy among the momentum, heat, and mass transfer fluxes since

all of them are proportional to a driving force, which is the difference in velocity,

temperature, and concentration, respectively, in the media of study. The proportion-

ality is given by a diffusion coefficient, which can include the contribution related to

the presence of turbulence:

τzx
ρ
¼� ϑ + EMð Þdux

dz
(1.18a)

qz
Cpρ

¼� α+ EHð ÞdT
dz

(1.18b)

NAz
¼� DAB + EDð ÞdCA

dz
(1.18c)

where EM, EH, and ED are the momentum, heat, and mass eddy diffusivities, respec-

tively; ϑ is the momentum diffusivity (kinematic viscosity, μ/ρ); and α is the thermal

diffusivity, k/ρCp. The three eddy diffusivities may be assumed equal, good approx-

imation for EH and ED, although experience indicates that EM/EH¼ EM/ED is sometimes

less than 1.0 and as low as 0.5 for turbulence in a free jet (Seader, 2013). Neverthe-

less, if the three eddy diffusivities are equal (EM¼ EH¼ ED), and the molecular

diffusivities are negligible or equal (ϑ¼α¼DAB), the Reynolds analogy is obtained:

f

2
¼ h

ρCpux
¼ kC
ux

(1.19)
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which allows the estimation of heat and mass transfer coefficients from values of the

Fanning friction factor for turbulent flow.This analogy isonlyvalidwhenNPr¼NSc¼1

(i.e., ϑ/α¼ϑ/DAB¼1). Due to the limited application of the Reynolds analogy, an

extension was presented by Chilton and Colburn (1934) based on the empirical deter-

mination of the j-factors:

jM � f

2
¼ jH � h

GCp
NPrð Þ23 ¼ jD � kcρ

G
NScð Þ23 (1.20)

Eq. (1.20) is known as the Chilton-Colburn analogy and allows estimating transport

coefficients for turbulent flow. Fig. 1.2 shows values of j-factors for several geom-

etries as a function of the Reynolds number.

This section has showed mass transfer in fluid systems under laminar or turbulent

conditions. However, the presence of a membrane, or more generally, an interface,

introduces aspects of fluid-fluid or fluid-solid equilibrium in the system that have to

be taken into account.

1.4 MASS TRANSFER THROUGH MEMBRANES
Mass transfer in membrane systems takes place across interfaces between phases,

which can be gas-membrane-gas, liquid-membrane-gas, gas-membrane-liquid, or

liquid-membrane-liquid. For example, in gas separation, the membrane separates

two gas phases and allows the preferential permeation of one or more of the compo-

nents in the feed solution. In pervaporation, the liquid feed is separated from the

permeate side (operating under vacuum) by a dense membrane, which also separates

selectively the components in the feed. In membrane-based gas absorption, a com-

ponent in a gaseous feed will be absorbed by a selective liquid that is separated by a

porous nonselective membrane. In membrane-based liquid extraction, a porous

membrane separates two immiscible liquids, and the mass transfer will take place

from the feed solution to the extractant agent through the nonselective membrane.

FIG. 1.2

Chilton-Colburn j-factor correlations.
Reprinted with permission from Seader (2013).
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The transmembrane flux through a membrane is proportional to the driving force.

This statement is the basis ofmass transfermodeling inmembrane technology. It is not

new and not special for membranes, as we have already seen howmass transfer takes

place in fluid phases in the previous section. However, due to the evolution of each

membrane system in a different discipline or application, the development of models

has followed different paths even though the initial roots are the same. This leads to a

different nomenclature depending on the membrane system and even different kinds

of models. For example, mass transfer in dense membranes is typically described by a

“solution-diffusion”model that leads to a key parameter called “permeability,” which

is the proportionality coefficient between flux and driving force. On the other hand,

in membrane contactors in which a porous membrane is used, this proportionality

coefficient is called “mass transfer coefficient.” A reason to use different names for

the same parameter is due to historical developments of applying each technology

in different fields. For instance, microfiltration or membrane bioreactors were born

as environmental technologies while pervaporation or membrane contactors were

developed in a chemical engineering context. Thus each chapter of this book describes

the fundamental modeling on mass (and heat transfer if relevant) applied to each

specific membrane system, using the conventional nomenclature so that the reader

is not confused by other reference sources. However, it is important to highlight

the necessity of a common approach that allows unifying concepts and models to

describe membranes with a multidisciplinary perspective.

Having said that, two main models are indicated in this section, which manifests

the relevance of the membrane structure on the permeation mechanism: the solution-

diffusion model, applied for dense membranes; and, the pore-flowmodel, applied for

porous membranes. Fig. 1.3 shows the illustration of the mechanism of permeation

for each kind of model. In the solution-diffusion model, it is considered that per-

meants dissolve in the membrane material and then diffuse through the membrane

because of a concentration gradient. The differences in solubilities among permeants

in the membrane and the differences in the diffusion rates through the membrane

lead to their separation (Baker, 2004). In the pore-flowmodel, transport of permeants

(A) (B)

FIG. 1.3

Molecular transport through membranes can be described by (A) a flow through permanent

pores or (B) the solution-diffusion mechanism (Baker, 2004).
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is governed by a convective flow driven by pressure through tiny pores. One of the

permeants will be excluded (filtered) from some of the pores in the membrane while

other permeants will pass through. Then, the separation occurs. Thus one can ima-

gine that dealing with porous or dense membranes means to have to use one or the

other model. For this reason, choosing the membrane material is a very important

step in the overall picture of applying membrane technology since it conditions

the membrane structure and therefore the membrane performance.

Another kind of modeling that is extensively applied when using porous mem-

branes is the resistances-in-series model. This model assumes that the resistance

to mass transfer in the fluid phases is located in a film layer close to the membrane

surface. The overall resistance is the sum of the individual resistances (i.e., the resis-
tances in the feed phase, the membrane, and the permeate phase), which is an analogy

taken from electrical circuits. Each resistance is represented mathematically by the

inverse of the individual mass transfer coefficient. Fig. 1.4 shows a schematic

representation of mass and heat transfer resistances in a porous membrane.

(A)

(B)

Boundary layer
resistance

Viscous resistance

KNUDSEN RES. MOLECULAR RES.

Surface resistance

Conduction

Latent heat of  vaporization

Thermal
boundary layer

resistance

Thermal
boundary layer

resistance

Boundary layer
resistance

FIG. 1.4

Schematic representation of serial and parallel arrangement of resistances to mass (A) and

heat (B) transfer in a porous membrane.
Reprinted with permission from Drioli, E., Curcio, E., Di Profio, G., 2005. State of the art and recent progresses in

membrane contactors. Chem. Eng. Res. Des. 83(A3), 223–233.
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Table 1.3 shows a summary of the different membrane technologies addressed in

this bookand the correspondingmodels that are typically used to describemass transfer.

The reader is addressed to the corresponding chapter for more detailed information.

1.5 POLARIZATION AND FOULING PHENOMENA
The membrane performance, and consequently the process performance, may

change dramatically with time due to a decrease of the transmembrane flux over

time. This situation happens due to concentration polarization and fouling and

may lead to a process that is technically and/or economically disadvantageous. Con-

centration polarization and fouling are two very different phenomena but they may

be dependent on each other since fouling can result from polarization phenomena

(Mulder, 1998). In addition, those processes driven by a thermal force such as mem-

brane distillation may suffer of a similar phenomenon to concentration polarization,

called temperature polarization. Those aspects are introduced generally in the next

subsections. A more detailed explanation can be found in the respective chapter for

the studied technology.

Table 1.3 Membrane processes and mass transfer modeling

Membrane process Membrane structure Mass transfer model

Microfiltration Porous Resistances-in-series
model

Ultrafiltration Porous Pore flow

Nanofiltration Nanoporous Solution-diffusion
model

Reverse osmosis Dense Solution-diffusion
model

Forward osmosis Dense Solution-diffusion
model

Pervaporation Dense/porous Solution-diffusion
model/pore-flow
model

Gas permeation Dense/porous Solution-diffusion
model/pore-flow
model

Supported liquid membranes Supported liquid in a
porous membrane

Solution-diffusion
model

Membrane contactors Porous Resistances-in-series
model

Membrane bioreactors (micro-
and ultrafiltration membranes)

Porous Pore flow/fouling
models

Electromembrane processes Ion-exchange dense
membranes

Extended Nernst-
Planck
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1.5.1 CONCENTRATION POLARIZATION
Concentration polarization occurs when the concentration of a specific component

increases or decreases at the boundary layer close to the membrane surface due to

the selective transport through the membrane. In case of pressure-driven processes

such as microfiltration, ultrafiltration, nanofiltration, or reverse osmosis, the solute is

typically retained by the membrane, leading to a concentration profile similar to

Fig. 1.5A. This profile can be also found in processes such as membrane-based

(A)

(B)

Membrane 

Boundary 
layer 

Bulk feed 

Cp

Cb

Permeate 

Cm

Membrane 

Boundary 
layer 

Bulk feed 

Cp

Cb

Permeate 

Cm

x d 0

x d 0

FIG. 1.5

Concentration profile with concentration polarization: (A) mass transfer limited by the

membrane and (B) mass transfer limited by the boundary layer.

171.5 Polarization and fouling phenomena



extraction or membrane-based absorption. In other membrane processes where the

transport through the membrane takes place by diffusion rather than by convection,

a concentration profile similar to Fig. 1.5B is obtained since the component will

permeate faster through the membrane, being in the boundary layer where the trans-

port is limited by diffusion. This concentration profile can thus appear in processes

such as gas separation, pervaporation, dialysis, electrodialysis, membrane crystalli-

zation, membrane distillation, etc.

Concentration polarization produces a decline in the transmembrane flux, which

may be very severe, such as in microfiltration or ultrafiltration, or negligible, such as

in gas separation. Regarding the retention, it may lead to a lower retention if low

molecular weight solutes (e.g., salts) are considered, or it may lead to a higher reten-

tion, which is the case of mixtures of macromolecular solutes. Concentration polar-

ization can be mathematically described by a concentration polarization modulus or

coefficient (see Chapter 2 or Chapter 4) or other more specific models that have been

described in the literature, for example, gel layer model, osmotic pressure model,

boundary layer resistance model (Mulder, 1998).

1.5.2 TEMPERATURE POLARIZATION
In nonisothermal processes, the temperature difference across the membrane gener-

ates a driving force that causes the mass transport through the membrane. Coupled

heat and mass transfer may contribute toward temperature polarization. Membrane

distillation is a typical case in which temperature polarization may take place since

the feed solution is at higher temperature (higher vapor pressure) than the permeate

side. Water molecules will evaporate within the membrane pores and will permeate

from the warm side to the cold side where condensation will take place. The heat

needed for the evaporation of water molecules is taken from the feed solution,

and heat flux through the membrane will occur by diffusion of water vapor and

by conduction through the membrane material and the pores, which are full of air

in nonwetted conditions. Due to this heat transfer, a difference of temperature

between the bulk of the feed solution and the membrane surface could appear, which

can be represented by boundary layers, as shown in Fig. 1.6. This difference of tem-

peratures is called temperature polarization.

Temperature polarization is a nondesired phenomenon with economic implica-

tions. Increasing the temperature of the feed solution is in benefit of having higher

driving force, thus higher transmembrane flux. The membrane area required for a

specific process target would be then reduced. However, if temperature polarization

takes place, not all the heat is being used efficiently to evaporate the water molecules,

and increasing the driving force (i.e., increasing the feed temperature) will not lead to

the expected increase in transmembrane flux. Heat is thus wasted in the process.

Using membrane materials with very low conductivity would decrease temperature

polarization. The mathematical description of temperature polarization can be found

in Chapter 5 related to membrane distillation.
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1.5.3 MEMBRANE FOULING
Fouling may be defined as the (ir)reversible deposition of retained particles, colloids,

emulsions, suspensions, macromolecules, salts, and so on, on or in the membrane

(Mulder, 1998). The deposition of those components will lead to a decrease in flux

over time. Foulants can be organic or inorganic components, leading to (bio)fouling

and scaling, respectively. The main difference with the phenomena of concentration

or temperature polarization is that in those cases, steady state is reached. However,

membrane fouling leads to a decrease of flux over time in a nonsteady-state situation.

Fig. 1.7 shows the variation of transmembrane flux as a function of time when

polarization or fouling occurs. Fouling may be very significant in pressure-driven

Membrane 

Boundary 
layer 

Bulk feed Permeate 

Tb,p

Tb,f

Cm,f

Cm,p

Boundary 
layer 

FIG. 1.6

Temperature profile when temperature polarization occurs.

Polarization

Fouling

Initial flux

Time

Transmembrane
flux

FIG. 1.7

Transmembrane flux as a function of time when polarization or fouling occur.
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processes such as microfiltration and ultrafiltration where porous membranes

susceptible to fouling are used. In pervaporation and gas separation, fouling is

virtually absent (Mulder, 1998). Nevertheless, if fouling takes place, methods to

reduce it are essential in order to keep the process performance.There are several strat-

egies that are commonly applied but each case needs to be studied specifically since

the kindof foulingwill determine the required treatment. Themost general approach is

to be carried out byperiodic cleaningof themembranes. The cleaning canbe hydraulic

(e.g., back flushing), mechanical cleaning (e.g., using oversized sponge balls), chem-

ical cleaning (e.g., using acids or alkali salts, detergents, enzymes, complexing agents

such as EDTA, disinfectants, steam and gas), or electric cleaning (e.g., by applying an
electric field) (Mulder, 1998).Membrane fouling, if occurs, has to be reduced in order

to keep the membrane process working under stable and optimal conditions.

1.5.4 IN SITU MONITORING TECHNIQUES FOR CONCENTRATION
POLARIZATION AND FOULING PHENOMENA IN MEMBRANE
FILTRATION
Understanding the concentration polarization and fouling phenomena has led to

the development of novel, noninvasive, in situ quantification of physicochemical

processes occurring during membrane filtration. Membrane fouling is commonly

related to the formation of a cake or a gel on the membrane surface. The mechanisms

in which cake formation and fouling occur are relatively poorly understood. Thus

in situ measurements of fouling and direct observation of cake layer formation

are necessary to understand the fundamental processes governing those phenomena.

Chen et al. (2004) presented a complete review of the main in situ techniques avail-

able to evaluate concentration polarization and membrane fouling. A brief summary

is presented as follows:

Techniques to determine concentration polarization (Chen et al., 2004):

– Light deflection techniques: they are based on the fact that the refractive index of
a solution changes with concentration. Thus the change in deflection when

light passes through a solution provides information about the concentration

gradient along the light pathway.

– Magnetic resonance imaging (MRI): high-resolution images are obtained

by placing the test section in a static magnetic field. Magnetized protons

(hydrogen nuclei) within the sample align and behave as magnets in this field.

An oscillating magnetic field perpendicular to the main field is created by means

of radio frequency pulses. The nuclei absorb energy from this field and move

out of alignment with the static field, in an excited state. When the nuclei return

from excitation to the equilibrium state, a signal induced in the receiver coil

of the instrument by the nuclear magnetization can then be transformed by a

series of algorithms into diagnostic images. 1H nuclear magnetic resonance

(NMR) images are generated from the distribution of mobile protons in the
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sample weighted by the corresponding spin-spin and spin-lattice relaxation

functions.

– Electron diode array microscope: A collimated, near infrared light parallel to

the membrane surface and perpendicular to the flow direction is channeled

through the filtration cell to a photodetector by microscopic lenses. An

oscilloscope monitors the intensity pattern caused by the concentration gradient

in the polarization layer that takes place due to absorption of the incident light.

– Direct pressure measurements: the evaluation of the pressure distribution

across the concentration polarization layer gives additional information on the

physicochemical transport process to understand the phenomena behind

concentration polarization. The main disadvantage of this technique is that

the pressure sensor disturbs the concentration polarization layer.

Techniques to determine membrane fouling (Chen et al., 2004):

– Direct observation through the membrane: Using an optical microscope is a

simple method to observe fouling on the membrane surface. The microscope

objective is positioned at the permeate side of a transparent membrane and

particle deposition can be observed in real time by the microscope. A limitation

of this technique is that an adequate membrane should be used, such as a

transparent membrane that facilitates the observation of the membrane surface

from the permeate side.

– Direct visualization above the membrane: Positioning the microscope above the

membrane avoids the limitation of having to use transparent membranes and

allows the observation of particle accumulation beyond a monolayer. Thus the

microscope objective is mounted above the membrane to view particle deposition

from the feed side.

– Laser triangulometry: a laser beam is directed onto a surface of varying elevation,

as happens in a developing particle cake layer. A CDD camera captures the

reflection of the laser beam off the surface. Since the elevation of the surface

changes, the location where the reflected beam is imaged by the CCD array

will shift. Measurement of the shift can then be directly related to the

displacement of the elevation of the surface. In this way, the growth of a particle

cake layer can be monitored during membrane filtration and the thickness

of the cake layer can be measured.

– Optical laser sensor: the thickness of the cake layer during membrane filtration

can be measured using optical laser sensor. The principle of this technique is

that the formation of the deposit layer will absorb light from a bypassing laser

beam. Since the deposit thickness is changing, the laser beam will detect a

variation of the signal intensity. A calibration procedure with known values of

cake layer thickness should be performed to extract the correlation.

– Ultrasonic time-domain reflectometry (UTDR): UTDR measures the location of

a moving or stationary interface by using sound waves. Information on the

physical characteristics of the media through which the waves travel can be

gathered with this technique. An ultrasonic transducer will detect reflected waves
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produced when the ultrasonic waves encounter an interface between two media.

The amplitude of the reflected wave relative to the incident wave is determined

by the acoustic impedance difference between the two media as well as the

topography of the interface. The time interval between the initiation of the

incident wave and the detection of the reflected wave can be used to measure

the distance between interfaces.

– Electrical impedance spectroscopy: this technique can be used for characterizing
membrane properties and membrane fouling. Electrical contacts are connected

with the edges of the membrane so that an alternating current is injected

directly into the membrane. A metal layer sputtered onto the membrane surface is

used to enhance conduction properties. The flow of the current across the

membrane surface suffers dispersion due to the presence of the bulk solution and

the membrane pores. This dispersion phenomenon is characterized by the

capacitance and conductance of the membrane material and the bulk solution, and

possible polarization or fouling layer. The changes in the capacitance

dispersion of the system are a method to monitor in situ accumulation of

particulates that could potentially foul the membrane.
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2.1 INTRODUCTION
Pressure-driven membrane filtration refers to the use of a transmembrane pressure

difference as the driving force for permeation through a membrane (Van der

Bruggen, 2017). This pressure can be low, for membranes with a very high porosity

and pore size, or high, for nanoporous or dense membranes. According to this, a

Fundamental Modeling of Membrane Systems. https://doi.org/10.1016/B978-0-12-813483-2.00002-2

# 2018 Elsevier Inc. All rights reserved.

25

https://doi.org/10.1016/B978-0-12-813483-2.00002-2


classification is made resulting in distinguished processes depending on pore size,

applied pressure and, as a consequence, application potential (Mulder, 1996).

Microfiltration (MF) is a process in which membranes are used in the micrometer

range, down to ca. 0.1μm. They are denoted as porous membranes and require pres-

sures typically below 1bar. Ultrafiltration (UF) membranes have a smaller pore

size, in the nanometer range (2–100nm); the porosity is typically lower as well.

This requires pressures in the range of 1–6bar. Nanofiltration (NF) membranes

have a pore size of 1nm and below; operational pressures are 5–15bar. The appli-

cation of nanofiltration in organic solvents is typically described as a different pro-

cess, that is, organic solvent nanofiltration (OSN) or solvent-resistant nanofiltration

(SRNF); membranes fall in the NF range in terms of pore size, but membrane mate-

rials are different, and flux and rejection models are different as well. Reverse

osmosis (RO) membranes are dense and may operate at pressures of 20bar or even

below, in the absence of osmotic pressure, or in the range of 40–60bar for seawater
desalination; in some applications, very high pressures are used, which can go up to

100bar (“High Pressure Reverse Osmosis”). Forward osmosis (FO) is an outlier,

because it relies on osmotic pressure rather than on an applied pressure; this is ide-

ally in the range of pressures used in reverse osmosis for desalination, since FO

membranes are also dense. They may be very similar or the same, even though

the optimization of membrane properties is different for FO than for RO

(Lutchmiah et al., 2014).

The performance of each of these processes is evidently related to these param-

eters. In microfiltration, nondissolved compounds with a size above the pore size,

that is, in the micrometer range, are retained. Energy requirements, however, are

low. For ultrafiltration, target compounds to retain are dissolved macromolecules,

corresponding to the membranes’ pore size. Energy requirements are higher, as

the price to pay for higher rejections.

On the high end of energy requirements is reverse osmosis. This is not only

related to the membrane properties as such, but also to the generation of an osmotic

pressure due to the rejection of salts (including NaCl). As a consequence, energy

requirements are very high and even though this has been optimized over the years,

the intrinsic occurrence of osmotic pressure gives a lower value for the optimized

energy needs. Nanofiltration was developed as a variation on reverse osmosis (orig-

inally also referred to as “Loose Reverse Osmosis”) because it only partially retains

monovalent ions, while still rejection multivalent ions nearly completely. This sup-

presses the osmotic pressure, so that the energy requirements are substantially

lower.

Forward osmosis is a process with low energy requirements, since there is no

external pressure to be applied. On the other hand, the rejection of salts is very similar

to reverse osmosis. However, it should be understood that the outcome of forward

osmosis is a (diluted) brine, which requires further processing; therefore the overall

energy requirements should be considered rather than the forward osmosis operation

alone.
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Process modeling for pressure-driven membranes has several critical aspects.

First of all, it allows for a comparison among different membranes available for

applications, because the parameters that are derived from models give a clear indi-

cation of the expected performance. Second, it provides understanding in the mech-

anisms that govern permeation and separation; for various membrane processes this

is still ill understood (which, in turn, also gives uncertainty with respect to available

models). Third, modeling is essential for process monitoring. This aspect is espe-

cially crucial in the event of membrane fouling, which changes the performance

characteristics; this is evident for the flux or permeability, but may also affect the

rejection of solutes.

This chapter provides an overview of modeling approaches for microfiltration,

ultrafiltration, nanofiltration, reverse osmosis, and forward osmosis, based on

today’s understanding of the operational principles of each of these processes.

2.2 PROCESS DESCRIPTION AND OPERATING MODE
Two operating modes are applied: dead-end filtration and cross-flow filtration. In

dead-end filtration (Fig. 2.1), a feed is applied perpendicular to a membrane, without

any flow along the membrane. Stirring is typically applied to reduce polarization

effects and obtain a sufficiently high Reynolds number. In dead-end mode, an accu-

mulation of rejected solutes occurs near the membrane surface, which influences the

course of the separation. Fluxes may decrease due to the additional resistance of the

accumulated compounds; the nature of these compounds is determined by the mem-

brane itself so that the effect may be variable. For microfiltration in particular, the

FIG. 2.1

Schematic representation of dead-end filtration.
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rejected compounds are solids, which would form a cake layer on the membrane.

This decreases the membrane’s permeability and flux (often drastically). Thus

dead-end filtration is simple in design, but not in operation. Filtration models should

primarily take this effect into account and describe flux as a time-dependent function.

Dead-end filtration can be applied at constant flux and increasing pressure to

compensate for flux reduction with time, or alternatively, at constant pressure and

the flux decreasing with time.

Cross-flow filtration intends to improve the stability of flux and rejection by

applying shear forces on the membrane surface, through a flow of the feed along

the membrane. This is more energy intensive, and therefore in principle more costly

although the improved performance may balance this. A schematic representation is

shown in Fig. 2.2. The flow velocity should in principle be as high as possible; a good

compromise with the process cost is obtained when applying flow velocities in the

order of 1m/s.

The energy needed for circulating the feed relative to the energy needed for pro-

viding the transmembrane pressure is high for microfiltration; for reverse osmosis,

this is only a fraction of the required energy. Furthermore, the build-up of solute con-

centrations, salt concentrations in particular, would be too high for reverse osmosis

when applied in dead-end mode; this is also the case for nanofiltration. At the same

time, effects of fouling and concentration polarization can be effectively kept under

control in cross-flow filtration. Therefore this is the only filtration mode for reverse

osmosis and nanofiltration.

For microfiltration the preferred operation mode is dead-end filtration, as it is the

most economical strategy. However, microfiltration may also be applied in cross-

flow mode, for applications where the effect of fouling is too severe to apply

dead-end filtration. Conversely, ultrafiltration is typically applied in cross-flow

mode, but may also be used in dead-end mode as a more economical method.

(A)

(B)

FIG. 2.2

Schematic representation of cross-flow filtration (A) for a flat sheet membrane and (B) for a

tubular membrane.
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A compromise between dead-end and cross-flow operation is a hybridization

denoted as semidead-end operation. This intends to combine the advantage of a

dead-end system in obtaining a very high permeate yield, and the advantage of a

cross-flow system in having a more efficient control of fouling. A semidead-end sys-

tem relies on a periodical backwash, that is, a reversal of the flow direction so that per-

meate returns to the feed side through the membrane, thereby flushing away foulants

that have accumulated in the pores of the membrane. After a certain time of regular

operation, the effect of fouling becomes significant; at this point, a backwash pump

becomes active. The wash water is collected as a waste fraction. After the backwash,

the flux is restored and normal filtration can continue. This approach is particularly of

interest for the application of microfiltration and ultrafiltration in cases where dead-

end operation is not possible due to the extent of membrane fouling.

2.3 GENERAL OVERVIEW OF APPLICATIONS
Applications of pressure-driven membrane processes are specific for the type of

membrane; this defines to a large extent the difference between the various mem-

brane processes. The principle is that the maximum pore size should be below the

minimum size of the compounds to be retained, preferably by a factor 2. However,

the pore size distribution is seldom known, nor is the size of the compounds to be

retained; therefore a pragmatic approach is needed, which probably requires testing

in order to determine the best membrane choice. General guidelines are limited to the

type of process that fits with a given target for removal (shown in Fig. 2.3).

Microfiltration is applied for the removal of nondissolved matter with a size of at

least 0.1μm. This includes suspended solids, blood cells, large macromolecules,

MF NFUF RO

Water

Monovalent ions

Multivalent ions

Small organics

Macromolecules

Viruses

Suspended solids, 
bacteria

FIG. 2.3

Application scope of pressure-driven membrane processes (MF, microfiltration; NF,

nanofiltration; RO, reverse osmosis; UF, ultrafiltration).
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bacteria with special interest in large bacteria such as Cryptosporidium and Giardia,
which are difficult to oxidize with chlorine. Microfiltration membranes often serve

as pretreatment method, in order to avoid particulate fouling in a subsequent oper-

ation involving, for example, nanofiltration or reverse osmosis. Microfiltration

yields a permeate entirely free of turbidity, which is a much better outcome than

can be obtained with settling. However, the removal of dissolved compounds is min-

imal. Thus the point of reference is settling since this has the same removal targets. In

this comparison, microfiltration easily wins in terms of technical performance. This

explains its use in membrane bioreactors (MBRs), where the benefit compared to a

classical activated sludge system with subsequent settling is indeed in the use of a

microfiltration membrane. Similarly, microfiltration is used for harvesting of micro-

algae (Bilad et al., 2014). Another important application area is in the food technol-

ogy, where microfiltration is used for clarification of fruit juices and beverages

(Girard and Fukumoto, 2000). A specific example is wine filtration by cross-flow

microfiltration (El Rayess et al., 2011).

An application with much impact is the treatment of oil-water emulsions. For sep-

aration of oil emulsions as an end-of-pipe treatment, membranes are more likely

where process volumes are <190m3 per day. Membranes could also be useful in

a hybrid system when combined with conventional chemical treatment systems to

concentrate sludge (Cheryan and Rajagopalan, 1998). For this purpose, 3D printed

membranes have been reported to be viable (Yuan et al., 2017).

Ultrafiltration has replaced microfiltration in several applications, or has become

competitive with microfiltration for enhanced turbidity removal because of its grad-

ually increased permeability, which yields a similar flux than with a microfiltration

membrane in many cases, but with an enhanced removal potential. This is particu-

larly the case for membrane bioreactors, where the trend is to use ultrafiltration mem-

branes rather than microfiltration membranes; this is partly related to the target of

water reuse, which has more potential when using ultrafiltration membranes since

not only bacteria are effectively removed, but also viruses (which are smaller than

bacteria, while they are in the size range for ultrafiltration set by the rule of thumb

given previously). In a more general sense, ultrafiltration appeared to be a cost effec-

tive and efficient method of removing suspended solids and bacteria (Jamaly et al.,

2014). The disinfection effect of an ultrafiltration is generally an important consid-

eration for applications. Other applications include the separation of macromole-

cules, the color removal, the preconcentration of milk, the recovery of vaccines

from fermentation, and the concentration of fruit juices.

Applications of nanofiltration define the scope of the process, rather than the sep-
aration principle or membrane type. Nanofiltration membranes were developed to

retain small organic compounds and ions, but to a lower extent than reverse osmosis

membranes, so that the osmotic pressure (and therefore the required transmembrane

pressure) is lower. Membranes that were used for this purpose were made in the same

way as reverse osmosis membranes, by the addition of an interfacially polymerized

thin polyamide top layer on top of an asymmetric phase inversion membrane. Such

nanofiltration membranes were then in fact reverse osmosis membranes with an
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insufficient performance in desalination. The interest is in economical separations

for applications where a complete rejection of salts, specifically monovalent salts,

is not necessary or even desired. Desalination of seawater is not a target application;

however, for many other water sources (in drinking water production), an adjustment

of the concentration of (multivalent) ions and organic compounds is of interest. The

key application is in a combined removal of natural organic matter and hardness from

water (Van der Bruggen and Vandecasteele, 2003). This has a proven efficiency in

many applications.

The same objectives were explored by optimizing membranes made with synthe-

sis methods similar to ultrafiltration membranes, without an interfacially polymer-

ized thin top layer. This led to a different type of nanofiltration membranes,

which typically have a lower rejection of salts. Such membranes allowed to explore

a new range of applications, that is, in fractionation of salts and organic solutes.

A key application of this is the treatment of textile effluents, which often contain high

concentrations of dyes and salts. By producing a permeate containing (most of) the

salts, it can be directly reused in textile processing so that no salts are to be added,

apart from a small fraction to compensate for the loss of salts in the concentrate. The

concentrate contains the dyes, which in some cases can be recycled as well (Lin et al.,

2015). The driver for applying nanofiltration is thus in the fractionation ability,

which is unique for nanofiltration and allows for resource recovery. This can be

applied for other wastewater streams as well; the objective of resource recycling

can be also extended to conversion processes in biorefineries, which has much poten-

tial to produce valuable compounds but has high demands for fractionation. Mem-

brane cascades based on nanofiltration membranes might solve these challenges

(Caus et al., 2009a).

Organic solvent nanofiltration or solvent-resistant nanofiltration is similar to

aqueous nanofiltration, but materials, mechanisms of transport, and models are dif-

ferent because of the strong influence of solvent properties and their interaction with

the membrane material. Organic solvent nanofiltration was developed later than

aqueous nanofiltration, mostly due to a lack of stability of polymeric membranes

in organic solvents. Stable membranes have been developed since the end of the

1990s, which shifted the challenge to the development of a fundamental understand-

ing of solvent nanofiltration. In addition, available membranes often have a limited

scope in applicable solvents.

Organic solvent nanofiltration has a potential use in a broad range of applications

(Marchetti et al., 2014), including solvent recovery in lube oil dewaxing, as well as

use in the vegetable oil industry, in heterogeneous synthesis and in chemical pro-

cesses requiring solvent exchange for solvent purification in the oil industry

(Vandezande et al., 2008). Another significant application area is the preparation

of active pharmaceutical ingredients (APIs) in the pharmaceutical industry. Several

active compounds are obtained by organic synthesis (extraction from vegetable prod-

ucts, animal sources, or micro-organisms). Impurities present in solvents could have

an impact on the stability and performance of the drugs, so that purification is an

essential step. Organic solvent nanofiltration allows to recover and recycle organic
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solvents during the process, which increases the production capacity and results in a

considerable cost reduction for the in-line manufacturing of pharmaceuticals and

drugs. Important economic and environmental benefits can be achieved, provided

that stable membranes with good separation performance can be used (Geens

et al., 2007).

Reverse osmosis has a dominant application in desalination. It has been applied

for the first time in 1964 in Coalinga, California, USA, although the process was far

from realistic in that moment due to the extremely high pressures to be applied, and

the limited production of water. However, reverse osmosis membranes were gradu-

ally improved, and especially the use of thin film composite membranes, with a very

thin top layer made by interfacial polymerization, drastically improved the perfor-

mance of reverse osmosis in desalination. By the mid-1990s, reverse osmosis had

become the most economical desalination process. This initiated applications on a

massive scale. In Israel, for example, the Sorek desalination plant uses reverse osmo-

sis to produce 150 million m3 water per year; the total capacity of RO desalination in

Israel is over 600 million m3. For this reason, reverse osmosis is the membrane pro-

cess used on the largest scale. This has further stimulated other applications; because

membranes for reverse osmosis have become economically very competitive, this

gave a large benefit for any other use of such membranes as well. Thus reverse osmo-

sis has also become a standard process for the production of ultrapure water, and for

water recycling either directly from wastewater, or indirectly by infiltration of

permeates into aquifers for later use as drinking water (Van Houtte and

Verbauwhede, 2013).

Forward osmosis is often referred to as a desalination process, but this is not cor-
rect. In forward osmosis, a draw solution is diluted by water extracted from a feed

stream; the driving force for transport of water through the membrane is the osmotic

pressure difference between the concentrated draw solution and the feed stream.

Desalination of the feed stream is only obtained when the draw solution is regener-

ated by removal of the dilution water. When the draw solution is a brine, this is the

real desalination process (which can be reverse osmosis or any other desalination

process). Various processes for draw solution regeneration have been explored, as

well as a large number of potential candidates to provide the osmotic pressure

required in the draw solution. In addition, variations on forward osmosis such as

pressure-assisted forward osmosis have been explored (Yun et al., 2012). However,

none of these appeared to be energetically beneficial in the overall process. Integra-

tion of processes may overcome this problem; for example, extracting water from

wastewater to dilute a stream intended for desalination would lower the osmotic pres-

sure for the desalination process, which gives an energetic benefit. This is shown in

Fig. 2.4 (Choi et al., 2017).

Forward osmosis was developed in 1976 as a method for fertigation (Kessler and

Moody, 1976; Moody and Kessler, 1976). Such application does not require a regen-

eration of the draw solution, which is to be used as a diluted fertilizer. The rediscov-

ery of forward osmosis fifteen years later overlooked this aspect and failed in finding

solutions for the draw solution (Van der Bruggen and Luis, 2015) so that the process

after two more decades has still not made a breakthrough.
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The situation is somewhat different for pressure retarded osmosis (PRO): this

process is a variation of forward osmosis, in which the target is not in separation,

but in energy generation from mixing a diluted and concentrated stream through a

membrane. This does not require a further solution for the draw solution. Issues

related to PRO are rather related to the energy density that can be obtained, which

is too low and impedes large-scale application thus far.

2.4 SYSTEM CONFIGURATION
The simplest configuration for filtration is a batch system, in which a given volume

of feed is applied to a membrane and recycled to a feed tank. This has the obvious

drawback of an increasing concentration in the feed tank with time. A continuous

version of this approach is the so-called feed-and-bleed system (shown in Fig.

2.5A), in which the “bleed” stream is a purge stream to allow for a constant concen-

tration in the system. A further modification to this configuration is the diafiltration

system shown in Fig. 2.5B. In diafiltration, a makeup solvent is used to wash out the

component that preferentially permeates through the membrane, so that a better

FIG. 2.4

Integrated forward osmosis–reverse osmosis system for wastewater treatment and

desalination (Choi et al., 2017).
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separation between two solutes is obtained. The obvious disadvantage of diafiltration

is that the permeate flow is diluted.

In order to optimize the volume of permeate rather than its purity, the concentrate

produced in a filtration module can be fed to a new module, producing more perme-

ate (although at higher feed concentration). This yields the so-called Christmas tree

configuration shown in Fig. 2.6: due to the decrease in remaining volume, less fil-

tration modules are needed in every stage.

Finally, the configuration for an optimal performance is a membrane cascade. In

this approach, the concentrate obtained in a second stage is recycled to the first stage,

in order to enhance the overall permeate yield. A two-stage membrane cascade is

shown in Fig. 2.7; this concept can be extended to more stages, although the cost

of repressurizing the permeate is a limitation for applying membrane cascades in

practice. It should be noted that while in the example in Fig. 2.7 the concentrate

(retentate) is recycled, the same approach can be followed for a recycle of the

permeate.

FIG. 2.5

Process configuration for (A) feed-and-bleed operation and (B) diafiltration.
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Membrane cascades are particularly of interest for nanofiltration, which is a pro-

cess with much potential for fractionation. In aqueous solution, nanofiltration mem-

branes have a significantly different rejection for monovalent salts than for

multivalent salts. By using a membrane cascade, this difference can be enhanced

to obtain a complete separation of monovalent ions (in the permeate) and multivalent

ions (in the concentrate), of course depending on the composition of the feed stream

and the exact ionic composition. This can also be applied for organic solutes such as

micropollutants or dyes, aiming at permeating the salts while efficiently retaining the

organics. The limitation is mostly in the cost of a two (or more) stage process, which

is often not justified for water purification. However, for solutes in organic solvents

this should not be a limitation, for example, in pharmaceutical synthesis, where a

cascade can be used to fractionate two solutes with a difference in molar mass, or

a difference in polarity (Renouard et al., 2018; Caus et al., 2009b; Peeva et al.,

2014). The operation of a cascade is challenging because the flows are connected

and should therefore be consistent in each stage (since permeabilities may be low

Stage 1 Stage 2 Stage 3

Retentate

Permeate

Permeate

Permeate

feed

feed

feed

feed

FIG. 2.6

Christmas tree configuration with further filtration of concentrate.

Retentate 

Feed 

Retentate 

Permeate 

FIG. 2.7

Two-stage membrane cascade.
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in some cases, and then yield insufficient feed for the subsequent stage). Thus a care-

ful estimation of the performance of a cascade, and a good membrane selection, are

essential.

2.5 HYDRAULIC RESISTANCE
The equilibrium between two phases separated by a membrane is defined by the elec-

trochemical potential:

μi ¼ μi°+RT ln ai +Vi:P + ziFψ (2.1)

where, μi is the electrochemical potential of component i, μi° is the chemical poten-

tial of component i in reference conditions, R is the ideal gas constant, T is the tem-

perature, ai is the activity of component i, Vi is the molar volume of component i, P is

the pressure, zi is the ion valence (¼0 in case of uncharged compounds), F is Fara-

day’s constant, and ψ is the electrical potential.

It should be remarked that for phases separated by a membrane, thermal and

mechanical equilibrium between the phases on each side of the membrane is not

a condition, since the membrane can be used as an insulator, and can also sustain

a difference in pressure between phases. Moreover, these two parameters appear

in the equation for the electrochemical potential, so that they can be used to induce

mass transfer from one phase to the other. The two remaining parameters that can be

used for this purpose are the activity difference between two phases and a difference

in electrical potential. Pressure-driven membrane processes are those in which the

pressure is exploited as the driving force to transport mass through a membrane. This

can be expressed by the following general equation:

Ni � dP

dx
(2.2)

in which Ni is the molar flux of a component i. Since the pressure gradient is the same

for all components, the proportionality constant should be specific for each species i.
Because a membrane is generally thin, the pressure gradient can be replaced by a

pressure difference, while the denominator is the membrane thickness:

Ni ¼PM, i

lM
∗ΔP¼PM, i∗ΔP (2.3)

in which PM,i is the permeability, and PM,i is the permeance.

The equation is mostly used for describing transport of the solvent (water, or any

other solvent in the case of organic solvent nanofiltration). The component i then
refers to the solvent.

The (inverse) permeability or permeance can be represented as the hydraulic

resistance against mass transport. However, the permeability depends not only on

the membrane properties, but also on the feed viscosity: permeability is inversely

proportional to viscosity. For this reason, the viscosity is represented as a separate

factor in the flux equation and is not included in the hydraulic resistance RM:
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N¼ 1

RM
�1
η
�ΔP (2.4)

in which N is the solvent flux, and η is the viscosity of the feed flow.

For modeling the flux of a pure solvent, the hydraulic resistance RM can be related

to the membrane morphology and/or functional parameters of the membrane. By

extending this approach, time dependency and membrane fouling can be introduced

in the model as an additional resistance; this will lead to the resistance-in-series

model, which will be further elaborated later.

2.6 MODELING OF MICROFILTRATION (MF)
Microfiltration models are focused on fluxes or permeabilities, rather than on rejec-

tion; this is due to the unavailability of data for particle sizes in feed solutions, and

pore size distributions, as stated previously.

In microfiltration, transport of the solvent (which would be water in most cases)

occurs by bulk flow. This assumes that the dimensions of the pore are sufficient to

resemble a flow in which the pore wall is relatively far away. In the case of aqueous

flow, the pore size is at least three orders of magnitude.

Thus known equations for macroscopic flow can be used as a starting point. Two

cases may then be considered: flow through a cylinder, for pores with a cylindrical

shape, and flow through a packed bed, for sintered structures. It should be noted that

Reynolds numbers for the flow in a microfiltration membrane are normally below

2000 so that a laminar flow regime can be assumed.

For a cylinder, the velocity of the bulk flow, v, depends on the pressure drop,

(P0dP) over the membrane, the pore diameter D, the liquid viscosity, μ, and the

length of the pore, L, as described by Hagen-Poiseuille’s law:

v¼ D2

32ηL
P0�Pð Þ (2.5)

The flow occurs only in the fraction of the surface occupied by pores, ε:

ε¼ nπ
D2

4
(2.6)

in which n is the number of pores for a given surface area.

The flux N can be written as:

N¼ v � ε �ρ (2.7)

in which ρ represents the density.

This then becomes:

N¼ nπρD4

128ηL
P0�Pð Þ (2.8)
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If the pores are not straight or cylindrical this equation should be adapted with a fac-

tor reflecting the tortuosity τ, the ratio between the real length of the pore and the

minimum length, which assumes a straight cylinder. This corresponds to an increase

of the pore length.

N¼ nπρD4

128ητL
P0�Pð Þ¼ ερD2

32ητL
P0�Pð Þ (2.9)

The tortuosity can differ from pore to pore, but for the overall flux equation an

average value should be estimated. This can be done by measuring the flux at a

given pressure difference, given the membrane thickness, porosity, and pore

size as membrane parameters, and the viscosity and density as flow

parameters:

τ¼ ερD2

32ηL

P0�Pð Þ
N

(2.10)

For noncylindrical pores, the hydraulic diameter is given by:

dh ¼ 4 � available volume

total surface area of pores

� �
(2.11)

Based on the Ergun equation for flow in a packed bed, this yields:

N¼ ρε4

2τ 1� εð Þ2av2ηL P0�Pð Þ (2.12)

in which av is the specific surface area of the pores.

An important aspect of modeling in microfiltration is to follow up the decrease of

flux in conditions of membrane fouling. This is often done by using the resistance-in-

series model (in contrast to pore blocking models, not considered here), which con-

siders a foulant layer as an additional mass transfer resistance. The (volumetric) flux

is then expressed as:

N¼ 1

η
� ΔP

Rm +Rcð Þ (2.13)

with Rm the membrane resistance and Rc the additional resistance due to fouling.

The additional resistance for formation of a cake layer can be written as

Rc ¼K1

cFV 1� εcð Þ
ρcAMεc3

(2.14)

with ρc the density of the cake layer, εc the porosity of the cake layer, and V the vol-

ume filtered through the membrane.

The flux equation then becomes:

N¼ 1

η
� ΔP

Rm +K1

cFV 1� εcð Þ
ρcAMεc3

� � (2.15)

The properties of the cake are typically not known and do not contribute to the model

since a proportionality factor, K1, is used. Thus the equation can be simplified to:
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N¼ 1

η
� ΔP

Rm +K2

cFV

AM

� � (2.16)

Microfiltration can be operated in two modes, as previously explained: with constant

pressure, or with constant flux. If the flux is constant, the pressure is time dependent

as follows:

ΔP¼N �η � Rm +K2cFNtð Þ (2.17)

With constant pressure, Eq. (2.16) should be integrated:ðV
0

Rm +K2

cFV

AM

� �
dV¼AMΔP

η

ðt
0

dt (2.18)

which yields

RmV +
K2cFV

2

2AM
¼AMΔP

η
t (2.19)

This can be solved for V:

V¼�RmAM

K2cF
+

AM

K2cF
R2
m +

2K2cFΔP � t
η

� �0:5

(2.20)

And

N¼ 1

AM

dV

dt
¼ΔP

η
R2
m +

2K2cFΔP � t
η

� ��0:5

(2.21)

Thus for constant flux (Eq. 2.17) as well as for constant pressure (Eq. 2.21), the (vol-

umetric) flux can be described based on a single fitting parameter, K2, the membrane

resistance in unfouled conditions as the only membrane parameter, and the viscosity

and feed concentration as feed parameters.

The flux relative to the initial flux can be obtained by dividing Eq. (2.21) to the

flux value at t ¼0 (Romero and Davis, 1990; Davis, 1992):

N

N0

¼ 1 +
2RcΦcΔP � t
Φc�Φbð ÞηR2

m

� ��0:5

(2.22)

in which the constant K2 is related to the cake layer resistance Rc, the solid volume

fraction in the suspension Φb, and the solid volume fraction in the cake Φc.

These equations can be applied as such in dead-end filtration. In cross-flow

microfiltration, however, a shear stress is applied. In these conditions, a term

should be included to express the transport away from the membrane due to

the forces induced by shear stress. The difference between both is shown in

Fig. 2.8.

The resistance-in-series model is then written as:

N¼ 1

η
� ΔP

Rm + R̂cδc +Rf Þ
� (2.23)
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in which the cake layer resistance is considered as a specific cake resistance multi-

plied by the cake thickness. The fouling resistance Rf can be due, for instance, to

pore-blocking and adsorption phenomena (Silva et al., 2000).

The particle mass balance in the system shown in Fig. 2.8 is:

N +
dδc
dt

� �
Φb�k1

dU

dy

� �
δc ¼Φc

dδc
dt

(2.24)

The membrane pore size and suspended particle diameter distribution are considered

uniform, and particles are retained completely by the membrane. Furthermore, con-

centration polarization is assumed to be completely eliminated by agitation (Wang

et al., 2007).

Assuming that the membrane resistance and the fouling resistance are smaller

than the cake layer resistance, Eqs. (2.23), (2.24) can be combined to

dδc
dt

¼ ΔPΦb

ηR̂cδc Φc�Φbð Þ�
k1

dU

dy

� �
δc

Φc�Φbð Þ (2.25)

Assuming that the cake thickness is 0 at the beginning of the filtration (δC ¼0 at

t ¼0); considering that the transmembrane pressure ΔP and the velocity gradient

dU/dy are constant over the period of filtration, and assuming that R̂c is constant, that

is, no significant changes in cake compression occur, Eq. (2.25) can be solved to

δc tð Þ¼ ΔPΦb

R̂ck1η
dU

dy

� � 1� exp

�2k1
dU

dy

� �
t

Φc�Φb

0
BB@

1
CCA

0
BB@

1
CCA

0
BB@

1
CCA

0:5

(2.26)

The flux then becomes (reintroducing Rm and Rf):
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FIG. 2.8

Mass balance for dead-end microfiltration (left) and cross-flow microfiltration (right) (Silva

et al., 2000).
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N tð Þ¼ ΔP

ΔPΦbηR̂c

k1
dU

dy

� � � 1�exp

�2k1
dU

dy

� �
t

Φc�Φb

0
BB@

1
CCA

0
BB@

1
CCA

0
BB@

1
CCA

0:5

+ η � Rm +Rf

� �
(2.27)

The term dU/dy depends on the fluid behavior; for Newtonian liquids:

dU

dy
¼ τw

η
(2.28)

while for non-Newtonian liquids more complex equations have to be used.

Lastly, the compressibility of the cake layer can be taken into account by

assuming

R̂c ¼ α0 ΔPð ÞsρsΦc (2.29)

where α0 is a constant related to the size and shape of particles, s the cake compress-

ibility, and ρs the mass density of solids comprising the cake (Silva et al., 2000).

2.7 MODELING OF ULTRAFILTRATION (UF)
The focus in models for ultrafiltration is in the ability to predict the separation per-

formance of ultrafiltration membranes. Generally, only the molecular weight cutoff

(MWCO) is used as a reference for the performance of an ultrafiltration membrane.

The MWCO of a membrane is the molar mass of a solute retained for 90% by the

membrane. The retention of a solute is defined as:

Ri ¼ 1� cp, i
cF, i

� �
�100% (2.30)

where cp,i and cF,i are the concentration of solute i in the permeate and feed,

respectively.

The MWCO is the molar mass of a compound i with retention 90%. This gives a

(very) rough indication of the separation ability. However, there is no standardized

procedure for the determination of the MWCO, so that the information given by sup-

pliers is not always reliable. Furthermore, the MWCO does not provide sufficient

information, not even qualitatively. This is shown in Fig. 2.9, where two rejection

curves are compared, describing the rejection as a function of molar mass as a size

indicator. The two membranes shown in this figure are different in MWCO, but also

in the variation of rejections as a function of molecular size. These variations occur

over several orders of magnitude, since the horizontal axis has a logarithmic scale.

The curves indicate that theMWCO has very limited value in predicting the rejection

of compounds with a molar mass different from the MWCO; even for solutes with a

molar mass close to the MWCO a prediction is unreliable, because other character-

istics such as the configuration of the molecule may also play a role.

A more detailed analysis can be made on the basis of sieving coefficients, which

are defined as one minus the retention, or:
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Si ¼ cp, i
cF, i

� �
(2.31)

For traditional ultrafiltration processes used for protein concentration, the selectivity

Ψ is defined as the ratio of the flux of a small solute (e.g., a buffer component) to that

of the product/protein of interest and is thus equal to the reciprocal of the protein

sieving coefficient (assuming that the sieving coefficient of the small solute is equal

to one) (Polyakov and Zydney, 2013).

Ψ i ¼ 1

Si
(2.32)

This selectivity (or separation factor) has a trade-off relationship with the hydraulic

permeability, similar to the “upper bound” used in gas separation and denoted in the

literature (Mehta and Zydney, 2005) with the worrisome term “line of death.” An

example of this trade-off relationship for bovine serum albumin (BSA) with different

UF membrane materials is shown in Fig. 2.10 (Mehta and Zydney, 2005).

Modeling of transport through ultrafiltration membranes is based on steady-state

hydrodynamic equations describing hindered diffusion and convection of solutes and

solvents. For the solute flux, the governing set of hydrodynamic equations for the

motion of a single solute particle in a pore can be directly solved (Polyakov and

Zydney, 2013). The role of the membrane in mass transport is in providing hin-

drances to diffusion and convection, which are due to solute steric restriction at

the pore entrance and frictional drag caused by hydrodynamic interactions with

the pore wall. This is described in modeling by simple hindrance factors; typically,

0%

100%

Rejection 
(%)

1000 10 000 100 000 1 000 000

Membrane A Membrane B
MWCO-A MWCO-B

Molar mass

90%

FIG. 2.9

Indicative rejection curves for two membranes A and B, with molecular weight cutoff values

MWCO-A and MWCO-B.
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these hindrance factors are related to the ratio of the solute to pore radius. The posi-

tion of the solute in the pore determines the hydrodynamic interactions with the wall;

therefore all forces that influence the equilibrium particle position within the pore

should be taken into account. Furthermore, the solute concentrations in the pore inte-

rior are related to the concentrations in the solution external to the membrane pores

by the solute equilibrium partition coefficient (Polyakov and Zydney, 2013). The

resulting transport and partition coefficients can be substituted into the differential

equations obtained by equating the gradient in the chemical potential of the solute to

the hydrodynamic drag force acting on the solute in the pore (Polyakov and

Zydney, 2013).

The sieving coefficient is then obtained by applying the Spiegler-Kedem model

over the length of the membrane pores (for a complete analysis the reader is referred

to the work of Opong and Zydney (1991)):

Si ¼ ΦKc exp Pemð Þ
ΦKc + exp Pemð Þ�1

(2.33)

in which Φ is the solute partition coefficient, Kc is the hindrance factor for solute

convective transport, and Pem is the membrane pore P�eclet number, defined as:

Pem ¼Kc

Kd

Nlp
D∞

(2.34)

Hydraulic permeability (LMH/Psi)

Hydraulic permeability (10-9 m/s/Pa)

S
ep

ar
at

io
n

 f
ac

to
r, 

1/
S

a

104

103

102

101

100

0 20 40 60 80 100 120 140 160

0 2 4 6 8

Polysulfones

Polycarbonates
Ceramics
E-Series

Cellulosics
Acrylic and Acrylonitrile

FIG. 2.10

Selectivity-permeability trade-off for ultrafiltration membranes using bovine serum albumin

(BSA) as the model protein (Mehta and Zydney, 2005).
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in which Kd is the hindrance factor for solute diffusive transport, lp is the membrane

thickness (¼pore length), and D∞ is the solute diffusion coefficient in the free solu-

tion outside the pore.

For an uncharged, hard sphere in an uncharged cylindrical pore, the partition

coefficient accounts for the steric exclusion of the solute from the region within

one solute radius of the pore wall and is therefore (Polyakov and Zydney, 2013):

Φ¼ 1�λð Þ2 (2.35)

In this equation, λ is the ratio between solute size and pore size. For the partition

coefficient for a charged hard sphere in a cylindrical pore with charged walls, other

equations are available (Polyakov and Zydney, 2013).

For λ <0.8:

Kc ¼ 1 + 2λ�λ2
� �

1:0 + 0:054λ�0:988λ2 + 0:441λ3
� �

(2.36)

Kd ¼ 1:0�2:30λ+ 1:154λ2 + 0:224λ3 (2.37)

Further extensions of this approach are in considering a pore size distribution instead

of a single pore size, although it appears that the pore size distribution for typical

ultrafiltration membranes has only a small effect on the permeability-selectivity

trade-off.

For further considerations and other conditions, the reader is referred to Mochi-

zuki and Zydney (Mochizuki and Zydney, 1992) and to Opong and Zydney (Opong

and Zydney, 1991).

For fouled membranes, the permeability and sieving coefficients become time

dependent. In the classical pore blocking model, in which it is assumed that all sol-

utes are larger than the pore size and are therefore completely retained, an exponen-

tial decrease is predicted:

N

N0

¼ exp �kGtð Þ (2.38)

in which kG is an empirical fouling coefficient (in principle equal to the initial vol-

umetric permeate flow rate G0 times the initial concentration).

When themembrane has a distribution pore sizes, withminimumpore radius rmin p
and a maximum pore radius rmax p, the permeate flux is given by an integral over the

pore size distribution, as follows:

N tð Þ¼ πΔP

8ηlp

ðrmaxp

rminp

n tð Þfn rp, t
� �

r4pdrp (2.39)

In this equation, n(t) is the total number of open pores per m2 at time t and fn(rp,t) is
the probability density function, which can be written as:ðrmaxp

rminp

n tð Þfn rp, t
� �

drp ¼ 1 (2.40)

The change in flux is depending on the kinetics of pore plugging:

44 CHAPTER 2 Microfiltration, ultrafiltration, nanofiltration



dn tð Þfn rp, t
� �

dt
¼ N tð Þn tð Þfn rp, t

� �
r4pðrmaxp

rminp

n tð Þfn rp, t
� �

r4pdrp

ðrmaxp

rp

c rsð Þdrs (2.41)

where c(rs) is the solute concentration density. This should fulfill the following

requirement:

c rsð Þdrs ¼Cfs rsð Þdrs (2.42)

C is the total number of solutes per m3 of solution (which is assumed to be constant)

and fs(rs) is the solute probability density function:ðrmaxs

rmins

fs rsð Þdrs ¼ 1 (2.43)

Eq. (2.41) generalizes the classical pore blockage model in the sense that the pore

plugging rate for pores of radius rp is proportional to the permeate flux through those

pores multiplied by the number concentration of hard sphere solutes with radii equal

to or larger than rp.
By combining Eqs. (2.39) and (2.41):

dn tð Þfn rp, t
� �

dt
¼�πΔP

8ηlp
fn rp, t
� �

r4p

ðrmaxp

rp

c rsð Þdrs (2.44)

This then eventually leads to the following flux equation:

N tð Þ¼ πΔP

8ηlp

ðrmaxp

rminp

n 0ð Þfn rp, 0
� �

exp �πΔP

8ηlp
r4pt

ðrmaxp

rp

c rsð Þdrs
 !

r4pdrp (2.45)

For uniform pore and solute size distributions, Eq. (2.38) is found again.

The selectivity of the membrane is composed of two contributions. Solutes with a

radius of at least rp are completely retained, while smaller solutes are retained due to

steric and/or electrostatic interactions.

For a compound with radius rs the permeate solute concentration density cp(rs,t)
at time t then becomes:

cp rs, tð Þ¼ c rsð Þ

ðrmaxp

rs

Si
rs
rp

� �
n tð Þfn rp, t

� �
r4pdrpðrmaxp

rminp

n tð Þfn rp, t
� �

r4pdrp

(2.46)

2.8 MODELING OF NANOFILTRATION (NF)
Nanofiltration modeling is complicated in the sense that steric effects are to be com-

bined with charge interactions on a molecular scale. This entails a combination of

transport by diffusive effects, convective flow, and electrostatic effects.
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2.8.1 UNCHARGED SOLUTES
For uncharged molecules, transport of is a combination of diffusion and convection.

This is reflected by the transport equations of Spiegler and Kedem for the water flux

and for the flux of a dissolved component (Spiegler and Kedem, 1996):

Nv ¼ Lp ΔP�σ �Δπð Þ (2.47)

Ns ¼PsΔc+ 1�σð ÞNvc (2.48)

in which Lp is the hydraulic permeability of the membrane, Ps is a solute permeability

coefficient equal to the diffusion coefficient evaluated in the pore divided by the

membrane thickness, ΔP is the applied pressure difference, Δπ is the osmotic pres-

sure difference (which will be described in more detail in the section on reverse

osmosis), and σ is the reflection coefficient, indicating the fraction of the solute that

is maximally retained by the membrane.

Solving this equation yields an expression for the rejection:

Ri ¼ σi 1�Fð Þ
1�σiF

(2.49)

With

F¼ exp �1�σ

Ps
Nv

� �
(2.50)

The reflection coefficient σ of a given component is the maximal possible retention

for that component. From Eqs. (2.49) and (2.50), it can be seen that this corresponds

with the rejection at an infinite solvent flux. A model for σ would provide the nec-

essary information about retention at relatively high solvent fluxes, and, correspond-

ingly, at high pressures.

In the Steric Hindrance Pore (SHP) model the reflection coefficient is calculated

based on the pore diameter and the diameter of the solute (Wang et al., 1997); it is

assumed that all pores have the same diameter. Therefore this uniform pore size

should not be considered a real value for the diameter of the pores. The calculated

pore size is understood to be the pore size of an imaginary membrane with uniform

pores, for which the retention of unchanged molecules is equal to the retention with

the real membrane. In reality not every pore is cylindrical with the same diameter; the

model is therefore an approximation of the membrane structure.

The reflection coefficient is approximated in a similar way as for ultrafiltration

membranes:

σ¼ 1�HFSF (2.51)

in whichHF is a “wall-correction parameter” representing the effect of the pore wall;

SF is a parameter representing steric hindrance during transport through the pores.

Expressions for HF and SF are as follows:

HF ¼ 1 + 16=9ð Þλ2 (2.52)
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SF ¼ 1�λð Þ2 2� 1�λð Þ2
� �

(2.53)

in which λ is again the ratio between solute size and pore size.

In the log-normal model (Bruggen et al., 2000) the pore size is not assumed con-

stant; a log-normal distribution is anticipated for the pore size. No steric hindrance in

the pores or hydrodynamic lag is taken into account, but it is assumed that a molecule

permeates through every pore that is larger than the diameter of the molecule. More-

over, the diffusion contribution to the transport through the membrane is considered

to be negligible. Therefore the reflection coefficient becomes:

σ rsð Þ¼
ðrs
0

1

Sp
ffiffiffiffiffi
2π

p �1
r
� exp �ð ln rð Þ� lnðrÞÞ2

2S2p

 !
dr (2.54)

inwhich rs ¼ ds/2. Sp is the standard deviation of the distribution, that is, ameasure for

the distribution of pore sizes. As the reflection curve (reflection coefficients as a func-

tion of solute size) corresponds to an integrated log-normal distribution, a small Sp
represents a large slope of the reflection curve; a large Sp represents a small slope.

The parameter r is amean pore size, that is, the size of a solute that is retained for 50%.

The final step in modeling the rejection of an uncharged solute is to calculate

the rejection based on the reflection coefficient. This is done by first transforming

Eq. (2.54) into an equation using readily available parameters, molar mass and

the MWCO. This yields (Van der Bruggen and Vandecasteele, 2002):

σ MW∗ð Þ¼
ðMW∗

0

1

SMW

ffiffiffiffiffi
2π

p � 1

MW
� exp �ð ln MWð Þ� lnðMWÞ+ 0:56 SMWÞ

2

2S2MW

 !
dMW (2.55)

in which MW is the MWCO of the membrane, and SMW is a distribution parameter

derived from Sp.
In this transformation, a relation of the form dc ¼ A (MW)B is assumed:

dc ¼ 0:065 MWð Þ0:438 (2.56)

Once the reflection coefficient is known, the rejection can be determined by using

Eq. (2.49). The parameter Ps can be deduced from the equation Ps ¼ Ds/Δx. The dif-
fusion coefficient is inversely proportional to the size of the molecule (Stokes’ law):

Ds ¼ A/ds, in which A is a constant. The equation for the permeability can thus be

written as:

Ps ¼ A

Δx
� 1
dc

(2.57)

The constant A and the membrane thickness can be brought together in one mem-

brane specific diffusion parameter Ω:

Ps ¼Ω

dc
(2.58)

472.8 Modeling of nanofiltration (NF)



Ω can be determined for each membrane with one single experiment with a known

solute (by preference a solute with a rejection that is not extremely high or low).

2.8.2 CHARGED SOLUTES
Modeling the rejection of ions by nanofiltration is complex, because it depends on

charge interactions between the solution and the membrane. These interactions do

not only depend on the specific ion that is considered alone, but also on the overall

(ionic) composition of the feed flow. This complicates the models that have been

developed. An excellent review of the detailed modeling approach for charged

solutes is given by Yaroshchuk and Bruening (Yaroshchuk and Bruening,

2018); this chapter explores a simplified strategy outlining the main principles

of such models.

The analysis of ion transport and rejection is typically based on irreversible ther-

modynamics, starting from the following equations (which are generalizations of

Eqs. (2.47), (2.48)):

Ni ¼� Pi

RT
ci
dμ eð Þ

i

dx
+Nvτici (2.59)

Nv ¼�χ � dp

dx
�
X

i
ci � 1� τið Þ �dμ

eð Þ
i

dx

 !
(2.60)

in which Pi is the ion permeability of i in the membrane, ci is the concentration of ion
I (which in reality represents a virtual concentration (Yaroshchuk and Bruening,

2018)), μi
(e) is the ion electrochemical potential, x is the membrane coordinate, τi

is the ion transmission coefficients (corresponding to one minus the reflection coef-

ficient), p is the hydrostatic pressure, and χ is the membrane hydraulic permeability

defined at zero gradients of electrochemical potentials of all the ions.

The electrochemical potential is written as:

μ eð Þ
i ¼ μ cð Þ

i +FZiφ (2.61)

The electric current density Ie is given by:

Ie ¼F
X

i
ZiNi (2.62)

Or

Ie ¼�g
dφ

dx
+
1

F
�
X

i

ti
Zi

dμ cð Þ
i

dx

 !
+ ρekNv (2.63)

with

g¼ F2

RT

X
i
Z2
i ciPi (2.64)

and ti is the ion transport number at zero volume flow
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ti ¼ Z2
i ciPiX

j

Z2
j cjPj

(2.65)

and the electrokinetic charge density:

ρek ¼F �
X

i
Ziciτi (2.66)

In nanofiltration, Ie is zero, so that the actual electrical field is

E¼�dφ

dx
¼ 1

F
�
X

i

ti
Zi
�dμ

cð Þ
i

dx
�ρek

g
�Nv (2.67)

As a result one obtains:

Ni ¼� Pi

RT
ci

dμ cð Þ
i

dx
�Zi

X
i

ti
Zi
�dμ

cð Þ
i

dx

 !
+NvTici (2.68)

where

Ti ¼ τi� tiρek
FZici

(2.69)

is the ion transmission coefficient at zero electric current, which includes ion move-

ment due to the streaming potential gradient. This is equivalent to modeling transport

using the extended Nernst-Planck equation, with some slight nuances; it is the basis

for further modeling of ion transport in various cases.

Nanopore models provide a mechanistic approach to derive the coefficients in

irreversible thermodynamics modeling. However, although mechanistic models pro-

vide insight into the thermodynamic coefficients, this approach may be based on

incorrect assumptions, such as steric exclusion taking solute size into account but

neglecting the finite size of solvent molecules, which is important in sub-nm pores.

The literature contains several variations on the approach highlighted here, which

may be based on irreversible thermodynamics (extended Nernst-Planck equation) or

on a mechanistic approach. Typically, all these models share a high complexity; the

approach of Yaroshchuk and Bruening (Yaroshchuk and Bruening, 2018), however,

is one of the few allowing to predict all experimental observations, including the

occurrence of negative rejections.

2.9 MODELING OF ORGANIC SOLVENT NANOFILTRATION (OSN)
Organic solvent nanofiltration is considered separately from aqueous nanofiltration,

because of the strong differences not only in membrane materials, but also in inter-

actions that govern the permeability and the separation. Even when the size range of

solutes to be separated is the same, and applied pressures are in the same range, the

governing equations are different from those used in aqueous nanofiltration. For this

reason, OSN is usually considered a separate process.
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It is expected that membrane properties (hydrophilicity/hydrophobicity, swell-

ing, presence of “nanovoids”, etc.) as well as solvent properties (viscosity, molar vol-

ume, polarity, solubility) play a role in the membrane performance. Thus a challenge

is in developing a model applicable to different types of membranes (with varying

degrees of hydrophilicity/hydrophobicity) and a wide range of solvents (polar and

nonpolar) and solutes. In the literature, different mathematical models have been

used to predict transport of solvents through polymeric OSN membranes. In most

cases, solution-diffusion and pore flowmodels have been used to fit the experimental

data (White, 2002; Yang et al., 2001; Stafie et al., 2005). Permeation of organic sol-

vents through membranes does not simply follow the traditional models generally

used in aqueous media. The origin of this deviation can be found in physicochemical

interaction parameters occurring between the solvent and the membrane material

(Darvishmanesh et al., 2009a).

A conventional approach in describing fluxes in OSN is in considering solvent

transport through the membrane by solution-diffusion. The difference with aqueous

NF is then in the estimation of the permeability coefficient, which only includes the

solvent viscosity in the case of water. For solvents, several correlations have been

proposed:

Lp � Vm

η

� �
� 1

Φnγsv

� �
(2.70)

in which η is the viscosity, Vm is the molar volume (as a measure for molecular size),

γsv is the surface energy of the solid membrane material, and φn is a sorption value (as

a measure for membrane-solvent interactions) (Bhanushali et al., 2001).

In an alternative approach to consider solvent transport through the membrane by

viscous flow, the permeability can be expressed as (Machado et al., 2000):

Lp � 1

λ γc� γlð Þ+ f1η½ �+ f2η
� �

(2.71)

In this equation, the membrane is a combination of a nanofiltration top layer with

an ultrafiltration sublayer; solvent independent parameters are used to characterize

the NF (f1) and UF sublayer (f2). The parameter λ is a solvent-membrane depen-

dence parameter that shows the porosity of the membrane surface. The affinity

of the solvent and membrane is considered by including the difference between

γc, the surface tension of the membrane material, and γl, the surface tension of

the solvent.

In a hybrid modeling approach, the membrane can be considered as a parallel

connection of a matrix having the solution-diffusion mechanism of solvent transport

and of pores where the solvent is convectively transported without change of con-

centration (Darvishmanesh et al., 2009b). This is schematically shown in Fig.

2.11. The hybrid approach leads to the following flux equation:

Nv ¼ a0α

ηexp 1�βð Þ ΔP�Δπð Þ+ b0
ηexp 1�βð ÞΔP (2.72)
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in which a0 and b0 are specific diffusivity and permeability values, and β is defined

as:

β¼ γm
γl

(2.73)

with γm the surface tension of the membrane, and γl the surface tension of the liquid,
in case of a hydrophobic membrane, and

β¼ γl
γm

(2.74)

in case of a hydrophilic membrane.

In spite of the efforts made to develop generally applicable models, these usually

lack a broad predictive ability. They are able to predict the behavior of series of sol-

vents (solvents of the same type, e.g., alcohols, ethers, etc.) for a given membrane,

but they fail in providing a general prediction, and are unable to explain the perfor-

mance of some of the solvents tested (Andecochea Saiz et al., 2018).

The role of solute-membrane interactions may, however, be crucial in transport

modeling; it is known that equal solvent/membrane pairs show different results with

different solutes (Rezaei Hosseinabadi et al., 2014). In the assessment of these inter-

actions, the Hansen Solubility Parameter (HSP) plays a key role. This may explain

solvent permeabilities beyond the models outlined previously (Buekenhoudt et al.,

2013). Furthermore, the HSP approach may also qualitatively and even quantita-

tively predict solute fluxes and rejections in organic solvents. This, however, is

restricted to nanoporous membranes. The HSP was used as a parameter together with

the dielectric constant to predict separation factors in OSN (Li et al., 2014), without

identifying the different components of the HSP.

The Hansen Solubility Parameter has three components: a dispersion, polarity,

and hydrogen bonding component. These can be calculated by a group contribution

method (Barton, 1991):

δd ¼
X

Fd

	X
V

(2.75)

FIG. 2.11

Hybrid model for organic solvent nanofiltration, combining viscous transport with diffusive

transport (Darvishmanesh et al., 2009b).
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δp ¼ ΣFp
2

� �1=2	
ΣV

(2.76)

δh ¼ Σ�Um

.
ΣV

� �1


2

(2.77)

Values for commonly occurring groups are given in Table 2.1 (Barton, 1991).

A ternary HSP diagram, also denoted as Teas plot (Teas, 1968), shows the three

components of the HSP in a triangular diagram. The different components of the HSP

are expressed as a percentage, with the sum of the three coordinates always 100%.

For the dispersion axis, this is:

%d Teas ¼ δd
δd + δp + δh

�100 (2.78)

An example of such a Teas plot is given in Fig. 2.12, based on HSP values of solvents

from the work of Hansen (Hansen, 2007). In a Teas plot, it can be visually assessed

how close the HSP of two components are to one another; this is a basis to estimate

whether their interactions are expected to be high. The closer two points are in the

diagram, the greater the interactions (e.g., solvent miscibility in Fig. 2.12, which is

Table 2.1 Group contribution method for calculating the dispersion, polarity,
and hydrogen bonding component of the Hansen Solubility Parameter (Barton,
1991)

Group
Fd
(J1/2 cm3/2 mol21)

Fp
(J1/2 cm3/2 mol21)

2Um

(Jmol21)
V
(cm3 mol21)

80 0 0 �1.0

200 0 0 13.5

270 0 0 16.1

400 0 0 28.5

420 0 0 33.5

70 0 0 �5.5

�70 0 0 �19.2

100 400 3000 3.8

290 770 2000 10.8

390 490 7000 18

1430 110 0 71.4

210 500 20,000 10

Plane of
symmetry

– �0.5 – –
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the traditional application are of the Teas diagram). A compound with a predominant

polarity component should be located in a similar place as another compound with a

similar polarity predominance, although their absolute value of polarity might not be

the same.

For OSN, it was observed that solvents with a similar permeability appear in the

same area of the graph, that is, solvents with a similar HSP distribution have similar

permeabilities and thus a similar level of interaction. The higher the flux, the higher

the interactions and the closer the data points in the diagram. Therefore it can be

assumed that the HSP distribution of the membrane would be in the area where high

permeability solvents are plotted and thus the HSP distribution of the membrane is

obtained (Andecochea Saiz et al., 2018). In some cases, the HSP of the membrane

can be determined directly.

In order to describe rejections, it can be also considered that the solutes with a

HSP closer to the one of the membrane have lower solute rejections. This can be
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FIG. 2.12

Teas diagram for a set of common solvents (Andecochea Saiz et al., 2018).
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predicted by considering a relative affinity (solvent to solute) to the membrane

(Andecochea Saiz et al., 2018):

Relative affinitySoM�SM ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
δdSo�δdMð Þ2 + δpSo�δpM

� �2
+ δhSo�δhMð Þ2

q

�
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
δdS�δdMð Þ2 + δpS�δpM

� �2
+ δhS�δhMð Þ2

q
(2.79)

For a small relative affinity, representing a high affinity of the membrane to the sol-

ute compared with the affinity to the solvent, rejections are predicted to be low. This

is observed when the membrane has much more affinity for the solute and higher

rejections occur when it has much more affinity for the solvent.

The general procedure to use the HSP for modeling OSN is shown in Fig. 2.13

(Andecochea Saiz et al., 2018).

FIG. 2.13

General procedure for using the Hansen Solubility Parameter for modeling organic solvent

nanofiltration (Andecochea Saiz et al., 2018).

54 CHAPTER 2 Microfiltration, ultrafiltration, nanofiltration



2.10 MODELING OF REVERSE OSMOSIS (RO)
For reverse osmosis, the permeability is described by Eq. (2.47). The reflection

coefficient is sometimes not taken into account, as it is assumed to be equal

to one:

Nv ¼ Lp ΔP�Δπð Þ (2.80)

Typical RO membranes have a NaCl rejection of at least 98% at operational pres-

sure, so that the approximation does not invoke a large error. The difficulty, how-

ever, is in a correct calculation of the osmotic pressure. The occurrence of osmotic

pressure is typical for reverse osmosis and originates from the fact that the two

phases separated by the membrane are directed toward chemical equilibrium, but

not toward mechanical or thermal equilibrium. As a result, the concentrated phase

(the feed) is diluted, which increases the pressure on feed side until the chemical

potential is equal on both sides as indicated in Eq. (2.1). Thus the effective pressure

is the applied pressure minus this osmotic pressure, as indeed appears in Eq. (2.80).

Calculating the osmotic pressure can be carried out for simple systems based on

van’t Hoff’s equation:

Δπ¼ νici
RT

MW
(2.81)

in which νi is the number of ions in the dissociated salt, ci the concentration (in g/L

units), andMW the molar mass of the ion. This is of course equivalent to Eq. (2.82),

with molar concentrations:

Δπ¼ νiciRT (2.82)

It is obvious that osmotic pressure is only significant when small solutes are retained,

since molar mass is in the denominator. This is the case for reverse osmosis and

partly for nanofiltration, but not for ultrafiltration or microfiltration.

The van’t Hoff equation is built up in a form that reminds of the ideal gas law

derived in thermodynamics. Indeed the van’t Hoff equation is based on the same

thermodynamic functions (considering the entropy of mixing), in order to calculate

the energy associated with the mixing of two or more components in a solution while

neglecting nonideal interactions. Thus both equations are only considering the con-

centrations of the components present in the solution; interactions or the overall com-

position are not taken into account. However, ideality is a reasonable approximation

only for dilute salt solutions, much below the concentrations found in seawater. At

seawater concentrations, the difference between the Van’t Hoff equation and mea-

sured values becomes significant.

For higher concentrations, as is also the case for example, industrial brines,

a more detailed calculation can be obtained with the Pitzer model (Pitzer, 1973). This

model calculates the osmotic pressure on the base of interactions between ions. The

osmotic pressure is expressed as:

Δπ¼ΦRT
X

i
γici (2.83)
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This requires the calculation of activity coefficients (γi); ϕ in this equation is an

osmotic pressure coefficient, indicating the deviation from the Van’t Hoff model.

ϕ can be calculated (for a 2–1 electrolyte) with the following equation:

ϕ�1¼ |zmzX|f ϕ +m 2vmvX
v

� �
Bϕ

MX +m
2 2 vmvxð Þ3=2

v

 !
Cϕ

MX (2.84)

where the fugacities and the interaction coefficients can be obtained from theoretical

considerations and experimental values:

ϕ�1¼ 2 � f ϕ +m4

3
Bϕ

MX +m
2 2

5=2ð Þ

3
Cϕ

MX (2.85)

¼ 2 � �Aϕ
I1=2

1 + bl1=2
+m

4

3
β 0ð Þ +

4

3
β 1ð Þ exp �α I�1=2

� �� �
+m2 2

5=2ð Þ

3
Cϕ

MX (2.86)

More detailed explanations on the application of the Pitzer model can be found in the

literature.

Although several models have been developed for transport in reverse osmosis

(models based on irreversible thermodynamics, Maxwell-Stefan-based models,

hydrodynamic or pore models) (Malaeb and Ayoub, 2011), the generally accepted

theory is solution-diffusion (Wijmans and Baker, 1995). In this approach, a three-

step mechanism is assumed. First, the solutes present on the feed side partition into

a polymeric membrane; second, the solutes diffuse through the membrane phase; and

third, the solutes desorb to the permeate stream. The solution-diffusion process is

schematically shown in Fig. 2.14 (Wang et al., 2014).

Fig. 2.15 shows the changes in pressure, chemical potential, and activity in and

around the membrane phase. Based on these assumptions, an analysis can be made.

Membrane

Permeate
side

Feed
side

Ci,1
s Ci,1

m
Ci,2

m

P2
P1

mi,2
smi,1

s mi,1
m

Dx

mi,2
m

Ci,2
s

FIG. 2.14

Solution-diffusion in a densemembrane, with solutes partitioning into themembranematerial

at the feed size and diffusing across the membrane (Wang et al., 2014).
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On the feed side, components partition into the membrane phase:

ci,o mð Þ ¼Kici,o (2.87)

with ci,o(m) the concentration of i inside the membrane, and ci,o the concentration in

the liquid on the feed side, at the membrane interface.

At the permeate side, there is a pressure difference, but the chemical potentials

should be equal:

μi, l mð Þ ¼ μi, l (2.88)

Or

μ0i +RTln γi, lci, l
� �

+ vi pl�pi,satð Þ¼ μ0i +RTln γi, l mð Þci, l mð Þ
� �

+ vi p0�pi,satð Þ (2.89)

Thus it can be deduced that

ci, l mð Þ ¼Kici, l exp �vi p0�plð Þ
RT

� �
(2.90)

This can be used in Fick’s law to describe diffusion through the membrane:

Ni ¼
Di ci,o mð Þ �ci, l mð Þ
� �

Δx
(2.91)

which gives:

Ni ¼DiKi

Δx
ci,o�ci, l exp �vi p0�plð Þ

RT

� �� �
(2.92)

When the applied hydrostatic pressure balances the water activity gradient, in the

point of osmotic equilibrium, Ni ¼0 so that

ci, l ¼ ci,0 exp
vi Δπð Þ
RT

� �
(2.93)

FIG. 2.15

Pressure-driven permeation of a one-component solution through a membrane according to

the solution-diffusion model.
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So that

Ni ¼DiKici,o
Δx

1� exp �vi p0�plð Þ�Δπ½ �
RT

� �� �
(2.94)

The second term with the exponential function is small. For small values of x, the
function (1�exp(x)) can be approximated by x. This gives then

Ni ¼DiKici,o
Δx

� vi ΔP�Δπ½ �
RT

(2.95)

which can be simplified to

Ni ¼A � ΔP�Δπ½ � (2.96)

which is again Eq. (2.47), with σ intrinsically taken into account by only considering
the nonrejected compounds in the osmotic pressure.

For the solute, Eq. (2.92) can also be simplified by observing that the exponential

function is close to unity (vi(p0�pl)) is small:

Ni ¼DiKi

Δx
ci,o�ci, lð Þ (2.97)

which can be written as

Ni ¼B ci,o�ci, lð Þ (2.98)

in which B is the salt permeability:

B¼DiKi

Δx
(2.99)

For a more detailed description of the use of the solution-diffusion model, the reader

is referred to Wijmans and Baker (1995).

2.11 MODELING OF FORWARD OSMOSIS (FO)
Forward osmosis makes use of the same principles as reverse osmosis, but with trans-

port occurring in the natural, “osmotic” direction. The relation between (forward)

osmosis and reverse osmosis is shown in Fig. 2.16.This indicates that the direction

of changes in parameters is different, but the transport by solution-diffusion is the

same. Thus it could be assumed that the same transport equations could be used with

different parameters. However, a dominant aspect to be taken into account for for-

ward osmosis is concentration polarization. Forward osmosis membranes are used

with the active layer of the membrane directed to the feed side, in order to optimize

the separation performance of the membrane (which is the aim of the process). The

permeate side of the membrane has now a concentrated draw solution, and this solu-

tion contacts the support layer of the membrane. This causes a concentration profile

inside the porous support, which cannot be easily controlled by turbulence promoters

or stirring, since it occurs inside the membrane structure. This effect is denoted as

“internal concentration polarization” (or ICP) and affects the performance of the
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Solvent activity g ici

FIG. 2.16

Changes in chemical potential, pressure, and activity for osmosis, osmotic equilibrium, and

reverse osmosis.
Redrawn based on Wijmans, J.G., Baker, R.W., 1995. The solution-diffusion model: a review. J. Membr. Sci.

107, 1–21.
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process. Thus models for forward osmosis should take ICP into account. External

concentration polarization (ECP) is added to this. The concentration changes due

to polarization are shown in Fig. 2.17.

Pressure-retarded osmosis is similar to forward osmosis, but since the objective is

in energy generation and not in purification, the active side of the membrane is nor-

mally directed toward the draw solution. Transport through the membrane again

occurs according to the same fundamental principles, with similar effects of concen-

tration polarization.

To account for external concentration polarization, the concentration polarization

modulus CP can be used:

CM¼ cm
cf

¼ 1�Rrð Þ+Rr exp
Nw

kf

� �
(2.100)

in which Rr is the rejection,Nw is the water flux, and kf is the mass transfer coefficient

of the feed channel.

The mass transfer coefficient kf can be written as (Manickam and McCutcheon,

2017):

kf ¼Ds
ε=τ
Δx

¼Ds

S
(2.101)

(A) (B)
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CDm

CFm

CFm

CF CFJw

Js

Jw

Js

z = 0 x = 0 x =Dxsup

Feed
Feed

Draw Draw

Dp Dp

Dxsupd

Dpeff

Dpeff

FIG. 2.17

Concentration profiles through an asymmetric membrane used for FO/PRO, illustrating the

reduction in the osmotic pressure difference due to (A) concentrative ICP in PRO mode and

(B) dilutive ICP in FO mode (Wang et al., 2014).
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With

S¼Δx � τ
ε

(2.102)

S is denoted as the “structural parameter” of the membrane. Membranes with low S
values are preferred in order to reduce the severity of ICP (Manickam and

McCutcheon, 2017), since these membranes would have a better mass transfer char-

acteristic, as appears from Eq. (2.101).

The effect of ECP appears in the actual osmotic pressure, which is lower than

suggested by the equations given previously. The real osmotic pressure is:

Δπeff ¼Δπ �Rr exp
Nw

kf

� �
(2.103)

where the osmotic pressure is calculated by van ‘t Hoff’s equation (Eq. 2.82) or by

the Pitzer model.

The water flux is then determined from

Nw ¼A Δπeff �ΔP
� �

(2.104)

In order to account for internal concentration polarization, the actual concentration

inside the membrane, in between the support layer and the active layer, should be

determined. This concentration is not a measureable quantity, but it can be related

to salt flux across the support membrane:

Ns ¼�Ds dc xð Þ
dx

�Nwc xð Þ (2.105)

In this equation, Ds is the diffusivity of the solute in the porous support layer of the

composite membrane.

The salt flux can also be determined from the transport equation through the

active layer, which can be equalized:

�Ds dc xð Þ
dx

�Nwc xð Þ¼B cDm�cFmð Þ (2.106)

The resulting equations for water flux and solute flux are then obtained as follows

(Wang et al., 2014):

Nw ¼A

πD exp �Nw

kf

� �
�πF exp NwKð Þ

1 +
B

Nw
exp NwKð Þ� exp �Nw

kf

� �� ��ΔP

2
664

3
775 (2.107)

And

Ns ¼B

πD exp �Nw

kf

� �
�πF exp NwKð Þ

1 +
B

Nw
exp NwKð Þ� exp �Nw

kf

� �� �
2
664

3
775 (2.108)
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where K is a parameter to quantify the extent of ICP called resistance to solute dif-

fusion by the porous substructure, which depends on the orientation of the mem-

brane. For PRO mode and deionized water as the feed solution:

K¼ 1

Nw
ln

B +AπD�Nw

B +AπF

� �
(2.109)

And for FO mode:

K¼ 1

Nw
ln

B +AπF
B +AπD�Nw

� �
(2.110)

Typically, the water and salt permeabilities, that is, the coefficients A and B used in

calculating K and, consequently, S, are determined from experiments evaluation FO/

PRO membranes in reverse osmosis, which implies that the membrane is operated at

elevated pressure. This would not represent the actual transport conditions in FO

operation. Thus transport and structural parameters of FO membranes should be

determined from FO experiments, for example, by using a range of concentrations

of the draw solution.

For a complete overview of transport modeling in FO and PRO, the reader is

referred to Manickam and McCutcheon (Manickam and McCutcheon, 2017). It

should be remarked that current models for FO and PRO may not be fully able to

predict the performance of a membrane under process conditions; this is, for exam-

ple, clear through the observation of negative rejections (D’Haese et al., 2018),

which cannot be predicted by the currently accepted models. Such effects are sug-

gested to be caused by adsorption of the solutes to the membrane followed by

coupled transport (D’Haese et al., 2018).

Some authors also remark that convective transport plays a nonnegligible

role (Amamiya et al., 2017). The mass transfer equations explained previously

indeed do not take a convective term into account, as typical for solution-diffusion.

This could be solved by applying nonequilibrium thermodynamics to introduce

the convection effect. Such approach may indeed be of practical use to understand

the reverse salt flux, that is, the salt flux from the draw solution to the feed solution,

which is usually assumed to be a diffusive flux. Although typically neglected,

it was found that the effects of the reverse draw solute flux and ECP were not neg-

ligible for predicting the water flux in some operating conditions, such as in a

feed solution with a high solute concentration (Suh and Lee, 2013). Adjusted

operating modes such as Pressure-Assisted Osmosis (PAO) are to overcome current

limitations of forward osmosis such as the reverse salt flux (Kim et al., 2017). The

reverse flux of the draw solution is of course largely dependent on the nature of the

draw solution; much experimental work is carried out with NaCl as the draw solute,

while for practical applications this may not make much sense, and larger solutes

with a lower reverse flux are explored as potential candidates.
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2.12 MODULE PERFORMANCE
When the performance of a membrane for a given application (fluxes and separation)

is determined, this is often done by considering a small membrane sample in labo-

ratory conditions. This gives an impression of the potential of a membrane, but may

not reflect the actual performance of a module. This is because concentrations in the

feed flow change due to the selective removal of compounds through the membrane;

when the solvent permeates and solutes are retained, the concentration of these sol-

utes increases gradually during the flow through the module. Considering that the

intrinsic rejection of a membrane would remain the same, a higher feed concentration

would also translate in a higher permeate concentration. Thus the permeate compo-

sition should vary along the module, by definition; the overall product that is

obtained is an average composition taken from the entire module.

The overall mass balance over the entire module is:

qf ¼ qp + qr (2.111)

with qf, qp, and qr are the overall flow of feed, permeate, and retentate, respectively.

The mass balance for a solute is:

qf cf ¼ qpcp + qrcr (2.112)

From Eqs. (2.111), (2.112), it can be calculated that

cr ¼ cf �Scp
1�S

(2.113)

With

S¼ qp
qf

(2.114)

In order to assess the overall module performance, these mass balances should be

considered for each infinitesimal segment of the module (see Fig. 2.18):

c0r ¼ cf �S0c0p
1�S0

(2.115)

In which S0, c0p, and c0r are local yields and concentrations.

cf , qf

qp

cr, qr

pc
pc'

'c

0S =
'SS =

SS =

FIG. 2.18

Segmentation of a module in order to determine the overall module performance.
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By integrating over the module from 0 to the position that is considered, c0p can be
calculated:

c0p ¼ 1

S0

ð
1�Rð Þc0dS (2.116)

Combine and derive to S0:

dc0

dS0
¼ R � c0
1�S0

(2.117)

This equation can be solved by: ð
dc0

c0
¼
ð
RdS0

1�S0
(2.118)

Which yields

cr ¼ cf 1�Sð Þ�R
(2.119)

and

cp ¼ cf 1�Rð Þ 1�Sð Þ�R
(2.120)

This is the final concentration of the permeate at the end of the module, not the aver-

age concentration. For the average concentration:

cp ¼ cf
S

1� 1�Sð Þ1�R
� �

(2.121)

which eventually gives the overall module performance based on the yield S and the

rejection R.

2.13 CONCLUSIONS
Process modeling for pressure-driven membrane processes is highly dependent on

the specific aspects of the process and the intended separation. In microfiltration,

a process typically applied in dead-end mode, the variation of the flux is emphasized.

Due to the rejection of nondissolved material, a cake layer may form on the mem-

brane, which either results in a decrease of the flux, or an increase in the pressure

required to sustain the flux. This may be further complicated by the occurrence of

biofouling, which is difficult to adequately predict. This makes a pragmatic process

monitoring necessary, in order to verify the expected effects of flux decline.

In ultrafiltration, models describe the separation by steric exclusion (the sieving

effect); this relates to the membrane selectivity, while the flux variations are

described by pragmatic fouling models.

Nanofiltration models have two focal points: (1) the description of the steric

exclusion, which is similar to ultrafiltration but for smaller molecules, on nanometer

scale, and (2) the prediction of charge interactions leading to the rejection of ions.

Models for organic solvent nanofiltration are different and should consider the inter-

action effects between the membrane, the solvent, and the solutes, which can be
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described by several parameters; the Hansen Solubility Parameter gives the best

(qualitative) appraisal of solvent and solute transport, but models still lack a quan-

tification that is valid for all membrane-solvent-solute combinations.

In reverse osmosis, the transport mechanism by solution-diffusion is well under-

stood, and the main challenge in models is in a correct estimation of the osmotic pres-

sure. The description of other osmotic processes such as forward osmosis (but also

pressure-retarded osmosis and pressure assisted osmosis) is based on the solution-

diffusion approach as well, but has specific attention for effects of internal and exter-

nal concentration polarization.
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3.1 PROCESS DESCRIPTION
Pervaporation is a technique oriented to the separation of liquid mixtures that are

characterized by a reasonable volatility. Originally, the term pervaporation is a com-

bination of the words “permselective” and “evaporation,” first reported in 1917 by

Kober (1917). The reason of this name states in the operating mode since the com-

ponents present in a liquid stream in contact with a dense membrane permeate selec-

tively through themembrane to the permeate side, where they are collected in a vapor

phase. Thus, permeation and evaporation are taking place somewhere inside the

membrane. The main interest of pervaporation is that the separation is not based

on the thermodynamic equilibrium between the vapor and liquid phase, as occurs

in distillation. This means that the concentration of the permeate is not defined by
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the vapor-liquid equilibrium but by the permeability of the compounds through the

membrane, which depends on their solubility and diffusion rate in the membrane.

This makes pervaporation an alternative technology to distillation when the energy

penalty becomes very high due to the presence of azeotropes or close-boiling point

components. Also, the recovery of small quantities of impurities and the enhance-

ment of equilibrium reactions are typical attractive areas for pervaporation. In addi-

tion to being less energy-intensive technology and thus more economical,

pervaporation is safe and ecofriendly and it is considered as a clean technology.

In the pervaporation process, the feed solution is kept at a specific temperature

and pressure that ensure a liquid phase during the operation (i.e., temperature lower

than the boiling point and pressure higher than the bubble point of the feed). A dense

membrane is required to perform the separation since it is the membrane that gives

selectivity to the process. This means that the membrane is the key factor in the sep-

aration and the efficiency of pervaporation to separate a specific compound from the

mixture depends on the selectivity provided by the membrane. The components that

permeate through the membrane vaporize somewhere inside the membrane until

reaching the other side, that is, the permeate side. The permeate side is kept normally

under vacuum so that a large driving force is ensured. The use of a sweep gas is not

very common and the components that have permeated (the “permeate”) are con-

densed and collected again in a liquid phase. The liquid stream that did not permeate

through the membrane is called “the retentate” and is concentrated in the less per-

meant species. The driving force for the separation is the difference in the partial

pressures of the components at the two sides of the membrane. The selectivity of

the separation is given by different transport rates of the molecules through the mem-

brane as a result of different solubilities and diffusivities of the components. Fig. 3.1

shows a schema of the pervaporation process and the two regions, the liquid and

vapor phase zones, formed during the permeation of compounds through the mem-

brane (Seader et al., 2013). The vapor-liquid interface may be located at any place

inside the membrane or even very close to the feed or permeate sides.

Evaluating the mass transfer in pervaporation is performed in two ways:

(i) determining the transmembrane flux (total flux and individual flux for each com-

pound) and the separation factor; and (ii) applying mathematical models that try to

describe the mass transfer through the membrane, leading to the calculation of the

main mass transfer coefficient, that is, the permeability (or permeance), and the

selectivity. The first approach consists of calculating the transmembrane flux and

the separation factor from experimental results when testing the membrane under

specific conditions of temperature, pressure, and feed composition and will give

us information on the membrane area that we need to perform a specific separation

and the permeate purity. Thus we will have information on the process performance.

On the other hand, the second approach allows going deeper and evaluating to which

extent the membrane is enhancing the permeance of one or other compound, and if

the selected membrane is a good choice or the operation is not optimal. Thus we will

have information on the membrane performance. These two different approaches
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give complementary information and both are essential to finally have the overall

picture on the efficiency of the separation and the best operating conditions that

should be applied (and the penalty of not working under those conditions).

Based on this reasoning and after giving a general overview of applications,

the following sections will provide with the essential information that has to be

evaluated when using pervaporation as the separation technique as well as when

synthetizing membranes for a specific separation target. Understanding the differ-

ence between the use of parameters such as permeability and selectivity and more

applicable variables such as transmembrane flux and separation factor is critical

to give projection to pervaporation at industrial level (Luis and Van der Bruggen,

2015a).

Feed 
(liquid) 

Retentate 
(liquid) 

Permeate 
(vapor) 

Pervaporation cell

Liquid feed

Liquid retentate

Minimum required operating conditions

Feed Permeate

Liquid
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(normally Pperm < 1 bara)

Vapor
phase
region

Component A

Component B

Component C

Component N

Tfeed < Tb

Pfeed > Pbubble
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...
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FIG. 3.1

Pervaporation process of a multicomponent mixture with N components. Tfeed, feed

temperature; Tb, boiling point of the feed solution; Pfeed, feed pressure; Pbubble, bubble point

of the feed solution; Pperm, permeate pressure.
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3.2 GENERAL OVERVIEW OF APPLICATIONS
Pervaporation is reaching industrial maturity due to the accumulated experience in

membrane manufacture and operation of pervaporation units. Several applications

concerning end-of-pipe processes are industrially well established, such as solvent

recovery (e.g., dehydration of ethanol/water and isopropanol/water azeotropes),

but the number of applications has dramatically increased in the last years, integrat-

ing pervaporation in the production process (e.g., separation of reaction mixtures

containing azeotropes). Thus the major fields of current application can be generally

classified as follows:

• Separation of water from aqueous/organic mixtures. This application includes the

separation of water, which is the low concentration component in the feed

mixture, from organic solvents (dehydration); the separation of water-organic

azeotropes (e.g., water/ethanol, water/isopropanol, etc.); and the enhancement

of equilibrium-limited reactions that include water as a reaction product (e.g.,
esterification reactions), by shifting the reaction equilibrium due to water

removal. The commonmembranes in this application are hydrophilic membranes

to enhance the permeation of water (the low concentration compound) from

the mixture. Hydrophilic membranes are designed to incorporate attractive

interactions between water and the membrane material such as dipole-dipole

interactions, hydrogen bonding, and ion-dipole interaction (Semenova et al.,

1997). Most developed materials for dehydration applications are poly(vinyl

alcohol), chitosan, alginate, polysulfone, polyimides, polyamides,

polyelectrolyte membranes, polyaniline, ceramics, zeolites, and mixed-matrix

membranes (Chapman et al., 2008).

• Removal of (volatile) organic compounds from aqueous streams. This

application can have an environmental purpose, such as treating wastewater

contaminated with organics (Lipski and Côt�e, 1990), or an economic one, such as

the recovery of valuable organic compounds from process side streams

(Kashemekat et al., 1981). Examples include (Kujawski, 2000) the removal

of chlorinated hydrocarbons; the separation of organics from the fermentation

broth; the separation of aroma compounds, wine and bear dealcoholization; and

the removal of volatile organic compounds from air. Hydrophobic membranes

are normally used to favor the permeance of the less hydrophilic (organic)

compound.

• Separation of organic/organic mixtures. This application is showing an

increasing attention and interest by researchers and industry due to the economic

advantage that pervaporation can offer if the membrane can afford this

challenging separation. Examples include the separation of azeotropes (e.g.,
ethanol/cyclohexane, methanol/methylacetate, methanol/MTBE, etc.); the

separation of isomers (e.g., xylenes); the separation of products from

equilibrium-limited reactions, such as transesterification reactions (e.g.,
methanol/butyl acetate in the transesterification of n-butanol with methyl acetate;
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ethanol/methyl acetate in the transesterification of methanol with ethyl acetate)

(Luis et al., 2013). For organic-organic separations, polymeric membranes are

mainly chosen on the basis of relative solubility parameter of the organics

and the membranes (Ray et al., 1997), although hydrophilic membranes are also

used, for example, for the separation of a smaller amount of methanol from

ethers like MTBE (Ray et al., 1999).

Pervaporation may be proposed as a stand-alone technology, meaning that the per-

vaporation unit is only responsible for the separation of the mixture. However, this

involves having a membrane that covers all the necessities of the separation, provid-

ing the required permeate composition and flux to work under economically feasible

conditions, mainly in terms of membrane area. In this case, pervaporation is repla-

cing the distillation column and the reaction mixture is sent to the pervaporation unit

and the retentate is returned (if required) to the reactor. Reactive pervaporation has

been also proposed, in which the reaction takes place inside the pervaporation unit,

for example, using catalytic membranes. Reaction and pervaporation are integrated

in a single unit. However, when pervaporation alone is not able to separate econom-

ically a mixture with a specific feed concentration, combination of pervaporation

with conventional distillation is considered. The reaction mixture is then first sent

to a distillation column in which an azeotropic or a close-boiling point mixture is

obtained, and then, this mixture is sent to the pervaporation unit to break the azeo-

trope or separate the target compounds to a target purity. A widely implemented case

is the separation of alcohol/water azeotropes.

Pervaporation is thus reaching a more relevance in an industrial scenario in which

a high energy penalty is not an option for the future. What can be expected from com-

mercial and underdevelopment membranes is the key factor to design the appropriate

process (stand-alone pervaporation, reactive pervaporation, hybrid distillation-

pervaporation) and orientate further research. The transmembrane flux, separation

factors, permeability (or permeance), and selectivity are thus the most relevant data

to evaluate the technical and economic viability of pervaporation.

3.3 MASS TRANSFER IN PERVAPORATION
Several mass transfer models are commonly applied in pervaporation, depending

on the membrane material and structure. Diffusion through a dense membrane

(normally polymeric membranes) is typically described by means of the solution-

diffusion model while for porous membranes (normally inorganic membranes),

the pore-flow model defines different microscopic transport regimes, depending

on pore size (Luis and Van der Bruggen, 2015a). As a rough rule of thumb, the tran-

sition between permanent (pore-flow) and transient (solution-diffusion) flow appears

to be in the range 5–10Å diameter (Wijmans and Baker, 1995). Both models have

been demonstrated to lead to good approximations of mass transfer when binary mix-

tures are considered as feed solution. Mass transfer of multicomponent mixtures
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involves interactions among components and membrane, which can be described by

more complex models such as the Maxwell-Stefan theory or by considering coupling

effects.

3.3.1 SOLUTION-DIFFUSION MODEL
The flux of a component i through a dense pervaporation membrane is normally

described by the solution-diffusion model (Lonsdale et al., 1965; Merten, 1966:

Mulder and Smolders, 1984), which defines the flux as the product of concentration,

mobility, and driving force (gradient in the chemical potential):

Ji ¼�ciBi
dμi
dx

(3.1)

where
dμi
dx is the gradient in chemical potential of component i and B is the mobility

(mmols�1 N�1). At constant temperature, Eq. (3.1) may be written as:

Ji ¼�ciBi RT
dlnai
dx

+Vi
dP

dx

� �
T

(3.2)

The pressure gradient in pervaporation can be neglected with respect to the activity

gradient since the pressure difference between the upstream and downstream phase is

around 0.1MPa. Thus Eq. (3.2) becomes

Ji ¼�ci BiRTð Þdlnai
dx

(3.3)

And with Di¼BiRT

Ji ¼�ciDi
dlnai
dx

(3.4)

where Di is the diffusion coefficient of component i in the polymer. The process that

governs pervaporation consists of three stages: (1) solution of molecules in the

upstream surface of the membrane, (2) diffusion of the dissolved species across

the membrane matrix, and (3) desorption of the dissolved species in the downstream

face of the membrane (Shao and Huang, 2007). Following these three main steps

involved in the mass transfer through a dense membrane, the solution-diffusion

describes mathematically the membrane flux of components i, Ji (kg s
�1 m�2) as:

Ji ¼Di �Ci

ai
�1
l
� aF, i�aP, ið Þ (3.5)

where Di is the Fickian diffusion coefficient of component i in the membrane

(m2 s�1); Ci is the concentration of component i in the membrane (kgm�3); l is
the membrane thickness (active layer) (m); and ai,aF,i, and aP,i are the activities

of component i in membrane, feed, and permeate (�), respectively. The determina-

tion of Di, Ci, and ai involves uncertainties and difficulties to obtain those values

experimentally, thus the permeability Pi is defined as:

76 CHAPTER 3 Pervaporation



Pi ¼Di �Ci

ai
(3.6)

Thus a more applied equation that relates the flux with the driving force can be

written as:

Ji ¼Pi

l
� aF, i�aP, ið Þ (3.7)

This equation present mass units and a conversion of units is desired following the

advice by Baker et al. (2010) in order to work with molar flux for each component Ji
(cm3(STP).cm�2 s�1). Ignoring simple conversion terms, m2 to cm2, L to cm3, h to s,

the following equation can be used:

ji ¼ Ji � vGi
mi

(3.8)

where vi
G is the molar volume of gas i (22.4L(STP).mol�1) and mi is the molecular

weight of component i.
Ji is an experimental value determined by Ji¼J �yi, in which J is the total flux

measured experimentally by weighing the mass of permeate w (kg) that is obtained

during the collecting timeΔ t (s), J¼ w
Δt�A, with A as the effective surface area, yi is the

mass fraction of component i in the permeate, mt is the molecular weight of the mix-

ture, and vi
G is the molar volume of gas i (22.4L(STP)�mol�1) (Baker et al., 2010;

Luis et al., 2013).

The permeability Pi can be calculated as:

Pi

l
¼ Ji

xi � γi �Po
i �yi �Pp

� � (3.9)

where γi is the activity coefficient for the component i, xi is the molar fraction in the

feed solution, and Pi
o is the vapor pressure. The total pressure in the permeate side is

Pp. If the thickness of the dense layer that is responsible for the separation (l) is
unknown, then, one can determine the permeance, Pi

l : The term (xi � γi �Pi
o�yi �Pp)

is the driving force of the separation, which is based on the difference in partial

pressures between the feed side and the permeate side. Thus working in terms

of permeance (or permeability) allows eliminating the effect of the driving force

from the calculations and determining the real separation effect by the membrane.

The permeance is normally expressed in GPU units (1GPU¼1�10�6 cm3 (STP)/

(cm2 scmHg)¼7.5005�10�12 ms�1 Pa�1).

The permeance or permeability should be constant at different feed compositions.

However, the solubility or the diffusivity of a component in the membrane is not only

dependent on itself but also on the other components, meaning that thermodynamic

interaction between the components and the membrane may take place, leading to

coupling effects (see Section 3.6) (Cao et al., 2000). If no coupling effects take place,

the permeance of component i in the mixture would be the same as the permeance of

the pure compound, being independent of its composition of the mixture of that of the

other components.
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In order to determine the degree of separation, two experimental values can be

calculated: the separation factor, βi/j, and the selectivity, αi/j.
The separation factor is calculated as the ratio of the molar component concen-

trations in the permeate (yi) and feed (xi) solutions:

βi=j ¼
yi
yj
xi
xj

¼ yi= 1�yið Þ
xi= 1�xið Þ (3.10)

The selectivity of the membrane is calculated from the ratio between permeances or

permeabilities:

αi=j ¼
Pi

l
Pj

l

¼Pi

Pj
(3.11)

Values of αi/j¼1 indicate that the membrane is nonselective toward the studied com-

pounds i and j, if molar units are used (Baker et al., 2010). In addition, by combining

Eqs. 3.9–3.11, and considering a maximum driving force achieved by a pressure at

the permeate side close to zero (P�0) the relationship between separation factor and

selectivity is obtained (Luis and Van der Bruggen, 2015a):

αi=j ¼ yi= 1�yið Þ
xi= 1�xið Þ �

γjP
o
j

γiP
o
i

� v
G
i

vGj
¼ βi=j �

γjP
o
j

γiP
o
i

� v
G
i

vGj
(3.12)

From Eq. (3.12), the main difference between selectivity and separation factor can be

easily inferred. The separation factor is giving information about the general perfor-

mance in the separation, that is, which component is more abundant in the permeate.

However, this information does not indicate that the membrane is selective toward

that major component. The separation factor does not give information on the sep-

aration caused by the membrane itself since the components with higher volatility

will have preference to be in the vapor phase regardless of the membrane. On the

other hand, the selectivity considers the volatility of the compounds and their inter-

action in solution via the ratio of vapor pressures and activity coefficients, respec-

tively. Thus the selectivity should be calculated to determine (and compare) the

degree of separation caused by the membrane while the separation factor should

be used to evaluate the general separation once the (best) membrane has been

selected (Luis and Van der Bruggen, 2015a).

The temperature dependency of the permeance can be analyzed using an

Arrhenius-type equation:

Pi

l
¼Pi,∞

l
� exp �1000 �Ea

RT

� �
(3.13)

where Pi/l is the permeance of the compound i, Pi, ∞/l is the preexponential factor
of permeance (i.e., permeance for temperatures approaching infinity), R is the gas
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constant (Jmol�1 K�1), T is the temperature (K), and Ea is the activation energy

(kJ mol�1). By plotting the logarithmized permeability (ln Pi) or permeance

(ln Pi/l) versus 1000/RT, the values of the preexponential factor and the activation

energy can be obtained from the origin coordinate and the slope, respectively.

A negative activation energy suggests that the permeance of the component

decreases with temperature, while the partial flux increases normally with temper-

ature. This can be explained considering that the activation energy of pervaporation

is the sum of the activation energy of diffusion (ED,i) and the enthalpy of sorption

(ΔHs,i) (Berendsen et al., 2006):

Ea, i ¼ED, i +ΔHs, i (3.14)

ED,i is generally positive and ΔHs,i is usually negative for the exothermic sorption

process (Feng and Huang, 1996). Thus when the enthalpy of sorption is larger than

the energy of diffusion, a negative value of Ea,i is obtained, indicating that the mem-

brane permeance decreases with increasing temperature (Feng and Huang, 1996;

Luis et al., 2013). Examples of this behavior can be observed in Fig. 3.2. In both

cases, increasing the temperature plays against a better membrane performance even

though the transmembrane fluxes may increase.
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FIG. 3.2

Effect of temperature on permeance for: (A) the separation of 50mol% methanol/butyl

acetate mixtures using the membrane Pervap 1201 from Sulzer Chemtech, Switzerland.

(B) the separation of 10wt% water/methanol mixtures in self-made poly(3-hydroxybutyrate)

membranes.
(A) Reproduced with permission from Luis, P., Degrève, J., Van der Bruggen, B., 2013. Separation of methanol-n-

butyl acetate mixtures by pervaporation: potential of 10 commercial membranes. J. Membr. Sci. 429, 1–12.

(B) Published with permission from Villegas, M., Castro Vidaurre, E.F., Gottifredi, J.C., 2015. Sorption and

pervaporation of methanol/water mixtures with poly(3-hydroxybutyrate) membranes. Chem. Eng. Res. Des. 94,

254–265.
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3.3.2 PORE-FLOW MODEL
Applying the pore-flow model involves considering a convective flow transport

within the pores due to a pressure gradient. The pore-flow model is thus applied

to describe the mass transfer in porous pervaporation membranes.

Developed by Okada and Matsuura in 1991 (Okada and Matsuura, 1991), the

pore-flow model assumes that the membrane is like a bundle of straight cylindrical

pores distributed across its surface layer. The length of the pores is considered equal

to the thickness of the selective layer of the membrane. The liquid penetrates par-

tially into the pores of the membrane and the remaining pore volume is occupied

by the vapor phase. Evaporation of compounds takes place at the liquid-vapor inter-

face, which is inside the membrane (notice that in the solution-diffusion model, the

vapor-liquid interface is considered at the boundary between the liquid phase and the

membrane). A pressure difference between the liquid-vapor interface (saturated

vapor pressure) and the vapor phase (normally kept under vacuum) is the driving

force of the process. When the pressure inside the membrane falls below the satu-

rated vapor pressure, a phase change occurs (Lipnizki and Tr€agårdh, 2001). Perva-
poration is then described as liquid permeation followed by vapor permeation

through small pores, due to a pressure difference over the membrane (Luis and

Van der Bruggen, 2015a).

The mass transport through the pores consists of three steps (George and Thomas,

2001): (i) liquid transport from the pore inlet to a liquid-vapor phase boundary,

(ii) evaporation at the phase boundary, and (iii) vapor transport from the boundary

to the pore outlet. The pore-flow model assumes that the concentrations of solvent

and solute within a membrane are uniform and that the chemical potential gradient

across the membrane is expressed only as a pressure gradient (Wijmans and Baker,

1995). For a simple component, the mass transport in the liquid part of the membrane

is equal to that in the vapor part:

J¼ Jliquid ¼ Jvapor (3.15)

J¼ Apore

lliquid
� pliquid �psat
� �¼ Bpore

lvapor
� psat�pvaporð Þ (3.16)

where lliquid is the length of the liquid-filled proportion of the pore (m) and lvapour
length of the vapor-filled proportion of the pore (m). Hence, the overall flux of a

component can be determined by (Lipnizki and Tr€agårdh, 2001):

J¼Apore

l
� pliquid �psat
� �

+
Bpore

l
� psatð Þ2� pvaporð Þ2
� �

(3.17)

with the constants Apore, defined according to Darcy’s Equation for liquid transport

through cylindrical pores, and Bpore, from the simplification of Henry’s law and

monolayer adsorption:

Apore ¼ π � r4pore �ρi �Nt

8 �ηi �Mi
(3.18)
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Bpore ¼ π � 2 � rpore � lAd � l2Ad
� �2 � lAd �Nt

8 � rpore �R �T
μi

k0D, i
� �2

(3.19)

where ρi is the density of component i (kgm�3), Nt is the total number of pores per

effective membrane area (�), ηi is the liquid viscosity of component i (Pa s),Mi is the

molar weight of component i (kgkmol�1), lAd is the thickness of the adsorption

monolayer (m), rpore is the pore radius (m), and kD,i
0

is the Henry’s law constant refer-

ring to component i (bar�1). These constants Apore and Bpore can be also treated as

empirical parameters, fitting their value to the experimental results (flux vs driving

force).

For binarymixtures and assuming that lliquid is negligible (pore diameter small and

low swelling of the membrane), the flux for each component can be calculated as:

Ji ¼Bpore
i

l
� psati

� �2� pvapori

� �2� �
(3.20)

Jj ¼
Bpore
j

l
� psatj

� �2
� pvaporj

� �2� �
(3.21)

Eqs. (3.20) and (3.21) allow the calculation of the transmembrane flux of each com-

ponent. The constants determined for pervaporation of a single component are not

transferable to two-component pervaporation and the effect of flux coupling has

to be accounted for by additional experiments (Lipnizki and Tr€agårdh, 2001).

3.4 INTERPRETATION OF PERVAPORATION RESULTS
Pervaporation results can be discussed in terms of transmembrane fluxes, per-

meances or permeabilities, separation factors, and selectivities, according to the

models shown in Section 3.3. However, it is of utmost importance to understand

the meaning of each variable and parameter so that a correct interpretation and appli-

cation of results is done. Highlighting the difference between process performance

and membrane performance is the main objective of this section. Process perfor-

mance is a measure of how efficient or effective a process is. When using membrane

technology, the objective when evaluating the process performance is to know if a

separation is technically possible and under which process conditions. The economic

factor appears as well when determining the total membrane area to achieve the tar-

get separation. Thus we are focusing on the overall process. Instead, membrane per-

formance focuses specifically on the membrane. The thermodynamic equilibrium

between a liquid and a vapor leads to the separation of mixtures. This is the basis

of distillation and related processes. The presence of a membrane should show a clear

effect on the degree of separation, for example, enhancing the mass transfer of a

target compound through the membrane and “blocking” the other compounds.

The effect of the driving force, mainly due to the differences in vapor pressures
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of the components in the feed mixture, should not be taken into account when eval-

uating the performance of the membrane. These two different perspectives have to be

evaluated differently.

The evaluation of process performance should be done in terms of transmem-

brane fluxes and separation factors. In this case, we are interested in the overall effi-

ciency of the separation, that is, to which extent we can perform the desired

separation under realistic operating conditions and affordable cost. The transmem-

brane flux is a key factor since it will determine the requiredmembrane area, which is

the major investment cost in pervaporation. In this sense, we can firmly say that the

larger the flux, the better since the required area for a given process feed stream is

inversely proportional to the flux. Thus high fluxes mean small area. In addition, the

separation factor will give a clear indication of which components are transferred

through the membrane easier and faster. Normally, those components will be found

at high concentration in the permeate. The transmembrane flux and the separation

factor is the information that we need to evaluate or design a process and to determine

the best operating conditions (i.e., temperature) for a maximum efficiency.

The evaluation of the membrane performance has to be done in terms of per-

meances (or permeabilities) and selectivities. The reason is that the transmembrane

flux does not give information about the ability of the membrane to separate a mix-

ture. As said before, the thermodynamic equilibrium between the liquid phase and

the vapor phase is already establishing a degree of separation and this happens with

or without membrane. If this effect is not removed from the calculations and we work

only with the transmembrane flux, the real effect caused by the presence of the mem-

brane cannot be determined. In order to eliminate the influence of the driving force in

the results, permeances (or permeabilities) have to be used. When done, the real sep-

aration due to the membrane will be seen. This may involve situations in which the

less volatile compound is permeating preferably (it has highest permeance or perme-

ability) in spite of presenting the lowest transmembrane flux. Regarding the mem-

brane selectivity, Eq. (3.12) in Section 3.3 showed the main difference with the

separation factor. The selectivity allows evaluating the separation caused only by

the membrane, since it is the ratio of permeances (or permeabilities). Thus if the

selectivity αi/j is higher than 1, component i permeates preferably through the mem-

brane in comparison to j, even if the permeate presents a composition in which j is the
major component. Using permeances (or permeabilities) and selectivities is hence

the appropriate way to evaluate the degree of separation given by the membrane.

This is critical in the synthesis of novel membranes based on new materials or

new structures.

Examples of clear differences between the fluxes and permeances, and separation

factors and selectivities can be found in the literature. Baker et al. (2010) used the

separation of ethanol/water mixtures as a case study to show those differences.

Fig. 3.3 includes the results obtained with a 10-μm thick mixed-matrix membrane

consisting of 60wt% ZSM-5 zeolite dispersed in a silicone rubber matrix. The con-

centration of ethanol in the feed solution has an important effect on both the flux and

the permeability of both components, mainly those of ethanol. However, the
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observed trend is different for the case of ethanol. The higher the concentration of

ethanol, the higher the flux but a lower permeability is obtained. Thus once the effect

of the driving force is removed, the separation given by the membrane can be

observed. The membrane is very selective toward ethanol at low concentrations

of this compound, while losing selectivity when higher concentrations of ethanol

are used.

Villegas et al. (2015) studied the separation of methanol/water mixtures by using

poly(3-hydroxybutyrate) membranes. Fig. 3.4 shows the trends of flux, permeance,

FIG. 3.3

Flux (A), ethanol/water separation factor (B), permeability (C), and selectivity (D) obtained

with a 10-μm zeolite (60wt%)—silicone rubber mixed-matrix membrane.
Reproduced with permission from Baker, R.W., Wijmans, J.G., Huang, Y., 2010. Permeability, permeance and

selectivity: a preferred way of reporting pervaporation performance data. J. Membr. Sci. 348, 346–352.
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separation factor, and selectivity as a function of the temperature. It can be observed

as an increasing flux with temperature, with methanol having the highest flux. On the

other hand, permeance results show that water presents a preferential transfer

through the membrane. It is not a surprise that methanol flux is higher than that

of water since its vapor pressure is higher and the thermodynamic equilibrium plays

in its advantage, leading to a larger driving force for methanol. When the effect

of the driving force is removed, the real separation ability of the membrane is shown,

indicating that water permeance is enhanced. Those results are obtained for pure

solutions of each component, thus no coupling effects are taking place.

A third example is the application of pervaporation for the separation of an

equimolar quaternary mixture composed of methanol, methyl acetate, butanol,

and butyl acetate. The separation of this mixture is energetically very consuming

due to the presence of two azeotropes: methanol-methyl acetate and butanol-butyl

acetate. Pervaporation has been proposed by Luis et al. (Luis et al., 2013; Luis

and Van der Bruggen, 2015b) to face this separation and minimize the energy

consumption. Fig. 3.5 shows the results obtained with the commercial membrane

Pervap 2255-50 (Sulzer Chemtech, Switzerland). All the compounds present an

increasing flux with temperature, being methanol the compound with the largest

flux (Fig. 3.5A). Regarding the permeance, the effect of temperature is much less

remarkable (Fig. 3.5B). Only butanol shows a significant decrease of permeance

when the temperature increases. Butanol is also the compound that permeates

preferably through the membrane, thus the membrane is selective to butanol

(Fig. 3.5C). Again the driving force is playing an important role in the process

performance and it is critical to remove its effect in order to evaluate the mem-

brane performance.

FIG. 3.4

Effect of feed temperature in single methanol and water pervaporation tests in PHB

membranes: (A) flux and mass flux ratio and (B) permeance and selectivity.
Reproduced with permission from Villegas, M., Castro Vidaurre, E.F., Gottifredi, J.C., 2015. Sorption and

pervaporation of methanol/water mixtures with poly(3-hydroxybutyrate) membranes. Chem. Eng. Res. Des. 94,

254–265.
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The examples shown previously confirm the large differences that can be found

between transmembrane flux and permeance, and separation factors and selectiv-

ities, among compounds. Having high permeability for a compound with low flux

is a paradox that appears frequently in pervaporation. Then, the question arises: what

should be the priority, the process performance, or the membrane performance? The

more rational answer would be to use membranes that are working under their max-

imum performance for a specific separation. This means that using a membrane that

mainly enhances the permeation of a compound with the lowest flux (highest selec-

tivity for the compound with low flux) is not a good approach since the membrane is

operating against the driving force (having a low process efficiency), which will

increase the overall cost significantly.

In order to determine the best membranes for a specific separation, Luis and Van

der Bruggen (2015b) suggested a prior evaluation of the driving force. The mem-

branes that would benefit of the effect of the driving force by permeating the species

with the highest driving force should be preferably selected so that pervaporation
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FIG. 3.5

Permeance (A), selectivity (B), transmembrane flux (C), and driving force (D) of a

quaternary mixture of methanol (MeOH), methyl acetate (MeOAc), butanol (BuOH), and

butyl acetate (BuOAc) on the commercial membrane Pervap 2255-50 from Sulzer

Chemtech, Switzerland.
Reproduced with permission from Luis, P., Van der Bruggen, B., 2015a. Pervaporation modeling: state of the art

and future trends. In: Basile, A., Figoli, A., Khayet, M. (Eds.), Pervaporation, Vapour Permeation and Membrane

Distillation. Principles and Applications. A Volume in Woodhead Publishing Series in Energy pp. 87–106. ISBN:

978-1-78242-246-4; Luis, P., Van der Bruggen, B., 2015b. The driving force as key element to evaluate the

pervaporation performance of multicomponent mixtures. Sep. Purif. Technol. 148, 94–102.
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is applied under conditions of maximum performance from the point of view of the

membrane as well as the process. Following the example of Fig. 3.5, Fig. 3.5B

showed that the compound that permeates preferably through the membrane is buta-

nol, showing also the highest selectivity (Fig. 3.5C). A fast conclusion would be then

that this membrane is useful for the separation of butanol from amixture. However, if

one analyses the driving force as done in Fig. 3.5D, the evidence of a very low driving

force for butanol appears. From Eq. (3.9), it can be seen that compounds with higher

vapor pressure will normally present a higher driving force for the separation. In this

example, methanol and methyl acetate present the highest driving force. Thus the

selected membrane should enhance the permeance of one or both of these com-

pounds so that the driving force is used in favor of the separation. However, the mem-

brane of this example is “blocking” the methanol and the methyl acetate and

enhancing the permeation of butanol. In other words, the membrane is not taking

advantage of the existing driving force but acting against it. A membrane that

enhances the permeation of methanol or methyl acetate would be the best choice.

In general terms, we could say that the membrane should increase the permeance

of those compounds that already have a preference due to the favorable driving force

so that the membrane is operating under maximum performance. Starting from a sim-

ple analysis of the driving force for each compound would allow determining the

objective of pervaporation and the requirements of the membrane (Luis and Van

der Bruggen, 2015b).

3.5 McCABE-THIELE DIAGRAM
An interesting study that completes the evaluation of the membrane performance is

the comparison of the separation achieved via distillation with that obtained via

pervaporation. This can be done easily using McCabe-Thiele diagrams in which

the concentration of one of the components in the liquid phase (feed) is represented

in the x-axis, and the concentration of that component in the vapor phase (permeate in

pervaporation) is represented in the y-axis. By comparing the vapor-liquid equilib-

rium (distillation curve) with the pervaporation results (pervaporation curve), it is

possible to see easily if pervaporation is achieving a better separation than distilla-

tion. Fig. 3.6A shows an example for the separation of the binary mixture methanol/

butyl acetate. Fig. 3.6B represents the separation of the quaternary mixture methanol/

methyl acetate/butanol/butyl acetate. The point related to distillation indicates the

separation achieved when a liquid mixture of equimolar concentration enters a flash

equilibrium unit, modeled with the NRTL thermodynamic model, and using Aspen

Plus v8.4 to perform the simulation (Luis and Van der Bruggen, 2015b). Two aspects

should be discussed when evaluating those diagrams. First, the relative position of

the pervaporation points for each membrane. Being close to the diagonal means

no separation (i.e., same composition of liquid and vapor phase); the further the con-

centration of one compound from the dotted line and from other compounds, the

better the separation. In addition, their position in the graph allows comparison
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to guide the eye. The distillation data have been obtained when a liquid mixture of equimolar concentration enters a flash equilibrium unit,
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among different membranes so that the membrane with the richest permeate can be

easily pointed. Second, the position of the pervaporation points regarding the distil-

lation points. In this way, it is possible to determine the competitive character of per-

vaporation with the conventional process.

In Fig. 3.6A, several pervaporation membranes are compared with the distillation

curve. Most of the membranes are below the distillation curve, indicating that they

enhance the enrichment of the vapor phase with butyl acetate, opposite tendency to

distillation. As discussed by Luis et al. (2013), the membrane Pervap 1201 produces

a very significant effect on the separation, achieving a permeate enriched in butyl

acetate. The membranes Pervap 2255-50 and Typ M1 show a high concentrated per-

meate in methanol since the y–x pairs are above the VLE curve. On the other hand,

Fig. 3.6B shows that pervaporation using the membrane Pervap 2255-50 leads to a

permeate richer in methanol in spite of the preference of this membrane for butanol

as discussed in the previous section, showing a clear difference with the distillation

results (red points in the figure). Thus using McCabe-Thiele separation diagrams is

an interesting way to compare the separation character of different membranes as

well as the performance against distillation, which is essential information to deter-

mine the real applicability of pervaporation (Luis et al., 2013; Luis and Van der

Bruggen, 2015b).

3.6 COUPLING EFFECTS
Coupling effects in the mass transfer of compounds through the pervaporation mem-

brane have been repeatedly observed in the literature. Coupling effects are consid-

ered when a component permeates more or less when it is in a feed mixture with other

components than when it is alone (the feed solution is the pure component). It is thus

not a surprise that researchers try to understand and explain why and how this

phenomenon is taking place. Two types of coupled transport have been described,

that is, the thermodynamic, and the kinetic coupling (Mulder and Smolders,

1984). The thermodynamic coupling is caused by the interaction between the dis-

solved species in the membrane. The change in concentration of one component

in the membrane due to the presence of another component is caused by mutual inter-

actions between the permeants in the membrane as well as by interactions between

the individual components and the membrane material (Mulder and Smolders, 1984).

The Gibbs free energy of one species can be affected by the presence of other species,

and the change in the free energy can lead to changes in the partition/sorption

capacity of species in the membrane (Shao and Huang, 2007). Kinetic coupling is

due to the dependence of the concentration on the diffusion coefficients of low

molecular weight components in polymers, particularly in glassy polymers

(Mulder and Smolders, 1984), thus it may be linked to changes in the diffusion coef-

ficient caused by the plasticization of the membrane. When low molecular weight

components are dissolved in polymers below their glass transition (e.g., cellulose

acetate, polysulfone, polyacrylonitrile) at room temperature, the mobility of the

polymer chains increases that explains the plasticizing effect and the enhanced
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mobility of the components through the membrane (Mulder and Smolders, 1984).

Since it is the combined effect of all the plasticizants in the membrane that changes

the free volume of the polymer, the diffusion of the transporting species in the

polymer matrix is interdependent (Shao et al., 2007).

3.6.1 MODIFIED SOLUTION-DIFFUSION MODELS
Several researchers have developed transport models to take into account these cou-

pling effects in pervaporation. Mulder and Smolders (1984) presented a modified

solution-diffusion model which combines both the thermodynamic and the kinetic

(diffusive) aspects of the pervaporation process, considering coupling of fluxes,

whereas in the original solution-diffusion model each component dissolved in the

membrane and diffused through it independently. Thus the activity of each compo-

nent in the membrane is described by Flory-Huggins thermodynamics (Flory, 1953).

For a binary system:

lna1 ¼Δμ1
RT

¼ lnv1 + 1�V1

V2

� �
v2 + χ12v

2
2 (3.22)

lna2 ¼Δμ2
RT

¼ lnv2 + 1�V2

V1

� �
v1 + χ12

V2

V1

v21 (3.23)

The Flory-Huggins interaction parameter χ12 is a binary interaction parameter

between the components 1 and 2 and it is a dimensionless quantity characterizing

the difference in interaction energy of a solvent molecule immersed in pure polymer

compared with one in pure solvent, reflecting the intermolecular forces between the

molecules in solution (Flory, 1953; Mulder and Smolders, 1984). Flory-Huggins

theory is applied to calculate the solubility of liquids in amorphous polymers that

are in rubbery or gel-like state (Tang et al., 2013). For glassy polymers, empirical

sorption models for correlation of solubility of gases and vapors are applied

(Tang et al., 2013).

In the case of a polymeric membrane and a binary liquid mixture, a ternary sys-

tem, the activities a1 and a2 of liquid components 1 and 2 in the polymeric membrane

are given by (Flory, 1953):

ln a1 ¼ ln φ1 + 1�φ1ð Þ�φ2

V1

V2

�φ3

V1

V3

+ χ12φ2 + χ13φ3ð Þ φ2 +φ3ð Þ�χ23
V1

V2

φ2φ3 (3.24)

ln a2 ¼ ln φ2 + 1�φ2ð Þ�φ1

V2

V1

�φ3

V2

V3

+ χ12φ1

V2

V1

+ χ23φ3

� �
φ1 +φ3ð Þ�χ13

V2

V1

φ1φ3

(3.25)

J1 ¼�φ1D1 φ1, φ2ð Þ d
dx

ln φ1 + 1�φ1ð Þ�φ2

V1

V2

�φ3

V1

V3

+ χ12φ2 + χ13φ3ð Þ φ2 +φ3ð Þ
�
�χ23

V1

V2

φ2φ3

	
(3.26)
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J2 ¼�φ2D2 φ1, φ2ð Þ d
dx

ln φ2 + 1�φ2ð Þ�φ1

V2

V1

�φ3

V2

V3

+ χ12φ1

V2

V1

+ χ23φ3

� �
φ1 +φ3ð Þ

�
�χ13

V2

V1

φ1φ3

	
(3.27)

These equations allow the calculation of the transmembrane flux of each component

as a function of the concentration of the other component. The estimation of the

binary interaction parameters χ12, χ13, and χ23 can be done from the equations in

Table 3.1 (Mulder and Smolders, 1984). In general, the smaller the value of χ for

the polymer-solvent combination (close to 0.5 but not below), the greater will be

the interaction between the polymer and the liquid species (Ravindra et al., 2000).

Since the diffusion coefficient of a species is affected by the presence of other

compounds (plasticizants), several researchers have adapted the solution-diffusion

model by modifying the calculation of the diffusion coefficient. Vrentas and Duda

(Vrentas and Duda, 1977a,b; Vrentas et al., 1986) developed the free volume theory

in this sense. For a ternary system consisting of two components and the membrane,

the diffusion coefficient can be calculated according to Eq. (3.34) in Table 3.2. Other

expressions have been suggested (Shao and Huang, 2007): Eqs. (3.35)–(3.37) in
Table 3.2.

Brun et al. (1985) proposed the “six coefficients” model (Di0, Dj0, αii, αij, βjj, βij)
for a ternary system, which is obtained after dividing the permeation fluxes of the

components i and j through the membrane and assuming zero concentrations of both

the species at the downstreammembrane face (Eqs. 3.31, 3.32), leading to Eq. (3.33):

Ni ¼�Di0 exp αiiCi + βijCj

� �dCi

dδ
(3.31)

Nj ¼�Dj0 exp αijCi + βjjCj

� �dCj

dδ
(3.32)

Ni

Nj
¼Di0 βjj�βij

� �
exp αii�αij

� �
Cmi

� ��1

 �

Dj0 αii�αij
� �

exp βjj�βij
� �

Cmj

� ��1

 � (3.33)

Table 3.1 Estimation of binary interaction parameters

Equation Ref

χ12 ¼ 1
m1v2

m1 ln
m1

v1
+m2 ln

m2

v2
+
ΔGE

RT

� 	
(3.28)

Mulder and Smolders, 1984

χ12 ¼
ΔGE

RTm1m2
(3.29)

Dondos et al., 1970

χ¼� ln 1�vp
� �

+ vp

 �

v2p
(3.30)

vp is the volume fraction of polymer

Flory, 1953
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3.6.2 HANSEN SOLUBILITY APPROACH
Coupling effects may be also evaluated in terms of the Hansen solubility approach.

Solubility of solvents in the polymeric membrane is going to determine the overall

concentration gradient, which is the driving force for the diffusion process. Thus it

makes sense that the diffusion, and therefore, the permeability of species through the

membrane, is going to be affected by the solubility of those species into the polymer.

The Hansen solubility parameters for the solvent and the polymer can be used to

determine which compounds will “like” the polymer (those with similar parameters

than the polymer), leading to swelling of the membrane, changes in diffusivities and

coupling effects; and which components will not “like” the polymer (those with

different parameters than the polymer), which would mean that their permeability

through the membrane is more limited. When mixtures of solvents are considered,

the Hansen solubility parameters of the mixture can be very different from those

of the pure compounds, thus pure solvents could have no affinity with the membrane

polymer but as a mixture, they could even dissolve the polymer. This is the great

potential of this approach to evaluate coupling effects: pure solvents may be rejected

by the membrane but the same solvents in a mixture could have a great affinity

Table 3.2 Main equations suggested to estimate diffusions coefficients using a
modified solution-diffusion model due to coupling effects (Shao et al., 2007)

D¼D0exp � Ea

RT

� �
� exp γ

ω1V̂
∗
1 +ω2V̂

∗
2ξ

V̂FH

 #"

With VFH¼ω1K11(K21�Tg1+T)+ω2K12(K22�Tg2+T)
D0: diffusion coefficient at infinite dilution
Ea: diffusion activation energy

V̂
∗
i : specific critical hole free volume

required for a diffusive jump of the component i
R: universal gas constant
T: absolute temperature
γ: overlap factor
ωi: weight fraction of the component i (i¼1, 2)
ξ: ratio of the critical volume of the solvent per mole to that of the polymer
VFH: specific hole free volume of the
polymer–solvent system
K1i and K2i: the free volume parameters
Tgi: glass transition temperature of component i (i¼1, 2).

(3.34)

Di¼Di0exp(αiiCi+βijCj)
Di0: diffusion coefficients of species i at infinite dilution
Ci, Cj: local concentrations of the species of i and j in the membrane, respectively
α, β: plasticization coefficients of the two species for the membrane, respectively

(3.35)

Di¼Di0(1+αiCi+βjCj)
For glassy polymers

(3.36)

Di¼Di0(Ci+aCj) (3.37)
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(solubility) with the membrane, or with other words, a pure solvent may have a very

low (or zero) permeability through the membrane but in combination with another

solvent, it will permeate significantly.

The Hansen solubility parameter is calculated as the square root of the cohesive

energy density for all liquids whose vapors can be considered ideal (Hansen, 1967):

δ¼ cohesive energy densityð Þ1=2 ¼ ΔE
Vm

� �1=2

(3.38)

where ΔE is the energy of evaporation of the solvent (cal), and Vm is the molar

volume (cm3).

ΔE includes the energies arising from all modes of interaction which hold the

liquid together: dispersion (London) forces, polar forces, and hydrogen bonding.

Hansen (1967) assumed thatΔE is given by the simple sum of the energies arising

from dispersion forces, ΔEd, polar forces, ΔEp, and hydrogen bonding forces, ΔEh.

Thus Eq. (3.38) can be written as:

δ¼ ΔEd

Vm

� �
+

ΔEp

Vm

� �
+

ΔEh

Vm

� �
¼ δd + δp + δh (3.39)

Thus the Hansen solubility parameter can be represented by three components:

δd: the contribution of the dispersion interaction; δp: the contribution of the polar

interaction; and δh: the contribution of the hydrogen bonding. This means that each

solvent can be located in a three-dimensional system as a fixed point with coordi-

nates agreeing with Eq. (3.39). The axes of the system are the dispersion axis, δd;
the polar axis, δp; and the hydrogen bonding axis, δh. The system can be represented

for a given volume of interaction by a sphere in a 3D space of by circles taking pairs

of parameters in a 2D space. Hansen (1967) also observed that the volumes of sol-

ubility are not spherical when plotting is done with equal unit distances for δd, δp,
and δh. However, if the scale of the dispersion axis, δd, is doubled, spherical vol-
umes of solubility are found. The reason is that the polar and hydrogen bonding

interactions are of a similar nature, arising from molecular, permanent dipole-

permanent dipole interactions; but the dispersion interactions are fundamentally

different, arising from atomic, induced dipole-induced dipole interactions

(Hansen, 1967). Hansen solubility approach has been experimentally validated

based on a “trial-and-error” method, and obtained results up to date show the

success of its application.

Fig. 3.7 shows the spherical representation of the Hansen solubility approach.

The radius of the solubility sphere is usually called the interaction radius, R0, and

it is experimentally determined from solubility tests. This value determines the

radius of the sphere in Hansen space and its center is the three Hansen parameters.

Table 3.3 presents values of R0 for several polymers and resins (Hansen, 1967)

and Table 3.4 presents the Hansen solubility parameters for different solvents. Sol-

vents that are located inside the sphere, are expected to dissolve the polymer (center

of the sphere), and those outside the sphere will not dissolve it. A mathematical

92 CHAPTER 3 Pervaporation



FIG. 3.7

General representation of the Hansen solubility sphere (δd: contribution of the dispersion

interaction; δp: contribution of the polar interaction; δh: contribution of the hydrogen bonding;

R0: interaction radius).

Table 3.3 Characteristic parameters for polymers and resins

Solute δ0 δd0 δp0 δh0 δa0 RA0 Comments

A 10.8 9.2 5.3 2.1 5.7 5.3

B 11.3 9.2 5.0 4.2 6.5 4.0

C 11.5 8.5 5.5 5.5 7.8 4.7

D 9.4 8.5 2.5 3.0 3.9 5.3 δd Arbitrary

E 11.2 9.4 3.2 5.1 6.0 5.0 Some deviations

F 11.0 8.5 4.3 5.5 7.0 4.8

G 9.8 8.6 3.0 2.0 3.6 3.5

H 11.3 9.3 5.0 4.0 6.4 4.9 A few deviations

I 12.1 9.5 4.0 6.4 7.5 4.7

J 10.8 7.0 7.0 4.3 8.2 5.5

K 10.2 9.3 3.7 2.1 4.3 4.2

L 12.7 9.5 6.0 6.0 8.5 4.5 Radius of strong interaction

M 11.3 9.0 4.0 5.5 6.8 6.4 Too soluble, inaccurate

N 13.1 9.4 5.3 7.4 9.1 5.5

O 10.1 8.9 3.0 3.8 4.8 4.5

P 11.7 8.5 4.7 6.5 8.0 5.0

Q 12.1 9.3 6.2 4.7 7.8 4.2

R 10.5 9.2 4.5 2.6 5.2 5.0

S 12.5 8.8 7.0 5.5 8.9 6.0 Low M.W. solute, liquid

T 9.0 8.7 1.8 1.8 2.5 3.5

U 10.5 9.3 4.5 2.0 4.9 4.7

V 8.8 8.5 1.5 1.5 2.1 3.4

Continued
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Table 3.3 Characteristic parameters for polymers and resins —cont’d

Solute δ0 δd0 δp0 δh0 δa0 RA0 Comments

X 8.6 7.8 1.0 3.5 3.6 4.0 High M.W. rubber

Y 9.2 8.8 2.5 1.2 2.8 3.8

Z 10.2 8.2 0.8 5.7 3.2 2.9 Some deviations

A 9.7 8.7 2.5 3.5 4.3 4.2

B 11.7 9.5 4.0 5.5 6.8 7.0 Too soluble, inaccurate

C 8.8 8.5 1.0 2.0 2.2 3.4

D 11.6 9.2 5.8 4.2 7.2 5.0 Liquid, hard to place

E 8.8 8.5 1.5 1.8 2.3 2.6

F 11.0 9.4 4.5 3.5 5.7 3.2 Radius of strong interaction

G 9.6 8.8 2.7 2.7 3.9 4.0

L 15.6 10.8 7.0 8.8 11.2 7.1

A: Lucite 2042-poly (ethyl methacrylate), E. I. du Pont de Nemours & Co., Inc.
B: Poly (methyl methacrylate), Rohm and Haas Co.
C: Epikote 1001-epoxy, Shell Chemical Co.
D: Plexal P65-66% oil length alkyd, Polyplex.
E: Pentalyn 830-alcohol soluble rosin resin, Hercules Incorporated.
F: Butvar B76-poly (vinyl butyral), Shawinigan Resins Co.
G: Polystyrene LG, Badische Anilin- und Soda Fabrik.
H: Mowilith 50-poly (vinyl acetate), Farbwerke Hoechst.
I: Plastopal H-urea formaldehyde resin, Badische Anilin- und Soda Fabrik.
J: 1/2 Sec. Nitrocellulose-H 23, A. Hagedorn and Co., Osnabr€uck, W. Germany.
K: Parlon P10-chlorinated poly(propylene), Hercules Incorporated.
L: Cellulose acetate, Cellidora A-Bayer AG.
M: Super Beckacite 1001-Pure Phenolic Resin, Reichhold Chemicals Co.-Hamburg.
N: Phenodur 373U-phenol-resol resin, Chemische Werke Albert-Wiesbaden.
O: Cellolyn 102-modified pentaerythritol ester of rosin, Hercules Incorporated.
P: Pentalyn 255-alcohol soluble resin, Hercules Incorporated.
Q: Suprasec F5100-blocked isocyanate (phenol), Imperial Chemical Ind. Ltd.
R: Plexal C34-34% coconut oil-phthalic anhydride alkyd, Polyplex.
S: Desmophen 850, Polyester-Farbenfabriken Bayer AG. Leverkusen.
T: Polysar 5630-styrene-butadiene (SBR) raw elastomer, Polymer Corp.
U: Hycar 1052-acrylonitrile-butadiene raw elastomer, B. F. Goodrich Chemical Corp.
V: Cariflex IR 305-isoprene raw elastomer, Shell Chemical Co.
X: Lutonal IC/123-poly (isobutylene), Badische Anilin- und Soda Fabrik.
Y: Buna Huls CB 10-cis poly butadiene raw elastomer, Chemische Werke Huels.
Z: Versamid 930-polyamide, General Mills, Inc.
A: Ester gum BL, Hercules Incorporated.
B: Cymel 300-hexamethoxy melamine, American Cyanamid Co.
C: Piccolyte S100-terpene resin, Pennsylvania Industrial Chemical Corp.
D: Durez 14,383-furfuryl alcohol resin, Hooker Chemical Co.
E: Piccopale”J 11O-petroleum hydrocarbon resin. Pennsylvania Industrial Chemical Co
F: Vipla KR-poly (vinyl chloride), K¼50, Montecatini.
G: Piccoumarone 450L-coumarone-indene resin, Pennsylvania Industrial Chemical Corp
L: Milled wood lignin-Special sample from prof. A. Bj€orkman.
Extracted from Hansen, C.M., 1967. The Three Dimensional Solubility Parameter and Solvent Diffusion
Coefficient. Danish Technical Press, Copenhagen.
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Table 3.4 Hansen solubility parameters of various solvents

Solvent Dispersion Polar Hydrogen

1,2-Diethyl benzene 17.7 0.1 1

1,4-Dioxane 19 1.8 7.4

1-Butanol 16 5.7 15.8

1-Butene 13.2 1.3 3.9

1-Heptene 15 1.1 2.6

1-Hexene 14.7 1.1 0

1-Pentanol 15.9 4.5 13.9

1-Propanol 16 6.8 17.4

2,3-Dichlorobenzene 19.7 12.6 4.4

2,4-Dichlorobenzene 20.4 8.7 4.2

2-Butanol 15.8 5.7 14.5

2-Pentanol 15.6 6.4 13.3

2-Propanol 15.8 6.1 16.4

Acetic acid 14.5 8 13.5

Acetone 15.5 10.4 7

Acrylic acid 17.7 6.4 14.9

Benzene 18.4 0 2

Butane 14.1 0 0

Carbon tetrachloride 17.8 0 0.6

Chlorobenzene 19 4.3 2

Chloroform 17.8 3.1 5.7

Cyclohexane 16.8 0 0.2

Diethyl carbonate 16.6 3.1 6.1

Diethyl ether 14.5 2.9 5.1

Diethyl ketone 15.8 7.6 4.7

Diethylene glycol 16.6 12 20.7

Dimethyl carbonate 15.5 3.9 9.7

Ethanol 15.8 8.8 19.4

Ethyl acetate 15.8 5.3 7.2

Ethyl benzene 17.8 0.6 1.4

Ethylene dichloride 19 7.4 4.1

Ethylene glycol 17 11 26

Glycerol 17.4 12.1 29.3

Heptane 15.3 0 0

Hexane 14.9 0 0

m-Dichlorobenzene 19.7 5.1 2.7

Methanol 15.1 12.3 22.3

Methylacrylic acid 15.8 2.8 10.2

Methylene dichloride 18.2 6.3 6.1

Continued
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equation that can easily determine the condition of solution or interaction between

the solvent (subscript 1) and the polymer (subscript 0) can be written as:

R2
A ¼ 4 δd1�δd0ð Þ2 + δp1�δp0

� �2
+ δh1�δh0ð Þ2 (3.40)

Being RA the distance between a solute’s center point (e.g., polymer) and the point

representing the solvent. The relative energy difference (RED) of the system is

defined as the ratio

RED¼RA

R0

(3.41)

Thus it is possible to say that if:

RED<1, the components are alike and will dissolve.

RED¼1 the system will partially dissolve (possible swelling).

RED>1, the system will not dissolve.

The application of the Hansen solubility approach in pervaporation has received

recent attention due to the ability of the model to explain coupling effects. Previ-

ously, interactions of pure solvents with a polymer have been indicated but the

approach is of utmost interest when mixtures of solvents are involved. First, the

distance between two solvents in the sphere may be an indicator of the dissimilarity

of those two solvents, thus by proper selection of the membrane, the separation

factor of the two components may be proportional to that characteristic distance

Table 3.4 Hansen solubility parameters of various solvents —cont’d

Solvent Dispersion Polar Hydrogen

n-Butyl acetate 15.8 3.7 6.3

Octane 15.5 0 0

Octanol 17 3.3 11.9

o-Dichlorobenzene 19.2 6.3 3.3

o-Xylene 17.8 1 3.1

p-Dichlorobenzene 19.7 5.6 2.7

p-Diethyl benzene 18 0 0.6

Phenol 18 5.9 14.9

Propionic acid 14.7 5.3 12.4

Tetrahydrofuran 16.8 5.7 8

Toluene 18 1.8 2

Trichloroethylene 18 3.1 5.3

Triethylene glycol 16 12.5 18.6

Water 15.5 16 42.3

Xylene 17.6 1 3.1

Extracted fromShao, P., Huang, R.Y.M., 2007. Polymeric membrane pervaporation. J. Membr. Sci. 287,
162–179.
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(Mulder and Smolders, 1984). The ideal polymer should present high chemical

resistance (compatibility), sorption capacity, and good mechanical strength in the

solution in addition to a good interaction preferably with one of the components

of the mixture for effective separation. Thus it is worth doing some calculations

before starting the experimental work so that we take advantage of the current liter-

ature and previous experiences in the selection of the membrane. And second, when

two solvents are in a mixture, the position of this mixture in the sphere is different

than that of the pure solvents. This means that the solubility of the mixture in the

polymer will be different and a larger or smaller interaction may appear, explaining

possible coupling effects. The Hansen solubility approach allows thus predicting

somehow the behavior of the feed solution in contact with the membrane.

3.6.3 EXAMPLES OF APPLICATION
Some examples of application of the Hansen’s solubility parameter and Flory-

Huggins interaction parameter in pervaporation can be found in the literature.

Ravindra et al. (2000) applied pervaporation for the separation of water-hydrazine

and water-monomethylhydrazine mixtures at azeotropic compositions using ethyl-

cellulose membranes, which were previously selected using the Hansen’s solubility

parameter and Flory-Huggins interaction parameter models (Sridhar et al., 2000).

They found the highest value of the vectorial distance in the 3D diagram of the

Hansen solubility parameters (being the polymer in the center of the sphere) for

water, followed by hydrazine and finally monomethylhydrazine. Similarly, the

Flory-Huggins interaction parameters were the highest for the pair water-polymer,

followed by the pair polymer-hydrazine and polymer-monomethylhydrazine. Hav-

ing water the lowest solubility in the polymer led to a lower sorption and an easier

(faster) diffusion through the membrane compared to the other solvents. The inter-

action of water molecules with the polymer is weaker and they can flow more freely

through the membrane barrier (Sridhar et al., 2000). The greater affinity between the

ethylcellulose membranes and the monomethylhydrazine involved that the mole-

cules of the latter would be held strongly within the polymer matrix as a result of

which its diffusion could be retarded. This was corroborated by pervaporation ex-

periments, which showed a maximum membrane resistance toward water when

compared to pure hydrazine andmonomethylhydrazine, which implies that the mem-

brane has lower affinity for water, containing a lower quantity of water at any time.

This fact together to a lower desorption resistance and a higher diffusion coefficient

allowed water molecules to move faster into the membrane and to leave the mem-

brane without much resistance at the permeate side. On the other hand, hydrazine and

monomethylhydrazine almost doubled the sorption values but because of their lower

diffusivity values, their transfer rates are not as high as water molecules. Thus exces-

sive interaction with the polymer matrix and higher desorption resistance resulted in

higher retention time for these molecules compared to water in the membrane.

Higher permeation of water is then envisaged in the studied polymer (Ravindra

et al., 2000).
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Hydrophobic ceramic membranes have been studied by Kujawa et al. (2015).

Various types of alumina and titania ceramic membranes were modified with

1H,1H,2H,2H-perfluorooctyltriethoxysilane (named C6) to achieve a hydrophobic

character on the surface. Pure water and binary water-organic mixtures (methyl

tertbutyl ether (MTBE)/water, ethyl acetate/water and butanol/water) were tested

at low concentration of organics. The Hanson solubility parameters were determined

for each compound and the highest distance parameter was found to be for water and

C6, suggesting that water is the least compatible solvent with C6 grafting molecules.

On the other hand, MTBE-C6 presented the lowest value, thus MTBE seems to have

a better solubility in C6. The lowest distance parameter found for MTBE correlates

well with the highest selective properties of titania membranes in contact with the

studied mixtures (Kujawa et al., 2015).

Araki et al. (2016) plotted the relationship between the distance RA calculated as

RA¼ [4(δd1�δd2)+ (δp1�δp2)+ (δh1�δh2)] and the experimental flux of different

solvents through different membranes (Fig. 3.8). Clearly, higher solubility of the

compound in the membrane (i.e., lower RA) lead to higher fluxes. On the other hand,

Bettens et al. (2005) studied the pervaporation mechanism of pure components

(water, methanol, ethanol, 2-propanol, and n-propanol) through a commercial micro-

porous silica membrane. They observed water fluxes much higher than the alcohol

fluxes (100 times higher). The Hansen solubility parameters were calculated, and the

FIG. 3.8

Relationship between RA and the experimental flux obtained for different solvents and

membrane polymers. PhTMS: Phenyltrimethoxysilane; ETMS: ethyltrimethoxysilane; PrTMS:

n-propyltrimethoxysilane; BTMS: isobutyltrimethoxysilane; HTMS: n-hexyltrimethoxysilane.
Reproduced with permission from Araki, S., Gondo, D., Imasaka, S., Yamamoto, H., 2016. Permeation properties

of organic compounds from aqueous solutions through hydrophobic silica membranes with different functional

groups by pervaporation. J. Membr. Sci. 514, 458–466.
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total value, expressed as δd
2 + δp

2 + δh
2

� �1=2
, was plotted versus the flux of pure com-

pounds as shown in Fig. 3.9. They observed that especially the hydrogen bonding

parameter showed a good exponential relation with the flux, but the polar parameter

showed a fair correlation, while the disperse parameter had no correlation with the

fluxes. This indicates that sorption on the silica layer is mainly due to hydrogen bond

formation (Bettens et al., 2005) and water flux is favored due to its good sorption on

the membrane, which is a key step in the pervaporation process.

The results presented previously are some examples of how Hansen solubility

parameters or Flory-Hugging interaction parameters are being applied to determine

the interactions between the components and the membrane. However, when inter-

preting the results obtained in pervaporation, one must always keep in mind the dif-

ferences between the transmembrane flux, affected by the driving force, and the

permeability, in which the effect of the driving force has been eliminated as

explained in Section 3.4. If not, wrong interpretations can be done. Villegas et al.

(2015) showed a clear case in which explaining the fluxes in terms of the Hansen

solubility parameters is not enough. They evaluated poly(3-hydroxybutyrate)

(PHB) membranes for methanol/water separation. The RA distance calculated using

Eq. (3.40) for both methanol and water is larger than R0 for the polymer, but meth-

anol is nearest, which suggest more affinity methanol-polymer than water-polymer.

In addition, methanol fluxes were higher than those of water at all temperatures when

pure feed solutions were studied. Larger interaction of methanol with the polymer

could suggest lower fluxes as observed in the previous examples, but we cannot

forget that the effect of the driving force is present and the methanol vapor pressure

is approximately five times higher than that of water in the studied temperature

FIG. 3.9

Flux, J, as a function of total Hansen parameter (all values taken at 50°C).
Reproduced with permission from Bettens, B., Dekeyzer, S., Van der Bruggen, B., Degrève, J., Vandecasteele, C.,

2005. Transport of pure components in Pervaporation through a microporous silica membrane. J. Phys. Chem.

B 109, 5216–5222.
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range, that is, a driving force five times higher for methanol than for water. Thus

calculating permeabilities (or permeances) is essential to evaluate the real perfor-

mance of the membrane (the real separation that the membrane is producing). Results

of permeances showed that the permeance of methanol was lower than the per-

meance of water. Regarding the pervaporation results of mixtures methanol/water,

water was also the preferred compound for permeation but its permeance was more

than double than that as pure solvent. Methanol is enhancing water permeation due to

its higher affinity toward the membrane, plasticizing the polymeric matrix and help-

ing water to penetrate the membrane due to the formation of clusters water-alcohol

(Villegas et al., 2015). Coupling effects were thus clearly observed and described

using the indicated models.

3.7 CONCLUDING REMARKS
This chapter on pervaporation has aimed at showing the main differences between

the analysis of the performance of the process and the performance of the membrane

as well as the variables and parameters that are involved. The coupling effects that

may appear due to the interaction among components and the membrane have been

also evaluated. As a final summary, the following procedure is recommended to

carry out a complete evaluation of pervaporation:

(1) Evaluation of the driving force of the system and determination of target

compounds for permeation so that the initial concept of applying pervaporation

makes sense. Those compounds with the largest driving force should be

targeted to permeate through the membrane. Driving force calculations and

interpretation shown in Section 3.4 could be taken as reference to perform this

evaluation.

(2) Experimental evaluation of permeances (or permeabilities) and selectivities

of the membranes for the pure components and the mixtures of study (i.e.,
evaluation of the membrane performance). The comparison among results for

pure components and mixtures allows identifying coupling effects, which is

important to understand the mass transfer through the membrane and the

interactions that are taking place. The best situation is that the membrane would

enhance the permeation of the target compounds selected in the previous point.

Membrane development plays thus a key role in pervaporation.

(3) Experimental evaluation of transmembrane fluxes and separation factors (i.e.,
evaluation of the process performance). This step is required to finally

determine the total membrane area and the technical (and economic) viability

of applying pervaporation.

(4) Elaboration of McCabe-Thiele diagrams and comparison with distillation.

As indicated in Section 3.5, McCabe-Thiele diagrams are useful to visualize

easily the differences of applying pervaporation or distillation.
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4.1 PROCESS DESCRIPTION
The application of gas permeation membranes and supported liquid membranes has

increased significantly due to the continuous development of more selective and per-

meable membranes.Gas permeation involves a thin membrane where the feed gas, at

high pressure PF contains some low-molecular-weight species (MW<50) to be sep-

arated from higher-molecular-weight species (Seader et al., 2013). The other side of

the membrane (permeate side) is kept at lower pressure PP to provide the adequate
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driving force. The membrane is commonly a dense membrane but microporous

membranes may be found for this application. Fig. 4.1 shows the schema of mass

transfer in gas permeation. A dense membrane involves the sorption of the species

on the membrane surface, permeation through the membrane and finally, desorption

at the permeate side. The mass transfer can be thus described in terms of the solution-

diffusion model, and the degree of separation will depend on both phenomena,

adsorption and diffusion. On the other hand, if the membrane is microporous, a

sieving effect will determine which molecules cannot pass through the membrane

due to the pore size of the membrane. In this case, the molecular weights of the target

compound and the rest of species need to be very different to ensure an acceptable

separation.

Supported liquid membranes (SLM) refer to porous membranes that contain a

liquid inside the pores and it is kept there by capillary forces. They were investigated

for the first time by Li (1969). The number of applications of this kind of membranes

has grown significantly in the last years, related to three kinds of configurations: gas

feed/gas permeate (e.g., applied in gas separation), liquid feed/liquid permeate (e.g.,
applied in liquid pertraction), and liquid feed/gas permeate (e.g., applied in perva-

poration). When both sides of the membranes are a gas phase, the principle of func-

tioning is very similar to that of gas permeation indicated previously. The feed stream

Minimum required operating conditions

Gas feed

Gas retentate

Fast
permeation

Gas permeate

Dense or

microporous

membrane

Component A

Component B

Component C

Component N

-

Slow
permeation

Feed Permeate 

Pfeed > Pperm
Pperm normally Pperm = 1

bara 

FIG. 4.1

Gas permeation of a multicomponent mixture with N components. Pfeed, feed pressure;

Pperm, permeate pressure.
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is a gas phase containing the target component to be separated by permeation through

the membrane to the permeate side. Fig. 4.2A represents the schema of the separa-

tion. A difference of pressures in both sides of the membrane is required and a selec-

tive liquid for the target compound is used as the filler of the membrane pores. It is

very common to find applications in which the permeate side is kept under vacuum to

enhance the mass transfer by a large driving force. However, a nonvolatile liquid is

required inside the membrane pores to avoid losses and instability of the membrane

over time.

The application of SLMs for the extraction of a component from a liquid stream

can be carried out by using another liquid phase at the permeate side, which can be

(A)

Minimum required operating conditions 

Feed Permeate 

Pfeed > Pperm Pperm normally Pperm

= 1 bara 

FIG. 4.2

Schema of a supported liquid membrane: (A) Separation of a multicomponent gas mixture

with N components. Pfeed, feed pressure; Pperm, permeate pressure;

(Continued)
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(B)

Simple uphill transport: 

Facilitated coupled counter-transport: 

Facilitated coupled co-transport: 

FIG. 4.2, CONT’D

(B) separation of a multicomponent liquid mixture with N components using a reextraction

agent (liquid pertraction); and

(Continued)
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either aqueous or organic. A typical liquid membrane consists of a thin layer of

organic phase immobilized onto a microporous support between two aqueous phases

of different compositions (the feed and the stripping phases) (Parhi, 2013). The feed

and stripping phases are miscible and are separated by the immiscible liquid within

the membrane. The specified component(s) are extracted from the feed due to the

favorable thermodynamic conditions set around the interface feed membrane, and

Pfeed > Pperm

Minimum required operating conditions 

Feed Permeate 

Pperm

(normally Pperm < 1

bara) 

(C)

FIG. 4.2, CONT’D

(C) separation of a multicomponent liquid mixture with N components using a gas or vacuum

phase (pervaporation).
(B) Based on Kocherginsky, N.M., Yang, Q., Seelam, L., 2007. Recent advances in supported liquid membrane

technology. Sep. Purif. Technol. 53, 171–177.
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simultaneously stripped by the stripping phase because of the new equilibrium con-

ditions at the interface membrane-stripping phase (Boyadzhiev, 1990). This technol-

ogy is commonly known as liquid pertraction, from the latin “per-traho” and first

introduced by Schlosser and Kossaczky (1975). Several systems can be developed.

For example, if the liquid inside the membrane pores is an organic liquid immiscible

with the aqueous feed and strip streams, SLM can be used to separate the two aque-

ous phases. It may also contain an extractant, a diluent which is generally an inert

organic solvent to adjust viscosity and sometimes also a modifier to avoid

so-called third phase formation (Kocherginsky et al., 2007). The opposite situation

can be also considered in which an aqueous solution is inside the membrane and two

organic phases conform the feed and the permeate sides. In principle, no transmem-

brane pressure or voltage is required but sometimes some overpressure is applied to

ensure the stability of the membrane. The driving force is based on the difference of

concentrations between the feed stream and the permeate. Three possible transfer

mechanisms that control the removal and concentration of the transferred component

may take place. The first case is known as “simple uphill transport” since the com-

ponent A is pumped against the apparent concentration gradient because of the irre-

versible chemical reaction A+B ➔ AB taking place in the stripping solution. The

product AB or the ions existing after its dissociation are insoluble in the membrane

liquid and for this reason, there is no backtransport of A across the membrane but

there is an accumulation in the stripping phase (Boyadzhiev, 1990). A common

application of this process is the extraction of weak acids or bases (e.g., phenols,
amines, or antibiotics) from dilute solutions. A second kind of transport is used

typically for the removal of ions from the feed solution. Since electrical neutrality

has to be preserved in the entire process, the charged species A in the feed solution

are extracted by the carrier and moves across the membrane as a complex and finally

exchange A with the charged species C, which has the same charge as A and are

transported by the carrier to the feed solution. This process is called “facilitated
coupled counter-transport.” In other cases, the carrier (e.g., amines) is able to carry

the positively charged species together with the negatively charged species from the

feed solution to the permeate side (strip solution). This process is called “facilitated
coupled cotransport” (Kocherginsky et al., 2007) and it is of interest for the removal

of various metals like copper or zinc from diluted neutral or slightly acidic solutions

by using suitable chelating agents as carriers (the metal ions are replaced in the feed

by hydrogen ions from the stripping mineral acid) (Boyadzhiev, 1990). Fig. 4.2B

shows the schema of mass transfer in those three scenarios.

Finally, SLMs are also used in systems like pervaporation, in which the compo-

nents of a liquid solution have to be selectively separated by imposing a driving force

based on the differences of partial pressure across the membrane and a gaseous phase

or vacuum is found at the permeate side. The process description has been exposed in

detail in Chapter 3. Fig. 4.2C presents the schema of the mass transfer in pervapora-

tion using SLMs.

The main advantages of using SLMs are the relatively small volume of liquid that

is required inside the pores of the membrane, the tunable character of the membrane

by selecting the most appropriate filling liquid, the mass transfer is not governed by
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the equilibrium and, in the case of liquid extraction, the possibility of having the

extraction and reextraction steps in the same device. On the other hand, the main

disadvantage observed when using SLMs is the problem of low stability of the liquid

phase within the pores. The major mechanisms attributed to the displacement of the

liquid membrane are a progressive wetting of the membrane pores by the aqueous

phase, the pressure difference across the membrane, dissolution of the liquid mem-

brane in the aqueous phase, the formation of an emulsion in the liquid membrane, and

the blockage of membrane pores by precipitation of the carrier complex (Ong et al.,

2014). This lack of stability has justified the rapid introduction of ionic liquids as the

filling liquid due to their negligible vapor pressure and tuning properties that can

adapt to the separation requirements (selectivity, viscosity, compatibility, etc.). Ionic

liquids are salts with a melting point lower than 100°C. They show a very low vapor

pressure, reducing the costs and environmental risks of air pollution, and they are

thermally robust with liquid ranges of, for example, 300°C, compared to 100°C
for water. Regarding their ecotoxicity to aquatic environments, special care should

be taken when selecting the ionic liquid since their toxicity varies very largely

depending on the kind of cation, anion, and the length of the carbon chains (Luis

et al., 2007). When ionic liquids are used to impregnate the pores of a membrane,

we refer to these SLMs as supported ionic liquid membranes (SILMs). Stability stud-

ies on SILMs have demonstrated high operational and structural stability in liquid/

liquid and gas/gas separations, even at relatively high-temperature/high-pressure

conditions (up to 300°C and 10bar), which makes possible their industrial applica-

tion (Lozano et al., 2011). Other options to increase the stability of SLMs are the use

of two porous supports that separate the organic and aqueous phases; formation of

barrier layers on a membrane surfaces, either by physical deposition or by interfacial

polymerization; stabilization of the SLM by plasma polymerization surface coating;

formation of polymer inclusion membranes by casting a viscous mixture solution

composed of a liquid membrane, a plasticizer, and a base polymer; or gelation of

the liquid membrane (Yang et al., 2000; Kocherginsky et al., 2007; Ong et al., 2014).

The application of gas permeation membranes or supported liquid membranes is

thus directly connected with the development of novel materials, additives, and so

on, in order to improve the separation and minimize the required membrane area.

The next section will provide an introduction to the state of the art of applications

of both systems in order to show the main research areas that are under study.

The following sections will be focused on the mathematical description of these

systems and the interpretation of results.

4.2 GENERAL OVERVIEW OF APPLICATIONS
4.2.1 GAS PERMEATION
Gas permeation presents several advantages, such as low capital investment, ease of

installation and operation, absence of rotating parts, high process flexibility, low

weight and space requirements, and low environmental impact, which make it a very
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competitive technology with absorption, pressure swing adsorption, and cryogenic

distillation in the separation of components in gas phase (Seader et al., 2013).

The first application of gas permeation was oriented to the separation of air, reaching

purities limited economically to a retentate of 95%–99.9% N2 and a permeate of

30%–45% O2. Other applications increased dramatically, such as the separation

of hydrogen from methane, adjustment of H2-to-CO ratio in synthesis gas, CO2

removal, drying of natural gas and air, removal of helium, and removal of organic

solvents from air. Separation of CO2 from a gas stream has received special attention

due to the environmental implications regarding climate change. As membrane con-

figuration, spiral-wound and hollow fiber modules are the selected choice for poly-

meric membranes due to their high packing density. Inorganic membranes are

limited to a tubular or capillary configuration due to the restrictions during the

manufacture.

Typical membrane materials used in gas permeation are cellulose acetates and

polysulfones, polyimides, polyamides, polycarbonates, polyetherimides,

sulfonated polysulfones, Teflon, polystyrene, and silicone rubber for low temper-

atures (commonly <70°C). For high temperature, polymeric membranes may be

critically damaged and membranes made of glass, carbon, or inorganic oxides

should be used (Seader et al., 2013). Ionic liquids have also reached a large interest.

The application of ionic liquids in gas separation has been mainly developed in

three areas: (i) supported ionic liquid membranes (SILMs), (ii) polymerized ionic

liquids, and (iii) polymer-IL blends and mixed-matrix membranes (Karaszova

et al., 2014). The application of SILMs for gas separation is described in

Section 4.2.2. Polymerized ionic liquid membranes were first synthetized by

Bara et al. (2007) using styrene and acrylate polymerizable groups connected to

imidazolium-based ionic liquids ([Cnmim][Tf2N] with n¼1, 4 or 6). The mechan-

ical stability of the membrane was improved by adding a cross-linking agent. The

idea is that ionic liquids with appropriate structure can polymerize via the cation

and/or anion, forming solid films, combining the unique properties of ionic liquids

with the flexibility and properties of macromolecular architectures (Martı́nez-

Palou et al., 2014). Thus novel structures with new properties can be developed.

This kind of membranes has been deeply investigated in order to achieve compet-

itive permeabilities and selectivities. One of the applications of polymerized ionic

liquids is CO2 separation from other gases (Martı́nez-Palou et al., 2014). Several

ionic liquids have been polymerized but in general, the permeabilities are much

lower than those obtained with SILMs (Bara et al., 2008a, b; Simons et al.,

2010; Carlisle et al., 2010; Bara et al., 2008a, b; Li et al., 2012). For this reason,

the formation of gelled structured liquid membranes (a gelator is added to the ionic

liquid to form a stable gel) (Voss et al., 2009; LaFrate et al., 2010) is considered as a

good approach to achieve the performance of classical SILMs with a good mechan-

ical stability.

Polymer-IL blends and mixed-matrix membranes are formed when the ionic

liquid is incorporated into a polymeric matrix. The ionic liquid content affects the

permeability and the selectivity for various gases and vapors, showing a large affinity
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to CO2, which presented relevance for CO2/H2 separation (Friess et al., 2012). Gas

transport properties of polymer-IL membranes were poorer than SILMs but still their

potential is not fully explored. The large number of combinations of polymers-IL

makes this field of research a challenge as well as an opportunity to find the best

membrane for a specific separation.

4.2.2 SUPPORTED LIQUID MEMBRANES
Several applications of SLMs have been developed in the last years; they can be

grouped into four main groups: (i) gas separation, (ii) separation of organic com-

pounds, (iii) separation of ions, and (iv) pervaporation and vapor permeation.

Gas separation
The application of supported ionic liquid membranes (SILMs) in gas separation

has been extensively studied in order to increase the selectivity while keeping

high permeability in comparison with polymeric membranes, as well as promot-

ing a longer stability than classical SLMs. CO2 capture from flue gases is a main

domain of research due to the current necessity of finding solutions to global

warming. However, the high temperature and low partial pressure of CO2 in flue

gases makes its separation a real challenge. A review of several papers describing

different applications of SILMs for CO2 separation from other gases can be found

in the literature (Martı́nez-Palou et al., 2014). The treatment of bio-methane from

anaerobic digesters has also a growing interest (Park et al., 2009; Scovazzo et al.,

2009). In addition, the presence of water vapor in the gas stream increases the gas

permeability through the SILM but it may decrease the selectivity of the target

compound. This effect has been observed by Neves et al. (2010a) when studied

the separation of CO2/N2 and CO2/CH4 mixtures using imidazolium-based ionic

liquids and it was endorsed to the formation of water clusters inside the mem-

brane, mainly in the less hydrophobic ionic liquids. Nevertheless, the large poten-

tial of SILM for gas separation has been demonstrated by comparison with the

performance of gas permeation membranes (Scovazzo et al., 2004; Scovazzo,

2009). The tunable character of ionic liquids makes them also a good membrane

filler to prepare objective-oriented membranes, that is, membranes designed to

separate a specific target compound. Two critical properties of the ionic liquid

can have a significant influence on the SILM performance: molar volume and vis-

cosity. According to Scovazzo (2009), the CO2 selectivity is a function of the

molar volume of the ionic liquid, while the CO2 permeability depends mainly

on the viscosity. SILMs are a promising alternative technology for separating

mixtures of gases of great interest to the oil industry such as the separation of

H2S/CH4, CO2/CH4, CH4/H2O, CO2/N2, CO2/H2, CO2/CH4, H2/N2, H2/CH4,

CH4/N2, propane/propene, and mercaptans/hydrocarbons (Martı́nez-Palou

et al., 2014).
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Separation of organic compounds
Application of SLMs for the separation of organic compounds has been also a focus

of attention as an alternative technology to conventional liquid/liquid extraction.

Waste water treatment may involve the removal of phenols and ammonia due to

the current environmental constraints (Parhi, 2013). Also, SLMs are applied for

the selective separation of reagents and products of transesterification reactions,

for example, those reactions oriented to the production of organic esters of interest

in the perfumery and flavor industries (Lozano et al., 2011). The development of

novel SLMs has also brought researchers to investigate in depth the use of ionic

liquids as the filler liquid inside the membrane (SILMs) and relevant conclusions

on the effect of the ionic liquid structure on the selectivity of the separation have

been obtained. In general, membrane selectivity depends mainly on the kind of anion

of the ionic liquid. In addition, a decrease in the chain length of the alkyl substituents

of imidazolium-based ionic liquids led to an increase in the selectivity (Lozano

et al., 2011).

Separation of ions
The application of supported liquid membranes for the extraction of species such as

metals from an aqueous feed solution involves the selection of an organic phase as

extractant that gives high selectivity to the separation. Separation and concentration

of metal ions is a key point in the hydrometallurgical industry and here, the use of

SLMs involves great advantages (e.g.,modular systems, easy operation, low cost) in

comparison with other extraction methods. Some examples are the recovery of

copper, zinc, nickel, chromium (VI), mercury, cadmium, and uranium (Dehaan

et al., 1989; Chiarizia et al., 1990; Breembroek et al., 1998; Parhi, 2013).

Transport of smaller ions such as sodium (Na+) and chloride (Cl�) using

imidazolium-based ionic liquids has also been studied (Fortunato et al., 2004).

The mass transport of these ions through the membrane was found to be mainly

by transport through water microenvironments inside the membrane. Thus the pres-

ence of water inside the ionic liquid has a very significant effect on the mass transport

of ions.

Pervaporation and vapor permeation
Over the past decade, most pervaporation processes have involved the use of solid

membranes (polymeric, ceramic, or composed of both polymeric and inorganic

membranes). Recently, the use of liquid membranes has taken a remarkable interest

since the diffusion of components through a liquid is few orders of magnitude

higher than that through a solid. SLMs acquire thus an interesting application in per-

vaporation processes. Common organic solvents used as the liquid membrane are

hydrophobic ethers and esters, hydrocarbons, and long chain alcohols, and more

recently, ionic liquids (Ong et al., 2014). Thus pervaporation using SLMs and SILMs

has been suggested for several applications (Sch€aefer et al., 2001; Branco et al.,

2002a, b; Izák et al., 2005, 2006a, b, 2008, 2009a, b; Plaza et al., 2013). Generally,
S(I)LMs have been used in pervaporation for the separation of mixtures composed of
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(Ong et al., 2014) butanol/water, ethanol/water, diacetyl/water, trichloroethylene/

water, acetic acid/water, 1,3-propanediol/water, butanol/acetone/water, and ace-

tone/butanol/

ethanol/water. The effect of some operating conditions has been evaluated

(Martı́nez-Palou et al., 2014). In general, it could be said that a low downstream pres-

sure increases the driving force in the system, leading to an increase in the transmem-

brane flux, but also, it could result in the loss of immobilized liquid membrane from

the support. Thus the pressure difference across the SLM should not exceed the min-

imum transmembrane pressure, Pc, which is defined as the minimum pressure

required to push the immobilized liquid membrane out of the largest pores. This pres-

sure is calculated based on the Laplace-Young equation:

Pc ¼ 2γ cosθ

r
(4.1)

where γ is the interfacial tension between the feed solution and the SLM, θ is the

contact angle between the membrane pores and the immobilized liquid membrane,

and r is the pore radius.

Regarding the temperature, it is common that higher temperature leads to a larger

transmembrane flux due to the increased driving force for the pervaporation process

(due to the increased difference between the equilibrium partial pressure on the feed

side and the partial pressure on the permeate side). In addition, higher feed temper-

atures reduce the viscosity of the liquid membrane and the resistance to mass trans-

port in the SLM, promoting greater diffusivity of the targeted component to pass

through the SLM. The thermal stability of the porous support and the liquid mem-

brane may be negatively affected, though. Thus degradation or loss of the liquid

membrane could also occur and the appropriate operation conditions should be

selected. The application of SILMs for industrial pervaporation is not a reality

yet. Several issues have to be solved, such as the low separation flux, even though

it may be enhanced by the presence of the ionic liquid, and poor separation properties

(Karaszova et al., 2014).

Other applications
Analytical or electrochemical applications have been also reported to some extent in

the literature (Lozano et al., 2011). For example, the trace determination of toxic

compounds involves a preconcentration step prior to the analysis due to the low con-

centration of the toxic in the sample. Liquid/liquid extraction or solid-phase extrac-

tion is commonly used to perform this enrichment step. However, aiming at

minimizing the amount of solvent required, other preconcentration techniques have

been developed recently. Among them, two techniques can take advantage of the use

of supported (ionic) liquid membranes: liquid-phase microextraction and solid-phase

microextraction. The former has been used combined with high performance liquid

chromatography (HPLC) for the determination of chlorophenols and sulfonamides in

environmental water samples (Peng et al., 2007; Tao et al., 2009); and the later for the

determination of polycyclic aromatic hydrocarbons (PAHs) in water by combination
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with gas chromatography-mass spectrometry (GC-MS) (Hsieh et al., 2006). Electro-

chemical applications are justified by the similar electrical resistance values of

SILMs in comparison with those of Nafion membranes (Lozano et al., 2011). Using

ionic liquids allow developing tailor-made proton conducting membranes for fuel

cell applications (Fortunato et al., 2006) or other applications in which stability at

high temperature (100–200°C) is required (Neves et al., 2010b).

4.3 MASS TRANSFER IN GAS PERMEATION
Gas permeation normally involves the use of polymeric membranes (dense mem-

branes). However, due to the limitation of polymer under harsh conditions, such as high

temperatures, the use of inorganic materials (porous membranes) has been also devel-

oped. Thus the mass transfer in porous and dense membranes is presented. Fig. 4.3

shows schematically the concentration profiles present in both kinds of membranes.

4.3.1 MASS TRANSFER THROUGH POROUS MEMBRANES
The rate of diffusion of a component i through a membrane can be described in terms

of Fick’s law. In gas permeation, both sides of the membrane are gas phase. Fig. 4.3A

shows the concentration profile of the target component. Thus assuming ideal gas

behavior and equal pressure and temperature on either side of the membrane the rate

of diffusion expressed in terms of partial pressure driving force is:

Ji ¼DeicM
PlM

pi0�piLð Þ¼ Dei

RTlM
pi0�piLð Þ (4.2)

(A) (B)

Feed gas

phase Porous

membrane

Permeate gas

phase

Feed gas

phase Dense

membrane

Permeate gas

phase

FIG. 4.3

Concentration profile of a component i in gas separation applications through: (A) a porous

membrane; (B) a dense membrane.
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where cM is the total gas mixture concentration given as P/RT by the ideal-gas law.

The permeance, Pi

lM

� �
, of a species is defined as the flow rate of that species per unit

cross-sectional area of membrane per unit driving force, being analogous to a mass

transfer coefficient. Thus it can be calculated as

Pi

lM

� �
¼ Ji

pi0�piLð Þ¼
Dei

RT
(4.3)

The permeance Pi

lM

� �
is the ratio of the permeability, Pi, to the membrane

thickness, lM.
The kind of diffusion that takes place through the membrane is ordinary diffusion

and/or in series with Knudsen diffusion. Fig. 4.4 shows the main mechanisms for

transport through a membrane. Fig. 4.4A refers to convective, bulk flow, existing

by a difference of pressure, in which the pore diameter is large compared to the

molecular diameter of species. Thus no selective separation occurs and it is not rel-

evant for the typical membranes used for gas permeation. When the pressure is the

same at both sides of the membrane so that there is not bulk flow but there exists a

difference of fugacity, activity, chemical potential, concentration, or partial pressure,

permselective diffusion of species through the membrane pores takes place accord-

ing to the schema in Fig. 4.4B. If the pores are small enough so that they have a

similar size than some of the species in the feed mixture, the separation will be

enhanced due to a restricted diffusion, causing size exclusion or sieving of larger

molecules (Fig. 4.4C). Concretely, for gas diffusion in which the pore size and/or

pressure (typically a vacuum) is such that the mean free path of the molecules is

greater than the pore diameter, the so-called Knudsen diffusion is considered and

it is dependent on molecular weight (Seader et al., 2013). Thus considering that

(A) (B) (C) (D)

FIG. 4.4

Mechanisms of transport in membranes (Seader et al., 2013): (A) bulk flow through

pores, (B) diffusion through pores, (C) restricted diffusion through pores, and

(D) solution-diffusion through dense membrane.
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ordinary diffusion and/or Knudsen diffusion take place and assuming absence of

bulk and restrictive diffusion, the diffusion coefficient can be calculated as:

Dei ¼
E
τ

1

1=Dið Þ+ 1=DKi
ð Þ

� �
(4.4)

whereDi is the molecular diffusivity, andDKi
is the Knudsen diffusivity, which from

the kinetic theory of gases as applied to a straight, cylindrical pore of diameter dp is

DKi
¼ dpvi

3
(4.5)

where νi is the average molecule velocity given by

νi ¼ 8RT=πMið Þ1=2 (4.6)

where M is molecular weight. Combining Eqs. (4.5), (4.6):

DKi
¼ 4850dp T=Mið Þ1=2 (4.7)

where DK is cm2/s, dp is cm, and T is K.

Eq. (4.3) can be thus rewritten as follows to calculate the permeance Pi

lM

� �
of each

species:

Pi

lM

� �
¼ E
RTτlM

1

1=Dið Þ + 1=DKi
ð Þ

� �
(4.8)

When Knudsen flow predominates, as it often does for micropores, a selectivity

based on the permeability ratio for species A and B is simply given by the ratio of

the molecular weights of the species (Seader et al., 2013)

PMA

PMB

¼ MB

MA

� �1=2

(4.9)

4.3.2 MASS TRANSFER THROUGH DENSE MEMBRANES
Gas permeation in dense membranes presents a mechanism of transport that can

be described by the solution-diffusion model, which is a combination of the fol-

lowing three fundamental steps: (i) sorption of the targeted component from the

feed gas to the membrane, (ii) diffusion of the targeted component within the

membrane, and (iii) desorption of the targeted component to the gas phase at

the permeate side of the membrane. Fig. 4.3B shows the concentration profile

of the target component in a dense membrane, and Fig. 4.4D shows the mecha-

nism of mass transfer through the membrane. The mass transfer can be described

by applying Fick’s first law of diffusion under conditions of steady state, that is,

when the concentration does not vary with time (George and Thomas, 2001; Luis

and Van der Bruggen, 2013):

Ji ¼�Di
∂ci
∂x

� �
(4.10)
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whereDi is the diffusivity of the solute in the membrane. The integration of this equa-

tion gives:

Ji ¼Di

lM
ci0 �ciLð Þ (4.11)

where l is the membrane thickness and ci0 and ciL are the concentration of component i
on the feed and permeate interfaces with the membrane. In addition, assuming ther-

modynamic equilibrium at the fluid-membrane interfaces, the concentrations can be

related to partial pressures adjacent to the membrane faces by Henry’s law as (Seader

et al., 2013)

Hi0 ¼
ci0
pi0

(4.12)

HiL ¼
ciL
piL

(4.13)

withHi as the solubility coefficient. Normally, it is possible to assume thatHi is inde-

pendent of the total pressure and that the temperature at both sides of the membranes

is similar. Thus the simplification that Hi0¼HiL¼Hi is possible (Seader et al., 2013),

and Eq. (4.11) can be written as

Ji ¼DiHi

lM
pi0 �piLð Þ (4.14)

In addition, in gas separation, the external mass transfer resistances or concentration

polarization effects are generally negligible (piF¼pi0 and piL¼piP). The rate of mem-

brane transport can thus be calculated as a function of the partial pressure driving

force as follows (Seader et al., 2013):

Ji ¼HiDi

lM
piF �piPð Þ¼PMi

lM
piF �piPð Þ (4.15)

The product PMi
¼HiDi is the permeability (with units for instance of molm�1 s�1

Pa�1) and depends on both the solubility of the gas i within the membrane, Hi,

and its diffusivity through the membrane, Di. The permeability PMi
of a gas compo-

nent i can be then obtained by dividing the partial flux Ji (mol m�2 s�1) by the driv-

ing force using Eq. (4.15). The ratio
PMi

lM
is called permeance (mol m�2 s�1 Pa�1) and

it is widely used when the membrane thickness is unknown. It is defined as the flux

per unit pressure difference between the two sides of the membrane. Other common

units for gas permeability and permeance are barrer (1 barrer¼10�10 cm3(STP)

cm cm�2 s�1.(cmHg)�1) and GPU (1 GPU¼10�6 cm3(STP) cm�2 s�1. (cmHg)�1),

respectively. In general, diffusivity decreases and solubility increases with increas-

ing molecular weight of the gas species (Seader et al., 2013).

The separation factor is commonly used to evaluate the degree of separation in

the permeation process. Considering two components, A and B:

βAB ¼
yA=xA
yB=xB

(4.16)
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where yA and yB are the mole fraction of component A and B, respectively, in the

permeate; and xA and xB are the mole fraction of component A and B, respectively,
in the retentate (feed) side of the membrane.

The selectivity, αAB, is defined as the ratio of permeabilities, PMi
, or permeances,

PMi
/lM, between two species A and B:

αAB ¼PMA

PMB

¼PMA
=lM

PMB
=lM

(4.17)

The relationship between separation factor and selectivity can be found easily by

introducing Eq. (4.15) in Eq. (4.17) (Luis and Van der Bruggen, 2013):

α¼
yCO2 =

1�yCO2ð Þ
xCO2�

Pperm

Pfeed

yCO2

� �,
1�xCO2�

Pperm

Pfeed

1�yCO2
ð Þ

� �
(4.18)

with pF and pP being the total pressure in the feed and permeate, respectively. If a

negligible partial pressure of each compound in the permeated side (maximum driv-

ing force) is considered due to a very low total pressure in the permeate side or much

smaller than the pressure in the feed side, that is, pp�0 or pP <<pF, the selectivity
becomes:

α¼
yCO2 = 1�yCO2ð Þ
xCO2 =

1�xCO2ð Þ
(4.19)

which is the separation factor. Thus the selectivity and the separation factor are

coincident when the pressure at the permeate side is negligible in comparison with

the pressure at the feed side. The membrane performance of gas permeation can be

evaluated via the calculation of permeability P (or permeance, P/l) of the target

compound and the membrane selectivity.

4.4 MASS TRANSFER IN SLMS
As indicated in Section 4.2.2, supported liquid membranes are used in different

applications that may involve both gas and liquid phases, for example, gas feed/

gas permeate (e.g., gas separation, vapor permeation), liquid feed/gas permeate

(e.g., pervaporation), and liquid feed/liquid permeate (e.g., liquid pertraction).

The description of mass transfer through a supported liquid membrane for gas sep-

aration or vapor permeation can be done as described in Section 4.3 and following the

schema of Fig. 4.5A. In case of pervaporation applications, the reader is invited to

follow the mass transfer description developed in Chapter 3, taking into account the

schema in Fig. 4.5B. The description of mass transfer in liquid pertraction, or liquid/

liquid extraction using membranes, aiming at the separation of a multicomponent

liquid mixture is shown in this section. Fig. 4.5C shows the concentration profile

of the targeted component i through the SLM for this purpose.
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In liquid/liquid applications, the description of mass transfer of the solute from

the feed phase to the receiving phase through the SLM involves several steps

(Lozano et al., 2011): (i) Forced convection from the bulk of the feed solution to

the feed-membrane interface, (ii) partition of the substrates between the feed phase

(ci0
0 ) and the liquid immobilized in the organic membrane (ci0), (iii) diffusion across

the liquid membrane to the membrane-receiving interface under the action of the

concentration gradient, (iv) partition of the substrates between the liquid immobi-

lized in the organic membrane (ciL) and the receiving phase (ciL
0 ), (v) forced convec-

tion from the membrane-receiving interface to the bulk of the receiving phase. The

presence of the supported liquid breaks the continuity of the concentration profile

and two thermodynamic equilibrium partition coefficients have to be considered,

one for the feed liquid in contact with the supported liquid, Ki0,

(A)

(C)

(B)

Feed gas

phase Supported

liquid

membrane

Permeate gas

phase

Feed liquid

phase

Feed liquid

phase

Supported

liquid

membrane

Permeate gas

phase

Supported

liquid

membrane

Stripping liquid

phase

FIG. 4.5

Concentration profile of a component i in a supported liquid membrane for: (A) gas separation

or vapor permeation, (B) pervaporation, and (C) liquid pertraction.

1194.4 Mass transfer in SLMs



Ki0 ¼
ci0
c0i0

(4.20)

and another for the stripping liquid in contact with the supported liquid, KiL:

KiL ¼
ciL
c0iL

(4.21)

Applying the Fick’s law allows calculating the transmembrane flux:

Ji ¼Di

lM
ci0 �ciLð Þ (4.22)

where Di is the diffusivity of the solute in the membrane.

Combining Eqs. (4.20)–(4.22), and assuming that the partition coefficients do not

depend on the concentration (Ki0¼KiL¼Ki), then

Ji ¼KiDi

lM
c0i0�c0iL
� 	

(4.23)

or

Ji ¼KiDi

lM
ciF�ciPð Þ (4.24)

if the resistances to mass transfer in the two boundary layers adjacent to the

membrane surface are negligible (ci0
0 ¼ ciF and ciL

0 ¼ ciP).
Similar to Eq. (4.15) for gas separation, the permeability PMi

is defined as the

product of the partition coefficient Ki, which accounts for the solubility of the

compound i within the membrane, and the diffusion coefficient Di, which accounts

for the diffusion through the membrane (Seader et al., 2013):

PMi
¼KiDi (4.25)

Thus by introducing Eq. (4.25) in Eq. (4.24):

Ji ¼PMi

lM
ciF�ciPð Þ (4.26)

which allows the experimental calculation of the permeability PMi
or the permeance

PMi

lM
. The separation factor and selectivity can be calculated by Eqs. (4.16), (4.17),

respectively.

For practical reasons related to the kind of experimental system used to perform

the experiments, several expressions have been developed depending on the fluid

phases at both sides of the membrane in order to obtain values of permeability in

a straightforward way from the experimental data. These expressions are shown

as follows.

4.4.1 GAS FEED/GAS PERMEATE
When supported liquid membranes are used for gas separation, it is common to

calculate the permeability of a gas from the pressure data from the feed and permeate

compartments of the experimental system (Cussler, 1997):
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1

b
ln

Δp0
Δp

� �
¼P

t

δ
(4.27)

Δp0 ¼ pfeed, t¼0�ppermeate, t¼0 (4.28)

Δp¼ pfeed, t�ppermeate, t (4.29)

where pfeed and ppermeate are the pressures in the feed and permeate compartments,

respectively; P is the permeability; t is the time; and δ is the membrane thickness.

The geometric parameter b is experimentally calculated from:

b¼Am
1

Vfeed
+

1

Vpermeate

� �
(4.30)

Vfeed and Vpermeate are the volumes of the feed and permeate compartments, respec-

tively, and Am is the membrane area. The data can be plotted as 1
b ln Δp0

Δp

� �
versus t

δ and

the permeability is obtained from the slope.

4.4.2 LIQUID FEED/GAS PERMEATE (PERVAPORATION)
Similar to solid pervaporation membranes, the transportation of the targeted compo-

nent across the liquid membrane can be explained by the solution-diffusion model,

which is a combination of the following three fundamental steps: (i) sorption of the

targeted component from the feed liquid to the membrane, (ii) diffusion of the tar-

geted component in the membrane, and (iii) desorption of the targeted component to

the vapor phase on the downstream side of the membrane. The transport mechanism

of the targeted component in the liquid within the membrane pores consists of either

simple permeation or facilitated transport (Ong et al., 2014). In simple permeation,

the targeted component passes through the membrane based on its solubility in the

liquid without any reaction taking place during the transfer. In facilitated transport, a

carrier is used in order to help components with lower solubility to pass through the

membrane. The carrier forms a complex that is soluble in the liquid membrane (but

not in the feed phase) by a reversible reaction that takes place at the feed-membrane

interface. The target compound is released at the permeate-membrane interface.

Both mechanisms obey Fick’s law, where the solute is transported from high to

low chemical potential, which is achieved by a difference of partial pressure of

the targeted component between the feed and permeate phases.

Thus the specific description of mass transfer in pervaporation using SLM can be

performed following the procedure indicated in Chapter 3.

4.4.3 LIQUID FEED/LIQUID PERMEATE (LIQUID PERTRACTION)
The flux can be alternatively expressed as the number of moles of solute i (Npi

) trans-

ported through a specific area of membrane surface (A) per time unit. Thus Eq. (4.26)

can be written as (Hernández-Fernández et al., 2007):
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dNiP

dt
¼PMi

lM
A ciF�ciPð Þ (4.31)

NiP can be expressed in terms of the concentration of solute as

NiP ¼ cpVp (4.32)

where Vp is the volume of the receiving phase. If the volume of both receiving phase

and feed phase are kept identical throughout the experiment (Vp¼Vf¼V), then Eq.

(4.31) can be expressed as:

dCiP

dt
¼PMi

lM

A

V
ciF�ciPð Þ (4.33)

The concentration in the feed phase can be calculated as a function of the initial con-

centration of the solute in the feed phase, ciF0, as:

ciF ¼ ciF0�ciP (4.34)

Thus Eq. (4.33) becomes:

dCiP

dt
¼PMi

lM

A

V
ciF0�2ciPð Þ (4.36)

After rearranging:

dCiP

ciF0�2ciPð Þ¼
PMi

lM

A

V
dt (4.37)

Eq. (4.37) can be analytically solved by using the following initial conditions:

t¼ 0 ciP ¼ 0 (4.38a)

t¼ t ciP ¼ ciP (4.38b)

Integrating both terms in Eq. (4.37) leads to:

ln
ciF0�2ciP

ciF0

� �
¼�2

PMi

lM

A

V
t (4.39)

which shows that the term ln ciF0�2ciP
ciF0

h i
is a linear function of time. By representing

ln ciF0�2ciP
ciF0

h i
versus t, the permeance

PMi

lM
can be directly calculated from the slope of

the linear function.

4.5 INTERPRETATION OF RESULTS
The evaluation of results of transmembrane fluxes, permeances or permeabilities,

separation factors, and selectivities gives essential information to determine the pro-

cess performance and membrane performance. As already indicated in Chapter 1,

process performance is a measure of how efficient or effective a process is. The focus

is then on the technical and economic availability of the process using membrane
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technology. The final output would be the total membrane area that is required to

achieve a specific separation objective, the optimal operation conditions (tempera-

ture, pressure, flowrate, etc.), and the overall cost. On the other hand, membrane per-

formance focuses specifically on the membrane, that is, the membrane capacity to

separate the mixture. Thus the evaluation of process performance should be done

in terms of transmembrane fluxes and separation factors, while the evaluation of

the membrane performance is based on permeabilities (or permeances) and selectiv-

ities. In this section, examples in gas separation (using dense or SLMs), pervapora-

tion using SLMs, and liquid pertraction with SLMs will be developed.

4.5.1 GAS SEPARATION
In gas separation, it has been observed that the selectivity for gas pairs varies inversely

with the permeability of themore permeable gas of the specific pair. This effect may be

due to the fact that as the polymer molecular spacing becomes tighter the permeability

decreases due to the decrease of diffusion coefficients, but the separation characteristics

are enhanced (Robeson, 1991). Robeson (1991) performed an analysis of the literature

data for binarymixtures containingHe,H2,O2,N2,CH4, andCO2and represented a log-

log plot of αij (separation factor¼Pi/Pj) versusPi (wherePi¼permeability of themore

permeable gas). Above the linear upper bound on the log-log plot, virtually no values

exist. Thus an upper bound could be established to indicate the state of the art in gas

separation and it is revisited byRobeson and other researchers frequently for polymeric

dense membranes and SLMs with application in gas separation (Robeson, 1991, 2008;

Freeman, 1999; Dal-Cin et al., 2008). This way of representing results is very useful to

determine themembraneperformanceandallowsastraightforwardcomparisonwith the

separation achieved by novel membranes.

In order to overcome the trade-off between permeability and selectivity, the most

intensive research has been focused on the development of novel materials and mem-

branes that allow high permeation while keeping high selectivity. In addition to poly-

meric and ceramic membranes (Merkel et al., 2000; Lin and Freeman, 2004; Powell

and Qiao, 2006;Minelli and Sarti, 2013; Anderson et al., 2012), carbon-based molec-

ular sieves (Jiang and Chung, 2006; Husain and Koros, 2007; Czyperek et al., 2010;

Smart et al., 2010), mixed-matrix membranes that combine polymers with ceramic

materials, nanoparticles, and so on (Jiang and Chung, 2006; Husain and Koros, 2007)

are a center of attention. An example is the fast development of new membranes for

CO2 capture. The need for a relevant solution that can decrease the emissions of this

component to the atmosphere has motivated an extensive research in this area. The

upper bound for the separation of CO2/N2 mixtures has been observed to be around

104–105barrer of CO2 permeability and selectivities lower than 10 (Robeson, 1991;

Robeson, 2008). But recent developments have indicated an overcoming of this

limit, as shown in Fig. 4.6 (Luis and Van der Bruggen, 2013). Polymerized ionic liq-

uids have shown advantage over their respective ionic liquid in a traditional absorp-

tion system (Tang et al., 2005), capturing almost double the amount of CO2 (Hasib-ur

Rahman et al., 2010). In addition, research on SLMs has been performed to find the

liquid that gives high permeability, high selectivity, and long-term stability. Ionic
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liquids forming SILMs have demonstrated to be good candidates for gas separation

(i.e., separation of other gases from hydrocarbons mixtures of great interest for the

oilfield such as sulfur dioxide, carbon monoxide, hydrogen, nitrogen, water (dehy-

dration), and olefin/paraffin separation) (Martı́nez-Palou et al., 2014). Indeed, some

supported ionic liquid membranes are showing higher CO2 permeability and CO2/N2

selectivity than those included in the revisited upper bound by Robeson (2008). How-

ever, due to the large number of ionic liquids that can be candidates to form a SILM, a

growing interest of the effect of the ionic liquid’s properties on the permeability and

selectivity has been observed in the literature. First sights of a general performance

have been inferred (Neves et al., 2010a): (i) the gas diffusivity decreases for the more

viscous ionic liquids, but still, a higher increase in solubility leads to an overall

increase in permeability. Thus solubility effects play a more important role in the

transport of gases. Therefore for strongly interacting gases, such as N2 and CO2,

the resulting permeability is conditioned by the solubility and not by the diffusivity.

(ii) Gas humidity leads to an increase of permeability and a decrease of selectivity. It

is thought that the presence of water microdomains inside the ionic liquid provides an

easier environment for diffusion due to a lower viscosity than that of the dry ionic

liquid, although the effect of the presence of water will be more important in gases
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FIG. 4.6

CO2/N2 Selectivity versus CO2 permeability of several polymerized ionic liquid membranes

and supported ionic liquids membranes in relation to the 2008 Robeson upperbound

(Robeson, 2008).
Reproduced with permission from Luis, P., Van der Bruggen, B., 2013. The role of membranes in postcombustion

CO2 capture. Greenhouse Gas Sci. Technol. 3, 1–20.
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that are more affected by diffusion in contrast with gases whose permeability is

essentially controlled by solubility. In addition, more hydrophilic ionic liquids

can absorb more water, leading to larger water clusters.

The effect of the temperature on the upper bound has been also evaluated. Rowe

et al. (2010) proposed a model describing the influence of temperature on the

permeability/selectivity trade-off of polymeric membranes. The model was used

to predict the influence of temperature on upper bound behavior for several gas pairs

including O2/N2, H2/N2, CO2/CH4, CO2/N2, H2/CO2, and CO2/H2. An example is

shown in Fig. 4.7 for the separation of the mixture CO2/N2. In general, the predicted

upper bound shifts vertically with temperature (the higher the temperature, the lower

the selectivity), and the direction and magnitude of the shift depend on the sizes and

condensabilities of the gases considered (Rowe et al., 2010). For the mixture CO2/N2,

a decrease of>50% in selectivity is expected for a given permeability when the tem-

perature increases 50°C.
The membrane stability is a point of attention that has to be evaluated carefully in

order to ensure the long-term application of the technology (Kovvali and Sirkar,

2003). Several studies have shown that the interaction between the membrane and

the supported liquid is critical to ensure a good stabilization. An example is shown

in Fig. 4.8. Several ionic liquids are supported in two different membranes, one with

a more hydrophilic character and a second one with more hydrophobic character

(Neves et al., 2010a). It is observed that a better stability is achieved when using
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Influence of temperature on the predicted upper bound behavior for CO2/N2 separation.
Reproduced with permission from Rowe, B.W., Robeson, L.M., Freeman, B.D., Paul, D.R., 2010. Influence of

temperature on the upper bound: theoretical considerations and comparison with experimental results. J. Membr.

Sci. 360, 58–69.
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the hydrophobic membrane since it presents a lower value of weight loss and

achieves a stable weight more rapidly. Because the studied ionic liquids were hydro-

phobic, it is assumed that the higher stability is due to a stronger interaction between

the membrane and the ionic liquid.

After the evaluation of membrane performance by determining the permeabil-

ity (or permeance) and selectivity of the membrane for the target compound, the

next step is to determine if the proposed system presents economic viability. To

do that, the performance of the process should be evaluated in terms of transmem-

brane flux and separation factor. The removal rate of the target compound, that is,

the amount of that compound that has to be removed per year, divided by the

transmembrane flux gives directly the overall membrane area that is required

for the separation:

A¼ removal rate of i

ΔPi � P

l

� � (4.40)

Luis and Van der Bruggen (2013) presented a simple calculation on the process per-

formance for CO2 removal considering a CO2 removal rate of 105 tons of CO2 per

year (1.61m3s�1) and a membrane thickness of lM¼1 μm. The membrane area

required as a function of a typical range of CO2 permeability (100–1000barrer)
for different driving forces (partial pressure of CO2 in the feed stream and consid-

ering negligible the value in the permeate side) is shown in Fig. 4.9. For a feed

gas stream containing 15vol% CO2 at atmospheric pressure (pCO2
¼0.15 bar), about

104–105m2 of membrane area are needed.

FIG. 4.8

Relative membrane weight in (A) hydrophilic, and (B) hydrophobic membranes immobilized

with different room temperature ionic liquids as a function of time. Applied pressure

difference: 1bar.
Reproduced with permission from Neves, L.A., Crespo, J.G., Coelhoso, I.M., 2010a. Gas permeation studies in

supported ionic liquid membranes. J. Membr. Sci. 357, 160–170. Neves, L.A., Benavente, J., Coelhoso, I.M.,

Crespo, J.G., 2010b. Design and characterisation of Nafion membranes with incorporated ionic liquids cations.

J. Membr. Sci. 347, 42–52.
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(A) Membrane area versus CO2 permeability calculated using Eq. (4.40). The pressure refers to the partial pressure of CO2 in the feed gas;

(B) required membrane selectivity to achieve 90vol% CO2 in the permeate stream as a function of the pressure ratio between the feed and the
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Regarding the degree of separation, Eq. (4.16) can be used to make an esti-

mation of the required separation factor (or selectivity according to Eq. (4.17))

to achieve a specific permeate concentration in a situation of maximum driving

force. For example, considering a feed stream with 15vol% CO2 and a permeate

with 90vol% CO2, a membrane with selectivity higher than 50 is required. Luis

and Van der Bruggen (2013) also represented the effect of the pressure ratio

between the permeate and the feed (Pfeed/Pperm) on the selectivity to achieve a

permeate concentration of 90vol% CO2 (yCO2
¼0.9), according to Eq. (4.18).

Fig. 4.9B shows the results of the study. As observed, if the pressure ratio is about

10, a membrane with selectivity above 100 is required, and the membrane

selectivity reaches a plateau value as the pressure ratio increases since the role

of membrane selectivity is less important as the pressure ratio increases

(Belaissaoui et al., 2012).

Thus it is possible to determine the technical viability of the separation by con-

sidering the partial pressure of the component in the feed stream and the separation

objective (CO2 purity and recovery ratio). For example, for CO2 separation from flue

gases, it has been inferred that only gas streams with concentration of CO2 higher

than 20vol% allow using a stand-alone membrane process with lower energy

demand than the standard MEA (monoethylamine)-based absorption process. Lower

concentrations of CO2 in the feed stream involve very selective membranes (selec-

tivity higher than 100 as shown in Fig. 4.9B) or the application of multistage

membrane processes (Belaissaoui et al., 2012). Furthermore, recent studies have

concluded that increasing the membrane permeance (or permeability) is more impor-

tant that increasing the selectivity above a value of 30 to further reduce the cost of

CO2 capture from flue gas (Merkel et al., 2010).

The process performance is thus restricted by the pressure ratio across the mem-

brane and cost and energy considerations limit the maximum pressure ratio attain-

able by feed compression and/or permeate vacuum to about 10 (Merkel et al.,

2010). Thus when a single-stage membrane process cannot satisfy the required

separation, a multistage membrane design is necessary to achieve the desired CO2

recovery and purity such as those that use incoming combustion air as sweep gas

to generate driving force. Different multistage process design can be formulated.

An example of a two-step vacuum membrane process is shown in Fig. 4.10A.

The obtained CO2 presents the required purity to be directly sequestrated. This pro-

cess achieves 90% CO2 capture and produce 95+% supercritical CO2 ready for

sequestration. Other configurations such as a two-step counter-flow/sweep design

shown in Fig. 4.10B are more economical, using vacuum in the first module instead

of compressing the feed gas to increase the driving force since the volume of the per-

meate gas passing through the vacuum pump is only a fraction of the volume of the

flue gas (Merkel et al., 2010).

Thus the limitations of the membrane performance can be overcome by an appro-

priate design that leads to the required process performance. It is thus important to

distinguish between the state of the art of membranes (upper bound as indicator of the

membrane performance) and the process performance, which can be optimized by an

appropriate process design.
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4.5.2 SELECTIVE SEPARATION OF LIQUIDS BY PERVAPORATION
USING SLMS
Application of SLMs in pervaporation has attracted the attention of many researchers

in the last years, mainly due to the use of ionic liquids as the supported liquid. The

interpretation of results and required discussion of this kind of systems should be

done by following the procedure indicated in Chapter 3. Nevertheless, some specific

examples for the application of S(I)LMs are included in this section.

FIG. 4.10

Simplified flow diagram of (A) a two-step vacuum membrane process to capture and

sequester CO2 in flue gas from a coal-fired power plant; (B) a two-step counter-flow/sweep

membrane process to capture and sequester CO2 in flue gas from a coal-fired power plant.

The base-case membrane with a CO2 permeance of 1000GPU and a CO2/N2 selectivity of

50 was considered.
Modified from Merkel et al. (2010).
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Pervaporation is one of the most studied membrane separation processes due to

its effectiveness in the separation of challenging liquid mixtures, such as those con-

taining azeotropes, at low energy consumption. Dense solid membranes are the most

common membranes used in pervaporation. However, the use of SLMs has attracted

the attention of many researchers since the rate of molecular diffusion in liquid is

much higher than that in a solid membrane (Ong et al., 2014). In addition, SLMs

can be prepared with a small amount of liquid within the pores of the membrane,

decreasing the capital cost of the overall process. The membrane area required for

the separation will be determined by the transmembrane flux (the higher the flux,

the lower the necessary membrane area), while the energy consumption will be con-

ditioned by the selectivity of the membrane toward the target component (the higher

the selectivity, the lower the energy consumption). Thus the evaluation of the mem-

brane performance by determining the permeance and selectivity, and the process

performance by the flux and separation factors, are essential to conclude on the tech-

nical and economic viability of pervaporation using a specific SLM for a specific

application. A comparison between the pervaporation performance of SLMs with

other solid membranes was summarized by Ong et al. (2014). SLMs showed a

competitive permeation flux and selectivity in separating organic compounds from

aqueous solutions, with a selectivity enhanced by the use of SLM. Several factors

should be studied when evaluating pervaporation using SLMs: the effect of feed

concentration, the effect of temperature, the effect of the downstream pressure (at

the permeate side), and the membrane stability.

Effect of feed concentration
The concentration of the target compound in the feed solution will affect the driving

force of the separation. According to Fick’s laws of diffusion, solubility and diffu-

sivity are concentration dependent and molecules tend to move from regions of high

concentration to regions of low concentration (Ong et al., 2014). Higher concentra-

tion of the targeted component means a higher concentration gradient between the

feed solution and the permeate side, enhancing the transmembrane flux of the target

component through the membrane. An example can be observed in Fig. 4.11A,

which shows the effect of concentration of the target compound (butanol) on the

transmembrane flux using three different membranes, one membrane without sup-

ported liquid and two membranes with two different ionic liquids as supported liq-

uids (Izák et al., 2009a, b). Fig. 4.11B shows the effect of feed concentration on the

pervaporation of acetic acid through a membrane with trioctylamine (TOA) as the

liquid membrane (Qin et al., 2003). As observed, the flux of acetic acid increases

significantly with the feed concentration, which is due to the increase in driving force

due to the larger concentration of acetic acid in the feed solution. Regarding the

degree of separation, higher separation factors are expected when increasing the feed

concentration. However, the performance of the membrane cannot be evaluated

without removing the effect of the driving force in the separation. The permeability

(or permeance) and selectivity should be calculated in order to remove the effect of

the driving force and evaluate the real separation of the membrane. An example is

shown in Fig. 4.11C. Cascon and Choudhari (2013) studied the separation of
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1-butanol from water using SILMs composed of trihexyl(tetradecyl)phosphonium

bis(trifluoromethylsulfonyl)imide ([Ph3t][NTf2]) or trihexyl(tetradecyl)phospho-

nium dicyanamide ([Ph3t][DCN]). They observed a clear increase of flux with the

feed concentration but, as observed in Fig. 4.11C, the permeance was practically

constant, which means that the driving force was only responsible for the increase

of flux.
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FIG. 4.11

(A) Dependence of butan-1-ol permeation flux on feed concentration. PDMS; PDMS +1-

ethenyl-3-ethyl-imidazolium hexafluorophosphate ionic liquid; PDMS +/

tetrapropylammonium tetracyano-borate ionic liquid, (B) permeation fluxes of acetic acid

(filled symbols) and water (unfilled symbols) as a function of acetic acid concentration in the

feed solution using trioctylamine (TOA) as the liquid membrane, (C) permeance of 1-butanol

using SILMs based on [Ph3t][NTf2] (solid lines) and [Ph3t][DCN] (dashed lines)

(1GPU¼1�10�6 cm3(STP) cm�2 s�1 cm Hg�1).
(A) Reproduced with permission from Izák, P., Friess, K., Hynek, V., Ruth, W., Fei, Z., Dyson, J.P., Kragl, U.,

2009a. Separation properties of supported ionic liquid–polydimethylsiloxane membrane in pervaporation

process. Desalination 241, 182–187; Izák, P., Friess, K., Hynek, V., Ruth, W., Fei, Z., Dyson, J.P., Kragl, U.,

2009b. Separation properties of supported ionic liquid-polydimethylsiloxane membrane in pervaporation

process. Desalination 241, 182–187, (B) Reproduced with permission from Qin, Y., Sheth, J.P., Sirkar, K.K.,

2003. Pervaporation membranes that are highly selective for acetic acid over water. Ind. Eng. Chem. Res. 42,

582–595, and (C) Reproduced with permission from Cascon, H.R., Choudhari, S.K., 2013. 1-Butanol

pervaporation performance and intrinsic stability of phosphonium and ammonium ionic liquid-based supported

liquid membranes. J. Membr. Sci. 429, 214–224.
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Effect of feed temperature
The feed temperature is a key variable in the pervaporation process using SLMs for

two reasons: (i) the vapor pressure of the feed solution increases with temperature,

leading to a larger driving force that will enhance the transmembrane flux; and,

(ii) the viscosity of the liquid membrane decreases with temperature, which will

increase the diffusivity of the target compound through the SLM. However, higher

temperature does not always produce an enhancement of flux. For example, in the

separation of acetic acid/water studied by Qin et al. (2003), it was observed that

the higher the temperature, the higher the acetic acid concentration in the permeate,

and the higher the acetic acid selectivity. However, the permeation fluxes of both

components (acetic acid and water) decreased sharply with an increase of tempera-

ture. Fig. 4.12 shows these results of transmembrane flux as a function of the tem-

perature. Higher temperature increased the vapor pressures of acetic acid and water,

which means higher driving forces for pervaporation, but it also reduced sharply the

partition coefficient of acetic acid between the liquid membrane phase and the aque-

ous phase and the solubility of water in the liquid membrane phase. The solubility of

water was more significantly influenced by the temperature increase than the acetic

acid solubility; this explains why water permeation flux decreased more sharply than
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Effect of the temperature on the permeation fluxes of acetic acid andwater using trioctylamine

(TOA) as the liquid membrane.
Reproduced with permission from Qin, Y., Sheth, J.P., Sirkar, K.K., 2003. Pervaporation membranes that are

highly selective for acetic acid over water. Ind. Eng. Chem. Res. 42, 582–595.
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acetic acid. Nevertheless, the effect of the temperature should be also studied in

terms of permeability, selectivity, and membrane stability.

Effect of the downstream pressure
Downstream pressure affects also the driving force for the separation and it may be a

critical factor in the stability of the membrane. It is thought that a lower downstream

pressure leads to a higher selectivity and flux since the driving force is also increased

(Qin et al., 2003; Ong et al., 2014). An example can be observed in Fig. 4.13,

following the separation of acetic acid-water (Qin et al., 2003). However, the mag-

nitude of the changes in flux may not be proportional to the change of driving force,

involving other phenomena related to the extraction mechanism (Qin et al., 2003).

Thus calculating the permeability and selectivity is very relevant to remove the effect

of the driving force in the calculations and determine the membrane behavior under

different operation conditions.

In addition, a physical limit appears when the liquid is pushed out of the mem-

brane due to the pressure difference between both sides of the membrane. The critical

pressure at which that happens can be calculated by the Laplace equation, as indi-

cated in Section 4.2 (Eq. 4.1). Thus the difference in pressure at both sides of the

membrane should be such that the critical pressure is not overcome.
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Influence of permeate side pressure on the permeation flux of acetic acid and water using

trioctylamine (TOA) as the liquid membrane.
Reproduced with permission from Qin, Y., Sheth, J.P., Sirkar, K.K., 2003. Pervaporation membranes that are

highly selective for acetic acid over water. Ind. Eng. Chem. Res. 42, 582–595.
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Stability of SLMs in pervaporation
Instability of SLMs in pervaporation may be produced by the displacement of the

liquid membrane due to a progressive wetting of the pores in the membrane support

by the feed phase, the pressure difference across the membrane (overcoming the crit-

ical transmembrane pressure), dissolution of the liquid membrane in the feed phase,

the formation of an emulsion in the liquid membrane, the blockage of membrane

pores by precipitation of the carrier complex, and the volatilization of the liquid

membrane due to the vacuum existing in the permeate side (Ong et al., 2014). Several

strategies have been applied to reduce the risk of loss of membrane stability, such as

surface coating (Thongsukmak and Sirkar, 2007), using a polymer inclusion mem-

brane (Kohoutová et al., 2009; Matsumoto et al., 2011), or gelation of the liquid

membrane (Neplenbroek et al., 1992; Kemperman et al., 1997; Jansen et al.,

2011; Voss et al., 2009). In addition, most of the SLMs that are currently developed

include ionic liquids as the liquid membrane, leading to supporting ionic liquid mem-

branes (SILMs). The fact that ionic liquids have a negligible vapor pressure and high

viscosity are factors that make them good candidates as liquid membranes for per-

vaporation. Studies on stability of S(I)LMs are common in the literature. An example

can be found in Fig. 4.14 for the separation of 1-butanol from water (Cascon and

Choudhari (2013). Fig. 4.14A and B show the example of a potential stable mem-

brane and an instable membrane, respectively (Cascon and Choudhari (2013). The

stable membrane showed a constant performance for about 90h of experiment.
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FIG. 4.14

Pervaporation performance of a SILM containing the ionic liquids: (A) trihexyl(tetradecyl)

phosphonium bis (trifluoromethylsulfonyl)imide ([Ph3t][NTf2]) and (B) trihexyl(tetradecyl)

phosphonium dicyanamide ([Ph3t][DCN]), for the separation of 1-butanol from water.

Diamonds refer to 1-butanol permeance; circles refer to water permeance; and crossed

circles refer to the SILM selectivity.
Reproduced with permission from Cascon, H.R., Choudhari, S.K., 2013. 1-Butanol pervaporation performance

and intrinsic stability of phosphonium and ammonium ionic liquid-based supported liquid membranes.

J. Membr. Sci. 429, 214–224.
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The instability of the membrane shown in Fig. 4.14B was due to the displacement of

the ionic liquid from the support’s pores to the feed solution, causing the monotonous

increase of the water permeance and the decrease of 1-butanol permeance. After 16h,

the SILM had become more selective to water than to 1-butanol. The evaluation

of the membrane stability is thus an essential factor to ensure the long-term stability

of the SLM in pervaporation.

The cited operational factors have a direct influence on the driving force, thus

calculating the permeance (or permeability) is critical to remove this influence from

the calculations and be able to evaluate the real separation caused by the membrane

and the mass transfer mechanisms that are involved. However, the attention of most

researchers has been focused mainly on the determination of fluxes and separation

factors, evaluating thus the performance of the process. A special consideration of

both process and membrane performance, as well as the effect of the driving force,

should be taken into account according to the guideline included in Chapter 3.

4.5.3 SELECTIVE SEPARATION OF LIQUIDS BY LIQUID PERTRACTION
USING SLMs
Using SLMs leads to a very (theoretically) efficient technology since it does not use

pressure or voltage and it is based on the difference of chemical energy as a driving

factor of the process, for example, using simple H+ concentration difference.

Coupled co- or counter-ion transport allows to get an active transport of the targeted

species from diluted solutions into more concentrated and to collect toxic or precious

species in a small volume of the acceptor solution. Sometimes, it is even possible to

reach saturation of the strip solutions and finally precipitation of the product

(Kocherginsky et al., 2007). The application of SLMs for the selective separation

of liquids or liquid pertraction has demonstrated that this technology indeed is able

to reach levels of separation that are very competitive with the conventional pro-

cesses. In addition, the use of ionic liquids has brought this technology to the top

of current research in order to develop novel membranes that are more permeable,

more selective to the target compound and more stable in the long run.

As indicated in Section 4.1 (Fig. 4.2B), three main mechanisms of transport may

take place in liquid pertraction: uphill transport, facilitated coupled counter-

transport, and facilitated coupled cotransport. Fig. 4.15 shows examples of different

systems described by these mechanisms.

Many researchers have applied SLMs in processes for the separation of toxic (and

valuable) metals from water, such as cadmium (Cd+2) (He et al., 2000), vanadium

(V+5) (Chaudry et al., 2007), silver (Ag+1) (Chaudry et al., 2008), or mercury

(Hg+2) (Chakrabarty et al., 2010), among others. Also, SILMs have been applied

in the separation of liquid contaminants of hydrocarbons (sulfurated, nitrogenated,

and aromatic compounds) in oil industry (Martı́nez-Palou et al., 2014).

Several variables are studied in order to determine their effect on the permeability

and selectivity of the separation. Among them, it is worthmentioning the effect of the

feed concentration, the effect of kind and concentration of the stripping (receiving)
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agent, the effect of the carrier concentration, the kind of contactor, the membrane

stability, and the kind of support.

Effect of feed concentration
A typical study in liquid pertraction is the evaluation of the feed concentration on the

extraction of the species of interest. For example, Fig. 4.16 shows the variation of

flux and permeability with the concentration of silver ions in the feed solution.

Homogeneous complexation reaction

Bi(III) + Cyanex 921

Bi(III) – Cyanex 921

Cyanex 921

Feed
solution

Stripping
solution

Feed solution Membrane Stripping solution

High [Cl–]
High [H+]

H+

H+

H+

R3N

R3N

(R3NH)2CdCl4

(R3NH)2CdCl4

CdCl24
–

CdCl24
–

CdCl24
–

Low [Cl–]
Low [H+]

Bi(III)

(A) (B)

(C)

Bi(III)
Cl– Cl–C+NPG–

NPG–C+Cl–NPG–

Donor phase

pH = 11 pH≈7
Gradient Cl–

Membrane phase Acceptor phase

Supported liquid membrane

Bi(III) – Cyanex 921

FIG. 4.15

Schematic diagram of: (A) Uphill mass transfer of Bi(III) through SLM using Cyanex 921 as

extractant; (B) facilitated coupled counter-transport of glyphosate (NPG�) through the SLM

with Aliquat 336 as a carrier (C+); and (C) facilitated coupled cotransport of Cd(II) through the

SLM with tricapryl amine (N235, N(CnH2n+1)3, n¼8–10) and tri-n-octylamine (N(C8H17)3,

TNOA) as the carriers (R3N), which were diluted in carbon tetrachloride.
(A) Reproduced with permission from Reyes-Aguilera, J.A., Gonzalez, M.P., Navarro, R., Saucedo, T.I., Avila-

Rodriguez, M., 2008. Supported liquid membranes (SLM) for recovery of bismuth from aqueous solutions.

J. Membr. Sci. 310, 13–19. (B) Reproduced with permission fromDzygiel, P., Wieczorek, P., 2000. Extraction of

glyphosate by a supported liquid membrane technique. J. Chromatogr. A, 889, 93–98. (C) Reproduced with

permission from He, D., Ma, M., Zhao, Z., 2000. Transport of cadmium ions through a liquid membrane

containing amine extractants as carriers. J. Membr. Sci. 169, 53–59.
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An increase of both flux and permeability is observed. It is expected that the flux

increases since it is directly proportional to the feed concentration, ciF, as indicated
in Eq. (4.26), which happens if the carrier is not saturated with solute so that as the

solute concentration increases, the chemical potential gradient across the membrane

is also increased. This increase of flux should reach a limit for a given feed concen-

tration depending on the equilibrium to be reached in the extraction and stripping

reactions (Chaudry et al., 2008). Thus the removal of silver anions is faster at higher

concentration of silver ions in the feed solution. Regarding the permeability coeffi-

cient, a constant value would be expected if the change in concentration in the receiv-

ing phase were negligible. For low concentrations of feed solution, this may be the

situation since the flux is also small. However, higher feed concentrations lead to

higher fluxes and higher concentration in the receiving phase, which affects the

permeability as shown in Eq. (4.26). Keeping both the flux and permeability as high

as possible is the way to achieve a good process and membrane performance, respec-

tively. Thus it is evident that, in this kind of situations, the higher the feed concen-

tration, the better.

This positive effect of a high feed concentration has been observed very com-

monly in the literature. For example, Di Luccio et al. (2002) also indicated that

the flux increased with the feed concentration in the pertraction of fructose frommix-

tures of fructose and glucose; Chaudry et al. (2007) observed that the flux of vana-

dium (V) ion increased with the feed concentration; and Chakrabarty et al. (2010)

studied the extraction of mercury from aqueous streams and observed the same

effect. Zidi et al. (2010) also observed an increase of the initial flux with the increase

of the initial phenol concentration in the feed phase and membrane saturation phe-

nomenon was not perceived. However, a decrease in the extraction efficiency has

FIG. 4.16

Effect of silver ion concentration on permeation rate of Ag(I) ions.
Reproduced with permission from Chaudry, M.A., Bukhari, N., Mazhar, M., 2008. Coupled transport of Ag(I) ions

through triethanolamine–cyclohexanone-based supported liquid membranes. J. Membr. Sci. 320, 93–100.
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been also observed in the literature (Dzygiel and Wieczorek (2000). Thus the study

of the influence of the feed concentration should be performed for each application.

Other factors related to the feed concentration may have an important influence

on the extraction process depending on the kind of mass transfer process (uphill,

coupled cotransport or coupled counter-transport).

The pH of the feed solution may determine the degree of dissociation of the target

species to be extracted. For example, the research performed by Zidi et al. (2010)

required a pH lower than 2 in the feed solution in order to keep phenol (target

compound) in its molecular form, which is the only one that can diffuse through

the studied SLM by an uphill mechanism since it is soluble in the carrier. In this case,

an increase of pH leads to a decrease in the transport efficiency of phenol.

In addition, the effect of the pH in the feed solution is an important factor when

the species to be extracted is a multicharged compound. Glyphosate can present

functional groups either positively (secondary amino group) or negatively (phospho-

nic and carboxylic group) charged in water solution, thus the extraction efficiency

will be affected by the pH (Dzygiel and Wieczorek (2000). The more transportable

(active) form of glyphosate in the solution, the more molecules can interact with the

carrier molecule at the feed/membrane interface. Thus as observed by Dzygiel and

Wieczorek (2000), higher pH leads to higher extraction efficiency (more negatively

charged molecules of glyphosate are in the solution). The mass transfer is also highly

affected when it is driven by a concentration gradient of hydrogen ions. This is the

case of transport of mercury using trioctylamine as carrier, which occurs due to a

coupled cotransport mode in which the transport of the species, that is, hydrogen

and mercury, occur in the same direction (Chakrabarty et al. 2010). HCl was used

to adjust the pH and as provider of H+ ions. Thus if the initial feed concentration

of mercury is low, the excess of chloride ions is larger. An increase in chloride ions

possibly inhibits the interfacial reaction at the feed/membrane interface which even-

tually lowers the percentage extraction of mercury at lower initial feed concentration.

Therefore too high concentration of coupling coions (H+, Cl�) may produce a

significant reduction of performance. This effect was also observed by Chaudry

et al. (2008), who varied the concentration of HNO3 between 0.5 and 2.5M in the

extraction of silver (I), being H+ and NO3
� the coupled coions that travel in the same

direction as silver ions (Fig. 4.17). He et al. (2000) observed the same trend in

the extraction of cadmium ions using HCl as the coions provider. This shows the

importance of the amount of protons in the feed phase. If there are too many protons

in the feed phase, the reactions that take place on the feed-membrane interface may

be shift backward and there will be difficulties in achieving the desired species to be

transported (e.g., CdCl4
2�, as shown in Fig. 4.15C).

The presence of HCl in the feed may be necessary to form the adequate species to

be transported through the membrane. Reyes-Aguilera et al., 2008 performed the

extraction of bismuth from aqueous solutions by using as carrier Cyanex 921 solved

in kerosene. In this case, uphill mass transfer takes place and the neutral complex

BiCl3 is the species with the greatest possibility of being extracted by Cyanex

921. The species BiCl3 does prevail and presents its highest molar fraction between
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concentrations of 0.2 and 1MHCl. Therefore it is possible to carry out Bi(III) extrac-

tion by means of SLM using that range of HCl concentration in the feed solution.

Increasing the HCl concentration, Bi(III) extraction increases; but higher concentra-

tion involves the formation of a charged species (BiCl4
�) instead of the neutral BiCl3,

thus the extraction decreases significantly.

Effect of kind and concentration of the stripping (receiving) agent
The stripping reaction at the membrane/receiving phase interface plays a key role in

the mass transfer through the membrane. If the transported species are not

completely stripped, the membrane phase will gradually be saturated, limiting the

mass transfer and decreasing the permeation rate. The kind of stripping agent used

in liquid pertraction is a very important factor to ensure the extraction. An example of

lack of extraction because of the stripping agent was shown by (Reyes-Aguilera

et al., 2008). They used Cyanex-921 solutions in kerosene as the carrier within

the membrane pores to extract bismuth (III) from aqueous streams. Bi(III) extracted

into the SLM could not be recovered in the stripping phase when H2O was employed

as stripping solution but it accumulated in the SLM. This indicates that the H2O

medium is not strong enough to destabilize the Bi(III)-Cyanex 921 complex present

in the membrane, to cause the release of the metal into the stripping solution. On the

other hand, when using 0.2M H2SO4 as stripping solution, the authors observed that

the transferred Bi(III) was completely recovered in the stripping solution.

The concentration of the stripping agent is also a critical issue in liquid pertrac-

tion. In general, the higher the concentration of the stripping agent, the higher the

flux of species through the membrane since the driving force is enhanced, but a pla-

teau or maximum value of flux and permeability has been observed in which higher

concentrations of stripper do not produce an increase in flux or permeability. The

reasons of this behavior have to be explained by looking in detail to the studied

FIG. 4.17

Effect of HNO3 concentration on permeation rate of Ag(I) ions.
Reproduced with permission from Chaudry, M.A., Bukhari, N., Mazhar, M., 2008. Coupled transport of Ag(I) ions

through triethanolamine–cyclohexanone-based supported liquid membranes. J. Membr. Sci. 320, 93–100.
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system. For example, Chakrabarty et al. (2010) showed that an increase of NaOH

concentration (stripping phase) led to a sharp increase of mercury extraction, but this

increase becomes marginal at concentrations higher than 0.1M NaOH. At a higher

concentration of NaOH, more number of OH– ions are added to salt of mercury and it

yields a precipitate of HgO or Hg. This precipitation was considered to be the respon-

sible for the decrease of the extraction rate due to membrane clogging. Chaudry et al.

(2008) observed an increase of flux and permeability with the increase of KCN con-

centration (stripping agent) in silver extraction, reaching a maximum value at 1.5M

KCN. Beyond that concentration, a decrease in flux and permeability was produced.

In this case, the increase in concentration of KCN will help the decomposition of Ag

(I)-carrier complex but beyond this concentration (1.5M), the KCN dissociation to

K+ and CN� may be less to furnish cyanide anions and hence to slow the stripping

action.

In processes governed by coupled counter-transport, the concentration of salt in

the receiving or stripping phase is critical since the target compound in the feed solu-

tion will be transported through the membrane due to a driving force, which is a gra-

dient of counter-ions from the receiving phase to the feed solution. The function of

the carrier is to facilitate the transfer of the species from the feed to the receiving

phase and the counter-ion from the receiving phase to the feed solution. As observed

by Dzygiel and Wieczorek, 2000, at the interface between the feed phase and the

membrane, the target species and the carrier form an ion-pair complex, which

becomes neutral. Then, the complex diffuses through the membrane and at the inter-

face between themembrane and the receiving phases, the carrier exchanges the target

species by the counter-ion, which diffuses back to the feed solution. Hence, the over-

all mass transfer involves transport of the target compound from the feed phase to the

receiving phase, and transport of the counter-ion from the receiving phase to the feed

phase. If there is no driving force, the extraction process reaches equilibrium. By

increasing the concentration of the salt in the receiving phase, the driving force is

increased and higher extraction is achieved. However, this increase of extraction effi-

ciency presents a limit, as indicated by Dzygiel and Wieczorek (2000).

Effect of the carrier concentration
He et al. (2000) studied the extraction of cadmium (II) from water by using a SLM

with tricapryl amine and tri-n-octylamine as the carriers diluted in carbon tetrachlo-

ride. The flux was observed to increase with the concentration of the carrier until

reaching a maximum, starting to decrease at higher concentrations. The interface

between the feed phase and the membrane is not saturated by the carrier at low con-

centration, which may explain the larger flux. In addition, the authors also observed

an increase in permeability with the increase of the carrier concentration but reaching

a maximum (1.0M carrier). Beyond that, a decrease in permeability was observed.

The reason was attributed to an increase in the hindrance to diffusion as a result of an

increase in membrane viscosity when the carrier concentrations are increased.

The same effect was observed by Chaudry et al. (2008) in the extraction of silver

ions (Fig. 4.18). Both the flux and the permeability coefficient increase with the
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concentration of triethanolamine (TEA, carrier) until reaching a maximum at 2.25M

carrier. Higher concentrations lead to a dramatic decrease of flux and permeability.

The increase of flux and permeability is due to the fact that increasing TEA concen-

tration involves larger amount of TEA molecules to associate with Ag ions. How-

ever, a concentration larger than 2.25M increases the viscosity too much and

opposite frictional forces appear, leading to a decrease in flux and permeability.

As support of this discussion, the authors calculated the distribution coefficient

for silver ion in the organic and aqueous phases as a function of the TEA concentra-

tion. The observed trend was similar than that of flux and permeability, that is,

increase up to 2.25M followed by a dramatic decrease. Thus silver ions remain in

the feed solution at higher concentration of the carrier.

Increasing the concentration of the carrier presented a plateau value in the extrac-

tion efficiency of glyphosate from water (Dzygiel and Wieczorek (2000). The

authors attributed this phenomenon to a two competing factors: the concentration

gradient of the glyphosate complex, and the viscosity of the organic phase in the

liquid membrane. High fluxes can be obtained when a large chemical potential (con-

centration gradient) and diffusion coefficient are maintained. Thus increasing the

concentration of the carrier leads to an increase in the concentration gradient because

more amount of glyphosate could be extracted through the membrane, but it also

leads to an increase in viscosity, which decreases the diffusion coefficient, producing

a decrease in mass transfer of the carrier-analyte complex within the membrane

phase.

Also the extraction of phenol from aqueous solutions has shown the same trend

(Zidi et al., 2010): the initial flux is dependent on the carrier concentration in the

membrane organic phase, increasing until reaching an optimal value at a carrier con-

centration around 20%. The flux increase can be explained because at low carrier

FIG. 4.18

Effect of triethanolamine (TEA) concentration on permeation rate of Ag(I) ions.
Reproduced with permission from Chaudry, M.A., Bukhari, N., Mazhar, M., 2008. Coupled transport of Ag(I) ions

through triethanolamine–cyclohexanone-based supported liquid membranes. J. Membr. Sci. 320, 93–100.
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concentration, diffusion of the complex across the liquid membrane is the rate-

determining step. An increase of the carrier concentration in the membrane phase

would increase the extraction of phenol and hence, the transport of these species

at higher speed. Above the optimal value, the phenol transport flux decreases.

The increase of the carrier viscosity may be the reason, which would indicate that

the effective diffusivity of these species decreases significantly while the reaction

rate of their formation increases rather slowly as the carrier concentration increases

above 20% (i.e., the increase of the carrier concentration at this point does not com-

pensate for the increase in the solution viscosity) (Zidi et al., 2010).

Kind of contactor
SLMs can be configured as a flat sheet or a cylindrical configuration, typically as a

hollow fiber membrane to obtain large surface area per unit volume. Flat sheet sup-

ported liquid membranes are the simplest form of the liquid membrane, which allows

an easy manufacture. On the other hand, hollow fiber supported liquid membranes

are packed within a housing, with the feed phase passing through one side of the

membrane (lumen side or shell side) and the stripping or receiving phase through

the other side (shell side or lumen side). Supporting the liquid within the pores of

the membrane presents more complexity than with flat membranes but the larger sur-

face area achieved compensates this issue.

Using flat or hollow fiber membranes has shown significant differences in liquid

pertraction. The pertraction of fructose from mixtures of fructose and glucose has

been applied using those two different configurations (Di Luccio et al., 2002).

The flat sheet system produced fructose/glucose selectivities up to 14, while in

the hollow fiber system fructose fluxes 20 times higher than glucose were obtained,

using low carrier concentrations. This result was attributed to increased membrane

stability. In the hollow fiber system the pore size of the support is smaller and the

disturbance caused at the membrane surface by the flow is probably lower than in

the flat sheet cell, preserving the membrane stability during the experiment. Thus

the configuration and fluid dynamics of the systemmay affect significantly the mem-

brane stability and, therefore the membrane performance.

Stability of the SLM
Supported liquid membranes consist of a porous support in which the membrane liq-

uid is introduced within the membrane pores, remaining there by capillary forces.

After long-term use, the membrane may deteriorate due to several phenomena, such

as loss of membrane solvent and/or carrier, formation of emulsion, and so on (Zha

et al., 1995). The stability of SLMs can be evaluated by means of different

approaches: measuring physicochemical properties of the organic phases (interracial

tensions, viscosities, contact angles, and water solubilities); following the progres-

sive wetting of SLMs by aqueous solutions or even using a noninvasive technique

such as impedance spectroscopy runs (Hill et al., 1996). But three methods are

receiving the largest attention in the recent literature, focused on the evaluation of

(i) the amount of liquid within the membrane pores that is lost over time, (ii) the
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decrease of the species permeability coefficient over time (e.g., simple linear relation

between the logarithm of permeability and the number of runs), (iii) the concentra-

tion of species in the feed phase (stripping agent, carrier, H+, OH�) that are present
due to the leakage and direct channeling between the feed and the receiving phase.

This procedure requires a complete understanding of the kind of mass transfer pro-

cess (uphill, coupled counter-transport or coupled cotransport) that is taking place so

that the observed changes are attributed to channeling between phases and not to the

mass transfer process itself. For example, Fig. 4.19A shows the dramatic increase of

pH in the feed solution due to the pass of the stripping phase (NaOH) to the feed

phase by channeling for the coupled cotransport of mercury (Chakrabarty et al.,

2010). On the other hand, an increase of pH in the feed phase may be the normal

trend due to the decrease of H+ ions produced in coupled cotransport under

unsteady-state conditions, as shown in Fig. 4.19B (Chaudry et al., 2008).

Using organic solvents as supported liquid may bring many difficulties from the

point of view, of membrane stability. The application of SLMs in industrial processes

has been very questioned, limiting its use and interest. Therefore ionic liquids have

been introduced to replace the volatile organic solvents and create a new perception

of the potential use of these novel supported ionic liquid membranes (SILM) in

separation processes.

The selective separation of substrates and products of transesterification reac-

tions has been evaluated by used SILMs. For example, the ionic liquid based on

1-n-alkyl-3-methylimidazolium cation (n-butyl, n-octyl) and the hexafluoropho-

sphate anion has been supported in several polymeric membranes (Fluoropore,
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(A) Stability of SLM on the basis of the variation of pH in the feed phase due to channeling in

mercury extraction; (B) Variation of pH in the feed phase with time due to coupled

co-transport in silver extraction.
(A) Reproduced with permission fromChakrabarty, K., Saha, P., Ghoshal, A.K., 2010. Separation ofmercury from

its aqueous solution through supported liquid membrane using environmentally benign diluent. J. Membr. Sci.

350, 395–401. (B) Reproduced with permission from Chaudry, M.A., Bukhari, N., Mazhar, M., 2008. Coupled

transport of Ag(I) ions through triethanolamine–cyclohexanone-based supported liquid membranes. J. Membr.

Sci. 320, 93–100.
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Durapore, Mitex, Isopore, and Nylon) in order to separate vinyl butyrate, 1-butanol,

butyl butyrate, and butyric acid (Hernández-Fernández et al., 2007). Fig. 4.20 shows

the experimental results using the linear representation of Eq. (4.39). The permeance

values can be obtained from the slope. The slopes of the SILMs were significantly

lower than those of the plain membranes (without supported ionic liquid) because the

presence of the ionic liquid introduces an additional mass transfer resistance for the

transport of the compounds. However, the plain membranes offered no selectivity for

the separation of the compounds while the SILMs showed substantial differences in

selectivity due to the fact that the ionic liquid offers different mass transfer resistance

for each compound. The best results were found when using Nylon and Isopore as

support, which are the hydrophilic organic membranes. Thus an interesting conclu-

sion is that the higher the interactions between the cation and anion of the ionic liquid

and the membrane, the more efficient the immobilization. Thus the selection of the

ionic liquid-membrane pair should be done considering that the ionic liquid must like
the membrane so that the maximum wettability is achieved. A second critical con-

clusion obtained from this work is related to the selection of the supported ionic liq-

uid. It was observed that the increase in the values of the IL/hexane partition

coefficient was in agreement with the increase of permeability values for the

compounds, which indicates that the transport is mainly regulated by the IL’s affinity

toward each solute, as also observed between some isomeric amines (hexylamine,

diisopropylamine, and trimethylamine) and the ionic liquid 1-n-butyl-
3-methylimidazolium hexafluorophosphate or [BMIM][PF6] (Branco et al., 2002a,

FIG. 4.20

Plots of ln ciF0�2ciP
ciF0

h i
vs operation time for the transport of vinyl butyrate, 1-butanol, butyl

butyrate, and butyric acid through a Nylon membrane with supported [bmim][PF6].
Reproduced with permission from Hernández-Fernández, F.J., de los Rı́os, A.P., Rubio, M., Tomás-Alonso, F.,

Gómez, D., Vı́llora, G., 2007. A novel application of supported liquid membranes based on ionic liquids to the

selective simultaneous separation of the substrates and products of a transesterification reaction. J. Membr. Sci.

293, 73–80.
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b). Thus the capability of a given SLM to separate the target compounds can be

assessed simply by evaluating the partition coefficient of each compound between

the receiving/feed phase and the liquid phase supported in the membrane

(Hernández-Fernández et al., 2007).

However, this statement cannot be generalized. The literature shows other situ-

ations, too. For example, the study of phenol extraction from aqueous solutions using

a solution of tributyl phosphate in kerosene supported within the pores of two dif-

ferent membranes made of polypropylene and PVDF with the same pore size

(Zidi et al., 2010). The results showed better stability in the case of the PVDF support

in spite of being generally a less hydrophobic material. Thus stability studies are

mandatory in order to prove the long-term operation of the membranes since the

polymeric support characteristics present an important effect on the SLM stability.

Effect of the kind of support
The solid support of SLMs is typically a hydrophobic or hydrophilic polymer that can

be heterogeneous or homogeneous, with a symmetric or asymmetric structure, and

may be neutral or may carry positive or negative charges or both (Parhi, 2013). Sev-

eral materials may be used, for example, PTFE, polypropylene, and polysulfones. It

is essential to select a support material that is thermally and chemically stable on

exposure to the feed and the receiving phases and the impregnating solvents. In prin-

ciple, a hydrophobic material would be preferred if an organic carrier is going to be

supported within the membrane pores, and a hydrophilic material would be used for

hydrophilic carriers. In this way, the interaction between the support and the carrier is

enhanced and a more stable SLM is obtained. In addition, the chemical composition

and physical properties of the support such as thickness, porosity, and tortuosity may

have an important influence on the flux of chemical species (Zidi et al., 2010). Clear

variations have been observed in the literature from the point of view of transmem-

brane flux and membrane stability (Reyes-Aguilera et al., 2008; Chakrabarty et al.,

2010). Thus it is advisable to evaluate several supports that fit with the application

before running a complete experimental study of liquid pertraction.

4.6 CONCLUDING REMARKS
In this chapter, the main applications and the mass transfer description of gas per-

meation and supported liquid membranes have been presented.Gas permeation tech-
nology is used for the separation of gas mixtures, aiming at the concentration of a

target compound for economic or environmental reasons. Gas permeation normally

involves the use of dense polymeric membranes but due to the harsh conditions of

some gas streams, the use of inorganic porous membranes has been also researched.

The mechanism of mass transport in dense membranes that can be described by the

solution-diffusionmodel by applying Fick’s first law of diffusion under conditions of

steady state. Also, the rate of diffusion of a component through a porous membrane

can be described in terms of Fick’s law. The membrane performance of gas perme-

ation is evaluated by means of the permeability P (or permeance, P/l) of the target

1454.6 Concluding remarks



compound and the membrane selectivity, which is coincident with the separation fac-

tor when the pressure at the permeate side is negligible in comparison with the pres-

sure at the feed side. Using the upper bound developed by Robeson is a

straightforward way to determine the performance of novel membranes regarding

the current state of the art. In general, it has been observed that increasing the mem-

brane permeance (or permeability) is more important that increasing the selectivity.

On the other hand, the process performance should be evaluated in terms of trans-

membrane flux and separation factor to determine its economic viability. The pro-

cess performance is restricted by the pressure ratio across the membrane and cost and

energy considerations limit the maximum pressure ratio attainable by feed compres-

sion and/or permeate vacuum to about 10.

Supported liquid membranes (SLM) refer to porous membranes that contain a

liquid inside the pores and it is kept there by capillary forces. The number of appli-

cations of this kind of membranes can be related to three kinds of configurations: gas

feed/gas permeate (e.g., applied in gas separation and vapor permeation), liquid feed/

liquid permeate (e.g., applied in liquid pertraction), and liquid feed/gas permeate

(e.g., applied in pervaporation). Each configuration requires a specific description

of the mass transfer due to the different fluid phases present. The description of mass

transfer through a supported liquid membrane for gas separation can be done as in

gas permeation using dense membranes since both systems follow the same principle

of separation. In case of pervaporation applications, the mass transfer can be

described by following Chapter 3. Finally, the description of mass transfer in liquid

pertraction is shown in Section 4.4. The main advantages of using SLM are the rel-

atively small volume of liquid that is required inside the pores of the membrane, the

tunable character of the membrane by selecting the most appropriate filling liquid

and, the mass transfer is not governed by the equilibrium and, in the case of liquid

extraction, the possibility of having the extraction and reextraction steps in the same

device. On the other hand, the main disadvantage observed when using SLM is the

problem of low stability of the liquid phase in the pores. Higher stability has been

achieved by using ionic liquids to impregnate the pores of a membrane, leading

to supported ionic liquid membranes (SILM). Several variables constitute the focus

of most studies performed for S(I)LMs, such as the effect of feed concentration, the

effect of temperature, the effect of the downstream pressure or the concentration of

the stripping (receiving) agent, and the membrane stability. As for gas permeation,

the evaluation of results of permeances (or permeabilities) and selectivities should be

done to evaluate the membrane performance, while fluxes and separation factors will

give essential information on the process performance.
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5.1 PROCESS DESCRIPTION
A membrane contactor is a device containing a ceramic or polymeric porous mem-

brane in which the objective is to promote the contact between two phases. Themem-

brane does not give selectivity to the separation since it is only a physical barrier

that separates the two phases. Thus the kind of membrane considered in this

Chapter relates to the Approach ii according to the classification indicated in

Chapter 1. This involves that all compounds could permeate through the membrane

without any selective separation. The selectivity of the separation is normally
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obtained by using a separation fluid at the other side of the membrane. Thus the feed

stream and the separation fluid will be in contact only through the membrane pores.

A schematic diagram can be observed in Fig. 5.1. A membrane contactor is thus a

device that achieves gas-liquid or liquid-liquid mass transfer without dispersion of

one phase within another. This is accomplished by passing the fluids on opposite

sides of a microporous membrane and controlling carefully the pressure difference

between both fluids so that one of them is immobilized in the pores of the membrane

and the fluid-fluid interface is located at the mouth of each pore. Gabelman and

Hwang (1999) elaborated an inspiring review that has become a basic starting point

for those that are interesting in this technology. The main role of the membrane is to

act as a barrier and to increase the surface for mass transfer exchange between both

phases. The main challenge of designing and operating conventional devices is to

maximize the mass transfer rate by producing as much interfacial area as possible,

and a major disadvantage is the interdependence of the two fluid phases to be con-

tacted, which may lead to the formation of emulsions, foaming, unloading, and flood-

ing. Thus nondispersive contact via a microporous membrane offered by the

membrane contactor is a technological alternative to many conventional processes

in the industry that overcomes those disadvantages while givingmore interfacial area

(Gabelman and Hwang, 1999). Table 5.1 presents several conventional processes

that can be substituted by membrane contactors. Recognized advantages of using

membrane contactors in comparison with a conventional process are more opera-

tional flexibility (independent control of fluid flow rates, no emulsions, no flooding

at high flow rates, no unloading at low flow rates, no density difference between liq-

uids required, no drop dragging of liquid phase), controlled and known high inter-

facial area, linear scale-up (modular equipment), compact, and less energy

consuming. Membrane contactors typically offer 30 times more area than what is

achievable in gas absorbers and 500 times what is obtainable in liquid-liquid extrac-

tion columns (Gabelman and Hwang, 1999).

Phase 1 

Membrane 

Phase 2 

Fluid-fluid
interface 

FIG. 5.1

General working principle of a membrane contactor.
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Several configurations are proposed when working with membrane contactors,

such as flat sheets, capillary membranes, or hollow fiber membranes. However, hol-

low fiber membranes are the main applied configuration in current research due to

the large contact surface that can provide. Sometimes, the membrane contactors

found in the market are designed for pressure-driven filtration processes such as

microfiltration or ultrafiltration, but they are proposed by researchers to fulfill other

applications such as gas absorption or liquid-liquid extraction.

The mass transfer in membrane contactors takes place through the membrane

pores thanks to a driving force generated by a difference of concentration (or partial

pressure) and/or a difference of temperature. The kind of contacting phases (gas-

liquid, liquid-liquid, liquid-solid) and the objective of the separation will determine

the basic mechanisms of the driving force. Fig. 5.2 shows a summary of the different

applications of membrane contactors as well as the phases involved, the profiles of

driving forces, and the main kind of polarization that may occur (Drioli and Curcio,

2004; Curcio and Drioli, 2005).

Membrane distillation and osmotic membrane distillation use distillation process

to remove water from a liquid stream in the form of vapor through the membrane

pores. Microporous hydrophobic membranes are used, which will prevent membrane

wetting, and volatile compounds of the feed solution may be transported through the

membrane pores in gas phase due to a temperature and a concentration gradient (par-

tial pressure difference) that acts as the driving force at both sides of the membrane,

which depends on the temperature and composition in the layers adjacent to the

membrane surface (Curcio and Drioli, 2005; Gryta, 2005). In the case of osmotic

distillation, the transport of molecules through the membrane is due to a difference

in vapor pressure provided by a low-vapor-pressure solution (normally a very con-

centrated osmotic solution) on the permeate side of the membrane. Thus the mass

transfer will take place from the feed solution to the osmotic solution.

Membrane crystallization is an extension of membrane distillation with the

objective of concentrating the salts present in the liquid stream until reaching super-

saturation. Then, the concentrated liquid stream is passed through a crystallizer to

Table 5.1 Conventional unit operations that can be substituted by membrane
contactors

Conventional unit operations Membrane contactors

Scrubbers/Strippers (absorption/desorption) Membrane strippers/scrubbers

Packed columns, mixer-settler, centrifugal devices
(liquid-liquid extraction)

Membrane extractors

Distillation columns, evaporators Membrane distillation and
osmotic distillation

Crystallizers Membrane crystallizers

High pressure homogenizers Membrane emulsifiers

Chemical reactors Contactor membrane reactors

1555.1 Process description



produce salt crystals. The presence of the membrane enhances heterogeneous nucle-

ation, although crystals growing should take always place outside the contactor in

order to prevent membrane blockage.

Gas-liquid membrane contactors allow the mass transfer from a gas phase stream

to a liquid phase (e.g., absorption of CO2, SO2, NO, H2S, NH3, oxygen removal in

semiconductor industry for the production of ultrapure water, carbonation of bever-

ages, nitrogenation of beer to provide a dense foam head, ozonation for water treat-

ment) or from a liquid stream to the gas phase (e.g., removal of trace of oxygen at

levels of <10ppb from water for ultrapure water preparation for the electronics

industry, the removal of CO2 from fermentation broth) (Sengupta et al., 1998;

Sirkar, 1995; Curcio and Drioli, 2005). The driving force is difference of concentra-

tions or partial pressures at both sides of the membrane. The membrane pores are

expected to be filled by gas so that the mass transfer resistance is lower, which will

be determined by the transmembrane pressure.

Uniform emulsions can be produced by using membrane contactors since high-

stable droplets are created by forcing the dispersed phase through the pores of the

membrane, reducing energy input and wall shear stress with respect to high-pressure

homogenizers and rotor-stator systems (Curcio and Drioli, 2005). In this case, the

dispersed phase has to pass through the membrane pores to the dispersing phase.

Thus considerations on how important is to avoid or at least minimize membrane

FIG. 5.2

Overview of membrane contactors.
Reprinted with permission from Curcio, E., Enrico, D., 2005. Membrane distillation and related operations—a

review. Sep. Purif. Rev. 34, 35–86.
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wetting, which are critical for the other systems based on membrane contactors, are

not relevant in membrane emulsifiers. Membrane emulsification increases the stabil-

ity of the emulsion and decreases coalescence phenomena. In addition, the droplet

size can be easily controlled since it is directly related to the size of the membrane

pores. Applications of membrane emulsification are mainly found in the preparation

of food emulsions.

Finally, membrane contactors are also used to perform chemical reactions. Con-

tactor membrane reactors are used to intensify the contact between reactants. The

system may have a membrane which can be used as a barrier to separate two fluid

phases, for example, two reactants or the reactants from an extracting agent, with the

catalyst in solution or within the membrane pores (interfacial contactor); or it can

work with the mixed reactants being pushed through the membrane pores, where

the reaction will take place (forced flow-through contactor). The product will hence

be collected at the other side of the membrane. A typical application of contactor

membrane reactors is in phase transfer catalysis operations. The catalytically active

phase deposited on the surface of inorganic membrane layers promotes the reaction

between absorbed reactant species. A phase transfer catalyst is used to transfer a

reactant from one phase into the other, allowing the reaction to occur (Drioli and

Romano, 2001; Curcio and Drioli, 2005).

In membrane contactors, the membrane pores are typically filled by one of the

two fluid phases. The fluid phase that will fill the membrane pores will be determined

by the breakthrough pressure. The breakthrough pressure is the minimum pressure

required for one phase to go through the membrane pores to the other side of the

membrane. This pressure is calculated assuming that the pores are ideal cylinders

(Charcosset et al., 2004):

Pc¼ 4γ cosθ

dp
(5.1)

where Pc is the breakthrough pressure, γ the interfacial tension, θ the contact angle of
the liquid to wet the membrane, and dp the average pore diameter. If the transmem-

brane pressure is greater than the breakthrough pressure, the liquid will go through

the membrane pores. Eq. (5.1) is not considering tortuosities in the pores, irregular-

ities in the pore openings at the membrane surface, or effects of surface wettability.

Thus the value predicted by Eq. (5.1) may be lower than the real one. The pressure

difference has to be always lower than the breakthrough pressure unless the intention

is to have the fluid going through the membrane as happens in membrane emulsifi-

cation or in forced flow-through contactors. In membrane-based absorption, for

example, membrane wetting is a nuisance and the gas phase is desired to be inside

the pores of the membrane so that diffusion through the membrane pores is easier.

Thus a good control of pressures is an important aspect in membrane contactors to

ensure the stability of the phases in the system.

Membrane contactors are becoming a powerful technology with a large number

of applications that includes gas-liquid, liquid-liquid, and liquid-liquid-solid sys-

tems. The main reason is the flexibility found in the kind of membranes that can
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be used. The membrane acts merely as a barrier. No selectivity or separation is

expected from the membrane, which means that only mechanical and chemical resis-

tance is demanded. The driving force is achieved by using selective solvents, vac-

uum, sweep gas, osmotic solutions, and so on, depending on the system. Thus the

membrane is never a limitation in terms of performance (although wetting and other

operation issues may appear) and the researcher/user faces a tremendous freedom to

develop new systems and applications. In the following subsections, specific aspects

related to the general mathematical description of mass transfer in hollow fiber mem-

brane contactors as well as specific aspects to consider in membrane-based absorp-

tion, membrane-based extraction, membrane distillation-crystallization, membrane

emulsification, and contactor membrane reactors are presented.

5.2 MATHEMATICAL DESCRIPTION OF MASS TRANSFER
IN A MEMBRANE CONTACTOR
The description of the mass transfer in a hollow fiber membrane contactor can be

done by following different approaches. Assuming that the resistance to mass trans-

fer is occurring only in films of fluid close to the membrane interface as well as in the

membrane itself leads to a very simple model called the resistance-in-series model.

Each resistance, that is, the resistances in the feed phase, the membrane, and the

receptive phase, is represented by the inverse of a mass transfer coefficient, and

the overall resistance by the inverse of an overall mass transfer coefficient. This

model assumes linear profiles of concentration and thermodynamic equilibrium at

the fluid-fluid interfaces within the membrane pores. More complex models can

be developed if the concentration profiles are described by a differential mass bal-

ance in portion of fluids or even within the membrane. The following lines show a

brief description of those possibilities.

5.2.1 FILM THEORY AND RESISTANCE-IN-SERIES MODEL
The film theory has been extensively applied to describe the mass transfer in systems

in which fluid phases are present. The theory considers that the resistance to mass

transfer in a given turbulent fluid phase is present in a thin layer adjacent to the inter-

face that is called a film (Seader et al., 2011). In gas-liquid and liquid-liquid sepa-

ration processes, the mass transfer resistance in both phases has to be considered, and

the presence of a membrane introduces a third phase to be also evaluated. An exam-

ple is shown in Fig. 5.3A for a gas-liquid interface where the component in fluid

A diffuses into fluid B. If two films are considered (one for each fluid phase),

one speaks about the double-film theory (Fig. 5.3B). When a porous membrane is

present in between the two fluid phases, as happens in a membrane contactor, the

same approach can be considered. In this case, the film is adjacent to the fluid-

membrane interface, as represented in Fig. 5.3C.
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At the interface, phase equilibrium is assumed. Thus a solubility relationship like

Henry’s law for gas-liquid systems (HA¼cA/pA), or a partition coefficient for liquid-
liquid systems (P¼cA/cA

0), can be considered. Molecular diffusion occurs through

the film of thickness δ with a driving force cAi�cAb, where cAb is the bulk average

concentration of A in the receiving fluid phase in Fig. 5.3A. Thus applying and inte-

grating the Fick’s first law gives:

JA¼DAB

δ
cAi�cAbð Þ¼ c �DAB

δ
xAi�xAbð Þ (5.2)

If the film theory is extended to two films in series, each film presents a resistance to

mass transfer but the concentrations in the two fluids at the interface are assumed to

be in phase equilibrium. Considering steady-state mass transfer of A from a gas,

across the gas-liquid interface, and into a liquid, the mass transfer can be written

in the same way as Eq. (5.2). Normally, the ratio DAB

δ is unknown since the thickness

of the films depends on the flow conditions, and is replaced by a mass transfer coef-

ficient for each film, which considers the mass transfer resistance of each film. This

approach is the basis of the resistance-in-series model since each film of fluid and the

membrane produces a specific resistance, represented by the inverse of the individual

mass transfer coefficients. Thus

(A) (B)

(C)

pAb

CAb

CAi

Z = 0 z = d Z = 0 z = d

pAb

CAb

CAi

Gas Liquid Gas Liquid

pAi

Porous 
membrane 

Feed side Permeate 
side 

Gas  Liquid 

pAm

CAi

pAi
pAb

CAb

FIG. 5.3

Concentration and partial pressure profiles for solute transport through membranes:

(A) film theory; (B) double-film theory; (C) double-film theory with a membrane

in between the fluid phases.
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JA¼ kg pAb�pAið Þ (5.3a)

JA¼ kl cAi�cAbð Þ (5.3b)

cAiandpAiare the concentrationof the componentAat the interface, in the liquidandgas

side, respectively.They are relatedby theHenry’s lawsince it is considered that they are

in equilibrium: cAi¼HApAi. Substituting the Henry’s law relationship in Eq. (5.3b) to

eliminate cAi, and introducing the resulting expression in Eq. (5.3a), gives:

JA¼ pAbHA�cAb

HA=kg
� �

+ 1=klð Þ (5.4)

If a membrane is separating the two fluid phases as in Fig. 5.3C, Eqs. (5.3a), (5.3b)

should be completed with a third equation that describes the mass transfer through

the membrane (assuming gas in the pores):

JA¼ km pAi�pAmð Þ (5.3c)

The equilibrium at the gas-liquid interface is given by cAi¼HApAm. Thus following
the same substitution procedure, Eq. (5.4) would become:

JA¼ pAbHA�cAb

HA=kg
� �

+ 1=kmð Þ+ 1=klð Þ (5.5)

The overall mass transfer coefficient, Koverall, can be thus defined as

1

Koverall
¼HA

kg
+

1

km
+
1

kl
(5.6)

Eq. (5.5) can be written as

JA¼Koverall pAbHA�cAbð Þ (5.7)

which is a very practical way to evaluate the mass transfer through the membrane

since the bulk concentrations, pAb and cAb, are known. Eq. (5.6) is the basis of the

resistance-in-series model. Each term of the equation represents one resistance to

mass transfer, thus the overall resistance, 1
Koverall

, is the result of the sum of the resis-

tances given by the gas phase (Rg), the membrane (Rm), and the liquid phase (Rl):

Roverall¼Rg +Rm +Rl (5.8)

The mathematical description shown previously is an example of mass transfer in a

gas-liquid system with pores filled with gas. A more detailed explanation is included

in the specific sections of this chapter.

5.2.2 MODELING BASED ON DIFFERENTIAL EQUATIONS
The mass transfer takes place through the membrane pores and no mixing between

phases occurs. The fluid flow in the membrane contactor can be described using the

laminar flow model in the tube side and the Happel’s free surface model (Happel,

1959) in the shell side. The Happel’s free surface model assumes that the fibers
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are distributed evenly through the shell space, which allows the results obtained with

a single fiber to be generalized to the entire module (Gabelman and Hwang, 1999).

The coordinates of a fiber are shown in Fig. 5.4. The radial position of r¼0 is the

center of a fiber and the radial distances ri, ro, and re are the inner radius, outer radius,
and Happel’s free distance of the fiber. The axial distance of z¼0 means the inlet

position of a fiber and the axial distance of z¼L represents the outlet position of

a fiber. One fluid phase is fed to the shell side at z¼0 and the other fluid phase is

passed through the tube side at z¼L. It is assumed that local equilibrium at the

fluid-fluid interface takes place and mass transfer is only produced by diffusion.

Shell side
In order to describe the mass transfer in the shell side of the fiber, the following

assumptions can be considered: (1) steady state and isothermal condition, (2) no axial

diffusion, (3) using Happel’s free surface model (Happel, 1959) to characterize the

velocity profile at the shell side, (4) the physical properties of the fluid were constant,

(5) constant shell side pressures. Based on the Happel’s free surface model (Happel,

1959), only a portion of the fluid surrounding the fiber is considered, which may be

approximated as a circular cross section.

The partial differential equation of the mass balance for cylindrical coordinates is

obtained using Fick’s law of diffusion and it is given as follows:

uz,g
∂CA, feed

∂z
¼DA, feed

1

r

∂

∂r
r
∂CA, feed

∂r

� �� �
(5.9)

The velocity profile in the shell side may be deduced from the Happel’s free surface

model (Happel, 1959):

uz,g¼ umax,g � f rð Þ¼ 2um,g � f rð Þ (5.10)

f rð Þ¼ 1� ro
re

� �2
" #

�
r

re

� �2

� ro
re

� �2

+ 2 � ln ro
r

� 	

3 +
ro
re

� �4

�4 � ro
re

� �2

+ 4 � ln ro
re

� �
2
6664

3
7775 (5.11)

Fluid 2 

Fluid 1 

r 

r = 0

ri

ro

re

z = 0 z = L

z  

FIG. 5.4

Axial and radial coordinates of a fiber.
Reproduced with permission from Luis, P., Garea, A., Irabien, A., 2010. Modelling of a hollow fiber ceramic

contactor for SO2 absorption. Sep. Purif. Technol. 72, 174–179.
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where re is the free surface radius defined as:

re¼ 1

φ

� �0:5

� ro (5.12)

and φ is the fiber packing density, calculated as:

φ¼ n � r2o
r2cont

(5.13)

where n is the number of fibers and rcont is the radius of the hollow fiber contactor.

The boundary conditions are the following.

r¼ re,
∂CA, feed

∂r
¼ 0; symmetry conditionð Þ (5.14a)

r¼ ro, DA, feed
∂CA, feed

∂r
¼ km � S � CA, feed�C∗

A

� �
; (5.14b)

z¼ 0, CA, feed ¼CA, in (5.14c)

where DA, feed is the diffusion coefficient of component A in the feed phase, S is a

geometric factor based on the outer radius, and CA
∗ is the concentration of component

A in the feed phase in equilibrium with the receiving phase at the membrane-liquid

interface.

According to Eq. (5.14b), the mass transfer through the membrane is described in

terms of a mass transfer coefficient (km) which involves the assumption of a single

resistance of the membrane and linear profile of concentration through the thickness

of the membrane.

The differential mass balance in Eq. (5.9) can be converted to dimensionless by

introducing the following dimensionless variables (Luis et al., 2010):

θ¼ r

ro
, z¼ z

L
, CA¼CA, feed

CA, in
(5.15a)

Shm¼ km � S � ro
DA, feed

Sherwood numberð Þ (5.15b)

Gzext¼ um,g d
2
o

DA, feed L
Graetz number in the shell side, with do¼ 2roð Þ (5.15c)

The resulting dimensionless mass balance and boundary conditions are:

Gzext
2
� f rð Þ � ∂CA

∂z
¼ 1

θ

∂

∂θ
θ
∂CA

∂θ

� �
(5.16)

f rð Þ¼ 1� ro
re

� �2
" #

�
r � ro
re

� �2

� ro
re

� �2

+ 2 � ln 1

r

� �
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� �4

�4 � ro
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7775 (5.17)
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θ¼ re
ro
,

∂CA

∂θ
¼ 0 (5.18a)

θ¼ 1,
∂CA

∂θ
¼ Shm � CA�CA,rec

� �
(5.18b)

z¼ 0, CA¼ 1 (5.18c)

Inside the fiber
Inside the fiber or lumen side, the following assumptions can be considered: (1)

Steady state and isothermal condition, (2) no axial diffusion, (3) fully developed par-

abolic velocity profile in the hollow fiber, (4) the physical properties of the fluid were

constant, and (5) constant tube side pressure. Considering these assumptions, the

mass conservation equation inside hollow fibers is given as (Bird et al., 2002):

uz, l
∂CA,rec

∂z
¼DA,rec

1

r

∂

∂r
r
∂CA,rec

∂r

� �� �
(5.19)

When the velocity is fully developed in a laminar flow, the axial velocity can be writ-

ten as.

uz, l¼ umax, l 1� r

ri

� �2
" #

¼ 2um, l 1� r

ri

� �2
" #

(5.20)

Eq. (5.19) can be rewritten as:

2um, l 1� r

ri

� �2
" #

∂CA,rec

∂z
¼DSO2, l

1

r

∂

∂r
r
∂CA,rec

∂r

� �� �
(5.21)

The boundary conditions are the following.

r¼ 0,
∂CA,rec

∂r
¼ 0 symmetry conditionð Þ (5.22a)

r¼ ri, DSO2, l
∂CA,rec

∂r
¼DSO2,g

∂CA,rec

∂r
(5.22b)

z¼ L, CA,rec¼ 0 (5.22c)

whereDA,rec is the diffusion coefficient of the component A in the receiving phase. It

is assumed that the receiving phase does not have or have a negligible quantity of

component A at the inlet of the contactor (z¼L).
The bulk average or “mixing cup” values of component A concentration in the

receiving phase at z¼0 (contactor outlet) is defined as.

1635.2 Mathematical description of mass transfer in a membrane contactor



CA,z¼0¼

ðri
0

CA,recuz, l2πrdr

ðri
0

uz, l2πrdr

¼ 4

ri2

ðri
0

CA,rec 1� r

ri

� �2
" #

rdr (5.23)

The previous model equations can be rewritten in the dimensionless form as.

Gzint
2

1� r2

 �∂CA,rec

∂z
¼ 1

r

∂

∂r
r
∂CA,rec

∂r

� �
(5.24)

with the boundary conditions.

r¼ 0,
∂CA,rec

∂r
¼ 0 (5.25a)

r¼ 1,
∂CA,rec

∂r
¼ ∂CA

∂r
� DA, feed

DA,rec
�H (5.25b)

z¼ 1, CA,rec¼ 0 (5.25c)

where the dimensionless variables are defined as.

r¼ r

ri
, z¼ z

L
, CA¼ CA

CA,sat
(5.26a)

Gzint¼ um, l d
2
i

DA,rec L
Graetz number in the tube side, with di¼ 2rið Þ (26b)

The dimensionless mixing cup may be also rewritten as.

CA,rec,z¼0¼ 4

ð1
0

CA,rec 1� r2

 �

rdr (5.27)

Membrane
The following equation can be used to describe the mass transport through the mem-

brane, which considers that diffusion is the only mechanism for mass transport (Faiz

and Al-Marzouqi, 2009):

Di,membrane
∂
2Ci,membrane

∂r2
+
1

r

∂Ci,membrane

∂r
+
∂
2Ci,membrane

∂z2

� �
¼ 0 (5.28)

The diffusion coefficient inside the membrane pores, Di,membrane, is defined as

an effective diffusion in order to account for the membrane’s porosity, ε, and tortu-

osity, τ:

Di,membrane¼Di � ε
τ

(5.29)

164 CHAPTER 5 Membrane contactors



The boundary conditions are given as.

At r¼R1,Ci,membrane¼Ci, lumen

mi
(5.30a)

At r¼R2,Ci,membrane¼Ci,shell (5.30b)

where mi is the solubility of the component i in the receiving phase.

The mathematical description included in this section is a general way to account

for the mass transfer that take place from the feed phase to the receiving phase

through a porous membrane. Nevertheless, the kind of fluid (gas or liquid) and

the kind of species to be transported generate specificity in the system. The next sec-

tions include particular aspects to consider for each kind of application in a mem-

brane contactor.

5.3 MEMBRANE-BASED ABSORPTION
Using a membrane contactor to separate a gas-liquid interface is considered as a

clean technology since dragging of drops of solvent is avoided. Solvent losses are

thus reduced, gas and liquid flow rates can be independently controlled and a deter-

mined interfacial area is obtained. Normally, a hollow fiber contactor is used with

gas and liquid flowing on opposite sides of the membrane. The fluid-fluid interface

is formed at the mouth of the membrane pores. In order to keep that interface immo-

bilized and stable and to work under conditions of nomembrane wetting, a very small

pressure drop across the membrane is required. A small overpressure may be needed

at the gas phase so that membrane wetting is minimized, or at the liquid phase in

order to avoid bubbling of gas into the liquid. The breakthrough pressure given

by Eq. (5.1) should be taken into account. The membrane material and kind of sol-

vent will determine the best operating conditions. In order to fill the pores with gas,

hydrophobic membranes should be used when the absorption solvent is hydrophilic

(e.g., a hydrophobic polymeric contactor for CO2 capture using aqueous solutions)

(El-Naas et al., 2010) and hydrophilic membranes with hydrophobic solvents (e.g., a
hydrophilic ceramic contactor for SO2 capture using N,N-dimethylaniline) (Luis

et al., 2008). The liquid gives selectivity to the separation and it should have good

chemical compatibility with the exposed materials and avoid membrane wettability

in order to ensure a long-term application. Toxicity and volatility are also key aspects

to be considered when selecting the solvent since if the solvent is very volatile, it will

tend to go to the gas phase even if the liquid-gas contact takes place within the pores

of the membrane. Ideal solvents are thus those with high affinity for the target com-

pound, low volatility, and low (or none) toxicity. The desorption or recovery step that

follows the absorption is also a critical point in the design of the overall process. If

thermal absorption is considered, the solvent should have low heat of absorption to

decrease the energy during regeneration. If a solid product is envisaged, such as
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carbonates or bicarbonates, posttreatment of the precipitated solid should be consid-

ered. An integrated approach using membrane contactors has been proposed in the

literature in order to capture carbon dioxide and produce pure crystals of sodium car-

bonate. Membrane-based absorption and membrane distillation-crystallization have

been integrated to achieve this purpose (Ye et al., 2013, 2016; Li et al., 2016; Ruiz-

Salmón et al., 2017; Ruiz-Salmón and Luis, 2018). Indeed, one application of mem-

brane contactors in gas-liquid systems that is currently leading the research on this

technology is capture of carbon dioxide, mainly for postcombustion capture (i.e.,
CO2/N2 separation). CO2 is transferred from the gas phase through the porous mem-

brane to the liquid phase due to a driving force based on differences in concentration.

Examples of absorption solvents used for CO2 capture in membrane contactors are

diethylamine (DEA), monoethylamine (MEA), aqueous solutions of alkaline salts,

amino acids, or enzymes. Other applications are removal of other acid gases from

gas streams (e.g., SO2, H2S) or volatile organic compounds.

The core of the experimental system to perform membrane-based absorption is

the membrane contactor. Fig. 5.5 shows a typical experimental setup. The gas and

liquid streams are introduced (normally) in countercurrent. Mass flow controllers

can be used to control accurately the flow rate of the gas phase. The gas may flow

inside the pores and the liquid outside or vice versa. The liquid phase can be recycled,

taking into account that a pseudo steady state can be achieved. The gas phase is ana-

lyzed at the outlet of the contactor as well as the liquid phase, if required to check the

mass balance. Some pretreatment of the gas phase may be required prior to be sent to

the analyzer in order to eliminate interferences in the measurements, mainly if a vol-

atile solvent is used.

The transmembrane flux can be calculated for the gas and the liquid phases

according to these equations:

JA,g¼Qg

A
CIN
A,g�COUT

A,g

� 	
(5.31a)

JA, l¼ VL

A �Δt CA, l, t +Δt�CA, l, tð Þ (5.31b)

where Qg is the gas flow rate, A is the membrane area, and VL is the total volume of

absorption liquid in the system. Since the liquid is recycled into the process, JA,l is
calculated considering the experimental concentration in a period of time Δt. At
steady state, both gas and liquid fluxes should be equal. The mass transfer takes place

by diffusion across the interface and the driving force for separation is a concentra-

tion gradient based on the solubility of the gas component into the liquid phase. As

indicated in Section 5.2, the mass transfer through the membrane can be described by

definition of an overall mass transfer coefficient, Koverall. This coefficient can be

experimentally evaluated from the flux through the membrane calculated from

Eqs. (5.31a) or (5.31b). Since JA,g¼JA,l¼JA:

Koverall¼ JA

Δylm PT=RT
� � (5.32)
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PT is the total pressure in the gas phase and Δylm is the logarithmic mean of the driv-

ing force based on gas phase molar fractions and taking into account the concentra-

tion of i at the inlet (yi(g),in) and the outlet (yi(g),out) of the contactor:

Δylm¼
yi gð Þ, in�y∗in
� �� yi gð Þ,out�y∗out

� �
ln

yi gð Þ, in�y∗in
yi gð Þ,out�y∗out

� � (5.33)

If the concentration of i in the liquid phase is very far from the saturation value, y*in
and y*out in Eq. (5.33) can be considered negligible since the influence of the gas-

liquid equilibrium is insignificant.
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FIG. 5.5

Experimental setup for membrane-based gas absorption. Example of removal of SO2 from

a gas stream using dimethylaniline. Beds of tartaric acid are used to remove traces

of solvent found in the gas stream before analysis.
Reproduced with permission from Luis, P., Garea, A., Irabien, A., 2009. Zero solvent emission process for sulfur

dioxide recovery using a membrane contactor and ionic liquids. J. Membr. Sci. 330, 80–89.
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The removal efficiency of the target compound i (%) is defined by the following

equation:

Removal efficiency¼ 1�COUT
A,g

CIN
A,g

 !
(5.34)

The removal efficiency together with the transmembrane flux gives information on

the process performance. On the other hand, the overall mass transfer coefficient

allows evaluating the membrane performance. Thus evaluating the overall mass

transfer coefficient is of utmost interest to determine the degree of application of this

technology and to compare with conventional absorption systems (absorption col-

umns). In addition, the overall mass transfer coefficient will have a direct impact

on the membrane area required for the separation. Fig. 5.6 shows an example for

CO2 capture. The higher the mass transfer coefficient, the lower the area. Overall

mass transfer coefficients ranging between 10�5 and 10�3ms�1 are common in this

technology, involving contactors with a membrane area of around 105–107m2 to cap-

ture 105 t CO2 per year and reaching an outlet gas stream with <0.1vol% CO2 (Luis

and Van der Bruggen, 2013).

According to Eq. (5.32), if a plot of the transmembrane flux versus the driving

force is done, a straight line should be obtained, whose slope is the overall mass

transfer coefficient, as shown in Fig. 5.7. If a linear relationship is not obtained,

the overall mass transfer coefficient varies with the driving force, which may be

due to phenomena of concentration polarization. Physically, it means that a higher

FIG. 5.6

Membrane area versus the overall mass transfer coefficient of a membrane contactor.

Cout refers to the concentration (vol%) of CO2 in the gas product. CO2 removal

rate¼1.105tons of CO2 per year (1.61m
3 s�1); feed concentration¼15vol% CO2.

Reproduced with permission from Luis, P., Van der Bruggen, B., 2013. The role of membranes in postcombustion

CO2 capture. Greenhouse Gas Sci. Technol. 3, 1–20. https://doi.org/10.1002/ghg.
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driving force does not produce a higher transmembrane flux. Nevertheless, in gas-

liquid systems, concentration polarization is less common.

The experimental overall mass transfer coefficient obtained from Eq. (5.32) or

graphically as indicated in Fig. 5.7 can be compared with that obtained by applying

the resistance-in-series model explained in Section 5.2. In a gas-liquid system, the

membrane pores should be filled with gas in order to minimize the mass transfer

resistance within the membrane pores. However, membrane wetting may take place,

leading to a significant increase of the membrane resistance. The resistance-in-series

model splits the overall mass transfer coefficient, Koverall, as a combination of the

membrane mass transfer coefficient, kmg for gas filled pores (nonwetted mode) or

kml for liquid filled pores (wetted mode), and the liquid side, kl, and gas side, kg, mass

transfer coefficients, according to Fig. 5.8A. Eq. (5.6) in Section 5.2 can be com-

pleted by adding the enhancement factor, E, since a chemical reaction in the liquid

side takes place (E¼1 for physical absorption), and the inner, outer, and mean-

logarithmic diameters of the hollow fiber in order to take into account the system

geometry (Yang et al., 2006; Luis et al., 2009):

1

Koverall
¼ 1

kg
+

do
kmg � dlm +

H � do
kl � di �E Non�wetted mode (5.35a)

or

Roverall,g¼Rg +Rmg +Rl (5.35b)

The individual mass transfer coefficient for the membrane, km, can be calculated as

the ratio of an effective diffusivity and the membrane thickness using Eq. (5.36):

FIG. 5.7

Absorption flux (NSO2(l)) versus sulfur dioxide logarithmic mean molar fraction (Δyml) in a

membrane contactor to capture SO2 using N,N-dimethylaniline is used as absorption liquid.
Reproduced with permission from Luis, P., Garea, A., Irabien, A., 2009. Zero solvent emission process for sulfur

dioxide recovery using a membrane contactor and ionic liquids. J. Membr. Sci. 330, 80–89.
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FIG. 5.8

Schematic diagram of mass transfer. Mass transfer through the porous membrane and

local concentrations in membrane-based gas absorption of SO2: (A) nonwetted mode;

(B) wetted mode; (C) partially wetted mode.
Reproduced with permission from Luis, P., Garea, A., Irabien, A., 2009. Zero solvent emission process for sulfur

dioxide recovery using a membrane contactor and ionic liquids. J. Membr. Sci. 330, 80–89.



kmg¼Deff ,g

δ
¼DA,g � ε

τ �δ (5.36)

Nonwetting is a theoretical situation, thus it is possible to consider that the overall

mass transfer coefficient obtained with Eq. (5.35a) is the maximum value. If wetting

occurs, the experimental value will be smaller.

For gas flowing outside parallel to the hollow fiber, the mass transfer coefficient

in the gas phase can be estimated from (Cussler, 1997)

kg �dh
DA,g

¼ 1:25 � d2h � vg
L � v

� �0:93

� v

DA,g

� �1=3

(5.37)

dh¼ d2cont�n � d2o
n � do (5.38)

where dh is the hydraulic diameter, DA,g is diffusion coefficient in the gas phase, L is

the fiber length, and υ is the kinematic viscosity. When the flow inside the hollow

fiber is laminar, the mass transfer coefficient in the tube (liquid phase) is given by the

L�evêque equation (Cussler, 1997):

kl �di
DA, l
¼ 1:62 � d2i � vl

L �DA, l

� �1=3

(5.39)

where di is the internal fiber diameter, and DA,l is the diffusion coefficient in the liq-

uid phase.

The description of mass transfer by means of differential equations instead of

resistance-in-series can be done as indicated in Section 5.2. Some considerations

on membrane wetting are included later for both methods.

5.3.1 COMMENTS ON MEMBRANE WETTING IN THE
RESISTANCE-IN-SERIES MODEL
The use of membrane contactors has shown typically membrane wetting after some

time of operation. Mathematically, one could calculate an individual mass transfer

coefficient for the membrane considering that the membrane pores are filled with

liquid (Fig. 5.8B). This calculation would lead to the minimum overall mass transfer

coefficient. Thus for the wetted mode, the overall mass transfer coefficient is calcu-

lated from:

1

Koverall
¼ 1

kg
+

H � do
kml � dlm +

H � do
kl � di �E Wetted mode (5.40a)

or

Roverall, l¼Rg +Rml +Rl (5.40b)

where do, di, and dlm are the outside, inside, and log mean diameters of the hollow

fiber. For a porous membrane wetted by the membrane, the mass transfer through the

membrane is calculated as the effective diffusion coefficient, Deff, of the absorbing
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gas divided by the membrane thickness (Cussler, 1997; Gabelman and Hwang,

1999):

km¼ kml¼Deff , l

δ
¼DSO2, l � ε

τ � δ (5.41)

However, the real situation may be a partially wetted membrane. In this case, the

overall mass transfer coefficient will be a value between the Koverall obtained under

nonwetted conditions and totally wetted conditions. The mechanism of partial wet-

ting can be used to explain the results according to the method proposed in recent

studies (Lu et al., 2005; Lu et al., 2008). It is based on considering that the membrane

resistance is a function of the resistance of pores filled with gas and pores filled with

liquid. The membrane resistance can be separated in two new resistances according

to Eq. (5.38) and Fig. 5.8C:

1

Koverall
¼ 1

kg
+

1

kmg
� do
dlm
� 1�ηð Þ+ H

kml
� do
dlm
� η + H � do

kl � di �E Partial wetting (5.42a)

or

Roverall¼Rg +Rmg � 1�ηð Þ +Rml � η +Rl (5.42b)

where η is the wetting ratio defined as a ratio of the pore length wetted by liquid to the
total length.

An example of this methodology can be found in Luis et al. (2009) for absorption

of SO2 using a ceramic membrane contactor and N,N-dimethylaniline or the ionic

liquid 1-ethyl-3-methylimidazolium ethylsulfate ([EMIM][EtSO4]) as the absorp-

tion liquids. The authors found a significant difference between the estimated mass

transfer coefficients when pores are filled with gas and the experimental overall mass

transfer coefficients when using both solvents. The discussion was focused on partial

wetting of the membrane. The wetting fraction η took a value of around 74% and 4%

when N,N-dimethylaniline and [EMIM][EtSO4] were used, respectively. This large

difference of wetting depending of the used solvent was explained in terms of dif-

ference of viscosity. The ionic liquid has a viscosity of 97.6�10�3Pas (Gómez

et al., 2006; Ranke et al., 2007) compared to the viscosity of N,N-dimethylaniline

(1.20�10�3Pas), which would make more difficult the wetting of the membrane.

In addition, capillary condensation of N,N-dimethylaniline into the pores could

increase the wetting phenomenon.

5.3.2 COMMENTS ON MEMBRANE WETTING IN THE MODEL BASED
ON DIFFERENTIAL EQUATIONS
If the absorption liquid penetrates into the membrane pores, a mathematical model

that considers gas inside the pores will lead to a poor interpretation of the reality.

Partial wetting can be considered by dividing the membrane in two sections: a

gas-filled section and a liquid-filled section.

Gas-filled section. The material balance for this section can be considered to be

due to diffusion in the gas phase (Fig. 5.9):
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Di,g�membrane
∂
2Ci,g�membrane

∂r2
+
1

r

∂Ci,g�membrane
∂r

+
∂
2Ci,g�membrane

∂z2

� �
¼ 0 (5.43)

With the boundary conditions:

At r¼Rw,Ci,g�membrane¼Ci, l�membrane
mi

(5.44a)

At r¼R2,Ci,g�membrane¼Ci,shell (5.44b)

Liquid-filled section. The portion of the membrane wetted by the liquid can be

described by considering diffusion and reaction in the liquid phase:

Di, l�membrane
∂
2Ci, l�membrane

∂r2
+
1

r

∂Ci, l�membrane
∂r

+
∂
2Ci, l�membrane

∂z2

� �
+Ri,membrane¼ 0 (5.45)

The reaction takes place inside the membrane pores. Therefore the porosity should be

considered in the reaction term:

Ri,membrane¼Ri � ε (5.46)

The boundary conditions are:

At r¼R1,Ci, l�membrane¼Ci, lumen (5.47a)

At r¼Rw,Ci, l�membrane¼Ci,g�membrane �mi for the absorbed species (5.47b)

∂Ci,membrane

∂r
¼ 0 for the nonabsorbed species (5.47c)

Lumen 
side 

Shell
side

R1

R2

Rw

Membrane 

R = 0

FIG. 5.9

Schematic diagram of membrane wetting and radial coordinates.
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Alternatively, a mass transfer coefficient km whose inverse represents the resistance

to mass transfer caused by the membrane can be defined, as indicated in the

resistance-in-series model. If membrane pores are assumed to be filled with gas, a

theoretical value kmg could be calculated according to Eq. (5.36). The dimensionless

equation containing the mass transfer coefficient in the membrane is then repre-

sented by the Sherwood number Shmg:

Sh¼ kmgSro
DA,g

(5.48)

where kmg is the theoretical mass transfer coefficient of the nonwetted membrane.

When membrane wetting takes place, the Henry’s law coefficient,H, and the fraction
of wetting would have to be considered in the calculations. However, there is a lack

of certainty in those parameters. A strategy could be to define an “effective” Sher-

wood number that includes the uncertainty: Sheff¼Sh/H.

5.4 MEMBRANE-BASED SOLVENT EXTRACTION
Membrane-based solvent extraction or nondispersive solvent extraction is an alter-

native of classical solvent extraction where mass transfer between immiscible liquids

occurs at the immobilized L-L interface at the mouth of pores of a microporous wall

(Schlosser et al., 2005). This technology has been considered as a useful modern

technique for metals extraction, recovery and separation of organic acids and iso-

mers, and more generally, in chemical and pharmaceutical technology, biotechnol-

ogy, food processing, and environmental engineering (Younas et al., 2011;

Raynie, 2006; Schlosser et al., 2005; San Román et al., 2010). The solvent has to

be regenerated in order to reuse it and recover the solute. The extraction can be done

using also membrane contactors and a stripping solution or by other methods such as

distillation. Fig. 5.10A shows the principle of membrane-based extraction. The

membrane, filled with the solvent, separates effectively the feed solution and the sol-

vent, occurring the transfer of solute through the membrane from the feed to the sol-

vent phase.

Another process that is based on the same principles that membrane-based extrac-

tion is pertraction through a liquid membrane where both extraction and stripping of

the solute take place in the same equipment (Schlosser et al., 2001, 2005). The liquid

membrane can be in the configuration of a supported liquid membrane (the solvent is

kept within the membrane pores) (Fig. 5.10B), or as a bulk liquid membrane (Fig.

5.10C), in which the membrane stability is not a problem like when using supported

liquid membranes but a higher mass transfer resistance is expected due to a thicker

liquid membrane layer between walls (Schlosser et al., 2001).

The mass transfer through the membrane is produced due to several mechanisms:

physical solubility of the solutes into the solvent, or chemical or biochemical reac-

tions. To find the appropriate extractant is a difficult task. Several aspects should be

fulfilled. First, the complex formed by the solute and extractant has to be soluble in
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the diluent that forms with the extractant a solvent. The selection of an adequate dil-

uent or addition of a modifier to the solvent could be necessary. The diluent type may

have a great influence on the solvent performance. Furthermore, the composition of

the feed and its pH can have a significant influence in the transport rate in extraction.

If there are components that compete with the target solute(s), the transport rate will

decrease. Thus the presence of those compounds should be avoided or kept at min-

imum concentration. The transport rate will be also decreased by the adsorption of

surfactants on the liquid-membrane interface. The kind of the stripping reagent and

its concentration in the stripping solution may also affect the process performance.

The most important is to have an excess of reagent and to avoid the formation of a

boundary layer depleted in the reagent (Schlosser et al., 2005).

A typical experimental setup used in membrane-based liquid extraction is

shown in Fig. 5.11. It consists basically of two reservoirs for the feed and extractant

solutions and the membrane contactor. Control of the flow rates and pressures

is required to evaluate correctly the process performance. Commonly, periodic

samples are taken from the feed tank in order to evaluate the variation of concen-

tration over time, which allows calculating the amount of component that is

extracted.

The mass transfer analysis in the hollow fiber contactor is based on the Fick’s law

of diffusion and film theory as explained in Section 5.2. The overall mass transfer

coefficient, Kaq, is thus the main parameter to be determined:

J¼KaqA Caq�C∗
aq

� 	
(5.49)

FIG. 5.10

Processes with immobilized L-L interface(s). (A) Membrane-based solvent extraction;

(B) pertraction through supported liquid membrane; (C) pertraction through bulk liquid

membrane with two immobilized L-L interfaces in a hollow fiber contactor. F, feed (donor)

phase; HF, hollow fiber (microporous, hydrophobic); M, membrane phase; R, stripping

(acceptor) solution; S, solvent.
Reproduced with permission from Schlosser, S., Kert�esz, R., Marták, J., 2005. Recovery and separation of

organic acids bymembrane-based solvent extraction and pertraction. An overview with a case study on recovery of

MPCA. Sep. Purif. Technol. 41, 237–266.
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where J is the mass flow rate of solute from aqueous phase to organic phase, A is the

surface area of the membrane, Caq is the concentration of solute in the aqueous phase

at time “t,” andCaq
∗ is the hypothetical concentration of the solute in aqueous phase in

equilibrium with organic phase at the same time. In this case, Kaq is based on the

aqueous phase side but it could be defined similarly for the organic phase.

Evaluation of mass transfer coefficients is of most importance since they deter-

mine the rate at which equilibrium is approached, control the time required for a

given separation and therefore the size and cost of the equipment to be used

(Viegas et al., 1998). The overall mass transfer coefficient can be related to individ-

ual mass transfer coefficients at the aqueous phase side (kaq), within the membrane

(km), and at the organic phase side (korg), following the resistance-in-series model

described in Section 5.2. For aqueous phase flowing in flow-cell (outside the fiber)

without chemical reaction or with instantaneous chemical reaction at the interface

(Younas et al., 2011):

1

Kaq
¼ 1

kaq
+

dext
Pkmdlm

+
dext

Pkorgdint
(5.50)

FIG. 5.11

Scheme of a typical experimental setup for membrane-based extraction using a hollow fiber

membranemodule. (1) SA-water tank with stirrer. (2) Valve and sampling port. (3) Gear pump

(lumen side). (4) Pressure gauge (lumen side inlet). (5) Pressure gauge (lumen side outlet).

(6) HFMC module. (7) Flowmeter (lumen side). (8) Extractant tank. (9) Flow control valve

(extractant tank). (10) Gear pump (shell side). (11) Pressure gauge (shell side inlet). (12)

Pressure gauge (shell side outlet). (13) Flowmeter (shell side).
Reproduced with permission from Agrahari, G.K., Pandey, N., Verma, N., Bhattacharya, P.K., 2014. Membrane

contactor for reactive extraction of succinic acid from aqueous solution by tertiary amine. Chem. Eng. Res. Des.

92, 2705–2714.
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and for aqueous phase flowing inside the fiber of a hydrophobic membrane, based on

aqueous phase side concentration and without chemical reaction or with instanta-

neous chemical reaction at the interface,

1

Kaq
¼ 1

kaq
+

dint
Pkmdlm

+
dint

Pkorgdext
(5.51)

P is the partition coefficient defined as the ratio of solute concentration in organic

phase to that in aqueous phase at equilibrium; dint and dext are the inner and outer

diameter of the fiber, respectively; dlm is the logarithmic mean diameter. The calcu-

lation of the local mass transfer coefficients (kaq, km, and korg) can be done by using

correlations similar to those shown in Eqs. (5.36), (5.37), and (5.39).

The first term of the right side in Eqs. (5.50) and (5.51) is the resistance produced

by the aqueous phase; the second term is the resistance produced by the membrane;

and the third term, the resistance produced by the extractant. In this way, the analysis

of the importance of each resistance when varying the operating conditions can be

performed. For example, Younas et al. (2011) determined the effect of flow rates and

value of the partition coefficient on the mass transfer resistances for the extraction of

copper (II) from aqueous solutions. Fig. 5.12A and B shows the results for a flow rate

of 1.67�10�6 and 16.67�10�6 m3 s�1 (for both the organic and the aqueous phase),
respectively. As general conclusions, they observed that the partition coefficient,

which changes with the type of diluents, is the foremost parameter for mass transfer

resistance analysis. As the partition coefficient decreases, the mass transfer resis-

tance offered by the membrane increases, although the viscosity of the extractive

phase will have a significant effect as well, which could explain the variation to this

general conclusion. Increasing the flow rate produces a significant decrease of the

resistances produced by the fluid phases. Therefore the membrane contributes more

to the total resistance. This is a clear indication of mass transfer limitations in the

fluid phases which can be improved by increasing the turbulence, that is, increasing

the flow rate.

The overall resistance of mass transfer (the inverse of the overall mass transfer

coefficient) can be plotted as a function of the inverse of the fluid velocity, which is

the typically used Wilson plot method. This method allows the determination of the

addition of other resistances as well as its dependence with the fluid velocity. This

method has some limitations since it only accepts one variable (the fluid velocity).

However, its usefulness and interest has been demonstrated in the literature (Viegas

et al., 1998; Coelhoso et al., 2000). Fig. 5.13 shows the Wilson plot method

elaborated by Viegas et al. (1998) when the tube side Reynolds number is varied

(Fig. 5.13A) and when the shell side Reynolds number is varied (Fig. 5.13B) in the

removal of valeric acid from an aqueous phase. The intercepts are the complemen-

tary resistances of each side (the other side resistance plus the resistance of the

membrane itself ). This is a very simple way to evaluate the variation of mass trans-

fer coefficients with the fluid velocity. However, this methodology involves large

errors. Viegas et al. (1998) developed a new methodology that considers the
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partition coefficient as a function of time and concentration, achieving a single ana-

lytical expression. The Wilson plot methodology can be thus used acceptably to

develop mass transfer correlations in systems operating in steady-state conditions

and when the only variable is the fluid velocity. In systems where a parameter is a

function of another variable or when operating in a transient state, the methodology

proposed by Viegas et al. (1998) should be considered for a more accurate

evaluation.
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Mass transfer resistance analysis for copper (II) extraction with TFA:

(A) Qaq¼Qorg¼1.67�10�6 m3 s�1; (B) Qaq¼Qorg¼16.67�10�6 m3 s�1.
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5.5 MEMBRANE DISTILLATION-CRYSTALLIZATION
Membrane distillation is a novel alternative to separate mixtures containing volatile

components. Like in distillation, vaporization of the feed solution is produced. How-

ever, the presence of the membrane generates a driving force based on a difference of

concentration in addition to temperature. This driving force allows working at lower

temperatures than conventional distillation without requiring reaching the boiling

point of the feed mixture.

In membrane distillation, a microporous hydrophobic membrane is used since

normally, the target separation is an aqueous solution and membrane wetting should

be prevented. The feed aqueous solution is normally heated, although it is possible to

work at room temperature if a concentration gradient is provided, for example, by

using an osmotic solution (high concentrated solution of salts) at the permeate side.

Typical feed temperatures vary in the range of 30–60°C. The volatile compounds in

the feed solution evaporate and a vapor-liquid interface is created at the mouth of the

pore. Those components diffuse and/or convect across the membrane pores, being

condensed and/or removed on the opposite side of the membrane (permeate or dis-

tillate) (Curcio and Drioli, 2005). The hydrophobic character of the membrane pre-

vents the inclusion of liquid inside the pores of the membrane in order to minimize its

resistance to mass transfer. In addition, nonvolatile solutes are rejected and kept in

the feed side.
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FIG. 5.13

Wilson plot representation considering a constant partition coefficient: (A) tube side and

(B) shell side. Squares: experimental data; continuous line: model fitting; discontinuous line:

95% confidence limits.
Reproduced with permission from Viegas, R.M.C., Rodrı́guez, M., Luque, S., Alvarez, J.R., Coelhoso, I.M.,

Crespo, J.P.S.G., 1998. Mass transfer correlations in membrane extraction: analysis of Wilson-plot methodology.

J. Membr. Sci. 145, 129–142.
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Several configurations have been developed in membrane distillation depending

on how the driving force is generated:

– Direct contact membrane distillation (DCMD): the permeate side of the

membrane is a condensing fluid (commonly pure water) that is directly in contact

with the membrane. The driving force is generated by the difference of

temperature between the feed solution and the condensing fluid.

– Osmotic membrane distillation (OMD): an osmotic (high concentrated) solution

is used at the permeate side to create a concentration-based driving force (vapor

pressure difference between both membrane sides related to the water activities

in the feed and osmotic solutions) to transfer water from the feed solution to the

osmotic solution. The salts selected as osmotic pressure agents are normally NaCl

(because of its low cost), MgCl2, CaCl2, and MgSO4 (65). The temperature in the

feed solution can be increased while keeping the osmotic solution at room (or

lower) temperature to take advantage of the temperature gradient that is

generated. As reference, when the osmotic evaporation is carried out at room

temperature, transmembrane fluxes generally range between 0.2 and 0.4L/m2h

are obtained (66). (Curcio and Drioli, 2005).

– Air gap membrane distillation (AGMD): the vaporized solvent is recovered on a

condensing surface separated from the membrane by an air gap. The driving force

is a concentration and/or temperature gradient across the membrane.

– Vacuummembrane distillation (VMD): vacuum is applied at the permeate side of

the membrane. A large difference in partial pressure is produced thanks to the

applied vacuum.

– Sweep gas membrane distillation (SGMD): a sweep gas is used at the other side of

the membrane to recover the vaporized compound, establishing a difference in

partial pressure across the membrane.

Membrane crystallization appears as an extension of the working principle of mem-

brane distillation. As in membrane distillation, volatile solvents in the feed solution

are evaporated and transfer through the membrane pores to the permeate side at the

other side of the membrane. The objective is to concentrate the feed solution above

their saturation limit, reaching a supersaturation that allows crystals to nucleate and

grow. The role of the membrane in membrane crystallization is twofold. On one

hand, it is the barrier that separates the feed phase from the permeate side, according

to the characteristics of membrane contactors. On the other hand, the membrane acts

as a solid support on which the solute molecules can converge forming clusters

(nuclei) or growth units, leading to a heterogeneous nucleation. This is due to the

decrease in the energetic barrier of nucleation, ΔG*, that must be reached to induce

the formation of stable nuclei. This energetic barrier is related to the minimum size of

cluster (the critical nucleus, r*) that have to be achieved to be likely to grow spon-

taneously. The nucleation barrier is calculated as (Curcio and Drioli, 2005):

ΔG*¼ 16πv2γ3

3 kTlnS½ �2 (5.52)
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where v is the molar volume occupied by a growth unit, γ the surface energy, and S
the supersaturation.When the supersaturation S tends to 1, the energy barrier tends to

infinite. Thus it is necessary to exceed the supersaturation value to observe sponta-

neous homogeneous precipitation. In addition, if a membrane is in contact with the

crystallizing solution, the energy of nucleation decreases and heterogeneous nucle-

ation may take place. The literature gives an equation to estimate the reduction of the

energy produced when a substrate is present as a function of the contact angle θ
formed between the solute and the substrate (membrane) (Curcio and Drioli, 2005):

ΔGhet¼ΔGhom 1

2
�3

4
cosθ +

1

4
cos3θ

� �
(5.53)

Three situations can be highlighted:

– θ¼180°: the solution wets the substrate completely. In this case, both energies

are coincident, ΔGhet¼ΔGhom;

– θ¼90°: hydrophilic-hydrophobic limit. The energy of nucleation barrier for

heterogeneous nucleation is half the value for homogeneous nucleation,

ΔGhet¼ 1
2
ΔGhom;

– θ<90°: hydrophobic membrane. The energy of nucleation barrier for

heterogeneous nucleation is lower than the half of the value for homogeneous

nucleation, ΔGhet < 1
2
ΔGhom.

As consequence, the hydrophobic character of the membrane has an important rel-

evance in the crystallization process. Fig. 5.14 shows the reduction in the energy bar-

rier for several common membrane materials (Curcio and Drioli, 2005).

The transmembrane flux (J, m3 m�2 s�1) of water through the membrane can be

experimentally calculated by weighing the feed reservoir over time since a decrease

of water is produced, concentrating the feed solution:

J tið Þ¼� 1

A

dVp

dt
�� 1

Aρwater

dwf

dt
¼� 1

Aρwater

wf ti + 1ð Þ�wf tið Þ
ti + 1� ti

(5.54)

where Vp (m
3) is the volume of water permeated from the feed solution to the per-

meate side, A (m2) is the membrane area, ρwater (kgm
�3) is the density of water,

wf (kg) is the weight of the reservoir containing the feed solution at time ti (s).
If a concentration profile exists, as happens in osmotic membrane crystallization,

the mass transfer from the feed to the osmotic solution is determined as the difference

of water activity at both sides of the membrane. The overall mass transfer coefficient,

Kov (mPa�1 s�1), relates thus the transmembrane flux and the driving force (Ye et al.,

2013; Li et al., 2014):

J¼Kov p∗f af �p∗pap
� 	

(5.55)

where J is the water flux calculated in Eq. (5.1); a is the water activity of the feed (f )
and osmotic (p) side; and pf* and pp* are the water vapor pressures (Pa) of the feed and
the osmotic solution, respectively. The water activity of a pure solution can be
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calculated by Eqs. (5.3a), (5.3b) if the values of the osmotic coefficients are available

in the literature, or by using the procedure described by Sandler (2006):

φ¼�1000
vmM

lnaw (5.56)

where φ is the osmotic coefficient, v is the number of ions that the solute molecule

dissociates in the solution, m is the molality (molkg�1), M is the molar mass of the

solvent, and aw is the water activity. The vapor pressure of water (p*) depends on the
temperature (T) of the solution and it can be calculated by the Antoine equation

(pressure in mm Hg and temperature in °C) (Luis et al., 2013):

p∗ Tð Þ¼ 108:07131�
1730:63

233:426 +T (5.57)

Regarding the temperature gradient, an experimental heat transfer coefficient (Uexp,

W m�2 K�1) can be calculated following a semiempirical procedure in which the

heat by convection (Qconv, Wm�2) and conduction (Qcond, Wm�2) are involved

(based on the equation described by Gryta et al. (1997)):
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FIG. 5.14

Reduction in the free energy of the nucleation barrier due to heterogeneous nucleation as a

function of the water contact angle with the polymeric surface (CA, cellulose acetate; PAN,

polyacrylonitrile; PC, polycarbonate; PET, polyetherimide; PES, polyethersulfone; PP,

polypropylene; PSf, polysulfone; PTFE, polytetrafluoroethylene; PVDF,

polyvinylidenefluoride).
Reproduced with permission from Curcio, E., Enrico, D., 2005. Membrane distillation and related operations—a

review. Sep. Purif. Rev. 34, 35–86.
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Uexp¼Qconv +Qcond

ΔTln
¼
JwcPΔTb +

kmem
δ

ΔTw

ΔTln
(5.58)

where Jw is the permeate flux (Kgm�2 s�1), cP is the heat capacity (Jkg
�1 K�1), km is

the thermal conductivity of the membrane (Wm�1 K�1), and δ is the membrane

thickness (m); ΔTln, ΔTb, ΔTw are the logarithm mean temperature, the differ-

ence of temperature among the feed and the osmotic side in the bulk and in the mem-

brane surface, respectively.

The resistance-in-series model is typically applied in membrane distillation-

crystallization. Fig. 5.15 shows a scheme of the concentration and temperature pro-

files and the resistances in osmotic membrane distillation (Ruiz-Salmón and

Luis, 2018).

The mass transfer coefficient inside the fibers (feed side) can be calculated from

(Gabelman and Hwang, 1999):

kf ¼ ShDNa2CO3,water

di
(5.59)

Sh¼ 0:664Re0:5Sc0:33
di
l

� �0:33

(5.60)

Boundary
layer

CfNa2CO3

Na2CO3

NaCl

NaCl

Tf

Cfw

Tfw

Cpw

Cp

Tp

Tpw

Kf Km Kp

hf hm= hc+ hv hp

Boundary
layerMembrane

FIG. 5.15

Counter-current mode in osmotic membrane distillation (left) and mass and heat transfer

resistances (right).
Reproduced with permission from Ruiz-Salmón, I., Luis, P., 2018. Membrane crystallization via membrane

distillation. Chem. Eng. Process. Process Intensif. 123, 258–271.
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Re¼ ρf vf di
ɳ f

(5.61)

Sc¼ ɳ f

ρf DNa2CO3,water
(5.62)

where Sh, Re, and Sc are the Sherwood, Reynolds, and Schmidt numbers, respec-

tively; di (m) is the inside diameter of the fibers; ρ (kgm�3) and η (Pa s), the density
and the viscosity of the solution, respectively; v (ms�1), the velocity of the fluid

through the fibers and DNa2CO3,water
(m2 s�1) is the diffusivity of Na2CO3 in water.

The mass transfer coefficient at the shell side (osmotic solution) is calculated

from (Gabelman and Hwang, 1999):

kp¼ ShDNaCl,water

dh
(5.63)

Sh¼ 5:8
dh 1�ϕð Þ

l

� �
Re0:6Sc0:33 (5.64)

Re¼ ρpvpdh
p

(5.65)

Sc¼ ɳ p

ρpDNaCl,water
(5.66)

where l (m) is the length; dh (m), the hydraulic diameter; and ϕ is the packing fraction

of the fibers in the shell.

The mass transfer coefficient in the membrane is calculated from (Gabelman and

Hwang, 1999):

km¼ 1

RT

Dk
wD°w�a

D°w�a + paDk
w

� �
M

δ

� �
(5.67)

Dk
w¼

2εrp
3τ

ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
8RTavg
πM

r
(5.68)

D°w Tð Þ¼�2:77510�6 + 4:47910�8T + 1:656 10�10T2 (5.69)

where Dw
k is the water Knudsen diffusion; D°w, the water air diffusion; T, the tem-

perature along themembrane; pa is the partial pressure of air in the pore (it is assumed

pa¼101,325Pa); τ, the tortuosity of the membrane; 2, the porosity of the membrane;

δ, the thickness of the membrane; and rp, the radius of the pores.
In membrane distillation, a temperature gradient is part of the driving force of the

system. Thus the heat transfer coefficients in the feed (hf) and permeate (hp)
(Wm�2 K�1) and the temperature polarization coefficient (TPC) can be calculated
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from correlations (Gryta et al., 1997; Tun et al., 2005; Alkhudhiri et al., 2012;

Lawson and Lloyd, 1997):

h¼Nukfluid
d

(5.70)

Nu¼ 1:86 RePr
d

l

� �0:33 η
ηw

� �0:14

(5.71)

Pr¼ Cpη
kfluid

(5.72)

where Nu and Pr are the Nusselt and Prandtl numbers, respectively; kfluid is the ther-
mal conductivity of the fluid (Wm�1 K�1); d (m) is di and dh for the feed and the

osmotic side, respectively; η and ηw are the viscosity of the solution (feed or osmotic

solution) and the water, respectively;Cp is the heat capacity (Jkg
�1 K�1); and kfluid is

the thermal conductivity of the fluid (Wm�1 K�1).
The heat transfer through the membrane by conduction (hc) and vapor movement

(hv), and the temperature polarization coefficient (TPC) are given by:

hc¼ kmem
δ
¼2 kg + 1�2ð Þks

δ
(5.73)

hv¼ JwΔHv

ΔTw
(5.74)

ΔTw¼ Tfw�Tpw (5.75)

Tfw¼ Tf � Tf �Tp
� � 1

hf
1

hc + hv
+

1

hf
+

1

hp

0
BB@

1
CCA (5.76)

Tpw¼ Tp + Tf �Tp
� � 1

hp
1

hc + hv
+

1

hf
+

1

hp

0
BB@

1
CCA (5.77)

TPC¼ ΔTw
Tf �Tp

(5.78)

where kmem, kg, ks are the thermal conductivity of the membrane, the air and the solid

phase of the membrane, respectively; ΔHv is the latent heat of vaporization (Jkg
�1);

ΔTw is the temperature difference (K) among the temperature near the membrane

wall in the feed (Tfw) and the permeate side (Tpw).
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The effect of the operating conditions such as the concentration of the osmotic

solution, the feed concentration, and the temperature on the overall mass transfer

coefficient gives very valuable information on possible effects of concentration or

temperature polarization. On the other hand, studying the effect of the flow rates

of the feed and osmotic solutions allows determining the degree of turbulence needed

in the fluid phases to minimize their mass transfer resistance. Fig. 5.16 is an example

of this kind of studies for the concentration and further crystallization of Na2CO3

using an osmotic solution of NaCl (Ruiz-Salmón and Luis, 2018). Flow rates under

50mLmin�1 showed low turbulence, leading to concentration polarization. High

concentration in the osmotic solution led to higher fluxes but the overall membrane

coefficient did not increase as expected. A possible phenomenon of concentration

polarization and/or membrane wetting could explain this loss of performance. In

addition, increasing the temperature did not produce a significant increase of the

overall mass transfer coefficient in spite of increasing the flux. Thus temperature

polarization was observed. Regarding the heat transfer coefficient (Fig. 5.17), high

concentration of the NaCl solution influences slightly the heat transfer but this effect

disappears as soon as the feed temperature was increased above 35°C.

5.6 MEMBRANE EMULSIFICATION
Emulsions are mixtures consisting of a dispersed phase uniformly distributed in a

continuous phase. Oil-in-water (o/w) emulsions have oil droplets uniformly dis-

persed in water. On the other hand, water-in-oil (w/o) emulsions present water drop-

lets uniformly dispersed in oil. Systems with an emulsion as the dispersed phase are

called multiple emulsions, like water-in-oil-in-water (w/o/w) emulsions. Emulsions

play a critical role in the formulation of pharmaceutical compounds, cosmetics, food,

pigment dispersions, and synthesis of latex. They are present in our daily life as

creams, mayonnaise, butter, margarine, sauces, and so on. The conventional equip-

ment used to prepare emulsions is typically based on colloid mills, high-speed rotor-

stator systems, and high-pressure dispersing homogenizers. These methods achieve

the desired size distribution of the droplets by the generation of turbulent breakup,

where high shear stress is applied to deform and disrupt larger droplets in order to

keep the stability of the emulsion and avoid coalescence. Energy consumption is gen-

erally elevated because only a fraction of the energy input is used for droplet

breakup. In a high-pressure homogenizer about 99.8% of the energy supplied is lost

and converted into heat (Drioli et al., 2005). Using a membrane contactor offers the

advantage of decreasing energy consumption and achieving a homogenous size dis-

tribution of droplets. The working principle is different than with other systems using

membrane contactors since in membrane emulsification, the dispersed phase is

pressed through themembrane pores to the other side of the membrane. If a crossflow

configuration is used, the droplets formed at the pore mouth are detached by the

action of the drag force given by the tangential flow of the continuous phase flowing

along the membrane surface (Giorno et al., 2005). Fig. 5.18 shows the working
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FIG. 5.16

Mass transfer coefficient as a function of (A) the concentration of Na2CO3 (feed solution);

(B) the concentration of NaCl (osmotic solution); (C) the feed and osmotic flow rates (Na2CO3

and NaCl concentration are 150 and 300gL�1, respectively); (D) feed temperature.
Reproduced with permission from Ruiz-Salmón, I., Luis, P., 2018. Membrane crystallization via membrane

distillation. Chem. Eng. Process. Process Intensif. 123, 258–271.



principle of membrane emulsification and Fig. 5.19 presents an example of emul-

sions created by using this technology.

A typical lab-scale system to perform experimental tests of membrane emulsifi-

cation is shown in Fig. 5.20. The membrane contactor is the core of the experimental

plant. A careful control of pressure and temperature is required. The permeate flux

FIG. 5.17

Heat transfer coefficient as a function of the temperature.
Reproduced with permission from Ruiz-Salmón, I., Luis, P., 2018. Membrane crystallization via membrane

distillation. Chem. Eng. Process. Process Intensif. 123, 258–271.

FIG. 5.18

Principle of membrane emulsification.
Reproduced with permission from Rayner, M., Tragardh, G., Tragardh, C., 2005. The impact of mass transfer and

interfacial expansion rate on droplet size in membrane emulsification processes. Colloids Surf. A: Physicochem.

Eng. Asp. 266, 1–17.
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FIG. 5.19

Optical microscope images of drops formed using membranes with 80-μm pore spacing

under different conditions: (A) 2V agitation (3.5Hz (210rpm))—0.5Pa peak shear at

membrane; (B) 3V agitation (5.6Hz (340rpm)—1.2Pa peak shear at membrane; (C) 4V

agitation (6.833Hz (410rpm))—1.7Pa peak shear at membrane; (D) 6V agitation (10.833Hz

(650rpm))—3.6Pa peak shear at membrane.
Reproduced with permission from Egidi, E., Gasparini, G., Holdich, R.G., Vladisavljevic, G.T., Kosvintsev, S.R.,

2008. Membrane emulsification using membranes of regular pore spacing: droplet size and uniformity in the

presence of surface shear. J. Membr. Sci. 323, 414–420.

FIG. 5.20

Schematic representation of the membrane emulsification system.
Reproduced with permission fromGiorno, L., Li, N., Drioli, E., 2003a. Preparation of oil-in-water emulsions using

polyamide 10 kDa hollow fiber membrane. J. Membr. Sci. 217, 173–180, Giorno, L., Li, N., Drioli, E., 2003b.

Use of stable emulsion to improve stability, activity, and enantioselectivity of lipase immobilized in a membrane

reactor. Biotechnol. Bioeng. 84, 677–685.



(flux of the dispersed phase), Jd, can be calculated indirectly by measuring the weight

decrease of the dispersed phase (Δw) as a function of time:

Jd ¼ Δw
Δt �A (5.79)

where A is the membrane area.

The driving force is given by the transmembrane pressure, that is, the pressure

difference between the dispersion phase and the continuous phase. Taking into

account the pressure drop of the membrane contactor, the transmembrane pressure,

ΔPTM, can be calculated considering an average pressure between the inlet and the

outlet of the contactor (Giorno et al., 2003a, b):

ΔPTM ¼ 1

2
Pd, in +Pd,outð Þ�1

2
Pc, in +Pc,outð Þ (5.80)

where Pd,in and Pd,out are the pressure of the dispersion phase at the inlet and outlet,

respectively, and Pc,in and Pc,out are the pressure of the continuous phase at the inlet

and outlet, respectively. This transmembrane pressure should be higher than the

breakthrough pressure indicated in Eq. (5.1) in order to press the dispersed fluid

through the pores of the membrane.

The stability of the emulsions depends on several factors, such as the droplet size,

the emulsifying agent, net charge, and mechanical and physical properties of the

adsorbed film. Among these factors, the droplet size is the most important parameter.

Microemulsions, or emulsions with droplet size in the range 20–80nm, are thermo-

dynamically stable mixtures of oil in water or water in oil. When droplets are larger,

the interface between the oil and the water phase must be stabilized by surfactant

molecules, which prevent immediate aggregation or coalescence and whose proper-

ties largely determine the behavior of the emulsion (Giorno et al., 2005). The final

droplet size and size distribution are determined by the membrane material, pore size

and porosity, as well as process parameters such as the crossflow velocity of the con-

tinuous phase and the transmembrane pressure.

The membrane material should be selected so that the membrane is not wetted

with the dispersed phase. The reason behind this is that using hydrophobic mem-

branes for making an o/w emulsion resulted in polydispersed emulsions with a larger

average droplet size than when using a hydrophilic membrane (Nakashima et al.,

1991). Making w/o emulsions using hydrophilic membranes has resulted in droplets

smaller than the pore size and dependent on the structure of the pore and not only on

the diameter (Kandori et al., 1991). Thus in oil-in-water emulsions (oil: dispersed

phase; water: continuous phase), the membrane will be hydrophilic, whereas in

water-in-oil emulsions (water: dispersed phase; oil: continuous phase), the mem-

brane will be hydrophobic (Drioli et al., 2005). A typical membrane material in

membrane emulsification is porous glass due to the widely used Shirasu porous glass

(SPG) membrane (Ise Chemical Co, Japan) synthesized from CaO-Al2O3-B2O3-

SiO2-type glass made from “Shirasu,” a Japanese volcanic ash (Nakashima et al.,

1991). Other membranes have been used to prepare oil-in-water emulsions

(commercial microfiltration membranes of ceramic α-alumina from Membra-

flow, Germany; α-alumina- and zirconia coated membranes from SCT, France;
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polytetrafluoroethylene membranes from Advantec Tokyo Ltd. and Goretex, Japan)

(Suzuki et al., 1998; Schr€oder and Schubert, 1999a,b; Joscelyne and Tr€agårdh, 1999;
Kanichi et al., 2002; Yamazaki et al., 2002) or water-in-oil emulsions (microporous

polypropylene hollow fibers from Microdyn, Germany; polytetrafluoroethylene

membranes from Advantec, Japan) (Suzuki et al., 1998; Vladisavljevic et al.,

2002). In order to achieve permeation of the organic phase when using hydrophilic

membranes, or permeation of the aqueous phase through the hydrophobic mem-

brane, a pretreatment of the membrane is thus necessary. This pretreatment normally

consists on removing the internal liquid phase and substituting it by the phase to be

dispersed. It may affect the pore size of the membranes, thus it is important to apply

an appropriate pretreatment method in order to obtain the desired size of the droplets.

Giorno et al. (2005) evaluated the effect of four different procedures on the final size

of the droplets. Basically, the pretreatment consisted in washing the membrane with

a gradient of miscible solvents and solvent solutions of decreasing polarity, to shift

the internal phase from polar to nonpolar and to allow the permeation of the organic

phase (Giorno et al., 2003a,b, 2005). Fig. 5.21 clearly shows the significant variation

of the final droplet size depending on the pretreatment used due to the modification
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FIG. 5.21

Relationship between pore size and droplet size obtained by Giorno et al. (2005) using two

membranes (polyamide capillary membranes with nominal molecular weight cutoff of 10 and

50kDa) after pretreatment following four different procedures (A: subsequent permeation of

pure water, water-isopropanol (50:50), and pure isooctane; B and C: pure water, water-

isopropanol (80:20), isopropanol-isooctane (50:50 and 20:80), and then pure isooctane; the

difference between B and C is the different contact time of membranes with the solutions; D:

water, isopropanol-isooctane (50:50), and then pure isooctane).
Reproduced with permission from Giorno, L., Mazzei, R., Orioloa, M., De Luca, G., Davoli, M., Drioli, E., 2005.

Effects of organic solvents on ultrafiltration polyamide membranes for the preparation of oil-in-water emulsions.

J. Colloid Interface Sci. 287, 612–623.
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of the membrane pore size. The effect of solvents on the thin layer of asymmetric

polyamide membranes showed a clear change in the membrane morphology and pore

structure.

Regarding the pore size, a linear correlation (y¼m x) between membrane pore

size (y) and droplet size (x) has been generally observed where the value of m

may range from 2 to 10 depending on the properties of the organic, water, and mem-

brane (Rayner and Tragardh, 2002). This effect can be also observed in Fig. 5.21. For

SPGmembranes, values ofm range typically from 2 to 10. For membranes other than

SPG, the values reported for m are higher, typically 3–50 (Charcosset et al., 2004).

Finally, the porosity of the membrane surface also plays an important role in the

droplet size since it determines the distance between two adjacent pores, which is

critical to ensure that two adjacent droplets do not come too close, leading to coa-

lescence (Charcosset et al., 2004). As a reference, a maximum membrane porosity

to prevent coalescence of droplets growing on neighboring pores of 5μm diameter

has found to be 1.5% (Abrahamse et al., 2001).

Process parameters influence the final size and distribution of droplets in the

emulsion as well. The crossflow velocity will cause the detachment of droplets

formed at the membrane surface. The droplet size becomes smaller as the wall shear

stress (caused by the crossflow of the continuous phase) increases (Charcosset et al.,

2004). Fig. 5.22 shows the variation of droplet diameter observed by Rayner and

Tragardh (2002) as a function of the wall shear stress. An appropriate control of

the flow rate of the continuous phase is thus essential.

Another process parameter is the transmembrane pressure. Increasing the trans-

membrane pressure will increase the flux of the dispersed phase through the
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Variation of droplet diameter with the wall shear stress.
Reproduced with permission from Rayner, M., Tragardh, G., 2002. Membrane emulsification modelling: how can

we get from characterization to design? Desalination 145, 165–172.
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membrane according to the Darcy’s law, but it will also increase the average droplet

pore size and the size distribution because of droplet coalescence at the membrane

surface. Fig. 5.23 shows an example of the effect of the transmembrane pressure on

the flux of the dispersed phase. Adding surfactants may become a need to have high

transmembrane flux while keeping the formation of small droplets.

The mathematical description of the mass transfer in membrane emulsification

begins with the application of Darcy’s law, which relates the dispersed phase flux,

Jd, to the transmembrane pressure, APTM:

Jd ¼ β �ΔPTM

μδ
(5.81)

where β is a factor, which can be called permeability, that depends on the membrane

structure, δ is the membrane thickness, and μ is the viscosity of the dispersed phase

(Rayner and Tragardh, 2002; Charcosset et al., 2004). If the membrane is assumed to

have n uniform cylindrical pores of radius r, the permeability β can be calculated

from the Hagen-Poiseuille equation (Charcosset et al., 2004):

β¼ nr2

8π
(5.82)

Using an overall mass transfer coefficient, Koverall, defined as Koverall¼ β
μδ is also use-

ful when studying membrane emulsification, and the application of the resistance-in-

series model could be of interest to determine the main mass transfer limitations.

A limiting factor for emulsion production on a commercial scale is the low flux of

the disperse phase through the membrane. Thus achieving a good mass transfer

FIG. 5.23

Steady-state dispersed phase flux versus transmembrane pressure through the pores.
Reproduced with permission from Vladisavljevic, G.T., Tesch, S., Schubert, H., 2002. Preparation of water-in-oil

emulsions using microporous polypropylene hollow fibers: influence of some operating parameters on droplet size

distribution. Chem. Eng. Process. 41, 231–238.
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through the membrane is a key objective in current research. The porosity and pore

size of the membrane will influence the mass transport as well as the mass transfer

resistance produced by the liquid phases. In order to decrease the mass transfer resis-

tance produced by the liquid phases, an appropriate control of the fluid dynamics is

required (Joscelyne and Tr€agårdh, 2000). Controlling the droplet size is also crucial

in the emulsification process. It involves having a deep knowledge about the process

of droplet formation and detachment at the membrane surface, the behavior of the

dispersed phase through the membrane itself, and other phenomena that may occur

within the process (Vladisavljeviæ and Schubert, 2003). Research on modeling of

membrane emulsification is thus oriented to develop mathematical models that pre-

dict the effect of input parameters (e.g., transmembrane pressure, shear rate, mem-

brane pore size) on process output (e.g., droplet size, production rate) (Spyropoulos

et al., 2014). In this way, a good control over the final properties of the emulsion can

be achieved.

If emulsifiers (substances that confer long-term stability) or surfactants (surface

active agents that reduce interfacial tension) are added into the emulsion, the droplet

size will be modified due to their coupled transport to the expansion rate of the oil-

water interface. The type of surfactant used influences significantly the droplet size

(Schr€oder et al., 1998; Schr€oder and Schubert, 1999a, b). The viscosity of the dis-

persed phase has an important effect on the transmembrane flux and the droplet size.

If the viscosity of the dispersed phase is high, the flux through the membrane will be

low (see equation X-Darcy), and as a consequence, the droplet diameter will be large

compared with the mean pore diameter (Charcosset et al., 2004).

Droplet expansion and adsorption at the interface are coupled, thus the rates of

droplet expansion and droplet detachment as well as the adsorption rate of the emul-

sifier/surfactant to thegrowing interfacial area become relevant over the involved time

scales (Rayner et al., 2005). When a new droplet begins to grow from a pore, some

surfactant is already present at the interface.However, the surfactant surface coverage

decreases over time because the area of the droplet is increasing. The consequence is

that additional surfactant molecules can be adsorbed, which leads to the transport

of the surfactant to the surface droplet. In order to obtain the surface coverage of

the emulsifier/surfactant over time, the mass transfer coefficient in the continuous

phase, kcts, should be analyzed. Two cases can be considered (Rayner et al., 2005):

Case i: low wall shear rates where the process is dominated by molecular diffu-

sion through an “infinite” boundary layer. In this case, it is observed that

π� ∂
2

Dt
<∞ (5.83)

where D is the diffusion coefficient of the surfactant, δ is the boundary layer height,
and t is the droplet formation time.

The penetration theory is then applied to calculate the point value of the mass

transfer coefficient in the continuous phase:

kcts¼
ffiffiffiffi
D

πt

r
(5.84)
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The penetration theory (Higbie, 1935) considers that the depth of penetration is less

than the total depth of the liquid boundary layer, thus the total depth is assumed to be

infinite. Velocity gradients within the fluids are ignored since mass transport takes

place mainly by molecular diffusion and a balance for the surfactant in the contin-

uous phase is governed by Fick’s second law.

Case ii: moderate wall shear rates where both diffusion and flow convection are

taken into account. In this case:

∂
2

Dt
< π (5.85)

The Reynolds analogy is applied to calculate the mass transfer coefficient:

kcts¼ τwall
ρU

1

1 + α Sc�1ð Þ (5.86)

where U is the average velocity in the continuous phase; ρ is the density; τwall is the
wall shear stress; α is the ratio of the velocity at the edge of the viscous sublayer to the
average velocity (equal to 2.0 Re�1/8 for pipe flow); and the Schmidt number, Sc,
gives the dimensionless relationship. The Reynolds analogy relates the heat and mass

transfer rates to momentum transfer through shear stress. It assumes that elements of

fluid are brought from remote regions in the bulk to the surface by the action of tur-

bulent eddies without mixing with the intermediate fluid along the way, and instan-

taneously reach equilibrium upon contact with the interfacial layers (Coulson and

Richardson, 1999). This theory has been extended for viscous sublayers by Taylor

and Prandlt (Taylor, 1916; Prandlt, 1910, 1928).

The diffusion coefficient of the polymeric surfactant, D, can be calculated by the
Stokes-Einstein equation:

D¼ kT

aμ
(5.87)

where k is the Boltzmann constant, T is temperature, μ is viscosity of the continuous

phase, and a is the length of the molecule which is assumed to be two times the radius

of gyration of a polymer in solution (Rg�MW
0,6x10�9 nm).

The reader is addressed to Rayner et al. (2005) for a complete mathematical

description of the transport process indicated in cases i and ii.
Modeling the droplet size as a function of the kind of mechanism that will cause

the detachment of the droplets from the membrane surface (produced spontaneously

or due to shear stress) has been performed intensively in the literature (Yasuno et al.,

2002; Kobayashi et al., 2003; Christov et al., 2002; Sugiura et al., 2001; Rayner et al.,

2004; Schr€oder and Schubert, 1999a, b; Joscelyne and Tr€agårdh, 1999). Droplet for-
mation spontaneously occurs when the droplet break off occurs due to the minimi-

zation of free energy (a crossflow is not applied) (Sugiura et al., 2001; Rayner et al.,

2004). On the other hand, shear-induced droplet formation happens when the flow of

a continuous phase produces a shear stress on the emerging droplets, causing their

detachment from the surface. The continuous phase produces thus an effect on
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the size and distribution of the droplets. In this case, the droplet diameter can be pre-

dicted based on a force balance, in which the capillary force and the opposing drag

force seem to be the most important. Works performed by Rayner et al. (2004), Peng

and Williams (1998), and Schr€oder et al. (1998) can be taken as an starting point for
interested readers.

5.7 CONTACTOR MEMBRANE REACTORS
Membrane reactors combine reaction and a membrane process in the same single

unit creating synergies. In general terms, there are three main systems that fit within

the category of a membrane reactor: “extractor,” “distributor,” and “contactor”

(Westermann and Melin, 2009). The “extractor” selectively removes the products

from the reaction mixture; the “distributor” controls the addition of reactants to

the reaction mixture; and the “contactor” intensifies the contact between reactants.

In this chapter, the contactor concept will be considered.

In a contactor membrane reactor, the membrane can be used in two main ways

(Fig. 5.24): (i) the membrane is a barrier between two fluid phases (gas-liquid or

liquid-liquid phases) that will contact each other inside the pores of the membrane

(interfacial contactor). The reaction takes place inside the pores and the reaction

product will have preference by one or both phases. The membrane can be catalyt-

ically active or the catalyst can be in the feed solution. In the latter case, an extractant

is required at the other side of the membrane with high selectivity for the reaction

product; or (ii) the fluid phase containing the reagents is pushed through the mem-

brane pores. In contact with catalyst, the reaction will take place and the reaction

product will be collected at the other side of the membrane. In this case, the mem-

brane is always catalytically active, thus the reaction will take place on the catalytic

sites within the membrane structure.

(a) Interfacial contactor that separates two immiscible reagents. The catalyst is

within the membrane pores:

(b) Interfacial contactor that uses an extractant to extract selectively the reaction

product. The catalyst is within the membrane pores or in the feed fluid phase:

(c) Forced flow-through contactor in which the feed fluid phase goes through the

membrane pores. The catalyst is within the membrane pores:

5.7.1 INTERFACIAL MEMBRANE CONTACTOR
In a gas-liquid configuration based on the interfacial contactor (Fig. 5.24A), the cat-

alytically active layer faces the liquid side. The gas diffuses through the membrane

support layer and dissolves in the liquid at the gas-liquid interface. This gas-liquid

interface will be placed somewhere within the membrane pores depending on the

transmembrane pressure. The reaction zone is located inside the catalytically active

membrane, preferentially with partially wetted active sites, which consequently
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Interfacial contactor that separates two immiscible reagents.

The catalyst is within the membrane pores: 

Interfacial contactor that uses an extractant to extract selectively the reaction product. 

The catalyst is within the membrane pores or in the feed fluid phase: 

Forced-flow through contactor in which the feed fluid phase goes through the membrane
pores.

The catalyst is within the membrane pores: 

Catalyst

A P

B P

Catalyst 
or not

A B

P

P

(+C)

Extractant

A B

Catalyst

(A)

(B)

(C)

FIG. 5.24

Principles of contactor membrane reactors for the reaction A+B!P: (A) interfacial contactor

separating two immiscible reagents; (B) interfacial contactor using an extracting agent, and

(C) forced flow-through contactor.
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increases the concentration of gaseous reactant on these sites and enhances the over-

all reaction rate (Vospernik et al., 2003). The solute further diffuses through the

liquid-filled pores and reacts at the catalytically active sites that are located at the

pore walls. The reaction products normally tend to diffuse in the direction of the liq-

uid side due to the pressure gradient (Westermann and Melin, 2009). This kind of

configuration allows a lot of operational freedom: the gas and liquid flow rates

can be varied independently, the transmembrane pressure can be adapted to control

the location of the gas-liquid interface, additional substances can be targeted to the

catalytic region without mass transfer resistances, and low pressures can be applied

since the gas is supplied directly where it is consumed. Some examples of this con-

figuration can be found in the recent literature (Sanchez Marcano and Tsotsis, 2002).

In aqueous-organic contactor, the membrane contactor separates two immiscible

phases (Fig. 5.24A and B). The porous membrane is not permselective, but it simply

assures well-defined separation and contact between the two liquid phases flowing

from opposite sides of the membrane. The membrane can be inert with the catalyst

being dissolved in one of the fluid phases, or it can be catalytically active if the cat-

alyst is deposited on the surface of the membrane in order to promote the reaction

between adsorbed reactant species. The membrane defines the reaction volume by

providing a contacting zone for two immiscible phases. As in the gas-liquid system,

the use of membrane contactors introduces a large flexibility in the operation since

the flow rates of the two phases involved can be changed independently, as well as

the reactant concentration and pressures. A typical application is in phase transfer

catalysis, where two immiscible phases containing a water soluble nucleophilic

reagent and an organic soluble electrophilic reagent (e.g., anions and organic sub-

strates) are contacted, and a phase transfer catalyst (usually salts like tetraalkylam-

monium and tetraalkylphosphonium) is used to transfer a reactant from one of these

phases into the other, allowing the reaction to occur (Drioli et al., 2005). The sepa-

ration of the product and the phase transfer catalyst is a main technical challenge

where membrane technology (nanofiltration and membrane contactors) offers the

possibility of a nondestructive separation that allows reusing the catalyst (DeSmet

et al., 2001; Scarpello et al., 2002; Bono et al., 1997; Lopez and Matson, 1997;

Noworyta, 2001; Trusek-Holownia and Noworyta, 2002; Giorno et al., 2003b).

The microporous membrane used in membrane contactors contributes to increasing

the extraction flux due to its large surface. The transfer of the reaction product from

the aqueous media to the organic phase enables equilibrium-limited reactions to be

carried out to completion due to the combination of catalytic and separation pro-

cesses, such as in transesterification reactions (Maia Filho et al., 2016). The mem-

brane material may have a hydrophobic or hydrophilic character, thus the membrane

will belong to the organic or aqueous phase, respectively (Drioli et al., 2005).

Fig. 5.25 shows the typical mechanism in phase transfer catalysis. There is ions par-

tition between the two phases, and the reaction rate is determined by intrinsic kinetics

and transport rate (Jia et al., 2014). In case of the presence of the extraction phase,

the membrane allows for contact of the reaction medium with the extraction phase

without emulsion formation or typical phase separation problems (Sirkar, 2008).
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A typical experimental system using a contactor membrane reactor as an inter-

facial contactor is shown in Fig. 5.26 for liquid-liquid systems and gas-liquid sys-

tems. Hollow fiber membrane contactors are very common in this application due

to their high membrane surface per unit of volume. However, other configurations

based on flat membranes can be found in the literature (Maia Filho et al., 2016).

5.7.2 FORCED FLOW THROUGH
In interfacial membrane contactors, mass transport limitation by pore diffusion can

occur if the reaction is very fast. A way to minimize the pore diffusion is to pump the

whole reaction solution through an asymmetric (ceramic) membrane or a support

coated with catalytically active metals (Reif and Dittmeyer, 2003). This configura-

tion is called forced flow-through mode (Fig. 5.24C), where the reactants are pre-

mixed and supplied from the same side. The membrane is providing the reaction

space with short controlled residence time and high catalytic activity. The objective

is to reach complete conversion in minimum time or space, taking advantage of the

high catalytic efficiency, or to reach maximum selectivity for a given reaction due to

the narrow contact time distribution (Westermann and Melin, 2009). If the reaction

solution is pumped through the membrane fast enough, there will not be concentra-

tion gradients in the pore system of the catalytic layer and pore diffusion can be

totally eliminated. However, if the reaction is not fast enough to achieve a total

FIG. 5.25

Diagram of phase transfer catalysis mechanism.
Modified from Jia, Z., Zhen, T., Zhang, X., 2014. Application of phase-transfer catalytic membrane reactor in

liquid–liquid nucleophilic substitution reaction: effects of operating parameters. J. Membr. Sci. 454, 316–321.
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Schematic drawing of a ceramic membrane contactor for (A) L-L and (B) G-L mass transfer studies.
Reproduced with permission from Vospernik, M., Pintar, A., Bercic, G., Levec, J., 2003. Mass transfer studies in gas–liquid–solid membrane contactors. Catal.

Today 79–80, 169–179.
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conversion with one pass through the membrane, a product recycle is necessary (Reif

and Dittmeyer, 2003). In this configuration, gas-phase reaction (e.g., isomerization

of 1-butene, CO oxidation, decomposition of VOCs) or liquid-phase reactions (e.g.,
water denitrification, sunflower oil partial hydrogenation) can take place.

In contactor membrane reactors, the study is normally focused on the reactor rate

and the product yield and conversion. For example, considering the overall reaction:

RA orgð Þ+CB aqð Þ >RB orgð Þ+CA aqð Þ
the apparent reaction rate can be calculated as (Jia et al., 2014):

�dCRA

dt
¼ kobsCRACCB (5.88)

With kobs the observed reaction rate constant, including the effects of intrinsic kinet-
ics and mass transfer; CRBr and CKI are the concentration of RA and CB calculated

using the whole volume (volume organic phase plus the volume of the aqueous

phase) of the system. Solving the integral with CCB/CRA¼M, and x as the conversion
of RA at time t, leads to the following equation (Jia et al., 2014):

ln M�xð Þ
ln M 1�xð Þð Þ
CCB,0�CRA,0

¼W¼ kobst (5.89)

Thus plotting W versus t leads to a slope of value kobs.
Several variablesmay affect the observed reaction rate constant, such as the concen-

trations and flow rates of the organic phase and the aqueous phase. Fig. 5.27 shows the

effect of those variables on the reaction rate constant (slope) in an interface membrane

reactor used for liquid-liquid nucleophilic reactions between n-bromooctane and

KI aqueous solution, the overall reaction being RBr (org)+KI (aq)$ RI (org)+

KBr (aq) (Jia et al., 2014).

From those results, it is clear that mass transfer cannot be neglected in the inter-

facial membrane contactor. Varying the flow rate of the solutions has a large effect in

the observed reaction rate constant, which is an indication of mass transfer resistance

in the liquid phase. Diffusion is governing the mass transfer and limiting the reaction

rate. In order to elevate the reaction rate, the flow rate of both phases should be

increased. Increasing the concentration of the reagents lead also to an increase of

the observed reaction rate constant, attributed to the increased diffusion rate of

the ions Br� and I� from the organic phase and the aqueous phase, respectively,

to the L-L interface. The structure and catalytic composition of the membranes pre-

sents also a relevant importance in the observed reaction rate constant (Jia et al.,

2014). The selection of the appropriate pore dimensions strongly depends on the

intended application and the allowable pressure drop (Westermann and Melin,

2009). Thus general guidelines or optimal work conditions are difficult to be estab-

lished for the moment.

Due to the mass transfer limitations in interfacial membrane contactors, the

forced-flow through contactor offers an interesting alternative that minimize diffu-

sional problems. Reif and Dittmeyer (2003) presented the comparison of both
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configurations to perform the catalytic nitrate/nitrite reduction in water. The reac-

tions involved were as follows:

NO3
� +H2!NO2

� +H2O

2NO2
� + 3H2!N2 + 2OH

� + 2H2O desiredð Þ

2NO2
� + 6H2! 2NH4

+ + 4OH� undesiredð Þ
Fig. 5.28 shows the forced-flow through performance at different flow rates through

the membrane in comparison with the interfacial contactor (catalytic diffuser) for

catalytic nitrite reduction. The catalyst activity is not high when low flow rates

are applied in the forced-flow contactor. The higher the flow rate through the mem-

brane, the higher the catalyst activity until reaching a plateau value. The ammonium

formation, which is the product of the undesired reaction, is also affected by the flow

rate. The shorter the contact time in the porous support, the less ammonium is

FIG. 5.27

Effects of (A) n-bromooctane concentration; (B) KI concentration; (C) KI flow rate; and

(D) organic solution flow rate, on the observed reaction rate (slope) according to Eq. (5.89).
Reproduced with permission from Jia, Z., Zhen, T., Zhang, X., 2014. Application of phase-transfer catalytic

membrane reactor in liquid–liquid nucleophilic substitution reaction: effects of operating parameters. J. Membr.

Sci. 454, 316–321.
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produced. The interfacial contactor (catalytic diffuser) is presented as a less interest-

ing option in terms of catalytic activity (Reif and Dittmeyer, 2003). The forced-flow

contactor decreases the mass transport limitations and intensifies the contact between

reactants and the catalytic material. However, membrane blocking and a higher

energy consumption to push the fluid through the membrane are weak points of this

configuration. Depending on the application, the interfacial contactor may be more

advantageous. Conversion, mass transfer limitations, energy consumption, and

blocking of the membrane are aspects that will affect directly the overall cost of

the process and should be considered for a specific application.
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Comparison between forced-flow through contactor at several flow rates through the

membrane and interfacial contactor (catalytic diffuser). For the forced flow-through

experiment: ceramic support (α-Al2O3); average pore diameter of 3μm coated with 18.6mg

Pd. Water was externally saturated with gas (H2:CO2-ratio¼3:2) at atmospheric pressure. For

the catalytic diffuser: asymmetric, tubular, ceramic membrane with a ZrO2-top membrane

layer with 18.6mg Pd; 5bar overpressure in membrane. H2:CO2-ratio¼3:2. Temperature:

20°C. Reaction volume in both experiments: 750mL.
Reproduced with permission from Reif, M., Dittmeyer, R., 2003. Porous, catalytically active ceramic membranes

for gas–liquid reactions: a comparison between catalytic diffuser and forced through flow concept. Catal. Today

82, 3–14.
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San Román, M.F., Bringas, E., Ibañez, R., Ortiz, I., 2010. Liquid membrane technology: fun-

damentals and review of its applications. J. Chem. Technol. Biotechnol. 85, 2–10.
Scarpello, J.T., Nair, D., Freitas dos Santos, L.M., White, L.S., Livingston, A.G., 2002. The

separation of organometallic catalysts using solvent resistant nanofiltration. J. Membr. Sci.

180, 1–15.
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6.1 PROCESS DESCRIPTION
Membrane bioreactors offer a unique opportunity to restrict the physical space of a

biocatalyst, which can be an enzyme, a microorganism, or a plant/animal cell. By

restricting the physical space of a catalyst its continuous use, or reuse, becomes pos-

sible avoiding loss by washing out from the reactor. This feature represents a huge

advantage considering the cost of the biocatalyst (or the time and work necessary to

reload a reactor) and the fact that the outlet stream will be free of biocatalyst, making

the process of product recovery significantly easier.
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By restricting the physical space of the biocatalyst, it becomes possible to operate

the bioreactor uncoupling the biocatalyst residence time from the hydraulic resi-

dence time. This is particularly important when using microorganism or cells that

have a relatively slow growth kinetics. When dealing with microbial or cell biore-

actors, the adjustment of the biocatalyst residence time (commonly designated as

solids residence time, SRT) makes possible to increase its concentration and control

it at a desirable level. This control can be easily implemented by establishing a

microbial/cell purge.

There are several ways to restrict the physical space of a biocatalyst. When deal-

ing with enzymes (biocatalyst that does not duplicate) it is common to immobilize it

to a membrane. This immobilization may be achieved by covalent or ionic bonding

to the membrane surface, but it may also be immobilized by entrapment within the

membrane. Covalent and ionic bonding are techniques that usually lead to a very

effective linking of the biocatalyst to the membrane but, on the other hand, it

may induce changes on the enzyme conformation which may impact its activity

and selectivity. Therefore it is common to observe situations where the enzymatic

stability improves at the cost of a decrease of activity and selectivity.

The restriction of the physical space of a biocatalyst may also be achieved by

entrapment within the porous structure of a supporting membrane. In this case,

the biocatalyst is forced through the pores and imprisoned within the void free space

of the membrane. If asymmetric ultrafiltration membranes are used, this physical

confinement may be rather effective and long operation periods may be attained

without a significant biocatalyst loss to the contacting fluid phase(s).

Alternatively, the biocatalyst may be allowed to move freely in suspension—

mass transfer limitations may be easily overcome—and a micro-/ultra-filtration

membrane is used just to avoid its permeation and loss from the reactor. The mem-

brane acts as a permselective barrier that allows products to permeate but retains the

biocatalyst in a reduced physical space. In this case, the biocatalyst may be an

enzyme, a microorganism, or a eukaryotic cell, active and able to duplicate. This type

of membrane bioreactor assumes usually two possible configurations: 1—an external

loop recycle reactor, or 2—a submerged membrane reactor.

In the external loop recycle reactor (Judd, 2006) the membrane unit (usually a

micro- or a ultrafiltration membrane) is external to reaction vessel (also known as

“side-stream MBR”); the retentate containing the biocatalyst is recycled to the reac-

tor, while the permeate is recovered free of biocatalyst. As mentioned previously, the

hydraulic residence time (total volume of the reactive system /permeate flow rate)

can be adjusted independently from the biocatalyst residence time (total volume

of the reactive system/biocatalyst purge flow rate), which is quite advantageous.

In this type of configuration, the operating conditions in the reaction vessel and in

the membrane module can be adjusted independently, which gives a large degree

of freedom for design and operation of these systems.

The submerged membrane bioreactors were first proposed in 1988 by Yamamoto

and coworkers (Yamamoto et al., 1988). This concept involves the direct immersion

of the membrane in the medium of the bioreactor. The permeate is sucked through
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the membrane—both flat-sheet and hollow fiber configurations are commercially

available—and removed from the reactor, which is fed continuously and operated

at constant volume. This configuration is particularly successful for aerobic treat-

ment of domestic wastewaters, because aeration assures simultaneously several

tasks: provides oxygen to the microbial culture, keeps solids in suspension, improves

external mass transfer conditions, and scours the membrane surface minimizing foul-

ing. One of the most interesting aspects of submerged membrane bioreactors is the

fact that the membrane is operated under very gentle transmembrane pressure,

imposing a controlled and constant permeate flux, in order to adjust the convective

transport of solutes and particulates to the membrane surface. Typically, these sys-

tems are operated and under subcritical or sustainable permeate flux conditions,

allowing for prolonged operation without the need for membrane cleaning.

The use of membrane bioreactors with eukaryotic cells is less generalized and

implemented in large scale. In this case, the most common configurations are the

ones described for microbial cells and, in particular, the use of submerged membrane

bioreactors has been strongly suggested due to the possibility of operating under

extremely gentle conditions, with minimal shear stress at the membrane surface.

The possibility of using membranes to deliver oxygen in a nondispersive mode while

simultaneously removing carbon dioxide has been also described in a number of

exploratory works.

Finally, it is worth mentioning the research work developed with photocatalytic

membrane bioreactors, namely, involving microalgae, and the use of dense, nonpor-

ous membranes for the transport of specific target compounds: the concept of Extrac-

tive Membrane Bioreactor (EMB) (Santos et al., 1995), Ion-Exchange Membrane

Bioreactor (IEMB) (Fonseca et al., 2000), and Pervaporative Membrane Bioreactor

(PMB) (Izák et al., 2005). None of these are applied at large scale but they represent

very interesting approaches for the specific transport of a class of compounds

(respectively, hydrophobic compounds (EMB), ionic compounds (IEMB), and vol-

atile compounds (PMB)).

6.2 GENERAL OVERVIEW OF APPLICATIONS
For many researchers and engineers, the term “Membrane Bioreactor” applies exclu-

sively to membrane bioreactors for wastewater treatment. This is by far the largest

application of membrane bioreactors, with several large-scale plants running in

Europe, Asia, and North America. This type of application involves the use of sus-

pended mixedmicrobial cultures and the dominant configuration is the so-called sub-

merged membrane bioreactor, due to the possibility to operate under controlled

permeate flux, which renders low transmembrane pressures and allows for long oper-

ating periods without the need for plant maintenance for cleaning of the membranes.

This type of application will be discussed in detail further in this chapter.

In terms of industrial applications is still worth mentioning the use of enzymatic

membrane bioreactors using different types of configurations, namely, making use of
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covalent/electrostatic binding and using physical entrapment within the membrane

porous structure. The diversity of reported applications is huge but this number is

not followed by a significant industrial use. Medical and pharmaceutical applications

have been largely reported, as well as agro-food applications and wastewater treat-

ment applications. Examples of industrial scale enzymatic membrane bioreactors in

the pharmaceutical field include the production of amino acids with simultaneous

regeneration of NADH by Evonik in Germany (Wandrey, 2004) and the hydrolysis

of triglycerides by Kao Corporation in Japan (Nam and Furusaki, 1991). It is

expected that application to lignocellulosic enzymatic process will be growing in

the near future, as well as the use of specific enzymatic cocktails for treatment of

extremely resilient effluents (some of them with limited volumes to be processed

but without sustainable proved alternatives).

The generalized use of eukaryotic membrane bioreactors seems more distant,

although a growing interest seems clear involving the use of microalgae membrane

bioreactors.

A list of membrane bioreactors in industrial processes can be found elsewhere

(Giorno et al., 2009).

6.3 DESIGN OF MEMBRANE BIOREACTORS
6.3.1 ENZYMATIC MEMBRANE BIOREACTORS
The purpose of this section is not to enumerate and describe the large number of sci-

entific works about enzymatic membrane bioreactors published in the literature dur-

ing the last 30years but, otherwise to identify main achievements and relevant

constraints and opportunities.

The first issue that should be examined critically is the way enzymes are

immobilized. As discussed previously, covalent bonding and electrostatic interac-

tions may be used to immobilize enzymes on membranes, in a rather stable and

permanent mode. As a consequence, it is common to observe a high stability of

the immobilized enzymes upon immobilization. However, due to potential

changes of enzyme conformation induced by the immobilization process, it is also

common to observe a significant decrease of the enzymatic activity—which may

be lowered by 2–3 orders of magnitude—together with a loss of selectivity. This

impact in activity and selectivity results from changes of conformation of the

immobilized enzyme, which can be easily observed by well-established tech-

niques such as natural steady-state fluorescence spectroscopy and fluorescence

anisotropy (Portugal et al., 2006). When using these techniques, amino acids with

a fluorescence response and a high quantum yield—such as tryptophan—will

exhibit a fluorescence emission that changes with their local microenvironment.

If a protein unfolds due to chemical bonding or interaction with a supporting

membrane material, the local environment of these amino acids within the

enzyme will also change.
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As a consequence, shifts in their fluorescence emission are clearly observed: 1—

a so-called red shift, with the emission maximum moving to higher wavelengths,

when a protein amino acid such as tryptophan becomes more exposed to a polar

microenvironment, which may happen when protein unfolding exposes these amino

acids to the external solvent water; 2—a so-called blue shift may also be observed

when the interaction of the enzyme with the immobilizing matrix induces a more

compact folding that restricts the exposure of these amino acids to the solvent. Other

fluorescence changes may also be observed, such as changes in the maximum fluo-

rescence intensity and band broadening, which can be easily related with conforma-

tion changes and/or protein aggregation phenomena.

Fluorescence anisotropy may also provide extremely useful information: a lower

anisotropy means that the natural fluorophores in a protein (such as tryptophan)

move more freely, which is usually related with unfolding phenomena that lead to

a less restricted microenvironment near those fluorophores. Fig. 6.1 shows how

steady-state fluorescence spectroscopy and fluorescence anisotropy respond when

changes in a protein conformation are induced.

The previous discussion is necessary if one wants to understand how important is

to select and use immobilization techniques that induce the minimum change in the

enzyme conformation, in order to keep its function, translated here by its activity and

selectivity.

Modeling of these types of enzymatic membrane bioreactors, operated in a con-

tinuous mode with a full retention of the enzyme, is rather simple and reported

FIG. 6.1

Protein-induced denaturation by addition of Guanidine Hydrochloride (GndHCl) monitored by

steady-state fluorescence anisotropy (left) and steady-state fluorescence (right). Numbers

1–6 refer to increasing GndHCl concentrations.
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previously in the literature. Simple mass balances to substrate(s) (S) and product(s)

(P), integrated with the enzyme kinetics obtained in independent kinetic studies,

allow to derive S(t) and P(t) equations that depend on the enzymatic kinetic param-

eters and the fluid residence time. If required, a term accounting for enzymatic deac-

tivation/denaturation may also be included (Iorio et al., 1994).

Entrapment is a totally different approach for enzyme immobilization. The

entrapment method of immobilization is based on the localization of the enzyme

within the membrane matrix, restricting its physical domain. A very simple and

effective way to assure immobilization by entrapment in membranes involves the

use of asymmetric membranes. In this case, a solution with the enzyme is pumped

from the open-pore side of the membrane to the tight-pore side. If a membrane with a

molecular weight cutoff lower than the enzyme molecular mass is used, then the

enzyme becomes imprisoned within the membrane porous structure. The advantage

of this technique is that the impact on the enzyme conformation is significantly

lower, especially if hydrophilic membranes are used, and the mass transfer condi-

tions are rather good when comparing with enzyme immobilization techniques such

as occlusion. Still, it is necessary to assure a good enzyme load and distribution of the

enzyme within the membrane. Also, it is important to monitor possible enzyme

losses during operation, from the membrane to the contacting fluid phases.

Immobilization by entrapment is particularly a well-suited technique if the enzy-

matic membrane bioreactor is operated as a membrane biphasic contactor. In this

case, after immobilization of the selected enzyme within the asymmetric ultrafiltra-

tion membrane porous structure, the feed phase containing the substrate is brought

into contact in one side of membrane, while a receiving phase for collecting the prod-

uct of reaction is brought to contact on the opposite side. If the two phases, feed and

receiving, have a different character, that is, an organic and an aqueous phase, then

the membrane module works as a membrane contactor: if a hydrophilic membrane is

selected, the pores of the membrane are wetted by the aqueous phase while the

organic phase stays on the opposite side, contacting with the aqueous phase at the

pores’ mouth. If the two phases are equilibrated by a judicious selection of the pres-

sure difference between them, then their interface remains stable during the opera-

tion process.

This type of enzymatic membrane bioreactor/biphasic membrane contactor rep-

resents an extremely interesting solution when substrate and product are not mutually

soluble in the same type of solvent. Take, for example, the case of the enantiomeric

conversion of the meso-diester dimethyl cis-cycloxex-4-ene-1,2-dicarboxylate to the
enantiomerically pure (1S,2R)-cyclohex-4-ene1,2-dicarboxylic acid monomethyl

ester by a pig liver esterase (PLE), where the substrate is soluble in organic solvents

such as hexane or heptane (allowed in food and pharma applications) but not soluble

in water, and the product is soluble in water but not soluble in hexane or heptane

(Sousa et al., 2005). In this case, an enzymatic membrane contactor can be designed

where the organic feed phase containing the substrate contacts a membrane with PLE

previously immobilized by entrapment, without penetrating its pores. On the receiv-

ing side an aqueous solution collects the product of reaction, which takes place at the
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organic/aqueous interface, free of substrate. This type of system is particularly

elegant because it allows for simultaneously accomplishing the target enzymatic

reaction and assures a complete separation between substrate and product, with

the recovery of a pure target product (see Fig. 6.2).

The mathematical modeling of this type of system is not particularly complex

requiring the knowledge about the enzymatic kinetics and appropriate mass balances

to the membrane contactor. This process modeling, for the reaction discussed previ-

ously performed in a hollow fiber membrane contactor is presented in Sousa et al.

(2005).

6.3.2 MICROBIAL MEMBRANE BIOREACTORS
Membrane bioreactors for wastewater treatment
The major application of membrane bioreactor (MBR) systems, and the most stud-

ied, is in biological treatment of wastewaters. Biological treatment of wastewaters is

done by a consortium of microorganisms (mainly bacteria and protozoa), the

so-called activated sludge, that together can degrade and consume the organic and

inorganic nutrients present in wastewaters. In conventional activated sludge

(CAS) systems, the liquid effluent is obtained through sedimentation of solids, which

depends on the settle ability of the biomass. However, by using membranes to retain

suspended solids in MBRs, all solids have the same residence time (solids retention

time, SRT), which is independent of the hydraulic retention time (HRT). Therefore
MBRs can be operated at high biomass concentration, and, unlike the conventional

FIG. 6.2

Enzymatic enantioselective conversion of the meso-diester dimethyl cis-cycloxex-4-ene-1,2-

dicarboxylate to the enantiomerically pure (1S,2R)-cyclohex-4-ene1,2-dicarboxylic acid

monomethyl ester, using Pig Liver Esterase immobilized by entrapment in the asymmetric

porous structure of an ultrafiltration polysulfone membrane.
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activated sludge systems, can easily retain slow growing organisms with poor settle

ability, like nitrifying bacteria (Seviour and Nielsen, 2010).

Besides the biological advantages associated with the use of a membrane, the

quality of the treated effluent is higher in MBRs than in CAS systems. Permeate high

quality allows the direct application of the MBR technology when advanced treat-

ments are required, such as for bathing water, sensitive discharge bodies of water,

or water reuse. Additionally, due to high biomass concentration and the elimination

of settlers, MBRs have smaller footprints than CAS, which can be valuable when a

compact system is needed, such as in areas with high population density.

The MBR features are also advantageous in the treatment of industrial wastewa-

ters, where the influent may have lower biodegradability and/or comprise toxic

compounds, meaning that the microorganisms require more time for adaptation

and have lower kinetic rates.

Generally, MBRs can be operated as side-stream or submerged (Fig. 6.3), accord-

ing with the membranes placement and operation. In side-streamMBRs, membranes

are placed externally to the biological reactor and themixed liquor is pumped into the

membrane module. In the membrane module, a permeate stream is generated and the

concentrated sludge is recycled to the bioreactor. In the side-stream configuration,

membrane filtration occurs as a typical cross-flow process.

In submerged MBRs, the membrane module is directly immersed in the mixed

liquor, in the aerated bioreactor. This operating strategy was first introduced by

Yamamoto et al. (1988) with the objective of reducing energy consumption associ-

ated with the recirculation pump in the side-stream configuration. The submerged

MBR configuration corresponds to a dead-end filtration, with shear stress generated

by the air bubble flow.

Besides the membrane module placement, the biological compartment of an

MBR, like in CAS systems, can be operated in a wide range of bioreactor configu-

rations to achieve specific nutrient removal (e.g., pre- or postdenitrification).

FIG. 6.3

Side-stream and submerged MBR configurations.
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Fig. 6.4B shows an example of a submerged MBR with two compartments, the first

under anoxic conditions (no oxygen supply) and the second (where the membrane

module is submerged) under aerobic conditions.

The usual operating parameters associated with MBRs are permeate flux (Jp),
hydraulic retention time (HRT), solids retention time (SRT), transmembrane pressure

(TMP), recirculation ratio, cross-flow velocity, and aeration flow.

According to the configurations shown in Fig. 6.4, the following parameters can

be defined: F is the volumetric flow of influent and effluent, Jp is the permeate flux, S
is the substrate concentration, Frec is the recirculation flow, Qair is the air flow, Pp is

the pressure in the permeate line, Pin is the pressure on feed side, Pout is the pressure

on retentate side, V is the volume of the biological reactor, and X is the biomass

concentration.

The permeate flux (defined as for other filtration processes) is the permeate flow

per membrane area.

Jp ¼ F

Membrane area

Since MBRs are usually operated in continuous mode, at constant volume, the per-

meate flow is also equal to the influent flow.

The HRT and SRT are, respectively, the residence time of liquid and solids inside

the MBR.

HRT¼V

F

SRT¼ V

Purge=time

While the HRT is dependent on flow, the SRT depends on regular purges of the reac-

tor (including solids and liquid) and, thus the later can be infinite if no purges are

made. However, longer SRT times, tending to infinite, result in older sludges, with

high death rates and lower growth rates, leading to a decline in the biologic

performance.

FIG. 6.4

Operating parameters in side-stream (A) and submerged (B)MBRs for wastewater treatment.
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MBRs for wastewater treatment are usually operated at constant permeate flux

(Drews, 2010), and thus the transmembrane pressure (TMP) is used as a fouling

indicator parameter.

TMP¼Pin +Pout

2
�Pp

When calculating the TMP for submerged MBRs the pressure on the feed and reten-

tate sides of the membrane is the same, and usually equal to atmospheric pressure

(Patm), and thus TMP can be simplified as TMP¼Patm�Pp.

Associated with the recirculation of media to the membrane module, in the side-

stream configuration, and to the recirculation of media between two reactors in sub-

merged configuration, the Recirculation ratio can be defined as:

Recirculation ratio¼Frec

F

Additionally, in side-stream MBRs, the velocity of flow can be calculated based on

the recirculation flow and on the cross-flow section area.

Flow velocity¼ Frec

Cross� flow section area

The operating conditions associated with the biological performance of MBRs for

wastewater treatment are the substrate concentration in influent, usually calculated

as food-to-microorganism ratio (F:M), the suspended solids (indicator of biomass

concentration), and the aeration flow rate.

F :M¼ S �F
V �X

where the substrate (S) is organic carbon concentration, V is the total volume of

liquid in the MBR, and X is the suspended solids or volatile suspended solids

concentration.

Regarding the MBR operating conditions, the imposed permeate flux is probably

the most important parameter in fouling control. Thus membrane bioreactors are usu-

ally operated at a low permeate flux (below critical flux) to avoid the deposition of

particles on the membrane surface and keep permeability for a long operating time.

The concept of critical flux was introduced by Field et al. (1995) and it is defined as

the flux where the forces linked to filtration pressure and shearing forces are

balanced. In MBR systems, the critical flux value depends on the characteristics

of the membrane (e.g., pore diameter and material), characteristics of the mixed

liquor, shear forces at the membrane surface, and temperature. The application of

shear forces at the surface of the membranes is a current operational strategy to

hamper fouling formation, either through the use of coarse air bubbles in submerged

configurations or through increased cross-flow velocity (with or without addition of

air) in side-stream configurations (Judd, 2006).

Despite clearly defined, there is no standard methodology to assess the exact

value of the critical flux. Therefore the critical flux is often measured by the flux-

step method from short-term experiments, where the permeate flux is imposed for
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a specific duration of time, in incremental steps, while the TMP is recorded. The crit-

ical flux is then assumed to be near or below the flux at which the permeability

decreases to below 90% of the permeability obtained in the first filtration step (when

TMP is still constant) (Le Clech et al., 2003). However, even at very low fluxes TMP

may increase with time, thus the concept of sustainable flux was introduced as the

permeate flux at which the decrease in permeability is operationally acceptable

(Bacchin et al., 2006).

In addition to the reactors configuration and operating conditions, different

membrane types can be used in MBRs. For wastewater treatment, either tight

microfiltration or loose ultrafiltration membranes are typically used. Since the fil-

tration process determines which components of the mixed liquor can be perme-

ated, the quality of an MBR effluent is also dependent on the membrane used.

In fact, polysaccharides, proteins and peptides, colloids, bacteria, and virus will

cross or be retained by the membrane in accordance with their sizes and the mem-

brane properties. Other membrane characteristics that impact the performance of

an MBR are the membrane material (usually polymeric, with a negative surface

charge and hydrophilic) and the module configuration (normally composed by

either flat-sheet membranes or hollow fiber membranes). Furthermore, in hollow

fiber modules, packing density can impact permeate flux profile along the mem-

brane fibers. A compromise between a sufficient space between fibers (low density

bundle) and a large surface of filtration (high density bundle) should be obtained,

avoiding problems such as prevention of dead zones or aeration homogeneity. In

such cases, the use of computational fluid dynamics (CFD) enables the optimiza-

tion of modules configuration.

Despite the reactor configuration, membrane module or operating conditions

used (all affecting both the biological activity and filtration process), in MBRs

for wastewater treatment the biological media is comprised by a broad variety

of organic compounds with origin either in the incoming wastewater or as a result

of microbial activity (e.g., humic compounds, polysaccharides, and proteins).

These extracellular compounds can be either colloidal or soluble and are generally

assumed to be the major cause of fouling in MBRs (Meng et al., 2009). Therefore

tight monitoring of MBR performance is required in order to minimize extreme

fouling events, reduce the requirements for membrane cleaning (increasing mem-

branes’ life span), and the development of effective strategies that minimize

fouling.

MBRs as integrated processes of bio-production and separation
Besides wastewater treatment, MBRs are also used as an integrated process of bio-

production and separation. Such application is extremely advantageous when the

biological production is inhibited by the products formed and/or when high cell den-

sity is required.

The continuous feeding and permeation in an MBR, without changing the solids

retention time, allows (i) the continuous feed of substrates and permeation of prod-

ucts, (ii) the maintenance of the concentration of products inside theMBR at constant
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low levels (and thus avoiding inhibition by products), (iii) the maintenance of high

feed that results in high biomass concentration (through high growth rates) and

improved productivity.

Such as for wastewater treatment MBRs, the quality of the permeate effluent is

also an advantage, facilitating the downstream processing of the desired products

(Schiraldi et al., 2012).

The design of MBRs for bio-production is similar to the one for wastewater treat-

ment; however, theconfigurationandmembranes (material, type, configurationofmod-

ules)maybeadjusted to the specificitiesof themicroorganisms, substrates, andproducts

for each process. For example,membrane pore size andmaterialwill depend on the size

and characteristics (hydrophobicity) of the compounds (substrates and products)

involved in the process. The requirements for sterilization, usually in processes involv-

ing pure cultures, will also affect the selection of theMBR configuration (e.g., allowing

in situ sterilization) and the membrane material (resistance to temperature or disinfec-

tionsolutions).Additionally, highcross-flowvelocitiesor intenseairbubblesmaynotbe

used with microorganisms that are sensible to shear stress.

Aerobic vs anaerobic MBRs
In MBRs with aerobic biological processes, the introduction of air is used not only to

supply O2 to biomass but also to score the membrane surface. This is more significant

when a submerged configuration is used. However, in side cross configurations, the

sparging of coarse air bubbles at the entrance of the membrane is also commonly

used with the same function.

In anaerobic processes, alternatives to this air sparging should be used. Therefore

depending on the process, other gases may be used (N2, argon). However, the use of

such gases increases the operating costs and may not be an option only in the

production of high value products. Other strategies, such as recovery of gases

(e.g., methane) and their recirculation inside the bioreactor can also be used.

Membrane photobioreactors
Photobioreactors (PBR) have emerged in the last decades as a potential sustainable

technology to combine wastewater bioremediation by nutrient removal with the pro-

duction of microalgal biomass. Although the use of microalgae in tertiary wastewater

treatment has been suggested as a prospective method for advanced wastewater treat-

ment, challenges are posed to this technology such as poor settle ability, biomass

washout, and harvesting limitations. To overcome these issues, the recent introduc-

tion of membrane technology in photobioreactors gave rise to the membrane photo-

bioreactor (MPBR) concept. This technology combines a conventional

photobioreactor with a membrane process for the growth of photosynthetic microor-

ganisms such as microalgae and/or bacteria. Different types of membrane processes

(ultrafiltration, microfiltration, forward osmosis, ion exchange, gas exchange) and

membrane configurations (hollow fiber, flat sheet) have been evaluated in membrane

photobioreactors, where the membrane is applied as a key design feature for liquid or

gas separation as a means to simultaneously treat wastewater and produce

microalgae.
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This new design concept of membrane photobioreactors with lower footprint area

has demonstrated several advantages, whose nature and extent may depend on the

MPBR configuration, which is selected based on the requirements for a given appli-

cation. Generally, MPBRs offer enhanced rate of biomass production, and conse-

quently improved removal efficiency and CO2 fixation, compared with

conventional photobioreactors, due to more efficient light penetration. Increasing

microalgae production may also be achieved by the elimination of the negative

impact of pollutants in the liquid influent on microalgae growth through the separa-

tion of microalgae cells and wastewater in two different chambers, which may be

accomplished by using an annular ion-exchange membrane that also ensures the per-

meation of nutrients to the microalgae cultures (Chang et al., 2016). Another impor-

tant advantage of the integration of the membrane in photobioreactors is the

complete retention of microalgae cells, preventing biomass washout, eliminating fur-

ther harvesting requirements and related costs, as well as enabling separate control of

solids retention time and hydraulic retention time (Honda et al., 2012;Marbelia et al.,

2014). The possibility to overcome the limitations of coculture photosynthetic oxy-

genation is offered by hollow fiber gas exchange membrane photobioreactors that

enable to physically separate microalgae and bacteria cultures while ensuring their

symbiotic relationship by facilitating the exchange of CO2 and O2 through a concen-

tration gradient as the driving force. As a result, microalgal biomass is free of con-

taminants and thus can be easily harvested for several purposes. Furthermore, higher

CO2 and O2 mass transfer efficiencies can be achieved and the loss of these gases to

the atmosphere can be minimized. Besides these benefits, microalgal-bacterial sym-

biosis may bring many other advantages to this technology: (i) cost-effective aera-

tion, given that microalgae provide heterotrophic bacteria with sufficient O2 to

degrade the organic pollutants, decreasing the energy requirements of intense

mechanical aeration associated with conventional MBRs to achieve high removal

rates (typically 45%–75% of the energy consumption (Rosso et al., 2008));

(ii) reduced risk of pollutants volatilization; and (iii) capture of the greenhouse

gas CO2 for microalgal biomass production (global warming mitigation).

Another noteworthy benefit of applying microalgae membrane photobioreactors

is the potential to add value to the biomass produced through its processing toward

the production of biofuels and bioenergy, lipids, pharmaceuticals, cosmetics, and

feedstock (Najm et al., 2017).

As in conventional membrane bioreactors, membrane fouling is also considered

an operational challenge in membrane photobioreactors. In these reactors, fouling is

influenced by relationships between microalgae characteristics, matrix characteris-

tics, operating conditions, and membrane properties, where the main foulant is algal-

derived organic matter (AOM) that comprises carbohydrates, nitrogen-bearing

compounds (e.g., amino acids, peptides, proteins, and nucleic acids), lipids, and

organic acids (Pivokonsky et al., 2016). Fouling resulting from the deposition of

microalgae on the membrane surface is usually reversible and can be alleviated

by different aeration strategies. However, the economic viability of using different

aeration types and rates is recommended for further analysis to support the design of

membrane photobioreactors.
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The main design features of photobioreactors include light utilization efficiency,

gas transfer, mixing patterns, geometrical configuration, and building material

(Carvalho et al., 2006). Light and CO2 transfer are key processing parameters to meet

optimum efficiency owing to the difficulties in controlling their stability throughout

time and uniformity throughout space. The challenge in the design of photobioreac-

tors is to overcome the constraints associated with the control of these parameters.

A typical photobioreactor is a three-phase system comprising the liquid phase

(medium), the solid phase (cells), and the gas phase. Light, which is the unique fea-

ture of photoreactors and is often addressed as the fourth phase, is the main parameter

affecting reactor design as it determines microalgal growth and, thus, photosynthetic

efficiency (Posten, 2009). Light should therefore be provided at the appropriate

intensity, duration, and wavelength (Carvalho et al., 2011). Light intensity decreases

exponentially with the distance from the reactor wall due to light shading effects that

result from the increase in the concentration of cells and products (increasing turbid-

ity) or the formation of biofilm on the surface of reactor vessels (Chen et al., 2011,

Chen et al., 2008). The following equation needs to be therefore considered in reac-

tors’ design:

IL
I0
¼ e�γL

where IL is the light intensity at depth L, I0 is the original incident light intensity, and
γ is the turbidity.

Although a short light path is theoretically favorable for achieving high light effi-

ciency, conventional light sources cannot be in close contact with the microalgae

culture because of heat generation. While excessive intensity may result in photoox-

idation and photoinhibition, low intensity may result in growth limitation. Conse-

quently, the design of photobioreactors with an adequate illumination strategy is

needed to achieve optimum light conversion efficiency for microalgae biomass

production.

Microalgae are irradiated with only a small fraction of the incident radiation and

grow in the nonlimited region. Therefore the surface-to-ground area ratio should be

approximately 10 or higher, depending on the microalgae strain and the region where

the reactor is operating. To estimate the photosynthetic efficiency for a selected spe-

cies in a given photobioreactor, the illuminated surface area per unit volume of the

culture should be determined. Thus the increase of the surface-to-ground area ratio

should be carefully counterbalanced with reducing volume per ground area on the

basis of the kinetics to provide no more light distribution than required and to save

volume for high biomass concentration and reduce energy (Carvalho et al., 2011;

Posten, 2009).

Michaelis-Menten equation is often used to describe saturation phenomena and

can be applied as light-limited growth kinetic model to determine microalgae-

specific growth rate, μ:

μ¼ μmax
I

I +KI
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where μmax is the maximum specific growth rate, KI is the saturation constant for

light intensity, and I is the light intensity.
A reliable prediction of CO2 transfer rates is required since a concentration gra-

dient is observed as CO2 is consumed by cells and/or lost to the atmosphere. Accord-

ing to the two-film theory, mass transfer of CO2 from the gas to the cell phase

comprises the following sequential stages: (i) transport from the bulk of the gas to

the thin gaseous film at the interface, (ii) diffusion through the gas film,

(iii) transport across the gas/liquid interface, (iv) diffusion through the adjacent

liquid film, (v) transport from the thin liquid film to the liquid bulk, (vi) transport

from the liquid bulk to the thin liquid film at the cell wall, (vii) diffusion through

the outer cell liquid film, and (viii) metabolic uptake by the cell. At steady state,

the rate of CO2 transfer to the medium depends on the CO2 uptake rate (Carvalho

et al., 2006). The rate of mass transfer (NCO2
) is, in general, proportional to the driv-

ing force and the area available for transfer is given by the following equation:

NCO2
¼ kLa CCO2L

∗�CCO2Lð Þ
where kL is the liquid-phase mass transfer coefficient, a is the specific area available
for mass transfer, CCO2L

∗ is the concentration of CO2 in the culture medium, and

CCO2L
is the concentration of CO2 in the bulk of the culture medium. The parameter

kLa characterizes the CO2 mass transfer capability of the reactor and determines the

cell growth rate. This parameter is therefore extremely important in design, scale-up,

and operation of a photobioreactor (Carvalho et al., 2006; Talbot et al., 1991).

Another important consideration is the delivery system implemented for CO2 trans-

fer as it determines the interface area between the gas and the liquid phases. CO2may

be injected or sprayed into the medium as well as diffused through a membrane. The

following features must be considered if CO2 transfer is accomplished by mem-

branes: (i) a significant membrane area is required as transfer rate is proportional

to the membrane area; (ii) thick membrane walls should be employed to withstand

the high pressures required to balance the transfer rates produced by bubbling; and

(iii) pressurization of the membrane may originate microspacing within the polymer

network of the membrane, to which bacteria may adhere, thus reducing the contact

area and decreasing the transfer rate throughout time (Carvalho et al., 2006).

Although studies at lab scale point out membrane photobioreactors as a promis-

ing technology, concerns of increased costs and membrane fouling limit their full-

scale application. Further research is, therefore, needed to attain adequate reactor

geometries that ensure adequate light penetration and distribution as well as suffi-

cient aeration/mixing of highly concentrated biomass. The complex interrelation-

ships between operating conditions and process performance—biomass

production, treatment effectiveness, and membrane fouling—is often overlooked

and should be disclosed to provide improved designs and develop effective strategies

that minimize fouling. The application of immobilized microalgal technology should

be also further investigated given its potential to reduce membrane fouling (Luo

et al., 2015), besides being able to improve microalgae biomass production and

removal performance.
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6.3.3 ANIMAL AND PLANT CELL BIOREACTORS
Recently, membrane bioreactors have become very attractive for the culture of ani-

mal and plant cells. The application of the membrane bioreactor concept in tissue

engineering enables the design of in vitro physiological models (e.g., liver, pancreas,

brain, skin, kidney) for the study of diseases and the development of molecular ther-

apeutics. MBR technology is also interesting for the production of heterologous

human and/or animal therapeutic proteins by transgenic plant cell cultures.

The interest of MBRs for animal cell culture relies on the possibility of culturing

cells at high density, high volumetric productivity, and under closely monitored high

perfusion in a similar in vivo microenvironment. The use of polymeric semiperme-

able membranes with different physicochemical and transport properties is appealing

in tissue engineering and bioartificial organs since these membranes and biomem-

branes share similarities: (i) the selective transport of metabolites and nutrients to

cells and the removal of catabolites/specific products from cells; (ii) resistance;

and (iii) protection from shear stress, which is often achieved by operating at laminar

flow regime. Furthermore, semipermeable membranes exhibit other important func-

tions for the maintenance of cell viability and specific functions such as the ability to

act as immunoselective barriers, as means for cell oxygenation, and to provide a large

area for cell attachment (Curcio et al., 2005; Dionne et al., 1996; Drioli and De

Bartolo, 2006; Wickramasinghe et al., 1992). Besides these advantages, the use of

MBRs for plant cell culture brings other important benefits related to the reuse of

the plant biomass for long-term production and the easier product recovery/purifica-

tion (McDonald et al., 2005).

Membranes, which are a key design feature in the MBR, should combine

properties of polymers such as biocompatibility, thermal/mechanical resistance,

and elasticity with properties of membranes such as permeability, selectivity, and

well-defined geometry. Hollow fiber membrane bioreactors have been designed

and widely applied to overcome the nutrient diffusion limitations in tissue/organ

engineering applications (Eghbali et al., 2016; P€ortner et al., 2005). Its geometry

comprises several advantages related to compactness, large mass exchange surface

area-to-bioreactor volume ratio (excellent mass transfer properties), cell protection

from mechanical stress, and prevention from cell washout (De Napoli et al., 2014;

Wung et al., 2014). Cylindrical hollow fiber bioreactors are composed of a bundle of

parallel, semipermeable, hollow fibers assembled in a cylindrical housing/cartridge.

These bioreactors are versatile since multiple possible paths are possible for the

medium flow (through hollow fibers and/or through the extra capillary space) and

cell location. The cells can be directly seeded on the outer surface or in the internal

lumen of the fibers, while the medium flows in the internal fiber lumen. Rectangular

hollow fiber reactors are composed of a hollow fiber membrane embedded within a

scaffold with a rectangular shape, where the medium flows through the hollow fibers

internal lumen and one or more cell sheets can be cultured on the top of the polymeric

hollow fiber membrane scaffold (Eghbali et al., 2016). In both configurations, the

size, number, fiber interdistance, and arrangement may be tuned according to the
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application. In order to adequately recreate the in vivo environment, the following

operating parameters should be designed and optimized: membrane bioreactor

geometry (inner and outer fiber radii, the space between fibers, the bioreactor

radius and length), medium culture flow parameters (flow regime, perfusion rate,

and fluid properties), porous membrane parameters (porosity, pore size, hindrance

factor, molecular weight cutoff, permeability, and membrane physicochemical

properties), mass transport parameters relevant to oxygen, nutrients and waste spe-

cies, as well as culture conditions (cell type, cell passage, and cell seeding density).

The pore size of the membranes must be small enough to isolate the cells but suf-

ficiently large to allow the appropriate mass transfer of nutrients to cells and the

removal of waste metabolites (Buffington et al., 2014; Diban and Stamatialis,

2014; Iacovacci et al., 2016; Jansen et al., 2014). To attain optimum reactor

designs, studies have focused on the development of 2D and 3D computational

fluid dynamics (CFD) based on Navier-Stokes equations coupled to the

Maxwell-Stefan convection-diffusion-reaction equation to predict nutrient or

catabolite concentrations. However, to attain improved designs, more insights

regarding the effects of design parameters in cell viability and functionality are still

needed.

The application of MBR technology in animal and plant cell culture is mainly

limited to small-to-medium scales since operating issues related with poor cell via-

bility, poor process stability, product heterogeneity, and diffusion gradients need fur-

ther improvement.

6.4 MONITORING AND CONTROL OF MEMBRANE
BIOREACTORS
Despite its advantages, the application of MBR technology for wastewater treatment

is still conditioned by the inevitable membrane fouling, by the operational high costs

(mostly associated to the aeration of the membrane) (Judd, 2008) and by the complex

control systems required (Lesjean et al., 2011). Therefore different characterization

and monitoring tools were developed and studied in the last years to increase the

monitoring ability, reduce fouling, and minimize costs (both due to fouling and

operation).

Monitoring (and control) of MBRs require the monitoring of the two processes

involved: biological reaction and membrane separation. Both processes are tightly

related, and their specific performances affect each other. Membranes’ selectivity

affects the composition of biological media, while the biological performance affects

the membrane, mainly due to fouling formation. In fact, in MBRs, the biological pro-

cess can comprise different microorganisms and/or a broad variety of organic com-

pounds involved in biological reactions, making MBRs particularly vulnerable to

membrane fouling. Such diversity and complexity of reactions and compounds

(including substrates, products, and intermediate metabolites) are tightly related with
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membrane fouling development, meaning that several variables require simulta-

neous monitoring during process operation. This complexity increases greatly the

challenge of process monitoring and control.

Monitoring of MBR systems for wastewater treatment is essential to produce

high-quality effluents andmeet legal requirements. As any biological process, MBRs

require monitoring of both influent and effluent composition as well as the assess-

ment of biological activity. Nevertheless, the use of membranes in wastewater bio-

logical treatment brings additional monitoring requirements related with activated

sludge filterability, cake layer formation, and membrane fouling in order to define

strategies and operating conditions that avoid major process upsets and maximize

its performance.

When monitoring fouling, and despite the analytical methods used, the develop-

ment of mathematical models is essential to correlate the experimental measure-

ments with the fouling potential and fouling evolution/prediction (as described in

the next sections). Such models are also required for the development of effective

control tools.

6.4.1 OFF-LINE MONITORING
A set of analytical tools are used to characterize influents and effluents in wastewater

treatment systems, including sum parameters (5-day biochemical oxygen demand,

chemical oxygen demand, and total organic carbon), biosolids, ionic species, and

other environmentally relevant molecules.

Sum parameters
Biological oxygen demand (BOD5), chemical oxygen demand (COD), and total

organic carbon (TOC) are routinely used to assess the global organic content of influ-

ents as well as the removal efficiency of the process. Biochemical oxygen demand is

a measure of the microbial consumption of molecular oxygen during a five-day incu-

bation period for the biochemical degradation of organic material (carbonaceous

demand) as well as for the oxidation of inorganic material such as sulfides and fer-

rous iron. It may also be a measure of the amount of oxygen used to oxidize reduced

forms of nitrogen (nitrogenous demand) (APHA, 2005). Although BOD5 has been in

use for a long time as a standard indicator of the potential biodegradability of a sam-

ple and thus of the process removal efficiency, its application is very time consum-

ing, given the long incubation period (Scholes et al., 2016), and may result in

underreporting values if samples comprise complex toxic components that cannot

be degraded due to the absence of suitable microbial metabolic ability (Jordan

et al., 2014).

Chemical oxygen demand (COD) is a measure of the concentration of organic

compounds able to be oxidized that can be obtained by Open reflux (SM 5220

B), titrimetric (SM 5220 C), and colorimetric (SM 5220 D) methods (APHA,

2005). Despite the known interferences of colored samples in COD determination,

the simple nature of the analytical procedures leads to the use of COD determination
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as the most commonly used method for oxidation demand assessment (da Silva et al.,

2011). Furthermore, while only biodegradable organic compounds are accounted in

BOD5 determination, COD assesses all organic compounds that can be oxidized.

Monitoring COD:BOD5 ratios in the effluent over time has been useful as an indi-

cator of potential changes in the influent treatability and/or toxicity (Scholes et al.,

2016). As both BOD5 and COD determinations have drawbacks, there is a growing

interest in the measurement of total organic carbon. Although TOC determination is

a simple, rapid, and reliable determination that can be performed with little operator

intervention, it does not provide information on the oxidation state. Moreover, cap-

ital costs are the most critical factor (Scholes et al., 2016). Given the time and oper-

ation complexity constraints associated with BOD5 determination, COD and TOC

are often preferred when frequent characterization of organic matter is required.

Biosolids
Total suspended solids (TSS) and volatile suspended solids (VSS)measurements (SM

2540D, E, respectively;APHA, 2005) have been recognized as themost valuable data

for MBR daily monitoring, providing information about nutrient removal efficiency

and potential fouling (cake layer formation and filterability) (Scholes et al., 2016).

Furthermore, the mass of volatile suspended solids, often referred as mixed liquor

suspended solids (MLSS) is taken as total microbial biomass. It is used to assess

the food-to-microorganism ratio and to ensure a balanced biomass production, pro-

viding important information for MBR operation and control. Despite widely

accepted and used to monitor microbial biomass during the treatment, it is assumed

that all volatile material is microbial biomass, which is not true. Furthermore, it does

not provide any information regarding the viability and metabolic activity of the

microorganisms as well as the composition of the microbial community. To further

address microorganisms’ status, several analyses may be carried out based on

(i) respiration, through oxygen uptake rate determination; (ii) cell membrane integ-

rity, through flow cytometry; (iii) enzyme levels detection, which may include the

activity of several dehydrogenases and/or pyruvate kinases; and (iv) determination

of adenosine-50-triphosphate, whichmay indicate not onlymicrobial viability but also

potential toxicity and process changes. The identification of microbial members has

been successfully carried out by fluorescence in situ hybridization (e.g., (Silva et al.,

2012a)) and high throughput sequencing (e.g., (Silva et al., 2016)). Nevertheless,

these methods have not been widely in use due to their complexity, the high level

of scientific training required, and the difficulty in their application on-site.

Ionic species
The influent and effluent composition and process efficiency also include monitoring

of the removal of several ionic species, in particular nitrogen (as ammonia, total

nitrogen, organic nitrogen, nitrate, and nitrite) and phosphorus (as orthophosphate

and total phosphorus). The determination of these two key regulated parameters

may be achieved by colorimetric analysis, usually using commercial test kits, or

by ion chromatography.
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Ion chromatography analysis requires less operators’ intervention and overcomes

analytical constraints of colorimetric methods related with interferences in colored

or sulfide-containing samples (APHA, 2005). Furthermore, many other ionic com-

ponents that may be important for process monitoring, given the influent composi-

tion and/or the effluent requirements, may be quantified by ion chromatography such

as chloride, chlorate, and bromide.

Other environmentally relevant molecules
In the last decades, due to higher environmental requirements and increased knowl-

edge on the chemistry and microbiology of wastewater treatment, more specific

monitoring analyses are being claimed.Within this scope, given the relevant concen-

trations and/or toxicological properties of some molecules in MBR influents, their

specific monitoring is required to assess the treatment performance regarding their

removal efficiency as well as their impact on the microbial community. Liquid and

gas chromatography have been useful for this purpose, enabling the monitoring of

emerging micropollutants such as pharmaceuticals and polycyclic aromatic

hydrocarbons.

Fouling monitoring
Fouling monitoring and control is crucial to ensure high membrane permeability and,

therefore, process performance with minimum operation costs associated with

energy requirements and membrane lifetime. MBRs for wastewater treatment are

usually operated at constant permeate flux (Drews, 2010) and transmembrane pres-

sure (TMP) is used as a standard fouling indicator parameter. However, TMP

increase does not provide insights on fouling mechanisms, the nature of the foulants,

or the upcoming of extreme fouling (observed as a TMP jump). A set of methods was,

thus, developed for this purpose, in order to optimize operating parameters and

develop flux maintenance strategies that minimize/alleviate fouling and/or reduce

the production of biological foulants. Such methods can be based on TMP, mem-

brane permeability, and/or on the monitoring of fouling agents or physical properties

of reactor samples.

To assess the physical properties of fouling and potential foulants, some authors

developed filtration tests to determine the filtration resistances of fouling (Chu and

Li, 2005) and of suspended solids, solutes, and colloids in the mixed liquor

(Bouhabila et al., 2001). Additionally, filtration devices have also been used to char-

acterize the fouling potential of mixed liquor as reversible or irreversible (Huyskens

et al., 2008). Capillary suction time (CST), initially developed to predict sludge

dewaterability (Gale and Baskerville, 1967), is a simple and inexpensive

chromatography-based method that has been in use for a long time to obtain a good

correlation of mixed liquor suspended solids with specific resistance to filtration,

thus, fouling potential (e.g., Jorgensen et al., 2017). CST and sludge volume index

(SVI), developed to assess the settling characteristics of biological suspensions, were

used to assess sludge characteristics that would be directly linked to its fouling
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potential. The physical properties of fouling and mechanisms have been addressed

through the determination of fouling filtration resistance (Chen et al., 2016; Hong

et al., 2014; Poorasgari et al., 2015) and the characterization of fouling (ir)reversibil-

ity (Jorgensen et al., 2014; Xiao et al., 2014). Although several empirical mathemat-

ical expressions describing membrane flux or fouling rate comprising mixed liquor

suspended solids have been developed, findings on the effect of these parameters

on membrane filtration are contradictory (Le-Clech et al., 2006; Meng et al., 2009).

The chemical characterization of foulants has received much attention, with a par-

ticular emphasis on the nature of microbial organic solutes, known as extracellular

polymeric substances (EPS) or soluble microbial products (SMP), which have been

recognized as primarily responsible for fouling in MBRs (Judd, 2008). Monitoring

EPS is, therefore, of the outmost importance to elucidate which MBR conditions

correlate with EPS production. EPS are extremely heterogeneous and comprise

carbohydrates, proteins, nucleic acids, (phospho)lipids, and other polymeric com-

pounds found at or outside the cell surface and in the intercellular space of micro-

bial aggregates (Judd, 2008). Among these components, proteins and

polysaccharides are often considered the major contributors for fouling, thus,

EPS concentration relies often on their analysis. Proteins determination has been

achieved by a method described by Frolund et al. (1995), a modification of the clas-

sic method developed by Lowry et al. (1951), while polysaccharides have been tra-

ditionally determined by the method developed by Dubois et al. (1956). Given the

time-consuming nature of these procedures that comprise extraction and analytical

characterization, organic carbon and COD quantifications of EPS may be alterna-

tively conducted despite the fact that EPS constituents cannot be distinguished

(Lyko et al., 2008). Other techniques have been used to address EPS: size exclusion

chromatography enables separation and characterization of EPS components based

on their molecular size (Dominguez et al., 2010; Menniti et al., 2009) while the

identification of the functional groups of the molecules described as foulants

may be accomplished by excitation-emission matrix fluorescence spectroscopy

(Kimura et al., 2009; Meng et al., 2011), Fourier transform infrared spectroscopy

(Coburn et al., 2016), and 13C-nuclear magnetic resonance spectroscopy (Meng

et al., 2011). Proteins from soluble and bound EPS extracted from activated sludge

may be identified by mass spectrometry analysis following gel electrophoresis

(Silva et al., 2012b). Although confocal laser scanning microscopy and scanning

electron microscopy (Fortunato et al., 2016; Jorgensen et al., 2017) are of much

interest to attain microscopic structural properties of membrane fouling, their

use is time consuming and requires specialized training.

Even though many studies have been conducted on the impact of specific EPS

components on fouling since the mid-1990s, often contradictory trends have been

reported, which is likely to be related with differences in the analytical methods

for which there is no agreement, differences in system configurations, and the fact

that these studies are usually limited to a narrow range of operating conditions

(e.g., operating flux, hydraulic retention time, and sludge retention time) and influent

quality (Drews, 2010; Judd, 2008).
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Other parameters
Depending on the MBR process in study, several other parameters can be assed to

monitor and characterize the system. When using mixed microbial cultures, the

assessment of the microbial community composition, based on DNA, is being

increasingly employed to analyze shifts on the microbial community due to opera-

tional changes.

For other MBR processes not involving wastewaters neither mixed microbial cul-

tures, several of the analysis mentioned before are not relevant. However, the mon-

itoring of the specific compounds taking part on the biological process (substrates,

products, by-products, or enzymes) usually requires specific analytical techniques

according with the parameter to be assessed. In simple systems, monitoring of filtra-

tion performance and fouling formation may be required, which may be accom-

plished through mass balances as well as through the assessment of permeability

and compounds rejections.

6.4.2 ONLINE, REAL-TIME MONITORING OF MEMBRANE
BIOREACTORS
Although the off-line characterization techniques are reliable and provide detailed

information concerning the specific compounds in an MBR, the implementation

of real-time monitoring techniques able to assess simultaneously different parame-

ters of biological and membrane performance greatly simplifies the operation of

MBRs. They can reduce the effort spent on time-consuming analysis, might be used

to anticipate the upcoming of process anomalies, and may be useful decision instru-

ments in process control.

Among the parameters commonly monitored in MBR systems, some are mea-

sured online (such as TMP and dissolved oxygen) or can, nowadays, be measured

online or at-line due to the development of new commercial sensors (e.g., MLSS,

COD, TOC, NOx). However, as the number of parameters to monitor increases,

the use of specific sensors also increases the monitoring costs.

Due to their nondestructive characteristics, spectroscopic methods are being

increasingly employed for the online monitoring of complex samples aiming to

detect simultaneously several components. In fact, ultraviolet-visible, infrared, fluo-

rescence, and Raman spectroscopy are gaining relevance within the biotechnology

field, as online monitoring tools. Each spectral technique assesses different molecule

types based on molecule properties. UV/Vis, NIR, and MIR spectroscopy primarily

provide measurement of the light absorption of molecules, as well as their light scat-

tering. Fluorescence spectroscopy uses the light emitted from excited fluorophores

while Raman spectroscopy uses rare inelastic scattering effects. Thus by using the

different spectral analysis nearly all important physical, biological, and chemical

variables of a bioprocess are accessible by spectroscopy (Claßen et al., 2017). Actu-

ally, UV-Vis absorbance and fluorescence spectroscopy are extremely useful to

monitor biological systems mainly composed (or affected) by proteins. This is the

case of enzymatic bioreactors, as discussed earlier in this chapter. Additionally,
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the use of excitation-emission fluorescence spectroscopy (also called two-

dimensional fluorescence spectroscopy) is also useful in wastewater treatment

MBR systems, since two of the major fouling agents recognized are proteins and

humic compounds, which are easily identified by this scanning fluorescence tech-

nique. In Fig. 6.5, two fluorescence spectra acquired from an MBR for wastewater

treatment show the twomain fluorescence peaks, related with amino acids (at 280nm

of excitation) and with humic-like compounds (near 350nm of excitation).

Spectroscopic methods can be used directly without using reagents, are nonde-

structive, fast, and with possible application in situ (through optical probes). They

provide series of spectra, (corresponding to large sets of data) through the assessment

of absorption, reflectance, transmission, or vibrational properties of chemical

species. However, such sets of data, when acquired from complex biological sys-

tems, require the use of multivariate statistical analysis tools to extract meaningful

quantitative information.

So far, spectroscopic techniques, applied to the detection of parameters in biolog-

ical processes for wastewater treatment, were successfully correlated with parame-

ters such as BOD, COD, TOC, EPS, MLSS, nitrate, ammonia, and nitrogen, among

others (Mesquita et al., 2017). Additionally, the range of applicability of such tech-

niques is increasing, either for the assessment of specific compounds or as a finger-

print of the biological status, when the complexity of the media makes the

identification of compounds difficult (spectroscopic scanning techniques, covering

broad ranges of wavelengths, do not focus on a single component).

FIG. 6.5

Fluorescence spectra of an influent domestic wastewater and of activated sludge inside a pilot

MBR for wastewater treatment.
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Online monitoring of fouling is usually based on the monitoring of TMP or per-

meability. Although somemethodologies are used off-line to assess fouling ability of

specific MBR systems (such as flux-step methodology and filterability tests), some

authors suggest the use of fouling rate (defined as FR ¼ dTMP/dt) as an online mon-

itoring method for early detection of significant fouling development, instead of

using TMP or permeability alone (Monclús et al., 2011).

6.5 MODELING OF MEMBRANE BIOREACTORS
In view of the complexity of MBR systems and the wide range of monitoring tech-

niques available, the development of mathematical methods to integrate and corre-

late different (and disperse) types of information can support the comprehension and

monitoring of these systems. Therefore several modeling strategies have been devel-

oped and used with different objectives: to monitor, to simulate, to optimize, to con-

trol, to study and design.

Mathematical modeling of the MBR process usually includes the modeling of the

biological reactions and of membrane performance, as well as their integration,

resulting in complex modeling systems.

Modeling of biological reactions includes biological growth, consumption of

substrates, and formation of products and by-products. Modeling of membrane fil-

terability performance includes not only the modeling of membrane permeability,

rejections, and diffusivities, but also fouling formation. Although biological and

membrane performances can be modeled by independent models, they are tightly

bound due to the role played by feed compounds, products, by-products, and biomass

in membrane and due to the impact of the selective behavior of the membrane in the

biological activity (Fig. 6.6).

6.5.1 MECHANISTIC MODELING APPROACHES
Biological models
Microbial mixed cultures
When modeling biological reactions in MBRs, activated sludge processes for waste-

water treatment are the most studied systems. To model the biological wastewater

treatment process, a high number of state variables and process descriptions, mostly

based on Monod type kinetics, have been used and combined in modeling structures.

The Monod equation is an empirical mathematical model for the growth of

microorganisms:

μ¼ μmaxS

KS + S

where μ is the specific growth rate of the microorganisms (defined as μ¼ dX
dt

1
X), μmax

is the maximum specific growth rate of the microorganisms, S is the substrate

concentration, X is the biomass concentration and KS is the half-saturation or
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half-velocity constant (also known as substrate affinity constant). Monod kinetics

may be applied to monitor one type of microorganism (pure cultures) or to a consor-

tium of microorganisms (mixed microbial cultures), as well as to monitor the growth

of one microbial culture microorganisms based on different substrates.

Activated sludge systems (which are microbial mixed cultures) have been widely

studied, resulting in the deep understanding of the kinetics of the main heterotrophic

and autotrophic biological processes, which sets the basis for the development of

mechanistic models. These kinetic models have been summarized in four activated

sludge models (ASM) by the International Water Association (IWA) Task Group on

Mathematical Modeling for Design and Operation of Biological Wastewater Treat-

ment (Henze et al., 2000). The first activated sludge model published, ASM1, was

developed to model the biological treatment for organic carbon removal, nitrifica-

tion, and denitrification. This model can predict oxygen demand and biomass pro-

duction in activated sludge systems. ASM2 was developed later to incorporate

phosphorus removal from wastewater, and ASM2d to account for the ability of

phosphorus-accumulating organisms to use cell internal substrates for denitrifica-

tion. ASM3 does not include phosphorus removal, but it was established to address

problems found in the first model ASM1, such as the inclusion of internal cell storage

compounds in heterotrophs (shifting the focus from hydrolysis to the storage of

organic substrates) and the replacement of the death-regeneration concept by the

growth-endogenous respiration model.

FIG. 6.6

Conceptual schematic of an integrated MBR model.
Adapted from Mannina, G., Di Bella, G., Viviani, G., 2011. An integrated model for biological and physical

process simulation in membrane bioreactors (MBRs). J. Membr. Sci. 376, 56–69.
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ASMwere developed to describe conventional activated sludge (CAS) processes

under correspondingly typical operating conditions. However, due to the similarity

between the biological processes occurring in conventional activated sludge systems

and in MBRs for wastewater treatment, ASM have been widely used to model the

biological removal of nutrients in MBRs. Nevertheless, the specificities of theMBRs

must be taken into account when applying an ASM to model their biological perfor-

mance, for instance, the higher solids retention time, higher solids concentration and

higher viscosity, selective accumulation of microbial products retained by the mem-

brane, high aeration rates and large air bubbles for scouring (particularly in sub-

merged MBRs), as well as good nitrification performance (due to the retention of

slow-growing microorganisms).

According to Fenu et al. (2010), the application of the ASM to theMBR processes

can be divided into unmodified and modified ASM in view of the adaptations made

to the ASM to fit an MBR. The expression unmodified (or plain) encloses ASM

applications similar to those originally specified for the CAS systems (process

design, effluent characterization, oxygen demand, and biomass production) and

without modification of the ASM model structure. However, it includes slight mod-

ifications to the biokinetic processes/parameters, to account for changes associated

with the inclusion of membranes in activated sludge systems. Indeed, in systems with

low organic loads (such as MBRs), the retained molecules may have a significant

impact on the metabolic path, allowing further use of carbon-based metabolites.

Additionally, the assessment of the active heterotrophic biomass in the influent

wastewater (usually neglected in CAS modeling) also needs to be better addressed

when modeling membrane bioreactors.

Despite the applicability of plain ASM to model the MBR biological perfor-

mance, such models do not link the biological process of an MBR with membrane

fouling. Therefore modifications to the ASM were developed to include models for

the description of extracellular polymeric substances (EPS) and soluble microbial

products (SMP) (Jiang et al., 2008; Laspidou and Rittmann, 2002). In order to dis-

tinguish among different fractions of soluble microbial products that play different

roles and have different fates in MBRs, SMP were subdivided by Namkung and

Rittmann (1986) into utilization-associated products (UAP) and biomass-associated

products (BAP). UAP are produced from the substrate degradation, whereas BAP are

assumed to be produced by the decay of the active biomass, by the hydrolysis of

bound extracellular polymeric substances or by the combination of both. These sub-

divisions of SMP are widely accepted and used in ASM modifications for MBRs

modeling. Additionally, by expanding the models with EPS/SMP, it is also possible

to account for specific types of molecules, as proteins and polysaccharides, or, for

shifts in the molecular weight distribution. EPS and SMP submodels were developed

either as integrating concepts in ASM type of models or developed as stand-alone

descriptions of the concepts of production and degradation of EPS and SMP.

However, in ASM modified models including SMP/EPS description, the kinetic

parameters are not easily determinable experimentally (e.g., associated with UAP

and BAP) and the models are usually over parameterized. Therefore such models
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are usually applicable only when the modeling objectives are linking biology with

fouling, to predict soluble COD, and/or model high SRT processes (Fenu

et al., 2010).

In general, ASM type of models are well accepted and extensively used when

modeling the biological process in MBRs for wastewater treatment. However,

despite the good predictions that may be achieved using ASM, these models are com-

plex, involve the calibration of several model parameters, and require frequent input

data related to the feed characteristics, which can fluctuate significantly throughout

time. Therefore their use is dependent on the objective of the modeling system, since

they may not be practical for monitoring and control.

Production with pure cultures
When modeling the MBR process for bio-production (usually with well-

characterized microorganisms, substrates, and products), the equations and param-

eters used for cellular growth, production, and consumption can be simplified for

one microorganism growth and be specific for the production kinetics. It may also

include metabolic fluxes (when the metabolic pathways are known) and mass bal-

ances to estimate accurately the concentration of specific compounds. Stoichiomet-

ric, kinetic, and performance parameters of the biological process can, then, be

estimated/calculated more accurately. Nevertheless, the selective behavior of the

membrane, as well as the interaction between biological compounds and the mem-

brane, may also have an impact on the system and may increase modeling

complexity.

Physical models
Modeling the physical reactions at membrane level consists of four steps, tightly cor-

related with each other (Fig. 6.6): (1) cake layer formation during the membrane fil-

tration, (2) retention of biological compounds by the biofouling layer, (3) retention of

biological compounds by the physical membrane, and (4) modeling of the membrane

resistances (to correlate them with TMP and permeability parameters).

For MBRs modeling purposes, the equations used for the description of the mem-

brane separation step and fouling development are the same used for other membrane

filtration systems, accordingly with the respective type of membrane used: usually

microfiltration or ultrafiltration for cell MBRs and ultrafiltration or nanofiltration for

enzymatic MBRs. However, the production and/or consumption of species due to the

biological reaction as well as the specificities of the biofouling formed at membrane

surface (which alters significantly the environment at membrane surface) affect and

increase the complexity of the models’ parameters/variables.

Consequently, the deposition of active cells at membrane surface may change

locally the composition of the liquid media to be filtered. The compounds rejected

by the membrane, and accumulated at membrane surface, may lead to the accumu-

lation of active microorganisms that feed in such compounds and form products (and

by-products) at membrane surface. Such events affect the concentration of soluble

products at membrane surface and increase the complexity of diffusion models in

2356.5 Modeling of membrane bioreactors



membrane and fouling layers. The complexity and mutability characteristics of bio-

fouling in MBRs are the main reason for the difficulty to monitor, predict, and con-

trol the development of fouling and the upcoming of extreme fouling (observed as a

TMP jump).

Resistances in series
Despite the complexity, modeling the filtration process is being mostly performed by

a mechanistic approach, using Darcy’s law as the theoretical starting point for the

model equations and the resistances in series concept (Naessens et al., 2012).

Darcy’s law directly relates membrane flux (usually constant in MBRs) to the

measured transmembrane pressure, using a constant for the sludge viscosity, temper-

ature, or total solids dependent parameter.

Jp ¼ TMP

μ �RT

where Jp is the permeate flux, TMP is the transmembrane pressure, μ is the viscosity
of the permeate, and RT is the total membrane resistances.

Using Darcy’s law, it is possible to calculate the membrane resistance RT, which

is generally assumed to be the combined effect of the clean membrane resistance Rm

and fouling mechanisms affecting the filtration process.

RT ¼Rm +Rc +Rirr

In this example, the total resistance is calculated as the sum of the clean membrane

resistance Rm, cake layer resistance Rc, and resistance by irreversible fouling Rirr.

However, other fouling mechanisms are usually added, such as standard pore block-

ing resistance, complete pore blocking resistance, intermediate blocking resistance,

pore blocking resistance, dynamic sludge film resistance, stable sludge cake resis-

tance, fouling resistance, biofilm resistance (Naessens et al., 2012). Although the

decomposition of total resistance can be done in numerous ways, a distinction

between cake layer and pore blocking resistance is generally carried out.

The clean membrane resistance is an intrinsic characteristic of the membrane and

can be determined using Darcy’s law in ultrapure water filtration or it may be pro-

vided by the membrane manufacturer. The resistance components associated with

fouling require the use of separate models for each one and are time dependent

(due to biofouling accumulation or composition variation during operation time).

These models are usually based on the exact mechanism taking place near the mem-

brane surface or on a semiempirical calibration basis. Additionally, the resistances

due to scaling and concentration polarization are commonly considered negligible in

MBRs due to the strong effect of biofouling.

To model the resistance of a fouling component, the resistance can be decom-

posed as the product of the specific resistance with the mass of the respective layer.

Rc ¼ rc �Mc

where rc is the specific filtration resistance of the cake layer and Mc is the accumu-

lated mass of the sludge attached in the cake. Using this approach, the accumulated
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mass parameter is dependent on biological formation and degradation and the spe-

cific resistance may be assumed constant (calibrated at specific operating conditions)

or assessed as a function of TMP, sludge concentration, floc sizes, sludge viscosity,

and bound EPS concentration (Mannina et al., 2011; Li and Wang, 2006; Cho et al.,

2005; Busch et al., 2007).

The information regarding mass profiles of biofouling agents (feed compounds,

products, and by-products of biological activity, as well as the biomass itself ) can be

obtained from the biological models (such as ASM and their extensions) and, thus,

integrating the modeling of membrane fouling with the biological modeling. Despite

the descriptive ability of such integrated models, some of the biological parameters

required are not measurable experimentally (e.g., UAP and BAP), which increases

the modeling complexity, requiring calibration using experimental data to fit the

measurable parameters (usually by iteratively changing the parameters that cannot

be measured experimentally).

Other approaches used for fouling development include the use of models based

on the probability of a particle to adhere to the membrane pore wall while passing

through it, together with the probability of the particle landing in a specific pore

(Griffiths et al., 2014). Although this model described the phenomenon associated

to different fouling steps, it could not predict values of TMP or permeate flux at a

given time, and did not consider either the biological media characteristics or the

operating conditions.

For prediction of membrane fouling, computational fluid dynamics (CFD) tools

can also be used (e.g., Yang et al., 2017). In such modeling systems, several equa-

tions are used to describe membrane fouling in a given MBR configuration.

Although CFD tools application can be valuable in the dynamic prediction of cake

layer formation, they require the use of simple system geometries and basic assump-

tions to simplify the numerical resolution.

Contrasting with the modeling of the biological process in MBRs, where ASM

are well accepted, several modeling strategies have been proposed so far to model

membrane fouling in complex biological systems. However, there is no consensus

about the best modeling approach to be used to model fouling evolution in MBRs.

6.5.2 MULTIVARIATE STATISTICAL ANALYSIS METHODS
Although mechanistic modeling of biological processes has been largely studied and

described, the integration of biological submodels with fouling (or filtration) models

in complexMBR systems (such as for wastewater treatment) is still under discussion.

The complexity of fouling mechanisms and the factors affecting its development, as

well as the reciprocal dependence with the biological activity, increase greatly the

number of parameters and equations required to model an MBR. Many of the param-

eters required for those models are difficult or impossible to assess experimentally,

and the resulting models are too complex for monitoring and control purposes. In

fact, for control purposes the models used should have less parameters, which must

be based on online measurements and known operating conditions.
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Therefore an alternative modeling approach to monitor and control complex

MBR systems is multivariate statistical modeling, which is a powerful tool to study

systems with several parameters and high complexity. Multivariate mathematical

modeling, based on statistical analysis, relies on experimental and operating data,

can deal with large data sets and allows the use of unconventional data, such as fin-

gerprinting monitoring techniques. Due to the complexity of fouling formation in

MBRs using mixed cultures and complex feeds, such nonmechanistic statistical

modeling is usually applied to model the fouling and filtration performance, or to

model the overall performance of an MBR.

Facing the difficulty to develop accurate mechanistic models that are not too

complex or over parameterized, multivariate statistical modeling represents a good

compromise to evaluate membrane fouling in MBRs, reducing the complex mem-

brane fouling phenomenon to a black box, and considering only input parameters

linked to the MBR and the wastewater characteristics. Multivariate statistical model-

ing is based on the principle that process phenomena and dynamics are inherently

contained in the experimental data, thus, it does not require a priori knowledge on

system mechanics. For this reason, these modeling methodologies (also called

data-driven modeling) are usually seen as black boxes, or gray boxes, depending

on the degree of mechanistic information that can be retrieved from the modeling

system.

Artificial neural networks (ANN) are a type of black box model that is commonly

used to simulate numerous physical systems. ANN can be seen as a mathematical

representation of the brain, where neurons are represented by nodes, each containing

a mathematical function, and organized in an input, output, and multiple hidden

layers. The nodes in input layer, hidden layer(s), and output layer are interconnected,

as in synapses in brain. ANNmodeling is based on patterns, instead of equations, and

can infer complex nonlinear relationships between target variables to be predicted

(the outputs) and the input variables. Based on a sufficiently large experimental data

set (containing both input and output measurements), a model can be created (cal-

ibrated or trained) for a specific process in the experimental range assessed. The

quality of the model calibration (or neural network training) depends on the network

architecture, such as the number of nodes per layer and the number of hidden layers,

and on the data set used for calibration. A small data set will typically result in a low

reliability of the network, whereas a too complex architecture and large training data

set will result in model overfitting.

Due to its data-driven and black box characteristics, ANN models have limited

extrapolation capacity and result in lower level of physical understanding of the sys-

tem, when compared with mechanistic models. Nevertheless, some mechanistic

insights can be obtained from the weights of the trained neural network. However,

ANNmodels are most useful for system monitoring and control of complex systems,

due to the low number of parameters required, in contrast with mechanistic models.

Despite their proved potential, the application of ANN to the filtration process

within membrane bioreactors is scarce (Naessens et al., 2012). In fact, some studies

focused on the prediction of overall MBR performance, as Pendashteh et al. (2011)
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that modeled effluent COD, TOC, and oil & grease in the treatment of hypersaline oil

wastewater, or Çinar et al. (2006) that modeled effluent COD, ammonia, nitrate, and

total phosphate in anMBR fed with cheese whey.While other studies, focused on the

prediction of the filtration performance alone through the use of ANN to model per-

meate flux evolution (Geissler et al., 2005), TMP, and the membrane permeability

over time (Mirbagheri et al., 2015).

Principal component analysis (PCA) consists of a data transformation in which

all variables are recombined into linearly independent combinations, called principal

components (PC). PCA results in a new coordinate system with reduced noise and

lower dimensionality through decomposition of a data matrix, X, into a “structure”

part plus a “noise” part.

X¼C �PT + ε
C are the scores matrix and have as many rows as the original data matrix and PT are

the loadings matrix and have as many columns as the original data matrix. The scores

matrix can be seen as the representation of the initial data in the new and reduced

coordinate system, composed by the new components, PC, while the loadings

describe the “distance” between the initial coordinate system and the PC system.

The ε matrix contains unexplained data variance, such as colinearity and noise.

Principal component analysis can be used either as a qualitative data analysis

tool, through the analysis of loadings and scores plots, or for reduction of the number

of parameters needed to describe spectroscopic data. PARAFAC (parallel factor

analysis) is a decomposition method of multiway data that can be considered a gen-

eralization of the PCA to higher order arrays (Bro, 1997). It is particularly useful to

find the scores matrices for fluorescence excitation-emission matrixes (EEM) result-

ing from two-dimensional (2D) fluorescence spectroscopy but with reduced

dimension.

The so-called gray box models are usually based on multivariate regressions,

from which result numerical equations, where the relationships between inputs

and the output can be interpreted in a mechanistic way based on the regression coef-

ficients. Projection to latent structures (PLS) is a multilinear regression technique

related with PCA, in which the variable space is also subject to a data reduction,

but the main goal is to use the reduced space to predict output variables. PLS is a

nonparametric model that reveals linear relations between the data, by maximizing

the covariance between the input matrix X, and the output Y. This technique com-

bines features from the principal component analysis and multiple linear regression,

and aims at the prediction of dependent variables (outputs) by decomposing itera-

tively both the X and Y matrices into reduced orthogonal factors, termed latent vari-

ables. Therefore PLS regression differs from traditional multivariate linear

regression (MLR) due to elimination of redundancy in the input and output data.

PLS is considered a simple but powerful predictive modeling technique due to its

ability to handle colinearity between variables, data noise, and missing data. Further-

more, since the linear PLSmodel finds a new data arrangement, it is possible to deter-

mine and interpret the contribution of the input parameters to the model. A large
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numerical value of the regression coefficients is highly correlated with the output,

and similar profiles of regression coefficients provide the same contribution to the

prediction.

When multilinear regression tools are not sufficient to predict an output, interac-

tion and quadratic terms of the input parameters may be introduced as inputs in the

models. Thus the resulting equations are able to describe nonlinear interactions:

y¼ a � x1 + b � x2 + c � x3 +…+ d � x21 + e � x1 � x2 + f � x1 � x3 +…
where y is an output; xn are the inputs; and a, b, c,… are the regression coefficients.

As for ANN, only a few studies focused on the use of multivariate regression

tools, such as PLS, for MBR modeling, and most work is performed within gen-

eral filtration applications (Naessens et al., 2012). Nevertheless, PLS modeling

was successfully used to infer a correlation between sludge filterability and

sludge characteristics (biomass concentration, relative hydrophobicity, sludge

morphology, EPS, sludge dissociation constant, TOC, and surface charge) in

municipal and industrial MBRs (Van den Broeck et al., 2011). A correlation

was also found between TMP and suspended solids in influent wastewater, per-

meate flux, temperature, COD in the permeate and MLSS, using PLS modeling

applied to a pilot MBR for domestic wastewater treatment (Galinha et al., 2012).

Furthermore, this PLS model revealed to be sensitive to extreme fouling buildup

(through comparison between predicted and measured TMP values). PLS model-

ing was also used in combination with ANN to select useful variables (among

21 variables related with influent and effluent characteristics, and operating con-

ditions) and predict membrane permeability in an MBR for wastewater treatment

(Han et al., 2018).

Besides the establishment of models to correlate operating conditions with per-

formance parameters, in MBR modeling, multivariate statistical modeling can be

also useful to analyze the large analytical amount of data that can be generated from

such systems, including simultaneous acquisition of different measurements in

influent, effluent and bulk streams, microbiologic and genetic data, and 3D spectra.

Indeed, information from fingerprinting monitoring techniques, such as 2D fluo-

rescence spectroscopy, FTIR/NIR or mass spectroscopy, can be extracted using

first PCA or PARAFAC functions, to reduce spectra dimension, and then correlate

themwith performance parameters throughmultilinear regression techniques (such

as PLS modeling) or ANN to obtain quantitative information (Galinha et al., 2013;

Pons et al., 2004). Alternatively, spectra can be used directly (without dimension

reduction) in the multivariate model, to predict the outputs (Galinha et al., 2011b;

Pons et al., 2004; Wolf et al., 2001). However, without previous reduction, the

spectral data set contain several colinear inputs (as well as noise), which increases

the computational effort and may prevent model calibration (e.g., by overfitting

due to high number of inputs). As for ANN, multilinear regression tools also

require calibration, based on a statistically representative set of data, obtained with

an intensive process characterization performed simultaneously to spectra

acquisition.
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When the objective of MBRmodeling is process monitoring (as mentioned in the

online monitoring section of this chapter) the use of spectroscopic data combined

with multivariate data analysis can be applied either to predict quantitative biological

parameters in the stream analyzed (such as BOD and COD in influent or influent

streams, or MLSS in biological media), or as an additional information about biolog-

ical status (usually in combination with other parameters) to predict filtration perfor-

mance (such as TMP) or overall MBR performance. These two approaches were

previously studied to monitor a pilot MBR for wastewater treatment, using 2D fluo-

rescence spectroscopy combined with PLS modeling, both as a monitoring tool for

system characterization (COD, nitrogen, phosphorus, and MLSS), and as system fin-

gerprint for TMP prediction (Galinha et al., 2011a,b, 2012).

6.5.3 HYBRID MODELING
Hybrid modeling is defined as the integration of both mechanistic and nonmechanis-

tic models in order to describe or predict the output variables. In MBRs, this com-

bined approach is particularly important since several submodels are required to

model their performance. Therefore, to avoid over parameterization, maintain accu-

rate prediction, and integrate data assessed online, the use of submodels based on

multivariate statistical analysis (mainly related with fouling prediction), integrated

in a mechanistic model, can be highly useful.

Even when the modeling of both biological and filtration processes is performed

mainly by a mechanistic approach, some parameters are particularly difficult to

assess, such as influent characteristics in wastewater treatment processes (due to

their high variability) or some components of filtration resistance associated with

fouling (due to the complexity and mutability of fouling mechanisms). So, both

mechanistic and data-driven approaches can provide process knowledge and support

each other, in hybrid models, in which the disadvantages of the two approaches are

eliminated as much as possible.

Therefore using hybrid modeling, it is possible to add extra information to mech-

anistic models when in conditions they are not able to accurately estimate the output

variables, as shown in Fig. 6.7. Such additional information can be obtained through

operating data, analytical data, or assessed online (e.g., as spectral data) and used to

improve the prediction ability of the model (e.g., by modeling the residuals from the

mechanistic model) (Galinha et al., 2013).

Additionally, even when the submodels of an MBR modeling system are well

defined, changes in the range of operating conditions may affect the models’ perfor-

mance. If the shift in operating conditions affects the fouling mechanisms, the use of

a specific mechanistic model for fouling resistance may not be possible in such con-

ditions. Therefore if a data-driven model can be calibrated in that range, the combi-

nation of both models in a hybrid model, shifting between submodels based on the

operating conditions, allows prediction of performance in all operating range

(Dalmau et al., 2015).
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6.6 CONCLUSIONS AND OUTLOOK
From the information and discussion provided in this chapter it can be concluded that

modeling of membrane bioreactors can be accomplished in many situations by using

relatively simple mechanistic models. This is the case of enzymatic membrane bio-

reactors, where the enzymatic kinetics can be previously established and relatively

simple models may be obtained by integrating the reaction contribution in the sys-

tem’s mass balances. The most complex situation may arise from cases where mass

transfer limitations are prone to occur. Even though, the degree of complexity can be

handled correctly without the need of using other type of mathematical approaches.

However, when dealing with situations where the composition of the media is

complex and may originate metabolic pathways and fouling phenomena that depend

from a large diversity of conditions that are interrelated, thenmechanistic approaches

may become too complex by requiring several submodels to model overall MBR per-

formance. This is very much the situation of membrane bioreactors involving mixed

microbial cultures. In this case, the complexity of the media composition, the micro-

bial diversity, and the variety of interactions that may be established between the

feed components and the membrane material make extremely difficult to be fully

captured and described by mechanistic models without overparameterization. It is

true that a number of reasonable assumptions and simplifications may be considered,

but the final result is exactly that—a simplification—of the complex reality.

As discussed in this chapter, under those circumstances, multivariate statistical

modeling may represent a valid and powerful alternative and no intellectual bias

FIG. 6.7

Hybrid modeling approach for an MBR for wastewater treatment, aiming at integrating online

data with a mechanistic model, to improve its prediction.
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should keep us away from this approach. Multivariate statistical analysis using tools

such as Artificial Neural Networks (ANN) or Projection to Latent Structures (PLS)

may be used when dealing with such complex situations. A number of examples were

presented and discussed in the chapter and they prove how this approach may be

valid and, more important, useful for process monitoring, modeling, and control.

A final word for the use of Hybrid Modeling, which can combine in a very pow-

erful way a large diversity of information from different sources. Starting with

what is known and partially described by mechanistic modeling and refining it with

incorporation of other sources of information that may help us to polish the final

model.

Considering the bright future of membrane bioreactors, that more and more will

open to different type of biocatalysts and will use more sophisticated and target-

specific membranes, modeling requirements will be challenging and will require

open-minded approaches.
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7.1 INTRODUCTION
Electrodialysis is a separation process using ion-exchange membranes and an electri-

cal potential as adriving force (Strathmann, 2004a). Ion-exchangemembranes contain

charged functional groups and may be synthesized as homogenous or heterogeneous
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membranes. In these structures, the charged groups are either chemically bonded to or

physically mixed with a polymer matrix (Xu, 2005). The backbone provides the nec-

essary strength and dimensional stability of the membrane (Kariduraganavar et al.,

2006). Furthermore, monopolar ion-exchange membranes can be classified in two

types, that is, anion-exchange membranes and cation-exchange membranes. Anion-

exchange membranes contain positively charged groups. Ion-exchange membranes

are able to retain ions with an equal charge while being permeable for ions with an

opposite charge. Therefore anions can permeate through anion-exchange membranes

while cations are retained. Similarly, cation-exchange membranes with negatively

charged groups retain anions and are permeable for cations (Xu, 2005). In practice,

sulfonic and carboxyl groups are predominantly used in cation-exchangemembranes.

Meanwhile, quaternary ammonium groups are preferred in anion-exchange mem-

branes (Sata, 2004). A recent overview of new developments in the synthesis of

ion-exchange membranes is given by Ran et al. (2017).

Today, electrodialysis is awell understood process. However, it is remarkable that

it is one of the first membrane processes to be applied on large scale, already in the

1950s. The first description of electrodriven transport through a membrane was by

Maigrot and Sabates (to demineralize sugar syrup) in 1890; patents were taken in

Germany by Schollmeyer in 1900, and by Kollrepp and Wolf in 1902 (Van der

Bruggen, 2017). The first publication appeared in 1903, while the first system for

electrodialysis, consisting of permselective anion- and cation-exchange membranes

in a three-compartment electrodialysis apparatus, was developed in 1939 by Mane-

gold and Kalauch. A large-scale application for brackish water desalination was

operated in the United States since 1955 (Van der Bruggen, 2017). Thus electrodial-

ysis is one the most established membrane processes, which may come as a surprise.

In the second half of the 20th century, the process did not evolve much; the stan-

dard application for brackish water desalination had a stable, but small market. In the

first decade of the 21st century this changed rapidly, due to a number of factors: the

emergence of bipolar membranes, which allow for new and different applications

where pH differences play a role (production and separation of acids and bases);

the growing importance of resource recovery and related selective recovery of anions

and metals; and the design of alternative electrodialysis stack configurations, which

are intended for selective separation in a series of applications. As a consequence,

electrodriven membrane processes are now among the most dynamic and innovative

processes. They are often denoted as “green processes,” which is related to the

method of producing the electrical power required in the process. Many examples

of solar-driven electromembrane separation are known, which is a logical combina-

tion and indeed suggests a sustainable application. However, this may not be the case

for all applications of electrodialysis or related processes.

7.2 PROCESS DESCRIPTION
The classical application of electrodialysis is based on a stack of alternating anion-

exchange membranes and cation-exchange membranes. This is shown in Fig. 7.1

(Khan et al., 2016). An electrical potential is applied between a cathode and an
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anode; the membrane stack is positioned between cathode and anode as shown in

Fig. 7.1. A feed flow containing ions is applied in between the cation-exchange mem-

branes and the anion-exchange membranes. Cations migrate toward the cathode,

through a cation-exchange membrane (CEM), but they are blocked in this compart-

ment by the subsequent anion-exchange membrane. The cations are combined with

anions coming from the opposite direction: these are migrating to the anode, through

one anion-exchange membrane, but they are blocked by the subsequent cation-

exchange membrane. In this way they remain in the same compartment as the cat-

ions, which is denoted as the ‘concentrate’ compartment. The compartments to the

left and to the right are becoming depleted of cations as well as anions; this is denoted

as the ‘diluate’ compartment. Transport of ions to the concentrate is remarkable, as it

occurs against the concentration gradient. It has two limiting factors:

– Back diffusion due to the concentration gradient that is built up. This follows

Fick’s law:

Ni ¼Di
dci
dx

(7.1)

in which ci is the concentration of ion i, Di is the diffusion coefficient of this ion

through the membrane, and Ni is the flux of i through the membrane.

As the concentration in the concentrate increases during electrodialysis opera

tion, the back diffusion flux increases as well. This continues until the electrical

flux against the concentration gradient equals the back diffusion flux; this is the

maximum effect that can be obtained.

– Ion depletion in the diluate. When ions are completely depleted from this

compartment, the electrical resistance drastically increases. Thus the further
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FIG. 7.1

Configuration of a classical electrodialysis stack (Khan et al., 2016).
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removal of ions becomes difficult, once a low concentration is reached, because

not sufficient ions are available anymore to transfer the electrical charge. The

(electrical) energy in the system is then used for water splitting:

H2O!OH� +H+

So that further transport is limited to OH– and H+, which is not a useful effect and

decreases the efficiency of the system.

As a consequence, electrodialysis is typically operated in once-through mode for

the diluate, although with some ion concentration remaining at the outlet, and with

recycle of the concentrate in order to minimize the loss of water in the concentrate;

this can be done until a concentration factor in the order of 200 is reached.

Apart from the membrane stack, a classical electrodialysis system consists of

three separated circuits with three vessels for the diluate, the concentrate and the

electrolyte rinsing solution. The flow rates and pressure are monitored by flow

meters and pressure gauges, respectively. A schematic diagram of a typical batch

electrodialysis system is shown in Fig. 7.2. An adjustable DC power source is used

Diluate

Concentrate

Electrolyte

Stack

FIG. 7.2

Schematic diagram of the configuration of a basic electrodialysis system.
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for electricity supply. Either constant current (CC) mode or constant voltage (CV)

mode can be applied.

With a different stack configuration, other applications based on electrodriven

membrane separation are possible. This is mainly the case for the use of bipolar

membranes. A bipolar membrane is a combination of an anion-exchange membrane

and a cation-exchange membrane, which would transport cations nor anions, but split

water available in the thin layer between the cation-exchange membrane and the

anion-exchange membrane into H+ and OH�. This is shown in Fig. 7.3. Since these

ions are transported to opposite sides of the bipolar membrane, a different pH on both

sides of the membrane is obtained, which is the basis for an interesting series of sep-

arations or combined reactions and separations.

A typical stack with bipolar membranes would thus have one additional compart-

ment; this is shown in Fig. 7.4.

Other stack configurations with additional compartments have been developed as

well; a key example of this is the ‘selectrodialysis’ stack shown in Fig. 7.5 (Zhang

et al., 2012). In this stack, a sequence of a nonselective anion-exchange membrane

and a monovalent selective anion-exchange membrane produces two compartments,

one in which the multivalent ions remain (the ‘product’ compartment) and a second

compartment where the monovalent ions are removed.

Some other configurations may make sense. One modification is the addition of

an additional membrane in order to prevent leakage of ions due to back diffusion and

nonselective transport. Some ions, and in particular H+, are very sensitive to this:

they can leak through anion-exchange membranes because of their small size, and

may thus contaminate the product compartment. An example of this is shown in

Fig. 7.6; many variations on this approach can be found.

The flux of ions, and the resulting concentration profile in the compartment in the

vicinity of the surface of the ion-exchange membrane under steady-state conditions

Anode Cathode

OH–

H+

H2O

Bipolar
membrane

FIG. 7.3

The use of a bipolar membrane in electromembrane separations.
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Three-compartment electrodialysis cell with a bipolar membrane (Fumatech, n.d.).
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Configuration of a selectrodialysis stack for selective separation of multivalent anions. CM is a

cation-exchange membrane, AM is a nonselective anion-exchange membrane, and MVA is a

selective anion-exchange membrane (Zhang et al., 2012).
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are shown in Fig. 7.7 for an anion-exchange membrane and transport of anions

(a similar drawing can be made for a cation-exchange membrane).

In Fig. 7.7, the anions are mainly transported by electromigration; the related flux

is Ja
E. In the boundary layers near the membrane surface, the anions are also migrated

by diffusion, which is due to a concentration gradient in the boundary layers. Fur-

thermore, because of the concentration difference of the diluate and the concentrate,

anions diffuse back to the bulk. This flux is indicated by Ja
d. In steady state, the con-

centration of the anion in the diluate and the concentrate bulk can be expressed by bcD

and bcC, respectively; in the diluate and the concentrate near the membrane surface,

the anion concentration can be denoted by mcD and mcC, respectively.
Due to concentration polarization, the salt concentration at the membrane surface

in the diluate compartment is reduced to zero, and no more ions are available to carry

the electric current and the electrical resistance: the limiting current density (LCD) is

reached. Thus the voltage drop across the boundary layer increases dramatically

resulting in a much higher energy consumption and in severe water dissociation.

Running the ED above the LCD leads to a substantially higher cost.

The limiting current density can be determined by measuring the current as a

function of the applied voltage across a membrane. Cowan and Brown (Cowan

and Brown, 1959) developed a procedure for determining the limiting current density

in 1959, by plotting the overall resistance (Ohm) versus the reciprocal current density

(m2A�1) as shown schematically in Fig. 7.8. The curve shows a sharp change in the

resistance when the limiting current density is reached.

Demineralized solution

TPAOH solution
HBr solution

Anode

Spacer

Pure water Pure water

TPABr aqueous solution0.1 mol.L−1 H2SO4 solution

OH− H+

H+ H+

OH−

TPA+

Br−

0.3 mol.L−1 H2SO4 solution

1% H2SO4 solution

Cathode

BPM BPMCEMα CEMβAEM

+ −

FIG. 7.6

Alternative stack with additional cation-exchange membrane to prevent leakage.
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The limiting current density can be approximated by the L�evêque equation

(Volodina et al., 2005):

ilim,model ¼ 1:47
FDc0

h T1� t1ð Þ
h2V

LD

� �
1
�
3 (7.2)

where D is the salt diffusion coefficient, c0 the inlet concentration, h the distance

between the membranes, V the average linear solution velocity, L the length of

the membrane active area, T1 and t1 the salt counterion effective transport number

in the membrane and the transport number in the solution, respectively, and F the

Faraday constant.

Since ilim, model can also be written as

ilim,model ¼ FDc0
δ T1� t1ð Þ (7.3)

Diluate

Boundary layer
diluate side

Boundary layer
concentrate side

AM
Concentrate

Bulk
solution

Anode

Bulk
solution

Cathode

Ja
E

Ja
d

Ja
E

Ja
d

Ja
d Ja

E

mCC

bCD

mCD

bCC

FIG. 7.7

Concentration polarization on an anion-exchange membrane during electrodialysis (shown

for an anion-exchange membrane). J and c denote the flux and the concentration; the

subscript a refers to anion, E and d refer to electromigration and diffusion, D and c refer to the

diluate and concentrate solution, b and m refer to the bulk phase and membrane surface,

respectively (Zhang, 2011).
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with δ the length-averaged thickness of the diffusion layer, δ can be calculated by

comparing both equations.

In theory, a current larger than limiting current density cannot be reached. In

practice, overlimiting currents can be reached. Fig. 7.9 shows a typical current-

voltage curve with three main regions (Ghalloussi et al., 2014). The first region,

where a linear relationship between current and voltage can be observed, is called

the Ohmic region, since Ohm’s Law is valid. As the current increases, concentration

polarization shows its effect and due to the absence of ions near the boundary layer of
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FIG. 7.8

Determination of limiting current density (LCD) (Zhang, 2011).
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Typical current-voltage curve, showing the Ohmic region, the limiting current density and the

overlimiting region (Ghalloussi et al., 2014).
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the membrane in the diluate compartment, the resistance increases and current can-

not pass and despite the increasing voltage it stays constant. In this region, the lim-

iting current density is reached. The third part, where the linear relation between

current and voltage can be observed again, is called the overlimiting region.

In order to assess diffusive transport, the electrical potential is set to zero; this

process is called diffusion dialysis and is applied when no electrical driving force

can or should be applied. This process has a strong basis in medical applications,

where it is known as hemodialysis and is applied for purification of blood in case

of kidney failure. In diffusion dialysis, the potential of a concentration difference

is also instrumental for mass transfer but pore-free ion-exchange membranes are

used in this case, so that diffusive transport of ions in the absence of an electrical

potential occurs. In diffusion dialysis, however, a stacked system is not used but

rather only one type of membranes. When anion-exchange membranes are applied,

anions such as chlorides, sulfates, or nitrates can be transported under their concen-

tration gradient through an anion-exchange membrane, for the recovery of acids. The

counterion is then H+ which can permeate, since it has a high mobility and is a very

small ion. In diffusion dialysis there is no production of electrical current, and elec-

troneutrality is maintained by the combination of anion transport and diffusion of H+.

The product stream would then contain purified acids.

7.3 GENERAL OVERVIEW OF APPLICATIONS
The classical application of electrodialysis is in nonselective removal of salt from

brackish water. This has been the case for half a century, and is still valid today,

although with a current focus mostly on the use of renewable energy, which is indeed

a logical option for electrodialysis. An example is a directly coupled wind-

electrodialysis system with no energy storage for drinking water production

(Malek and Schulte-Herbruggen, 2016). Such system produces drinking water with

sufficiently low salinity (<600mg/L). Challenges are in coping with fluctuations;

however, the specific energy consumption of the hybrid system remained relatively

unaffected by the fluctuations, suggesting the system to be an electrically robust and

reliable off-grid desalination technique for remote water stressed locations (Malek

and Schulte-Herbruggen, 2016). Coupling electrodialysis for desalination of brack-

ish water to solar energy is another logical option, especially for off-grid applica-

tions. In one example, brackish water with a salt concentration of 5482mg/L (and

a high concentration of arsenic, of 2.04mg/L) was purified with electrodialysis pow-

ered by solar energy, including an electrical energy storage system composed of lith-

ium ion batteries (Gonzalez et al., 2017). In the overall purification process,

electrodialysis may be complemented by other technologies such as ion exchange

and adsorption. Comparing different configurations or process sequences, it was con-

cluded that a system that combines all technologies is more efficient than a single

step electrodialysis for the removal of arsenic and salts. The ion-exchange step

removes the divalent cations, whereas most of the arsenic is adsorbed in the
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adsorption column system increasing the removal efficiency in the electrodialysis

stage (Gonzalez et al., 2017). A salt removal of at least 95% is possible, in this spe-

cific example the arsenic removal was also good (over 99.9%). Thus one should con-

sider the entire treatment train, in which electrodialysis may be complemented by

other separation methods.

Other configurations of hybrid membrane systems based on electrodialysis have

been suggested; a hybrid method of electrodialysis with forward osmosis driven by

solar energy (EDFORD or ED-FO Renewable energy Desalination) can be used to

produce high-quality water (potable) from secondary wastewater effluent or brackish

water (Zhang et al., 2013). This system is shown in Fig. 7.10. Feedwater, which is

either secondary effluent or brackish water, is drawn to the forward osmosis draw

solution, while the organic and inorganic substances (ions, compounds, colloids,

and particles) are rejected by the forward osmosis membrane. The diluted draw solu-

tion is then regenerated by the solar energy-driven electrodialysis. In thisway, a nearly

complete removal of all pollutants is obtained, so that the forward osmosis unit may

replace a sequenceof various processes, in a cost-effectiveway.Electrodialysis is then

applied for a well-known (synthetic) solution, under ideal circumstances.

Such renewable energy powered membrane systems seem ideal for application in

remote locations, as they can be operated without any external input; it is remarked,

FIG. 7.10

Renewable energy powered electrodialysis and forward osmosis hybrid system (Zhang et al.,

2013).
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however, that the biggest hurdle to adoption of membrane technology powered by

renewable energy in a remote location may not be cost, but rather sustainability

issues such as the lack of skilled personnel for operation and maintenance, service

networks, availability of spare parts, socioeconomic integration, and adaptive capac-

ity of communities to transfer and develop technology appropriate to local needs and

circumstances (Sch€afer et al., 2014).
Following the same idea of electrodriven membrane separation as a sustainable

technology, there is much attention to reversing the input and output so that the mix-

ing energy of freshwater and brine is used for producing “green” energy. This is sug-

gested to have a large potential based on theoretical calculations taking the flow of

rivers into account. In theory, approximately 0.8kWh can be obtained when 1m3 of

fresh water is mixed with seawater; thus nearly 2TW of salinity gradient power can

theoretically be generated on the basis of the total freshwater flow of the major rivers

worldwide (Mei and Tang, 2018). Which fraction of this would be realistic is evi-

dently an open question; so far, no full-scale plants have been commissioned, in spite

of several pilot-scale investigations.

Fig. 7.11 gives an overview of the electrical current and energy production in

electromembrane processes. In electrodialysis, electrical energy is consumed to

drive ionic transport against the concentration gradient. In reverse electrodialysis,

electricity is generated from the ionic current along the concentration gradient.When

the electrical voltage output is zero, that is, a close-circuit condition, there is no elec-

tricity production or consumption. Ions can diffuse under their respective concentra-

tion gradients at rates faster than in reverse electrodialysis; this process is denoted as

short circuit reverse electrodialysis (Mei and Tang, 2018). To further enhance the

rates of transport of ions, an external voltage can be applied in the same direction

to the ionic current. This configuration is voltage-assisted reverse electrodialysis

and accelerates the ion removal from the high concentration stream at the expense

of additional energy consumption. Both short circuit reverse electrodialysis and

voltage-assisted reverse electrodialysis can have potential applications in desalina-

tion by removing salts from the high concentration solution at accelerated rates.

In order to make reverse electrodialysis economically viable, membranes with

low resistance and high permselectivity are needed (Mei and Tang, 2018). Further-

more, an optimized spacer design is required in order to obtain a uniform flow dis-

tribution. This is related to the so-called shielding effect: a typical lab-scale stack for

reverse electrodialysis using nonconductive spacers may have a 50% higher internal

resistance (Veerman et al., 2009). Thus optimized (conductive) spacers are to be

developed. These spacers should additionally minimize pressure drop and fouling.

At present, not all these requirements seem to be already sufficiently fulfilled.

Other (emerging) applications of electrodriven membrane technology are related

to either selective membranes, or to the use of bipolar membranes.

Applications of selective membranes (or hybrids) include the following:

– separating and purifying lithium from brines by using electrodialysis with

monovalent selective ion-exchange membranes (Chen et al., 2018), which can be
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used to extract lithium from seawater rich in lithium such as the salt lakes located

in West China, and the Dead Sea;

– heterogeneous nitrate selective membranes based on ion-exchange resins with

nitrate affinity, in view of nitrate removal in drinking water production

(Kikhavani et al., 2014);

FIG. 7.11

(A) Current as a function of applied voltage in electrodialysis (ED), reverse electrodialysis

(RED), short circuit reverse electrodialysis (SRED), voltage-assisted reverse electrodialysis

(VARED), and diffusion dialysis (DD); (B) energy output as a function of applied voltage in ED,

RED, SRED, VARED, and DD (Mei and Tang, 2018).
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– selective recovery and concentration of metallic cations with different or similar

valences (such as Ag, Zn, Cu, and Cd), which are nearly impossible to separate in

a classical electrodialysis system, by a combination with an in situ complexation

reaction (Frioui et al., 2017);

– hardness removal from water sources (calcium and magnesium) with cation-

exchange membranes selective for divalent ions (Farrokhzad et al., 2015);

– separation of peptides in electrodialysis with ultrafiltration membranes, based on

charge and size effects, and with the pH as steering parameter for the process

(Roblet et al., 2013);

– metathesis applications, such as the conversion of magnesium chloride and

sodium sulfate to magnesium sulfate and sodium chloride (Alheritiere et al.,

1998), the production of choline dihydrogen phosphate (Rottiers et al., 2017), and

potassium nitrate synthesis from NaNO3 and K2SO4 (Jaroszek et al., 2016);

– defluoridation of industrial effluents by electrodialysis in order control the

fluoride concentration in ground water (Arfaoui et al., 2018);

– applications in the food industry, such as the deacidification of cranberry juice,

with simultaneous production of pure acids (Serre et al., 2016);

– decreasing the conductivity of industrial wastewater (down to a conductivity in

the diluate of 0.5mS/cm) (Valero et al., 2015).

Bipolar membranes are used in a variety of different applications, related to the effect

of pH changes; typical applications are in the production of acids and bases from the

corresponding salt solutions. The principle of electrodialysis with bipolar mem-

branes (referred to as either EDBM or BMED) for the production of organic acids

is shown in Fig. 7.12 (Xu, 2002). The role of BMED is in removing the product acid,

and simultaneously providing an equivalent amount of base for recycling to the

Enzymatic fermenter

Organic salt in base

MR

MRMOH

Storage tank

RH

RH

UF

H2O

Feed

Recycle to

fermentation

FIG. 7.12

Electrodialysis with bipolar membranes used in the production of organic acids (Xu, 2002).
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fermenter, in order to adjust the pH; this is because the pH in the reactor should be

nearly neutral. The fermenter can then be operated at relatively low product concen-

trations to assure a high productivity. The recovered acid is obtained at a significantly

high concentration (in the order of 4–6mol/L), which makes the subsequent purifi-

cation via crystallization or other techniques relatively inexpensive.

Some reported applications of electrodialysis with bipolar membranes include

the following:

– the separation of succinic acid from the postfermentation broth after

bioconversion of raw glycerol (which is generated in a large amount as a

by-product during the production of biodiesel); in addition to the pretreatment by

ultrafiltration already suggested in Fig. 7.12, this was followed by extraction of

the acid; the challenge in this study was in the selective extraction of succinic acid

over acetic, lactic acids, and glycerol, rather than in operation of BMED

(Prochaska et al., 2018);

– the production of lactobionic acid, a high value-added oxidation product of

lactose with numerous potential applications in the food, pharmaceutical, and

chemical industries; this is carried out from a sodium lactobionate solution

obtained by the aerobic oxidation of lactose over gold nanoparticles supported on

mesoporous silica, using a three-compartment bipolar membrane electrodialysis

stack in which lactobionic acid is obtained as the product, and NaOH as the

by-product (Gutierrez et al., 2013);

– the production of lactic acid, which has been historically one of the first

applications of BMED (Siebold et al., 1995).

Other applications of EDBM often relate to the production of acids and bases from

brines (Ghyselbrecht et al., 2014). This is of interest for industrial brines, where eco-

nomical profits can be obtained when the acid concentration and the base concentra-

tion are above 2M. Challenges in this process are the Fickian back diffusion, limiting

the purity of the acid (and to a lower extent, also the base). Furthermore, membrane

scaling by Mg, Ca, Ni, and so on, can be expected. This can be avoided by using a

pretreatment or hybrid approach with pellet crystallization (Tran et al., 2015). The

approach can be extended to desalination brines obtained in reverse osmosis. In that

case, the total process cost for acid/base production was estimated at $0.50/kg at a

current density of 10mA/cm2, which is competitive for industrial application (Zhang

et al., 2017).

The performance of an EDBM system is controlled by the permselectivity of the

membranes and by diffusive transport. Due to the leakage of small ions through the

membranes, caused by undesired diffusion of cations through anion membranes and

of anions through cation membranes, the current efficiency is reduced. Mainly for

small ions this can be a limitation; for this reason, producing base is easier than pro-

ducing acid in EDBM, because the small H+ ion permeates relatively easily back

through an anion-exchange membrane. Consideration must also be paid to water

transport through membranes, which in general limits the concentration level of

the acid and base produced. Furthermore, EDBM normally also requires a careful
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pretreatment; the ultrafiltration process shown in Fig. 7.12 is an example. Lastly, it is

necessary to remove multivalent cations and organic pollutants in case of membrane

swelling and metallic hydroxides precipitation, which can be done by the fluidized

bed reactor (pellet reactor) mentioned previously.

In addition to EDBM and different stack configurations, several variations of

electromembrane processes are reported in this area: apart from conventional elec-

trodialysis, electrometathesis, electro-ion substitution, electro-electrodialysis, elec-

trohydrolysis with bipolar membranes, electrodeionization, and two-phase

electrodialysis (Huang et al., 2007).

7.4 CALCULATION OF SELECTIVITY IN ELECTRODIALYSIS
The selectivity in electrodialysis is in the first place related to the selectivity between

cations and anions. Cation-exchange membranes should transport cations, while

impeding the transport of anions; anion-exchange membranes should only transport

anions and block all cations. This is the permselectivity of an ion-exchange mem-

brane. Transport of ions through membranes is defined in terms of the transport num-

ber for a particular ion. The transport number Ti indicates the fraction of the total

current that is carried by the ion i (Strathmann, 2009):

Ti ¼ ziJiX
i

ziJi
(7.4)

The sum of the transport number of all ions in a solution should be 1; a transport

number for all ions of the same charge of <1 means that a proportion of the current

is carried by ions of the opposite charge in the wrong direction. The transport number

can be as high as 0.98 for some anion-exchange membranes and should be higher

than 0.9 for cation-exchange membranes.

The permselectivity can then be determined based on the transport numbers of

cations and anions. It is defined as:

Ψ ¼ tmY � tsY
tsX

(7.5)

where t is the transport number of an ion, Y refers to counterions and X refers to

coions, m refers to the membrane phase, and s refers to the solution phase. When

tY
m¼1 in Eq. (7.3), all ion transport through the membrane occurs via counterion

transport, and the membrane is perfectly permselective. Alternatively, when

tY
m¼ tY

s , ion transport through the membrane occurs in the same way as that in solu-

tion, and the permselectivity is equal to zero.

The transport number of a given membrane may be either the “static transport

number,” which is calculated from the membrane potential, or the “dynamic trans-

port number,” which is determined from measurement of the actual ion migration. In

most cases, it is the static transport number which is given as a membrane
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characteristic. Static transport numbers can be derived from membrane potential

measurements across membranes that separate solutions of high and low electrolyte

concentration. For many monovalent binary electrolytes, the membrane potential,

Em, can be used to determine the counterion transport number in a membrane, pro-

vided that the transport number can be assumed constant throughout the membrane

(Geise et al., 2014).

tmY ¼
Em=

RT

F
ln
as0�
asL�

� �� �
+ 1

2
(7.6)

where R is the ideal gas constant, T is the absolute temperature, F is Faraday’s con-

stant, and a�
sk is the average electrolyte activity (i.e., ask� ¼

ffiffiffiffiffiffiffiffiffiffiffiffi
askX a

sk
Y

p
) in solution at

either the high concentration solution side of the membrane (k ¼0) or the low con-

centration solution side of the membrane (k ¼L).

It should be noted that Eq. (7.6) is not always valid; one constraint is that osmotic

transport of water is neglected, which is not always possible.

The solution phase transport number is defined as:

tsi ¼
zij jcsiDs

iX
j
zj
�� ��csjDs

j

(7.7)

where zi is the charge, ci
s is the concentration in solution, and Di

s is the self-diffusion

coefficient of ion i. An example of how to calculate transport numbers in solution can

be found in the literature (Strathmann, 2009), using the OLI Analyzer 9.0 (MSE data-

bank) electrolyte software package.

The determination of selectivity between ions of the same sign in electromem-

brane processes has not received much attention until recently. The obvious reason

is that conventional ion-exchange membranes are not selective, and no selectivity

between different ions is required for the dominant application, that is, desalination

of brackish water.

The “membrane selective permeability” TB
Awas developed in order to express the

difference in permeation between ions A and B (Itoh et al., 1986). It is defined as:

TA
B ¼

zAuA
zBuB

� �
KA
B (7.8)

with

KA
B ¼

cmA=c
m
B

cwA=c
w
B

(7.9)

where zA, zB, uA, uB, cA
m, cB

m, cA
w, cB

w refer to charge, electrochemical mobility, ion con-

centration in the membrane, and ion concentration in water, respectively.

When the concentration of coions in the solution increases, the selectivity should

thus decrease; it is assumed that the selectivity is equal to one when the concentration

of coions in the solution is equal to the concentration of fixed charges on the

membrane.
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The mobility of different ions in an ion-exchange membrane is typically rather

similar; the only exceptions to this are H+ and OH�, which have a mobility that

is 5–8 times higher than that of other ions. This is the result of the interactions of

molecular interactions of water dipoles with electrical charges. Protons form hydro-

nium ions and are transported via a tunnel mechanism from one hydronium ion to the

next water molecule. Cations, however, are transported by diffusion as ions with a

hydrated shell. This gives a low permeability through anion-exchange membranes.

On the other hand, protons and hydroxide ions have a very low contribution to the

transport of water by electro-osmosis (see later), since their transport does not invoke

water transport.

From Eqs. (7.8), (7.9), it can be concluded that the selective permeation of ions

through ion-exchange membranes depends on two factors: (1) the mobility of the

counterions during permeation, and (2) the affinity between the counterions and

the membrane, represented byKB
A. Based on this conclusion, membranes can be mod-

ified in view of obtaining a selective removal of certain ions. For example, a higher

removal rate of sulfate ions compared to chloride ions can be obtained by increasing

the hydrophilicity of the membrane. For membranes with β-cyclodextrin as additive,
a higher hydrophilicity is obtained, which suppresses the transport number of less

hydrated ions such as nitrate ions, compared to chloride ions. The transport number

of strongly hydrated ions such as sulfate ions increases with increasing hydrophilic-

ity of the membranes (Sata et al., 2001). It is assumed that a more hydrophilic mem-

brane material would allow more strongly hydrated ions, like sulfate, to permeate

through the membrane, while less hydrated ions, such as chloride and nitrate, would

encounter more resistance, because they have a lower affinity with hydrophilic mem-

branes (Van Geluwe et al., 2011). The higher selectivity for more strongly hydrated

ions can be fundamentally explained on the basis of the higher degree of dielectric

shielding, that a larger hydration hull provides to the ion (G€artner et al., 2005). The
larger hydration hull reduces the polarity of the ion, so that the ion encounters less

resistance while permeating through the membrane. These resistances consist of

charge repulsion with the coions in the membrane and resistances from the hydro-

phobic backbone of the polymers. An ion, shielded by a large and strongly bounded

hydration hull, would experience these effects less, than an unshielded ion (Van

Geluwe et al., 2011). The current trend, however, is to develop monovalent selective

membranes (anion selective as well as cation selective membranes), because the ion

mobility is the easiest factor to tune. This is related to the size effect; monovalent ions

tend to be smaller and therefore have a benefit in terms of mobility.

For selective membranes, the ratio of transport numbers for a target ion (denoted

as an) and a standard ion (denoted as am), which represents the permselectivity

between an and am, is:

Pam
an ¼ tDam

�
cDam

tDan
�
cDan

¼ Jam
Jan

� c
D
an

cDam
(7.10)

in which the superscript D refers to the diluate compartment.
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This can be expressed in terms of resistances (Vaselbehagh et al., 2015), by writ-

ing the current carried by ion n as:

In ¼F � Jn �A¼ E

RK
in +R

A
an +Rdilu,n

¼ E

Rn
(7.11)

Rin
K and Ran

A denote the electric resistances of cation and anion-exchange membranes

for ion transport, respectively. Rdilu, n is the electric resistance of the diluted compart-

ment caused by the nth electrolyte. A is the surface area of the membrane.

The permselectivity then becomes:

Pam
an ¼ RK

in +R
A
an +Rdilu,n

RK
im +RA

am +Rdilu,m
� c

D
an

cDam
(7.12)

The resistances can be calculated as follows:

Rdilu,n ¼ 1

λincDin + λanc
D
an

� Idilu
A

(7.13)

RK
in ¼

lKM
αinUinFAcMin

(7.14)

RA
an ¼

lAM
αanUanFAcMan

(7.15)

where αk represents the sieving effect of the membrane for ion k.
The selectivity can also be quantified by the separation efficiency S between

component A and B, which is calculated as:

S tð Þ¼
cA tð Þ
cA 0ð Þ
� �

� cB tð Þ
cB 0ð Þ
� �

1� cA tð Þ
cA 0ð Þ
� �� �

+ 1� cB tð Þ
cB 0ð Þ
� �� � �100% (7.16)

The separation efficiency reflects the relative difference in transport rate and ranges

from 0 (no separation) to 1 (complete separation, i.e., cB(t)¼0; component B
removed from the diluate fraction).

In principle, the separation efficiency is a time-dependent function. The separa-

tion efficiency is relatively constant as a function of time, after some initial fluctu-

ations, as can be seen from Fig. 7.13 (Van der Bruggen et al., 2004). Thus it is

independent of the geometry of the equipment (e.g., size of the membranes), because

this only influences the time to reach a given concentration in the diluate or concen-

trate, but not the actual separation measured as the separation efficiency. However,

the separation efficiency may also be influenced by the applied voltage. In order to

take fluctuations into account, the average separation efficiency can be calculated to

express the selectivity of the membranes during experiments:

S¼
X
j

Δtj �SjX
j
Δtj

(7.17)
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Another method to express the membrane selectivity is by using separation factors

(Strathmann, 2004b; Sata et al., 1997):

αAB tð Þ¼ 1�cA tð Þ=cA 0ð Þ
1�cB tð Þ=cB 0ð Þ (7.18)

where αB
A is the separation factor, cA(0), cB(0), cA(t), and cB(t) refer to the concentra-

tion of ion A (or B) in the diluate at time 0 and t, respectively.

7.5 ION TRANSPORT THROUGH ION-EXCHANGE MEMBRANES
The transport of ions corresponds to an electrical current, since electrical charges are

replaced. This can be described by Ohm’s Law:

V¼R � I (7.19)

in which V is the electrical potential between two electrodes, R is the electrical resis-

tance, and I is the current between the electrodes.

In general terms, the electrical resistance can be written as a function of the dis-

tance between the electrodes, d, and the surface area of the material, A:

R¼ ρ
d

A
¼ 1

κ

d

A
(7.20)

with ρ the specific resistance of the material, and κ the specific conductivity.

This is generally applied for electron conductivity, typically in a solid metal.

However, it can also be applied to ion conductivity in an electrolyte solution,
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FIG. 7.13

Separation efficiency as a function of time for various combinations of monovalent/divalent

ions (Van der Bruggen et al., 2004).
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although with conductivities 3–5 orders of magnitude lower, and with an intrinsic

effect of mass transport. Furthermore, the conductivity depends on the concentration

in the solution, of the temperature in the solution (increasing with temperature, which

is opposite to the conductivity in metals) and of the charge number of the ions in the

solution. This is sometimes expressed as an equivalent conductivity, as follows:

λeq ¼ κ

C zaνa + zcνcð Þ (7.21)

in which C is the molar concentration of the electrolyte in the solution; za and zc are
the charge numbers of the anion and cation, respectively; and νa and νc are the stoi-
chiometric coefficients of the anion and the cation, respectively.

Thus the number of electrical charges carried by the ions of an electrolyte solu-

tion under an electrical potential difference as driving force can be expressed as:

Ne ¼
X

i
ziuiνiCF

ΔΨ

d
¼
X

i
ziFNi ¼

X
i
ziνiCλeq

ΔΨ

d
(7.22)

in which F is Faraday’s constant (96,485Ceq�1), and ΔΨ is the electrical potential

difference.

The corresponding electrical current is then:

I¼
X

i
ziFNiA¼

X
i
ziνiCλeq

ΔΨ

d
A (7.23)

where A is the membrane surface area.

The driving force for transport in electrodialysis is the electrical potential. The

two sides of an ion-exchange membrane are in contact with solutions of different

composition and of different electrochemical potential. The requirement for equilib-

rium is that the electrochemical potential is equal on both sides of the membrane, so

that ions permeate through the membrane from the compartment with high electro-

chemical potential to the compartment with low electrochemical compartment. The

electrostatic forces remain in balance in this: the number of positive charges and neg-

ative charges is always the same.

The electrochemical potential is:

μi ¼ μi°+RT ln ai +Vi �P + zi �F �ψ (7.24)

where, μi is the electrochemical potential of component i, μi° is the chemical poten-

tial of component i in reference conditions, R is the ideal gas constant, T is the tem-

perature, ai is the activity of component i, Vi is the molar volume of component i, P is

the pressure, zi is the ion valence (¼0 in case of uncharged compounds), F is Fara-

day’s constant, and ψ is the electrical potential.

In electrodialysis, the temperature and pressure are assumed constant in the entire

stack, which leaves the concentration and electrical potential as driving forces. This

assumption, however, is an approximation because the difference in concentration of

ions over the membranes, which is intrinsically related to the separation itself, yields

an osmotic pressure difference between each two compartments. As a consequence,

an osmotic effect will take place, which is described later in this chapter but is

neglected in the initial discussion.
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The electrical potential is the externally applied driving force, on which the sep-

aration relies, but the concentration gradient is inevitable, and is oriented in the oppo-

site direction as the applied electrical potential gradient, so that the effective driving

force is decreased. The parallel with the effect of osmotic pressure on the driving

force used in pressure-driven membrane processes such as reverse osmosis can be

noticed.

Based on Eq. (7.24), mass transport through ion-exchange membranes can be

expressed as a function of the gradient of the driving forces:

Ni ¼
X

i
Lik RT �d lnai

dz
+ ziF

dΨ

dz

� �
(7.25)

In Eq. (7.25), the Lik are phenomenological coefficients, and the subscripts i and k
refer to components in the system; this assumes that kinetic coupling between indi-

vidual fluxes may take place.

This can be compared to the extended Nernst-Planck equation (at constant tem-

perature and pressure):

Ni ¼�Di
dci
dz

+
ziFci
RT

dΨ

dz

� �
(7.26)

which gives an approximation of Eq. (7.25), assuming that no interactions between

fluxes take place, and that activity coefficients are close to one. The phenomenolog-

ical coefficients are then:

Di ¼ LiiRT

ci
(7.27)

The current carried by ion i is:

ii ¼ ziF Di
dci
dz

+
ziFci
RT

dΨ

dz

� �� �
(7.28)

The current density i can be written as:

i¼F
X

i
ziNi (7.29)

Or

i¼F2
X

i
z2i
ciDi

RT

RT

ziciF

dci
dz

+
dΨ

dz

� �
(7.30)

This equation shows the electrical flux (current density) as the sum of a contribution

from the electrical potential (second term) and the effect of diffusion; the term RT
ziciF

dci
dz

has the units of a potential gradient and reflects this.

By dividing both sides of Eq. (7.28) by the term ziFV and replacing ii with
ziFQΔci
ANcp

,

the equation becomes (Karimi and Ghassemi, 2016):

QΔci
ANcpV

¼Di

V

dci
dz

� �
+
Dici
V

d
ziFΨ

RT

� �
dz

0
BB@

1
CCA (7.31)
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Q is the total flow rate of dilute stream, ΔC is the difference between the concentra-

tions of the ion in the inlet and outlet of dilute cells that occurs due to ion transport, V
is the dilute solution velocity in a cell, and Ncp is the number of cell pairs in the stack.

This can be reduced to dimensionless variables:

QΔci
ANcpVcr, i

¼ Di

Vh

d
ci
cr, i

� �

d
z

h

	 

0
BB@

1
CCA+

Di
ci
cr, i
Vh

d
ziFΨ

RT

� �

d
z

h

	 

0
BB@

1
CCA (7.32)

where A is the membrane active area, h is the dilute cell thickness, and Cr is the log-

arithmic average of ion concentration in dilute cells.

cr, i ¼ cF, i�cD, ið Þ
ln cF, i=cD, i

	 
 (7.33)

in which cF is feed concentration at the inlet of the diluate chamber, and cD is the

diluate concentration at the outlet of diluate chamber.

The following dimensionless numbers can be defined:

Stanton number:

Sti ¼ QΔci
ANcpVcr, i

(7.34)

Dimensionless electrical potential per desalting cell:

Ψ ∗
i ¼

ziFΨ

RT
(7.35)

Dimensionless direction toward the membrane:

z∗ ¼ z

h
(7.36)

Thus Eq. (7.32) can be written as:

Sti ¼ 1

Pei

dc∗i
dz∗

+
c∗i
Pei

dΨ ∗
i

dz∗
(7.37)

However, an analytical solution of this equation is not possible; empirical equations

have been developed (Karimi and Ghassemi, 2016).

Apart from these equations for macroscale modeling, a more detailed description

of the potential and charge in the pore is possible by applying the space-charge

model, the uniform potential model and the Teorell-Meyer-Sievers model, which

calculate the electrical potential profile across cylindrical pores induced by a concen-

tration gradient and/or current density (Kristensen et al., 2017). For details on micro-

scale modeling of membrane pores, the reader is referred to the literature.

In addition to transport of ions, water is also transported through ion-exchange

membranes according to the equations shown previously. In the absence of a hydro-

dynamic pressure difference over the membranes, the water flux in electrodialysis is

caused by osmosis and electro-osmosis (Lu et al., 2011). Electro-osmosis refers to
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the transport of water molecules in the hydration shell of transported ions and to the

water molecules transported by drag. This takes place for all ions apart from H+ and

OH– (as mentioned before). The second mechanism for water transport is osmosis,

that is, the transfer of water through a membrane due to the osmotic pressure differ-

ence, which arises due to the different salt concentration on both sides of the mem-

brane. However, studies have indicated that the main cause of water transport is by

electro-osmotic rather than osmotic water transfer due to the concentration differ-

ence (Jiang et al., 2014a). Apart from this, it has been observed that permeation

of organic cosolvents, when present, may also occur (Rottiers et al., 2016). In the

application of ion-exchange membranes in methanol fuel cells, for example, the

methanol crossover leads to a decrease in fuel cell voltage and efficiency due to

the oxidation of methanol (Huang et al., 2008). In general, ion-exchange membranes

with low solvent permeability and a dense polymer network are to be preferred, to

minimize the ratio of transported water molecules per transported ion. The highest

permeability of organic cosolvents was observed for membranes with a low degree of

cross-linking; this can be assumed to be the case for water permeation as well. Water

transport is also generally low for membranes with a high concentration of fixed

charges.

The estimation of water transport due to electro-osmosis is not easy. In an elec-

trolyte solution, an ion (cation or anion) is assumed to be surrounded with two hydra-

tion shells consisting of water molecules, that is, the primary and the secondary

hydration shells. The primary layer may hold 6 water molecules, while the secondary

layer may include about 12 water molecules, depending on the coordination number

and the bound force between the ion and the water molecules. The two layers of

water molecules are shown in Fig. 7.14 (Lu et al., 2011).

Primary hydration shell
Secondary hydration shell

A pore of  membrane

A cationWater moleculeBulk solution

FIG. 7.14

Primary and secondary hydration shell (case of a cation), and the effect of permeation

through a membrane (Lu et al., 2011).
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In the primary hydration shell, water molecules are bound more strongly than in

the secondary hydration shell. When a drag force is exerted by the surrounding fluid

during motion of an ion, some hydration water molecules will be separated from the

ion, especially water molecules in the secondary hydration shell, and less water mol-

ecules remain connected with the central ion; generally this concerns water mole-

cules in the primary hydration shell. The number of remaining water molecules is

called “dynamic hydration number” (Lu et al., 2011). As this ion enters into an

ion-exchange membrane, some of these remaining water molecules may keep mov-

ing with the ion through the membrane; however, some may be separated from the

ion, so that fewer water molecules are transported with the ion through the membrane

due to the steric effect. Howmanywater molecules would still remain depends on the

available free volume for permeation or pore size. As a consequence, the realistic

hydration number of the ion when it is transported through the membrane is strongly

dependent on its velocity, the pore size of membrane (if any), and the binding force of

hydration. In general, the effective hydration number (also the radius of hydrated ion)

for ion species is difficult to determine (Lu et al., 2011). As an approximation, an

average or effective dynamic hydration number nedhn for all ion species may be used.

The volumetric change in different compartments can be estimated on this basis.

For each water molecule migrating to another compartment, the volume change is

18.016/NA cm3 (with NA ¼Avogadro’s number). Thus the volume change due to

the migration of ions becomes:

ΔV¼
X

i

NA

Mi
� 4

3
πr3i +

18:016nedhn
NA

� �
�Δmi (7.38)

withMi the molar mass of ion I; Δmi the mass of ion i transported through the mem-

brane (which can be derived from Eqs. (7.17) or (7.18); nedhn is the effective dynamic

hydration number, which was assumed to be 3.5 as a result of an optimization pro-

cedure (Lu et al., 2011) (although the variation was very small when values between

3.0 and 4.0 were taken); NA is Avogadro’s number (6.022141�1023 mol�1); and ri is
the bare radius of ion i.

7.6 OTHER CONFIGURATIONS OF ELECTRODRIVEN
MEMBRANE PROCESSES
7.6.1 DIFFUSION DIALYSIS
Even though not applied with an electrical driving force, diffusion dialysis (DD) is a

process closely related to electrodialysis, because it is a separation process using an

ion-exchange membrane. The driving force is a concentration gradient instead of an

electrical potential; this is shown in Fig. 7.11 as the process located at zero applied

potential. Diffusion dialysis is applied for separation and recovery of acid/alkali

waste solutions in a cost-effective (low energy cost) and environmentally friendly

(no chemicals, energy, or secondary waste) manner (Luo et al., 2011). This is applied
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for recovery of sulfuric acid, hydrochloric acid, nitric acid, organic acids, and alkali

waste.

Modeling of diffusion dialysis can be carried out in two ways. The solution-

diffusion model (Wijmans and Baker, 1995), which is used to describe transport

in dialysis, reverse osmosis, gas permeation, and pervaporation, can be used for dif-

fusion dialysis to describe the permeation of strong acids and alkalis. For a detailed

description of the solution-diffusion model, the reader is referred to the chapter on

pressure-driven membrane processes in this book, and more specifically in the

description of reverse osmosis. The resulting equations for the solute flux are:

Ni ¼B ci,o�ci, lð Þ (7.39)

in which B is the permeability of the solute:

B¼DiKi

Δx
(7.40)

in which ci,o and ci,l are the concentration of i at the membrane on either side of the

membrane, Di is the diffusion coefficient of i in the membrane phase, Ki is the dis-

tribution coefficient of i in the membrane/liquid phase, and Δx is the membrane

thickness.

The use of this model for organic acids in diffusion dialysis may be less accurate

since the dissociation degree of organic acids is low and their transport mechanism

inside the membrane can be very complex (Palaty et al., 2007).

A second model that has been developed is the three-phase membrane model

(Stachera et al., 1998), in which the membrane is assumed to be divided into three

separate phases: a hydrophobic polymer, an active region comprising the fixed

charge sites and the counterions, and an interstitial region.Water, which is indispens-

able for the migration of ions, is mainly present in the active and interstitial zones.

The ions can be transported through these two regions via different mechanisms: the

anions in the active zone may undergo a hopping mechanism, transferring from one

exchange site to another; protons and hydrated cations move by a “dragging” mech-

anism (restricted diffusion) in the interstitial zone, because there is no strong repul-

sive force in this zone (Luo et al., 2011).

7.6.2 ELECTRO-ELECTRODIALYSIS
Electro-electrodialysis (EED) is a three-compartment electromembrane process,

combining electrodialysis and electrolysis. The typical application is to recover

an acid from a solution by permselective transport of the acid’s anion through an

anion-exchange membrane and electrolysis to provide the protons necessary to form

the acid. One example is the recovery of chromic acid from a solution; EED allows

the removal of chromic acid from a plating bath in the presence of impurities, and to

recover the acid as a pure solution. In this way, EED accomplishes three different

tasks in a single process: (i) removal of contaminants, (ii) chromic acid recovery,

and (iii) purification of static rinse water (Frenzel et al., 2005a). This is schematically
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shown in Fig. 7.15. The diluted compartment is often referred to as the anolyte, while

the concentrated solution is the catholyte.

The electro-electrodialysis process is characterized by its efficiency; the overall

current efficiency for the product (the acid), Φe, is defined as the current carried by

acid ions relative to the total current used (Frenzel et al., 2005b):

Φe ¼mνeF

MIt
(7.41)

where m is the mass of product, M the molar mass, νe the stoichiometric number of

electrons for the reaction, F the Faraday constant, and It the current quantity.
This can be written as (Luo and Wu, 2000):

Φe ¼ VfCf�ViCi

� �
F

It
(7.42)

where Vf2 and Vi2 are the final and initial volume of the anolyte; C f2 and C i2 are the

final and initial molarities of formic acid solution in the anolyte.

The specific energy consumption can be calculated as:

ES,m ¼UcνeF

MΦe (7.43)

in which Uc is the applied electrical potential.

Rinse
water

Rinse
water

(Reuse)

Pure
CrO3

AEM CEM

H2SO4 dil.

H2SO4 dil.
+

Me2+

Me2+

H+
OH−

H+

+ −CrO4
2−

SO4
2−

Cr3+

Ni2+

Fe3+

FIG. 7.15

Principle of electro-electrodialysis, applied for the recovery of chromic acid (Frenzel et al.,

2005a).
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Some variations of the electro-electrodialysis process are to be mentioned:

– two-phase electro-electrodialysis, in which an emulsion (in one case composed of

49.9% kerosene, 49.9% water, and 0.2% Tween) was used as the anolyte instead

of an aqueous phase, in order to effectively control electro-osmosis and osmosis

(Luo et al., 2005);

– Reverse Electro-Electrodialysis (REED), in which pure and storable hydrogen is

produced by using hydrochloric acid and sodium hydroxide as cathode and anode

solution, respectively, to reduce the hydrogen evolution potential (Chen et al.,

2017);

– electro-electrodialysis with bipolar membrane (EEDBM), which is applied for

recovery of lithium from brines as LiOH (Jiang et al., 2014b); this process is

shown in Fig. 7.16.

7.6.3 CONTINUOUS ELECTRODEIONIZATION
In continuous electrodeionization (CEDI), an electrodialysis unit is used with the dil-

uate compartment filled with a mixed bed ion-exchange resin. The feed ions are

bound on the resin; due to the presence of the resin, the conductivity in the diluate

compartment is significantly enhanced. At very low concentrations in the diluate,

water dissociates where cation and anion resin beads contact each other, which

regenerates the resin in situ. The product is deionized water; the ion-exchange resin

is regenerated without the use of chemicals, and not generating a waste stream during

regeneration. Thus it is considered a green process for deionized water production.

CEDI has been known for many decades (since the 1950s), but it was not until 1987

that commercialization became successful; today, several thousand CEDI systems in

commercial operation for the production of high purity water at capacities ranging

from <0.1 to >1500m3/h (Wood et al., 2010). Typical applications are in the phar-

maceutical industry, for steam generation, and semiconductor wafer fabrication,

manufacturing microelectronic devices, solar panels, or flat-panel display. The pro-

cess is shown in Fig. 7.17 (Wood et al., 2010).

The removal of ions occurs in two steps: first, diffusion of cations to the strong

cation-exchange resin and of anions to the strong anion exchanger; then, ionic con-

duction of the solid phase to the border of the membranes. Because the ion concen-

tration within the solid is very high, the process that controls ion removal is the ion

diffusion rate of the aqueous phase to the surface of the solid ion exchange, which

depends on three factors: (1) surface between solid and solution, (2) thickness of the

liquid layer through which ions diffuse, and (3) concentration gradient between the

solid and liquid phase (Alvarado and Chen, 2014).

Modeling of continuous electrodeionization is similar to electrodialysis; the mod-

ification to be made is a correct interpretation of the specific conductivity κ (Eqs.

7.12, 7.13). This can be done with the following porous plug model (Wyllie

et al., 1955), considering three parallel conductance elements, corresponding to
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FIG. 7.16

Principle of electro-electrodialysis with bipolar membrane (EEDBM) for lithium recovery (Jiang et al., 2014b).

2
7
9

7
.6

O
th
e
r
c
o
n
fig
u
ra
tio
n
s
o
f
e
le
c
tro

d
rive

n
m
e
m
b
ra
n
e
p
ro
c
e
sse

s



the three possibilities of flow (shown in Fig. 7.18). The specific conductivity in the

resin bed can then be written as (Alvarado and Chen, 2014):

κ¼ κ1 + κ2 + κ3 (7.44)

with

κ1 ¼ aκκ

dκ + eκ
(7.45)

Feed Feed
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FIG. 7.17

Principle of continuous electrodeionization (Wood et al., 2010).
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FIG. 7.18

Flow pathways in an ion-exchange resin for continuous electrodeionization (Wyllie et al.,

1955).
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κ2 ¼ bκ (7.46)

κ3 ¼ cκ (7.47)

in which:

κ ¼ specific conductivity of the resin bed.

κ1 ¼ specific conductivity of the solid and interstitial solution.

κ2 ¼ specific conductivity of the solid.

κ3 ¼ specific conductivity of the liquid.

κ ¼ specific conductivity of the interstitial solution.

κ ¼ resin specific conductance.

a ¼cross-section fraction in the conductance element: solid and interstitial

solution.

b ¼cross-section fraction in the conductance element: solid.

c ¼cross-section fraction in the conductance element: liquid solution.

d ¼ fraction in the conductance element κ1 of solid.
e ¼ fraction in the conductance element κ2 of solution.

These parameters should fulfill the following summation requirements:

a + b + c¼ 1 (7.48)

d + e¼ 1 (7.49)

They can be determined from the following boundary conditions:

κb

κ

� �
κ¼0

¼ b (7.50)

dκb
dκ

� �
κ¼0

¼ a

e
+ c (7.51)

dκb
dκ

� �
κ¼κ

¼ ae+ c (7.52)

7.6.4 DONNAN DIALYSIS
Donnan dialysis makes use of only a cation-exchange membrane (for applications of

removal of cations) or anion-exchange membranes (for applications of removal of

anions). This membrane is placed between a feed phase and a stripping solution.

The most prominent application—although seldom applied in practice—is in water

softening, where the membrane is a cation-exchange resin. Calcium and magnesium

ions diffuse through the membrane. In this application, the stripping solution would
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be a brine containing NaCl. Na+ ions diffuse through the membrane because of the

concentration difference; chloride ions cannot pass the membrane, which generates

an electrical potential that serves as the driving force to permeate calcium (and mag-

nesium) cations through the membrane in the direction of the stripping solution. Two

Na+ ions replace one Ca2+ ion, and the electroneutrality is thus maintained. The pro-

cess can be modeled as diffusion dialysis, with the only exception that cations (or in a

different application, anions) diffuse through the membrane.

7.6.5 MEMBRANE ELECTROLYSIS
The importance of membrane electrodialysis is not to be underestimated; industrial

chlorine and caustic electrolysis units installed during the past two decades are

almost exclusively based on membrane electrolysis (Paidar et al., 2016). Membrane

electrolysis is a simple process to understand, as it concerns an electrolytic reaction

in which the cathode and anode compartment are separated by an ion-exchange

membrane. Industrial membrane electrolysis processes require a significantly higher

operating current density than used in electrodialysis (typically above 2000 A m�2).

The purpose of the membrane is to separate the anode loop (anolyte) from the cath-

ode loop (catholyte) by a fluid, in order to avoid unwanted secondary reactions, and

to fractionate the products formed at the electrodes. One important application is

water electrolysis, in which the products may be in a gaseous form such as oxygen

and hydrogen. In addition, acids (H+) and bases (OH�) may be formed on the elec-

trode. In sodium chloride electrolysis, gaseous chlorine and caustic soda are pro-

duced as well as hydrogen gas. Thus membrane electrolysis is used for the

production of sodium hypochlorite, ozone, chlorine dioxide, and hypochloric acid.

The most typical application is in brine electrolysis, in which a saturated (26wt%

NaCl) brine solution is used as a source for the following reactions:

Anode:

2Cl� !Cl2 + 2 e
� E0 ¼ 1:358V
� �

Cathode:

2H2O+ 2 e� !H2 + 2OH
� E0 ¼�0:828
� �

This is schematically shown in Fig. 7.19 (Paidar et al., 2016). In this scheme, elec-

trodes are pressed on each side of the membrane to reduce Ohmic potential loss in the

electrolyte. This design is referred to as “zero gap.”

The chloride anion is oxidized on the anode to chlorine gas, while sodium ions are

transported through the cation-selective membrane from the anode to the cathode

compartment. Here they recombinewith hydroxyl ions to produce sodium hydroxide.

In the chlor-alkali membrane electrolysis process, titanium anodes coated with a

RuO2/TiO2 layer and nickel-based cathodes with a surface modified by a catalytic

layer based on high surface Ni compounds doped with platinum metals are used

(Paidar et al., 2016).

282 CHAPTER 7 Ion-exchange membrane systems



The maximum achievable sodium hydroxide concentration of up to 35wt% is

limited by the water flux between the anode and the cathode compartments, which

is primarily connected with hydratation of the Na+ ion. This is estimated to amount to

4 water molecules per Na+ ion (Wyllie et al., 1955), which is close to the value of 3.5

mentioned previously.

The charge efficiency of the process may be limited by the separation efficiency

of the membrane, and specifically the effect of back diffusion of hydroxyl ions from

the cathode to the anode compartment, as described before.

FIG. 7.19

Chlor-alkali process; A—anode (perforated titanium activated by RuO2), C—cathode

(catalyst activated Ni mesh), M—perfluorinated membrane (pressed between anode and

cathode), D—downcomer (ensuring brine circulation), 1—brine inlet, 2—depleted brine with

chlorine collector (outlet), 3—diluted caustic soda inlet, 4—concentrated caustic soda with

hydrogen collector (outlet) (Paidar et al., 2016).
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Modeling of membrane electrolysis may be based on the description of mass

transfer by the Maxwell-Stefan theory (Hogendoorn et al., 2001). However, it should

be noted that this is quite tentative since no (reliable) Maxwell-Stefan diffusivities

are available for membranes typically used in membrane electrolysis, such as the

Nafion membrane.

7.6.6 FUEL CELLS
A fuel cell essentially consists of two electrodes (anode and cathode) and an electro-

lyte (a thin, conducting layer between the electrodes). The general principle of a

(hydrogen) fuel cell is very simple and is in fact the reverse of the electrolysis of

water: hydrogen and oxygen are recombined to water and an electric current is pro-

duced (Fig. 7.20).

Recombination of O2 and H2 occurs at the two electrodes, which are thin and

porous so that the electrolyte as well as the gas can penetrate easily. This allows

a maximal contact between electrode, electrolyte, and gas.

Acid electrolytes
Depending on the type of electrolyte different reactions take place at the electrodes.

For an acid electrolyte the following reactions take place:

2H2 ! 4H+ + 4 e�ð Þ

O2 + 4 e
� + 4H+ ! 2H2O

External circuit

Anode Cathode Electrolyte 

O2

O2 H2

H2

FIG. 7.20

Basic composition of a fuel cell including cathode, electrolyte, and anode.
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The electrons produced at the anode are transported to the cathode through an exter-

nal circuit. In this way, an electrical current is produced from cathode to anode (cur-

rent is considered to run in the direction of replacement of positive charges, although

in fact it concerns a movement of negatively charged electrons—in this case, neg-

ative charges are transported from anode to cathode). Protons migrate from the anode

through the electrolyte to the cathode. The electrolyte is an acid fluid, containing free

H+ ions migrating from the anode to the cathode (Fig. 7.21). However, only protons

and no electrons should pass through the electrolyte; if there is a movement of elec-

trons through the electrolyte, electrons would not migrate through the external circuit

and no electrical current would be induced. This is the role of the cation-exchange

membrane.

The only side product is water, produced at the cathode. Oxygen can be taken

from the air; the anode needs supply of hydrogen.

Alkaline electrolytes
In a fuel cell with alkaline electrolyte the overall reaction is the same, but the reac-

tions taking place at the electrodes are different:

2H2 + 4OH
� ! 4H2O+ 4 e�

O2 + 4 e
� + 2H2O! 4OH�

The electrons are transported through an external circuit from the anode to the cath-

ode (identical to the fuel cell with acid electrolyte), but the hydroxyl ions migrate

through the electrolyte from the cathode to the anode (Fig. 7.22).

2 H2  4 H+ + 4 e–

H+ ions through electrolyte

 O2 + 4 e– + 4 H+  2 H2O  Cathode 

Anode 

Oxygen 
from the air 

Charge 

Electrons moving 
through external 
circuit 

Hydrogen 

FIG. 7.21

Reactions and migration of charges for a fuel cell with acid electrolyte.
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Water is consumed at the cathode, but is produced at the anode at a rate twice as

high as the consumption rate. Thus there is a net production of a side product. Iden-

tical to the fuel cell with acid electrolyte, twice as much hydrogen is consumed than

oxygen.

Summarizing models for fuel cells is not possible within the scope of this chapter,

as there are a large number of different configurations of fuel cells, and the reader is

referred to the extensive literature on fuel cells for this specific topic. A small sample

of the literature is given in the reference list (Wu, 2016; Salomov et al., 2014; Barbir,

2012; Gou et al., 2017), but a large number of other sources on this topic may be

found in addition to this.

7.6.7 CAPACITIVE DEIONIZATION
In capacitive deionization (CDI), the electrode compartments directly participate in

the ion removal/concentration process, with oxidation/reduction at the electrodes;

electrons are transferred by electrostatic adsorption. Two carbon electrodes are sep-

arated by spacer, through which the feed flows. By applying an electrical potential

over the electrodes, ions adsorb on the electrodes (electrosorption); when the elec-

trodes are saturated, the electrical potential is reversed (cathode becomes anode and

vice versa). This releases the ions from the electrodes so that they can be removed.

An important feature of the process is the adsorption capacity of the electrodes.

An enhanced adsorption capacity is obtained by activation of the carbon, by using

carbon nanotubes, or carbon aerogels. In this way, a specific surface area of at least

1000m2/g can be obtained.

In addition, the electrical resistance of the feed solution should be low.

4 OH– 4 H2O + 4 e–

OH– ions  through electrolyte

O2+ 4 e– + 2 H2O 4 OH–Cathode

Anode

Oxygen 
from the air

Charge

Electrons moving 
through external 
circuit

Hydrogen

FIG. 7.22

Reactions and migration of charges for a fuel cell with alkaline electrolyte.
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Water dissociation is to be avoided, which requires to operate at a low potential,

typically between 0.8 and 1.5V.

A strong limitation in this concept of capacitive deionization is that counterions

adsorb as well, and occupy capacitance within the electrode. This reduces the effi-

ciency. A solution for this is the use of an anion-exchange membrane on the anode,

preventing cations to pass, and a cation-exchange membrane on the cathode, prevent-

ing anions to pass. In the regeneration step, under reverse polarity conditions, the

cation-exchange membrane prevents anions from migrating to the anode, and the

anion-exchange membrane prevents cations from migrating to the cathode. This is

shown in Fig. 7.23A and B; Fig. 7.23C also suggests the use of a selective cation-

exchange membrane, which adds a further feature to membrane capacitive deioni-

zation, since it allows for a shift in the ratio of monovalent versus divalent ions

(Choi et al., 2016).

Thus a capacitive deionization unit comprises a sequence of electrode-cation-

exchange membrane-feed flow channel-anion-exchange membrane-electrode, as a

repeating unit in a stack.

FIG. 7.23

Membrane capacitive deionization (A and B); in (C) the effect of using a monovalent selective

membrane is shown (Choi et al., 2016).

2877.6 Other configurations of electrodriven membrane processes



A relatively new configuration of CDI is Flow-electrode Capacitive Deionization

(FCDI) (Gendel et al., 2014). The static electrodes are replaced by flow electrodes,

which consist of carbon particles suspended in an aqueous electrolyte solution. Flow

electrodes are pumpable and can be regenerated in a separate module or compart-

ment. This is shown in Fig. 7.24 (Rommerskirchen et al., 2018).

By functionalization of the electrode surfaces with redox polymers in which the

charge on the electrodes can be modulated through Faradaic reactions under different

cell voltages, an alternative capacitive deionization process denoted as “Faradaic

CDI” (FaCDI) is obtained (He et al., 2018). It was shown that equilibrium adsorption

capacities 50%–100% higher than attained with CDI systems, and at smaller cell

voltages, depending on the redox potentials of the Faradaic moieties (He et al., 2018).

Modeling of membrane capacitive deionization is based on the adsorption capac-

ity (Hassanvand et al., 2018):

Q¼

ðtads
0

cin�ctð Þdt
� �

�V�

Mcarbon
(7.53)

Q is the salt adsorption in mmol salt/g carbon, tads is the adsorption duration, Cin is

the inlet salt concentration, Ct is the outlet salt concentration at any time t, V
�

is the

volumetric flow rate, and Mcarbon is the total mass of carbon in the electrodes.

The total charge (σ) can be obtained by integrating the electrical current (Ie)
passed through the cell over the adsorption time:

σ¼
ðtads
0

Ie tð Þdt (7.54)

The energy consumption (Whm�3) during the adsorption step can be calculated

based on the applied electrical potential, Vcell:

FIG. 7.24

Flow-through membrane capacitive deionizaton for continuous operation (Rommerskirchen

et al., 2018). BA/BC: Boundary layers at interface between IEM and anode/cathode, BW:

Boundary layers at interface between IEM and feed water channel.
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E¼Vcellσ

tads V
� (7.55)

Charge efficiency is defined as the ratio of salt removed over the amount of

charge transferred through the cell. The charge is divided by the Faraday constant

to be expressed as moles of electrons; and the amount of salt adsorbed is in moles

as well:

Λ¼Q �Mcarbon
σ

F=
(7.56)

A normalized charge efficiency can be defined, taking into account the requirement

for multiple charges to be transferred for a multivalent salt of valence z:

Λn ¼Qn �Mcarbon
σ=F

¼ z �Q �Mcarbon
σ

F=
(7.57)

7.6.8 ELECTRODIALYSIS WITH BIPOLAR MEMBRANES
The configuration of electrodialysis making use of bipolar membranes has already

been described earlier in this chapter (see Figs. 7.2 and 7.3). Modeling would depend

substantially on the specific application or reaction taking place. A template of a

model can be found in the conversion of sodium lactate (NaLac) into lactic acid

(HLac) (Roux de Balmann et al., 2002). The system, fluxes, and parameters are

shown in Fig. 7.25 (Roux de Balmann et al., 2002).

The two reactions taking place are described by their equilibrium:

KA ¼ nDH tð ÞnDLac tð Þ
VD tð ÞnDHLac tð Þ (7.58)

KE ¼
nCH tð ÞnCOH tð Þ

V2
C tð Þ (7.59)

The proton balance in the diluate is as follows:

dnDH tð Þ
dt

+
dnDLac tð Þ

dt
¼ JBMH �JCEMH (7.60)

If it can be assumed that the water dissociation equilibrium is fast, compared to the

transfer of protons through the cation-exchange membrane; and that the flux of

hydroxyl ions from the bipolar membrane is larger than that of protons through

the cation-exchange membrane, the variation of the OH– concentration in the con-

centrate becomes:

dnCOH tð Þ
dt

¼ JBMOH �JCEMH (7.61)
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For Na, it can be written:

dnDNa tð Þ
dt

¼�JCEMNa (7.62)

The mass balance for lactate is:

nCHLac tð Þ+ nDHLac tð Þ+ nCLac tð Þ+ nDLac tð Þ¼ nDLac,0 + n
D
HLac,0 (7.63)

nDNa tð Þ+ nCNa tð Þ¼ nDNa,0 + n
C
Na,0 (7.64)

Electroneutrality for the concentrate and diluate compartment:

nDOH tð Þ+ nDLac tð Þ¼ nDNa tð Þ+ nDH tð Þ (7.65)

nCOH tð Þ+ nCLac tð Þ¼ nCNa tð Þ+ nCH tð Þ (7.66)

The molar fluxes are:

JCEMH + JCEMNa ¼ JBMH (7.67)
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FIG. 7.25

Fluxes and reactions considered for the model for electrodialysis with bipolar membranes,

JH
BM and JOH

BM: (mol/s): molar flux of H+ and OH– produced by the bipolar membrane; JNa
CEM and

JH
CEM (mol/s): molar flux of Na+ and H+ through the CEM; ni

0 (mol): number of moles of i in

compartment j; Vj: volume in compartment j (Roux de Balmann et al., 2002).
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As described before, the fluxes of ions can be described in terms of transport

numbers:

JCEMNa

JCEMH

¼ tCEMNa

tCEMH

¼ uCEMNa

uCEMH

cCEMNa

cCEMH

(7.68)

where u refers to mobility and c to concentration.

Furthermore, the concentrations in the membrane are related to those in the

solution:

JCEMNa

JCEMH

¼ f
nDNa
nDH

� �
(7.69)

The variation in volume of the diluate compartment is as follows:

VD tð Þ¼V0 +

ð
Rvdt (7.70)

VC tð Þ +VD tð Þ¼ 2V0 (7.71)

The fluxes of H+ and OH– produced by the bipolar membrane may be the same:

JBMH ¼ JBMOH (7.72)

Eqs. (7.58)–(7.72) can be solved in principle, but this gives a set of 14 equations with
14 unknowns comprising strongly nonlinear differential equations, so that numerical

methods are required. However, some simplifications can be made. Firstly, the con-

tribution of diffusion to the transfer of target species, HLac and Lac, could be

neglected. The transfer of both species from the diluate to the concentrate is then

nonexistent, so that the number of mole of HLac and Lac in the concentrate remains

constant vs. time and equal to zero. Thus Eq. (7.63) becomes:

nDHLac tð Þ + nDLac tð Þ¼ nD0 (7.73)

In Eqs. (7.65), (7.66), nOH
D (t) and nH

C(t) can be neglected given the pH range:

nDLac tð Þ¼ nDNa tð Þ+ nDH tð Þ (7.74)

nCOH tð Þ¼ nCNa tð Þ (7.75)

For a given current density, the molar flux of sodium through the CEM is assumed to

remain constant during the conversion. The constant value of JNa
CEM can thus be

replaced by the parameter α. Then, Eq. (7.62) can be integrated between t ¼0 and

t ¼ tfinal and combined with Eq. (7.64):

nDNa tð Þ¼ nDNa,0�α � t t< tfinal
� �

(7.76)

nCNa tð Þ¼ nCNa,0 + α � t t< tfinal
� �

(7.77)

dnDNa tð Þ
dt

¼ dnCNa tð Þ
dt

¼ 0 (7.78)
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and

nCNa tfinal
� �¼ nCNa,0 + n

D
Na,0 (7.79)

Combining Eqs. (7.58), (7.42), and (7.57):

nDH tð Þ� nD0 KAVD tð Þ
nDH tð Þ+KAVD tð Þ + n

D
Na tð Þ¼ 0 (7.80)

So that

nDH tð Þ¼�nDNa tð Þ +KAVD tð Þ
2

+

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
nDNa tð Þ+KAVD tð Þ� �2

+ 4KAVD tð Þ nD0 �nDNa tð Þ� �q
2

(7.81)

And

nDH tð Þ¼�g tð Þ+
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
g tð Þ2 + 4KAVD tð Þh tð Þ

p
(7.82)

g tð Þ¼ nDNa,0�α � t+KAVD tð Þ (7.83)

h tð Þ¼ 4KAVD tð Þ nD0 �nDNa,0 + α � t
� �

(7.84)

The pH in the diluate, pHD(t), and the corresponding conversion factor, τ(t), are:

pHD tð Þ¼� log
nDH tð Þ
VD tð Þ
� �

(7.85)

τ tð Þ¼ 1

1 + 10 pHD tð Þ�pKAð Þ (7.86)

7.6.9 REVERSE ELECTRODIALYSIS
The principles of reverse electrodialysis have been outlined earlier in this chapter.

Modeling of reverse electrodialysis comprises two aspects:

– the estimation of the power density that can be achieved from the system;

– transport of ions in the system from concentrated to diluted side.

The former aspect is described in the literature based on electromotive force, internal

stack resistance, salt and water flux, and concentration gradient (Hong et al., 2013).

Often this is elaborated for single salt (NaCl) systems, but it has been shown that mag-

nesium sulfate, sodium sulfate, and magnesium chloride in the feed solutions of the

RED system lead to a 15%–43% lower power density than when sodium chloride

is the single ion source. Other factors that were found to lead to higher power densities

were higher flow rates in the saline water compartment and shorter intermembrane

distances in the freshwater compartment (Hong et al., 2013; Hong et al., 2014).

The Nernst equation can be used to estimate the potential differences over the

stack; for saline water and freshwater containing NaCl and MgSO4 this would be:
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RT
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" # (7.87)

Similar equations can be written for other systems. The activity coefficients can be

estimated by the Debye-H€uckel theory, or more specific thermodynamic equations.

The current density I(x) is

I xð Þ¼ Ecell xð Þ
Rint xð Þ+Rext xð Þ (7.88)

with Rint(x) the internal cell resistance and Rext(x) the external resistance.
The internal cell resistance is:

Rint xð Þ¼RS xð Þ+RF xð Þ+RAEM +RCEM (7.89)

and

RS xð Þ¼ f � δS

λABm,S cA
+

S,ave + c
B�
S,ave

� �
2

+
λCDm,S cC

2 +

S,ave + c
D2�
S,ave

	 

2

0
BBBB@

1
CCCCA (7.90)

RF xð Þ¼ f � δF

λABm,F cA
+

F,ave + c
B�
F,ave

� �
2

+
λCDm,F cC

2 +

F,ave + c
D2�
F,ave

	 

2

0
BBBB@

1
CCCCA (7.91)

In this equation, f is the obstruction factor, which describes the negative shielding

effects of the spacer. For example, if the spacers used in the experiment occupy

46% of the area in a plane projection (Rommerskirchen et al., 2018), the obstruction

factor is 1/(1�0.46)¼1.9.

The power density is:

Pd xð Þ¼ 1

2
I2 xð ÞRext xð Þ (7.92)

With a maximum power density

Pd xð Þ¼ 1

2

E xð Þ
2Rext xð Þ
� �2

Rext xð Þ (7.93)

The second aspect of transport of ions can in principle be described by the same

Nernst-Planck transport theory as used for electrodialysis (Tedesco et al., 2016)

or can be described by irreversible thermodynamics (Zlotorowicz et al., 2017).

The only difference with electrodialysis is in the electrical potential, which is the
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driving force in one case and the objective function in the other case; the transport

equations, however, are the same.

In a comprehensive approach in which all aspects are integrated (Veerman et al.,

2011), the influence of the operational parameters can be assessed; in a comparison

between countercurrent and concurrent designs, it was found that cocurrent operation

leads to smaller local pressure differences between the freshwater and seawater com-

partments, and therefore a lower risk of leakages and the possibility to use very thin

membranes with high fluxes and very open spacer structures with low hydrodynamic

resistance (Veerman et al., 2011).

Furthermore, segmentation of the electrodes was observed to increase the power

density (by ca. 15% under realistic operational conditions), and that systems with a

shorter flow path have higher power densities (Veerman et al., 2011).

7.7 CONCLUSIONS
Modeling of electrodriven processes has a basis in the use of the Nernst-Planck equa-

tion for electrodialysis. This equation includes the influence of electrical potential,

concentration differences, and pressure differences, although the latter can typically

be neglected. The resulting equations are relatively complex by nature. Phenomeno-

logical equations can be used as a pragmatic alternative; the Nernst-Planck equation

can be further reduced to dimensionless variables as well, which can then be empir-

ically modeled. As a result, current densities can be related to concentration changes

in the diluate and concentrate compartments. The selectivity that can be obtained is

expressed in terms of transport numbers, by using resistances, or in a more pragmatic

way, by using the separation efficiency.

A large number of variations of electromembrane processes have been devel-

oped. Some of these have found a wide entry into industrial practice, such as capac-

itive deionization (with ion-exchange membranes) and membrane electrolysis. Other

processes are currently high on the research agenda, such as reverse electrodialysis,

or have reached a stage of sufficient maturity in which wide-scale application

depends on other than technical issues (diffusion dialysis, fuel cells, electrodialysis

with bipolar membranes). Some processes are very specific by definition (electro-

electrodialysis, continuous deionization, Donnan dialysis). Modeling of these pro-

cesses has a similar basis to electrodialysis, although modifications are necessary

in order to highlight the specific aspects of each technology.
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8.1 INTRODUCTION
Membrane technology has shown an undoubtedly interest by the research community

and industry due to its large number of advantages, such as the easy scale-up of the

membrane systems and relatively low energy consumption. However, the application

of only one membrane-based system may not lead to an economically or even tech-

nically acceptable solution.Theapplicationofhybridprocesses that combinedifferent

kinds of membrane devices or membranes with conventional processes is a way to

overcome any limitation. A hybrid process has been defined in the literature as a
process package consisting of generally different, unit operations, which are inter-
linked and optimized to achieve a predefined task (Lipnizki et al., 1999). From this

definition, two kinds of hybrids can be defined (Lipnizki et al., 1999):

– Type S(eparation): hybrid processes consisting of processes which are essentially

performing the same function. For example, those processes performing

separation, such as the combination ultrafiltration-membrane crystallization, or

pervaporation-distillation.

– Type R(eactor): hybrid processes that are an offspring of two different processes.

For example reaction-separation, such as the combination reaction-

pervaporation.

Hybrid processes are more than just integrated processes. A true hybrid process
circumvents the technical limitations (generally thermodynamic) that apply to at
least one of the component unit operations (Lipnizki et al., 1999). Taking this

definition as reference, the following sections show several examples of hybrids

based on membrane technology. The output of these studies is basically the evalu-

ation of the technical viability of the process, which is key information before an

economic and environmental evaluation can be performed.

8.2 HYBRIDS BASED ON PRESSURE-DRIVEN PROCESSES
8.2.1 EXAMPLE 1: HYBRID NANOFILTRATION-DISTILLATION FOR
MICROALGAE EXTRACT CONCENTRATION
Oil extraction for biofuel production from edible oils such as palm oil, sunflower oil,

canola oil, or soybean oil could be questionable since it affects directly the food

supply. Microalgae oil has appeared as a new feedstock for the production of biodie-

sel as well as bioethanol, biosynthesis gas, or bio-oil through thermochemical and

biochemical processes (Lopresto et al., 2017). Oil extraction is generally carried

out using a solvent, whose recovery is a critical issue in the overall process. Solvent
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recovery by organic solvent nanofiltration has been considered in the literature

(Lopresto et al., 2017). Lopresto et al. (2017) simulated the conventional process

for solvent recovery and a hybrid combining nanofiltration and distillation. The

energy consumption and the total cost were calculated. Aspen Plus was used to per-

form the simulation. The oil component was assumed to be triolein due to the lack of

information on algae oil, and UNIFAC was the thermodynamic method to perform

the simulation. Fig. 8.1A shows the flowsheet of the conventional process, and

Fig. 8.1B the hybrid process. The feed stream consisted of 1000L/h with 1g/L of oil.

The conventional process (Fig. 8.1A) includes two distillation columns. The first

column concentrates the oil to a concentration of 75wt.%, which is sent to the second

distillation column, which operates under vacuum in order to avoid oil denaturation.

In this column, the oil is concentrated to high purity. On the other hand, the hybrid

process includes a nanofiltration unit operating at 20bar that preconcentrate the oil

before being sent to distillation. In the retentate stream, the oil concentration was

10wt.%. In the permeate stream, the solvent was almost pure. In the distillation

column, pure oil was then produced. From the simulation results, it was observed

that energy consumption of the hybrid process was much lower than the conventional

one. However, in terms of cost, the hybrid process led to a higher overall cost due to

the investment on membrane units. For the conventional process, the main cost is due

to the heat exchangers of the distillation columns. Thus even though the total cost

of the hybrid is larger than the conventional process, the higher cost of utilities in

the conventional process is burden over time and the hybrid will become more

interesting after 5–10 years of operation.

8.2.2 EXAMPLE 2: WATER DESALINATION
Membrane technology has conquered the application of provision of clean water

from sea water desalination. However, the main environmental challenge is brine

discharge. Reverse osmosis (RO) was considered the leading technology for this

purpose but currently, forward osmosis (FO) has appeared in the picture to lower

the energy consumption. In addition, it employs various draw solution recovery

methods. Mazlan et al. (2016) simulated several configurations based on reverse

osmosis and forward osmosis. The mathematical models used in the simulation

and not present in the software library were programmed in Matlab, and embedded

in the Aspen Plus environment. The interoperability between the modeling tool,

Matlab, and the process simulation suite, Aspen One, was achieved using CAPE-

OPEN interface standards (Peshev and Livingston, 2013). Fig. 8.2 shows the two

main desalination processes studied in their work: (a) Reverse osmosis (RO) with

ultrafiltration (UF) pretreatment; and (b) forward osmosis (FO) with UF pretreat-

ment and varying draw solution recovery methods (nanofiltration (NF) for the recov-

ery of MgSO4 draw solution; UF for the recovery of polyacrylic acid-nanoparticles

(PAA-NP) and, distillation for the recovery of CO2-NH3 draw solution). The main

objective was to calculate the specific energy consumption (SEC) of each alternative.
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FIG. 8.1

Solvent recovery in the concentration of microalgae oil: (A) conventional process; (B) hybrid

nanofiltration-distillation process.
Reproduced with permission from Lopresto, C.G., Darvishmanesh, S., Amelio, A., Mazinani, S., Ramazani, R.,

Calabrò, V., Van der Bruggen, B., 2017. Application of organic solvent nanofiltration for microalgae extract

concentration. Biofuels, Bioprod. Biorefin. 11(2), 307–324.
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Fig. 8.3 shows the comparison of SEC and specific membrane area between a

single-stage RO, FO with NF recovery, FO with two-stage NF recovery, two-stage

RO, FO-UF and FO-distillation at 50% and 75% product recovery, considering the

effects of pretreatment as well. The authors indicated a very low energy consumption

for the FO stage (e.g., �0.11kWhm�3) at 50% recovery since the process is driven

by osmotic pressure instead of hydraulic pressure difference and the low pressure

pump (LPP) only needs to overcome the pressure drop in the feed channel

(Mazlan et al., 2016). At 75% product recovery, no difference in the specific energy

consumption was found between the FO with two-stage NF recovery process and the

two-stage RO. The FO with CO2-NH3 DS recovery process utilizing distillation had

the lowest specific energy consumption compared to all other processes. As general

conclusion, it can be said that there is effectively no difference in SEC between the

FO with NF recovery and RO processes. Furthermore, Mazlan et al. (2016) con-

cluded that even if any of the membranes, FO, RO, or NF had infinite permeabilities

and 100% rejection, it would not change the SEC significantly. This analysis can be

generalized for any pressure-driven membrane process used for the desalination

recovery stage.

Valladares Linares et al. (2016) performed an economic analysis on capital and

operational expenses (CAPEX and OPEX) for (i) a hybrid forward osmosis-low-

pressure reverse osmosis (FO-LPRO) process, (ii) a conventional seawater reverse

osmosis (SWRO) desalination process, and (iii) a membrane bioreactor-reverse

osmosis-advanced oxidation process (MBR-RO-AOP) for wastewater treatment

and reuse. Fig. 8.4A shows the cost of the treatment plants for each scenario, and

Fig. 8.4B presents the total cost of water production per cubic meter. It can be

observed that the FO-LPRO hybrid membrane system has a 21% higher CAPEX
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Desalination process flowsheets considered in this study for comparison of specific energy

consumption. (A) RO desalination process with UF membrane pretreatment. (B) FO

desalination process with UF membrane pretreatment and varying draw solution recovery

methods.
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and 56% lower OPEX due to saving in energy consumption and fouling control.

For the total cost of the project (CAPEX+OPEX), the most economically feasible

scenario is the FO-LPRO plant. In addition, the FO-LPRO scenario has the lowest

cost of water at USD 0.636 per m3. The MBR-RO-AOP scenario has a very similar

cost of USD 0.637 per m3 (Valladares Linares et al., 2016).

Water desalination is becoming more and more necessary in the current global

scenario. Seawater is one of the target sources of water but not the only one. Treated

wastewater for potable use is an option that may need to be considered seriously

due to the current water stress in some parts of the planet. Hybrids based on

pressure-driven membrane systems have demonstrated to reach very high quality

of water, meeting the standards of the World Health Organization. The social

perception is the main barrier that limits the real use of treated wastewater for

consumption purposes. The case of direct use of treated wastewater as potable water

in Windhoek (Namibia) is the only case in which social acceptance has been

achieved (du Pisani, 2006; Wintgens et al., 2005).
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8.3 HYBRID PROCESSES BASED ON PERVAPORATION
Pervaporation has been commonly proposed in combination with reaction or distil-

lation. The hybrid pervaporation reactor is of interest to perform reactions that are

limited by the equilibrium such as esterification or transesterification reactions. In

this case, one of the reaction products (ideally the desired product) is removed from

the solution, displacing the equilibrium according to Le-Châtelier principle and

increasing the product yield. On the other hand, the hybrid pervaporation-distillation

is very common when azeotropic mixtures are present. An azeotrope increases

the energy consumption of the distillation process significantly since more advanced

distillation, such as azeotropic distillation or pressure swing distillation, is required.

Using pervaporation gives the advantage of not having thermodynamic limitations

due to the azeotrope, thus that mixture can be separated if the membrane is selective

to one of the compounds. Stand-alone pervaporation may not be technically or eco-

nomically attractive, but its integration with distillation is a very interesting option to

minimize energy consumption and respond to the industrial demands.

8.3.1 EXAMPLE 1: PRODUCTION OF ETHYL TERT-BUTYL ETHER
The etherification reaction of isobutene (IB) with ethanol (EtOH) to produce ethyl

tert-butyl ether (ETBE) is an equilibrium-limited reaction that is performed indus-

trially using an acid catalyst. The etherification reaction is highly selective so that

only isobutene is converted into ether; an excess of alcohol is usually fed to the reac-

tors in order to achieve high conversions of isobutene (Norkobilov et al., 2017). The

reaction is performed in two reactors, the first one operating at up to 90°C, while the
second reactor operates in the range 50–60°C. In this way, high rates of conversion

are achieved. The product of the second reactor is sent to a distillation column for

further purification. An azeotrope between ethanol and ETBE can be found at

21.7wt% ethanol at 1bar and 65.6°C. Thus simple distillation is not able to achieve

high product purity and other systems, such as pressure swing distillation, are used.

In order to decrease energy consumption, pervaporation has been presented as a

technological alternative. However, stand-alone pervaporation may not be techni-

cally or economically feasible. Norkobilov et al. (2017) studied the technical and

energy performance of several hybrid distillation-pervaporation processes using a

PERVAP 2256 membrane. Two main hybrid configurations were evaluated:

(i) the pervaporation unit before the distillation column; or (ii) the pervaporation unit

after the column on a side stream or directly in the distillate stream of the column.

Fig. 8.5 shows the conventional process and the proposed hybrid alternatives.

The Aspen CustomModeler (ACM) software was used to simulate the pervapora-

tion process. The ACMmodel was then exported to Aspen Plus software to integrate

the pervaporation membrane module into the studied flowsheets. The authors found

that the hybrid process designed in case C, in which the pervaporation modules are

located on a side stream withdrawn from the distillation column, is more favorable in

energy consumption and it shows lower content of ethanol in distillate stream than
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other membrane integrated hybrid processes. In addition, recycling the permeate rich

in ethanol to the reaction area showed a slight increase in the conversion of isobutene

of 0.943.

8.3.2 EXAMPLE 2: SEPARATION OF METHANOL/TETRAHYDROFURAN
MIXTURES
Tetrahydrofuran (THF) is commonly used as solvent, reaction medium, and starting

material for various syntheses in the chemical industry, for example, for preparing

adhesives, special paints, coatings, fibers, in the extraction of specific active sub-

stances, for recrystallization of certain compounds or as starting material for various

syntheses in a number of reactions. After these uses, the THF is often contaminated

with methanol or methanol and water (Krug and Palm, 1996). Recovery of THF

could be attractive if a technological solution is proposed (Luis et al., 2014). Con-

ventional distillation is not possible due to a methanol/THF azeotrope. Pressure

swing distillation is a conventional technology to perform the separation since the

azeotrope is pressure sensitive. The azeotrope contains 31wt% methanol (boiling

point: 59°C) under atmospheric pressure (minimum azeotrope), and 50wt% metha-

nol (boiling point: 102°C) at 4atm. Thus two distillation columns working under
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Diagram of the conventional Huels process for ETBE production: (A) conventional process;

(B) Three possible hybrid distillation-pervaporation configurations.
Reproduced with permission from Norkobilov, A., Gorri, D., Ortiz, I., 2017. Process flowsheet analysis of

pervaporation-based hybrid processes in the production of ethyl tert-butyl ether. J. Chem. Technol. Biotechnol.

92, 1167–1177.
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different pressures allow the separation of THF and methanol (Fig. 8.6A). However,

this process is energetically very demanding. Pervaporation appears as a technology

able to minimize the energy consumption. Luis et al. (2014) evaluated the membrane

performance and its effect on the recovery of the solvent and energy demand.

A pervaporation unit was placed after a conventional distillation so that the feed

stream that goes to the pervaporation unit has a concentration closer to the azeotropic

point (Fig. 8.2B). In addition to the technical viability, a life cycle assessment (LCA)

was performed to quantify the main impacts that the production and recovery of THF

and methanol can produce, including impacts from raw material extraction, solvent

production, use of energy and ancillaries, as well as waste-solvent treatment. The

input data required to perform the LCA is obtained from the simulation of the pro-

cess, including the requirements of steam, cooling water and electricity for pressure

swing distillation, and steam, cooling water, liquid nitrogen, and electricity in the

hybrid distillation-pervaporation. The objective was to achieve a purity of 99%

for methanol and THF, establishing each time one target compound (methanol or

THF) in the mixture, that is, indicating a target recovery of 99% of one of the com-

ponents in the mixture. The waste stream that was not recovered was sent to a generic

incinerator with energy recovery (Luis et al., 2014). Aspen Plus v7.2 and Aspen

HYSYS v7.1 were used to simulate pressure swing distillation (two distillation

columns) and the hybrid distillation-pervaporation. SimaPro software was used to

perform the LCA.

The flowsheet presented in Fig. 8.6A led to energy requirements of 19,875kJ/h.

Instead, when using pervaporation as indicated in Fig. 8.6B, the energy requirements

are 2775kJ/h. Thus a dramatic decrease in energy consumption can be observed

when pervaporation is used instead of the second distillation column. The reason

was the composition of the recycle stream since the use of pervaporation allows

its concentration, decreasing the energy requirements in the first distillation column.

Thus from the point of view of energy consumption, the hybrid process presents a

large advantage over pressure swing distillation. Nevertheless, the degree of separa-

tion caused by the membrane will have a direct impact on the energy consumption.

Fig. 8.7 shows the effect of the separation factor on the energy consumption and the

product composition. Two kinds of situations are considered: membranes with low

flux and high separation factor (Fig. 8.7A) and membranes with high flux and low

separation factor (Fig. 8.7B). Membranes that achieve high flux of methanol

decrease the energy consumption even though the separation factor is small. In con-

trast, high methanol-selective membranes with low flux involve high energy con-

sumption unless the separation factor is higher than 1000. This is due to the

larger amount of solvent that is recycled to the distillation column if low-flux mem-

branes are used. This thermal energy could be decreased by using more membrane

surface, although it would increase the energy consumed by the pervaporation as

well as the investment cost (Luis et al., 2014).

From the LCA, the environmental impact of each process can be determined. The

first two columns in Fig. 8.8A and B show the results for pressure swing distillation

when methanol (first column) or THF (second column) is the target compound to be
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recovered. The same is shown for the hybrid process in the third and fourth columns.

The last column refers to incineration. Clearly, the hybrid distillation-pervaporation

produces the lowest environmental impacts when THF is the target compound to be

recovered. This is due to the high impact caused during the production of this solvent

(Luis et al., 2013; Amelio et al., 2014). On the other hand, recovery of methanol
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FIG. 8.8

Environmental impact (ReCiPe) when pressure swing distillation (focused on methanol—first

column or THF recovery—second column), hybrid distillation-pervaporation (focused on

methanol—third column or THF recovery—fourth column), and incineration are considered

for a mixture of 25wt% methanol/75wt% THF: (A) mid-points categories; (B) end-points

categories (i.e., Human Health, Ecosystem Quality and Resources).
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produces higher impact than incineration, which confirms the fact that THF is the

only solvent worthy to be recovered (Luis et al., 2014). Combination of the technical

and environmental evaluation is thus of utmost importance in the rational design of

novel processes or treatment alternatives.

8.3.3 EXAMPLE 3: OLEFIN-PARAFFIN SEPARATION
Olefins, such as ethylene and propylene, are intermediate products in the petrochem-

ical industry. Their separation from paraffin is a very energy-intensive process since

it is commonly performed via cryogenic distillation. Very high columns are required

(more than 200 trays) due to the close molecular weight and boiling point, as well as

their relative volatility (Barakat and Sørensen, 2008; Takht Ravanchi et al., 2009).

Thus the development of membrane/distillation hybrid systems has attracted the

attention of the research community in order to decrease the energy consumption

by locating the membrane unit beside the distillation tower so that a part of the sep-

aration is undertaken by the membrane (Pedram et al., 2014). A variation of perva-

poration in which a liquid phase is fed into the membrane unit, is vapor permeation,

characterized by having a vapor feed stream. Determining the optimal position of the

membrane along the column and the minimal energy consumption of the hybrid are

the key issues in the design of the hybrid (Kookos, 2003; Olujic et al., 2010;

Caballero et al., 2009; Pettersen et al., 1996; Ayotte-Sauve et al., 2010; Moganti

et al., 1994). Pedram et al. (2014) evaluated different optimization options for dis-

tillation/membrane hybrid systems (Fig. 8.9), minimizing the number of trays and

reflux ratio of the distillation column. HYSYS was used as the process simulator

and MATLAB as the mathematical tool for modeling the hybrid process.

The four different hybrid configurations shown in Fig. 8.10 present the mem-

brane system located in different positions: (a) at the top of the distillation column

(the distillate stream is the membrane feed), (b) at the bottom of the distillation

column (the heavy fraction is the membrane feed), (c) the membrane is located in

parallel to the distillation column so that the membrane feed is a side stream from

the column and its product will feed back into the column, (d) the membrane is

located in a front configuration in which the main feed enters the membrane and

its products pass to the distillation column to be further purified. In cases (a) and

(b), the final purification is performed by the membrane unit and the retentate

and permeate streams will feed back into the column, respectively. The membrane

feed is supposed to be saturated vapor and the feed into the tower as saturated liquid

(Pedram et al., 2014).

The results obtained by Pedram et al. (2014) confirmed that using a membrane

along with a distillation tower in a hybrid configuration brings remarkable advan-

tages in terms of reduction of the size of the distillation column and energy consump-

tion. Indeed, the number of trays could be reduced as much as 30% when the reflux

ratio is fixed by increasing the feed flow rate to the membrane unit. Thus the invest-

ment costs are reduced, with spending the same operating costs. On the other hand,

with fixing the number of trays, the reflux ratio can be decreased up to 50%, thus
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decreasing the operating costs with keeping the investment cost. In addition, in the

hybrid configuration, a more purified product can be obtained. The hybrids mem-

brane/distillation column are thus an excellent alternative to improve conventional

separations.

8.3.4 EXAMPLE 4: BIOETHANOL PRODUCTION
Bioethanol is considered as a clean and renewable fuel with major environmental

benefits. It can be produced from different kinds of renewable feedstock: sugarcane,

corn, wheat, cassava (first generation), cellulose biomass (second generation), and

algal biomass (third generation) (Baeyens et al., 2015). The produced bioethanol

is very diluted in an aqueous solution, thus it has to be purified. Distillation can

FD, FM

FW, FM

FWFW

FD

FD

FD

FP

FP

FP
FP

Fret

Fret

Fret
Fret

Ff
Ff

Ff Ff, FM
FM

FW

Distillation

Distillation
Distillation

Membrane

Distillation

Membrane

Membrane
Membrane

(A) (B)

(C) (D)

FIG. 8.9

Hybrid system configurations, (A) top, (B) bottom, (C) parallel, and (D) front.
Reproduced with permission from Pedram, S., Kaghazchi, T., Takht Ravanchi, M., 2014. Performance and

energy consumption of membrane-distillation hybrid systems for olefin-paraffin separation. Chem. Eng. Technol.

37, 4, 587–596.

3158.3 Hybrid processes based on pervaporation



concentrate ethanol to the azeotropic mixture, which has a concentration of

95.6vol% of ethanol. Further concentration of ethanol requires other alternatives

than distillation. Baeyens et al. (2015) presented a hybrid configuration reaction-

pervaporation to reduce the ethanol concentration in the fermenter below the inhi-

bition threshold limit of about 12vol%. The continuous removal of ethanol would

increase the yield of the fermenter. Fig. 8.10A shows the schema of the proposed

hybrid. In this case, the pervaporation unit is an independent device (outside the reac-

tor) that receives the fermentation broth but the membrane could be integrated inside

the reactor so that no recycle of retentate is required, as indicated in Fig. 8.10B

(Esfahanian et al., 2013). The objective of the pervaporation membrane is two-fold:

(i) to remove ethanol from the reaction mixture so that the product yield is increased

in equilibrium-limited reactions; and (ii) to concentrate ethanol beyond the
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FIG. 8.10

Hybrid reaction-pervaporation for bioethanol production: (A) reaction and pervaporation in

different devices; (B) the pervaporation membrane is integrated inside the reactor (1—MBR;

2—Membrane; 3—Feed solution; 4—Sampling port; 5—Temperature controller; 6—Heater;

7—CO2 outlet; 8—Pirani gauge; 9—N2 cold trap; 10—Vacuum pump; 11—Temperature

preservative box).
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azeotropic concentration. Using these configurations may achieve both objectives

but the membrane permeability and selectivity will determine the benefit obtained

by the use of pervaporation.

8.4 HYBRID PROCESSES BASED ON GAS PERMEATION
8.4.1 EXAMPLE 1: HYBRID ABSORPTION-GAS PERMEATION FOR
CO2 CAPTURE
Capture of carbon dioxide is commonly carried out by absorption-desorption pro-

cesses using organic solvents, such as diethylamine or monoethylamine. The main

concern of this process is the high energy consumption during the regeneration of

the solvent (desorption step). Novel processes based on membrane technology are

widely studied. One example is the development of hybrids consisting of the conven-

tional absorber and gas permeation. Freeman et al. (2014) presented two different

configurations (e.g., in series and in parallel). In the series configuration, the

absorber removes approximately half of the CO2 in the flue gas, followed by addi-

tional separation by the membrane contactor to achieve 90% total removal of CO2 by

the hybrid capture system. Boiler combustion air is used as a sweep gas on the mem-

brane permeate side while passing carbon dioxide-rich flue gas at the same pressure

across the membrane feed side. In this way, the partial pressure of the carbon dioxide

on the permeate side is maintained lower than on the feed side. Carbon dioxide then

passes from the flue gas into the sweep air stream that goes to the boiler. The result is

to enrich the CO2 content in the flue gas from a coal-fired power plant from 13% to

�23%. In the parallel configuration, the flue gas leaving the power plant is split and

treated by each system in a parallel arrangement. The principal advantage is that the

absorber can be around half the size it would normally be. Fig. 8.11 shows both

configurations.

As a major conclusion, it was found that the hybrid process offers the potential for

two modes of cost savings: a reduction in regeneration energy in the series case and a

reduction in capital costs in the parallel case.

8.4.2 EXAMPLE 2: HYBRID PRESSURE SWING ADSORPTION—GAS
PERMEATION FOR GAS SEPARATION
Pressure swing adsorption (PSA) is an alternative to cryogenic gas separation that

achieves very high purity. Gas permeation using membranes has also become a com-

mon technology for gas separation, mainly when product purity requirements are less

severe. Esteves and Mota (2002) presented an optimized gas separation process inte-

gratingmembranes and PSA aiming at the separation of H2/CH4mixtures, improving

product purity and/or recovery compared to the stand-alone systems. Fig. 8.12

presents the schematic diagram of the hybrid cyclic process developed for bulk

separation of a binary mixture using a membrane device and a dual-bed PSA unit.
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The membrane has the objective of performing the bulk separation operating in

countercurrent flow mode to maximize the average driving force. Both the permeate

and retentate streams are sent to the PSA at different steps for higher purity and

recovery. The retentate is sent directly to the PSA but the permeate stream is stored

in an intermediate tank before being sent to the adsorbent unit. Basically the follow-

ing steps are proposed: (1) incomplete pressurization (PR1) of one of the PSA beds

with the permeate stream, which is stored in the intermediate tank; (2) the adsorbent

bed is pressurized with regular feed gas to complete the pressurization step (PR2);

(3) the high pressure adsorption step (HPA) is initiated by feeding the PSA with

the residue stream from the membrane; (4) cocurrent blowdown (CD) to recover

the residual amount of component A; (5) countercurrent blowdown (BD) and purge

(PG) to recover component B and regenerate the bed for the next cycle. In this pro-

cess, each bed as well as the membrane is operating in batch but the whole process is

continuous and it operates in cyclic steady state (Esteves and Mota, 2002).

Fig. 8.13 shows the H2 recovery and purity for the stand-alone PSA and the

hybrid process as a function of the feed flow rate (Esteves and Mota, 2002). An

increase of the feed flow rate results in longer bed coverage at the end of the

HPA step and decreases the purity of CH4. In addition, the hybrid system allows

a higher feed throughput than the stand-alone PSA unit for the same separation
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Cycle sequence of hybrid membrane-PSA process.
Reproduced with permission from Esteves, I.A.A.C., Mota, J.P.B., 2002. Simulation of a new hybrid membrane/

pressure swing adsorption process for gas separation. Desalination 148, 275–280.
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performance. Thus the hybrid using membrane gas permeation increases the

treatment capacity of the overall process.

8.4.3 EXAMPLE 3: HYBRIDS FOR BIOGAS UPGRADING
Updated biogas could substitute natural gas for energy supply and as feedstock for

chemical synthesis. However, H2S, water vapor, and mainly CO2 have to be removed

from CH4 to enhance the heating value of the product gas. The raw gas contains

around 60mol% of CH4 and it should be increased to more than 96mol% in order

to meet the natural gas requirements (Scholz et al., 2013). Common techniques

for biogas upgrading are amine scrubbing, pressurized water scrubbing, pressure

swing adsorption, and gas permeation. In addition, hybrids that combine gas perme-

ation with established separation processes would merge the advantages of both tech-

nologies. Scholz et al. (2013) analyzed seven different membrane hybrid processes

for biogas upgrading. A single gas permeation stage was combined with pressurized

water scrubbing, amine absorption, cryogenic separation, and a particular process in

which the permeate of the gas permeation stage drives a gas engine. The authors’

idea was to consider two main situations: one in which the membrane is used for

the bulk removal of CO2 and the conventional separation equipment performs the

final purification, and a second one where the conventional separation technology

is used to enhance the CH4 recovery by separating CO2 and CH4 in the permeate

stream of the gas permeation stage. Figs. 8.14–8.16 show the proposed hybrids in

the study. An economic evaluation was carried out and the results were compared

with those obtained considering an individual three-stage membrane process as well

as conventional separation processes. The simulation was performed in Aspen Plus.
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Impact of feed flow rate on H2 product purity (A) and recovery (B) for stand-alone PSA

(4, P,¼35bar; ▲, P,¼2.5bar) and for the hybrid gas permeation-PSA (□, P, ¼35bar;
n, P,¼25bar).
Reproduced with permission from Esteves, I.A.A.C., Mota, J.P.B., 2002. Simulation of a new hybrid membrane/

pressure swing adsorption process for gas separation. Desalination 148, 275–280.
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Membrane hybrid processes in which gas permeation technology is combined with

pressurized water scrubbing equipment. (A) Membrane hybrid process in which the retentate

stream of the membrane is fed to a pressurized water scrubbing absorber which is referred to

as PWS 1. (B) Membrane hybrid process in which the permeate stream of the membrane is

fed to a pressurized water scrubbing absorber which is referred to as PWS 2.
Reproduced with permission from Scholz, M., Frank, B., Stockmeier, F., Falß, S., Wessling, M., 2013. Techno-

economic analysis of hybrid processes for biogas upgrading. Ind. Eng. Chem. Res. 52, 16929�16938.
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Membrane hybrid processes in which gas permeation technology is combined with amine

scrubbing equipment. (A) Membrane hybrid process in which the retentate stream of the

membrane is fed to an amine scrubbing absorber. This process is referred to as Amine 1.

(B) Membrane hybrid process in which the permeate stream of the membrane is fed to an

amine scrubbing absorber. This process is referred to as Amine 2.
Reproduced with permission from Scholz, M., Frank, B., Stockmeier, F., Falß, S., Wessling, M., 2013. Techno-

economic analysis of hybrid processes for biogas upgrading. Ind. Eng. Chem. Res. 52, 16929�16938.
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The CHP process (hybrid combined heat and power process) shows the lowest

CH4 recovery since a major fraction of the raw gas is used to drive the gas engine.

In addition, those processes in which the single gas permeation membrane performs

the bulk separation and the conventional process equipment is used for final purifi-

cation, presented significant CH4 losses via the permeate of the membrane stage,

resulting in low CH4 recoveries (Scholz et al., 2013)

The specific upgrading costs are lower for the hybrid compared to the conven-

tional scrubbing process, and for the amine absorption process, the process config-

uration in which the membrane performs the bulk separation and the scrubber does

the final gas polishing is the only hybrid that seems to be better than the conventional

amine absorption process (Scholz et al., 2013). Thus hybrid processes with mem-

brane technology give competitive alternatives to conventional processes.

8.5 HYBRID PROCESSES BASED ON MEMBRANE
CONTACTORS
8.5.1 EXAMPLE 1: SEPARATION OF ORGANIC ACIDS
Enzymatic and biotechnological fermentation processes are alternative routes in the

chemical and pharmaceutical industry instead of conventional and well-established

chemical methods for the synthesis of target products and their intermediates.
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Membrane hybrid processes in which (A) a cryogenic separation separates the gases from the

permeate stream of the membrane module; (B) the permeate of the membrane stage is used

to drive a combined heat and power engine. (A) Membrane hybrid process in which the

permeate of the gas permeation membrane is compressed and separated in a low

temperature distillation column. This process is referred to as Cryogen. (B) Gas permeation

process connected to an engine which used the permeate stream as well as air and a fraction

of the raw biogas to provide both, heat and power. This process is referred to as CHP.
Reproduced with permission from Scholz, M., Frank, B., Stockmeier, F., Falß, S., Wessling, M., 2013. Techno-

economic analysis of hybrid processes for biogas upgrading. Ind. Eng. Chem. Res. 52, 16929�16938.
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The extraction of components from the reaction media is evolving toward the use of

two- and three-phase systems integrated with transformation or even forming hybrid

systems with biotransformation and separation occurring in one space (Schlosser

et al., 2005). Schlosser et al. (2005) reviewed the recovery and separation of organic

acids by membrane-based solvent extraction and pertraction, including interesting

examples of hybrid processes using those technologies, such as the extraction of ita-

conic acid using a hybrid bioreactor with supported liquid membranes (Bressler and

Braun, 2000), the extraction of fumaric acid using solvent extraction (Bressler et al.,

2002), or the recovery of s-phenylethanol using membrane-based solvent extraction

(Rissom et al., 1999) among others.

An example of hybrid reactor-membrane-based solvent extraction has been pro-

posed by Trusek-Holownia and Noworyta (2004) for the enzymatic synthesis of taste

dipeptides. The enzyme is dissolved in the aqueous phase, where the enzymatic con-

version takes place. The membrane contactor with a porous membrane separates the

aqueous phase from the organic phase, which is the reservoir of hydrophobic

reagents. The reaction product has strongly hydrophobic properties and it has a very

low solubility in water under the reaction conditions (60°C, pH 7.0). The high mass

transfer area of the membrane contactor for effective mass transport of the product

enabled its synthesis without precipitation in the aqueous phase. Fig. 8.17 shows the

flowsheet of the hybrid system.
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Schematic diagram of a membrane phase contactor applied in enzymatic conversion.
Reproduced with permission from Trusek-Holownia, A., Noworyta, A., 2004. Modelling of the

enzymatic synthesis of taste dipeptides with simultaneous extraction in a membrane phase contactor.

Desalination 160, 113.
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The advantage of using the hybrid continuous configuration instead of a batch

process can be observed in Fig. 8.18. In the continuous process, the reactor operates

at high substrate concentrations and a constant, high rate of enzymatic conversion.

Thus the productivity remains constant and no precipitation of the product takes

place.

8.5.2 EXAMPLE 2: DRAW SOLUTION RECOVERY
Membrane distillation has been proposed as a key technology in the development of

processes that involve the use of a draw solution. That is the case of the application of

forward osmosis for the concentration of compounds or for water desalination. For-

ward osmosis uses a concentrated draw solution placed on the other side of a semi-

permeable membrane to drive the transport of water molecules from the dilute feed

solution to the concentration draw solution. This situation is diluting the draw solu-

tion during the operation, thus the dehydration efficacy will decrease over time until

there is no enough driving force to lead a feasible process. Membrane distillation can

be used to concentrate again the draw solution in a hybrid configuration so that the

driving force in the forward osmosis unit is kept constant and a sustainable process is

achieved.

Wang et al. (2011) investigated the hybrid forward osmosis (FO)-membrane dis-

tillation (MD) in the dehydration of proteins, specifically a bovine serum albumin

(BSA) solution. In their hybrid, the FO is used for dewatering protein solutions while

the MD was used for draw solution recovery. Fig. 8.19 shows the proposed hybrid.

They found that the hybrid FO-MD was working under stable conditions in
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Comparison of process productivity obtained in the continuous and batch process.
Reproducedwith permission fromTrusek-Holownia, A., Noworyta, A., 2004.Modelling of the enzymatic synthesis

of taste dipeptides with simultaneous extraction in a membrane phase contactor. Desalination 160, 113.
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continuous operation when the dehydration rate across the FO membrane was the

same as the water vapor rate across the MD membrane. Thus a MD unit working

between 50°C and 60°C seems to be suitable to balance the FO water transfer rate

when using 0.5M NaCl as draw solution, as shown in Fig. 8.20A. However, it is

important to take into account that possible leakage of salts may take place.

Fig. 8.20B shows the NaCl leakage and BSA loss in the FO unit. This leakage of

draw solutes may be favorable or unfavorable depending on the type of draw solution

as well as the protein to be concentrated. The authors concluded that the FO-MD

hybrid system is a promising technology for the concentration of pharmaceuticals

due to its low temperature and pressure requirements, repeatability, controllability,

predictability, and desirable by-product (Wang et al., 2011).

8.5.3 EXAMPLE 3: TREATMENT OF WASTEWATER
Curcio et al. (2010) developed a hybrid nanofiltration-membrane crystallization for

the treatment of wastewater containing a high load of sodium sulfate salt produced in

the manufacture of rechargeable batteries. The nanofiltration unit is used as a pre-

concentration step before the membrane crystallization process in order to decrease

the membrane area and energy demand in the downstream membrane crystallization

unit, in which sodium sulfate will be crystallized and recovered. The flowsheet of the

hybrid is shown in Fig. 8.21. The concentrated solution produced in the
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Schematic diagram of the FO-MD hybrid system.
Reproduced with permission from Wang, K.Y., Teoh, M.M., Nugroho, A., Chung, T.-S., 2011. Integrated forward

osmosis–membrane distillation (FO–MD) hybrid system for the concentration of protein solutions. Chem. Eng.

Sci. 66, 2421–2430. https://doi.org/10.1016/j.ces.2011.03.001.
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nanofiltration unit is sent to membrane crystallization. Both feed and distillate

streams are recirculated. Fig. 8.22 shows the dependence of the transmembrane flux

of solvent on the feed distillate temperature difference (driving force of the evapo-

ration process). At temperature gradient of 5°C (Tfeed¼30°C and Tdistillate¼25°C),
the water flux scattered around 0.57�0.07kgm�2 h�1, a value not practical for

large-scale applications. When feed temperature was increased to 40°C (temperature

gradient of 12°C), the transmembrane flux enhanced by 156%, reaching an average

value of 1.46�0.19kgm�2 h�1 (Curcio et al., 2010). The produced crystals were the

anhydrous form of sodium sulfate. The hybrid nanofiltration-membrane crystalliza-

tion showed successful results for the recovery of sodium sulfate from wastewater

but the idea can be extended to other salts and applications.

8.6 HYBRID PROCESSES BASED ON MEMBRANE
BIOREACTORS
8.6.1 EXAMPLE 1: WASTEWATER TREATMENT AND REUSE
Membrane bioreactors (MBR) are widely used for wastewater treatment, but water

reuse involves a careful control of water quality and pollutants removal efficiency.

The presence of persistent compounds that are not easily biodegradable in the MBR

is a limitation of this technology. Song et al. (2018) studied the removal efficiency of
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Results for the FO-MD hybrid process for protein concentration: (A) water transfer rate;

(B) salt and protein (BSA) flux.
Reproduced with permission from Wang, K.Y., Teoh, M.M., Nugroho, A., Chung, T.-S., 2011. Integrated forward

osmosis–membrane distillation (FO–MD) hybrid system for the concentration of protein solutions. Chem. Eng.

Sci. 66, 2421–2430. https://doi.org/10.1016/j.ces.2011.03.001.
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crystallization system for the treatment of sulfate wastes. J. Membr. Sci. 360, 493–498.
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trace organic contaminants using MBR and proposed a hybrid based on MBR and

membrane distillation (MD) to increase the removal efficiency and produce high

quality water. Trace organic contaminants are released into the environment by agri-

cultural and industrial activities or human use and have been detected in wastewater

in concentrations up to fewmicrograms per liter (Osorio et al., 2012). TheMBR reac-

tor used by Song et al. (2018) worked under anaerobic conditions since it does not

require energy input for aeration and even it may lead to a positive energy balance by

producing biogas. However, the anaerobic MBR (or AnMBR) has a lower treatment

capacity to remove nutrients and persistent compounds. ApplyingMD after theMBR

would allow the removal of those compounds due to their resistance to biodegrada-

tion. Fig. 8.23 shows the schematic diagram of the laboratory-scale AnMBR-MD

hybrid system. The authors evaluated the hybrid system performance in terms of bio-

gas production, biomass characteristics, contaminant removal, and membrane foul-

ing. The hybrid AnMBR-MD produced 0.3–0.5L/g CODadded biogas with around

65% of methane. TheMD process could complement the AnMBR by further enhanc-

ing the removal of organic substances and phosphate (Fig. 8.24), reaching a near

complete removal. The MD rejects nonvolatile components, thus a considerable

accumulation of COD and PO4
3� in the MD feed solution is produced, leading to

a significant fouling of the MD membrane that causes a decrease of flux over time.

Regarding the removal of NH4
+, theMD removed around 90% during the first 20 days

of operation but it decreased gradually due to the conversion to ammonia (NH3) at

high feed temperature of 45°C since it is a volatile species that can be transported
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Transmembrane flux and inlet feed and distillate temperature profiles versus time.
Reproduced with permission from Curcio, E., Ji, X., Matin Quazi, A., Barghi, S., Di Profio, G., Fontananova, E.,

Macleod, T., Drioli, E., 2010. Hybrid nanofiltration–membrane crystallization system for the treatment of sulfate

wastes. J. Membr. Sci. 360, 493–498.
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through the MD membrane. NH4
+ was hence found in the MD distillate, which indi-

cates that ammonia volatilization has to be controlled and further removal of ammo-

nia may be required after the MD process. Finally, concerning the removal of

persistent components, the removal efficiency varied significantly with the kind

of component, as it can be seen in Fig. 8.25. The MD unit enhanced the overall

removal, reaching over 76% removal of all the compounds studied. Thus the hybrid

AnMBR-MD is a technological alternative to remove persistent components and

produce high quality water, although membrane fouling and ammonia permeation

are issues to take into account for further process improvement.

8.6.2 EXAMPLE 2: DRINKING WATER DENITRIFICATION
Nitrate is a pollutant present in groundwater mainly due to the use of nitrogen-rich

fertilizers. The maximum contaminant level limited by the World Health Organiza-

tion for nitrates in drinking water is 50mgNO3 L
�1 (Kapoor and Viraraghavan,

1997). Common technologies used for water denitrification are ion exchange, mem-

brane separation, and biological denitrification. However, these technologies present

drawbacks such as the disposal of spent regenerant brine containing nitrate and

excess sodium chloride in the case of ion exchange treatment, the addition posttreat-

ment required in order to remove the pollutant completely in the case of membrane

separation methods, or the potential risk of microbial contamination of the treated

water and presence of residual organics when biological denitrification is performed.

An interesting hybrid combining a continuous ion exchange membrane separation

(Donnan dialysis) of charged pollutants from water streams and their simultaneous

biodegradation has been proposed in the literature (Fonseca et al., 2000; Velizarov

et al., 2000/2001). Fig. 8.26A shows the mechanism of nitrate removal in the ion

exchange membrane bioreactor (IEMB) and Fig. 8.26B shows the IEMB process

used by Velizarov et al. (2000/2001). They used a nonporous mono-anion permse-

lective membrane that prevents direct contact between the polluted water and the
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Schematic diagram of the AnMBR-MD hybrid system.
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FIG. 8.24

Distribution and removal of (A) COD, (B) PO4
3� and (C) NH4

+ by the AnMBR-MD hybrid

process.
Reproduced with permission from Song, X., Luo, W., McDonald, J., Khan, S.J., Hai, F.I., Price, W.E.,

Nghiem, L.D., 2018. An anaerobic membrane bioreactor – membrane distillation hybrid system for energy

recovery and water reuse: removal performance of organic carbon, nutrients, and trace organic contaminants. Sci.

Total Environ. 628–629, 358–365.
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FIG. 8.25

Removal of persistent compounds by the AnMBR-MD hybrid process. The compounds are

listed in the order of increasing hydrophobicity.
Reproduced with permission from Song, X., Luo, W., McDonald, J., Khan, S.J., Hai, F.I., Price, W.E.,

Nghiem, L.D., 2018. An anaerobic membrane bioreactor – membrane distillation hybrid system for energy

recovery and water reuse: removal performance of organic carbon, nutrients, and trace organic contaminants. Sci.

Total Environ. 628–629, 358–365.
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(A) Schematic diagram of ion transport mechanism in the ion exchange membrane

bioreactor; (B) schematic diagram of the ion-exchange membrane bioreactor.
Reproduced with permission from Velizarov, S., Rodrigues, C.M., Reis, M.A., Crespo, J.G., 2000/2001.

Mechanism of charged pollutants removal in an ion exchange membrane bioreactor: drinking water

denitrification. Biotechnol. Bioeng. 71, 4.
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denitrifying culture as well as secondary pollution of the treated water with dissolved

nutrients and metabolic products. Chloride was added to the bioreactor feed to serve

as the main counterion. Ethanol was supplied as a carbon source and electron donor

for denitrification. The system achieved complete denitrification without accumula-

tion of NO3
- and NO2

� ions in the biocompartment.

Velizarov et al. (2000/2001) achieved a surface denitrification rate of 33g NO3
�

per square meter of membrane per day was obtained at a nitrate loading rate of

360gNO3
� m�3d�1, resulting in a nitrate removal efficiency of 85%. Fig. 8.27 shows

the flux of nitrate as a function of the driving force for the case in which only Donnan

dialysis is considered and with the IEMB hybrid. The overall mass transfer coeffi-

cient (slope of the line in Fig. 8.27) was 2.8 times higher when the IEMB hybrid was

used. That increase was attributed to a reduction of the boundary layer mass transfer

resistance in the biocompartment. Thus an efficient nitrate bioreduction reaction was

taking place at the biomedium/membrane interface (Velizarov et al., 2000/2001).

The hybrid IEMB is hence a technical alternative for water denitrification.

8.6.3 EXAMPLE 3: MICROBIAL FUEL CELL AND MEMBRANE
BIOREACTOR FOR WASTEWATER TREATMENT
Membrane bioreactors (MBR) suffer from membrane fouling due to soluble micro-

bial products and extracellular polymeric substances. These compounds have been

identified negatively charged. Thus Wang et al. (2013, 2016) proposed the
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Comparison of the steady-state nitrate fluxes, obtained in Donnan dialysis and in the ion

exchange membrane bioreactor, as a function of the driving force. The slope is the overall

mass transfer coefficient.
Reproduced with permission from Velizarov, S., Rodrigues, C.M., Reis, M.A., Crespo, J.G., 2000/2001.

Mechanism of charged pollutants removal in an ion exchange membrane bioreactor: drinking water
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integration of a microbial fuel cell (MFC) with the MBR using the aeration tank of a

MBR as cathode chamber, in which the anodic chamber was filled with self-

fabricated activated carbon fiber and directly submerged in the membrane bioreac-

tor. Fig. 8.28 shows the schematic representation of the MFC-MBR hybrid. The

influent of MFC was supernatant of an anaerobic reactor with low dissolved oxygen.

The voltage generated by MFC was appended to the installed electrodes in MBR to

reduce the energy consumption of a DC power. The mechanisms of fouling reduction

were associated to electrophoresis and electrostatic repulsion against electronegative

colloids or particles (Wang et al., 2016).

In order to evaluate the membrane filtration efficiency, Wang et al. (2016) deter-

mined the variation of the transmembrane pressure (TMR) over time (Fig. 8.29). An

increase in TMP is an indication of membrane fouling. As observed in Fig. 8.29,

TMP increased slowly at beginning, potentially due to the attachment of organic mat-

ter. Then, the TMP of CMBR increased rapidly, whereas the TMP development of

MFC-MBR exhibited considerably slower increase. After physical cleaning, the

fouling rate increased more rapidly, which means that the membrane could not be

recovered completely after the physical cleaning and the foulants could attach easier

on the remained fouling layer. The lower fouling in the hybrid systems indicates that
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Schematic diagram of the MFC-MBR (① raw tank ② inflow pump for MBR ③ anoxic/

oxic membrane bioreactor ④ stirrer ⑤ PVDF hollow fiber membrane module

⑥ graphitic rod ⑦ graphitic plates ⑧ aeration pump ⑨ aeration stone ⑩ effluent

pump ⑪ computer ⑫ PLC ⑬ inflow pump for MFC ⑭ membrane-less MFC

⑮ reflux pump ⑯ pressure sensor paperless recorder multimeter).
Reproduced with permission from Wang, J., Bi, F., Ngo, H.-H., Guo, W., Jia, H., Zhang, H., Zhang, X., 2016.

Evaluation of energy-distribution of a hybrid microbial fuel cell-membrane bioreactor (MFC-MBR) for cost-

effective wastewater treatment. Bioresour. Technol. 200, 420–425.
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the weak electric field was effective to maintain the electrophoresis and electrostatic

attraction/repulsion against electronegative sludge particles or colloids (Wang

et al., 2016).

8.7 HYBRIDS BASED ON ELECTRO-DRIVEN PROCESSES
8.7.1 EXAMPLE 1: BRACKISH AND WASTEWATER TREATMENT WITH
PRODUCTION OF POTABLE WATER
Photovoltaic-driven electrodialysis has appeared as an alternative configuration to

reverse osmosis for desalination since it does not need pressure, biofouling is not

a dominating problem in the system performance, and the foulants can be removed

by chemical cleaning due to the chemical resistance of ion exchange membranes

(Zhang et al., 2017). However, it cannot remove uncharged compounds. Thus

organic pollutants will remain in the water. Integrating forward osmosis (FO) prior

or after the ED unit has been proposed by Zhang et al. (2017) to remove those con-

taminants from the wastewater. Zhang et al. (2017) developed a novel photovoltaic

(PV) hybrid-driven FO-ED system to produce high quality (potable) water from
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TMP profiles of the MFC-MBR hybrid and conventional MBR (CMBR).
Reproduced with permission from Wang, J., Bi, F., Ngo, H.-H., Guo, W., Jia, H., Zhang, H., Zhang, X., 2016.

Evaluation of energy-distribution of a hybrid microbial fuel cell-membrane bioreactor (MFC-MBR) for cost-

effective wastewater treatment. Bioresour. Technol. 200, 420–425.
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secondary wastewater effluent or brackish water. Fig. 8.30 shows the conceptual dia-

gram of the hybrid. The feed water (secondary wastewater effluent or synthetic

brackish water) is drawn to the FO draw solution; the organic and inorganic sub-

stances (ions, compounds, colloids, and particles) are rejected by the FO membrane.

The diluted draw solution is then pumped to the solar energy-driven ED, where high

quality water is produced; the concentrate is recycled to the FO unit and reused as the

draw solution. NaCl is used as a medium to “carry” water from the brackish water

or wastewater to the ED unit. The PV driven FO-ED system can treat streams not

applicable to standard NF/RO/ED without pretreatment (Zhang et al., 2017).

According to the authors, the water produced contained low concentration of total

organic carbon, carbonate, and cations derived from the feed water; had a low con-

ductivity; and meets potable water standards. The water production cost considering

the investment for membranes and solar panel was 3.32–4.92EURm�3 (for 300 days

of production per year) for a small size potable water production system.

8.7.2 EXAMPLE 2: TREATMENT OF INDUSTRIAL WASTEWATER
Industry generates waste effluents with a large number of compounds that could be

recovered so that the consumption of new raw material is reduced as well as the

toxicity of those streams.

Several examples of using hybrids based on electrodialysis can be found in the

literature. One example is that focused on effluents from metal and surface coating

industries (galvanizing, electroplating, anodizing, painting) and other industries such

as photography, water softening, textile, and paper manufacturing. Those effluents

contain metal ions such as silver, cadmium, copper, zinc, and platinum that contrib-

ute largely to their toxic character. Removal of heavy metals is done conventionally

by means of precipitation, adsorption, coagulation-flocculation, and solvent extrac-

tion, which normally involve the generation of solid wastes or big sludge volumes
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Salt

Water
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salt

ED

PV

Natural
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Potable
water

FIG. 8.30

Conceptual diagram on salt-mediated water production by the FO-ED hybrid.
Reproduced with permission from Zhang, Y., Pinoy, L., Meesschaert, B., Van der Bruggen, B., A natural driven

membrane process for brackish and wastewater treatment: photovoltaic powered ED and FO hybrid system, Sep.

Purif. Technol. 174 (2017) 264–274.
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(Blais et al., 1999). Frioui et al. (2017) proposed the coupling of electrodialysis (ED)

with an in situ complexation reaction (CR) step to selectively recover and concen-

trate various metallic cations with different or similar valences hardly separable by

conventional ED. The ED unit is composed of two electrode blocks (platinum plated

titanium for anode and stainless steel for cathode) and a membrane stack between

them. The stack consists of three cell units; a unitary cell is shown in Fig. 8.31.

The diluate compartment contains the metal ion mixture as feed solution, and there

are two different concentrate compartments with alternating anion exchange (AEM

or A400) and cation exchange (CEM) membranes.

The authors evaluated different chemical ligands (citrate (H3C), glycine (H2G
+),

phosphate (H3P), and EDTA (H4L)) toward binary metallic solutions (Ag/Zn and

Cu/Cd). The best complexing agent was found to be EDTA for both metal ion sys-

tems, in terms of discriminant metal ion charge modification and complex stability.

The process efficiency was very affected by the operating conditions (initial feed

concentration and flow rate, feed pH, electric voltage applied, electrolyte concentra-

tion in electrode, and buffer compartments) but operating under appropriate condi-

tions would allow achieving an excellent electro-extraction (�99%) together with a

total selective metal ion recovery (Frioui et al., 2017).

Another example is the treatment of tannery wastewater by a hybrid electrocoa-

gulation/electrodialysis process (Deghles and Kurt, 2016). The leather industry

is making a big effort to minimize the environmental impact of their production pro-

cesses. Legislation is the driving force for this change and it involves technological

advances. The conventional biological treatment does not always achieve acceptable

performance since the toxicity of the tannery wastewater affects the bacteria.
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Schematic layout of a unitary cell in the ED-CR process (initial feed solution is composed

of M1
Z1+, M2

Z2+, Lx� with an in situ complexation reaction: M1
Z1+ is complexed selectively as

M1L
n� form).

Reproduced with permission from Frioui, S., Rabah, O., Stella, L., 2017. Highly selective extraction of metal ions

from dilute solutions by hybrid electrodialysis technology. Sep. Purif. Technol. 174, 264–274.
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A hybrid electrocoagulation (EC)/electrodialysis (ED) process has been proposed

for the removal of COD, NH3-N, Cr, and color by Deghles and Kurt (2016). EC

involves dissolution of metal from the anode with simultaneous formation of

hydroxyl ions and generation of hydrogen gas at the cathode. ED is used for the deg-

radation of organic matter. The water treated by EC-ED presented a higher quality

than that obtained with only ED (Table 8.1). The removal efficiency for of ammo-

nium, color, and chromium was 100%. The treated effluent provided water quality

values very similar to values of feed water.

A third example is the treatment of textile wastewater, generated during dye pro-

duction and textile dyeing process. This wastewater contains high salinity (>6.0%

NaCl or >5.0% Na2SO4) and is produced in large quantities since around

200�350m3 of pure water is required for producing one ton of dyed textile products

(Lin et al., 2015). Adsorption, coagulation, biological treatment, and advanced oxi-

dation processes are conventional approaches that are used for dye removal or

destruction, thus no dye recovery is envisaged. As alternative, Lin et al. (2015) pro-

posed a hybrid based on bipolar membrane electrodialysis (BMED) and nanofiltra-

tion (NF). They studied the fractionation of NaCl and diverse dyes in synthetic textile

wastewater with high salinity by using loose NF in diafiltration. Then, BMED was

applied to remove the remaining salts in the NF permeate and produce acid/base from

the salt by fractionation. Fig. 8.32 shows the schema of the studied process. The loose

NF membrane presented a good diafiltration performance for the fractionation of

dye/salt mixtures, allowing a free passage of salt (rejection�2.2%) and high reten-

tion of dyes (>99.93%). The application of a further BMED step led to the produc-

tion of pure water, acid and base for the salt-containing NF permeate without

membrane fouling. In addition, the hybrid process recovered dyes with >96.6%

purity and closed the water loop from textile wastewater (Lin et al., 2015).

8.7.3 EXAMPLE 3: ELECTRICITY GENERATION
Low-temperature heat source utilization is an alternative solution for electricity gen-

eration in remote areas where direct thermal utilization is not applicable. Long et al.

(2017) studied a hybrid membrane-based electricity generation system that operates

as a heat engine to convert low-grade heat into electricity. The system consists of

membrane distillation (MD) and reverse electrodialysis (RED). TheMD unit absorbs

thermal energy from the heat source and generates high concentrated salty stream,

and the RED converts the Gibbs free energy of mixing from the produced salty

streams into electricity. Fig. 8.33 shows the proposed hybrid. The thermal separation

section is composed of a direct contact membrane distillation along with a regener-

ator. In the thermal separation section, streams with different NaCl concentrations

are produced driven by the low-temperature heat source. In the electricity generation

section, RED module harvests the Gibbs free energy of mixing from the produced

salty streams to generate electricity (Long et al., 2017).

Results on the electrical efficiency of the hybrid and relative MD permeate/feed

solution flow rate, α, can be seen in Fig. 8.34. The curve has an optimal α leading to
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Table 8.1 Characterization of feed water, effluent treated by EC process, and by EC-ED system, as well removal grade
obtained using these techniques (Deghles and Kurt, 2016)

Parameter

Results

Legislation
Effluent Tannery
wastewater

Treated
effluent (EC)

Removal
efficiency %

Treated
effluent (EC-
ED)

Removal
efficiency (%)

a. In the case of aluminum electrodes (45min)

pH 6.0 8.10 – 3.31 – –

Conductivity
(ms/cm)

23.0 22.0 – 0.397 – –

COD (mg/L) 2800 756 73 224 92 400

Total chrome
(mg/L)

570 0.1 100 0.0 100 0.5

NH3-N (mg/L) 180 88.2 51 0.0 100 40

Color (ADMI
(10) Pt-Co)

824 49.5 94 0.0 100 Colorless

b. In the case of iron electrodes (75min)

pH 7.0 9.0 – 3.95 – –

Conductivity
(ms/cm)

23.0 22.1 – 1.5 – –

COD (mg/L) 2800 924 67 364 87 400

Total chrome
(mg/L)

570 0.1 100 0.0 100 0.5

NH3-N(mg/L) 180 97.2 46 0.0 100 40

Color (ADMI
(10) Pt-Co)

824 58 93 0.0 100 Colorless

Characterization of feed water, effluent treated by EC process, and by EC-ED system, as well removal grade obtained using these techniques. (–): unidentified.
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FIG. 8.32

Scheme of resource recovery from textile wastewater by loose NF-BMED hybrid process.
Reproduced with permission from Lin, J., Ye, W., Huang, J., Ricard, B., Baltaru, M., Greydanus, B., Balta, S.,

Shen, J., Vlad, M., Sotto, A., Luis, P., Van der Bruggen, B., 2015. Toward resource recovery from textile

wastewater: dye extraction, water and base/acid regeneration using a hybrid NF-BMED process. ACS Sustain.

Chem. Eng. 3, 1993�2001.
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Schema of the MD-RED hybrid electricity generation system to harvest low-grade thermal

energy.
Reproduced with permission from Long, R., Li, B., Liu, Z., Liu, W., 2017. Hybrid membrane distillation-reverse

electrodialysis electricity generation system to harvest low-grade thermal energy. J. Membr. Sci. 525 107–115.



the maximum electrical efficiency, which corresponds to the minimum value of spe-

cific heat duty. In addition, a higher concentration of the MD feed solution induces a

higher specific duty, and a higher electrical efficiency. The electricity efficiency of

the proposed hybrid system reaches 1.15% operating between 20°C and 60°C with

the MD feed NaCl concentration of 5mol/kg (Long et al., 2017).
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in pressure-driven processes, 17–18

Contactor membrane reactors, 157

forced flow through contactor

feed fluid phase throughmembrane pores, 196,

197f, 199–201
mass transfer limitations, 201–202
performance at different flow rates, 202–203,

203f

variables effect on reaction rate constant, 201,

202f

interfacial membrane contactor

ceramic membrane contactor, 199, 200f

phase transfer catalysis, 198, 199f

separating two immiscible reagents, 196–198,
197f

using an extracting agent, 196, 197f, 198

Continuous electrodeionization (CEDI)

boundary conditions, 281

ion-exchange resin, flow pathways in, 278–281,
280f

ions removal, 278–281, 280f
principle, 278, 280f

specific conductivity, resin bed, 278–281
Conventional activated sludge systems (CAS),

215–216, 234
Conventional MBR (CMBR), 333–334, 334f
Coupling effects, pervaporation

diffusion coefficient, 88–89
Hansen solubility approach

application, 96–100
dispersion interaction, 92

hydrogen bonding, 92

interaction radius, 92–96
parameters, 91–96, 95–96t
polar interaction, 92

polymeric membrane, 91–92
polymers and resins, characteristic parameters,

92–96, 93–94t
relative energy difference (RED), 96

spherical representation, 92–96, 93f
“trial-and-error” method, 92

kinetic coupling, 88–89
modified solution-diffusion models

binary interaction parameters estimation, 90,

90t

diffusions coefficients, 90, 91t

Flory-Huggins interaction parameter, 89

Flory-Huggins thermodynamics, 89

polymeric membrane, 89–90
six coefficients model, 90

thermodynamic coupling, 88–89
Crystalline polymer, 5–7

D
Darcy’s equation, 80–81
Dense membranes

gas separation, 7

pervaporation, 7, 13

solution-diffusion model, 14–15, 14f
Desalination process. See Forward osmosis (FO)

Differential equations, membrane contactors

axial and radial coordinates of fiber, 160–161,
161f

lumen side (inside fiber), 163–164
membrane, 164–165
membrane wetting, 172–174, 173f
shell side, 161–163

Diffusion dialysis (DD), 260, 275–276
Direct contact membrane distillation (DCMD),

180

Direct pressure measurements, 21

Donnan dialysis, 281–282, 332, 332f
Dynamic hydration number, 275

Dynamic transport number, 266–267

E
ED. See Electrodialysis (ED)

EDBM. See Electrodialysis with bipolar

membranes (EDBM)

EED. See Electro-electrodialysis (EED)

Electrical impedance spectroscopy, 22

Electrocoagulation/electrodialysis (EC-ED) hybrid

process, 337, 338t

Electrodialysis (ED)

alternative stack with additional cation-exchange

membrane, 255, 257f

applications

bipolar membranes, 264–266, 264f
brackish water, salt removal from, 260–261
coupling electrodialysis, 260–261
electrical current and energy production, 262,

263f

forward osmosis hybrid system, 261, 261f

green energy, 262

hybrid membrane systems, 261

renewable energy powered electrodialysis,

261–262, 261f
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reverse electrodialysis, 262

selective membranes, 262–264
shielding effect, 262

solar energy-driven electrodialysis, 261

basic electrodialysis system configuration,

254–255, 254f
bipolar membrane

in electromembrane separations, 255, 255f

three-compartment electrodialysis cell, 255,

256f

classical electrodialysis stack configuration,

252–253, 253f
‘concentrate’ compartment, 252–253
concentration polarization, anion-exchange

membrane, 255–257, 258f
current-voltage curve, Ohmic region, 259–260,

259f

diffusion dialysis, 260

‘diluate’ compartment, 252–253
electrical potential, 251–253
electrodriven membrane processes

(see Electrodriven membrane processes)

electromigration, 257, 258f

hemodialysis, 260

history, 252

ion-exchange membranes (see Ion-exchange

membranes)

LCD, 257–260, 259f
limiting factors, 252–253
‘product’ compartment, 255

selectivity

hydrophilicity, 268

membrane potential, 266–267
membrane selective permeability, 267

permselectivity, 266, 268–269
resistances, 268–269
selective permeation of ions, 268

separation efficiency, 269, 270f

separation factors, 270

transport number, 266–268
selectrodialysis stack configuration, 255, 256f

Electrodialysis with bipolar membranes (EDBM)

applications, 265

electroneutrality, 290

fluidized bed reactor, 265–266
HLac and Lac, 291

mass balance for lactate, 290

molar fluxes, 290–292
OH– concentration, 289

organic acid production, 264–265, 264f
pH range, 291–292
proton balance in diluate, 289

sodium lactate (NaLac) to lactic acid (HLac)

conversion, 289

system, fluxes, and parameters, 289, 329f

ultrafiltration process, 265–266
volume variation, diluate compartment, 291

Electrodriven membrane processes, 252

bipolar membranes, 255, 256f, 264–266, 264f
CDI (see Capacitive deionization (CDI))

CEDI (see Continuous electrodeionization

(CEDI))

diffusion dialysis, 275–276
Donnan dialysis, 281–282
EDBM (see Electrodialysis with bipolar

membranes (EDBM))

EED (see Electro-electrodialysis (EED))

fuel cells

acid electrolytes, 284–285, 285f
alkaline electrolytes, 285–286, 286f
basic composition, 284, 284f

green processes, 252

membrane electrodialysis

cathode and anode compartment separation,

282

charge efficiency, 283

chlor-alkali process, 282, 283f

modeling, 284

water electrolysis, 282

zero gap, 282

reverse electrodialysis, 292–294
selective membranes, 262–264
sustainable technology, 262

Electro-driven processes

brackish and wastewater treatment, 334–335, 335f
electricity generation, 337–340, 339–340f
industrial wastewater treatment

EC-ED hybrid, 337, 338t

heavy metals removal, 335–336
tannery wastewater treatment, 336

textile wastewater treatment, resource

recovery, 337, 339f

unitary cell, ED-CR process, 335–336, 336f
Electro-electrodialysis (EED)

chromic acid recovery, 276–277, 277f
contaminants removal, 276–277
current efficiency, 277

EEDBM, 278, 279f

energy consumption, 277

REED, 278

static rinse water purification, 276–277
three-compartment electromembrane

process, 276–277
two-phase electro-electrodialysis, 278
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Electro-electrodialysis with bipolar membrane

(EEDBM), 278, 279f

Electron diode array microscope, 21

Electroneutrality, 290

Electro-osmosis, 273–274
Enzymatic and biotechnological fermentation

processes, 322–323
Enzymatic membrane bioreactors

blue shift, 213

covalent bonding, 212

electrostatic interactions, 212

entrapment, 214

enzymatic enantioselective conversion,

214–215, 215f
fluorescence anisotropy, 213

fluorescence emission, 212–213
immobilization, 212, 214

mathematical modeling, 215

membrane biphasic contactor, 214–215
protein-induced denaturation, 213, 213f

red shift, 213

Equimolecular counterdiffusion (EMD), 10, 11f

Ethanol/water separation factor, 82–83, 83f
Extended Nernst-Planck equation, 49

External concentration polarization (ECP), 58–61
Extracellular polymeric substances (EPS),

228–229, 234

F
Facilitated coupled cotransport, 105–108
Facilitated coupled counter-transport, 105–108
Faradaic CDI (FaCDI), 288

Fick’s law of diffusion, 9–10
Film theory, 158–160, 159f
Flory-Huggins interaction parameter

flux of pure compounds, 98–99, 99f
hydrophobic ceramic membranes, 98

methanol/water separation, 99–100
MTBE, 98

poly(3-hydroxybutyrate) (PHB) membranes,

99–100
RA and experimental flux, 98–99, 98f
water-hydrazine separation, 97

water-monomethylhydrazine mixtures

separation, 97

Flory-Huggins thermodynamics, 89

Flow-electrode capacitive deionization (FCDI),

288, 288f

Fluorescence anisotropy, 213

Fluorescence spectroscopy, 230–231
FO. See Forward osmosis (FO)

FO-ED hybrid, 334–335, 335f

FO-MD hybrid process, 324–325, 325–326f
Forward osmosis (FO), 25–26
application, 32, 33f

concentration polarization

concentration profile, 58–60, 60f
ECP, 58–61
ICP, 58–60
modulus, 60

mass transfer coefficient, 60

nonequilibrium thermodynamics, 62

PAO, 62

pressure-retarded osmosis, 60

PRO mode and deionized water, 61–62
and reverse osmosis, 58–60, 59f
salt flux, 61–62
solute flux, 61–62
transport and structural parameters, 62

water flux, 61

Fouling, membrane

biofouling, 19–20
definition, 19–20
foulants, 19–20
in situ monitoring techniques, 21–22
MPBR, 221, 223

in pervaporation and gas separation, 19–20, 19f
transmembrane flux variation, 19–20, 19f

Fuel cells

acid electrolytes, 284–285, 285f
alkaline electrolytes, 285–286, 286f
basic composition, 284, 284f

G
Gas-liquid membrane contactors, 156, 199, 200f

Gas permeation, 1–2
advantages, 109–110
applications, 109–114
biogas upgrading (see Biogas upgrading)

carbon dioxide capture, 317, 318f

dense membrane, 103–104
hybrid pressure swing adsorption

cycle sequence, 317–319, 319f
gas separation, 317–319
H2/CH4 mixtures separation, 317–319
H2 recovery and product purity, 319–320, 320f

mass transfer

concentration profile of component i, 114,

114f

through dense membranes, 114–115f,
116–118

through porous membranes, 114–116,
114–115f
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multicomponent mixture with N components,

103–104, 104f
Gas separation, SLMs

applications, 111

CO2/N2 mixture separation, 123–125
CO2/N2 selectivity vs. CO2 permeability,

123–125, 124f
mass transfer, 120–121
materials and membranes development, 123–125
membrane area vs. CO2 permeability, 126, 127f

membrane performance, 126, 128

membrane stability, 125–126
polymerized ionic liquids, 123–125
process performance, 126, 128

relative membrane weight, 125–126, 126f
separation factor, 128

solubility effects, 123–125
temperature effect, upper bound behavior, 125,

125f

transmembrane flux, 126

two-step vacuum membrane process flow

diagram, 128, 129f

Gibbs free energy, 88–89
Glass membranes, 7

“Green” energy, 262

Green processes, 252

H
Hagen-Poiseuille’s law, 37

Hansen solubility approach

application, 96–97
flux of pure compounds, 98–99, 99f
hydrophobic ceramic membranes, 98

methanol/water separation, 99–100
MTBE, 98

poly(3-hydroxybutyrate) (PHB) membranes,

99–100
RA and experimental flux, 98–99, 98f
water-hydrazine separation, 97

water-monomethylhydrazine mixtures

separation, 97

dispersion interaction, 92

hydrogen bonding, 92

interaction radius, 92–96
parameters, 91–92

calculation, 92

components, 92

of various solvents, 92–96, 95–96t
polar interaction, 92

polymeric membrane, 91–92
polymers and resins, characteristic parameters,

92–96, 93–94t

relative energy difference (RED), 96

spherical representation, 92–96, 93f
“trial-and-error” method, 92

Hansen Solubility Parameter (HSP) approach

components, 51–52
distribution, 53

general procedure, 54, 54f

group contribution method, 51–52, 52t
solvent permeabilities, 51

Teas plot, 52–53, 53f
Happel’s free surface model, 160–162
Hemodialysis, 260

Henry’s law constant, 80–81
High performance liquid chromatography (HPLC),

113–114
HRT. See Hydraulic retention time (HRT)

HSP approach. See Hansen Solubility Parameter

(HSP) approach

Hybrid IEMB, 332

Hybrid processes

definitions, 302

electro-driven processes

brackish and wastewater treatment, 334–335,
335f

electricity generation, 337–340, 339–340f
industrial wastewater treatment, 335–337,

336f, 338t, 339f

gas permeation

biogas upgrading (see Biogas upgrading)

carbon dioxide capture, 317, 318f

hybrid pressure swing adsorption, 317–320,
319–320f

membrane bioreactors

drinking water denitrification, 329–332,
331–332f

microbial fuel cell, 332–334, 333–334f
wastewater treatment and reuse, 326–329,

329–331f
membrane contactors

draw solution recovery, 324–325, 325–326f
organic acids separation, 322–324, 323–324f
wastewater treatment, 325–326, 327–328f

pervaporation

bioethanol production, 315–317, 316f
ethyl tert-butyl ether production, 308–309,

309f

hybrid pervaporation-distillation, 308

hybrid pervaporation reactor, 308

methanol/tetrahydrofuran mixtures

separation, 309–314, 311–313f
olefin-paraffin separation, 314–315, 315–316f

pressure-driven processes
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Hybrid processes (Continued)

hybrid nanofiltration-distillation, 302–303,
304f

water desalination (see Water desalination)

type R(eactor), 302

type S(eparation), 302

Hydraulic resistance, 36–37
Hydraulic retention time (HRT), 215–217
Hydrophilic membranes, 74

I
IEMB. See Ion exchange membrane bioreactor

(IEMB)

Inorganic membranes

application temperature, 5

carbon-based membranes, 8–9
ceramic membranes, 7

glass membranes, 7

metallic membranes, 8

zeolites, 7–8
Interfacial membrane contactor

ceramic membrane contactor, 199, 200f

phase transfer catalysis, 198, 199f

separating two immiscible reagents, 196–198,
197f

using an extracting agent, 196, 197f, 198

Internal concentration polarization (ICP), 58–60
Ion exchange membrane bioreactor (IEMB)

ion transport mechanism, 329–332, 331f
schematic diagram, 329–332, 331f
steady-state nitrate fluxes, 332, 332f

Ion-exchange membranes

anion-exchange membranes, 251–252
cation-exchange membranes, 251–252
charged functional groups, 251–252
ion transport

applied electrical potential gradient, 272

current density, 272

dimensionless variables, 273

dynamic hydration number, 275

electrical current, 271

electrical resistance, 270

electrochemical potential, 271

electro-osmosis, 273–274
equivalent conductivity, 270–271
extended Nernst-Planck equation, 272

mass transport, 272

number of electrical charges, 271

Ohm’s Law, 270

osmotic effect, 271

phenomenological coefficients, 272

primary and secondary hydration shell, 274f,

275

Stanton number, 273

volume change, 275

monopolar, 251–252
Irreversible thermodynamics, 48–49

K
Kinetic coupling, 88–89

L
Laser triangulometry, 21

LCD. See Limiting current density (LCD)

Life cycle assessment (LCA), 309–310
Light deflection techniques, 20

Limiting current density (LCD), 257–260, 259f
Liquid-liquid contact, 154f, 199, 200f

Liquid pertraction, SLMs

carrier concentration effect, 140–142, 141f
coupled co-/counter-ion transport, 135

feed concentration effect, 136–139, 137f, 139f
kind of contactor, 142

kind of support effect, 145

mass transfer, 121–122
mechanisms, 135, 136f

permeability and selectivity, 135–136
separation of toxic metals from water, 135

stability, 142–145, 143–144f
stripping agent concentration effect, 139–140

Loose Reverse Osmosis, 26

M
Magnetic resonance imaging (MRI), 20

Mass transfer

differential equation based modeling

(see Differential equations, membrane

contactors)

film theory and resistance-in-series model,

158–160, 159f
laminar flow/stagnant fluid film

concentration profiles, 10, 11f

EMD, 10, 11f

mass transfer rates, 9–10
UMD, 11–12, 11f

mechanisms, 9

modeling and membrane processes, 16, 16t

molar flux, 9

pervaporation

evaluation, 72–73
multicomponent mixtures, 75–76
pore-flow model, 75–76, 80–81
solution-diffusion model, 75–79
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SLMs

concentration profile of component i, 118,

119f

gas feed/gas permeate, 120–121
liquid/liquid applications, 119–120
liquid pertraction, 121–122
permeability, 120

pervaporation, 121

transmembrane flux, 120

through dense membranes

concentration profile of component i, 114f,

116–117
Henry’s law, 116–117
mechanism of transport, 115f, 116–117
permeability, 117–118
permeance, 117

rate of membrane transport, 117

selectivity, 118

separation factor, 117–118
solution-diffusion model, 116–117

through membranes

gas separation, 13

mass and heat transfer resistances,

15, 15f

mass transfer coefficient, 14

membrane-based liquid extraction, 13

pervaporation, 13

pore-flow model, 14–15, 14f
resistances-in-series model, 15

solution-diffusion model, 14–15, 14f
transmembrane flux, 14

through porous membranes

concentration profile of component i,

114–115, 114f
Knudsen diffusion, 115–116
mechanisms of transport, 115–116, 115f
permeability ratio, 116

permeance, 114–116
rate of diffusion, 114–115

turbulent flow, 12–13, 13f
Mass transfer coefficient, 186, 187f

inside the fibers, 183–184
in membrane, 184

at shell side, 184

Maxwell-Stefan theory, 284

MBRs. See Membrane bioreactors (MBRs)

McCabe-Thiele diagram, 86–88, 87f
MD. See Membrane distillation (MD)

MD-RED hybrid system

electrical efficiency, 337–340, 340f
low-grade thermal energy harvest

schema, 337, 339f

Mechanistic modeling approaches

biological models

microbial mixed cultures, 232–235
production with pure cultures, 235

physical models

diffusion models, 235–236
microfiltration/ultrafiltration, 235

resistances in series, 236–237
steps, 235

Membrane-based absorption

absorption flux vs. sulfur dioxide logarithmic

mean molar fraction, 169, 169f

experimental setup, 166, 167f

individual mass transfer coefficient,

169–171
logarithmic mean of driving force, 167

mass transfer, 169, 170f

membrane area vs. overall mass transfer

coefficient, 168, 168f

membrane wetting

in differential equation based model, 172–174,
173f

in resistance-in-series model, 170f, 171–172
removal efficiency, 168

transmembrane flux, 166

Membrane-based solvent extraction

mass transfer resistance analysis for copper (II)

extraction, 177, 178f

membrane-based liquid extraction, 175, 176f

processes with immobilized L-L interface(s),

174, 175f

Wilson plot method, 177–178, 179f
Membrane bioreactors (MBRs), 1–2, 29–30
animal and plant cell bioreactors, 224–225
applications, 211–212
biocatalyst residence time, 210

bioreactor uncoupling, 210

covalent and ionic bonding, 210

drinking water denitrification

ion-exchange membrane bioreactor, 329–332,
331f

ion transport mechanism, 329–332, 331f
mass transfer coefficient, 332, 332f

steady-state nitrate fluxes, 332, 332f

enzymatic (see Enzymatic membrane

bioreactors)

with eukaryotic cells, 211

in external loop recycle reactor, 210

hybrid modeling, 241, 242f

immobilization, 210

integrated MBR model, 232, 233f

mathematical modeling, 232
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Membrane bioreactors (MBRs) (Continued)

mechanistic modeling approaches

(see Mechanistic modeling approaches)

microbial (see Microbial membrane bioreactors)

microbial fuel cell, 332–334, 333–334f
monitoring and control

biological reaction, 225–226
fouling, 226

membrane separation, 225–226
off-line monitoring (see Off-line monitoring,

MBR)

online, real-time monitoring, 230–232, 231f
wastewater treatment, 226

multivariate statistical analysis methods

ANN modeling, 238–239
data-driven modeling, 238

fouling complexity, 237–238
multilinear regression tools, 240

PCA, 239

PLS, 239–240
photocatalytic membrane bioreactors, 211

physical space restriction, 209–210
submerged membrane bioreactors, 210–211
wastewater treatment and reuse

AnMBR-MD hybrid system (seeAnMBR-MD

hybrid system)

membrane distillation, 326–329
Membrane biphasic contactor, 214–215
Membrane contactors, 1–2, 5, 14

applications, 155, 156f, 157–158
contactor membrane reactors, 157

forced flow through contactor, 196, 197f,

199–203, 202–203f
interfacial membrane contactor, 196–199,

197f, 199–200f
conventional processes, 153–154, 155t
hybrid process

draw solution recovery, 324–325, 325–326f
organic acids separation, 322–324, 323–324f
wastewater treatment, 325–326, 327–328f

mass transfer

differential equation based modeling

(see Differential equations, membrane

contactors)

film theory and resistance-in-series model,

158–160, 159f
membrane-based absorption

absorption flux vs. sulfur dioxide logarithmic

mean molar fraction, 169, 169f

experimental setup, 166, 167f

individual mass transfer coefficient, 169–171
logarithmic mean of driving force, 167

mass transfer, 169, 170f

membrane area vs. overall mass transfer

coefficient, 168, 168f

membrane wetting, 170f, 171–174, 173f
removal efficiency, 168

transmembrane flux, 166

membrane-based solvent extraction

with immobilized L-L interface(s), 174, 175f

mass transfer resistance analysis, copper (II)

extraction, 177, 178f

membrane-based liquid extraction, 175, 176f

Wilson plot method, 177–178, 179f
membrane distillation-crystallization

configurations, 180

counter-current mode, 183, 183f

experimental heat transfer coefficient,

182–183
heat transfer, 185

heat transfer coefficient, 184–186, 188f
mass transfer coefficient, 183–184, 186, 187f
nucleation barrier, 180–181
osmotic coefficient, 181–182
reduction in free energy, 181, 182f

transmembrane flux, 181

membrane emulsification

diffusion coefficient of polymeric

surfactant, 195

dispersed phase flux, 193

droplet diameter vs. wall shear stress, 192,

192f

lab-scale system, 188–190, 189f
low wall shear rates, 194

membrane material, 190–192
moderate wall shear rates, 195

oil-in-water (o/w) emulsions, 186–188
optical microscope images of drops, 186–188,

189f

permeability, 193

pore size vs. droplet size, 190–192, 191f
stability, 190

steady-state dispersed phase flux vs.

transmembrane pressure, 192–193, 193f
transmembrane pressure, 190, 192–193
water-in-oil (w/o) emulsions, 186–188
working principle, 186–188, 188f

pressure calculation, 157

working principle, 153–154, 154f
Membrane crystallization, 155–156
Membrane distillation (MD), 155

draw solution recovery, 324–325
electricity generation, 337

MBR, 326–329
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Membrane distillation-crystallization

configurations, 180

counter-current mode, 183, 183f

experimental heat transfer coefficient, 182–183
heat transfer, 185

heat transfer coefficient, 184–186, 188f
mass transfer coefficient, 186, 187f

inside fibers, 183–184
in membrane, 184

at shell side, 184

nucleation barrier, 180–181
osmotic coefficient, 181–182
reduction in free energy, 181, 182f

transmembrane flux, 181

Membrane electrodialysis

cathode and anode compartment separation, 282

charge efficiency, 283

chlor-alkali process, 282, 283f

modeling, 284

water electrolysis, 282

zero gap, 282

Membrane emulsification, 156–157
diffusion coefficient of polymeric surfactant, 195

dispersed phase flux, 193

droplet diameter vs. wall shear stress, 192, 192f

lab-scale system, 188–190, 189f
low wall shear rates, 194

membrane material, 190–192
moderate wall shear rates, 195

oil-in-water (o/w) emulsions, 186–188
optical microscope images of drops, 186–188,

189f

permeability, 193

pore size vs. droplet size, 190–192, 191f
stability, 190

steady-state dispersed phase flux vs.

transmembrane pressure, 192–193, 193f
transmembrane pressure, 190, 192–193
water-in-oil (w/o) emulsions, 186–188
working principle, 186–188, 188f

Membrane photobioreactors (MPBR)

advantages, 221

biomass production, 221

CO2 transfer rates, 223

design features, 222

fouling, 221, 223

light intensity, 222

Michaelis-Menten equation, 222–223
microalgal biomass, 220–221
rate of mass transfer, 223

surface-to-ground area ratio, 222

three-phase system, 222

wastewater bioremediation, 220

Membrane technology

classification, 2

hybrid processes (see Hybrid processes)

mass transfer modeling, 14

membrane processes

characteristics, 1–2, 3–4t
electro-driven processes, 1–2
evaluation, 2

gas permeation, 1–2
and mass transfer modeling, 16, 16t

membrane bioreactors, 1–2
membrane contactors, 1–2
pressure-driven membrane processes, 1–2
separation factor, 2

supported liquid membranes, 1–2
transmembrane flux, 2

types, 1–2, 3–4t
Metallic membranes, 8

Methyl tertbutyl ether (MTBE), 98

MF. See Microfiltration (MF)

MFC. See Microbial fuel cell (MFC)

MFC-MBR hybrid

conventional MBR, 333–334, 334f
schematic representation, 332–333, 333f
TMP profiles, 333–334, 334f

Michaelis-Menten equation, 222–223
Microalgae extract concentration, 302–303, 304f
Microbial fuel cell (MFC), 332–334, 333–334f
Microbial membrane bioreactors

aerobic vs. anaerobic MBRs, 220

bio-production and separation, 219–220
MPBR (seeMembrane photobioreactors (MPBR))

wastewater treatment

activated sludge, 215–216
aeration flow, 217

critical flux, 218–219
cross-flow velocity, 217

flow velocity, 218

food-to-microorganism ratio, 218

fouling, 219

HRT, 215–217
industrial wastewaters, 216

microfiltration/ultrafiltration, 219

permeate flux, 217–219
recirculation ratio, 217–218
side-stream MBR configuration, 216–217,

216–217f
SRT, 215–217
submerged MBR configuration, 216–217,

216–217f
TMP, 217–219
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Microbial mixed cultures, 232–235
Microfiltration (MF), 25–26

additional resistance, 38

application, 29–30
bulk flow, 37

cake layer compressibility, 41

cake layer resistance, 39–40
constant pressure, 39

dead-end filtration, 28

flux, 37–38, 40–41
equation, 38

initial flux, 39

volumetric flux, 38–39
fouling resistance, 40

hydraulic diameter, 38

macroscopic flow, 37

membrane resistance, 40

Newtonian liquids, 41

particle mass balance, 40, 40f

resistance-in-series model, 39–40
Reynolds numbers, 37

Microfiltration/ultrafiltration processes, 5

Microporous hydrophobic membranes, 155

Mixed liquor suspended solids (MLSS), 227

Mixed matrix membranes (MMMs), 7–8
Modified solution-diffusion models

binary interaction parameters estimation, 90, 90t

diffusions coefficients, 90, 91t

Flory-Huggins interaction parameter, 89

Flory-Huggins thermodynamics, 89

polymeric membrane, 89–90
six coefficients model, 90

Molecular weight cutoff (MWCO), 41, 42f

MPBR. See Membrane photobioreactors (MPBR)

Multivariate statistical analysis methods

ANN modeling, 238–239
data-driven modeling, 238

fouling complexity, 237–238
multilinear regression tools, 240

PCA, 239

PLS, 239–240
MWCO. See Molecular weight cutoff (MWCO)

N
Nanofiltration (NF), 25–26, 337

application, 30–32
charged solutes, 48–49
dead-end filtration, 28

uncharged solutes, 46–48
Nanopore models, 49

Nitrate bioreduction reaction, 332

Nondispersive solvent extraction. See Membrane-

based solvent extraction

Nonselective membranes, 5

Nuclear magnetic resonance (NMR), 20

O
Off-line monitoring, MBR

biosolids, 227

environmentally relevant molecules, 228

filtration performance, 230

fouling monitoring, 228–229
ionic species, 227–228
microbial community, 228, 230

micropollutants, 228

mixed microbial cultures, 230

sum parameters, 226–227
Oil extraction, 302–303
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OSN. See Organic solvent nanofiltration (OSN)

P
Permeability, 14

Pervaporation, 1–2
aqueous/organic mixtures and water

separation, 74

azeotropic mixture, 75

bioethanol production, 315–317, 316f
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downstream pressure effect, 133, 133f

feed concentration effect, 130–131, 131f
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mass transfer, 121
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membrane performance, 130
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MF (see Microfiltration (MF))

module performance, 63–64
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Pressure-driven membrane filtration (Continued)

cross-flow filtration, 27–29, 28f
dead-end filtration, 27–28, 27f
semidead-end operation, 29

process modeling, 27

RO (see Reverse osmosis (RO))

system configuration
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cycle sequence, 317–319, 319f
gas separation, 317–319
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application, 32
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Solar-driven electromembrane separation, 252
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Solution-diffusion model
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permeability, 76–77
selectivity, 78

separation factor, 78
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gas separation, 111
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gas separation (see Gas separation, SLMs)
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multicomponent gas mixture withN components,

104–105, 105–107f
porous membranes, 104–105
process performance, 122–123
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Surface-to-ground area ratio, 222

Sweep gas membrane distillation (SGMD), 180
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Temperature polarization, 16, 18, 19f
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Thermoplastics, 5–7
Thermosetting polymers, 5–7
TMP. See Transmembrane pressure (TMP)
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application, 30

change in flux, 44–45
flux equation, 45

hydrodynamic equations, 42–43
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industrial wastewaters, 216
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